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Preface

Efficient separation techniques play an important role in the process of resource recovery, and

these techniques include physical, chemical, physicochemical, and/or biological methods that are

selected for their low cost and low energy consumption and for being free of secondary pollution.

Additionally, the highest possible value added of the separated products is obtained to enhance the

economy. This reprint presents novel separation technologies involving the recovery of extracellular

polymeric substances, calcium alginate in wastewater treatment, plasmid DNA in gene therapy,

lactose in the dairy industry, lactic acid in the fermented broth of kitchen waste, phenylalanine

losses in neutralization dialysis, the removal of secondary effluent organic matter, acetaldehyde in the

atmosphere, and the purification of the liquid fraction of digestates. We believe that the contributions

of this research effort will benefit resource recovery.

Da-Qi Cao
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ix





Citation: Cao, D.-Q. Separation

Techniques and Circular Economy.

Membranes 2023, 13, 778. https://

doi.org/10.3390/

membranes13090778

Received: 25 August 2023

Accepted: 30 August 2023

Published: 4 September 2023

Copyright: © 2023 by the author.

Licensee MDPI, Basel, Switzerland.

This article is an open access article

distributed under the terms and

conditions of the Creative Commons

Attribution (CC BY) license (https://

creativecommons.org/licenses/by/

4.0/).

membranes

Editorial

Separation Techniques and Circular Economy
Da-Qi Cao 1,2

1 Sino-Dutch R&D Centre for Future Wastewater Treatment Technologies/Key Laboratory of Urban
Stormwater System and Water Environment, Beijing University of Civil Engineering and Architecture,
Beijing 100044, China; caodaqi18@163.com; Tel.: +86-(0)-10-6832-2123; Fax: +86-(0)-10-6832-2128

2 Yau Mathematical Sciences Center, Tsinghua University, Beijing 100084, China

Efficient separation techniques play an important role in the process of resource recov-
ery, and these techniques include physical, chemical, physicochemical, and/or biological
methods that are selected for their low cost and low energy consumption and for being
free of secondary pollution. Additionally, the highest possible value added of the sep-
arated products is obtained to enhance the economy. This current Special Issue titled
“Separation Techniques and Circular Economy” in Membranes presents the novel separa-
tion technologies involving the recovery of extracellular polymeric substances (EPSs) [1],
calcium alginate (Ca-Alg) [2] in wastewater treatment, plasmid DNA in gene therapy [3],
lactose in dairy industry [4], lactic acid (LA) in the fermented broth of kitchen waste [5,6],
phenylalanine losses in neutralization dialysis (ND) [7], the removal of secondary effluent
organic matter (EfOM) [8], and acetaldehyde (CH3CHO) in the atmosphere [9].

For the recycling of EPSs from excess sludge in wastewater treatment plants (WWTPs),
the potential of nanofiber membranes for use in effective concentration and the recycling
of EPSs via membrane separation was indicated [1]. Electrospun nanofiber membranes
(ENMs) were fabricated using polyvinylidene fluoride (PVDF) and used for the recovery
of EPSs extracted from the excess sludge using the cation exchange resin (CER) method.
The fabricated ENM containing 14 wt.% PVDF showed excellent properties, with a high
average water flux (376.8 L/(m2·h)) and an excellent EPS recovery rate (94.1%) in the
dead-end filtration of a 1.0 g/L EPS solution at 20 kPa. The ENMs displayed excellent
mechanical strength, antifouling properties, and high reusability after five recycles. The
filtration pressure had a negligible effect on the average EPS recovery rate and water flux.
The novel dead-end filtration with an EPS filter cake on the ENM surface was effective in
removing heavy-metal ions, with the removal rates of Pb2+, Cu2+, and Cr6+ being 89.5%,
73.5%, and 74.6%, respectively.

Ca-Alg is a novel target product for recovering alginate from aerobic granular sludge.
A novel production method, where Ca-Alg was formed in a sodium alginate (SA) feed
solution (FS) and concentrated via forward osmosis (FO) with Ca2+ reverse osmosis using
a draw solution of CaCl2, was proposed [2]. An abnormal reverse solute diffusion was
observed, with the average reverse solute flux (RSF) decreasing with increasing CaCl2
concentrations, while the average RSF increased with increasing alginate concentrations.
The RSF of Ca2+ in FS decreased continuously as the FO progressed using 1.0 g/L SA as the
FS, while it increased initially and later decreased using 2.0 and 3.0 g/L SA as the FS. These
results were attributed to the Ca-Alg recovery production (CARP) that formed on the FO
membrane's surface on the feed side, and the percentage of Ca2+ in CARP relative to total
Ca2+ reverse osmosis reached 36.28%. Scanning electron microscopy and energy dispersive
spectroscopy also verified CARP's existence and its Ca2+ content. The thin-film composite
FO membrane with a supporting polysulfone electrospinning nanofiber membrane layer
showed high water flux and the RSF of Ca2+, which was proposed as a novel FO membrane
for Ca-Alg production via the FO process with Ca2+ reverse diffusion. Four mechanisms,
including the molecular sieve role, the electrification of colloids, the osmotic pressure of ions
in CARP, and the FO membrane structure, were proposed to control Ca-Alg production.
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Plasmid DNA is used as a vector for gene therapy and DNA vaccination. Because of
its circular structure, a significant deformation occurs during filtration and easily permeates
the membrane, hindering the selection of separation membranes based on molecular weight.
Affinity microfiltration (MF) and plasmid DNA purification were applied [3]. A-Fe2O3
with an isoelectric point of approximately 8 and a particle size of 0.5 µm was selected as the
ligand for the two-stage affinity MF of plasmid DNA. In the first stage of MF, the experiment
was conducted at a pH of 5, and a cake of α-Fe2O3 with bound plasmid DNA was obtained.
Next, liquid permeation (pH 9 and 10) through the cake was performed to elute the bound
plasmid DNA. Plasmid DNA was eluted during the early phase of liquid permeation at
a pH of 10. Furthermore, agarose gel analysis confirmed the usefulness of the two-stage
affinity MF method with the adsorption and desorption for plasmid DNA purification.

The lactose in the dairy industry is not produced profitably. Nanofiltration (NF)
concentration has shown to be a good choice since partial demineralization can be realized
in parallel. Ten commercial polymer NF membranes were systematically studied in detail
for their suitability to concentrate lactose, with the proviso of high flux and high to complete
rejection [4]. Preliminary trials were conducted using flat-sheet membranes and a lactose
model solution, and the influence of transmembrane pressure, temperature, and lactose
concentration was studied. Finally, the results were evaluated using spiral wound modules
and real industrial whey permeate. Membrane screening is essential since no correlation
between molecular weight cut-off and permeate flow could be found. The conclusions
found for the lactose model solution were in good agreement with the whey permeate, but
as ions contribute to the osmotic pressure of the feed, the deviations increase during the
concentration process since ions are also partly retained.

Lactic acid (LA) is an important chemical material facing rapid demand in recent
years. The oriented fermentation of kitchen waste is a promising route for economic LA
production. However, the purification of the LA from the broth is still troublesome when
considering the economy. The purification performance of MF membrane technology for
a fermentation broth from kitchen waste was investigated [5]. The results indicated that
the MF process could be a desirable broth purification process to some extent, and it is
promising in actual application. Under the optimum pressure of 100 kPa, a pH of 6.0, and a
backflushing mode with deionized water for 3 min, the best performance was achieved,
with chroma removal, turbidity removal, protein removal, and total sugar removal effi-
ciencies of 60, 92.8, 57.64, and 32.93%, respectively. On the other hand, the refinement of
LA from fermentation broth is also a spiny issue. The performance of the ultrafiltration
(UF) process for the refinement of LA from the pre-microfiltered broth of kitchen waste
fermentation was investigated [6]. With a 50 kDa polyethersulfone membrane, under the
optimum pressure of 120 kPa, the pH of 6.0, and the backflushing mode with the deionized
water for 3 min, the best performance was achieved with respect to the chroma removal
efficiency, turbidity removal efficiency, protein removal efficiency, and total sugar removal
efficiency of 54.3%, 89.8%, 71.7% and 58.5%, respectively, and the LA recovery efficiency
was 93.6%. The results indicated that the UF process could further effectively refine the
pre-microfiltered broth of kitchen waste fermentation, and the combination of MF and UF
process is ideal for achieving desirable LA refinement performance.

Amino acid (phenylalanine (Phe)) and mineral salt (NaCl) solution separation can
be carried out using neutralization dialysis (ND) [7]. A non-steady state mathematical
model of the Phe and NaCl solution's separation via ND in a batch mode is proposed.
The model takes into account the characteristics of membranes (thickness, ion-exchange
capacity, and conductivity) and solutions (concentration and composition). Compared
to previously developed models, the new model considers the local equilibrium of Phe
protolysis reactions in solutions and membranes and the transport of all phenylalanine
forms (positively and negatively charged zwitterionic) through membranes. A series of
experiments on the ND demineralization of the NaCl and Phe mixed solution was carried
out. In order to minimize Phe losses, the solution pH in the desalination compartment
was controlled by changing the concentrations of the solutions in the acid and alkali

2



Membranes 2023, 13, 778

compartments of the ND cell. The validity of the model was verified by carrying out a
comparison of simulated and experimental time dependencies with respect to the solution's
electrical conductivity and pH, as well as the concentration of Na+, Cl− ions, and Phe
species in the desalination compartment. Based on the simulation's results, the role of
Phe transport mechanisms in the losses of this amino acid during ND was discussed.
In the experiments carried out, the demineralization rate reached 90%, accompanied by
minimal Phe losses of about 16%. Modeling predicts a steep increase in Phe losses when the
demineralization rate is higher than 95%. Nevertheless, simulations show that it is possible
to achieve a highly demineralized solution (by 99.9%) with Phe losses amounting to 42%.

The reuse of wastewater has been identified as an important initiative for the sustain-
able development of the environment; thus, the removal of secondary EfOM to ensure the
safety of reused wastewater is the key step and a subject of extensive research. Al2(SO4)3
and anionic polyacrylamide were selected as the coagulant and flocculant, respectively,
for the treatment of secondary effluents from a food-processing industry WWTP to meet
the standard regulatory specifications for water reuse [8]. This process is efficient and
economically viable for EfOM removal to realize food-processing wastewater reuse. The
removal efficiencies of chemical oxygen demand (COD), components with UV254, and
specific ultraviolet absorbance were 44.61%, 25.13%, and 9.13%, respectively, with an as-
sociated reduction in chroma and turbidity. The fluorescence intensities (Fmax) of two
humic-like components were reduced during coagulation, and the microbial humic-like
components of EfOM had a better removal efficiency because of a higher LogKm value
of 4.12. Fourier-transform infrared spectroscopy showed that Al2(SO4)3 could remove the
protein fraction of the soluble microbial products (SMPs) of EfOM by forming a loose SMP
protein complex with enhanced hydrophobicity. Furthermore, flocculation reduced the
aromaticity of secondary effluent. The cost of the proposed secondary effluent treatment
was 0.034 CNY t−1 %COD−1.

CH3CHO in the atmosphere is associated with adverse health effects. Among the
various options for use in removing CH3CHO, adsorption is often employed because of
its convenient application and economical processes, particularly when using activated
carbon. The surface of activated carbon has been modified with amines to remove CH3CHO
from the atmosphere via adsorption. However, these materials are toxic and can have
harmful effects on humans when the modified activated carbon is used in air-purifier filters.
Therefore, customized bead-type activated carbon (BAC) with surface modification options
via amination was evaluated for removing CH3CHO [9]. Various amounts of non-toxic
piperazine or piperazine/nitric acid were used in amination. Chemical and physical analy-
ses of the surface-modified BAC samples were performed using Brunauer–Emmett–Teller
measurements, elemental analyses, and Fourier-transform infrared and X-ray photoelec-
tron spectroscopy. The chemical structures on the surfaces of the modified BACs were
analyzed in detail using X-ray absorption spectroscopy. The amine and carboxylic acid
groups on the surfaces of the modified BACs are critical in CH3CHO adsorption. Notably,
piperazine amination decreased the pore size and volume of the modified BAC, but piper-
azine/nitric acid impregnation maintained the pore size and volume of the modified BAC.
In terms of CH3CHO adsorption, piperazine/nitric acid impregnation resulted in superior
performances, with greater chemical adsorption. The linkages between the amine and car-
boxylic acid groups may function differently in piperazine amination and piperazine/nitric
acid treatment.

Overall, the Special Issue presents helpful contributions to the recovery of biopolymers
(EPS, Ca-Alg, and DNA) or micromolecules (lactose, LA, and phenylalanine) and the
removal of EfOM and CH3CHO, in which various separation techniques such as ENM
separation, MF, UF, NF, FO, ND, flocculation, and adsorption are used. However, in
practice, separation techniques that are involved in the circular economy include numerous
methods, and these are dependent on the recycled or separated products. In conclusion, the
editors appreciate the authors’ and reviewers’ valuable contributions to this Special Issue.
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Abstract: The recycling of extracellular polymeric substances (EPSs) from excess sludge in wastewater
treatment plants has received increasing attention in recent years. Although membrane separation
has great potential for use in EPS concentration and recovery, conventional membranes tend to exhibit
low water flux and high energy consumption. Herein, electrospun nanofiber membranes (ENMs)
were fabricated using polyvinylidene fluoride (PVDF) and used for the recovery of EPSs extracted
from the excess sludge using the cation exchange resin (CER) method. The fabricated ENM containing
14 wt.% PVDF showed excellent properties, with a high average water flux (376.8 L/(m2·h)) and an
excellent EPS recovery rate (94.1%) in the dead-end filtration of a 1.0 g/L EPS solution at 20 kPa.
The ENMs displayed excellent mechanical strength, antifouling properties, and high reusability after
five recycles. The filtration pressure had a negligible effect on the average EPS recovery rate and
water flux. The novel dead-end filtration with an EPS filter cake on the ENM surface was effective in
removing heavy-metal ions, with the removal rates of Pb2+, Cu2+, and Cr6+ being 89.5%, 73.5%, and
74.6%, respectively. These results indicate the potential of nanofiber membranes for use in effective
concentration and recycling of EPSs via membrane separation.

Keywords: extracellular polymeric substance; recovery; electrospun nanofiber membrane; dead-end
filtration; heavy-metal ion

1. Introduction

Resource recovery from wastewater has received increasing attention for application
in sustainable wastewater treatment systems [1,2]. In such systems, the handling of excess
sludge accounts for almost half of the total investment and operational costs of wastewater
treatment plants (WWTPs) [3–5], wherein excess sludge is the main source of resource
materials [6–11]. If these resource materials can be recycled, the burden of sludge treatment
will be reduced, thereby contributing to a circular economy and a circular society [7,10–12].

As a high-value-added product of excess sludge, extracellular polymeric substances
(EPSs) are derived from the secretion of microbial cells and cell autolysis, and they mainly
consist of polysaccharides, proteins, lipids, humus, nucleic acids, and DNA, accounting for
10–40% of the sludge dry weight [8,13]. The recovered eco-friendly EPSs can be used as
adsorbents for heavy-metal ions [7,10,14], flame retardants [15,16], soil conditioners [17],
and bioflocculants [18,19]. In particular, the EPSs in aerobic granular sludge (AGS), a recent
innovation in biofilm reactors for wastewater treatment, are mainly composed of alginate;

Membranes 2023, 13, 74. https://doi.org/10.3390/membranes13010074 https://www.mdpi.com/journal/membranes5
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they have higher added value than the commonly used EPSs recovered from various sludge
in conventional wastewater treatments, such as the sequencing batch reactor technology, as
well as the anaerobic or anoxic/oxic, and anaerobic/anoxic/oxic processes [1,6,9,11]. In
addition, the removal of EPSs from excess sludge is conducive to sludge concentration and
dehydration, agricultural use, incineration, and subsequent disposal [8,17,19]. However,
the high moisture contents of EPS solutions extracted from sludge constitute the main
bottleneck in the recovery process; thus, it is necessary to explore new technologies for EPS
concentration [7,10].

Direct drying methods, such as heating and drying, are generally undesirable for
this process due to their high energy consumption and potential generation of secondary
pollution, not to mention the possibility that the polymer structures can be damaged dur-
ing such processes [7]. Membrane separation technologies, therefore, represent possible
alternatives for the separation and purification of such substances because of their high
separation efficiencies and lack of secondary pollution [20–22]. In previous studies, the
effective separation of polysaccharides and proteins was achieved by ultrafiltration [7,9],
and the effective recovery of EPSs without damage or the generation of secondary pollution
was possible [10]. However, EPSs are mixtures of various macromolecular substances; there-
fore, depending on the membrane characteristics, the EPSs can produce greater degrees
of membrane fouling via pore clogging, foulant adhesion, foulant layer formation, and
consolidation [23]. In addition, traditional filtration membranes possess a number of inher-
ent limitations, such as a low flux and a susceptibility to pollution due to the regular void
arrangement on the transverse membrane surface and the vertical pore arrangement [24,25].

To address such issues, the electrospinning approach has been considered for mem-
brane preparation. This process involves the application of a strong electric field to generate
nanofibers from a charged polymer solution [26–30]. As a result, electrospun nanofiber
membranes (ENMs) with random interconnected pores can be formed from overlapping
fibers [31–33], which provide interconnected structures with high porosities that allow
liquids to pass through multiple channels [34,35]. In addition, ENMs tend to exhibit a supe-
rior fouling resistance to traditional membranes, thereby mitigating the blockage of a single
membrane pore and resulting in more promising filtration applications [24,36,37]. For exam-
ple, a polyvinylidene fluoride (PVDF) ENM with pore sizes <200 nm was used to fabricate
the bases of thin-film composite membranes, giving a high flux of 993 L/(m2·h), which is
three times that of the conventional casting membrane [38]. Another PVDF nanofiber mem-
brane fabricated by three-dimensional printing and near-field electrospinning showed an
excellent filtration performance with a high flux of 1020.7 L/(m2·h) and a particle rejection
of 96.7% when an aqueous dispersion of SiO2 (average particle size = 50 µm) was employed
as the feed solution [32]. Even for natural river water, a high flux of 20,455 L/(m2·h) was
obtained at a rejection rate of 99.8% for river particles measuring ~2 µm in diameter using
electrospun fibrous cellulose acetate membranes [39]. Furthermore, a nanoparticle rejection
rate of ~99.0% was achieved in the filtration of nanoparticle suspensions [40]. Overall,
ENMs have been shown to exhibit superior mechanical properties and high specific surface
areas, in addition to permitting the facile modification of their functional groups to provide
unique functionalities [34,41], thereby rendering them excellent filtration materials [42].

The unique nanostructures of ENMs not only facilitate membrane modification but also
provide the conditions for the formation of free nanogaps with directional nanochannels to
permit substance transport, thereby resulting in the selective separation and concentration
of polymeric substances [22,42–44]. For example, an ENM fabricated by the hot-pressing
of PVDF and polyacrylonitrile presented high rejection percentages for bovine serum
albumin and bovine γ-globulin molecules, i.e., 60% and 75%, respectively [43]. In addition,
a nanofibrous membrane composed of a hollow porous polystyrene/ethylene–vinyl acetate
copolymer blend was generated by electrospinning and chemical modification and was
subsequently used to separate and purify proteins with a 94.35% rejection rate of serum
albumin [22]. Furthermore, the excellent separation performances of ENMs are of particular
interest in the medical field [42]. For example, a dual-layer nanofiber membrane composed
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of a polydopamine/polyacrylonitrile layer and a chitosan/sericin layer achieved creatinine
and urea clearance rates of 82.3 and 92.8%, respectively, while retaining 83.9% of bovine
serum albumin [37]. Moreover, a polymeric hemodialysis membrane composed of an
electrospun polyacrylonitrile nanofibrous support layer achieved a 98.4% retention of
bovine serum albumin after 4 h [45]. In addition, PVDF, which has excellent mechanical
and thermal strength, is a semi-crystalline polymer mainly composed of 59.4% fluorinated
chains and synthesized by free-radical polymerization [31]. Furthermore, these fluorinated
chains on the surface of PVDF impart chemical and aging resistance [30,46]. Due to
these characteristics, PVDF has been widely used in the development of novel nanofiber
membranes [27,30–32,35,38,41,43,44]. Table 1 lists the typical parameters associated with a
selection of ENMs fabricated using PVDF over the past 5 years.

Table 1. Typical parameters for previously reported ENMs fabricated using PVDF over the last
5 years and the PVDF ENMs fabricated in this study *. d: pore size; D: fiber diameter; ω: porosity;
T: thickness; θ: water contact angle; Ft: tensile strength; ε: nominal tensile strain at break.

Membrane Fabrication
d

[µm]
D

[µm] ω [%] T
[µm] θ [◦] Ft

[MPa] ε [%] Ref.PVDF
[wt.%] Solvent [v/v] Modification [wt.%]

15 DMF/acetone: 9:1 None 1.82 0.128 68 103 90 1.86 55.2 [47]

15 DMAc/acetone: 4:1
w/h: 1:1 30

-
36

-
137 0.19 4.8

[32]2:1 45 40 134 0.13 3.4
3:1 90 44 131 0.08 2.4

15 DMF/acetone: 3:1

GO: 0 0.8 0.167

- 100

140 6.40 49.3

[48]0.5 0.99 0.259 131 5.20 27
1 1.13 0.311 119 4.80 12.6
3 1.21 0.355 110 4.40 9.5

15 DMF
SiO2NPs: 0 22.00 0.400 - - <135 - - [49]

4 22.00 0.600 135

15 DMAc

None 1.33
-

84 121 92 2.24 13.0

[50]f-SiO2NPs: 1 1.24 80 116 152 2.13 26.0
AgNPs/

f-MWCNTs: 2:1 0.64 82 135 56 2.38 30.0

13.5 DMF/acetone: 6:4

SiO2NPs: 0 0.37 0.265 84 107 132 1.83

- [41]2 0.32 0.206 81 110 143 2.16
4 0.28 0.209 78 97 149 2.56
6 0.27 0.209 77 98 155 1.55

12

DMF/acetone: 6:4
None

1.30 0.415
-

91 129
- - [27]DMSO/acetone: 6:4 2.40 0.625 87 130

Anhydrous/
acetone: 6:4 3.58 0.521 82 116

12
DMF

PAN: 0
-

0.550
- -

133 7.125 13.5
[51]10.8 1.2 0.600 131 9.95 13.0

6 6 0.550 118 7.40 7.8

8 NMP

DTPA/MWCNT/
TiO2: 0 0.006 0.120

-

114 62 0.13 1.8

[31]0.5 - 0.116 117 47 0.26 3.5
2 0.102 118 38 0.29 5.7
6 0.007 0.096 118 27 0.21 6.1

8 DMF/acetone: 6:4 GO: 0 0.3 0.176
83–85 50

137 - - [52]
5 0.19 0.131 89

14
DMAc/acetone: 4:1 None

1.47 0.504 52.46 125 109.5 1.54 15.30
This

study18 7.66 0.865 71.53 186 119.1 2.22 20.16
22 19.36 1.772 73.24 240 129.3 2.58 36.78

* DMF: dimethylformamide; NMP: N-methylpyrrolidone; DMSO: dimethyl sulfoxide; DMAc: dimethylacetamide;
NPs: nanoparticles; DTPA/MWCNT/TiO2: diethylenetriaminepentaacetic acid (DTPA)-functionalized multi-
walled carbon nanotube (MWCNT)/TiO2; w/h: length–width ratio for 3D printing pore geometry; GO: graphene
oxide; f-SiO2NPs: silanized silica nanoparticles; AgNPs/f-MWCNTs: silver nanoparticles and carboxylated
multiwalled carbon nanotubes; PAN: polyacrylonitrile.
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Heavy metals are responsible for reducing the quality of water owing to their high tox-
icities, their ability to bioaccumulate, and their nonbiodegradable nature [10,53,54]. Thus,
ENMs have been examined for their application in the removal of heavy metals [55,56]. For
example, metal–organic frameworks were enmeshed in PVDF and polyacrylonitrile electro-
spun nanofibers to produce nanofibrous membranes for the treatment of Pb2+ solutions [57],
while PVDF nanofibrous membranes hybridized with silicon oxide nanoparticles exhibited
a Cu2+ adsorption of ~21.9 mg/g [58]. In addition, the incorporation of carbohydrate
polymers, such as chitosan, cellulose, alginate, pullulan, starch, and hyaluronic acid into
nanofibrous structures via the electrospinning approach has also been proven effective
in the adsorption of heavy metals [49,59]. More specifically, a polydopamine-containing
PVDF nanofiber membrane achieved a Cu2+ adsorption capacity of 26.7 mg/g [60], in
addition to an adsorption capacity of 126.7 mg/g for Cr6+ [61]. Furthermore, a multilayer
electrospun nanofibrous membrane composed of chitosan and polyvinyl alcohol was used
for the dynamic removal of Cu2+ from synthetic wastewater, giving a rejection rate of
up to 98.6% [62].

Herein, the novelty of the present study is to first apply PVDF ENMs with a high
water flux, to separate and concentrate EPSs that are extracted from the excess sludge using
the cation exchange resin (CER) method. The simplest filtration process, i.e., dead-end
filtration (DEF), was carried out to eliminate influence of hydraulic conditions. Initially,
the key properties of the PVDF ENMs are analyzed; subsequently, the effects of different
PVDF mass fractions on the EPS recovery efficiency and the water flux are investigated and
compared with those of typical commercial filtration membranes. In addition, the influence
of the applied pressure on the ENM filtration of EPS is also investigated, along with the
fouling and reusability of the ENMs. Lastly, the removal of heavy-metal ions (HMIs) via
DEF with the EPS filter cake formed on the ENM surface (EPS–ENM–DEF) is confirmed
and evaluated, and the advantages of removing HIMs using EPS–ENM–DEF are analyzed.

2. Materials and Methods
2.1. Materials

Polyvinylidene fluoride (PVDF, HSV900, MW ≈ 1000 kDa, Arkema Inc., Paris, France)
was used as the electrospinning polymer. N,N-Dimethylacetamide (DMAc, analytical
reagent, 99.5%) and acetone (analytical reagent, 99%) were used as organic solvents and
were purchased from the Rhawn Chemical Reagent Co., Ltd., and the Beijing Reagent
Co., Ltd., respectively. PbCl2, CuCl2·H2O, and K2CrO7 (analytical grade) were purchased
from Sigma Aldrich (St. Louis, MO, USA). H2SO4 (98 wt.%), HNO3 (98 wt.%), and phenol
(C6H5OH) were obtained from the Beijing Reagent Co., Ltd. Ultrapure water (resistivity
≥18.2 MΩ) was obtained by purifying tap water using an Arium Comfort II ultrapure water
system for laboratory use (Sartorius Corp., Göttingen, Germany). The cellulose ultrafiltra-
tion membranes (molecular weight cutoffs [MWCOs] = 10 and 100 kDa) were purchased
from Millipore Corp. (Billerica, MA, USA). Filter paper (pore diameters = 4 and 7 µm) was
purchased from Advantec Corp., Tokyo, Japan. The disposable polyethersulfone filter
membrane (0.45 µm) was purchased from the Jinteng Experimental Equipment Co., Ltd.,
Tianjin, China. The cation exchange resin (CER, Amberlite IR 120 Na) was obtained from
Rohm and Haas Corp., Philadelphia, PA, USA. The dialysis bag (MWCO = 3500) was
obtained from Viskase Corp., Lombard, IL, USA. Excess sludge was obtained from Beijing
Dongba WWTP.

2.2. Fabrication of the PVDF Nanofiber Membranes

The PVDF nanofiber membranes were prepared via the electrospinning technique
(ET2535, Beijing Yongkang Leye Co., Ltd., Beijing, China) with a high-voltage supply of
10–12 kV. The PVDF powder (1.5 g; 14, 18, and 22 wt.%) was initially dissolved in a mixture
of DMAc and acetone with a volume ratio of 4:1 (the volumes of the mixture were 8.0, 6.0,
and 4.6 mL, respectively) at 300 rpm and 60 ◦C for 4 h in a constant-temperature water bath
(Changzhou Gaode Instrument Manufacturing Co., Ltd., Changzhou, China). Subsequently,
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each solution was defoamed using a circulating water vacuum pump (SHZ-D(III), GongYi
city RuiDe Instrument and Equipment Co., Ltd., Zhengzhou, China) and cooled prior to
electrospinning. The desired polymer solution was then transferred into a plastic syringe
and delivered at a rate of 4 mL/h using a syringe pump (G20, ID = 0.60 mm). The applied
voltage was optimized and fixed at 10.5 kV (+8.0/−2.5 kV) for each membrane fabrication.
The drum was covered with aluminum foil at a distance of 20 cm from the syringe needle,
and the temperature and humidity conditions inside the electrospinning chamber were set
at 22–25 ◦C and 38–42% relative humidity, respectively. The samples were then cleaned
repeatedly with deionized water to remove any residual solvent and give the desired PVDF
nanofiber membranes. Finally, the prepared sample was cut into a circular film with a
diameter of 6 cm using a custom circular cutter. The fabrication process is illustrated in
Figure 1a. The obtained ENMs were denoted as ENM-14, ENM-18, and ENM-22 according
to the wt.% of PVDF employed for their preparation. It should be noted that the pre-
experiments were conducted under various conditions, such as a PVDF mass ratio of
10–24 wt.% and a spinning rate of 4–10 mL/h; however, only the key results are presented
in the manuscript.
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Figure 1. Schematic representations of (a) the nanofiber membrane fabrication process, and (b) the
dead-end filtration apparatus and the experimental process employed herein.

2.3. Sample Preparation

The EPSs were extracted from the excess sludge sample via CER method [7]. Excess
sludges were centrifuged at 4000× g and 4 ◦C for 20 min. Subsequently, the supernatant
was removed, and the sediment was collected for experimental analysis and freeze-dried.
First, sludge suspensions were prepared by dispersing 1 g of the obtained dry sludge
samples in 250 mL of ultrapure water. The corresponding resin (70 g/g volatile solids;
VS) was placed into the sludge suspension, and the mixture was stirred at 500 rpm for 4 h.
Subsequently, the sludge suspensions were centrifuged at 4000× g and 4 ◦C for 20 min.
Each supernatant was dialyzed in a dialysis bag (MWCO = 3500 Da) against a ninefold
volume of DI water for 24 h, and the process was repeated two more times to remove all
impurities such as various heavy-metal ions that could have been present. The sediment
was discarded. Finally, EPS powder was produced by freeze-drying the solution in the
dialysis bag. Notably, the EPS powders produced were afforded in quantities that were
sufficient for the experiments performed, allowing the prepared batches to be used in all
experiments, thus ensuring consistent EPS characteristics.

It was confirmed that this technique allowed recovery of the EPSs because of negligible
destruction to the microbial cells in the excess sludge [7,10]. Therefore, these samples can
be considered as mixed water-soluble polymers. The EPS was dissolved in ultrapure
deionized (DI) water at 24 ◦C and stirred for 4–12 h to obtain the desired EPS solution. All
samples were used immediately to prevent any errors caused by microbial consumption of
the organic matter present in the aqueous solution [23,63].
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2.4. Two-Stage ENM Filtration

The EPS solutions were filtered using a custom-made pressure filter device, as shown
in Figure 1b. The two-stage filtration process was carried out as described previously [10].
Herein, the first step involved concentration of the EPSs, wherein the fabricated ENMs were
used to filter the EPS solutions (50 mL) to form a dense EPS filter cake layer on the surface
of the membrane at a filtration pressure (p1) of 20 kPa. An ENM filter membrane with
an EPS cake layer was obtained as a result of this process. The second step involved the
removal of HMIs. More specifically, heavy-metal-containing wastewater samples (10 µM
solutions of Pb2+, Cu2+, and Cr6+) were filtered through the cake at a filtration pressure (p2)
of 20 kPa. The HMIs were removed by the synergistic effect of the EPS filter cake and the
ENM. For comparison, the ENMs were also used to remove the HMIs without the presence
of an EPS filter cake, which can be considered to reflect the adsorption of HIMs by the ENM.
Notably, to eliminate the effects of acid, base, or buffers, the pH was not adjusted in any
experiments; it was maintained at 6.5 obtained using a pH meter (Mettler Toledo FE20).

2.5. Analytical Methods
2.5.1. Membrane Characterization

The morphological properties of the membrane surface and the cross-sectional areas
of the PVDF nanofiber membranes were characterized using scanning electron microscopy
(SEM, G300, Zeiss, Jena, German) at 2–3 kV. All samples were cut into dimensions of
1 cm × 1 cm and were pretreated with gold spraying for 10 min under vacuum. The
electron microscope images were observed at 5–50 k. Image Pro-Plus 6.0 software was
used to visualize the SEM images and give the fiber diameters of the ENMs. The porosities
and pore sizes of the membranes were obtained by mercury porosity experiments (Auto-
Pore Iv 9510, Micromeritics Instrument Co., Ltd., Norcross, GA, USA), while a thickness
gauge (HCC–18, Liuling Instrument Factory, Shanghai, China) was used to measure each
membrane thickness. The water contact angles of the PVDF ENMs were measured using
a contact angle meter (JC2000D4M, Zhongchen Digital Technology Equipment Co., Ltd.,
Shanghai, China); finally, the mechanical properties of each sample (shaped into strips
of dimensions 2 cm × 1 cm) were tested using an electronic universal testing machine
(nonmetallic direction) (Inspekt table blue 5 kN, Hegewald & Peschke, Nossen, Germany)
at a distance of 20 cm and a tensile rate of 2 mm/min.

2.5.2. Evaluation of the Membrane Resistance and Filtration Behaviors

All experiments employed DEF with an effective area of 19.6 cm2 using a self-made
pressure filter device (Figure 1b). A constant pressure was applied using N2 gas and was
controlled using an automatic pressure-regulating valve. The filtrate liquor was collected
in a reservoir and placed on an electronic balance connected to a personal computer to
record the mass versus time data. The weights were converted to volumes using a density
correlation (i.e., mass/density = volume). The filtration rate was obtained through a
numerical differentiation of the volume versus time data. The resistance properties of the
membranes were examined by means of ultrapure water filtration experiments [6]. The
membrane resistance, Rm was calculated using Equation (1) as follows:

Rm =
p

µ·J , (1)

where p represents the applied filtration pressure, µ is the viscosity of water, and J is the
filtration rate during the ultrapure water membrane filtration process.

During cake filtration, the relationship between the reciprocal of the filtration rate
(dθ/dv) and the cumulative filtrate volume collected per unit effective membrane area, v, is
linear in accordance with the Ruth filtration rate equation [6,7]:

dθ

dv
=

2
Kv

v +

(
dθ

dv

)

m
, (2)
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where θ is the filtration time, and Kv is the Ruth filtration coefficient, indicating the filter-
ability of the feed. In addition, (dθ/dv)m represents the membrane flow resistance and is
an intercept on the (dθ/dv) axis according to the Ruth plots of (dθ/dv) as a function of v,
which is the value of the reciprocal of the filtration rate at the start of filtration prior to cake
formation. In this study, the behaviors of the flux decline were analyzed by evaluation of
the curved shapes of the Ruth plots (dθ/dv vs. v) [64–66].

2.5.3. Reusability of the Nanofiber Membranes

To evaluate the reusability of each nanofiber membrane, equivalent-concentration
EPS solutions were filtered through each PVDF nanofiber membrane under a constant
pressure of 20 kPa for a total of five times. Between each filtration, the EPS filter cake was
removed by physical scraping. The polluted membrane was then placed in a sealed bag.
and ultrasonic cleaning (600 W) was carried out for 10 min at 25 ◦C. It was observed that
the membrane fouling was almost completely removed probably because the recovered
EPSs obtained via CER were water-soluble. Prior to each subsequent filtration, pure water
was passed through the membrane to check for channel blockage, and it was found that
Rm remained relatively constant.

2.5.4. Size Distribution, Fourier-Transform Infrared Spectroscopy, and Zeta Potential

The typical size distribution of the colloidal EPS solution was measured by dynamic
light scattering using a Zetasizer Nano ZS90 size analyzer (Zetasizer Nano ZS90, Malvern
Co., Ltd., Malvern, UK). To prepare the samples for analysis by Fourier-transform infrared
(FTIR) spectroscopy, the EPS sample was obtained by vacuum freeze-drying (FD-1A-50,
Beijing Boyikang Laboratory Instruments Co., Ltd., Beijing, China). The samples were then
mixed with KBr (1:100 mass ratio) and dried overnight at 120 ◦C. Finally, the dried samples
were ground into a powder using an agate mortar and pestle, and a tablet press was
used to prepare the KBr discs required for functional group analysis by FTIR spectroscopy
(Nicolet is5, Thermo Scientific, Waltham, MA, USA). The zeta potentials of the EPSs
and the membrane surfaces were measured using a solid surface zeta potential analyzer
(SurPASSTM 3 Eco, Anton Paar, Graz, Austria). The surface zeta potential was determined
as a function of pH in a 0.001 M KCl electrolyte solution upon varying the solution pH
from 5 to 7 by the addition of a HCl or NaOH solution through the automatic titration unit
of the instrument [67].

2.5.5. Determination of the EPS Recovery and the HMI Removal Efficiencies

A 5 mL portion of the collected filtrate was used to determine the concentrations of the
effluent EPSs and HMIs present in the filtrates obtained by ENM filtration and EPS–ENM
filtration, respectively. The concentration of polysaccharides (Cp) in the EPS solution or
the collected filtrate obtained using different membranes was determined according to
the phenol/sulfuric acid method using UV/Vis spectrophotometry (Cary 5000, Agilent
Technologies Co., Ltd., Waldbronn, Germany) (UV method) [8]. As a control, the EPS
concentration in the EPS solution or the collected filtrate (Ce) was obtained using the
standard freeze-drying weighing method [7]. The HMI concentrations (Ci) in the aqueous
solutions were measured using inductively coupled plasma (ICP) spectrometry (ICP 7000
Series, Thermo Scientific, Waltham, MA, USA) after mixing the samples with HNO3
(1% v/v) and filtering through a 0.45 µm membrane to meet the sampling requirements.
All experiments were repeated at least twice. Thus, the polysaccharide recovery efficiency
(ηp = 1 − Cp/Cp0), EPS recovery efficiency (ηe = 1 − Ce/Ce0), and HMI removal efficiency
(ηi = 1 − Ci/Ci0) were obtained. In these equations, Cp0 is the initial polysaccharide
concentration in the initial EPS solution, Ce0 is the initial EPS concentration, and Ci0 is the
initial concentration of the HMI in the wastewater sample.

The average EPS recovery rates (ηav) during DEF of the EPS solution using the fab-
ricated ENMs and commercial membranes were evaluated using both the UV and the
weighing methods, wherein the evaluated data were obtained for the cumulative filtrate
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volume per unit membrane area, v = 2 cm. In Figure S1, the average EPS recovery rates
obtained using the UV method are compared with those obtained using the weighing
method. As shown in the figure, all data fell within the range bounded by the error bars
of ±10% depicted by the dotted lines, indicating that the UV method could accurately
evaluate the average EPS recovery rate in the DEF of the EPS solution. Hence, the values of
ηav were evaluated using the UV method for the purpose of this study.

3. Results and Discussion
3.1. Characterization of the Nanofiber Membranes

Table 1 also lists the typical morphological and physical parameters of the PVDF
ENMs fabricated in this study. In addition, Figure 2 shows the surface morphologies of the
ENMs, indicating that a larger PVDF mass fraction resulted in a larger fiber diameter and
membrane pore size. More specifically, the fiber diameters and pore diameters of the ENMs
were obtained by combining SEM with Image Pro 6.0 image processing software, wherein,
as shown in Table 1, the porosity (52.46–73.24%) and the fiber diameter (0.504−1.772 µm)
were confirmed to increase with an increase in the PVDF mass fraction [68]. Since the
hydrophobic properties of a membrane are known to affect the filtration resistance [69],
the water contact angles (WCAs) of the ENMs were measured and are listed in Table 1
(see also Figure S2). As indicated, the WCA increased from 109.5◦ to 129.3◦ upon increasing
the PVDF mass fraction, and the average WCA was 119.3◦; this value corresponds to a
typical hydrophobic membrane and results from the high concentration of PVDF fluorine
atoms on the ENM surface [70]. Notably, except for the properties of membrane material,
the membrane surface roughness also affected the WCA; herein, the porosity of membranes
increased with increasing the PVDF mass fraction, resulting in numerous air pockets in the
membrane surfaces, leading to higher hydrophobicity (larger WCA) [41].The tensile stress–
strain curves of the fabricated ENMs are shown in Figure S3 and Table 1, wherein it can be
seen that the tensile strength and nominal tensile strain at break of the ENMs increased upon
increasing the PVDF mass fraction because of large fiber diameter and membrane thickness.
Of the various samples prepared, ENM-22 exhibited the best mechanical properties due to
the higher loading of PVDF, which increased the tensile stress that could be supported by
the membrane.
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Figure 2. Typical SEM images of the nanofiber membranes obtained using PVDF mass fractions of
(a) 14 wt.%, (b) 18 wt.%, and (c) 22 wt.%, denoted as ENM-14, ENM-18, and ENM-22, respectively.

3.2. Comparison between the EPS Recovery Properties of the Fabricated Nanofiber Membranes and
Commercial Membranes

The average water flux (Jav) and average EPS recovery rate (ηav) obtained during the
DEF of the EPS solution using the fabricated ENMs and commercial membranes are shown
in Figure 3, wherein the evaluated data were obtained for the cumulative filtrate volume per
unit membrane area, v = 2 cm. In general, the nanofiber membranes are ultrafiltration or mi-
crofiltration membranes; therefore, herein, the most widely used ultrafiltration membranes
(MWCO = 10 and 100 kDa, hydrophobic) and microfiltration membranes (4 and 7 µm,
hydrophilic) from Millipore Corp. and Advantec Corp., respectively, were compared. In the
case of ENM-14, the highest value of Jav was achieved (i.e., 376.8 L/(m2·h)) in addition to a
high ηav value of 94.1%, while, for the 10 kDa commercial membrane that was previously
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reported to exhibit a high EPS recovery efficiency (>90%) [7], a significantly lower Jav of
10.7 L/(m2·h) was recorded, although the ηav value was slightly higher (i.e., 96.4%). These
results clearly indicate that the water flux exhibited by ENM-14 was ~35.2 times higher
than that of the 10 kDa commercial membrane. It is worth noting that our ENMs were
prepared using low-cost PVDF materials, unlike in the cases of commercial ultrafiltration
and microfiltration membranes. Therefore, in addition to their high porosities and highly
interconnected pore structures that offer a low hydraulic resistance for water transporta-
tion and yield a high throughput with a low energy consumption, the ENMs reported
herein also impart economic benefits during the recovery and concentration of EPSs and
other substances.
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Figure 3. Average water flux (Jav) and average EPS recovery rate (ηav) in the dead-end filtration
of a 1.0 g/L EPS solution. A filtration pressure of 20 kPa was used, and the evaluated data were
obtained for the cumulative filtrate volume per unit membrane area, v = 2 cm. Millipore ultrafiltration
membranes (MWCO = 10 and 100 kDa), Advantec filter paper (4 and 7 µm), and the prepared PVDF
ENMs (PVDF mass fractions of 14, 18, and 22 wt.%) were evaluated.

Figure 4 shows the resistance values of the ENMs and the commercial membranes. As
indicated, for the four commercial membranes, Rm decreased with increasing membrane
pore size, which accounted for the increasing and decreasing Jav and ηav values, respectively,
as shown in Figure 3. In contrast, for the nanofiber membranes, increases in both Jav and ηav
values were observed upon decreasing the membrane resistance (see Figures 3 and 4). More
specifically, the ENM-14 membrane exhibited both the highest water flux and the highest
EPS recovery rate of the various samples investigated, and this may be due to the quasi-
three-dimensional network structure of the cross-configuration [68]. Since the EPSs are
considered a mixture of various polymers extracted from the excess sludge, large numbers
of polysaccharides, proteins, DNA, and other substances are present [7,10]. As a result, the
EPSs possess a wide particle size distribution of 6.2–226.7 µm, as shown in Figure S4. Thus,
the smaller colloids easily enter the ENM pores, resulting in membrane blockage [65,66].
However, the pore size of ENM-14 with low porosity and small thickness appeared to be
sufficiently small to retain the majority of these colloidal particles in the EPSs; in contrast,
pore blocking occurred in the ENM-18 and ENM-22 membranes because both Ruth plots
(dθ/dv vs. v) exhibited more remarkable downward convex curves (see Figure 5a) based
on the membrane pore clogging model [65,66], thereby lowering their EPS recovery rates
and water fluxes.
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Figure 4. Membrane resistance (Rm) obtained via the dead-end filtration of ultrapure water at a
filtration pressure (p) of 20 kPa. Millipore ultrafiltration membranes (MWCO = 10 and 100 kDa),
Advantec filter paper (4 and 7 µm), and the prepared PVDF ENMs (PVDF mass fractions of 14, 18,
and 22 wt.%) were evaluated.
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Figure 5. Filtration behaviors during the dead-end filtration of a 1.0 g/L EPS solution at a filtration
pressure (p) of 20 kPa for (a) the ENMs, and (b) the commercial membranes. The horizontal axis (v)
represents the cumulative filtrate volume per unit membrane area, the vertical axis (dθ/dv) represents
the reciprocal of the filtration rate, and θ is the filtration time.

Figure 5 shows the corresponding filtration behaviors of the ENMs and the commercial
membranes, wherein it can be seen that the filtration rates of ENMs declined more slowly
than those of the commercial membranes. More specifically, the obtained Ruth filtration
plots [64], i.e., the relationship between the reciprocal of the filtration rate (dθ/dv) and the
cumulative filtrate volume collected per unit effective membrane area (v), show different
shapes, i.e., downward convex curves for the ENMs (ENM-14, ENM-18, and ENM-22)
and the commercial ultrafiltration membranes (10 and 100 kDa), and upward convex
curves for the commercial microfiltration membranes (4 and 7 µm), indicating that the
pore blocking mechanisms of nanofiber membranes differ from those of conventional
commercial membranes.
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3.3. Influence of the Applied Pressure on the ENM Filtration of an EPS Solution

In general, the filtration rate of a membrane can be enhanced by increasing the applied
filtration pressure [7]; therefore, we moved on to examine the influence of the filtration
pressure on the concentration and recovery of EPSs using the fabricated ENMs. Thus,
Figure 6a shows the influence of p on Jav and ηav when the EPS solution was subjected to
filtration through the ENM-14 specimen. As shown, the average water flux fluctuated upon
increasing the pressure from 20 to 80 kPa in steps of 20 kPa. Overall, an increased water
flux was observed; however, upon increasing the pressure further to 100 kPa, an overall
decrease was observed. These observations were attributed to the high compressibility of
the EPS filter cake [7] and blockage of the ENM pores at higher pressures [66]. However,
it was also found that the average EPS recovery rate was not affected by the filtration
pressure and remained at ~94%. In addition, Figure 6b shows the filtration behavior of
a 1.0 g/L EPS solution at various filtration pressures (20–100 kPa), wherein the results
confirm the lack of a proportional relationship between the filtration pressure and the
water flux, and the Ruth filtration plots show downward convex curves regardless of the
filtration pressure employed, which further reveals the membrane pore blocking based on
the blocking filtration model [66]. Therefore, to reduce energy consumption, a low filtration
pressure was proposed to concentrate and recycle EPSs using these fibrous membranes.
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Figure 6. Using the ENM-14 specimen: (a) Average water fluxes (Jav), average EPS recovery rates
(ηav), and (b) filtration behaviors in the dead-end filtration of a 1.0 g/L EPS solution at various
filtration pressures (p = 20, 40, 60, 80, and 100 kPa). The evaluated data were obtained for the
cumulative filtrate volume per unit membrane area, v = 2 cm. The horizontal axis shows v, while the
vertical axis shows the reciprocal of the filtration rate (dθ/dv), and θ is the filtration time.

3.4. Fouling and Reusability of the ENMs in the Filtration of EPSs

The prevention of membrane fouling is a key factor in the development of new
membrane technologies. It is worth emphasizing that the EPSs used in this study were
extracted from the excess sludge sample via CER, which is able to efficiently recover the
EPSs because of little destruction of microbial cells in the excess sludge [7,10]. Therefore,
the EPSs can be considered as mixed water-soluble polymers, and it was found that an EPS
filter cake was formed on the membrane surface after filtration. The EPS filter cake was
removed by physical scraping before the ultrasonic cleaning of the polluted membrane.
Typical images of the ENMs before and after removal of the EPSs by ultrasonic cleaning
(600 W, 10 min) are shown in Figure 7, and the polluted membrane with EPS filter cake can
be clearly observed (see Figure 7a), indicating that the EPS fouling within the membrane
pores and on the membrane surface can be removed using this simple technique because
of their water solubility. Meanwhile, Figure 8 shows the zeta potentials of the EPSs and
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the membrane surfaces of the ENMs at pH values of 5, 6.5, and 7. As shown in the
figure, both species exhibit a negative charge regardless of the pH, and the value of zeta
potential increases with increasing pH, revealing that electrostatic repulsion between the
EPSs and the membranes represents an alternative EPS filtration mechanism. Thus, the
EPS cake layer formed in our study was completely removed via simple physical cleaning
owing to the water solubility of EPSs and the electrostatic repulsion between the EPSs and
the membranes.
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Figure 7. Typical photographic images of the ENMs with recycled and concentrated EPS (a) before
and (b) after ultrasonic cleaning.
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Figure 8. Potentials of the EPS and the ENM membrane surfaces at pH values of 5, 6.5, and 7.

Using the ultrasound-based membrane cleaning technique (i.e., ultrasonication for
10 min after each filtration), the filtration experiments were repeated five times using the
recycled membrane to evaluate the reusability of the fabricated ENM. In this case, the
ENM-14 and ENM-22 membranes were used because they exhibited the lowest and highest
degrees of membrane fouling (i.e., the maximum and minimum water fluxes), respectively.
Figure 9 shows the average water flux and average EPS recovery rate during the DEF of a
1.0 g/L EPS solution with a filtration pressure of 20 kPa using the ENM-14 and ENM-22
specimens. From this figure, it can be seen that, over five filtration cycles, the average EPS
recovery remained relatively constant, as did the average water flux, although there was
a slight increase in the latter. These results, therefore, indicate that the fabricated ENMs
exhibit a good reusability for the recovery of EPSs extracted from excess sludge via CER.
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Figure 9. Average water flux (Jav) and average EPS recovery rate (ηav) during the dead-end filtration
of a 1.0 g/L EPS solution with a filtration pressure (p) of 20 kPa using the (a) ENM-14 and (b) ENM-22
specimens. Five filtration cycles were carried out wherein the membrane was cleaned using ultrasonic
irradiation for 10 min between filtrations. The evaluated data were obtained for the cumulative
filtrate volume per unit membrane area, v = 2 cm.

3.5. Removal of HIMs via EPS–ENM Dead-End Filtration

Subsequently, we carried out a two-stage DEF procedure (see Figure 1b) using the
prepared ENM-14 specimen, wherein the first stage involved the above-described recycling
and concentration of an EPS solution, and the second stage involved the removal of HIMs
from wastewater, i.e., the removal stage of HMIs via EPS–ENM–DEF. The detailed working
mechanism for the removal of HIMs via EPS–ENM–DEF can be seen in our previous
study [10]. Thus, the removal efficiency achieved using a 10 µM aqueous solution of the
desired HIM (Pb2+, Cu2+, or Cr6+, pH 6.2–6.7) by DEF in the presence of the EPS filter cake
on the ENM surface (i.e., EPS–ENM–DEF) is shown in Figure 10. It should be noted that the
EPS filter cakes were formed in the first stage from 50 mL aliquots of 0, 0.1, 0.2, and 1.0 g/L
EPS solutions to give filter cake masses of 0, 5, 10, and 50 mg, respectively. As shown in the
figure, the HMI removal efficiencies increased upon increasing the EPS filter cake mass,
with removal efficiencies of 89.5%, 73.5%, and 74.6% being achieved for Pb2+, Cu2+, and
Cr6+, respectively, using the 50 mg EPS filter cake. Furthermore, adsorption experiments
revealed membrane adsorption capacities of 20.6%, 21.8%, and 12.0% for Pb2+, Cu2+, and
Cr6+, respectively, thereby indicating that EPSs play a major role in the removal of HIMs,
corroborating the results of previous studies [7,10,71–73].

Figure 11a shows the FTIR spectra of the EPS filter cake before and after the adsorption
of the various HIMs (i.e., EPS-Pb, EPS-Cu, and EPS-Cr). In addition, the spectra of the
ENM and the EPS-contaminated ENM (EPS–ENM) are shown in Figure 11b. As indicated
in Figure 11a, all the samples appeared to contain similar functional groups corresponding
to polysaccharides, proteins, lipids, and nucleic acids, thereby indicating that the HIMs do
not alter the molecular structure of EPSs upon their adsorption, and that the interaction
mechanisms with the EPSs were similar for all three HIMs. As previously reported for
similar experiments carried out using Pb2+ [10], the carboxylate residues of the EPSs also
appeared to be bridged by the Cu2+ and Cr6+ ions.
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Figure 10. Removal efficiency (ηi) of the heavy-metal ions (HMIs) via dead-end filtration using the
ENM-14 with an EPS filter cake on the surface (EPS–ENM–DEF). The evaluated data were obtained
for the cumulative filtrate volume per unit membrane area, v = 9 cm. First stage: concentration and
recovery filtration of 0, 0.1, 0.2, and 1.0 g/L EPS solutions (50 mL) at p1 = 20 kPa to give EPS filter
cakes with masses of 0, 5, 10, and 50 mg, respectively. Second stage: filtration of 10 µM solutions
(180 mL) of the desired HIM (Pb2+, Cu2+, or Cr6+, pH 6.2–6.7) at p2 = 20 kPa.
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Figure 11. FTIR spectra for the various samples: (a) the EPS filter cake before and after the adsorption
of HIMs to give EPS-Pb, EPS-Cu, and EPS-Cr; (b) the EPS, ENM, and EPS–ENM samples.

Figure 11b shows the FTIR spectra of the EPS, ENM, and EPS–ENM samples. More
specifically, in the case of the EPS–ENM sample, three strong peaks were observed at 1402,
1167, and 882 cm−1, which correspond to the C–H, C–F, and C–C moieties of PVDF ENM,
respectively [69,74]. Meanwhile, two strong peaks were found at 1658 and 1539 cm−1,
which correspond to the C=O and COO− groups of EPS, respectively. These results indicate
that the EPS and ENM species are tightly bound to one another through electrostatic
interactions attributed to the fluorine atoms of the PVDF ENM [75]. The electronegative
nature of fluorine also accounts for the successful adsorption of small amounts of HIMs
on the ENM specimen in the absence of the EPS filter cake. It is, therefore, expected that
numerous mechanisms could be involved in the adsorption of HIMs on these EPS–ENMs,
such as electrostatic attractions, complexation, ion exchange, and surface precipitation,
thereby indicating the potential for preparing novel fibrous membranes with high HIM
adsorption capacities in the future.
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Furthermore, Figure 12 shows that the HIM removal efficiency varies during the
EPS–ENM DEF process, wherein different results were obtained for the 10 and 50 mg EPS
filter cakes. More specifically, as shown in Figure 12a, in the presence of a 50 mg EPS
filter cake, the removal efficiencies of the three HIMs decreased with the filtration progress,
wherein the greatest decline was observed for Cr6+, as previously reported [10]. This can be
accounted for by considering that, in the initial stage of EPS–ENM–DEF, the EPS filter cake
contained numerous vacant adsorption sites; however, during the filtration process, these
sites became occupied. In contrast, for the 10 mg EPS filter cake, after an initial decrease,
the removal efficiencies of the three HIMs increased prior to becoming stable, as shown in
Figure 12b. This was particularly apparent in the case of Cr6+, wherein the initially low
removal efficiency increased gradually but significantly, and this was attributed to the
structural rearrangement of the EPS filter cake upon interaction with Cr6+ because of highly
charged ions. Figure S5 also shows the HIM removal efficiencies during the EPS–ENM–DEF
process on ENM-14 for the 5 and 0 mg EPS filter cakes. It should also be noted that the
HIM removal efficiency is also likely influenced by a range of other factors, such as ion
rejection by the cake or the ENM, ion adsorption by the ENM, and the filtration rate.
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Figure 12. HIM removal efficiencies during the EPS–ENM–DEF process on ENM-14 for (a) 50 mg and
(b) 10 mg EPS filter cakes. First stage: concentration and recovery filtration of 1.0 and 0.2 g/L EPS
solutions (50 mL) at p1 = 20 kPa to give EPS filter cakes with masses of 50 and 10 mg, respectively.
Second stage: filtration of 10 µM solutions (180 mL) of the desired HIM (Pb2+, Cu2+, or Cr6+,
pH 6.2–6.7) at p2 = 20 kPa. v is the cumulative filtrate volume per unit membrane area.

3.6. Advantages of Removing HIMs by EPS–ENM Filtration

As described above, the HMI pollution of natural water bodies and terrestrial ecosys-
tems can be attributed to the persistence and bioaccumulation of such elements. Due to
these factors, in addition to their toxic nature, HMIs post a great threat to vegetation, crops,
and aquatic species [76]. The proposed two-stage EPS–ENM–DEF filtration process for HIM
removal, therefore, appears to offer a number of advantages over traditional adsorption
materials and processes. More specifically, the EPSs are derived from the excess sludge
of wastewater treatment plants, and they have been proven to exhibit excellent adsorp-
tion properties [7,10,71–73], while also efficiently removing low concentrations of metal
ions [77,78]; these factors greatly increase the value of such waste. Furthermore, in terms
of complex pollutants, the adsorption capacities of EPSs toward certain multicomponent
heavy-metal compositions have been found to be higher than those recorded for their
individual single components [78,79], thereby confirming that EPSs appear suitable for
dealing with complex water bodies.
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Overall, our results indicate that these PVDF nanofiber membranes exhibit a high
water flux that is retained during their repeated recycling, thereby permitting them to
concentrate EPSs, with a recovery rate of up to 94.1% being achieved over five cycles.
This was attributed to the high porosity and highly interconnected porous structure of the
prepared ENMs. Table 1 shows a comparison of the typical parameters of various ENMs in
the literature fabricated using PVDF, which have been reported over the past 5 years. These
ENMs were optimized according to the types or proportions of solvents and modification
materials (e.g., nanoparticles, carbon nanotubes, or graphene oxide) [27,31,49,50,52,80],
thereby indicating that, in the future, it should be possible to develop superior ENMs
that exhibit high water fluxes, strong mechanical properties, high reusability, and good
antifouling properties through unique design and processing techniques. In particular, as
indicated by the current study, ENMs exhibiting an electronegative surface can attract metal
cations via electrostatic interactions, thereby improving their adsorption capabilities [81].
In our system, we found that both the EPS adsorbent and the HIMs were fixed on the ENM,
which was easily separable from the clarified effluent, thereby significantly simplifying the
post-treatment separation phase [56]. As a result, the application of ENMs to EPS recovery
simplifies the practical application of EPSs to remove HIMs from wastewater systems.
We, therefore, expect that EPS–ENMs will become an environmentally friendly class of
materials for heavy-metal removal.

4. Conclusions

We herein reported the development of PVDF electrospun nanofiber membranes
(ENMs) exhibiting a high water flux for the separation and concentration of extracellular
polymeric substances (EPSs) extracted from excess sludge using the cation exchange resin
(CER) method. The ENM prepared using a 14 wt.% loading of PVDF exhibited excellent
properties, including a high water flux (376.8 L/(m2·h)), which was 35.2 times greater than
that achieved using a commercial 10 kDa membrane. In addition, an excellent EPS recovery
rate of up to 94.1% was achieved using this ENM for the dead-end filtration (DEF) of a
1.0 g/L EPS solution at 20 kPa. Overall, the prepared ENMs displayed excellent mechanical
strengths, antifouling properties, and high reusability, wherein their original performances
were almost fully maintained after five recycles (with cleaning by ultrasonication between
cycles). It was also found that the filtration pressure had little effect on EPS recovery rate
and water flux. Subsequently, the removal of heavy-metal ions (HMIs) was achieved via
a novel EPS–ENM–DEF process, wherein removal rates of 89.5%, 73.5%, and 74.6% were
obtained for Pb2+, Cu2+, and Cr6+, respectively. We, therefore, expect that, on the basis
of our results and on the enhanced technology reported herein, further optimization will
lead to the preparation of novel and excellent ENMs, e.g., different nanofiber materials and
modified techniques, for the highly efficient concentration and recovery of EPSs extracted
from excess sludge via CER. This system should also permit the combined removal of
HIMs, which will be the focus of our future research in this area.
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solutions; Figure S5. HIM removal efficiencies during the EPS–ENM–DEF process on ENM-14.
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Abstract: Calcium alginate (Ca-Alg) is a novel target product for recovering alginate from aerobic
granular sludge. A novel Ca-Alg production method was proposed herein where Ca-Alg was formed
in a sodium alginate (SA) feed solution (FS) and concentrated via forward osmosis (FO) with Ca2+

reverse osmosis using a draw solution of CaCl2. An abnormal reverse solute diffusion was observed,
with the average reverse solute flux (RSF) decreasing with increasing CaCl2 concentrations, while
the average RSF increased with increasing alginate concentrations. The RSF of Ca2+ in FS decreased
continuously as the FO progressed, using 1.0 g/L SA as the FS, while it increased initially and later
decreased using 2.0 and 3.0 g/L SA as the FS. These results were attributed to the Ca-Alg recovery
production (CARP) formed on the FO membrane surface on the feed side, and the percentage of
Ca2+ in CARP to total Ca2+ reverse osmosis reached 36.28%. Scanning electron microscopy and
energy dispersive spectroscopy also verified CARP existence and its Ca2+ content. The thin film
composite FO membrane with a supporting polysulfone electrospinning nanofiber membrane layer
showed high water flux and RSF of Ca2+, which was proposed as a novel FO membrane for Ca-Alg
production via the FO process with Ca2+ reverse diffusion. Four mechanisms including molecular
sieve role, electrification of colloids, osmotic pressure of ions in CARP, and FO membrane structure
were proposed to control the Ca-Alg production. Thus, the results provide further insights into
Ca-Alg production via FO along with Ca2+ reverse osmosis.

Keywords: forward osmosis; calcium alginate; recovery; reverse solute diffusion; thin film composite
forward osmosis membrane; electrospinning nanofiber membrane

1. Introduction

Alginate is a highly valued polysaccharide and is mainly obtained from seaweed; how-
ever, large amounts of fresh water and energy are consumed in the production process [1–3].
Recently, alginate was found to account for 15–25% of the total sludge dry weight in aerobic
granular sludge (AGS) [2,4]. Therefore, applications of specific granulation of AGS [5,6]
were proposed to achieve the targeted alginate production instead of conventional indus-
trial methods that extracted alginate from seaweed [7–10], thereby contributing to a circular
economy and society.

Sodium alginate (SA) is the most commercially produced form of alginate [1,3]. Re-
cently, calcium-alginate (Ca-Alg) that can be prepared from SA by metathesis with appro-
priate calcium salts has been considered as a novel recyclable alginate material because
of its high water-absorbing properties, biocompatibility, and its 3D structure that mimics
the extracellular matrix [7,11,12]. These Ca-Alg characteristics promote healing of chronic
wounds, thus enabling the widespread use of Ca-Alg in wound dressings [13]. Ca-Alg
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beads, well-known for their special adsorption ability, are used in producing dyes [14],
fungicides like difenoconazole, and insecticides such as nitenpyram [15]. As a biodegrad-
able biomaterial or composite adsorbent, Ca-Alg demonstrates excellent removal/recovery
performance for toxic metals (Cu2+ and Ni2+ ions) [16], valuable trace metals, rare earth
ions (e.g., Li, Sr, and La) [17], U (VI) ions [18], and ammonia nitrogen and phosphate [19].
Using Ca-Alg in AGS as a coagulant can retain more biomass and improve wastewater
treatment efficiency [20]. Additionally, Ca-Alg enables a good biological microecologi-
cal environment that can encapsulate microscale zero-valent iron [21], diatom biosilica,
and Bacillus subtilis [22] for sewage treatment. Ca-Alg hydrogels can also be used to
prepare composite filtration membranes with nanofiber support layers that can be used
for molecule/ion separation owing to their good anti-pollution performance [23,24]. Fur-
thermore, Ca-Alg capsules can be used as building materials that can gradually release
healing agents without being ruptured under cyclic traffic loading, and are an economi-
cally viable, environmentally friendly, and promising self-healing mix material for asphalt
pavement [25–27].

The alginate solution extracted from AGS is close to 100% water content [3,7–10,28],
which necessitates increased energy consumption when direct drying methods such as
spray- and freeze-drying are used. Membrane separation is an effective method for
alginate concentration without adding any chemical reagent, thus avoiding secondary
pollution [3,10]. During membrane separation methods, forward osmosis (FO), a low-
carbon and pollution-free method that does not require external power, has been used
recently for determining alginate concentrations [8–10]. However, some amount of
draw solute from the draw solution (DS) side can diffuse reversely into the feed solution
(FS) side because both the active and support layers have a two-way transport ability.
The reverse solute diffusion (RSD) reduces the osmotic driving pressure, contaminates
the FS, and increases the consumption cost of the draw solute [10,29]. Therefore, RSD
in the DS is a recurring problem in FO technology that requires urgent attention [30,31].
Our previous study reported the beneficial effects of RSD in the FO concentration of
alginate, where RSD was not deemed as a drawback in the DS [9,10]. However, this
phenomenon requires further investigation. Ca-Alg, which is a recycled material, as
mentioned previously, can be formed on the FO membrane on the feed side through
the reverse infiltration of Ca2+ in the DS.

Other studies have also reported the benefits of RSD. For example, Mg2+ reverse
osmosis was used to form high-purity struvite on the membrane surface, achieving >50%
water recovery, >93% ammonium nitrogen removal, and >99% phosphate recovery [32].
RSD can positively influence the system performance using NaHCO3 solution as a DS
(catholyte) in an osmotic microbial fuel cell through self-buffering with reverse-fluxed
sodium bicarbonate [33]. Reverse osmosis using ammonia nitrogen could release extracel-
lular polymers in the microalgae on the FS side during FO dewatering of algae using urine
as the DS [34].

Furthermore, a novel FO membrane that can control the reverse solute flux (RSF)
of Ca2+ and enable a high water flux must be fabricated. However, the conventional
commercial FO membranes are manufactured to avoid a trade-off between membrane
permeability and selectivity [35], in which the FO membranes are designed to minimize
RSF. The nanofiber structure resulting from electrostatic spinning has many excellent
characteristics, such as high porosity and permeability, large specific surface area per unit
mass, and small inter-fiber pores [36]. A porous nanofiber support layer can reduce the
inner concentration polarization and increase water flux by 7- to 8-fold. As such, its use
has been proposed for thin film composite FO membranes [37–40]. Typically, electrostatic
spinning materials such as polyethylene terephthalate (PET) [38], polyvinylidene fluoride
(PVDF) [41], and polysulfone (PSf) [42] are used. Alternatively, the RSF of the draw solute
and the water flux can be controlled by adjusting the preparation parameters of interfacial
polymerization (IP) such as the ratio of m-phenylenediamine (MPD) and trimesoyl chloride
(TMC) in the active polyamide layer [41].
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This study aimed to establish a novel Ca-Alg production technique and analyze
its mechanisms and influence factors on FO with RSD. The influence of the DS and FS
concentration on the reverse solute flux (RSF) and water flux and the content of Ca2+ in
recycled materials (Ca-Alg recovery production, CARP) formed on the FO membrane on
the FS side were investigated using CaCl2 as the draw solute and SA as the feed in FO.
Scanning electron microscopy (SEM) and energy dispersion spectroscopy (EDS) were used
to analyze the CARP. The thin film composite (TFC) FO membranes with electrospinning
nanofibers as a porous support layer and IP polyamide as an active layer were fabricated,
and their alginate recovery properties, such as specific RSF and water flux, were compared
to those of commercial FO membranes. The basic characteristics of Ca-Alg concentration
recovery in the FO process using Ca2+ reverse osmosis were obtained.

2. Materials and Methods
2.1. Materials

SA (molecular weight (MW) = 120–190 kDa) was obtained from Sigma-Aldrich (St.
Louis, MO, USA). CaCl2 (analytical grade) was purchased from the Chinese Medicine
Group Chemical Reagent Co., Ltd., Beijing, China. HCl and HNO3 were sourced from
Beijing Chemical Reagent Research Institute Co., Ltd., Beijing, China. Polyvinylidene
fluoride (PVDF, HSV900, MW ≈ 1000 kDa, Arkema Chemical Co., Ltd., Shanghai, China)
and polysulfone (PSf) (MW ≈ 22,000, Merck Co., Ltd., Kenneworth, Rahway, NJ, USA)
were used as electrospinning polymers, while N,N-Dimethylformamide (DMF, analyti-
cal reagent, 99.5%, Shanghai Yien Chemical Technology Co., Ltd., Shanghai, China) and
1-methyl-2-pyrrolidinone (NMP, 99.5%, Merck) were used as solvents during membrane
substrate fabrication. Additionally, 1,3,5-benzenetricarbonyl trichloride (TMC, >98%, Mack-
lin Biochemical Technology Co., Ltd., Shanghai, China), n-hexane (C6H6, >99%, Macklin
Biochemical Technology Co., Ltd., Shanghai, China), and m-phenylenediamine (MPD,
>99%, Merck Co., Ltd., Kenneworth, USA) were used to prepare the polyamide (PA) layer
of membranes. Cellulose triacetate, with an embedded polyester screen support (CTA-
ES) FO membrane (Hydration Technology Innovations Corp., Albany, USA), was used.
Ultrapure water (resistivity ≥ 18.2 MΩ) was obtained by purifying tap water using an
Arium Comfort II ultrapure water system for laboratory use (Sartorius Corp., Göttin-
gen, Germany). Further, 0.22 µm polyethersulfone disposable filter membrane used in
the analytical methods was purchased from Jinteng Experimental Equipment Co., Ltd.,
Tianjin, China.

2.2. Experimental Setup and Technique

The FO experimental setup consisted of the following elements: an FO filter unit
(CF042A-FO, Sterlitech Corp., Kent, Auburn, WA, USA), with an FO membrane having
an effective area of 42.0 cm2, two variable speed gear pumps for recirculating the FS and
DS (WT3000-1JA, Baoding Lange Pump Corp., Baoding, China), an electronic balance for
measuring the increase in the DS weight (BSA3202S, Sartorius Corp., Gottingen, Germany),
a magnetic stirrer (FA2004, Shanghai Shunyu Hengping Scientific Instrument Corp., Shang-
hai, China) to constantly stir the FS, a computer for data recording, and connecting rubber
pipes [10,43].

SA was dissolved and stirred in ultrapure deionized (DI) water at 24 ◦C for 12 h to
obtain the SA solution (1.0–3.0 g/L). CaCl2 was added to ultrapure DI water and dissolved
by stirring for 3 h. This solution was used as the corresponding DS of CaCl2 (1.0–3.0 M). The
FO experiment was conducted using 500 mL FS and 1500 mL DS, based on sweep model
(flow rates, u = 2.5 cm/s along opposite directions on both sides of the membrane) [43] or
dead-end model (u = 3.0 cm/s for the DS side and u = 0 cm/s for the FS side) [44]. The
cell with a 5 cm height internal cavity was used on the FS side for the dead-end model.
The forward osmosis time of 5 h was used for convenience at present and 10 mL of the
FS solution was removed every 1 h and used as a sample. The FS volume was calculated
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according to the increasing DS mass. Notably, the osmotic pressure of the DS can be
considered as a constant in the FO process; therefore, it was not tested.

2.3. Preparation of TFC FO Membranes

The electrospinning nanofiber membrane (ENM) substrate was fabricated using an
electrospinning machine (ET2535, Yongkang Leye Co., Ltd., Beijing, China). First, elec-
trospinning polymer made of PSf or PVDF (20 wt%) was dissolved in a DMF and NMP
solution (volume ratio of 7:3) at a stirring speed of 300 rpm and temperature of 60 ◦C for
10 h in a magnetic stirring constant temperature water bath (Gaode instrument manufactur-
ing Co., Ltd., Changzhou, China). The polymer solution was then transferred into a plastic
syringe. To collect the solution on an aluminum-covered drum, we operated a syringe
pump (G20, ID 0.60 mm) at a rate of 0.1 mm/min under high voltage (12.5 kV), placed
16 cm from the drum. The temperature and humidity inside the electrospinning chamber
were set to 25 ◦C and 40%, respectively, in which the electrospinning nanofiber support
layer was prepared. Afterwards, the support layer was soaked in an anhydrous ethanol
solution for 2 h to improve its hydrophilicity and then stored in ultrapure water.

As pretreatment, the substrates were soaked in ethanol for 2 h prior to interfacial
polymerization (IP) for fabrication of FO membranes. Then, a 3.4 wt% MPD and ultrapure
water solution was poured onto the nanofiber substrate surface for 5 min, removing
the excess solution through nitrogen blowing. Then, the MDP saturated substrate was
submerged in a 0.075 wt% TMC solution for 2 min to allow the formation of a PA layer.
Finally, the obtained membranes were cured in an oven at 45 ◦C for 10 min and then stored
in ultrapure water for later use, denoted as PSf or PVDF ENM-TFC.

2.4. Analytical Methods

A sample solution of 4 mL was taken from the feed and mixed with 0.2 mL HCl
solution (50%), and the resultant mixed solution was centrifuged at 4000 rpm for 20 min.
Subsequently, the supernatant was collected and added to 0.2 mL HNO3 solution (1%)
to remove Ca2+. Later, the mixed solution was filtered through a 0.22 µm pore diameter
membrane and the Ca2+ concentration in the filtrate was used to determine the Ca2+

concentration in the sample solution. The metal ion concentrations in the aqueous solutions
were measured using an inductively coupled plasma spectrometer (ICAP 7000 Series,
Thermo Fisher Scientific Co., Ltd., Waltham, MA, USA). Ultrapure water was used as a
blank sample with a metal ion concentration of 0 mM.

The CARP after the FO progressed was cut into a 1 cm × 1 cm small piece to observe
its surface morphology. Some CARP samples were dried for 48 h by vacuum freeze-drying
(FD-1A-50, Beijing Boyikang Experimental Instrument Corp., Beijing, China) and then
freeze-dried in liquid nitrogen to prepare their cross-sections. All specimens were sputter-
coated with gold for 10 min and then observed under a scanning electron microscope (SEM)
(G300, ZEISS Corp., Oberkohen, Germany) operating at 200–7000 V under low vacuum
conditions. Elemental analysis of the interface was performed by an energy-dispersive
X-ray spectrometer (EDS, Oxford Xplore30) attached to the SEM. Five different points of
each sample were observed and digital pictures were subsequently taken.

The pore sizes of the ENMs were determined through mercury porosity experiments
(AutoPore Iv 9510, Micromeritics Instrument Co., Ltd., Shanghai, China) and the water
contact angles of the ENMs were measured using a contact angle meter (JC2000D4M,
Zhongchen Digital Technology Equipment Co., Ltd., Shanghai, China). Finally, the me-
chanical properties of each sample (shaped into strips of 2 cm × 1 cm) were tested using
an electronic universal testing machine (non-metallic direction) (Inspekt table blue 5 kN,
Hegewald & Peschke, Dresden, Germany) at a distance of 20 cm and a tensile rate of
2 mm/min.
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2.5. Evaluation of Forward Osmosis Performance

Figure 1 shows the mass transfer diagram in Ca-Alg production via FO using reverse
solute diffusion. Herein, the volume of CARP and the concentration change of Ca2+ in DS
are negligible. The water flux (Jw) passing through the FO membrane per unit membrane
area per unit time at time t was calculated by the numerical differentiation of the volume
versus time data [10,43], and is expressed as follows:

Jw =
dVDS

Amdt
(1)

where VDS is the DS volume, Am is the effective area of the FO membrane, and t is the
FO time.
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Figure 1. Mass transfer diagram in calcium alginate production via forward osmosis (FO) using
reverse solute diffusion. Here, Ct is the Ca2+ concentration in the feed solution (FS) at time t; Vt and
VDS are the volumes of the FS and the draw solution (DS) at time t, respectively; Jw is the water flux
passing through the FO membrane per unit membrane area per unit time at time t; JCa is the reverse
solute flux (RSF) of Ca2+ without considering Ca2+ in the CARP passing through the FO membrane
per unit membrane area per unit time at time t; WCa is the total content of reverse osmosis Ca2+

including that in the CARP formed on the FO membrane at time t; WCa,r is the Ca2+ content in CARP
formed on the FO membrane at time t.

The total average RSF of Ca2+ (JCa,av) in Figure 1, considering Ca2+ in the CARP
passing through the FO membrane per unit membrane area from time t = 0 to t, is calculated
as follows:

JCa, av =
WCa

Amt
=

WCa,r + CtVt

Amt
(2)

where WCa is the total content of reverse osmosis Ca2+ including that in the CARP formed
on the FO membrane at time t; WCa,r is the Ca2+ content in CARP formed on the FO mem-
brane at time t; and Ct and Vt are the concentration of Ca2+ in the FS without considering
Ca2+ in the CARP and the FS volume at time t, respectively.

The RSF of Ca2+, JCa, without considering that in the CARP passing through the FO
membrane per unit membrane area per unit time at time t, is calculated as follows:

JCa =
Ct+t0 Vt+t0 − CtVt

Amt0
(3)

where Ct+t0 is the concentration of Ca2+ in FS at time (t + t0), Vt+t0 is the FS volume at time
(t + t0), and t0 is the time interval between two consecutive samplings.
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3. Results and Discussion
3.1. Reverse Solute Diffusion of Calcium Ion for Producing Ca-Alg in Forward Osmosis

The concentrated Ca-Alg was formed on the FO membrane on the feed side as a result
of Ca2+ reverse osmosis in the DS when the CaCl2 solution was used as the DS [10]. As this
study proposed a novel Ca-Alg production method, in which Ca-Alg was formed on the FO
membrane surface by the interaction between SA and reverse osmosis Ca2+ in FO process,
the RSF is more helpful than the ratio of RSF to water flux. The Ca2+ RSF for various
concentrations of FS and DS in the FO process was evaluated to comprehensively discuss
the reverse solute diffusion. After 5 h of FO experimentation, the Ca2+ content in the FS
containing Ca2+ in the CARP formed on the FO membrane was measured and the average
RSF (JCa,av) was calculated using Equation (2). As shown in Figure 2a, an abnormal negative
correlation of the average RSF was observed with the increasing CaCl2 concentration;
additionally, the average RSF decreased with the increase in the Ca2+ concentration when
1.0 g/L SA solution was used as the FS; in contrast, the average RSF increased with
increasing CaCl2 concentrations when ultrapure water was used as the FS. Furthermore,
the average Ca2+ RSF when SA solution was used as the FS was lower than that when
ultrapure water was used as the FS, because of the larger resistance of RSD caused by the
CARP formed on the FO membrane surface.
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Figure 2. (a) Average reverse solute flux (RSF) of Ca2+ (JCa,av) for ultrapure water and sodium alginate
(SA) solution as feed solution (FS) and percentage of Ca2+ content in Ca-Alg recovery production
(CARP) formed on the forward osmosis (FO) membrane (WCa,r) to total Ca2+ content (WCa) in the
FS containing Ca2+ in the CARP, WCa,r/WCa, for SA solution as the FS in FO with various CaCl2
solutions as the draw solution (DS); (b) RSF of Ca2+ without considering Ca2+ in the CARP (JCa) with
the progress of FO. Here, 1.0 g/L SA solution and 1–3 M CaCl2 solution were used as the FS and DS,
respectively; for the flow rates of 2.5 cm/s, u along opposite directions on both sides of the membrane
was used; CTA-ES, cellulose triacetate with embedded polyester screen support.

Changes in the RSF during the FO process were investigated to further explore the
abnormal results obtained for the negative correlation of the average RSF. The RSF of Ca2+

without Ca2+ in the CARP for 0–5 h as the FO progressed for 1.0 g/L SA solution, used as
the FS with various DS concentrations, is shown in Figure 2b. Generally, the RSF value of
Ca2+ remains constant during the FO process using ultrapure water as the FS; however, as
shown in Figure 2b, the RSF value of Ca2+ decreased gradually in the FO process when
the SA solution was used as the FS. It should be noted that the lines in Figure 2b simply
indicate the variation trends of JCa with FO progress for a clear understanding, because of
the lack of a specific functional relationship between JCa and t in this study. Furthermore,
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the initial RSF value of Ca2+ (obtained by extrapolation at t = 0), as shown in Figure 2b, also
differed from the average RSF value of Ca2+ in the FO that used ultrapure water as the FS
(Table 1), although no membrane fouling was observed at the beginning of the FO.

Table 1. Characteristic values in forward osmosis (FO) recovery of Ca-Alg at 5 h of FO. Herein,
commercial CTA-ES FO membrane, 1–3 M CaCl2 draw solution (DS), 0–3 g/L sodium alginate (SA)
feed solution (FS), and 2.5 cm/s flow rates along opposite directions on both sides of the membrane
were used.

Conc. of DS Conc. of SA WCa
a WCa,r

b WCa,r/WCa
c WCa/WSA

d JCa,av
e Jw,av

f

[M] [g/L] [mg] [mg] [%] [%] [g/m2/h] [L/m2/h]

1
0 34.85 - g - - 1.66 ± 0.12 10.66 ± 0.28
1 25.55 4.19 16.40 5.11 1.22 ± 0.14 6.63 ± 0.23

2

0 41.43 - - 1.97 ± 0.11 15.52 ± 0.16
1 16.99 3.13 18.42 3.40 0.81 ± 0.09 9.30 ± 0.09
2 35.43 7.92 22.35 3.54 1.69 ± 0.07 7.45 ± 0.13
3 44.30 16.07 36.28 2.95 2.11 ± 0.05 7.56 ± 0.15

3
0 52.71 - - - 2.51 ± 0.21 19.29 ± 0.32
1 11.59 2.97 25.63 2.32 0.55 ± 0.02 9.58 ± 0.18

a Total content of reverse osmosis Ca2+ containing that in the Ca-Alg recovery production (CARP) formed on the
FO membrane; b content of Ca2+ in the CARP; c percentage content of Ca2+ in the CARP to total osmosis content
of Ca2+; d content rate of total Ca2+ reverse osmosis to SA in the FS; e average flux of total Ca2+ reverse osmosis;
f average water flux; g none.

The average Ca2+ content of reverse osmosis (JCa,av) after 5 h of FO, with 1.0–3.0 g/L
SA solution as the FS and 2.0 M CaCl2 solution as the DS, is shown in Figure 3a. As shown
in Figure 3a, JCa,av increased with an increase in SA concentration. This increase may be
because the utilization efficiency of Ca2+ increases and the structure of CARP becomes
looser with an increase in the SA concentration [3,7], resulting in an increase in the Ca2+

RSD. Moreover, as shown in the circular plots of Figure 3a, the ability of the CARP to
attract Ca2+ (WCa,r/WCa) increases with the increasing SA concentration, owing to the
more negatively charged alginate anions, which can bond to reverse osmotic Ca2+ on the
FO membrane surface on the feed side. Furthermore, Figure 3b shows the change in the
RSF of Ca2+ in the FS without considering Ca2+ in the CARP, JCa as the FO progressed;
additionally, the RSF of Ca2+ decreased gradually for 1.0 g/L SA solution as the FS, while
it initially increased and then decreased after 3.5 h for 2 and 3 g/L SA solution as the
FS. It is speculated that, as the SA concentration increases, the reverse osmotic Ca2+ can
react with more alginate ions in the FO process; therefore, the Ca-Alg colloid in the CARP
accumulated on the FO membrane surface became larger and was easily eliminated by
cross flow, thereby reducing the low resistance of Ca2+ reverse osmosis and high RSF.
However, at high SA concentrations, the accumulation of CARP on the FO membrane
was more significant; therefore, the resistance of Ca2+ reverse osmosis increased and the
RSF decreased as the FO progressed. Notably, those results obtained were based on the
concentration range with 1.0–3.0 g/L and, for a much higher SA solution concentration,
the specific results should be further investigated in the future.

3.2. Calcium Ions in the Ca-Alg Recovery Production

The Ca2+ content in the CARP was evaluated. After FO was completed, the Ca2+

content in the FS before and after the elution of CARP on the FO membrane surface was
measured. Later, the Ca2+ content in the CARP, WCa,r was calculated using the difference in
both Ca2+ concentrations. The Ca2+ content measured in the FS after the elution of CARP,
WCa is the total Ca2+ content from the reverse osmotic solution containing Ca2+ in the CARP
formed on the FO membrane. As shown in Table 1, WCa,r and WCa decreased; however,
the percentage content of Ca2+ in the CARP to total osmosis content of Ca2+ (WCa,r/WCa)
increased with increasing DS concentrations for 1.0 g/L SA solution as the FS (Figure 2a),
which enhanced the resistance of Ca2+ RSD by electrostatic interaction and decreased the
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salt concentration difference. Furthermore, as shown in Figure 3a, the WCa,r/WCa up to
36.28% increased significantly with increasing SA concentrations for 2.0 M CaCl2 solution
as the DS. Therefore, these results indicated that the Ca2+ content in the CARP cannot be
neglected while evaluating Ca2+ RSD in the Ca-Alg production process via FO with Ca2+

reverse diffusion. Furthermore, the Ca2+ content rate of total reverse osmosis to SA in
the FS (WCa/WSA), as shown in Table 1, indicates that, the lower the Ca2+ concentration
in the DS and the SA concentration in the FS, the higher the content rate of Ca2+ in the
concentrated recycled Ca-Alg in the FS. Therefore, optimal concentration conditions of the
DS and FS were present to obtain a high water flux and availability of calcium ions while
producing the target product Ca-Alg via FO with Ca2+ reverse diffusion.
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Figure 3. (a) Average RSF of Ca2+ (JCa,av) and percentage of Ca2+ content in the CARP formed on the
FO membrane (WCa,r) to total Ca2+ content (WCa) in the FS containing Ca2+ in the CARP, WCa,r/WCa

for various SA solutions as the FS; (b) RSF of Ca2+ without considering Ca2+ in the CARP, JCa, as the
FO progressed. Here, 1–3 g/L SA solution and 2.0 M CaCl2 solution were used as the FS and DS,
respectively; for the flow rates of 2.5 cm/s, u along opposite directions on both sides of the membrane
was used; CTA-ES, cellulose triacetate with embedded polyester screen support.

The average water flux, Jw,av, in the FO is also shown in Table 1. The average water
fluxes, Jw,av, are 6.63, 9.30, and 9.58 L/m2/h in the FO of 1.0 g/L SA solution with 1.0,
2.0, and 3.0 M CaCl2 DS, respectively, indicating that the water flux increased slightly
with the increasing CaCl2 concentration (>2.0 M). The trend of the water flux with the
increasing CaCl2 concentration differed from that of ultrapure water FO, in which the
water flux increased dramatically with the increasing CaCl2 concentration (1.0–3.0 M) from
10.66 to 19.29 L/m2/h. Therefore, the higher the DS concentration, the faster the decrease
in the increase in water flux in the FO of SA solution. However, Jw,av for 1.0 g/L SA
solution as the FS (9.30 L/m2/h) was higher than those for 2.0 and 3.0 g/L SA (7.45 and
7.56 L/m2/h, respectively), indicating that the water flux is not significantly influenced by
the SA concentration. The water flux was dominated by the osmotic pressure difference
between both sides of the FO membrane at the beginning of the FO. However, Ca-Alg
CARP was formed on the FO membrane on the feed side owing to the interaction between
SA and Ca2+ reverse osmosis as the FO progressed, thereby resulting in a significant
transmembrane osmotic pressure difference. Additionally, the higher the DS concentration,
the denser the membrane fouling of the gel layer formed on the FO membrane.

The Ca-Alg gel layer of the CARP formed on the FO membrane surface on the feed
side was further analyzed using SEM and EDS. SEM morphology and EDS of Ca and Na
elements in the CARP surface toward the feed side formed for 1.0 g/L SA as the FS and
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1.0 and 3.0 M CaCl2 as the DS to reveal the difference between low and high concentration
draw solutes are shown in Figure 4. As shown in Figure 4(a1,b1), the CARP for 3 M DS
is more loose than that for 1 M DS, along with a large Ca-Alg colloid formed for 3 M DS,
suggesting that, the lower the concentration of DS, the stronger the molecular sieve role of
the Ca-Alg formed on the FO membrane surface in the FS for resisting Ca2+ RSD. Therefore,
for high DS concentrations, the electrostatic repulsion of CARP and the transmembrane
salt osmotic pressure difference may dominate the Ca2+ RSD. In addition, as shown in
Figure 4(a2,b2), the higher the DS concentration, the greater the Ca2+ content on the CARP
surface, similar to the foregoing results, which may form large Ca-Alg colloids.
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Figure 4. Scanning electron microscopy (SEM) morphology (a1,b1) and energy-dispersive spec-
troscopy (EDS) (a2,b2) of Ca and Na elements in the CARP surface towards the feed side.
(a1,a2) represent the images for CARP formed for 1 M CaCl2 as the draw solute, while (b1,b2)
represent the images for CARP formed for 3 M CaCl2 as the draw solute.

Furthermore, Figure 5 shows the SEM and EDS results of Ca and Na elements in the
cross-sectional profile of CARP formed via FO with 1.0 g/L SA solution as the FS and 1.0
and 3.0 M CaCl2 solution as the DS. As shown in Figure 5(a1,b1), the CARP was thicker
for 1.0 M CaCl2 than for 3.0 M CaCl2, indicating that membrane fouling can be easily
eliminated by cross flow for a high DS concentration. As shown in Figure 5(a2,b2), the
previous results given in Figure 2a and Table 1, which showed that the Ca2+ content in the
CARP decreases with the increasing DS concentration, were confirmed.
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Figure 5. SEM morphology (a1,b1) and EDS images (a2,b2) of Ca and Na elements in the cross-
sectional profile of CARP. (a1,a2) are CARP images for 1.0 g/L SA solution as the FS and 1 M CaCl2
solution as the DS, where (a1) represents the red box in (a2); (b1,b2) are CARP images for 1.0 g/L SA
solution as the FS and 3 M CaCl2 solution as the DS, where (b1) represents the red box in (b2).

3.3. Ca-Alg Production Using ENM-TFC FO Membranes

The production properties of calcium alginate were also investigated for PSf or PVDF
ENM-TFC FO membranes and compared to those obtained for commercial CTA-ES FO
membranes, as shown in Table 2. To eliminate the effect of FS flow, a dead-end model
(u = 3.0 cm/s for the DS side and u = 0 cm/s for FS side) was used [44]. The PSf ENM-TFC
FO membranes were characterized by higher Jw,av and Jca,av values than both the PVDF
ENM-TFC FO and commercial CTA-ES FO membranes. Jw,av and Jca,av values of PSf ENM-
TFC FO membranes are higher than those of PVDF ENM-TFC FO membranes owing to the
diluent concentration polarization of the support layer membrane caused by the small pore
size of PVDF ENM (Figure 6). Therefore, considering the highly hydrophilic (low water
contact angle) and elastic modulus (Table 3), PSf ENM is suggested to act as a support layer
for FO membranes.

When the PSf ENM-TFC FO membrane was used with 1–3 M CaCl2 as the DS and the
1 g/L SA as the FS, Jw,av was proportional to the concentration of the DS, while Jca,av for
2 M CaCl2 was higher than that for 3 M CaCl2. This could be due to the resistance of the
CARP Ca-Alg gel layer. In contrast, when the PSf ENM-TFC FO membrane was used with
2 M CaCl2 as the DS and 1–3 g/L SA as the FS, there were little changes to both Jw,av and
Jca,av, indicating that the SA concentration has only a slight effect on water flux and salt
reverse diffusion. In conclusion, using TFC FO membranes with ENM as a support layer,
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the water flux and reverse solute flux can be increased, allowing control of the properties
of the Ca-Alg production through the FO process.

Table 2. Average water flux, Jw,av, and reverse solute flux (RSF), Jca,av, of Ca2+ in forward osmosis
(FO) recovery of Ca-Alg after 4 h of FO with various FO membranes. Here, a 1–3 M CaCl2 draw
solution (DS), 1–3 g/L sodium alginate (SA) feed solution (FS), and the dead-end model (u = 3.0 cm/s
for the DS side and u = 0 cm/s for the FS side) were used.

FO Membranes
Conc. of DS Conc. of SA Jw,av Jca,av

[M] [g/L] [L/(m2·h)] [g/(m2·h)]

CTA-ES 2 1 4.22 ± 0.17 0.39 ± 0.06
PVDF ENM-TFC 2 1 3.98 ± 0.03 0.91 ± 0.09

PSf ENM-TFC

2 1 5.07 ± 0.14 1.13 ± 0.05
1 1 4.19 ± 0.04 0.91 ± 0.32
3 1 5.18 ± 0.38 0.63 ± 0.08
2 2 5.94 ± 0.02 1.30 ± 0.22
2 3 4.82 ± 0.11 1.11 ± 0.18
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Figure 6. Pore sizes of electrospinning nanofiber membrane (ENM) support layers.

Table 3. Typical parameters of the ENM support layers fabricated in this study.

ENM Support
Layer Average Pore Size [µm] Water Contact Angle [◦] Tensile Strength [MPa] Elastic Modulus [MPa]

PSf 3.90 ± 0.47 42.90 ± 0.54 6.79 ± 0.59 160.51 ± 3.08
PVDF 0.51 ± 0.04 61.60 ± 2.08 6.58 ± 0.80 79.56 ± 2.31
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3.4. Mechanism Analysis

Based on the above results, we have proposed four mechanisms on the effects of the
CARP on the reverse diffusion of Ca2+ in the DS in Ca-Alg production via FO with alginate
solution as the FS, as shown in Figure 7. The reverse osmotic Ca2+ in the DS through
the FO membrane reacts with alginate in the FS and the CARP (Ca-Alg) is formed on the
FO membrane on the feed side (Figure 7a), which influences the mass transfer of reverse
osmotic Ca2+ from the DS. The molecular sieve role [45] of the CARP on the FO membrane
surface in the feed side (Figure 7b) may play a major role in the low concentration of alginate
in the FS. There is a dependence of electrostatic interaction [3,7,8] on the characteristics
and number of charges in the gel layer of Ca-Alg CARP colloids (Figure 7c) with the
formation of larger Ca-Alg CARP colloids on the FO membrane surface on the feed side
because of the increase in alginate concentration and RSD of Ca2+. Notably, the driving
force of the salt concentration difference between the two sides of the FO membrane
decreases because of the accumulation of reverse osmotic salt ions such as Ca2+ from the
DS and the concentration of alginate ion (An+) on the membrane surface on the feed side
(Figure 7d) [46,47]. Designing a novel FO membrane such as the ENM-TFC FO membrane
is the most important strategy for Ca-Alg recovery production using an alginate solution
FO process with Ca2+ reverse solute diffusion (Figure 7e) to regulate water and Ca2+ flux.
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Figure 7. Schematic diagram of the mechanism analysis showing that Ca-Alg recovery production
(CARP) affects the reverse diffusion of Ca2+ in the draw solution (DS) in calcium alginate production
via forward osmosis (FO) with alginate solution as the feed solution (FS). (a) CARP on the FO
membrane in FO cell; (b) image of CARP with molecular sieve role; (c) electrification of CARP
colloids; (d) ions in CARP contributing to osmotic pressure; (e) visualization of a thin film composite
FO membrane with an electrospinning nanofiber membrane support layer (ENM-TFC FO membrane)
regulating water and salt flux.

4. Conclusions

In this study, a novel Ca-Alg production method was proposed, in which Ca-Alg in
the FS was formed and concentrated via FO with Ca2+ reverse osmosis using SA solution
as the FS and CaCl2 solution as the DS. An abnormal RSD was found, with the average RSF
decreasing with increasing CaCl2 concentrations (1–3 M) for 1.0 g/L SA solution, while
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the RSD increased with increasing alginate concentrations (1.0–3.0 g/L) for 2.0 M CaCl2
solution. These results were attributed to the formation of the CARP on the FO membrane
surface on the feed side. The findings suggested that the Ca2+ content in the CARP must be
considered to evaluate the actual Ca2+ RSF because the percentage of total Ca2+ reverse
osmosis reached 36.28%. Moreover, optimal concentration conditions of the DS and FS are
required to prepare the target product Ca-Alg via FO with Ca2+ reverse diffusion. SEM and
EDS analyses also verified the existence of CARP and its Ca2+ content. In addition, the PSf
ENM-TFC FO membrane was characterized by high water and reverse salt flux of Ca2+. As
such, PSf ENM is proposed as a support layer for TFC FO membranes because of its large
pore size and its hydrophilic and mechanical properties. Four mechanisms were proposed
to explain the effects of Ca-Alg production via the FO process with the reverse osmosis of
Ca2+ from DS, such as the molecular sieve role, electrification of colloids, osmotic pressure
of ions in CARP, and specific FO membrane structure. Future studies will focus on the
alginate extracted from AGS to prepare and recycle Ca-Alg using the proposed method,
other calcium salts as draw solutes, membrane fouling, as well as the evaluation of its
contribution to the circular economy.
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Nomenclature

Am effective area of forward osmosis membrane [m2]
Ct concentration of Ca2+ in feed solution at time t [kg/m2/s]
Ct+t0 concentration of Ca2+ in feed solution at time (t + t0) [kg/m2/s]

JCa
reverse solute flux of Ca2+ without considering Ca2+ in Ca-Alg recovery production passing
through the forward osmosis membrane per unit membrane area per unit time at time t

[kg/m2/s]

JCa,av
total average reverse solute flux of Ca2+ with considering Ca2+ in Ca-Alg recovery production
passing through the forward osmosis membrane per unit membrane area from time t = 0 to t

[kg/m2/s]

Jw
volume of water passing through the forward osmosis membrane per unit membrane area per
unit time at time t

[m/s]

Jw,av
average volume of water passing through the forward osmosis membrane per unit membrane
area from time t = 0 to t

[m/s]

t forward osmosis time [s]
t0 time interval between two consecutive samplings [s]
VDS volume of draw solution at time t [m3]
Vt volume of feed solution at time t [m3]
Vt+t0 volume of feed solution at time (t + t0) [m3]
WCa,r content of Ca2+ in Ca-Alg recovery production formed on the forward osmosis membrane [kg]

WCa
total Ca2+ content of reverse osmosis containing Ca2+ in Ca-Alg recovery production formed
on the forward osmosis membrane

[kg]

WSA content of SA in the feed solution [kg]
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Abstract: Plasmid DNA is used as a vector for gene therapy and DNA vaccination; therefore, the
establishment of a mass production method is required. Membrane filtration is widely employed as a
separation method suitable for the mass production of plasmid DNA. Furthermore, the separation
of plasmid DNA using microfiltration and ultrafiltration membranes is being investigated. Because
plasmid DNA has a circular structure, it undergoes significant deformation during filtration and
easily permeates the membrane, hindering the selection of separation membranes based on molecular
weight. In this study, we applied affinity microfiltration to plasmid DNA purification. α-Fe2O3 with
an isoelectric point of approximately 8 and a particle size of 0.5 µm was selected as the ligand for
two-stage affinity microfiltration of plasmid DNA. In the first stage of microfiltration, the experiment
was conducted at a pH of 5, and a cake of α-Fe2O3 with bound plasmid DNA was obtained. Next,
liquid permeation (pH 9 and 10) through the cake was performed to elute the bound plasmid DNA.
Plasmid DNA was eluted during the early phase of liquid permeation at pH 10. Furthermore, agarose
gel analysis confirmed the usefulness of the two-stage affinity microfiltration method with adsorption
and desorption for plasmid DNA purification.

Keywords: microfiltration; adsorption; desorption; plasmid DNA; affinity; ligand

1. Introduction

Recently, gene therapy and DNA vaccines have been actively developed for the
treatment of various diseases [1]. Gene therapy requires a vector that acts as a carrier for
gene replacement, and plasmids are used as non-viral vectors [2,3]. Plasmid DNA is an
extranuclear gene that exists in bacteria such as Escherichia coli and replicates independently
of chromosomal DNA. To use plasmid DNA in gene therapy, it is necessary to mass-
produce pharmaceutical-grade plasmid DNA and develop industrial-scale isolation and
purification methods [4,5]. Plasmid DNA purification starts with the process of extracting
plasmid DNA from the inside of the bacterial cells, followed by lysis through the addition
of chemicals, separation of the bacterial mass, and chromatography [6,7]. The use of
hazardous substances that affect the human body is preferably avoided, and a safe, scalable,
and cost-effective purification process for plasmid DNA needs to be developed.

Membrane processes have immense potential for large-scale plasmid purification.
Several studies [8–15] have demonstrated that membrane-based processes are effective for
the purification of plasmid DNA. Microfiltration membranes are mainly used to remove
contaminants such as chromosomal DNA, proteins, and aggregates of bacteria because
capturing nanosized plasmid DNA is difficult [11,14]. In contrast, ultrafiltration membranes
that can capture nanosized particles are used to capture and purify or concentrate plasmid
DNA [14]. However, as plasmid DNA has a circular structure and is significantly deformed
during filtration, it may permeate the membrane, depending on the filtration conditions,
even when an ultrafiltration membrane is used. Therefore, although the selection of
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separation membranes based on molecular weight is difficult, several studies have been
conducted on the physical mechanisms governing DNA transmission and the effects of
membrane pore size and operating conditions on the DNA sieving coefficient [9,10,12].

Affinity membrane filtration, in which a large ligand is used to selectively bind
the desired materials in solution and is retained by a semipermeable membrane, is a
promising purification technique for biopolymers [16,17]. Using this method, plasmid
DNA can be adsorbed onto submicron-sized ligands and captured using microfiltration
membranes. Since the performance of affinity filtration is significantly influenced by the
specific binding interactions between the targeted material and the ligand, various types of
ligands have been applied to attain a higher level of separation efficiency for biopolymers.
Affinity substances for plasmid DNA include metal ions, metal oxides, peptides, and
proteins [18–21]. In general, these ligands are used as a fixed layer; however, in this study,
we investigated a membrane filtration method in which metal oxide particles of a size
that can be captured using a microfiltration membrane are added as ligands to a solution
containing plasmid DNA.

E. coli is often used for the production of plasmid DNA, and several extraction methods
have been investigated [22,23]. Cell disruption for plasmid DNA extraction should be
performed to minimize damage to plasmid DNA and genomic DNA. Alkaline lysis is
the most commonly used method for cell disruption; however, it has known limitations,
including low plasmid DNA recovery and a time-consuming process. Haberl et al. showed
that electroextraction is a swifter alternative to alkaline lysis for the extraction of plasmid
DNA [22]. Padilla-Zamudio et al. showed that cell disruption in a bead mill was more
efficient in releasing plasmid DNA than alkaline lysis [23]. High pressure is also effective
for cell disruption, and it is known that metabolites such as nucleic acids can be extracted
from E. coli cells at pressures above 600 kPa [24]. Each extraction method has advantages
and disadvantages; therefore, to establish a highly efficient purification method for plasmid
DNA, an examination of the extraction of plasmid DNA, including its separation properties
after cell disruption, is necessary.

In the present study, the application of affinity microfiltration to plasmid DNA purifi-
cation and the search for ligands was examined. In addition to the selectivity behaviors in
the binding process of plasmid DNA to the ligand and the elution process of the bound
plasmid DNA, the membrane filtration behaviors of plasmid and ligand were also investi-
gated in this system. Furthermore, we investigated the cell disruption method for plasmid
DNA extraction and the membrane filtration properties of the disrupted suspension. The
results of this study demonstrated the effectiveness of a two-stage microfiltration process,
in which both the adsorption and desorption of plasmid DNA to large ligands exhibit
immense potential for plasmid DNA purification.

2. Materials and Methods
2.1. Materials

A 3.0 kb plasmid DNA pBluescript II SK(+) was obtained from Stratagene Corp., San
Diego, CA, USA. Escherichia coli DH5α (Nippon Gene Co. Ltd., Tokyo, Japan) was used
as the host for the plasmid and grown at 303 K on an LB medium supplemented with the
ampicillin antibiotic. The test solution was prepared by the following three steps: alkaline
lysis of E. coli containing plasmid DNA, the addition of CaCl2 for the removal of high
molecular weight RNA [25], and the addition of ethanol for the concentration of nucleic
acid. The plasmid DNA-containing sediment was dissolved in 10 mM Tris-HCl buffer
(pH 5), and this solution, free of impurities such as proteins, was used for a two-stage
affinity microfiltration experiment. The ligand employed in the experiments was α-Fe2O3
(particle size: 0.5 µm) provided by the Kojundo Chemical Lab. Co. Ltd., Saitama, Japan. A
microelectrophoresis Mark II apparatus (Rank Brothers Ltd., Cambridge, UK) was used to
determine the zeta potential of α-Fe2O3 particles.
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2.2. Adsorption and Desorption Experiments

Plasmid DNA solutions of different concentrations were prepared and added to α-
Fe2O3 slurries with known concentrations (0.1–80 mg/mL) to measure the adsorption
properties. The solvents used for the solutions and slurries were pH 5–7 10 mM Tris-HCl
buffer. An amount of 1 mL of each solution was maintained at a constant temperature
of 298 K for 1 h, which was confirmed to be sufficient to achieve a quasi-steady state in
the preliminary test. The desorption of the plasmid DNA adsorbed onto the particles was
performed by changing the pH of the solution and allowing it to stand for 1 h. The amounts
of adsorbed or desorbed plasmid DNA were determined from the concentrations of plasmid
DNA in the solutions before and after the experiments using a spectrophotometer (UV-1800,
Shimadzu Corp., Kyoto, Japan). The plasmid DNA used in the adsorption/desorption
experiments was purified using a Qiagen plasmid midi kit.

2.3. Two-Stage Affinity Microfiltration Experiments

An unstirred batch filtration cell with an effective membrane area of 19.6 cm2 was
utilized in this study. Microfiltration experiments were performed in the dead-end filtration
mode under constant pressure by applying compressed nitrogen gas [26]. The filtrate
was collected in a reservoir placed on an electronic balance (Shimadzu Corp., Kyoto,
Japan) connected to a personal computer to collect and record mass versus time data. The
weights were converted to volumes using density correlations. A mixed cellulose ester
microfiltration membrane (Advantec Toyo Co. Ltd., Tokyo, Japan) with a nominal pore
size of 0.1 µm was employed in the experiments. In the first stage of microfiltration, the
experiment was conducted under the condition of pH 5 using test solutions containing
ligands (160 mL, the mass fraction of the solids s = 0.016), and a cake of α-Fe2O3 with
plasmid bound was obtained. In the second stage of microfiltration, 10 mL of 1 M Tris-HCl
buffer (pH 9) was added to the top of the cake and allowed to permeate after standing
for 1 h. Next, the permeation of 2 M Tris-HCl buffer (pH 10, 50 mL) through the cake
was performed to elute the bound plasmid DNA. The concentration of plasmid DNA in
the permeate was measured at 260 nm using a spectrophotometer (UV-1800, Shimadzu
Corp., Kyoto, Japan). The quality of the plasmid DNA was confirmed using agarose gel
electrophoresis. A permeate of 5 µL was mixed with 1 µL of 6×loading buffer (0.25%
bromophenol blue, 0.25% xylenecyanol, and 5 mM EDTA in 30% glycerol) and subjected to
electrophoresis. Electrophoresis was performed in 0.6% (w/v) agarose (Nippon Gene Co.
Ltd., Tokyo, Japan) containing ethidium bromide for 1 h at 100 V for using a submarine
electrophoresis system (Nihon Eido Co.Ltd., Tokyo, Japan). Gels were placed on a UV table
(Atto Corp., Tokyo, Japan), and photographs were taken with Polaroid (Funakoshi Co. Ltd.,
Tokyo, Japan). OneSTEP Marker 1 (λ/Hind III digest, Nippon Gene Co. Ltd., Tokyo, Japan)
was used as a molecular marker. The two-stage affinity microfiltration experiments were
performed more than three times to ensure the reproducibility of the results.

2.4. Cell Disruption Experiments

Three mechanical cell disruption methods were investigated to extract plasmid DNA
from E. coli cells. The E. coli cells, after cultivation, were collected using centrifugation
(3000 rpm, 15 min) and suspended in pure water to prepare a suspension (3.0 × 108 cell/mL).
10 mL of E. coli suspension was disrupted with an ultrasonic homogenizer (UP-200S, Dr.
Hielscher GmbH, Stuttgart, Germany) at an operating frequency of 24 kHz and a nominal
load power output of 200 W for 60 s. Cell disruption using a bead mill was performed by
setting a 2 mL tube (zirconia beads of 1 mm diameter, 60 beads, Sarstedt Inc., Newton, MA,
USA) in a Delta Mixer (Se-08, Taitec Corp., Tokyo, Japan) and shaking for 30 min at 3000 rpm.
An attempt was made to extract the plasmid DNA from the cells using electroporation.
The condition was as follows: 0.2 cm-gap sterile electroporation cuvette, pulse number
10, voltage 500 V, pulse length 100 ms, and interval 0.1 s using the Gene Pulser Xcell
Electroporation System (Bio-Rad Laboratories, Inc., Hercules, CA, USA). Photomicrographs
of E. coli after disruption were obtained using a digital photomicroscope (BA210EINT,
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Shimadzu Rika Corp., Tokyo, Japan). A suspension of disrupted E. coli cells was subjected
to affinity filtration after removing solids with constant pressure microfiltration (p = 49 kPa,
mixed cellulose ester membrane with 0.1 µm).

3. Results and Discussion
3.1. Adsorption and Desorption Properties of Plasmid DNA

Figure 1 shows the pH dependence of the zeta potential of α-Fe2O3 particles used as
ligands. The isoelectric point is approximately pH 8, and it is positively charged at a pH
lower than eight and negatively charged at a pH above eight. Since plasmid DNA is a
polyanion, it is expected to be adsorbed on the surface of positively charged α-Fe2O3 by
setting the pH below seven. In contrast, in a solution environment with a pH greater than
nine, an electrostatic repulsive force acts between α-Fe2O3 and plasmid DNA.
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The adsorption isotherms of plasmid DNA onto α-Fe2O3 were obtained through batch
adsorption experiments, and the results at pH 7 are shown in Figure 2. The experimental
data were approximated using the Langmuir adsorption isotherm equation, represented by

W =
aWsC

1 + aC
, (1)

where W is the amount of plasmid DNA adsorbed, a is the Langmuir adsorption constant,
Ws is the maximum adsorption capacity of α-Fe2O3 for plasmid DNA, and C is the equilib-
rium concentration of plasmid DNA in the solution. The solid line in the figure represents
the calculated value based on Equation (1). This result is consistent with the findings of Liu
et al., in which the DNA adsorption behavior of modified magnetic nanoparticles follows
the Langmuir isotherm model [27]. As can be seen from the figure, the amount of adsorp-
tion is large, even at extremely low concentrations, and the affinity of plasmid DNA for
α-Fe2O3 is extremely high. However, the maximum adsorption amount of plasmid DNA on
the modified magnetic nanoparticles used by Liu et al. was approximately 10 times larger
than that on the iron oxide particles we used. It is expected that the adsorption amount of
plasmid DNA can be increased by modifying the surface of the iron oxide particles.

In Figure 3, the maximum adsorption capacity Ws is plotted against the pH of the
solution. The amount of plasmid DNA adsorbed is strongly dependent on pH and decreases
with increasing pH at pH 5–7. The Ws at pH 5 was approximately twice that at pH 7. By
lowering the pH, more plasmid DNA can be adsorbed; however, if it is extremely low,
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plasmid DNA may deteriorate. Therefore, the first stage of microfiltration involving the
binding of plasmid DNA was performed at pH 5.
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Figure 4 shows the effects of pH on the desorption of plasmid DNA from α-Fe2O3. Af-
ter the plasmid was adsorbed onto α-Fe2O3, the pH of the solution was gradually increased,
and the desorption efficiency D of the plasmid DNA was determined by measuring the
amount of desorbed plasmid DNA that migrated into the solution. The plasmid DNA was
desorbed at a pH above the isoelectric point of α-Fe2O3, and the desorption efficiency D was
approximately 100% above pH 10. At pH 10, the plasmid DNA was desorbed from α-Fe2O3
particles (0.125 mg/mL) and recovered as a solution with a concentration of 1.6 µg/mL.
Impurities can be separated using adsorption filtration of the plasmid DNA, and subse-
quently, the plasmid DNA can be recovered using desorption filtration. Therefore, α-Fe2O3
particles are determined to be suitable as a ligand. The second stage of microfiltration
involving the desorption of plasmid DNA was performed using liquid permeation with a
stepwise increase in pH.
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3.2. Two-Stage Affinity Microfiltration Properties of Plasmid DNA

Although plasmid DNA permeates the microfiltration membrane, the ligand α-Fe2O3
particles are captured using the 0.1 µm microfiltration membrane, forming a filter cake.
Plasmid DNA can be purified using two-stage microfiltration by adsorbing the plasmid
DNA onto the α-Fe2O3 cake to separate impurities and subsequently desorbing from the
α-Fe2O3 cake. Based on the results of the adsorption experiments, the amount of α-Fe2O3
required to adsorb almost 100% of the plasmid DNA in the test solution prepared from E.
coli was calculated, and adsorption microfiltration experiments were performed. Typical
data of the microfiltration experiments of α-Fe2O3 and α-Fe2O3 with plasmid DNA-bound
slurries at pH 5 are plotted in Figure 5 in the form of the reciprocal filtration rate (dθ/dv)
against the filtrate volume v per unit effective membrane area. For the filtration of the
α-Fe2O3 slurry, the plots appeared to be linear according to the Ruth filtration rate equation,
expressed as [28]

dθ

dv
=

µρsαav

p(1 − ms)
(v + vm), (2)

where θ is the filtration time, µ is the viscosity of the filtrate, ρ is the density of the filtrate, s
is the mass fraction of the solids in the slurry, p is the applied filtration pressure, vm is the
fictitious filtrate volume per unit effective membrane area, and m is the ratio of the mass
of the wet cake to the mass of the dry cake. The average specific cake resistance αav was
calculated from Equation (2) using the slope of the plot. In contrast, for the filtration of
α-Fe2O3 with the plasmid DNA-bound slurry, cake formation was significantly affected
by particle settling. After the formation of the filter cake, the supernatant fluid permeated
the filter cake. During this period, dθ/dv remained approximately constant. From this
constant value (dθ/dv)p, αav can be calculated as

αav =
p

µw

{(
dθ

dv

)

p
−
(

dθ

dv

)

m

}
, (3)

where w is the net solid mass of the entire cake per unit effective membrane area, and
(dθ/dv)m is the reciprocal filtration rate, which is equivalent to the flow resistance of the
membrane. It was observed that average specific cake resistance decreased by approxi-
mately 1/3 from 3.9 × 1012 m/kg to 1.0 × 1012 m/kg because of the binding of plasmid
DNA to α-Fe2O3. This phenomenon is attributed to the charge neutralization of positively
charged α-Fe2O3 by the polyanion plasmid DNA, resulting in floc formation and coarsening.
In addition, the filtrate did not contain plasmid DNA, as shown in Figure 6, lane 7.
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Figure 6. Agarose gel analysis: lane 1, DNA molecular weight standard; lane 2, plasmid DNA; lane 3,
E. coli lysate; lane 4, supernatant (CaCl2 addition); lane 5, sediment (CaCl2 addition); lane 6, sediment
(ethanol addition); lane 7, filtrate (pH 5); lane 8, permeate (pH 9); lane 9, permeate (pH 10 early
phase); lane 10, permeate (pH 10 later phase).

In Figure 7, dθ/dv and the optical density at a wavelength of 260 nm (OD260) of the
permeate are plotted against the permeate volume v per unit effective membrane area in
the elution process. Upon changing the pH of the permeate from 9 to 10, the value of
dθ/dv changed from 400 s/m to 600 s/cm, indicating a change in the cake structure. A
higher pH resulted in a higher average specific cake resistance αav, as determined from
Equation (3). Furthermore, the variation in OD260 of the permeate showed that plasmid
DNA was eluted in the early phase of the pH 10 liquid permeation (2 M Tris-HCl buffer).
This was confirmed using agarose gel analysis, as shown in Figure 6 (lanes 9 and 10). The
test solution with OD260 = 4.05 was recovered as a solution with OD260 = 1.05 using a
two-stage affinity microfiltration.

Figure 6 shows the results of the agarose gel electrophoresis of the solutions obtained
after each treatment. The solution (lane 6) that was subjected to adsorption filtration after
alkaline lysis of E. coli (lane 3) and the addition of CaCl2 (lanes 4 and 5) were found to
contain plasmid DNA and a large amount of low-molecular-weight RNA. Neither plasmid
DNA nor RNA was confirmed in the filtrate (lane 7) of the adsorption filtration; therefore,
both nucleic acids are assumed to be adsorbed by α-Fe2O3 and exist in the cake on the
membrane surface. In the desorption filtration of plasmid DNA, a small amount of low-
molecular-weight RNA was confirmed in the permeate of pH 9 (lane 8). Subsequently,
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plasmid DNA and RNA were confirmed in the initial permeate at pH 10 (lane 9), and only
plasmid DNA was confirmed in the subsequent permeate at pH 10 (lane 10). Therefore,
highly purified plasmid DNA can be obtained from E. coli using a two-stage microfiltration
process with adsorption and desorption.
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3.3. Cell Disruption Properties

The above study applied the two-stage microfiltration process with adsorption and
desorption and was performed on a solution containing plasmid DNA after alkaline lysis of
E. coli. To establish a safe method that uses the minimum amount of chemicals possible, we
investigated a plasmid DNA release method. The release of plasmid DNA from E. coli was
attempted with ultrasonic irradiation, bead milling, and electroporation. In both methods,
plasmid DNA was released from the E. coli suspension after treatment. However, long-term
ultrasonic irradiation destroys the released plasmid DNA and does not increase the recovery
amount, and bead mill disruption cuts the genomic DNA, rendering the subsequent
purification difficult. Figure 8 shows micrographs of E. coli suspensions treated with each
method. Compared with untreated cells, the change after electroporation was remarkable,
and large flocs were formed. Biopolymers, such as genomic DNA, polysaccharides, and
proteins, were released from E. coli using electroporation, and aggregates were formed
along with the cells.
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Microfiltration was performed to remove impurities and obtain a plasmid DNA
solution, and the results are plotted in Figure 9 in the form of the reciprocal filtration
rate (dθ/dv) against the filtrate volume v per unit effective membrane area. In the case
of ultrasonic irradiation and bead milling, the flux decline was significant. In contrast,
in the case of electroporation, in which aggregates were formed, the filtration rate was
extremely high, confirming the superior separation performance. OD260 of the filtrates
obtained using ultrasonic irradiation, bead milling, and electroporation were 8.80, 9.85,
and 7.08, respectively, and OD260/OD280 ratios were 1.5, 1.9, and 2.0, respectively. In terms
of plasmid DNA extraction, Haberl et al. show that electroextraction leads to a higher
concentration of extracted plasmid DNA than alkaline lysis, which is commonly used [22].
This filtrate containing plasmid DNA can be purified using a two-stage microfiltration
process using α-Fe2O3, as described above. The recovered solution using a two-stage
affinity microfiltration exhibited an OD260/OD280 ratio of 1.8, indicating a high degree of
nucleic acid purification [29]. However, to further improve the degree of purification of
plasmid DNA, an operation to remove RNA, such as the addition of CaCl2 or degradation
with RNase, is required. In addition, attention should be paid to the detection and removal
of impurities that do not contribute to the OD260/OD280 ratio.
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4. Conclusions

The affinity microfiltration of plasmid DNA using α-Fe2O3 as a ligand was examined.
The adsorption and desorption properties of plasmid DNA revealed that α-Fe2O3 particles
are suitable ligands. The data from two-stage affinity microfiltration, including both the
binding process of plasmid DNA to α-Fe2O3 and the elution process of bound plasmid
DNA, demonstrate that this method has immense potential for plasmid DNA purification.
However, adsorption and desorption times should be optimized to reduce processing
time. In addition, electroporation is effective as an elution method for bacterial cells
in the purification process of plasmid DNA. The microfiltration performance was high
owing to the formation of aggregates of impurities, including cells. Furthermore, the
degree of nucleic acid purification was high. We believe that the results of this study will
contribute to the establishment of a purification process suitable for the mass production of
pharmaceutical-grade plasmid DNA.
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Abstract: In dairy industry huge quantities of whey accumulate as a by-product. In particular the
containing lactose was not produced profitably in the past. Thus, the trend goes towards modification
and sustainable use of lactose for which a concentration step is required. Nanofiltration (NF) has
shown to be a good choice since partial demineralization can be realized in parallel. Therefore, in
this study, 10 commercial polymer NF membranes were studied in detail and systematically for
their suitability to concentrate lactose, with the proviso of high flux and high to complete rejection.
Preliminary trials were conducted with flat-sheet membranes and a lactose model solution and the
influence of transmembrane pressure (TMP), temperature and lactose concentration was studied.
Finally, results were evaluated by using spiral wound modules and real industrial whey permeate.
The results offered that a membrane screening is essentially since no correlation between molecular
weight cut-off (MWCO) and permeate flow could be found. The conclusions found for the lactose
model solution were in good agreement with the whey permeate, but as the ions contribute to the
osmotic pressure of the feed the deviations increase in the course of concentration since ions are also
partly retained.

Keywords: polymeric membrane; nanofiltration (NF); concentration of lactose and whey permeate;
process parameters; flat-sheet module; scale-up; spiral wound module; molecular weight
cut-off (MWCO)

1. Introduction

The utilization of whey has undergone major changes in recent years and decades.
In order to produce 1 kg of cheese, around 10 L of milk are used and around 9 L of
whey result as a by-product [1]. In the past whey was disposed of as waste in sewage
and rivers, which led not only to environmental problems because of a high chemical
oxygen demand (COD) between 50–60 kg/m3 and high biological oxygen demand of
around 30–40 kg/m3 but also to a loss of valuable resources [1–3]. Besides legal regulations
regarding waste water treatment and grown scientific knowledge of the value of whey
components, the interest and awareness has raised with respect to increasing sustainability
that are characterized by value chains with complete utilization of all milk components
along with recycling product wastewater treatment [4,5]. In particular, the lactose as a main
component of the side-product whey has not been used profitably in the past since the
production has not been economically beneficial and the traditional lactose market is rather
stagnating [4]. Additionally, around the world there is a great diversity in the distribution
of lactose intolerance among adults ranking between 1% in the Netherlands and 98%
in Southeast Asia [6]. Nevertheless, globally the dairy market is still growing because
demand for dairy products in developing countries is growing along with income [7].
Therefore, the dairy industry is looking for alternative ways of lactose utilization. There
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are many approaches reported in literature, such as the synthesis of the prebiotics galacto-
oligosaccharides, lactulose, lactitol, lactobionic acid, biogas or bioethanol [4,8,9] that require
concentrated lactose to enhance reaction rates and synthesis efficiency, respectively [8,10].
Since the structure of dairy industry around the world is diverse, a mixture of many
small family dairies and a few large industrial dairies [7], it is in general reasonable to
concentrate the lactose prior to further processing or for cost-effective transport. In recent
years nanofiltration (NF) as a powerful tool for concentration of lactose has gained raising
interest because in parallel a partial demineralization can be realized that is often essential
for subsequent processes [11,12]. Conventional demineralization strategies of whey include
ion exchange and electrodialysis which are accompanied by high investment and operating
costs [13]. In contrast, NF is, like reverse osmosis (RO) and ultrafiltration (UF), a pressure-
driven membrane process and lies in between these two filtration processes in terms of
operating pressure and separation limits and thus has corresponding characteristics of both
RO and UF [14].

Previous studies have shown that NF is generally suitable for concentrating lactose
(molecular weight = 342 g/mol) in whey permeate, with the positive side effect of partial
demineralization compared to conventional evaporation, where all compounds within the
feed are concentrated [3,11,12,15]. The focus of these studies was primarily on checking
the feasibility of the process and investigating the influence of selected operating param-
eters whereas classification and comparability of the results is difficult because different
membranes and/or operating parameters were used that influence the extent of dem-
ineralization. The impact of the choice of membrane was demonstrated by Räsänen et al.
who compared four commercial NF membranes that varied in their solute retentions [12].
With rising volume concentration ratio (VCR) in the course of concentration the retention
of ions slightly decreases and the degree of demineralization is increased [11,15]. The
demineralization can be further enhanced through diafiltration (DF), which is accompanied
by a greater loss of lactose [11]. Thus, DF is associated with a trade-off between the degree
of demineralization and loss of lactose, whereas a mathematical model can support the
optimization of the DF process as described in [16].

Therefore, the focus of this study is the comparison of ten commercially available
membranes within the same experimental setup and reproducible experimental conditions.
The aim is to identify the membrane with the best overall performance in terms of flux and
retention in the sense of an ecological and efficient process and to get a better understanding
of the extent of influence of different operating parameters.

Generally, it would be favorable to be able to model the membrane process in order
to reduce the number of trials and thus the costs for the process design [17]. The exper-
iments performed and the data derived provide a basis for that. However, the filtration
process is based on complex interactions that determine the outcome of the overall pro-
cess. The main influencing factors include the membrane properties, the composition
of the feed and the operating parameters, which also interact with each other and also
may affect significantly the three thermodynamic driving forces: concentration, pressure
and voltage differences [18,19]. Nowadays the precise membrane composition is mostly
a trade secret, since the membrane manufacturers are very secretive about the exact com-
position and structure of the membranes [20,21]. This in turn makes predictions even
more difficult, especially in the context of interactions between membrane and complex
feeds. Also, because structural properties of the pores and the solute, like size, shape and
length and physicochemical properties like zeta potential and hydrophilicity influence
the permeation behavior [22]. The separation mechanism in NF is based on charge and
size exclusion [22,23]. Flow and selectivity of neutral solutions in NF can be described
reasonably well through the solution-diffusion model originally formulated for RO. In
contrast, the complexity of ionic solutions is very pronounced, since interactions with
the membrane as well as with each other take place depending among other things on
pH, temperature and concentration [14,24,25]. Various research approaches were pursued
with single salts as well as with salt mixtures under different process conditions like pH
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and temperature in order to gain a better understanding of the interactions and extent
of influence [14,23,26–28]. However, due to the complexity of the interactions involved
in the nanofiltration of electrolyte solutions, the membrane performance cannot be fully
predicted and further research is needed, especially as complex mixtures are a great chal-
lenge [14,17,28]. Actually, real industrial whey is a rather complex mixture of compounds,
many of which may interfere with the membrane surface, or compounds that could interact
with each other in different ways. A further challenge is that there is not just one type of
whey but that the composition is diverse depending on seasonal variation within the raw
milk but also due to different manufacturing, production and processing processes [5,13].
Thus, preliminary trials are still essentially for an overall economically and ecologically
process design, ideally with the desired process parameters and feed [14,17]. Therefore, in
terms of systematics, first orienting trials were carried out with a model solution consisting
of pure lactose to initially exclude the complex interactions caused by the whey permeate
matrix with its ions, acids and other components like amino acids, peptides and proteins.
Finally, these data were compared with the performance when industrial whey permeate
had been used.

In summary, this study has three main objectives:

1. Membrane screening—Out of 10 membranes, identification of those membranes with
the best performance in terms of high flux and high retention of lactose.

2. Determination of process parameter settings and its extent of influence for achieving
high filtration fluxes and high retention of lactose.

3. Scale-up and evaluation of the influence of industrial whey permeate on the course of
filtration compared to the lactose model system.

2. Materials and Methods
2.1. Feedstock

All feed solutions were preserved from microbiological spoilage by addition of 0.02%
(w/w) sodium azide (Carl Roth, Karlsruhe, Germany) in order to avoid the formation of
biofilms that could affect the results. For preliminary experiments a model solution was
used that was prepared by dissolving a pharmaceutical-grade α-lactose monohydrate (Carl
Roth, Karlsruhe, Germany) in deionized water in the amounts needed to reach the desired
lactose concentrations of approximately 25, 50 and 75 g/L.

Fresh sweet whey permeate was taken from a feed line of an industrial filtration
process of a local dairy plant where it had been separated by a 10 kDa UF membrane and
was stored at 4 ◦C until use. The average composition of the sweet whey permeate used is
shown in Table 1.

Table 1. Average composition of the sweet whey permeate used.

Sweet Whey Permeate

pH 6.5
conductivity (mS/cm) 3.7

Dry matter (%) 3.2

Lactose (g/L) 26.3
(→ 25 for lactose model solution)

Protein (%) 0.1
Sodium (mg/L) 169.5

Potassium (mg/L) 776.8
Ammonium (mg/L) 70.1
Magnesium (mg/L) 29.9

Calcium (mg/L) 193.0
Lactic acid (mg/L) 376.6
Chloride (mg/L) 464.5
Nitrate (mg/L) 45.6

Phosphorus (mg/L) 606.0
Sulfate (mg/L) 60.6
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2.2. General Experimental Setup of Nanofiltration Trials

The general structure and/or flow sheet of the semi-pilot scale filtration plant used for
the experiments was provided by inocermic (Hermsdorf, Germany) is shown in Figure 1.

Figure 1. Piping and instrumentation diagram of filtration plant (green—flat-sheet module circuit;
blue—1812′′ spiral wound module circuit).

The plant was designed for tests in crossflow mode and was equipped with both
a pressure housing for flat-sheet membranes and one for 1812′′ spiral wound modules
realizing scale-up. Figure 2 illustrates the construction of the flat-sheet test cell. The feed
flew parallel to the membrane and the retentate was recirculated perpendicularly to the
membrane surface.
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All pipes and the feed tank were insulated and temperature was kept constant during
operation using a water bath (F32, Julabo, Seelbach, Germany) that was connected to the
double jacket of the feed tank. The actual temperature in the feed tank was measured
directly by the digital temperature sensor TI-01 in the feed using a thermocouple. The
maximum capacity of the feed tank was 12 L.

The plant had a centrifugal pump (CDX/A 70/05, EBARA Pumps Europe, Gambellara,
Italy) that acted as a feed pump for the high pressure plunger pump (271 D1110, Cat Pumps,
Idstein, Germany) which was responsible for the flow and pressure generation during the
process. Both pumps were controlled via frequency converters in order to set the desired
volume flow. For the flat-sheet trials a volume flow of 0.30 m3/h had been used while with
the spiral wound module a volume flow of 0.43 m3/h had been set. The retentate-side
pressures were adjusted manually to the desired value by the control valves. In case of the
flat-sheet module the control valve V5 was used and the pressure was measured by the
pressure gauge PI-03. For the spiral wound module the transmembrane pressure (TMP)
was adjusted by the needle valve V8 and monitored by the pressure gauge PI-04.

The permeate weight for calculating the permeate flux was monitored by a scale (Scout
STX6201, OHAUS Europe, Greifensee, Switzerland).

2.3. Filtration Test Scheme
2.3.1. Membranes and Experimental Matrix

In this study 10 commercially available NF membranes from 3 different manufacturers
were investigated. Table 2 summarizes the membranes used within this study and gives
an overview of their properties in terms of specified molecular weight cut-off (MWCO),
maximum operating pressure and temperature as well as membrane material provided by
the manufacturers.

Table 2. Overview of the nanofiltration membranes used in this study.

Model Manufacturer MWCO 1

(g/mol)
Ø MWCO 1

(g/mol)
Membrane
Chemistry 2

Max. Operating
Temperature (◦C)

Max. Operating Pressure
(MPa)

TS 50

MANN+
HUMMEL

200–300 250 Thin-Film
Polypiper-

azine
45 4.1TS 40 200–300 250

XN45 300–500 400

NP030 500–600 550 PES TFC 50 4.0

NFS

Synder
Filtration

100–250 175

Proprietary
PA TFC

50 if T < 35 ◦C:
4.1

if T > 35 ◦C:
3.0

NFX 150–300 225

NFW 300–500 400

NDX 500–700 600

NFG 600–800 700

SR3D
KOCH

Membrane
Systems

200 200 TFC PA 45 4.5

1 MWCO = molecular weight cut-off; 2 PES = polyethersulfone; TFC = thin-film composite; PA = polyamide.

The experimental matrix had 3 stages and is summarized in Table 3. All trials were
carried out at least in duplicate. At the beginning of every trial the actual membrane and its
performance was checked and characterized via pure water flux measurements at different
TMP steps from 0.5 MPa up to maximum 3.5 MPa in 0.5 MPa steps at the temperature of
the respective trial. All water used in the filtration experiments was deionized water with
0.02% (w/w) sodium azide. The water flux measurements were also used to evaluate the
cleaning efficiency.
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Table 3. Overview of parameter settings and membrane used for experimental setup.

Stage Membrane
Module

Filtration
Mode

Tested
Membranes Feed T

(◦C)
TMP 1

(MPa)
Initial

Feed-c(Lac) (g/L)

TMP-
Screening Flat-sheet recirculation all lactose model solution 20 0.5→3.5→0.5 25

Parameter
studies Flat-sheet concentration

TS40; XN45; NFS; NFG;
SR3D

lactose model solution

20
2

253

45

2

XN45; SR3D; TS40

3

25

XN45; SR3D
50

75

NFS; NFG; TS40 2
50

75

Scale-up
1812′′ spiral

wound concentration

NFS
lactose model solution

45 2

25–75

whey permeate

XN45

lactose model solution 45 3

lactose model solution
20 2

whey permeate
1 TMP = transmembrane pressure.

The first stage started with a TMP-screening of all 10 membranes in order to be able to
compare the performance of the membranes in terms of retention and permeate flux. Based
on these results, in the second step (parameter studies) a pre-selection of 5 membranes
was carried out, in which the influence of various process parameters was examined in
more detail.

These first 2 test stages were carried out with flat-sheet membranes that were delivered
as dry sheets and cut to a circular diameter of 9.1 cm to fit the test cell. After subtraction
of the O-ring area, this results in an effective filtration area of 0.0053 m2. At the last stage
(scale-up), experiments were carried out with 1812′′ spiral wound modules, concrete with
the NFS from Synder Filtration (Vacaville, CA, USA) with a filtration area of 0.28 m2 and the
XN45 from MANN+HUMMEL (Ludwigsburg, Germany) with a filtration area of 0.20 m2.
Both spiral wound modules had a feed spacer thickness of 46 mil.

2.3.2. First Stage—TMP-Screening

Prior to every experiment the water flux was measured as explained in Section 2.3.1.
The TMP-screening was conducted at 20 ◦C with 5 kg of lactose model solution with a
lactose concentration around 25 g/L which was based on the initial lactose concentration
of the industrial sweet whey permeate. In order to maintain a constant composition of the
feed, the permeate was regularly returned to the feed tank which means the experiments
were done in recirculation mode. The TMP was increased in steps of 0.5 MPa, starting with
0.5 MPa to maximum of 3.5 MPa or the maximum operating pressure of the membrane
followed by a stepwise decrease of the TMP to prove hysteresis. At every investigated TMP
after at least 10 min at this TMP or when the permeate flux was stable, the permeate flux was
measured and a sample of the feed and the permeate was taken for lactose quantification
via HPLC (Section 2.4.1) in order to calculate the lactose retention.

After each experiment the plant and the membrane was firstly thoroughly flushed
pressureless with tap water at 45 ◦C followed by deionized water at room temperature. In
order to profoundly clean the flat-sheet test cell, it was disassembled and the membrane was
carefully rinsed with deionized water and stored in deionized water with 0.02% sodium
azide inside the reassembled test cell. Water flux measurements confirmed the successful
cleaning procedure.
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2.3.3. Second Stage—Parameter Studies

With the 5 selected membranes (see Table 3), parameter studies were carried out in
concentration modes with 7 kg of lactose model solution, i.e., after 10 min with recirculating
permeate, the feed was concentrated to a VCR of 2.25. As a starting point for the com-
parative evaluation of the influence of various process parameters the following standard
process parameters were set: ϑ = 20 ◦C, TMP = 2 MPa and an initial lactose concentration of
25 g/L. The permeate flux was measured at defined VCR (every 0.25 step) and every 30 min.
At these defined VCR there were also samples taken for lactose quantification from the feed,
the permeate out of the permeate pipe and from the cumulating permeate. The experiments
were conducted at 45 ◦C to investigate the influence of the temperature. The influence of
the TMP was investigated at 3 MPa. The combined effect of temperature and TMP was
studied at 45 ◦C and 3 MPa with those membranes that tolerated the combination of these
process parameters. Finally, the impact of increasing initial lactose concentration within the
feed was studied in detail. Because of the limiting maximum tank volume, the experiments
were divided in separate experiments with an initial lactose concentration of 50 g/L and
75 g/L. Depending on the tolerance limits of the membranes those trials were carried out
either at 45 ◦C and 2 MPa (membranes from Synder Filtration) or at 45 ◦C and 3 MPa (the
other membranes). The cleaning procedure was identical as for the TMP-screening.

2.3.4. Third Stage—Scale-Up

The scale-up was carried out with those 2 membranes that had revealed the best
performance at the previous stages. The experiments were conducted at different process
variables for each membrane, because of differences in the maximum operating pressure at
temperatures above 35 ◦C. In order to compare the performance of flat-sheet membranes
with spiral wound membranes and evaluate the potential of experiments based on flat-sheet
membranes, firstly the lactose model solution was concentrated. In case of the NFS from
Synder Filtration the concentration has been performed at 45 ◦C and a TMP of 2 MPa while
with the XN45 from MANN+HUMMEL the concentration was carried out at 45 ◦C and
3 MPa as well as 20 ◦C and 3 MPa. In a second step the lactose in sweet whey permeate
was concentrated with the same process parameters for the NFS and at 20 ◦C and 3 MPa
for the XN45.

The general procedure of the concentration trials was as followed: As it was intended
to reach approximately 200 g/L lactose within the concentrate and the initial lactose
concentration was given by the amount in the sweet whey permeate, the maximum tank
volume was not sufficient for one whole process. Therefore, the trials started with the
maximum feed volume of 14.5 L that was recirculated for 10 min and then the concentration
was carried out until a VCR of 2.5 was reached. This procedure was repeated 3 times and the
resulting concentrate of all 3 runs was united and 14.5 L of this retentate were concentrated
to a VCR of 3, resulting in a total VCR of 4.5. At defined VCR (every 0.5 step, except at the
beginning additionally at 1.25) the permeate flux was measured and samples were taken
for lactose quantification from the feed, the permeate out of the permeate pipe and from
the cumulating permeate. When the whey permeate was used as feed, the conductivity
and ion composition of the token samples was additionally analyzed.

The solute rejection (Rj) of the lactose and the ions points to the percentage of
solute that does not pass the membrane and was calculated based on the following
Equation (1) [29].

Rj(%) =

(
1− cj,p

cj, f

)
× 100 (1)

where cj,p and cj,f are the solute concentration in the permeate pipe and the feed concen-
tration at a defined VCR. The loss respectively removal of solute was calculated based on
balancing the masses of the solute in the feed and in the cumulating permeate as follows:

Lossi(%) =
mi, p

mi, f
× 100% (2)
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where mi, p is the mass of the solute in the cumulative permeate and mi, f is the mass of the
solute in the initial feed.

When working with the lactose model solution the cleaning procedure was the same
as for the TMP-screening. In case whey permeate was used as feed, the cleaning procedure
was extended by an additional cleaning step with an enzymatic cleaning agent (Ultrasil 53,
Ecolab, Monheim am Rhein, Germany) at a concentration of 1% after the system had been
flushed thoroughly with tap water. The enzymatic cleaning was performed pressureless
at approximately 40 ◦C under constant recirculation of retentate and permeate for 30 min.
Afterwards the plant was repeatedly flushed with tap water and then the previously
described cleaning routine followed.

2.4. Analysis Methods
2.4.1. Lactose Quantification

Quantification of lactose concentration before and during the filtration process was
realized via HPLC Chromaster® HPLC system (VWR, Darmstadt, Germany). The column
Vertex Plus Eurokat Na, 300× 8 mm ID with a 30× 8 mm ID precolumn, particle size 10 µm
(Knauer GmbH, Berlin, Germany) was used with a flow rate of 0.25 mL/min, ultrapure
water with 0.02% sodium azide (w/v) as eluent and a sample injection volume of 10 µL. The
column was kept at a temperature of 85 ◦C and the detection was carried out at 40 ◦C with
a refractive index detector.

2.4.2. Quantification of Ions and Conductivity

Ions were analyzed by the ion Chromatograph DX-100 (Dionex Corporation, Sunny-
vale, CA, USA), equipped with a conductivity detector. All samples were filtered through
a 0.2 µm syringe filter before analysis, if appropriate diluted with deionized water and
25 µL of the sample were injected and measured at room temperature. For anions the
column Dionex™ IonPac™ AS14 (4 × 250 mm) with precolumn Dionex™ IonPac™ AG14
(4 × 50 mm) was used with a flow rate of 1 mL/min, 3.5 mM Na2CO3 and 1 mM NaHCO3
as eluent. Cations were analyzed using a Dionex™ IonPac™ CS 12A (4 × 250 mm) column
with a Dionex™ IonPac™ CG14 (4× 50 mm) precolumn, by using a mobile phase of 20 mM
methanesulfonic acid, with a flow rate of 1 mL/min.

The conductivity was measured with a WTW conductimeter LF 539 (WTW, Weil-
heim, Germany) using nonlinear temperature compensation mode based on the reference
temperature of 25 ◦C.

3. Results and Discussion
3.1. Screening and Preselection of Membranes

Within the scope of this study, NF membranes were to be examined with regard to their
suitability for concentrating lactose (molecular weight (MW) = 342 g/mol). When searching
for appropriate membranes the MWCO was used as the most important criterion for the
selection, but it was found that the specifications in this regard varied greatly. In contrast
to UF or microfiltration (MF) membranes, in the majority of cases ranges were given, e.g.,
for the XN45 300-500 Da and only for the membrane from KOCH Membrane Systems there
was one value specified as MWCO. The given number of the MWCO expresses in general
the molecular weight of a compound that is rejected to 90% by the given membrane [29,30].
However, one challenge concerning the MWCO is, that there exists no binding definition
or methodology and manufacturers may use different methods and feed solutions for
determination [30]. Therefore membranes with a higher MWCO than the MW of lactose
were also included in the investigations. Additionally this approach was based on the
following assumptions: On the one hand, it was supposed that higher MWCO tended
to be associated with higher fluxes [3,23], which could result in an overall increase in
process efficiency and profitability, although this might entail some losses of lactose. On
the other hand, whey permeate contains a large number of compounds and minerals
besides lactose [3,5,13]. Therefore, when using membranes with a larger MWCO, the
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demineralization could possibly also be promoted or potential interfering components that
could impair the flux might unfold their effect less strongly. For that reason, as a first step,
it was necessary to examine the eligible membranes with regard to their retention capacity
for the target compound lactose and the resulting flux. This was realized as an important
part of a TMP-screening.

In order to check the reproducibility of the results, tests were carried out with the
same membrane as well as with several sections of the same provided membrane lot and,
in the case of the NFG, with cuts from different lots. This strategy ensures the testing
of a representative sample. In the case of membranes that were used repeatedly and
those from the same batch, the curves basically corresponded very well, so that good
reproducibility of the tests could be assumed. The data shown represent the mean values
of the respective tests.

As shown in Figure 3 using the XN45 as an example, all membranes, with the exception
of the NFG, showed basically the same course of the curve during the TMP screening,
i.e., a stepwise increase of the retentate-side pressure led to a linear increase in flux. This
indicates that the permeate flux is a result of the membrane resistance since the process is
not mass transfer limited [31]. These observations are in good agreement with the results
of [11,15], whereas the studies of [3,15] demonstrate that mainly remaining proteins in
whey are responsible for critical flux phenomena during NF, where a further increase in
TMP does not result in an equivalent increase in mass flow through the membrane.
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However, with the NFG above 2 MPa critical flux phenomena appeared. Since this
membrane also offered the highest flux within the TMP-screening compared to the other
membranes, it was assumed that the support layer might impede the mass flow, so that
a further increase in pressure does not lead to a further linear increase in flux. Chen et al.
investigated the effects of different fabrication parameters in the course of the production
of a home-made PES NF spiral wound module. Their work demonstrated that with
increasing PES-substrate thickness the pure water permeability decreases [21]. An effect
through components of the feed solution could be excluded since the results with the
other membranes showed that with the investigated lactose concentration no concentration
polarization occurred. Furthermore, in the course of the gradual increase and decrease of
the TMP a hysteresis effect was found for the NFG and the NP030, i.e., when decreasing the
TMP the same flux as before was not reached but the flux was further reduced, as can be
seen in Figure 3. In parallel, this led to an increased retention of lactose. Since this behavior
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only occurred with two of the ten membranes examined, fouling or the formation of a
concentration polarization layer due to the feed can be excluded, since otherwise all curves
would have to be similar. For the NP030, the compaction as a result of high pressures is
known by the manufacturer, i.e., the application of high pressure leads to a compaction
of the membrane that is irreversible and thus modifies the membrane performance. This
could also be confirmed in repeated experiments with the same membrane. Lower fluxes
were always measured in the second run. In contrast, the curves of two consecutive trials
with the same NFG membrane were in very good agreement. Therefore, it was assumed
that generally compaction does occur, since it shows comparable curves to NP030, but that
this is reversible, and might be due to more elastic membrane material components.

Due to the agreement of the curves of the flux as a function of the TMP, it was possible
to compare all membranes at one specific TMP in order to identify those membranes with
the highest fluxes. In Figure 3 all ten membranes were compared by plotting the permeate
flux and the rejection at 3.5 MPa.

Based on the MWCO specified by the manufacturers, there was an expectation with
regard to the retention, i.e., that the retention would deteriorate with increasing MWCO,
particularly if the MWCO was greater than the MW of lactose with 342 g/mol. Additionally,
it was assumed that a higher MWCO would tend to be associated with a higher flux, since
the mass flow would be less impeded by increasingly larger pores [3,23]. As a result, the
following theoretical order of the membranes was derived from the MWCO specified by the
manufacturers: (1)-NFS (175 Da) < (2)-SR3D (200 Da) < (3)-NFX (225 Da) < (4)-TS40 & TS50
(250 Da) <(6)-NFW & XN45 (400 Da) < (8)-NP030 (550 Da) < (9)-NDX (600 Da) < (10)-NFG
(700 Da). In contrast, a significantly different order was found when the maximum flux
was used for arrangement: (10)-NFG (700 Da) > (6)-XN45 (400 Da) > (2)-SR3D (200 Da) >
(4)-TS40 (250 Da) > (1)-NFS (175 Da) > (4)-TS50 (250 Da) > (6)-NFW (400 Da) > (3)-NFX
(225 Da) > (9)-NDX (600 Da) > (8)-NP030 (550 Da).

These results elucidate that it is not possible to derive performance with regard to
flux based on the given MWCO and that the MWCO is at best indicative. In addition, the
membrane manufacturers provide only little information about the membrane material
and the exact structure of the support layer [20], so that often only general information are
available (Table 2) and therefore these information cannot be used in detail for membrane
selection either. This underlines the need for specific, system dependent membrane screen-
ing in order to identify the most suitable membrane with the highest flux for the specific
filtration task.

The measured retentions were generally in agreement with the expectations, i.e., a
MWCO < MW of lactose was associated with a complete retention, while a MWCO > MW
of lactose resulted in a partial permeation of lactose. However, the extent of the lactose loss
was different in comparable MWCO ranges. For example, in average the NDX (500–700 Da)
rejected 97.4% of the lactose compared to the NP030 (500–600 Da) with only 73.7% lactose
retention. These results also point out the necessity of a membrane screening, since mem-
brane manufacturers use different methods and substances to determine the MWCO [30].
Thus, it might occur that a membrane with a supposedly not fully suitable MWCO specified
by the manufacturer can still have a very good retention and possibly even convince in
terms of overall performance (high flux + high retention) for a specific examined separation
process near the given MWCO. Finally, the process design depends on various factors, and
in particular significantly on the total process time which is affected by the flux. Therefore,
those five membranes with the highest fluxes were selected for further investigations, even
if complete retention was not achieved with all of these candidates.

3.2. Effect of Process Parameters

In the second part of this study the objective was to examine the influence of different
process parameters on permeate flux and lactose retention, namely temperature, TMP, the
combination of temperature and TMP and increasing lactose concentrations in the feed.
Within this context it was particularly important to obey the allowable operating limits,

60



Membranes 2023, 13, 173

which meant that the combined effect of increased temperature and TMP could not be
examined with the membranes from Synder Filtration as these were not as pressure-stable
as necessary (3 MPa) at 45 ◦C.

The results are summarized in Figure 4. The influence of the studied parameters was
compared with the curves resulting from the concentration of 25 g/L lactose at 20 ◦C and
2 MPa using those data sets as standard parameters. The NFS, SR3D and XN45 showed
very similar flux values in the course of concentration. Only the flux of the TS40 was lower
and the NFG showed in agreement with the TMP-screening the highest fluxes. For the
NFG this was accompanied by a reduced lactose retention, which improved to about 92%
in the course of concentration. The retention of the other four membranes remained at a
consistently high level of ≥97%.

Overall, it can be stated that with the exception of the NFG, the magnitude to which
the membrane performance responds to a change in a process parameter was very similar
for all other four membranes considered.

In several studies the effects of temperature on permeate flux and retention of solutes
were investigated. Temperature can influence the membrane morphology and the proper-
ties of the feed with its solutes which in turn determine the membrane performance [31,32].
In general, an increase in temperature reduces the viscosity of the feed and thus results in
an increased permeate flux [3,15,22,23,32]. While for UF membranes these observations
can just be explained by the Hagen-Poiseuille law and show a linear relationship [3], for
NF membranes with much smaller pores the underlying mechanisms are much more
complex, affecting water permeability and rejection of solutes [22,32]. Tsuru et al. [22]
have studied these phenomena extensively. They have carried out the investigations with
inorganic ceramic membranes in order to exclude temperature effects on the membrane
morphology since it is assumed that ceramic materials do not change when exposed to a
temperature increase compared to polymeric materials. As a result they have proposed
three potential explanations induced by increased temperatures: (a) The mass transport of
water molecules through the micropores may be provoke an activated process promoted
through the increase of thermal energy of the water molecules. (b) An increase of the
effective pore diameter, because besides the given pore diameter the effective pore diameter
is determined by the amount and layer thickness of adsorbed water molecules on the pore
walls and this layer decreases with temperature rise. (c) The influence of temperature on
the viscosity differs between the inside of the micropores and the bulk solution so that the
viscous effect is more pronounced inside the pores [22]. Within this study a similar factor
was found for all examined membranes. Increasing the temperature from 20 ◦C to 45 ◦C
led to a doubling of the permeate flux for the NFS, NFG and TS40. In contrast, the flux
of the SR3D increased only 1.7-fold and for the XN45 1.8-fold. The differences between
the membrane performances with regard to the retention of the lactose were much more
distinct. Precisely, for the NFG with the highest MWCO, an increase in temperature was
associated with a decrease in rejection of 15–20%. However, the XN45, whose specified
MWCO lay also above the MW of lactose, showed only a slight reduction in lactose re-
tention of about 1.8%. For the other three membranes, an increase in temperature had no
effect on the rejection. These differences between the membranes can only be explained
by temperature effects on the polymer structure of the membrane material. Generally,
both pore-widening and pore-narrowing effects may occur. A temperature increase might
enhance the mobility of the membrane polymer chains which in turn might result in an
additional polymer relaxation [27]. This might affect the effective membrane thickness and
effective pore diameter, which in turn might influence the retention of the components [32].
Yao et al. [31] have determined the MWCO of four polymeric membranes at 20 and 50 ◦C
with a solution of polyethylene glycols of different molar masses. At elevated temperatures
they measured higher MWCO and concluded that the temperature rise induces changes in
the polymeric membrane structure to the same extent for the open and tight membranes.
However, temperature cycling experiments (T = 20 ◦C→T = 50 ◦C→T = 20 ◦C) revealed
that these changes were only completely reversible for the tight membranes whereas the
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membrane performance of the more open membranes was altered due to permanent re-
orientation of the polymer structure [31]. The water flux measurements before and after
the trials of the tested membranes within this study showed comparable curves indicating
that no permanent changes in the membrane morphology due to temperature occurred.
Several studies reported a rejection drop at elevated temperatures [3,33,34]. Precisely, for
uncharged solutes like lactose and fructose an increased temperature was accompanied
by a decrease in retention of those solutes. This was explained by the reduced viscosity
and thus increased diffusivity due to higher temperatures. As a result, the permeation of
neutral solutes was amplified [3,33,34]. Furthermore, changes in the membrane structure
have to be considered. Ben Amar et al. [32] investigated the retention of four neutral solutes
with MW between 92 and 342 g/mol by a polymeric NF membrane at elevated temper-
atures. Generally, for all four solutes the rejection decreased as the temperature arose.
However, the strongest rejection drop occurred for the intermediate solutes whereas the
temperature increase had only a minor impact on the sucrose with a MW of 342 g/mol [32].
These observations might among others explain the differences between the investigated
membranes. The decrease in retention was most pronounced for the NFG with the highest
MWCO, followed by the XN45 whose MWCO ranges partly above the MW of lactose. It
can be deduced from this that it is important to conduct trials at elevated temperatures
since the manufacturer’s data on MWCO are usually gained at room temperature and
thus the values and as a result the membrane performance at higher temperature might
differ [31].
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Figure 4. Course of permeate flux (left side) and retention of lactose (right side) during concentration
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lactose); (b) temperature (45 ◦C); (c) transmembrane pressure (TMP) (3 MPa); (d) temperature and
TMP (45 ◦C & 3 MPa); (e) initial concentration of lactose in feed (45 ◦C; 2 MPa; 25–75 g/L initial
feed-c); (f) initial concentration of lactose in feed (45 ◦C; 3 MPa; 25–75 g/L initial feed-c). Operation
parameters summarized in Table 3.
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As already observed in the TMP-screening, an increase in TMP leads to a higher perme-
ate flow rate, although the magnitude is less pronounced than the influence of temperature.
In general, a pressure increase will at last lead to a limiting pressure where a further increase
will not enhance the permeate flux any further. This is among others explained by the
osmotic pressure model since the application of higher pressure leads to a further increase
of the concentration of the solute near the membrane that is higher compared to the bulk
concentration. As a result the increased concentration at the membrane surface reduces
the driving force (pressure difference) and thus limits the permeate flux [35]. The TS40
responds most strongly to an increase in TMP (1.6-fold), the effect is least pronounced with
the NFG. This supports the hypothesis formulated during the TMP-screening, that the
membrane structure of the NFG might impede mass flow. For the NFG the increased TMP
also has an adverse effect on retention. The TMP increase from 2 to 3 MPa results in an
initial reduction in retention of approximately 13%, with a final difference of 7% at the VCR
of 2.25. For the other four membranes, retention remains at a consistent high level.

As the three membranes SR3D, TS40 and XN45 withstand the combination of in-
creased temperature and increased TMP, the combined effect of both parameters could be
investigated. It was shown that the combination results in the greatest influence on the
permeate flux as expected. With the TS40, the flux triples without changes in retention. For
the XN45, the temperature and TMP increase results in a 2.7-fold increase in flux and only a
slight decrease in retention of approximately 3.6%. The rejection of the SR3D is unchanged
and the flux increased by a factor of 2.6.

In the last part of the parameter study, lactose was concentrated in three stages
from 25 g/L to approximately 170 g/L. These experiments were carried out based on
the results of the previous trials, i.e., since the temperature within the examined range
had the greatest flux-improving effect without any significant reduction in retention, the
process was realized at 45 ◦C (Table 3). Additionally, the solubility of lactose at 20 ◦C is
rather low (15.9 wt%) compared to other sugars which could impede the concentration
process. With rising temperatures there is a strong increase in solubility so that from this
point of view it is favorable to work at as high temperatures as possible [36]. Since the
membranes from Synder Filtration (NFS; NFG) do not have such a high pressure stability
at high temperatures, the lactose was concentrated at 2 MPa while with the other three
membranes at 3 MPa. The results are summarized in (e) and (f) of Figure 4. Generally,
the curves of all membranes are similar. As expected, in the course of concentration the
flux continuously decreases due to an increase in osmotic pressure, as described by several
authors [11,12,15]. Di Giacomo et al. [36] have shown that the osmotic pressure is not much
influenced by the temperature but strongly depended upon the concentration. Thus, the
osmotic pressure determines the maximum possible concentration that can be reached
with NF as the driving force of pressure difference is finally equalized by the osmotic
pressure of the feed. In addition, it can be seen that the curves of the three sub-trials fit
very well together and draw a plausible overall curve of the permeate flux in dependency
of increasing lactose concentration. This also means that no fouling layer has formed in
the course of concentration [11], since the flux at the end of one sub-trial corresponds to
the one at the beginning of the following sub-trial. So it can be concluded that the driving
forces that determine the flux curve are mainly the increasing osmotic pressure and the
concentration polarization effects. The fact that the flux decreases to a similar extent for all
five membranes also is an indication that the increasing osmotic pressure and concentration
polarization due to increasing lactose concentration are primarily responsible. Towards
the end of the concentration, when a lactose concentration of approximately 170 g/L has
been reached, the flux is reduced by around 80% compared to the initial value at 25 g/L,
with only very small differences of around 79% for the SR3D and a maximum of 83% for
the NFG.

Furthermore, the retention curve of the NFG membrane indicates that the higher
lactose concentration on the membrane surface due to concentration polarization leads to
an improved retention. Since the concentration ratios build up by concentration polarization
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are reset at the beginning of each sub-trial, and thus a higher part of the lactose permeates
at the beginning of each trial, the NFG does not show a consistently stable retention
throughout the three sub-trials. In contrast, the other membranes provide a constantly high
lactose rejection of ≥93%, which tends to improve by an average of 2% with increasing
degree of concentration.

As an intermediate conclusion, it can be stated that the NFG is not suitable due to
the poor lactose retention. The other four membranes all have similarly high lactose
retentions, so that the decision which membranes to be used for the scale-up was based on
the permeate fluxes. Since the TS40 had the lowest flows, it was not considered any further.
The SR3D would be a very interesting candidate, but KOCH Membrane Systems currently
does not offer 1812′′ spiral wound membranes, so that tests on a semi-pilot scale were not
feasible and this circumstance points out another challenge researcher are faced with when
membrane screening trials are planned. In conclusion, the scale-up was performed with
the NFS and XN45, also because these two membranes differ in their MWCO which could
have a varying outcome during the concentration of whey permeate.

3.3. Scale-Up and Performance Using Industrial Feeds

Two issues were the focus of the scale-up: First, comparison and evaluation of the
results gained with the flat-sheet screening module with those of an 1812′′ spiral wound
module. Second, it should be evaluated to what extent the data obtained using the lac-
tose model system is in agreement with the data when whey permeate is concentrated,
because the whey permeate contains a large number of different components in addition
to lactose as stated earlier, which influence the three above mentioned thermodynamic
driving forces. Moreover, since in literature it is also described that NF membranes par-
tially retain ions [11,12,14,15], this point was also evaluated using ion quantification and
conductivity measurements.

3.3.1. Comparison of Module Performance

In Figure 5, the results of the concentration of the lactose model system using the
flat-sheet membrane are compared with those using the spiral wound module. As expected
for both membranes, the permeate flow rate through the spiral wound membrane is lower
than through the flat-sheet membrane. Räsänen et al. [12] also compared four commercial
NF membrane performances with flat-sheet trials and spiral wound modules and made
comparable observations. The reason might be due to the different prevailing cross-flow
conditions in the respective modules, different thickness of boundary layers, as the spiral
wound module might offer a bigger resistance to the feed flow due to its multi-layered
structure and the integrated spacers amplifying the effects of concentration polarization.
However, van Gauwbergen et al. stated that geometry of the channel has little impact
compared to the dominating effects of the spacer on the hydrodynamics [37]. It was shown
that existing dead zones in spiral wound modules enhance local concentration polarization
and result in a reduction of the overall membrane performance [37]. When the percentage
drop in permeate flow over the course of the concentration at similar lactose concentrations
is compared, the NFS shows a reduction of approximately 82% which is in very good
agreement with that in the flat-sheet tests. The rejection values correspond equally well.
In contrast, the use of the spiral wound module of the XN45 resulted in an approximately
11% reduced retention.

These results underline the need for scale-up experiments with drastically increased
membrane areas, use of spacer and thus different hydrodynamics and/or modules closed to
the ones used in industry, since filtration experiments with flat-sheet membranes have some
potential weaknesses [12,38,39] as described in more detail below. Although [12] observed
comparable retentions for flat-sheet as well as spiral wound modules, Schipolowski et al. [38]
discussed and summarized critically the shortcomings of flat-sheet trials that are mainly due
to a small effective membrane area and differences in test and flow conditions. Additionally,
a certain heterogeneity in the membrane material and active layer as a result of the produc-
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tion process of the membrane cannot be avoided so that membrane manufacturers usually
state the permeability of the membrane within a range of ±15–20% around the nominal
value [20,38]. This fact might be one of the reasons why for NF membranes ranges for the
MWCO are given, because the molecules and compounds that are to be separated with
NF membranes are relatively small and therefore smaller fluctuations in the membrane
structure might already have an influence on the membrane performance in terms of per-
meate flow and retention. When the available filtration area of flat-sheet membranes is
limited, differences within the membrane structure can have a higher impact on the results,
compared to spiral wound modules where the heterogeneity of the membrane structure is
averaged over a larger area. However, Schipolowski et al. stated, that an increase in the
filtration area through larger test cells does not necessarily alter the reliability since the
production conditions for a nearby membrane area tends to produce a rather homogeneous
membrane structure [38]. In the test setup applied in this study, the spiral wound module
has an area that is almost 38 times larger than the tested flat-sheets. Taking into account
the stated MWCO of the XN45 with 300–500 Da, the determined retentions of the 1812′′

spiral wound module seem quite plausible and suggest that the flat-sheet membrane batch
covered presumably the lower MWCO range and therefore gave a higher lactose retention.
As seen in the parameter studies for the NFG as an example for a looser membrane and in
accordance with the literature [31,32], temperature can have a distinct effect on retention.
Although this was not seen in the parameter studies for the XN45 may be due to the tighter
membrane structure of the flat-sheet batch, it was seen with the spiral wound module.
Therefore, for the XN45 the concentration using the spiral wound module was repeated
at 20 ◦C. As a result, the retention was improved by almost 9%, so that these adapted
operating parameters were used for the subsequent concentration of the whey permeate.
As already discussed, this led to a reduced permeate flow. At both temperatures, 20 ◦C and
45 ◦C, the flux decline with the XN45 was less pronounced during the concentration than
with the NFS. Precisely at 45 ◦C by about 71% and at 20 ◦C by approximately 73% although
the reduction of temperature went along with an improvement in retention. It is assumed
that this could be a result of the slight lactose permeation that might affect the concentration
polarization layer on the membrane surface, although this was not observed with the NFG
in the parameter studies, in which even more lactose passed into the permeate during the
course of the concentration. On the other hand, the initial permeate flux curve in the course
of concentration for the NFG was relatively steep, which makes comparability difficult.
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Overall, after comparing the membrane performance of flat-sheet membranes and
spiral wound membranes, it can be stated that flat-sheet membrane tests are well suited for
preliminary investigations and a pre-selection, and in particular for a relative comparison
of different membranes within the same test setup. Especially because in literature there
are only scattered results with one [3,11,15] or up to four membranes [12]. However, it is
usually difficult or impossible to compare the self-acquired data with those in the literature,
since the experimental setup shows distinct differences for instance due to different test
cells, plant construction and operating parameters. Therefore it was the aim of this study to
give a relative comparison of ten membranes using the same test conditions. To finally be
able to give reliable statements about the membrane performance, it is necessary to carry
out tests with a larger filtration area, i.e., with spiral wound modules, since the production-
related heterogeneity of the polymers will be statistically balanced with a larger filtration
area. In particular, if the differences between the membrane performances of the flat-sheet
membranes are only small, an adjustment using spiral wound modules is recommended.
The “gold standard” would be using those modules and sizes that will be applied in the
later industrial process, but as this is often not feasible, it is a good compromise for an
approximation to use smaller module sizes where at least the flow conditions and retention
might be comparable [38].

3.3.2. Concentration of Industrial Whey Permeate

Another objective of this study was to verify to which extent the selected approach,
initially carrying out the membrane screening with a lactose model system instead of whey
permeate, is advisable and appropriate and where there might be potential limitations.

In Figure 6 the permeate flux and the retention in the course of concentration of whey
permeate are compared to that of the lactose model solution. For both membranes the
lactose rejection is in very good agreement with the model system. The basic course of
the permeate flux curves also agree well with the model system. Furthermore, the curves
progress evenly, regardless of the subdivision into two sub-trials. This indicates that the
remained proteins and peptides, which are still present in small amounts in the whey
permeate (Table 1) because they cannot be retained by the 10 kDa UF membrane, do not
build up a pronounced gel or fouling layer that would lead to a reduction in the flux as this
was observed by [15] during the NF of sweet whey. However, in a long term process the
formation of a gel layer might occur due a slowly but continuous accumulation of proteins
and peptides which impairs the membrane performance. Therefore, it is recommended
to conduct experiments for a much longer period of time with industrial feed in order to
evaluate the long-term performance of the membrane and the process.

The fact that the permeate flux curves of the whey permeate and the lactose model
system are not congruent is probably due to the high ion content of the whey permeate
that affect the osmotic pressure of the feed. Timkin and Lazarev [40] have experimentally
determined the osmotic pressure of a milk permeate and a lactose solution. Although the
amount of lactose (4.5%) was much higher than the amount of ions (0.62%) the osmotic
pressure of the milk permeate was approximately double as high as of the lactose solution
indicating a pronounced effect of the milk ions on the osmotic pressure [40]. Since the
osmotic pressure of the feed reduces the driving force of the process, this leads to a reduced
permeate flow.

As shown in Figure 7, the conductivity increases in the course of concentration both in
the retentate and in the permeate, with the conductivity in the retentate being significantly
higher than that of the permeate right from the start. This means that in addition to the
lactose, some of the ions are also retained and concentrated which was also confirmed by
ion chromatography performed.
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Figure 7. Comparative comparison of the course of conductivity in retentate and permeate during
the concentration of lactose in whey permeate with XN45 and NFS membrane.

In Figure 8 the retentions of the analyzed ions are visualized. In accordance with
literature, the divalent ions are almost completely (XN45) or completely (NFS) retained,
while monovalent ions partially pass through the membrane. A special case are the chloride
ions that show a negative retention due to the well-known Donnan effect. As the divalent
anions cannot pass the membrane and thus the electrochemical potential increases on the
feed side during the concentration, the monovalent chloride ions, as they are able to pass
the membrane, are especially forced to permeate in order to equalize this state aiming
towards an electro neutrality, even against its concentration gradient [11,14,15]. Finally, the
observed chloride concentration in the permeate is higher than in the feed. Additionally, the
increase in conductivity of the permeate and the course of retentions of ions demonstrate
that increasing salt concentrations lead to a decrease in the retention of the ions due to
electrostatic interactions [14,15,26]. Both in Figures 7 and 8 can be seen that the ion retention
is less pronounced with the XN45 and thus a higher percentage of ions passes through
the membrane. This results in a stronger partial demineralization in the course of lactose
concentration compared to the NFS.

68



Membranes 2023, 13, 173

Membranes 2023, 13, x FOR PEER REVIEW 19 of 23 
 

 

Figure 7. Comparative comparison of the course of conductivity in retentate and permeate during 

the concentration of lactose in whey permeate with XN45 and NFS membrane. 

In Error! Reference source not found. the retentions of the analyzed ions are 

visualized. In accordance with literature, the divalent ions are almost completely (XN45) 

or completely (NFS) retained, while monovalent ions partially pass through the 

membrane. A special case are the chloride ions that show a negative retention due to the 

well-known Donnan effect. As the divalent anions cannot pass the membrane and thus 

the electrochemical potential increases on the feed side during the concentration, the 

monovalent chloride ions, as they are able to pass the membrane, are especially forced to 

permeate in order to equalize this state aiming towards an electro neutrality, even against 

its concentration gradient [11,14,15]. Finally, the observed chloride concentration in the 

permeate is higher than in the feed. Additionally, the increase in conductivity of the 

permeate and the course of retentions of ions demonstrate that increasing salt 

concentrations lead to a decrease in the retention of the ions due to electrostatic 

interactions [14,15,26]. Both in Error! Reference source not found. and Error! Reference 

source not found. can be seen that the ion retention is less pronounced with the XN45 and 

thus a higher percentage of ions passes through the membrane. This results in a stronger 

partial demineralization in the course of lactose concentration compared to the NFS. 

 

(a) (b) 

 

(c) (d) 

Figure 8. Retention of ions during concentration of lactose in whey permeate; (a) cations, membrane:
XN45; (b) cations, membrane: NFS; (c) anions, membrane: XN45; (d) anions, membrane: NFS.
Operation parameters summarized in Table 3.

Precisely, looking at the removal of single ions in dependency of the used membrane
the following picture is drawn—lactic acid: 51% with the XN45 versus 20% with the NFS;
chloride: 93% versus 70%; sodium: 42% versus 26% and potassium: 38% versus 24%. In
turn this could explain why the permeate flux curves of the lactose and whey permeate
feeds using the XN45 are in better agreement than the curves of the NFS. Since the soluble
ingredients, especially lactose and ions, determine the osmotic pressure of the feed [19], the
deviations between the curves increase in the course of concentration. Overall, it can be
concluded that the course of the flux as the lactose is concentrated is basically a function
of the concentration polarization effects, which in turn are determined by the osmotic
pressure [11,35,40]. Thus, the lactose model solution can give a good approximation of the
general membrane performance in terms of permeate flow and retention. However, since
the raw material milk and its specific ionic composition are subject to a certain range of
fluctuation as discussed earlier, trials with industrial whey feeds are necessary for a final
evaluation and set-up of the whole process.

Another factor that might be relevant for the design of the process is the composition
of the resulting permeate. Especially if for instance legislative specifications regarding the
waste water treatment have to be obeyed or if the permeate is to be used as rinsing water or
for DF in order to economize resources. Figure 9 shows the increase in lactose concentration
in the retentate (y-primary axis) and permeate (y-secondary axis) with raising VCR for
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both feeds. Additionally, the figure visualizes the lactose concentration ratios, i.e., how
they prevail directly at the membrane (permeate at the specific VCR) and how it emerges
within the total cumulative permeate (P_cumulative). With the XN45, a small portion of the
lactose permeates continuously, whereby this increases noticeably with progressive lactose
concentration in the retentate, but is has a less pronounced influence on the cumulative
permeate. When lactose of the model solution was concentrated to approximately 160 g/L,
around 6.2% of lactose passed into the permeate. For whey permeate as feed, the ions
appear to increase the lactose loss due to their concentration polarization enhancing effect,
which is then about 10.4%. In contrast, the NFS exhibits complete retention over a longer
period of time, up to around 80 g/L lactose within the feed. With rising concentrations,
only minimal permeation of lactose takes place, so that for both feeds, the lactose model
system (0.3%) and the whey permeate (0.7%), less than 1% lactose passes through the
membrane and thus the resulting permeate is almost lactose-free and could e.g., be used
for pre-cleaning, DF or other processes within the dairy.
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4. Conclusions

The issue of identifying suitable membranes for an ecologically and economically
efficient process of lactose concentration from whey permeate was realized in three stages
including scale-up. First, 10 polymer membranes as flat-sheets were examined for their
suitability within a TMP-screening, whereas a high to complete lactose retention in com-
bination with a high flux were defined as the decision criterion. These trials were carried
out using a lactose model solution, as whey permeate composition can vary widely, which
could affect the results. Minimal coherence was found between the MWCO specified by the
manufacturers and the maximum achievable flux underlining the necessity of preliminary
trials. The retention of lactose was basically in agreement with the expectation based on the
MWCO. In a second step detailed parameter studies were carried out with five promising
selected membranes in order to investigate the influence and magnitude of the process
variables temperature, TMP and increasing lactose content. Both a TMP increase from 2.0 to
3.0 MPa and a temperature increase from 20 ◦C to 45 ◦C led to significantly higher permeate
fluxes, with the temperature influence being more pronounced and the combination of both
operating parameters achieving the strongest effects. However, some membranes are lim-
ited in terms of their maximum tolerable process conditions, so that the synergistic effects
of temperature and TMP cannot be used for them. With increasing lactose concentrations
in the course of the concentration, there was a steady decrease in flux due to the increase in
osmotic pressure and concentration polarization. In the last scale-up stage the plausibility
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and reproducibility of the results gained with the flat-sheet membranes were verified with
spiral wound modules since flat-sheet results might be limited due to the small filtration
area and diverse flow conditions compared to spiral wound modules used in industry. In
addition, trials were carried out with real, industrially produced whey permeate. It was
shown that the permeate flux values with the spiral wound modules were generally lower
than with the flat sheets. With the NFS, the lactose retention was in good agreement with
the preliminary tests. For the XN45, the retention was lowered with the spiral wound
module at 45 ◦C, whereas a temperature reduction to 20 ◦C was accompanied by improved
retention. The comparison of the membrane performance for the different feeds revealed
that the lactose model solution is very well suited for preliminary studies in order to repro-
ducibly depict the basic behavior of whey permeate. With increasing volume concentration
ratio, there are more pronounced deviations between the flux curves of the model system
and the whey permeate, because ions are also partially retained, which contribute to the
amplification of the concentration polarization phenomena and the osmotic pressure of the
concentrate. The more ions were retained, the more pronounced the differences were. The
choice of membranes should be made depending on the objective which means whether
the focus is more on complete lactose retention or partial demineralization. It could be
shown that both membranes are basically well suited for concentration of lactose up to
about 200 g/L. With the NFS, lactose can be concentrated with a loss of less than 1%, so
that the resulting permeate is almost lactose-free and can be used for instance for upstream
diafiltration steps or for cleaning. In contrast, a higher degree of demineralization can be
achieved with the XN45, which is associated with higher lactose losses. Finally, in order to
implement an ecologically and economically efficient process it is recommended to carry
out trials with (a) industrial whey permeate and (b) performing long-time experiments,
whereby the here presented data might provide a good starting point.
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Abstract: Lactic acid (LA) is an important chemical material facing rapid demand in recent years. The
oriented fermentation of kitchen waste is a promising route for economic LA production. However,
the refinement of LA from fermentation broth is a spiny issue. In this study, the performance of
ultrafiltration (UF) process for the refinement of LA from the pre-microfiltered broth of kitchen waste
fermentation was first investigated. The results showed that with 50 KDa polyethersulfone membrane,
under the optimum pressure of 120 KPa, the pH of 6.0, and the backflushing mode with the deionized
water for 3 min, the best performance was achieved with the chroma removal efficiency, turbidity
removal efficiency, protein removal efficiency and total sugar removal efficiency of 54.3%, 89.8%,
71.7% and 58.5%, respectively, and LA recovery efficiency was 93.6%. The results indicated that the
UF process could further effectively refine the pre-microfiltered broth of kitchen waste fermentation,
and the combination of microfiltration and UF process is ideal for achieving desirable LA refinement
performance. This study verified the feasibility of UF process in LA refinement from pre-microfiltered
broth of kitchen waste fermentation, and based on the results, the further exploration of proper
post-process to treat UF filtrate for obtaining LA product with higher quality should be explored in
the future.

Keywords: kitchen waste; fermentation broth; lactic acid; ultrafiltration; refinement; flushing

1. Introduction

Lactic acid (LA) is one of the organic acids. The chemical formula of the LA is
C3H6O3. It has two optical isomers, Levo and Dextro, making itself a chiral molecule.
L-isomers are commonly present among living organisms. The extended formula of LA
is CH3CH(OH)CO2H, and it has a molar mass of 90.08 g/mol. Currently, as one of the
important chemical materials for industrial applications, such as those related to the
food, tanning, petrochemicals, pharmaceuticals, cosmetics and chemicals industry, LA is
obtained mainly relying on chemical conversion from petrochemical raw material [1]. With
the world’s most urgent mission-carbon neutrality by the middle of the century, as well
as the raised awareness of environmental effects in terms of pollution and greenhouse
effect, the alternative route for LA production is expected [2,3]. Fortunately, it was reported
that LA can be obtained through low-cost fermentation/anaerobic digestion process with
the low-cost biomass [4,5]. However, the refinement and consequent concentration of LA
from fermented broths are challenging due to the relatively low concentration of LA and
complex impurities in the broths [6]. Thus, low cost and concise refinement technologies
are urgently needed [7].

Research progress in the LA refinement was remarkable recently, together with the
detection methods [8,9], and refinement techniques [6,10]. Various methods for refining LA
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from fermented broths were explored, including electrodialysis [11], chemical precipita-
tion [12], ion-exchange [13], solvent extraction [14], distillation [15,16], adsorption [17] and
membrane processes [6,18]. Especially, the membrane-based technology, characterized as
being potentially efficient, cost-effective and eco-friendly, is a promising process [19].

Until now, the refinement of LA existing in the fermented broth was successfully
conducted by the nanofiltration (NF) and reverse osmosis (RO) processes [20,21]. However,
the pre-treatment of fermented broth is requested due to the high turbidity of broth, which
cannot be directly fed to the spiral-wound membrane modules of the NF and RO processes.
Commonly, the microfiltration (MF) and ultrafiltration (UF) processes, deemed as the
best pre-treatment strategies for removing most components (such as particles, colloids,
bacteria and high molecular mass organic matter) causing the membranes fouling [21], can
effectively achieve this goal [20,22,23].

Food waste (FW), the main composition of municipal solid waste (MSW), accounts
for 37–62% of MSW with a rapid increase trend in China and approximately 12–30% in
some developed countries such as USA and UK [24]. Thus, FW is a promising source
for energy and resource recovery, due to its high organic content [25]. In recent years,
fermentation technology was adopted to recycle the FW through the production of many
high-value products such as LA and alcohols existing in the fermented broths [26]. It
seemed that the membrane process could be utilized to refine the fermented broth to obtain
the high-value-added LA product. However, a concern was that the impact of fermented
broths on membrane fouling is several times larger compared to that of the surface water
and seawater [27].

In the author’s previous lab-scale research, the MF filtration of the kitchen waste (KW)
fermentation broth was conducted. After MF filtration, most of the suspended particles
and bacteria in the broth were effectively removed. However, there are still many soluble
macromolecular organic impurities in the MF permeate, such as protein substances and
residual total sugars. Among them, due to the Maillard reaction, substances such as sugar
and protein will produce brown or even black substances, which seriously affects the
quality of LA products [28]. UF is a purification process that separates particulate matter
from soluble compounds using an ultrafine membrane media. Ultrafiltration is an excellent
separation technology for desalination pretreatment, reverse osmosis pretreatment, and
wastewater reclamation, as well as for producing potable water. Like MF, UF is based
on size exclusion or particle capture. UF can purify and concentrate macromolecular
(103–106 Da) solutions, especially protein solutions. Therefore, it is desirable to use UF
process to further refine the MF permeates to improve the LA purity.

Thus, in this study, the refinement of pre-microfiltered broth of kitchen waste fer-
mentation was explored through the UF process. Firstly, the refinement performance
of four different UF membranes on the simulated broth was compared for selecting the
proper UF membrane type. Then, the selected UF membrane was adopted to refine the
actual pre-microfiltered broth, and the effect of different operating pressures (0.08 MPa,
0.10 MPa, 0.12 MPa, 0.14 MPa) and different pH (5, 6, 7, 8) on refinement performance
were investigated to optimize the operation parameters. Finally, the recovery efficiency
of pure water flux of UF membrane under different cleaning modes, cleaning agents and
cleaning time was conducted to obtain the optimal scheme for UF membrane cleaning.
In addition, the 10 filtration-cleaning cycles were continuously carried out to investigate
the effect of cleaning times on the treatment performance of UF membrane. Under each
condition, the chroma removal efficiency (CRE), the turbidity removal efficiency (TRE),
total sugar removal efficiency (SRE), protein removal efficiency (PRE) and LA recovery
efficiency (LRE) were investigated.
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2. Materials and Methods
2.1. Fermented Broth
2.1.1. The Pre-Microfiltered Broth

The broth was obtained through the fermentation of KW. KW was collected from
the HongboYuan dining hall, located in the University of Science and Technology Beijing,
China. The collected KW was manually homogenized by first sorting out the coarse
impurities, such as the hard bones, plastic bags, paper towels and other impurities, and
then placed into the meat grinder for mixing well. Then, the KW serum was transferred into
the self-sealing bag, and stored at −20 ◦C freezer [29]. After thawing, tap water was added
to the KW serum with the ratio of 1:1 (w/v) ratio to adjust the total solids concentration.
The LA bacteria adopted were Montessori Enterococcus CGMCC 22227, with the inoculation
ratio of 10%, the fermentation temperature of 43 ◦C and the pH of 6.8–7.0 controlled by
NaOH solution (10 mol/L) every 12 h.

After the 84 h of fermentation, the fermentation remnant was centrifuged by centrifuge
(Hunan Hexi Instrument Equipment Co., Ltd., Changsha, China) (speed 12,000 rpm, cen-
trifugation 10 min). After centrifugation, the bottom sedimentary substance and the upper
oily substance were abandoned to obtain the raw broth. The raw fermented broth had a pH
of 6.2–6.3, an LA content of 63.96 g/L, a chroma of 1137 Hazen, a turbidity of 175 NTU, a
protein content of 0.21 g/L and a total sugar content of 3.33 g/L. Finally, the raw fermented
broth was pre-treated by the MF process under the condition of the optimum pressure of
100 KPa, the pH of 6.0, and the backflushing mode with the deionized water for 3 min, and
the obtained MF filtrate was the pre-microfiltered broth in this research with an LA content
of 58.78 g/L, a chroma of 445.7 Hazen, a turbidity of 9.8 NTU, a protein content of 0.08 g/L
and a total sugar content of 2.14 g/L.

2.1.2. The Simulative Broth

To ensure the stability of the properties of the broth for comparison and selection of UF
membranes, this study was equipped with simulative broth with reference to the previous
research of our group. The simulative broth was prepared as follows: LA (47.9 g/L), bovine
serum protein (2.5 g/L), glucose 3 g/L.

2.2. Experimental Apparatus

The UF apparatus adopted in this experiment was in a filtration cup configuration
with a removable flat membrane structure (Shandong Bona Biotechnology Co., Ltd., Jinan,
China), and the apparatus is shown in Figure 1. The magnetic stirring component was
equipped to mix the liquid when conducting the filtration, and the nitrogen gas from the
nitrogen gas cylinder (Beijing Huanyu Jinghui Gas Co., Ltd., Beijing, China) was used to
force the fermented broth to pass through the membrane. The hydrophobic effect between
the membrane surface and the proteins was deemed to be the dominant factor causing
membrane fouling by the adsorption of proteins on the membrane. Thus, more hydrophilic
membranes are usually favored [27]. In preliminary experiment, the MWCO range of
under 150 KDa was proved to be reasonable for obtaining the desirable impurities, and
so, based on the accessibility and cost, the 30 KDa, 50 and 100 KDa were selected. The
four hydrophilic UF membranes were regenerated cellulose (RC) membranes (Shandong
Bona Biotechnology Co., Ltd.) with a molecular weight cut off (MWCO) of 30 KDa (RC-30),
50 KDa (RC-50) and 100 KDa (RC-100), respectively, and polyethersulfone (PES) (Shandong
Bona Biotechnology Co., Ltd.) membranes with a molecular weight of 50 KDa (PES-50) (In
preliminary experiment, the 30 KDa PES and 100 KDa were also investigated. However, for
the 30 KDa PES, the membrane flux was very low, and the blocking was serious. For the
100 KDa PES, the impurities removal efficiency was too poor. Thus, in this experiment, the
30 KDa PES and 100 KDa were excluded).
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Figure 1. The illustration of the filtration configuration.

During the experiment, the UF membrane was set in the filtration cup, and then, a
certain amount of fermented broth was loaded into the filtration cup, and the magnetic
stirrer below was turned on at the speed of 600 rpm. Then, the nitrogen cylinder connected
to the filtration cup was opened. By adjusting the pressure, the filtration was performed
until the outflow velocity of the liquid was less than 0.2 mL/min.

When the UF membrane was not in use, it was stored in a container filled with
desiccant. After use, it was kept in a wet state in 0.5% formaldehyde solution. It was soaked
in deionized water for 1 h before each use.

2.3. Analysis Items and Methods
2.3.1. Turbidity and Chroma

The turbidity and chroma of the broth were analyzed by the water quality analyzer
(Beijing Lianhua Yongxing Science and Technology Development Co., Ltd., Beijing, China).
The TRE and the CRE are calculated, as shown in Equations (1) and (2) [28].

TRE =
Cn0 − Cn

Cn0
× 100 (1)

where Cn is the turbidity of the filtered transmissible fluid, NTU; Cn0 is the turbidity of the
fermentation broth before filtration, NTU.

CRE =
Ch0 − Ch

Ch0
× 100 (2)

where Ch is the chromaticity of the filtered liquid, Hazen; Ch0 is the chromaticity of the
fermentation broth before filtration, Hazen.

2.3.2. The Mass of LA

The determination of LA in broths was performed by high performance liquid chro-
matography (Shimadzu Corporation, Kyoto, Japan).

The samples were centrifuged in a 12,000 r/min for 10 min, and the supernatant
was filtered by a 0.22 µm membrane before determination. The shodex Sugar SH1011
liquid chromatography columns (8.0 mm × 300 mm) and the RID detector were adopted.
Chromatographic conditions were column temperature: 60 ◦C; mobile Phase: 5 mM H2SO4;
flow rate: 1.0 mL/min; injection volume: 10 µL.

The calculation formula for the LRE is shown in Equation (3) [28].

LRE =
C′LV′

CL0V0
× 100 (3)

where C′L is the LA concentration of the fermented broth after filtration, g/L; V′ is the
product of fermented liquid after filtration, L; CL0 is the LA concentration of fermentation
broth before filtration, g/L; V0 is the product of fermentation liquid before filtration, L.
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2.3.3. The Mass of Proteins

Proteins were determined using the Coomassie Brilliant Blue G-250 method. The PRE
is calculated, as shown in Equation (4) [28].

PRE =
Cp0 − Cp

Cp0
× 100 (4)

where Cp is the protein concentration in the filtered solution, g/L; Cp0 is the protein
concentration in fermentation broth before filtration, g/L.

2.3.4. The Mass of Total Sugars

The determination of total sugars in the fermentation broth was carried out by the
phenol-sulfuric acid method. The SRE is calculated, as shown in Equation (5) [28].

SRE =
Cs0 − Cs

Cs0
× 100 (5)

where Cs is the total sugar concentration in the filtered permeable solution, g/L; Cs0 is the
total sugar concentration of fermentation broth before filtration, g/L.

2.3.5. Membrane Flux

Membrane flux was defined as the volume of liquid that permeates a membrane per
unit area per time. The flux calculation formula is shown in Equation (6) [28].

Flux
(

mL/min×m2
)
=

V
t× A

× 100 (6)

where V is the filtrate, mL; t is the filtration time, min; A is the membrane area, m2.

2.3.6. The Membrane Cleaning Performance

The membrane cleaning performance was expressed by the membrane pure water
flux recovery efficiency (FRE), which was calculated based on Equation (7) [28]

FRE =
Jw − J f w

J0 − J f w
× 100 (7)

where J0 is pure water permeation flux before membrane use, L/m2/h; Jfw is pure water
permeation flux after membrane contamination, L/m2/h; Jw is pure water permeation flux
after membrane cleaning, L/m2/h.

3. Results
3.1. Comparison and Selection of UF Membranes

At the room temperature of about 25 ◦C, and under the operating pressure of 120 KPa,
four kinds of UF membranes were used to treat the simulative broth separately. The SRE,
PRE and LRE were compared to select the suitable UF membrane for the refinement of LA
from the pre-microfiltered broth.

Under different pressures, the pure water flux of the four UF membranes changed, as
shown in Figure 2a, and with the increase in the operating pressure, the pure water flux of
the four membranes showed a linear upward trend. Under the same pressure, the pure
water flux of the PES-50 membrane was significantly higher than that of the other three
kinds of UF membranes, which indicated that the permeability of the PES-50 membrane was
higher, and the membrane resistance was lower. It was explained by the hydrophobicity
of RC membrane exceeding that of the PES membrane with the increase in pressure, as
the higher the pressure, the more hydrophobic the membrane became [30]. When the
simulative broth was filtered with four kinds of UF membranes, the performance of each
membrane was shown in Figure 2b. The PREs were between 97.6% and 98.9%, which
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showed that the UF membrane had a very good removal performance for macromolecular
proteins. Meanwhile, for the RC membrane, the PRE increased with the decrease in pore
size, but the overall change range was very small, i.e., within 1%. Like protein, the SRE
also increased with the decrease in pore size, but compared with the PRE, it was evident
that the removal performance of UF membrane on total sugar was weak, i.e., between
5.9% and 37.0%. This was because the pore size determines the separation performance of
UF: the UF process can effectively separate macromolecular substances (such as proteins),
while most of the small molecular substances (such as glucose) will pass through the UF
membrane [31,32]. For LA recovery, it was found that with the decrease in pore size, LRE
showed a linear downward trend, and the decline was evident. For the PES-50 membrane,
it was found that the SRE was 34.6% under the same MWCO, which was significantly
higher than the RC-50 membrane (its SRE was only 12.2%). The RC-100 membrane had
the lowest SRE, which indicated that the most sugar in the broth had lower MWCO. At
the same time, the PES-50 membrane had the best PRE of 98.9%, while LRE of 90.1% was
slightly lower than that of the RC-50 membrane (90.4%). Comprehensively, considering
that the PES membrane had a high SRE and PRE, and the desirable LRE, PES-50 was finally
selected for refining LA broth of KW fermentation.
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Figure 2. The selection of ultrafiltration membrane type: (a) the pure water flux of four kinds of
ultrafiltration membrane under different operating pressure; (b) the filtration performance of four
kinds of ultrafiltration membrane for protein, total sugar and lactic acid in simulated broth.

3.2. The Effect of Operating Pressure on LA Refinement Performance

After the PES-50 membrane was selected, the actual pre-microfiltered broth was tested.
To investigate the effect of operating pressure on LA refinement performance, experiments
were carried out under different operating pressures. The change of membrane flux over
the time was recorded, and the TRE, CRE, PRE, SRE and LRE were analyzed.

3.2.1. The Change of UF Membrane Flux

As observed in Figure 3a, the higher the operating pressure, the higher the membrane
flux. In initial time, the membrane flux decreased rapidly. For this phenomenon, the
reason was inferred as at the beginning of filtration, the broth flowed to the surface of
the membrane driven by the static pressure difference, and the macromolecular solute
accumulated rapidly on the surface of the membrane due to the interception of the mem-
brane. Thus, there existed concentration polarization phenomenon between the surface
of the membrane and the broth, and the concentration polarization layer formed. The
formation of concentration polarization made the resistance increase for broth reach the
surface of the membrane. Thus, membrane flux decreased rapidly. With the filtration
continued, the concentration polarization gradually reached a stable state, and the flux of
the film maintained a stable state [33]. At 25–55 min, it was observed that the downward
trend of membrane flux under four pressure conditions significantly reduced, and the
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membrane flux tended to be stable. When the operating pressure was below 120 KPa, the
higher the operating pressure, the higher the membrane flux. However, when the operating
pressure continued to increase to 140 KPa, the membrane flux basically did not increase,
not even slightly less than the membrane flux under 120 KPa. This may have been due to
the increased pressure caused concentration polarization and blockage of the membrane,
then the formation of the cake layer caused a stable flux [34]. Additionally, the membrane
flux under 120 KPa and 140 KPa was very close and significantly higher than that under
80 KPa and 100 KPa. After 55 min, the membrane fluxed under 120 KPa and 140 KPa,
and began to plummet strictly again, while the membrane flux under 80 KPa and 100 KPa
maintained a slow downward trend. It was probably because during the initial 55 min,
with the high membrane flux under 120 KPa and 140 KPa, after most of the clear liquid
having flowed out through the UF membrane, the concentrations of protein, total sugar
and other substances in the remaining broth were significantly increased, which further
aggravated the UF membrane pollution, and so, the membrane flux decreased rapidly [35].
Therefore, from the perspective of membrane flux, it was more appropriate to choose an
operating pressure of 120 KPa.
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3.2.2. The Removal of Chroma and Turbidity

Before and after filtration, the chroma changes of the pre-microfiltered broth are shown
in Figure 3b. The chroma of the filtrate was between 230–250 Hazen. It was clear that
the CRE increased with the increase in operating pressure, reaching a maximum value of
49.38% under 140 KPa. Overall, the CRE fluctuated slightly. The reason may be that some
macromolecular pigments were removed by the UF membrane, but the remaining pigment
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molecules with a relatively lower molecular weight [36] passed through the UF membrane,
so that the chroma of the filtrate was still relatively high.

Before and after filtration, the turbidity of the pre-microfiltered broth changed, as
shown in Figure 3c. As stated in Section 2.1.1, most of the insoluble particulate matter in
the raw fermentation broth was removed by the pre-MF process, and only a small part
of the particles with smaller particle size remained in the pre-microfiltered broth, which
was further removed by UF membrane. The turbidity of the filtrate was basically between
2.1 and 2.8 NTU, which was extensively lower than that of the feed. With the operating
pressure increased, the TRE of the fermentation broth increased first and then decreased,
but the overall change was small. Under 120 KPa, the turbidity of the filtrate was as low as
2.14 NTU with the TRE of 85.62%.

3.2.3. The Removal of Protein, Total Sugar and the LA Recovery

Under different operating pressures, the refinement performance of UF membrane for
the pre-microfiltered broth is shown in Figure 3d. The PRE increased with the increase in
the operating pressure. However, when the operating pressure was higher than 80 KPa, the
increase in PRE was not obvious, i.e., around 74%. With the increase in operating pressure,
the SRE was basically on the rise, reaching a maximum of 53.77% under 120 KPa. When
the operating pressure further increased to 140 KPa, the SRE reduced to a certain extent,
which was 48.62%. For LA recovery, up to 120 KPa, the LRE increased with the increase in
the operating pressure. Under 120 KPa, the LRE was 94.19%. It was inferred that the higher
the operating pressure, the larger the filtrate and the higher the LRE. When the operating
pressure further increased to 140 KPa, the LRE remained basically unchanged. This was
because when the pressure continued to increase, the membrane flux no longer increased,
and the membrane surface contamination layer was tighter, finally hindering the passage
of LA, resulting in an insignificant change in LA recovery. Considering the PRE, SRE and
LRE, 120 KPa was finally selected as the optimal operating pressure for UF treatment of
pre-microfiltered broth.

3.3. The Effect of pH on UF Performance

In addition to the operating pressure, the pH of the pre-microfiltered broth also had
an impact on the UF process. To further investigate the effect of pH on UF performance,
an HCl solution of 6 mol/L and a NaOH solution of 1 mol/L were used in this study to
adjust the pH of the pre-microfiltered fermented broth to 5, 6, 7 and 8, respectively. UF
experiments were performed under the operating pressure of 120 KPa, and the change of
membrane flux over time was recorded, and the CRE, TRE, PRE and SRE at different pH
were analyzed with the LRE.

3.3.1. The Change of Membrane Flux

From Figure 4a, when the pH of pre-microfiltered broth was fixed, the membrane
flux gradually decreased over time. In the first 50 min, the average membrane fluxes at
pH 5–8 were 12.3 L/(m2·h), 12.8 L/(m2·h), 13. 49 L/(m2·h), 13.77 L/(m2·h), respectively.
Membrane flux increased with the increase in pH. This may have been partly because with
the increase in pH, the repulsion between the functional groups of the membrane increased,
resulting in a certain expansion of the membrane pores, resulting in a larger membrane
flux. It was reported that with the increase in the pH, the membranes show anionic
characteristics [37]. Thus, due to membranes and impurities mostly carrying a negative
charge, electrostatic repulsion is helpful for decreasing fouling [38,39]. After 50 min, it was
found that the membrane flux at pH 7 and pH 8 condition began to gradually decrease,
which was lower than that under other pH conditions. The reason may have been because
when pH increased, some of the substances in the pre-microfiltered broth, such as proteins,
formed aggregates due to attractions of calcium complexes with phosphates and/or lactate
and were deposited on the membrane surface, thereby reducing the membrane flux [40].

81



Membranes 2023, 13, 330

However, in general, although the membrane flux at different pH conditions varied, the
gap was not obvious.
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3.3.2. The Removal of Chroma and Turbidity

Before and after filtration, the chroma changes of the pre-microfiltered broth are shown
in Figure 4b. With the increase in pH, the chroma of the filtrate showed an upward trend,
and the overall CRE showed a downward trend. At pH 6.0, the chroma of the filtrate was the
lowest, i.e., only 220.2 Hazen, and the CRE reached 54.33%. Under different pH conditions,
the turbidity changes are shown in Figure 4c. The turbidity of the pre-microfiltered broth
was about 20 NTU, and the turbidity of the filtrate was basically 2.5 NTU or less. With the
increase in pH of the pre-microfiltered broth, the turbidity of the filtrate showed an overall
upward trend, and the TRE showed a downward trend. At pH 6.0, the turbidity of the
filtrate was the lowest, only 1.89 NTU, and the TRE was 89.76%.

3.3.3. The Removal of Protein, Total Sugar and the LA Recovery

Under different pH conditions, the refinement performance of UF membrane for the
pre-microfiltered broth is shown in Figure 4d. With the increase in pH, PRE and SRE
showed an overall downward trend, but the decline was relatively small. At pH 5, the
PRE and SRE were the highest with the values of 76.84% and 58.86%, respectively, which
indicated that acidic conditions facilitated the removal of protein and total sugar. With
the increase in the pH, the LRE showed a downward trend. The LRE was 94.20% at pH
5.0 and was 92.00% at pH 8.0. This may be because as the pH increased, most of the LA
was presented with the form of ions, which were easily repelled by negatively charged PES
membranes, thereby increasing the LA loss [41]. By comprehensively considering TRE,
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CRE, PRE, SRE and LRE, it was found that lower pH conditions were more favorable for
the UF performance. While considering that under low pH condition, the UF membrane
flux would also decrease to a certain extent, and for achieving low the pH, the cost of
hydrochloric acid regulation would increase, and so, the final choice was determined at
pH 6.0 as the optimal pH condition for UF treatment.

3.4. The Effect of Cleaning Method on Polluted Membrane Recovery
3.4.1. The Influence of Cleaning Mode on Cleaning Performance

In this study, deionized water was first used to clean the contaminated membrane, and
the cleaning performance of four cleaning methods on the contaminated membrane was
investigated. The four cleaning methods were as follows: (i) forward pressurized cleaning
for 3 min, (ii) reverse pressurized cleaning for 3 min, (iii) forward pressurized cleaning for
1.5 min + reverse pressurized cleaning for 1.5 min and (iv) reverse pressurized cleaning
for 1.5 min + forward pressurized washing 1.5 min. The pressure used for cleaning was
100 KPa. The cleaning performance of the four cleaning methods on contaminated UF
membrane are shown in Figure 5.
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From Figure 5a, it was obvious that with the same cleaning time, forward pressurized
cleaning had a better effect than that of reverse pressurized cleaning to relieve membrane
pollution, and the cleaning effect of forward pressurized cleaning + reverse pressurized
cleaning was the worst, slightly lower than that of reverse pressurized cleaning. The reverse
pressurized cleaning + forward pressurized cleaning had the best cleaning performance
with the FRE of 4.13%. However, in general, regardless of which kind of cleaning method
was adopted, the relief of membrane pollution was not desirable, and the maximum FRE
was only 4.13%. Therefore, additional cleaning agents should be considered for enhanced
cleaning effect.

3.4.2. The Influence of Cleaning Agent on Cleaning Performance

Four cleaning agents were selected to further clean the contaminated membrane. It
was reported that the concentration of cleaning chemicals is important to maintain the
optimum reaction rate and overcome the mass transfer resistance of fouling layers [42]. The
four cleaning agents were deionized water, 1% HCl, 1% NaOH and 1% NaClO; the cleaning
method was first deionized water forward pressure cleaning for 3 min, then cleaning agent
reverse pressurized for 3 min with the cleaning pressure of 100 KPa. The performance of
four kinds of cleaning agents on UF membrane pollution are shown in Figure 5b. The FRE
with deionized water was the worst, only 4.19%, which was 50% of that with HCl. The
cleaning performance of NaOH was obviously better than that with HCl, and the FRE was
31.17%. NaClO had the best cleaning effect with FRE reaching 81.19%, which was much
higher than the other three cleaning agents. The reason may be that as membrane pollution
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was mainly caused by organic matter, the NaClO pair had strong oxidation, which could
oxidize and remove most organic pollutants [43]. Therefore, 1% NaClO was finally selected
as the cleaning agent. In addition, it should be mentioned that while chemical cleaning
is an effective operation, it may be harsh to the membrane and damage the membrane
material, resulting in reduced membrane lifetime and selectivity [44].

3.4.3. The Influence of Cleaning Time on Cleaning Performance

After the cleaning agent was selected with 1% NaClO, to further improve the cleaning
efficiency, this section investigated the effect of cleaning time on cleaning effect. As shown
in Figure 5c, within the first 3 min of cleaning, the FRE increased significantly with the
increase in cleaning time, and when the cleaning time was 30 s, the FRE was only 16.22%,
and when the cleaning time reached 3 min, the FRE increased to 81.19%. However, when
the cleaning time further increased to 5 min, the FRE was 84.43%, which was slightly higher
than that at 3 min. It was also reported that FRE increased by increasing the cleaning time.
However, the FRE slowly decreased due to the limited chemicals to dissolve the deposited
layer [45]. The other study also showed that FRE did not depend on the cleaning time, and
short intensive cleaning was better than long comprehensive cleaning [46]. Therefore, to
save cleaning time and the amount of cleaning agent, the more reasonable cleaning time in
NaClO cleaning method was determined to be 3 min.

3.4.4. Membrane Surface Morphology Analysis

As shown in Figure 6, the surface morphology changes of the UF membrane observed
through scanning electron microscopy were determined. The surface of the new UF
membrane was smooth and basically free of particulate matter. There were obviously much
particulate contaminants on the surface of the contaminated UF membrane, and most of the
pollutants had a small particle size of about 0.5 µm. After cleaning with 1% NaClO solution,
the surface pollution of the membrane was basically relieved, which fully indicated that
NaClO had a significant removal effect on the surface of the UF membrane. No matter
the dead-end or the crossflow UF, the membrane fouling was related to the feed feature,
such as the impurity’s concentration, and the filtration time. In this research, although
the dead-end UF was adopted, the magnetic stirring component was equipped to relief
the fouling. The increase in the concentration of solution was reflected in the membrane
performance, which was same to the feed with high concentration.

Membranes 2023, 13, x FOR PEER REVIEW 11 of 16 
 

 

strong oxidation, which could oxidize and remove most organic pollutants [43]. There-

fore, 1% NaClO was finally selected as the cleaning agent. In addition, it should be men-

tioned that while chemical cleaning is an effective operation, it may be harsh to the mem-

brane and damage the membrane material, resulting in reduced membrane lifetime and 

selectivity [44]. 

3.4.3. The Influence of Cleaning Time on Cleaning Performance 

After the cleaning agent was selected with 1% NaClO, to further improve the clean-

ing efficiency, this section investigated the effect of cleaning time on cleaning effect. As 

shown in Figure 5c, within the first 3 min of cleaning, the FRE increased significantly with 

the increase in cleaning time, and when the cleaning time was 30 s, the FRE was only 

16.22%, and when the cleaning time reached 3 min, the FRE increased to 81.19%. However, 

when the cleaning time further increased to 5 min, the FRE was 84.43%, which was slightly 

higher than that at 3 min. It was also reported that FRE increased by increasing the clean-

ing time. However, the FRE slowly decreased due to the limited chemicals to dissolve the 

deposited layer [45]. The other study also showed that FRE did not depend on the cleaning 

time, and short intensive cleaning was better than long comprehensive cleaning [46]. 

Therefore, to save cleaning time and the amount of cleaning agent, the more reasonable 

cleaning time in NaClO cleaning method was determined to be 3 min.  

3.4.4. Membrane Surface Morphology Analysis 

As shown in Figure 6, the surface morphology changes of the UF membrane observed 

through scanning electron microscopy were determined. The surface of the new UF mem-

brane was smooth and basically free of particulate matter. There were obviously much 

particulate contaminants on the surface of the contaminated UF membrane, and most of 

the pollutants had a small particle size of about 0.5 μm. After cleaning with 1% NaClO 

solution, the surface pollution of the membrane was basically relieved, which fully indi-

cated that NaClO had a significant removal effect on the surface of the UF membrane. No 

matter the dead-end or the crossflow UF, the membrane fouling was related to the feed 

feature, such as the impurity’s concentration, and the filtration time. In this research, alt-

hough the dead-end UF was adopted, the magnetic stirring component was equipped to 

relief the fouling. The increase in the concentration of solution was reflected in the mem-

brane performance, which was same to the feed with high concentration.  

 

Figure 6. The surface observation of the microfiltration membrane by SEM instrument: (a) the new 

membrane; (b) after the blocking; (c) after the flushing with 1% NaClO. 

3.5. The Effect of Cleaning Cycle on UF Membrane Performance 

After the cleaning agent and cleaning method were determined, the 10 cycles of UF 

experiment were carried out. Each cycle ran for 30 min and the change of membrane flux 

over time was recorded. After the filtration was completed, the UF membrane was rinsed 

Figure 6. The surface observation of the microfiltration membrane by SEM instrument: (a) the new
membrane; (b) after the blocking; (c) after the flushing with 1% NaClO.

3.5. The Effect of Cleaning Cycle on UF Membrane Performance

After the cleaning agent and cleaning method were determined, the 10 cycles of UF
experiment were carried out. Each cycle ran for 30 min and the change of membrane flux
over time was recorded. After the filtration was completed, the UF membrane was rinsed
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with 1% NaClO. The pure water fluxes of the UF membrane in each cycle were recorded,
the treatment performance of each filtration cycle was analyzed, as shown in Figure 7a–e.
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From Figure 7a, the membrane flux decreased with the increase in the filtration cycle.
However, from circle two to six, the membrane flux decreased significantly. The average
membrane flux was maintained at around 10.1 L/(m2·h), the effectiveness of the cleaning
effect of NaClO was fully demonstrated. However, from the seventh cycle, the membrane
flux began to decline sharply, and the trend of the pure water flux of the membrane was
also the same, as shown in Figure 7b. When the cycles of membrane cleanings were less
than six, the pure water flux was basically maintained at 180–190 L/(m2·h). However,
when the cycles of cleanings were more than six, the pure water flux of the membrane
began to decline rapidly. After 10 cycles, the membrane had a pure water flux of only
94 L/(m2·h), which was 41% of the pure water flux of the new membrane. The reason
for this may be that NaClO caused some damage to the membrane pores, resulting in a
decrease in membrane flux [44].

Under different filtration cycles, the TRE and CRE are shown in Figure 7c,d. After
filtration, the turbidity of the filtrate was basically below 2 NTU. Although the TRE fluctu-
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ated, it was basically between 90% and 95%, and the variation was small. The CRE showed
an overall upward trend with the increase of the cycles, basically maintaining between 50
and 60%, and in the ninth cycle, the CRE reached the highest value of 58.61%.

Under different filtration cycles, the PREs and SREs from the fermentation broth are
shown in Figure 7e. The PREs were basically between 64% and 69% in the first eight cycles.
From the eighth cycle, the PRE began to gradually decrease. The SRE increased first and
then decreased with the increase in the cycle, reaching the highest in the fifth cycle, which
was 68.24%. Overall, the change was small in the first eight cycles with the value of about
64%. In the 10th cycle, it had the lowest PRE and SRE of 60.57% and 48.4%, respectively.
After comprehensive analysis, after six cycles, the membrane could still maintain a good
membrane flux and treatment performance.

3.6. The Whole Evaluation of the UF

The whole removal performance of the UF process in this study was summarized, as
shown in Figure 8. For all the impurities, UF process achieved the best removal performance
with TRE of above 89.8%, followed by the CRE of 54.3%, PRE of above 71.7%, and SRE of
58.5%. The final UF filtrate had the LA content of 55.0 g/L, the chroma of 203.7 Hazen, the
turbidity of 1.0 NTU, the protein content of 0.02 g/L and the total sugar content of 0.9 g/L.
From these, it was obvious that for the refinement of the LA from the pre-microfiltered
broth, the UF process could effectively achieve the target to some extent. The chroma was
still high, which indicated that the combination of UF with other post-treatment processes
is needed. In addition, the LA loss was about 6.4%. Thus, in future research, the effort to
further lessen the loss of LA during the filtration should also be mentioned.
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Figure 8. The whole removal performance of the microfiltration membrane separation (a) and the
removal percentage of each component (b).

4. Conclusions

In this study, for the LA refinement from pre-microfiltered fermentation broth, with the
50 KDa polyethersulfone membrane, the optimum operation parameters were determined
as the pressure of 120 KPa, the pH of 6.0 and the flushing mode of backwashing with 1%
NaClO for 3 min. The best performance was achieved with the CRE, TRE, PRE and SRE of
54.3%, 89.8%, 71.7% and 58.5%, respectively, and LRE was 93.6%. This study paves the way
to LA refinement with UF membrane technology. The obtained results had the meaning
as the reference for the future research. In conclusion, the UF process is promising as the
effective separation method for the preliminary refinement of fermentation broth through
combing with other pre-treatment processes and post-treatment processes.

86



Membranes 2023, 13, 330

Author Contributions: Data curation, C.L. and H.Z.; formal analysis, C.L. and H.Z.; funding acquisi-
tion, Q.W. and X.S.; investigation, C.L. and H.Z.; methodology, Y.G. and X.W.; project administration,
X.W. and M.G.; resources, C.L. and H.Z.; software, C.L. and X.W.; writing—original draft, Y.G. and
X.S.; writing—review and editing, Y.G. and X.S. All authors have read and agreed to the published
version of the manuscript.

Funding: This research was supported by the National Natural Science Foundation of China
(Grant NO. 51978047 & 5217100753) and the National Key R&D Program of China (Grant NO.
2019YFC1906302 & 2019YFC1906304).

Institutional Review Board Statement: Not applicable.

Data Availability Statement: A statement was submitted.

Conflicts of Interest: The authors declare no conflict of interest.

References
1. Huang, Y.L.; Wu, Z.; Zhang, L.; Ming Cheung, C.; Yang, S.-T. Production of Carboxylic Acids from Hydrolyzed Corn Meal by

Immobilized Cell Fermentation in a Fibrous-Bed Bioreactor. Bioresour. Technol. 2002, 82, 51–59. [CrossRef] [PubMed]
2. Lee, Y.; Lee, J.H.; Yang, H.J.; Jang, M.; Kim, J.R.; Byun, E.-H.; Lee, J.; Na, J.-G.; Kim, S.W.; Park, C. Efficient Simultaneous

Production of Biodiesel and Glycerol Carbonate via Statistical Optimization. J. Ind. Eng. Chem. 2017, 51, 49–53. [CrossRef]
3. Berhanu, M.; Jabasingh, S.A.; Kifile, Z. Expanding Sustenance in Ethiopia Based on Renewable Energy Resources—A Comprehen-

sive Review. Renew. Sustain. Energy Rev. 2017, 75, 1035–1045. [CrossRef]
4. Ma, X.; Gao, M.; Liu, S.; Li, Y.; Sun, X.; Wang, Q. An Innovative Approach for Reducing the Water and Alkali Consumption in the

Lactic Acid Fermentation via the Reuse of Pretreated Liquid. Bioresour. Technol. 2022, 352, 127108. [CrossRef] [PubMed]
5. Xu, M.; Sun, H.; Yang, M.; Xie, D.; Sun, X.; Meng, J.; Wang, Q.; Wu, C. Biodrying of Biogas Residue through a Thermophilic

Bacterial Agent Inoculation: Insights into Dewatering Contribution and Microbial Mechanism. Bioresour. Technol. 2022, 355,
127256. [CrossRef] [PubMed]

6. Zacharof, M.-P.; Lovitt, R.W. Recovery of Volatile Fatty Acids (VFA) from Complex Waste Effluents Using Membranes. Water Sci.
Technol. 2013, 69, 495–503. [CrossRef]

7. Aghapour Aktij, S.; Zirehpour, A.; Mollahosseini, A.; Taherzadeh, M.J.; Tiraferri, A.; Rahimpour, A. Feasibility of Membrane
Processes for the Recovery and Purification of Bio-Based Volatile Fatty Acids: A Comprehensive Review. J. Ind. Eng. Chem. 2020,
81, 24–40. [CrossRef]

8. Raposo, F.; Borja, R.; Cacho, J.A.; Mumme, J.; Orupõld, K.; Esteves, S.; Noguerol-Arias, J.; Picard, S.; Nielfa, A.; Scherer, P.; et al.
First International Comparative Study of Volatile Fatty Acids in Aqueous Samples by Chromatographic Techniques: Evaluating
Sources of Error. TrAC Trends Anal. Chem. 2013, 51, 127–143. [CrossRef]

9. Fernández, R.; Dinsdale, R.M.; Guwy, A.J.; Premier, G.C. Critical Analysis of Methods for the Measurement of Volatile Fatty
Acids. Crit. Rev. Environ. Sci. Technol. 2016, 46, 209–234. [CrossRef]

10. Masse, L.; Massé, D.I.; Pellerin, Y. The Effect of PH on the Separation of Manure Nutrients with Reverse Osmosis Membranes.
J. Memb. Sci. 2008, 325, 914–919. [CrossRef]

11. Huang, C.; Xu, T.; Zhang, Y.; Xue, Y.; Chen, G. Application of Electrodialysis to the Production of Organic Acids: State-of-the-Art
and Recent Developments. J. Memb. Sci. 2007, 288, 1–12. [CrossRef]

12. de-Bashan, L.E.; Bashan, Y. Recent Advances in Removing Phosphorus from Wastewater and Its Future Use as Fertilizer
(1997–2003). Water Res. 2004, 38, 4222–4246. [CrossRef] [PubMed]

13. Gluszcz, P.; Jamroz, T.; Sencio, B.; Ledakowicz, S. Equilibrium and Dynamic Investigations of Organic Acids Adsorption onto
Ion-Exchange Resins. Bioprocess. Biosyst. Eng. 2004, 26, 185–190. [CrossRef]

14. Senol, A.; Dramur, U. Predicting Liquid–Liquid Equilibria of Amine Extraction of Carboxylic Acid Through Solvation Energy
Relation. Solvent Extr. Ion Exch. 2004, 22, 865–883. [CrossRef]

15. Mumtaz, T.; Abd-Aziz, S.; Aini, N.; Rahman, A.; Yee, P.; Shirai, Y.; Hassan, M. Pilot-Scale Recovery of Low Molecular Weight
Organic Acids from Anaerobically Treated Palm Oil Mill Effluent (POME) with Energy Integrated System. Afr. J. Biotechnol. 2008,
7, 3900–3905.

16. Lo, K.-M.; Chien, I.-L. Efficient Separation Method for Tert-Butanol Dehydration via Extractive Distillation. J. Taiwan Inst. Chem.
Eng. 2017, 73, 27–36. [CrossRef]

17. Joglekar, H.G.; Rahman, I.; Babu, S.; Kulkarni, B.D.; Joshi, A. Comparative Assessment of Downstream Processing Options for
Lactic. Acid. Sep. Purif. Technol. 2006, 52, 1–17. [CrossRef]
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Abstract: Fermentation broth is plentiful with lactic acid, an important chemical applied in many
fields, such as food processing, the chemical industry, and cosmetics. However, the purification
of the lactic acid from the broth is still troublesome, when considering the economy. This study
first investigated the purification performance of microfiltration (MF) membrane technology for a
fermentation broth from kitchen waste. The effect of operation pressure, broth pH, and membrane
flushing mode on the membrane filtration performance were investigated. In addition, the change
in filtration performance over the increase in cycle time was also investigated. The results showed
that under the optimum pressure of 100 KPa, pH of 6.0, and a backflushing mode with deionized
water for 3 min, the best performance was achieved, with chroma removal, turbidity removal, protein
removal and total sugar removal efficiencies of 60, 92.8, 57.64 and 32.93%, respectively. The results
indicated that the MF process could be a desirable broth purification process to some extent, and it is
promising in actual application. The MF process combined with other post-purification processes
will form the ideal process system, which should be explored in future research.

Keywords: kitchen waste; fermentation broth; lactic acid; microfiltration; membrane; flushing

1. Introduction

Lactic acid (LA) is an important chemical, which exists widely in nature and is con-
sidered the simplest low hydroxyl carboxylic acid and bulk chemical [1]. The application
range of LA is very wide in areas such as food processing, the pharmaceutical industry,
chemical industry, cosmetics and other industries [2]. Even in 2010, the U.S. Department
of Energy issued a report that listed LA as a potential building block for the future [3].
There are two main production methods for LA, chemical synthesis, and biological fer-
mentation [1,4,5]. Compared with chemical synthesis, biological fermentation can use
low-cost biomass waste, such as kitchen waste [6], straw [7], and sludge [8] as substrates
for microbial LA fermentation, which is more environmentally friendly, has low energy
consumption, and can produce LA with higher optical purity [9,10]. Today, more than 90%
of the world’s LA production comes from biological fermentation [11].

However, the production of LA by the biological fermentation method still faces many
problems and challenges. In addition to the LA in the fermentation broth, there are also a
large number of bacteria, proteins, residual sugars, inorganic salts and other impurities,
and after the completion of fermentation, it is necessary to use reasonable extraction tech-
nology to separate the LA [12]. The extraction and purification of LA directly affects the
quality and yield of the product. In addition, the cost of LA recovery and purification
accounts for 50–80% of the total cost of LA production [13,14]. The purity required for
food-grade is approximately 80–90% and more than 90% for the pharmaceutical grade,
which considerably affects its price [15]. Therefore, the recovery of LA from fermentation
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broth is considered one of the biggest challenges in LA production and a bottleneck re-
stricting LA production. As the composition of the LA fermentation broth is complex, the
traditional LA separation process is subsequently complex, in which the acid and alkali
consumption is large, the labor intensity is large, and many by-products are produced,
which is not friendly to the environment [13]. Four different separation and purification
methods, precipitation, solvent extraction, adsorption, and membrane separation, have
been extensively investigated for LA recovery from fermentation broth [1]. As the most
common and conventional method, the calcium LA crystallization-acid solution process
still faces the problems of low lactate recovery efficiency (LRE) [16]. While the high cost
and toxicity of the solvents towards microorganisms limit their use in in situ extraction
processes [17,18]. Membrane separation technology has the advantages of high efficiency,
no phase change, low energy consumption [19,20]. In addition, membranes can permit
synchronous fermentation and purification in a single reactor. Membranes include microfil-
tration (MF), ultrafiltration, nanofiltration, reverse osmosis, and electrodialysis membranes.
There is the problem that impurities in broth can quickly foul all membranes. However,
the extent of fouling may be far less during microfiltration [21]. To meet the needs of LA
industrial production, it is imperative to develop an efficient, low-pollution, low-energy
lactic acid separation technology.

Another factor affecting the final cost of LA generated through fermentation tech-
nology is the price of raw materials, which can be as high as 40% of the LA cost [22,23].
Recently, the raised price of commercialized raw material has increased the cost of LA
production, and affects the final product price [1]. Consequently, industries are turning
their channels to more economic alternatives, one of which, kitchen waste, has been used
to produce LA [24–28]. After the fermentation of kitchen waste, the broth is centrifuged,
through which most of the particle suspension and bacteria in the broth are removed.
However, there are still some suspended particulate matters in the broth, and the content
of total sugar, protein and other substances is still high, which requires further processing.
Until now, there has been little coverage and insufficient research about the purification of
LA in the fermentation broth of kitchen waste adopting membrane separation technology.
As the experience and reports of other garbage fermentation broths using MF membranes to
purify LA indicated the effective performance of membranes, the use of an MF membrane
to purify the LA in the fermentation broth of kitchen waste was carried out in this study.

This project used an MF membrane separation process system to separate and extract
the LA in the fermentation broth of kitchen waste, and mainly studied the separation
performance of the MF membrane on the LA fermentation broth; the turbidity removal
efficiency (TRE), color removal efficiency (CRE), total sugar removal efficiency (SRE),
protein removal efficiency (PRE) and LA recovery efficiency (LRE) were investigated.
Meanwhile, the effect of operating pressure, fermentation broth pH and temperature on
the filtration performance were investigated for optimizing the most suitable operating
conditions for the filtration process. In addition, the cleaning effect of different cleaning
modes, cleaning agents and cleaning time on the MF membrane was investigated, and
the most suitable MF conditions were determined. Finally, the sustainability of stable MF
performance under different cleaning cycles was explored.

2. Materials and Methods
2.1. LA Fermentation Liquid for Kitchen Waste

The LA fermentation broth used in the MF processes was derived from kitchen waste
fermentation by Montessori Enterococcus bacteria. Kitchen waste was taken from the Hong-
boyuan Canteen of the University of Science and Technology, Beijing, located in Beijing,
China, and the collected kitchen waste was first manually removed from the hard bones,
plastic bags, paper towels and other impurities, and then put into the meat grinder to stir,
grind, mix well and put into the self-sealing bag, and put into the −20 ◦C refrigerator for
freezing [29]. Before fermentation, tap water was added to the kitchen waste in a 1:1 (w/v)
ratio to adjust the concentration of total solids. The LA bacteria used in the fermentation
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process were Montessori Enterococcus CGMCC 22227, the inoculation ratio was 10%, the
fermentation temperature was maintained at 43 ◦C, and the pH was adjusted to 6.8–7.0
with NaOH solution (10 mol/L) every 12 h.

After the fermentation was completed (84 h), the raw fermentation broth was cen-
trifuged and separated by centrifuge (Hunan Hexi Instrument Equipment Co., Ltd., Chang-
sha, China) (speed 12,000 rpm, centrifugation 10 min). After centrifugation, the bottom
sedimentary substance was removed from the raw fermentation broth, and then the upper
oily substance was removed through the separating funnel to obtain the fermentation broth
required for the experiment. After centrifugation, the fermentation broth had the features
of a pH of 6.2–6.3, an LA content of 63.96 g/L, a color of 1137 Hazen, a turbidity of 175 NTU,
a protein content of 0.21 g/L, and a total sugar content of 3.33 g/L.

2.2. Experimental Apparatus

The MF device used in this study was a filtration cup (Shandong Bona Biotechnology
Co., Ltd., Jinan, China), and the device is shown in Figure 1. The filtration cup adopted
a flat membrane structure, and was equipped with a magnetic stirring rod to mix the
liquid in the filtration cup, and high-pressure nitrogen (Beijing Huanyu Jinghui Gas Co.,
Ltd., Beijing, China) was used as the driving force to pressurize the system. Polymeric
membranes are the most used in MF [30]. In this study, the MF membrane was made of
polyvinylidene fluoride (PVDF), with a pore diameter of 0.1 µm, a diameter of 76 mm, and
an effective filtration area of 45.36 cm2.
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Figure 1. The illustration of the filtration configuration.

During the experiment, the MF membrane was loaded into the filtration cup, then,
a certain amount of fermentation broth was loaded into the filtration cup, the magnetic
stirrer below was turned on, and the speed was adjusted to 600 rpm. The nitrogen cylinder
connected to the hose at the upper end of the filtration cup was opened, the pressure
adjusted, and filtration performed until the outflow velocity of the liquid was less than
0.2 mL/min.

When the MF membrane was not in use, it was stored in a container filled with
desiccant. After use, it was kept in a wet state in 0.5% formaldehyde solution. It was soaked
in deionized water for 1 h before each use.

2.3. Analysis Indicators and Methods
2.3.1. Turbidity, Chromaticity

The turbidity and color of the fermentation broth were measured using the water
quality analyzer (Beijing Lianhua Yongxing Science and Technology Development Co., Ltd.,
Beijing, China).

The TRE and the CRE were calculated, as shown in Equation (1) and Equation (2).

TRE = (Cn0 − Cn)/Cn0 × 100 (1)

where
Cn—the turbidity of the filtered transmissible fluid, NTU;
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Cn0—turbidity of the fermentation broth before filtration, NTU.

CRE = (Ch − Ch)/Ch0 × 100 (2)

where
Ch—the chromaticity of the filtered liquid, Hazen;
Ch0—the chromaticity of the fermentation broth before filtration, Hazen.

2.3.2. Determination of LA

The determination of LA in the fermentation broth was performed by high perfor-
mance liquid chromatography (Shimadzu Corporation, Japan).

The calculation formula for the LRE of MF is shown in Equation (3).

LRE = (CL
′V′)/(CL0V0) × 100 (3)

where
CL
′—the LA concentration of the fermented broth after filtration, g/L;

V′—product of fermented liquid after filtration, L;
CL0—LA concentration of fermentation broth before filtration, g/L;
V0—product of fermentation liquid before filtration, L.

2.3.3. Determination of Proteins

Proteins in fermentation broths were determined using the Coomassie Brilliant Blue
G-250 method [31].

The PRE was calculated, as shown in Equation (4).

PRE = (Cp0 − Cp)/Cp0 × 100 (4)

where
Cp—the protein concentration in the filtered solution, g/L;
Cp0—protein concentration in fermentation broth before filtration, g/L.

2.3.4. Determination of Total Sugars

The determination of total sugars in the fermentation broth was carried out by the
phenol-sulfuric acid method.

The SRE was calculated, as shown in Equation (5).

SRE = (Cso − Cs)/Cso × 100 (5)

where
Cs—total sugar concentration in the filtered permeable solution, g/L;
Cs0—total sugar concentration of fermentation broth before filtration, g/L.

2.3.5. Determination of Membrane FLUX

Membrane flux was defined as the volume of liquid that permeates a membrane per
unit area per time. The flux calculation formula is shown in Equation (6).

Flux(mL/min ×m2) = V/(t × A) × 100 (6)

where
V—through the liquid product, mL;
t—filtration time, min;
A—membrane area, m2.
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2.3.6. Membrane Cleaning Effect

The membrane cleaning effect was expressed by the membrane pure water flux recov-
ery efficiency (FRE), as shown in Equation (7).

FRE = (Jw − Jfw)/(J0 − Jfw) × 100 (7)

where
J0— pure water permeation flux before membrane use, L/m2/h;
Jfw—pure water permeation flux after membrane contamination, L/m2/h;
Jw—pure water permeation flux after membrane cleaning, L/m2/h.

3. Results and Discussion
3.1. The Effect of Operating Pressure on MF Performance

With a certain amount of fermentation broth injected into the filtration cup, the pres-
sure was set to 60, 80, 100, 120 KPa, respectively, based on the pressure requirements
(10–200 KPa) to carry out the MF separation [32]. Four sets of MF experiments were carried
out to investigate the effect of different operating pressures on the removal performance
of the MF membrane for turbidity, color, protein, and total sugar from fermentation broth,
and LRE.

3.1.1. The Change in MF Membrane Flux

Under different operating pressures, the change in membrane flux over time is shown
in Figure 2a. There was a slight trend that the higher the operating pressure, the higher the
membrane flux, especially for the initial period. For the first 10 min, it could be observed
that the membrane flux decreased rapidly. This is because, in the initial period, some
bacteria, colloids and macromolecular particles in the fermentation liquid were quickly
adsorbed to the membrane surface, then the effective membrane holes were blocked, which
was manifested by a rapid decline in membrane flux [33]. For the 10–40 min, it could be
observed that although the membrane flux continued to decrease over time, the downward
trend decreased significantly. For 40–90 min, the downward trend of MF membrane flux
was further slowed down, and the membrane flux tended to be stable, which was due to
the gradual formation of an adsorption layer on the membrane surface as the filtration
proceeded [34,35]. After 90 min, the membrane flux began to decrease over time, which may
be due to the high concentration of pollutants in the remaining fermentation broth, which
further aggravated the membrane pollution and thus decreased the membrane flux. The
average membrane fluxes under the four pressures (from high to low) were 6.68, 6.68, 6.41
and 5.94 L/(m2·h), respectively. It was observed that the average membrane flux generally
increased with the increase in the operating pressure (from 60 KPa to 100 KPa), but when
the pressure had increased to a certain extent (from 100 KPa to 120 KPa), the average
membrane flux was almost stable. The reason may be that with the high operating pressure,
the filter cake layer accumulated on the membrane surface was compacted, resulting in
an increase in the thickness and density of the filter layer, which increased the filtration
resistance and caused the membrane flux to increase insignificantly [32,35].

3.1.2. The Removal Performance of Chroma and Turbidity

The color change in the fermentation broth is shown in Figure 2b, before and after the
MF treatment. Before MF, the color of the fermentation broth was 1137 Hazen, and after
the MF treatment, the color of the filtrate was significantly reduced, basically maintained
between 440 and 480 Hazen, and the CRE was about 60%. With the increase in the operating
pressure, the color of the filtrate showed an overall upward trend, but the change was
minor. The minimum chromaticity was 441.7 Hazen at the operating pressure of 60 KPa.
At the operating pressure of 120 KPa, the maximum chromaticity was 492.5 Hazen. There-
fore, the MF treatment adopted in this study could effectively reduce the turbidity of the
fermentation broth.
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After centrifugation, most of the solid suspensions in the fermentation broth were
removed, but many particle suspensions remained in the fermentation broth, and the
turbidity of the fermentation liquid was still high (about 175NTU). Under different operat-
ing pressures, the turbidity of the filtrate and the TRE are shown in Figure 2c. After MF
treatment, the turbidity of the filtrate decreased significantly, basically below 20 NTU, and
the TRE reached more than 90%. It was obvious that the different operation pressures had
a weak effect on the TRE, and at the operating pressure of 100 KPa, the filtrate turbidity
was the lowest, only 12.61 NTU, and the TRE was 92.79%. At the operating pressure of
60 KPa, the filtrate turbidity was the highest, which was only 16.75 NTU, and the TRE
reached 90.43%, which fully demonstrated that the MF operation could effectively reduce
the turbidity of the fermentation broth.

3.1.3. The Removal Performance of Protein and Total Sugar and Lactic
Recovery Performance

Under four operating pressure conditions, the PRE and SRE are shown in Figure 2d.
With the increase in pressure, the PRE increased. The PRE reached the highest value of
57.64% at 100 KPa, while the SRE had a fluctuating increase trend, and at 100 KPa, the
SRE reached the maximum value of 32.93%. The reason why the PRE was higher than
the SRE was partly because proteins, as hydrophobic compounds, are more readily ad-
sorbed onto hydrophobic membrane surfaces than hydrophilic solutes due to hydrophobic
interactions [36]. For the LRE, with the increase in pressure, the LRE increased signifi-
cantly, and at 60 KPa, the LRE was only 83.63%, while at the pressure of 100 KPa, the LRE
increased to 91.51%. This is because, with the increase in pressure, the share of filtrated
flux also increased accordingly, resulting in clearer liquid, so its LA loss was lower. When
the operating pressure continued to rise to 120 KPa, the LRE further increased to 92.70%,
which was not a significant improvement, consistent with the law of change in membrane

94



Membranes 2023, 13, 280

flux. Considering that the CRE, TRE, PRE and SRE of the fermentation broth were high
under the operating pressure of 100 KPa with the relatively small energy consumption, the
optimal operating pressure of the MF membrane was finally determined at 100 KPa.

3.2. The Effect of pH on MF Performance

In addition to the operating pressure, the pH of the fermentation broth also influences
the MF performance. Four sets of MF experiments with the fermented broth placed in
the filtration cup under different pHs (5, 6, 7, 8), adjusted by 6 mol/L HCl and 10 mol/L
NaOH solution, and the nitrogen cylinder valve pressure of 100 KPa, were carried out. The
turbidity, color, protein, total sugar, and LRE from the fermentation broth at different pHs
were investigated.

3.2.1. The Change in MF Membrane Flux

Under different pH conditions, the changes in the membrane flux over time are
shown in Figure 3a. Similar to Section 3.1.1, with the time proceeding, the membrane
flux continued to decline, and the change trend in the membrane flux under the four
pH conditions showed no obvious differences. There was a slight trend that the higher
the operating pH, the higher the membrane flux, especially for the initial period. For
the first 10 min, it could be observed that the membrane flux decreased rapidly. For
10–40 min, it could be observed that the membrane flux under the pH 8 condition was still
the highest compared to the other three experimental sets, while the membrane flux under
the pH 6 condition was slightly higher than those under the pH 5 and 7 conditions. After
40 min, the membrane flux at pH 8 decreased further and gradually decreased to less than
that experienced under pHs of 5, 6, and 7. The reason may be that the pH affected the
membrane–impurity interactions; it was reported that most polymers behave as cations
in an acidic medium, and they have no interaction with positively charged compounds,
whereas, in an alkaline medium, they have anionic behavior, having minimal interaction
with negatively charged compounds [30,37,38]. Thus, in the initial stage, membranes could
be used to separate compounds with the same charge based on the effect of electrostatic
repulsion; then, the membrane underwent a period of slow fouling; in the later stage,
the broth had higher impurity concentrations, which showed a stronger concentration
gradient, which finally overcame the electrostatic repulsion, causing the rapid fouling of
the membranes.

3.2.2. The Removal Performance of Chroma and Turbidity

Under different pH conditions, before and after the MF treatment, the chroma change
in the fermentation broth is shown in Figure 3b. With the increase in pH of the fermentation
broth, the CRE in the MF process also showed a downward trend, and under the pH of
5, the CRE was the highest at 63.3%; the chroma of the fermentation broth after MF was
only 417.27 Hazen. Under different pH conditions, the turbidity of the filtrate and the
TRE are shown in Figure 3c. After the MF treatment, the turbidity of the fermentation
broth decreased significantly, all below 20 NTU, and the TRE reached more than 92%. With
the increase in the pH of the fermentation broth, the turbidity of the filtrate showed an
overall upward trend, and the TRE showed a downward trend, but the overall change was
small. When the pH was 5, the TRE was highest, reaching 94.8%, and the turbidity of the
filtrate was 9.07 NTU. As stated in the Section 3.2.1, under higher pH conditions, due to
electrostatic repulsion, some impurities would permeate through the membrane, and then
enter the filtrate, which caused the impurities in the filtrate to increase.

3.2.3. The Removal Performance of Protein and Total Sugar

Under four pH conditions, the SRE and PRE are shown in Figure 3d. With the increase
in the pH of the fermentation broth, the SRE showed a gradual decreasing trend, when the
pH of the fermentation broth was 5, the SRE was the highest, up to 37.99%, indicating that
the MF membrane had a better removal effect on the total sugar under acidic conditions.
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There was no obvious law in the change in PRE, but overall, the change was small, and
the highest PRE was 60.38% with the fermentation broth of pH 6. For the LRE, with the
increase in pH, the LRE had a certain decrease, and when the pH = 5, the LRE was the
highest, 92.00%. When the pH increased to 8, the LRE decreased to 91.13%. Overall,
however, the change in LRE was small, no more than 1%. There were some reports that the
membranes based on hydrophobic materials tend to interact easily with lipids, proteins,
and peptides [38,39], which could partly explain why the PRE was higher than the SRE.

1 
 

 

Figure 3. The effect of different pHs on filtration performance: (a) the flux change; (b) the chroma
removal; (c) the turbidity removal; (d) the protein removal efficiency, the total sugar removal efficiency,
and the lactic acid recovery efficiency.

Considering various indicators, the chroma, turbidity, and SRE in the fermentation
broth decreased with the increase in pH, and the LRE increased slightly with the decrease
in pH, so the conditions with lower pH should be selected as much as possible. However,
considering that the membrane flux decreases with the decrease in pH, and the adjustment
of the pH of the fermentation broth requires the addition of hydrochloric acid, for the sake
of cost, it should be as close as possible to the pH of the initial fermentation broth itself
(6.2). Therefore, pH 6.0 was finally selected as the best pH condition in the MF process.

3.3. The Effect of Cleaning Method on Polluted Membrane Recovery

As can be seen from Figures 2a and 3a, as the time passed by, there was a significant
decrease in the membrane flux, which reflected the aggravation of the membrane block-
ing. In practice, to reduce the operating costs of the filtration process, the contaminated
membrane should be cleaned to recover the membrane flux to some extent for prolonging
the longevity of the membrane. Membrane cleaning methods can be divided into physical
cleaning, chemical cleaning, biological cleaning and so on. Physical cleaning includes for-
ward cleaning, reverse cleaning, ultrasonic cleaning, etc. Among these methods, hydraulic
cleaning and gas–liquid cleaning technology are currently widely used as physical cleaning
technologies.
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3.3.1. The Influence of Cleaning Mode on Cleaning Performance

In this study, four kinds of cleaning modes were conducted to investigate the mem-
brane flushing performance, and they were: 3 min forward pressurized cleaning; 3 min
reverse pressurized cleaning; 1.5 min forward pressurized cleaning + 1.5 min reverse
pressurized cleaning; and 1.5 min reverse pressurized cleaning + 1.5 min forward pressur-
ized washing.

The operation process was as follows: (1) first, a brand new MF membrane was
taken and soaked in deionized water for 1h, and the J0 measured at 100 KPa; (2) the MF
membrane was put into the filtration cup, 60mL of fermentation broth was added, and
filtered at 100 KPa for 30 min; (3) the remaining fermentation liquid was poured out, the
filtration cup was washed with deionized water, deionized water was added, the pressure
adjusted to 100 KPa, and the Jfw measured; (4) the remaining liquid in the filtration cup
was poured out, the filtration cup cleaned, deionized water added, adjusting the pressure
to 100 KPa; then, it was forward pressure cleaned for 3 min and the Jw measured. The FRE
was calculated according to the J0, the Jfw, and the Jw based on Equation (7). The cleaning
operations for the other three modes were the same as that for the forward pressure model.

The cleaning effect of the four cleaning methods on membrane MF pollution is shown
in Figure 4a. The pure water FRE of forward pressurized cleaning was the worst, and the
pure water FREs of forward pressurized cleaning for 1.5 min + reverse pressurized cleaning
for 1.5 min mode and forward pressurized cleaning for 1.5 min + reverse pressurized
cleaning for 1.5 min mode were close, but both were less effective than reverse pressurized
cleaning for 3 min. The reason may be that most of the pollutants on the surface of the
MF membrane were substances with large particle size, and their particle size was greater
than the pore size (0.1 µm) of the MF membrane itself, with the result that in the forward
pressurized cleaning mode, most of the polluting substances still stayed on the surface
of the MF membrane, making the membrane pollution impossible to remove [40]. When
reverse pressurized cleaning was carried out, most of the pollutants accumulated on the
surface of the membrane were washed away by the water flow, and the longer the backwash
time, the better the removal effect of membrane pollution. Therefore, backwashing was
selected as the cleaning method of the MF membrane.

3.3.2. The Influence of Cleaning Agent on Cleaning Performance

Chemical cleaning is generally required when backwashing is unable to remove the
foulants or restore the membrane flux [36]. To further improve the FRE of the MF membrane,
four cleaning agents were selected to clean the contaminated MF membrane. The four
cleaning agents were deionized water, 1% HCl solution, 1% NaOH solution, 1% NaClO
solution; the cleaning method was reverse pressurized cleaning, the pressure was 100 KPa,
and the time was 3min. The removal performance of the four kinds of cleaning agents is
shown in Figure 4b.

From Figure 4b, the reverse pressurized cleaning effect of deionized water was the
best, and the FRE was 66.51%, indicating that for the MF membrane used in this study,
compared with chemical cleaning, the effect of physical cleaning was better. The cleaning
effect of 1% HCl was second, and the FRE was 51.39%, which may have been because
some insoluble substances become soluble substances under acidic conditions, so that
membrane pollution was reduced. The NaClO cleaning effect was third after HCl cleaning,
and the FRE was 47.51%, which may be due to NaClO solution having strong oxidation
properties, so that some organic pollutants were oxidized and decomposed [41]. The NaOH
cleaning effect was the worst; the reason may be that the diaphragm reacted with NaOH,
affecting the membrane pore structure and flux, based on relevant studies that showed
that NaOH solution will react with PVDF membrane material, causing the diaphragm to
appear brownish and discolored [42]. It was reported that HCI had a moderate effect and
NaOH had the weakest effect on cleaning [36,43]. On the other hand, it may be because
that under the effect of NaOH, certain calcium salts and lactate salts formed complexes,
which combined with organic matter such as proteins to form aggregates. Then the formed
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aggregates were strongly absorbed by the membrane surface or membrane pores, making
the membrane flux difficult to recover [44]. Compared with HCl, NaOH and NaClO,
deionized water is cheaper, and the FRE was highest, so the deionized water pressurized
backwash was finally selected as the cleaning method of the MF membrane.
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3.3.3. The Influence of Cleaning Time on Cleaning Performance

In addition to the cleaning method and cleaning agent, the cleaning time also has a
greater impact on the cleaning effect. After determining the cleaning agent and cleaning
method (deionized water backwash), to further improve the FRE, the influence of deionized
water backwash time on the cleaning effect was investigated. As can be seen from Figure 4c,
within the first 3 min of deionized water backwashing, the membrane FRE increased
significantly with the increase in cleaning time. When the deionized water backwashing
time was 30 s, the membrane cleaning efficiency was only 30.36%, and when the cleaning
time reached 3 min, the membrane cleaning efficiency rose to 66.51%, which was about
doubled. However, when the cleaning time exceeded 3 min, the membrane FRE basically
no longer increased with time, and the cleaning efficiency was 67.64% even when the
cleaning time was 5 min. Compared with the cleaning time of 3 min, the FRE just increased
by 1.3%, and the increase was weak. Therefore, to save cleaning time and cleaning water,
the more reasonable cleaning time for deionized water backwashing should be 3 min.

3.3.4. MF Membrane Surface Morphology Analysis

To study the morphology of the membrane surface before and after MF membrane
cleaning, the membrane surface was determined by scanning electron microscopy, and the
results are shown in Figure 5. As can be seen from the figure, some loose pores could be
observed on the membrane surface of the new MF. After contamination, the membrane
pores became invisible due to contaminants, and some particulate matter accumulated
on the membrane surface. After backwashing with deionized water, the particles on the
surface of the membrane were reduced, but a small number were still present. At the same
time, the membrane pores were still blocked, indicating that deionized water could only
remove part of the deposits on the surface of the membrane, and the contaminants blocked
in the membrane pores could not be effectively removed, so the increase in the FRE of the
membrane after only washing with water was not obvious.
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3.4. The Effect of Cleaning Cycle on MF Membrane Performance

After the MF membrane cleaning mode was determined, to further analyze the mem-
brane flux change and treatment performance of the MF for fermentation broth after several
cleaning phases, a 10-cycle MF experiment of the fermentation liquid was carried out, and
each cycle was carried out for 30 min, recording the change in the membrane flux over
time when the MF membrane filtered the lactate fermentation liquid in each cycle. After
filtration was complete, the contaminated MF membrane was backwashed with deionized
water and the pure water flux of the MF membrane was recorded after each cleaning. The
treatment performance during each MF cycle was analyzed. The specific results are shown
in Figure 6.
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pure water flux; (c) the turbidity removal; (d) the chroma removal; (e) the protein removal efficiency
and the total sugar removal efficiency.

From Figure 6a, after the first cleaning, the flux of the LA fermentation broth fil-
tered by the MF membrane in the second cycle decreased to a certain extent compared
with the first cycle. In the next three MF cycles (that is, from cycle 3 to cycle 5), al-
though the MF membrane flux continued to decline, the average membrane fluxes of cycles
3–5 were 9.74 L/(m2·h), 9.72 L/(m2·h), 9.68 L/(m2·h), respectively. However, in general,
the MF membrane flux did not change much in the initial period, and it was basically
maintained at a relatively high level, which fully explained the stability of the deionized
water backwash effect. However, from the sixth cycle, the MF membrane flux began to
decrease at a faster speed, and in the ninth cycle, the average membrane flux was the
lowest, only 8.18 L/(m2·h). The same was true for the change in the pure water flux of the
MF membrane, as shown in Figure 6b. After the first cleaning, the pure water flux had a
large decrease, and then until the fourth cleaning, the pure water flux basically did not
change much. Similarly, after the fifth cleaning, the pure water flux of the MF membrane
had decreased significantly, and continued to decline, and the pure water flux of the MF
membrane after 10 cleaning phases was only 2169.6 L/(m2·h). This is because the deionized
water backwashing could only remove suspended solids deposited on the surface of the
membrane. For the first five filtration cycles, the main cause of membrane pollution was
the pollution layer accumulated on the membrane surface, and after water backwashing,
the contaminated layer was effectively removed, and the membrane flux was effectively
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restored. However, with the increase in filtration cycles and time, the pollution inside
the membrane pores gradually accumulated and was difficult to remove with the water
backwash, resulting in a significant decrease in membrane flux.

Over the 10 filtration cycles, the removal of turbidity and chroma of the fermentation
broth is shown in Figures 6c and 6d, respectively. In general, the TRE and CRE of the
fermentation broth by the MF membrane increased with the increase in number of filtration
cycles. During these cycles, the TRE was maintained between 88 and 96%, and the CRE
was maintained between 56 and 70%. During the eighth filtration cycle, TRE and CRE
reached their highest, at 95.78 and 69.35%, respectively.

Over 10 filtration cycles, the PRE and SRE from the fermentation broth by the MF
membrane are shown in Figure 6e. In the first five filtration cycles, the PRE change was
small and basically maintained at about 50%, and in the last five MF cycles, the PRE first
increased with the increase in the filtration cycle, reaching a maximum 57.02 % in the eighth
MF cycle. Then over the next two cycles, it gradually decreased, but still was around 52%.
The SRE showed an overall upward trend with the increase in number of the filtration
cycles, with the SRE of 31.11% in the first MF cycle. As the number of filtration cycles
increased, it was in the 10th MF cycle that the SRE reached its highest at 48.39%. The
reason for the analysis results may be that with the increase in the number of filtrations,
the membrane pollution inside the MF membrane gradually accumulated, which reduced
the size of the membrane pores and increased the retention rate of the membrane, thereby
increasing the SRE.

3.5. The Whole Evaluation of the MF in This Study

The whole removal performance of the MF in this study was summarized, as shown
in Figure 7. Among all the impurities, the MF membrane achieved the best removal
performance for turbidity with a TRE of more than 94%, followed by the chroma and
protein, with a removal efficiency of more than 60%. The total sugar removal performance
was the worst. From these, it is obvious that for the purification of the LA in kitchen waste
fermentation broth, the MF process could achieve the effect to some extent, while it was not
enough to realize higher purity. The combination of MF with other post-treatment processes
was needed. In addition, after the microfiltration, the LA loss was about 8.1%. Thus, in
future research, the effort to lower the loss of LA during filtration should be considered.
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Figure 7. The whole removal performance of the microfiltration membrane separation and the
removal percentage of each component.

4. Conclusions

In this study, for the purification of kitchen waste fermentation broth, the optimum
operation parameters were determined as a pressure of 100 KPa, pH of 6.0, and a flushing
mode of backwashing with deionized water for 3 min. The best performance was achieved
with the CRE, TRE, PRE and SRE of 60, 92.8, 57.64 and 32.93%, respectively. This study
paves the way for the purification of kitchen waste fermentation broth with MF membrane
technology. The obtained results have meaning as a reference for future research. In
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all, the MF process is promising as an effective separation method for the preliminary
purification of kitchen waste fermentation broth, and this study supplies the basic reference
for further exploration.
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Abstract: A non-steady state mathematical model of an amino acid (phenylalanine (Phe)) and mineral
salt (NaCl) solution separation by neutralization dialysis (ND) carried out in a batch mode is proposed.
The model takes into account the characteristics of membranes (thickness, ion-exchange capacity,
and conductivity) and solutions (concentration, composition). As compared to previously developed
models, the new one considers the local equilibrium of Phe protolysis reactions in solutions and
membranes and the transport of all the phenylalanine forms (zwitterionic, positively and negatively
charged) through membranes. A series of experiments on ND demineralization of the NaCl and Phe
mixed solution was carried out. In order to minimize Phe losses, the solution pH in the desalination
compartment was controlled by changing the concentrations of the solutions in the acid and alkali
compartments of the ND cell. The validity of the model was verified by comparison of simulated
and experimental time dependencies of solution electrical conductivity and pH, as well as the
concentration of Na+, Cl− ions, and Phe species in the desalination compartment. Based on the
simulation results, the role of Phe transport mechanisms in the losses of this amino acid during ND
was discussed. In the experiments carried out, the demineralization rate reached 90%, accompanied
by minimal Phe losses of about 16%. Modeling predicts a steep increase in Phe losses when the
demineralization rate is higher than 95%. Nevertheless, simulations show that it is possible to achieve
a highly demineralized solution (by 99.9%) with Phe losses amounting to 42%.

Keywords: ion-exchange membrane; neutralization dialysis; modeling; phenylalanine losses; amino
acid; demineralization

1. Introduction

In 1986, M. Igawa et al. proposed [1] a new desalination method based on the principle
of Donnan dialysis. In a three-compartment cell, the electrolyte solution was separated
from the HCl solution using a cation-exchange membrane (CEM) and from the NaOH
solution using an anion-exchange membrane (AEM). Cations and anions were exchanged
with protons and hydroxide ions through the corresponding membranes, simultaneously
providing the processes of desalination and neutralization. Later, the same authors sug-
gested calling this method neutralization dialysis (ND) and demonstrated its applicability
for the mutual separation of electrolytes and non-electrolytes in the example of the mixed
aqueous solution of potassium chloride and methyl alcohol [2].

The ND method does not require applying an electric field (such as electromembrane
methods) and high pressure (such as baromembrane methods). In general, ND is character-
ized by low energy costs and ease of technical implementation and does not demand high
investments, which determines its prospects in terms of application in diverse fields. To
date, ND has been found to be used in a wide range of different applications, for example,
to neutralize acidified effluents from enterprises in various industries [3], purification of tap
water [4], and surface water desalination for producing potable water [5]. In recent years,
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ND has been introduced as a basic element of the energy-harvesting technique utilizing
waste acid and alkaline solutions (capacitive neutralization dialysis) [6]. Of particular
interest is the use of ND for the separation of multicomponent mixtures and the separation
of pure valuable components. This method has shown its effectiveness for the separation
of weak acids and bases [7], isolation of mono-, oligo- and polysaccharides [8], aldehy-
des [9], and amino acids [8,10,11]. Another prospect for ND may be its application for the
separation of organic and mineral compounds as a pretreatment step for electrodialysis
processing of liquids of biological origin, for example, whey. This will allow solving the
problem of depressed ion transport due to the presence of organic substances [12,13].

In terms of purification and mutual separation of amino acids, ND has certain ad-
vantages over other methods. Amino acids are ampholytes, that is, they have both acidic
and basic groups in their structure and can enter the proton-transfer reactions. Such
substances are characterized by different values of the equilibrium constants for protona-
tion/deprotonation reactions. The relation of these constants determines the pH values of
the medium at which amino acids can change their form (zwitterionic, positively charged,
negatively charged). The main advantage of ND is the ability to control the pH value of
the processed solution without adding reagents. This allows controlling the form of the
ampholytes and, consequently, their fluxes across the membranes. Thus, using ND, it is
possible to carry out effective demineralization, concentration, and fractionation of amino
acids in the food, pharmaceutical, and biochemical industries, where the introduction of
additional reagents can adversely affect the quality of the final product.

However, maintaining the required pH value of the solution being desalted is a de-
manding task. This value is influenced by a large number of parameters of ion-exchange
membranes (for example, the ion-exchange capacity, nature of functional groups, thick-
ness, degree of matrix crosslinking) and of the ND process (concentration and flow rate
of acid, alkali solutions, and solution being desalinated in the corresponding compart-
ments) [5,10,11,14,15]. In contrast to ampholyte-containing solutions, the mechanisms of
strong electrolyte ions transfer during the ND have been studied sufficiently to gain a
comprehensive idea of what trends the pH of the solution being desalted obeys. In addition
to a fairly large number of experimental works, a number of mathematical models have
been proposed to explain the effects arising in such systems [14,16,17]. It is noted in [5,14]
that the pH of a being desalted solution of a strong binary electrolyte can change from acidic
to alkaline values (or vice versa, from alkaline to acidic). This occurs due to a change in the
kinetics of ion exchange from internal diffusion (transfer is limited by the membrane) to
external diffusion (transfer is limited by the diffusion boundary layers), which determines
the rate of exchange across the ion-exchange membranes. The study [17] showed that
strong pH variations occur back and forth multiple times and are associated with changes
in the rate of exchange across the CEM and AEM caused by changes in the concentration of
the solution being desalinated. Thus, understanding the mechanisms of the ND process
allows for controlling the exchange rate across the ion-exchange membranes and managing
the pH values by varying the conditions of the process.

Knowledge about the trends of pH behavior in ND of ampholyte-containing solutions
is fragmentary. It is known that pH behaves differently compared to the case of strong
electrolytes, which is due to the buffer capacity of ampholytes and their ability to enter into
protonation/deprotonation reactions [11,18]. The transport mechanisms in such systems
are more complex due to the interaction of a large number of particles, the conjunction of
their fluxes, and changes in the form of ampholyte species. Thus, pH control in the case
of ampholyte-containing solutions is a difficult task. The selection of optimal conditions
for the ND process to minimize the loss of target components through an exclusively
experimental approach is rather time, labor, and resource-consuming. For these purposes,
the use of mathematical modeling is of great importance. The modeling will assist in
deepening the understanding of the transport mechanisms and help to predict the effect of
changing one or another process parameter.
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An attempt to simulate the process of demineralization of an ampholyte-containing
solution (a mixture of phenylalanine and mineral salt) during ND was made in [18]. The
model assumes that ampholyte species are not transferred across the membranes. They
only can enter into protonation/deprotonation reactions in the desalination compartment
due to H+ and OH− ions transfer through the CEM and AEM, respectively. This model did
not allow for estimating the losses of the ampholyte during solution demineralization, as
well as describing the mechanisms of ampholyte species transport across the membranes.

In our previous work [11], we proposed a mathematical model describing the process
of neutralization dialysis of the mixed solution of phenylalanine (Phe) and sodium chloride.
The model considered local changes in the concentration of mineral salt ions and Phe
species (in the form of cation, anion, and zwitterion) in the desalination compartment.
Additionally, the transport of charged forms of Phe across the membranes and diffusion
boundary layers (DBLs) was taken into account. Theoretically found values of amino
acid losses were lower than the experimental ones. This difference can be explained by
the fact that the model does not take into account the transfer of the zwitterionic form of
Phe across membranes. The membrane’s internal pH differs by 1–2 units from that of the
external solution [19]. When entering the membrane, the charged forms of Phe appear,
implementing the facilitated transport mechanism [20,21].

The main goal of this work is to assess the applicability of ND to the demineralization
of a mixed mineral salt and amino acid solution in terms of amino acid losses. For this
purpose, we propose a new non-steady state mathematical model to describe the Phe
and NaCl mixture demineralization by the ND method in the batch mode. Unlike the
previous model [11], the new one takes into account the transfer of not only charged forms
but also the zwitterionic form of Phe across the membranes and DBLs. The ability of
amino acid to change its electric charge due to protonation/deprotonation reactions and
the local changes in the concentration of Na+, Cl−, H+, OH− ions, and Phe species (in
charged and zwitterionic forms) are also considered. The developed model takes into
account the main characteristics of membranes (thickness, ion-exchange capacity, and
electrical conductivity) and solutions (concentrations, diffusion coefficients of components,
and equilibrium constants for protonation/deprotonation reactions), as well as the flow
rate of the solutions in the dialyzer compartments. We show that the model adequately
describes the experimental data obtained for the equimolar mixture NaCl + Phe in the
series of experiments where the initial acid and alkali concentrations were varied. We also
demonstrate the ability of the new model to predict the ND process behavior and amino
acid losses if experimental data are limited.

2. Theoretical
2.1. System under Study

The system under study consists of three compartments: acid (A), alkali (B), and
desalination compartment (D), separated from each other by the CEM and AEM (Figure 1).

Each of the circuits formed by the corresponding compartments together with the
elements of the hydraulic system (tubes, intermediate tanks) has volumes VA, VB, and VD

for the acid, alkali, and desalination compartments, respectively. Solutions of acid (HCl),
alkali (NaOH), and mixed solution (NaCl + Phe) circulate through compartments A, B, and
D, respectively, and through intermediate tanks.

Convective transport within the DBLs is neglected. Implicitly, it is taken into account
by setting the DBL thickness. It is assumed that all the DBLs have equal thickness. This is
justified by the same hydrodynamic conditions in the compartments. It is assumed that
the concentrations of all ions do not change along the desalination compartment. In other
words, the concentrations of ions at any moment in time are the same both in the volumes
of the compartments and in the corresponding intermediate tanks. In the conditions of the
experiment described in Section 3, these assumptions are justified by the short length of
the cell (2.7 cm) and the pipes (60 cm) used in the hydraulic circuit, as well as a relatively
high velocity of solution flowing. The average time of solution passage through the D
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compartment (about 2 s) as well as through the overall circuit (about 40 s) is small compared
to the duration of a single experimental run (86,000 s). During 40 s, the concentration of
the solution in the circuit may change only by 0.02%, which is small compared to the
concentration measurement error. Therefore, the material balance equations are applied to
the whole volume of solutions circulating through acid, alkali, and desalination circuits.
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Figure 1. Schematic representation of the modeled system geometry. DBL1 and DBL2 are the diffusion
boundary layers adjacent to the CEM from the side of the acid and desalination compartments,
respectively; DBL3 and DBL4 are diffusion boundary layers adjacent to the AEM from the side of the
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CEM and AEM marches with the corresponding compartments.

In contrast to the simplification used in work [18], the concentration of phenylalanine
changes in the course of ND in membranes, desalination, acid, and alkali compartments.
In contrast to the simplification used in work [11], the local equilibrium of Phe protona-
tion/deprotonation reactions in membranes and solutions, as well as the transport of its
charged and zwitterionic forms in membranes and DBLs, are taken into account.

At the membrane/solution interfaces, a local thermodynamic equilibrium between
counterions is assumed. CEM and AEM are assumed to be ideally selective (the transport
of co-ions is neglected), which is due to the use of relatively dilute solutions in the study.

2.2. Problem Formulation

The following set of equations describes one-dimensional ion electrodiffusion trans-
port in the membranes and the DBLs:

the Nernst-Planck equation

Jj = −Dj

(
∂Cj

∂x
+ zjCj

F
RT

∂ϕ

∂x

)
(1)

the electroneutrality condition

Σ
j
zjCj = ωQ (2)

the condition of zero current flow

Σ
j
zj Jj = 0 (3)

the equation of material balance

∂Cj

∂t
= −∂Jj

∂x
(4)
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where Cj is the concentration, Jj is the flux density, zj is the charge, Dj is the diffusion
coefficient of ion j; Q is the membrane ion-exchange capacity, ω can take the values −1,
+1, or 0 for an AEM, a CEM, and a solution, respectively; t is the time, x is the coordinate
normal to the membranes surfaces, R, T, and F are the gas constant, temperature, and
Faraday constant, respectively. In the D compartment j = H+, OH−, Na+, Cl−, Phe+, Phe−,
Phe±; in the A compartment and in CEM j = H+, Na+, Phe+, Phe±; in the B compartment
and in AEM j = OH−, Cl−, Phe−, Phe±.

Hereinafter, the zwitterion (+N H3 − CH(CH2C6H5)− COO−), the cation (+N H3 −
CH(CH2C6H5)− COOH), and the anion (NH2 − CH(CH2C6H5)− COO−) of Phe are de-
noted as Phe±, Phe+, and Phe−, respectively.

The equilibrium between H+, OH− ions, and water molecules in solution is described
by the equation:

Kw = CH ·COH = 10−14 mol2·L−2 (5)

Phenylalanine enters into the protolysis reactions:

Phe+ + H2O↔ Phe± + H3O+ (6)

Phe± + H2O↔ Phe− + H3O+ (7)

The chemical equilibrium constants of reactions (6), K1, and (7), K2, at 25 ◦C are
expressed as follows:

K1 =
[Phe±][H3O+]

[Phe+]
= 6.31·10−3 mol·L−1 (8)

and

K2 =
[Phe−][H3O+]

[Phe±]
= 4.90·10−10 mol·L−1 (9)

respectively [22].
The local change in the concentration of Phe species (Phe±, Phe+, and Phe−) are

calculated by Equations (8) and (9) as follows:

CPhe+ =
CPhetot

K1K2
C2

H
+ K1

CH
+ 1

(10)

CPhe− =
K1K2CPhe+

C2
H

(11)

CPhe± =
K1CPhe+

CH
(12)

where CPhetot = CPhe± + CPhe+ + CPhe− is the total concentration of all Phe species [18,20].
Thus, depending on the local pH value of the solution in the ND system, Phe changes its
form due to protolysis reactions (Figure 2).
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Figure 2. Mole fractions (α) of Phe species in an aqueous solution as function of pH, calculated from
Equations (10)–(12).

Changes in ion concentrations in compartments A, D, and B, as well as the local ion
concentrations in DBLs and membranes, are calculated from the system of equations formed
by the material balance condition, Equation (4), taking into account Equations (6) and (7):

∂CH
∂t

= −divJH + k1CPhe+ − k−1CPhe±CH + k2CPhe± − k−2CPhe−CH + kdCH2O − krCHCOH (13)

∂COH
∂t

= −divJOH + kdCH2O − krCHCOH (14)

∂CPhe+

∂t
= −divJPhe+ − k1CPhe+ + k−1CPhe±CH (15)

∂CPhe−

∂t
= −divJPhe− + k2CPhe± − k−2CPhe−CH (16)

∂CPhe±

∂t
= −divJPhe± + k1CPhe+ − k−1CPhe±CH − k2CPhe± + k−2CPhe−CH (17)

∂CNa
∂t

= −divJNa (18)

∂CCl
∂t

= −divJCl (19)

where k1, k2 are the dissociation rate constants, k−1, k−2 are the recombination rate constants
in reactions described by Equations (6) and (7), respectively; kd, kr are the dissociation and
recombination rate constants of water.

Solving the system of Equations (1)–(3) and (13)–(19) allows one to find the change in
concentrations of H+, Na+, Phe+, Phe± ions in the acid compartment, CEM, and adjacent
DBLs (DBL1 and DBL2); OH−, Cl−, Phe−, Phe± ions in the alkali compartment, AEM,
and adjacent DBLs (DBL3 and DBL4); H+, OH−, Na+, Cl−, Phe+, Phe−, Phe± ions in the
desalination compartment.

The boundary conditions imply the ion exchange equilibrium and the flux continuity
condition at the membrane/solution interfaces.

Local equilibrium at the membrane/solution interfaces is described by the equations:

Kc
H,Na = Cc

HCNa/(Cc
NaCH) (20)

Kc
H,Phe+ = Cc

HCPhe+/
(
Cc

Phe+CH
)

(21)

Ka
OH,Cl = Ca

OHCCl/(Ca
ClCOH) (22)
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Ka
OH,Phe− = Ca

OHCPhe−/
(
Ca

Phe−COH
)

(23)

where Cc
j and Ca

j are the concentration of ion j at the membrane solution interface from
the inside of the membrane (superscripts “c” and “a” relates to CEM and AEM, respec-
tively); Kc is the ion exchange equilibrium constant for H+/Na+ and H+/Phe+ (at the CEM
surface from the inside of the membrane); Ka is the similar parameter for OH−/Cl− and
OH−/Phe− (at the AEM surface from the inside of the membrane).

The continuity of the flux condition at the CEM/solution boundaries reads as:

Jj
∣∣
x=δI = Jc

j

∣∣∣
x=δI

, Jj
∣∣
x=dc+δI+δI I = Jc

j

∣∣∣
x=dc+δI+δI I

(24)

At the DBLs/solutions boundaries, the concentration continuity condition is set:
(
Cj
)

x=0 = CA
j ,
(
Cj
)

x=dc+δI+δI I = CD
j (25)

where CA
j , CD

j are the concentration of ion j in A and D compartments, respectively.
Similar boundary conditions are set from the AEM side.
The system of the partial differential equations described above was solved numeri-

cally using Matlab software.
At the beginning of the ND process (at t = 0), a uniform distribution of concentrations

in the diffusion layers is assumed, equal to the initial concentrations of the feed solutions.
Generally, the initial conditions read as

Cj(x)
∣∣
t=0 =





C0
j , 0 ≤ x ≤ δI for the DBL1

C0
j , dc + δI ≤ x ≤ dc + δI + δI I for the DBL2

C0
j , 0 ≤ x ≤ δI I I for the DBL3

C0
j , da + δI I I ≤ x ≤ da + δI I I + δIV for the DBL4

Cc
j (x), δI ≤ x ≤ dc + δI for the CEM

Ca
j (x), δI I I ≤ x ≤ da + δI I I for the AEM

(26)

where C0
j is the initial concentration of species j in the corresponding compartment,Cc

j (x)
and Ca

j (x) are linear functions that distribute the concentration of species j linearly between
left-hand and right-hand membrane boundaries.

2.3. Parameters of the Model

The input parameters of the model can be conventionally divided into three groups:
thermodynamic, kinetic, and those that characterize the nature of the ion-exchange material.
There are also several input parameters characterizing the solution and the ND system:
electrolyte concentrations, pH, and DBLs thickness.

Thermodynamic parameters include ion exchange equilibrium constants between
membranes and external solutions and chemical equilibrium constants of Phe protona-
tion/deprotonation reactions. For simplicity, the ion exchange equilibrium constants are
taken equal to 1.

Kinetic parameters include the diffusion coefficients of mineral salt and Phe species in
membranes and solutions.

The parameter characterizing the nature of the membrane material is the membrane
ion-exchange capacity.

The output parameters of the model are the concentrations of ions and Phe species in
the membranes, DBLs, and in compartments of the studied system.

The input parameters of the system under study were obtained from independent
experiments or taken from the literature. The values of the fitting parameters were found
from the condition of the best fit between the simulated and experimental time depen-
dencies of pH, electrical conductivity, and concentrations of mineral salt ions and Phe in
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the solution in the D compartment. The fitting parameters of the model are the diffusion
coefficients of ions and Phe species in membranes (Dj) and the thickness of DBLs (δ).

Note that the order of magnitude of Dj is estimated from experimental data on the
membrane electrical conductivity using the Nernst-Einstein relation, as seen in work [17].

3. Experimental
3.1. Neutralization Dialysis Process

Neutralization dialysis was carried out in a three-compartment dialysis cell (similar
to one used in [11]) consisting of acid and alkali compartments, as well as a desalination
compartment separated by a CEM and an AEM. In each of the compartments, a spacer
of the width equal to the intermembrane distance (0.6 cm) was placed. The membrane’s
working surface area was 7.29 cm2 (2.7 cm × 2.7 cm).

The average linear flow rate of the solutions in each compartment was 1.5 cm·s−1. A total of
2 L of HCl solution and 2 L of NaOH solution of various concentrations, respectively, circulated
through the acid and alkali compartments. A total of 0.5 L of a mixed solution of NaCl and Phe
containing dissolved components in an equimolar ratio (0.02 mol·L−1 NaCl + 0.02 mol·L−1 Phe)
was circulated through the desalination compartment.

The initial pH value of the NaCl + Phe mixed solution was 5.5–5.6, which is close
to the Phe isoelectric point (pI = 5.76). Such conditions (according to the estimates by
Equations (10)–(12)) provide the molar fraction of the zwitterionic form of Phe in the mixed
solution in the range from 99.93% to 99.94%.

In the course of neutralization dialysis, the pH and electrical conductivity of the
solution being demineralized were measured using an Expert-001 pH meter and an Expert-
002 conductometer (JSC Econiks-Expert, Moscow, Russia). The experiments were carried
out at a temperature of 25.0 ± 0.5 ◦C.

To assess the loss of Phe and the demineralization rate during ND, sampling of the solution
in the D compartment was carried out after 12 and 24 h (in the middle and at the end of the
experiment). The Phe concentration was determined using the UV-1800 spectrophotometer
(TM ECO-VIEW, Shanghai Mapada Instruments Co., Ltd., Shanghai, China) at a wavelength of
259 nm. The content of Na+ and Cl− ions was determined using a DIONEX ICS-3000 (Thermo
Fisher Scientific, Waltham, MA, USA) chromatographic system.

3.2. Membranes

New commercial homogeneous membranes manufactured by ASTOM (Tokyo, Japan)
were used in the ND process: a cation-exchange membrane CSE and an anion-exchange
membrane ASE. These are standard-grade, homogeneous membranes with high mechanical
strength. The polymer matrix of the CSE membrane is a styrene-based copolymer with
−SO3− functional groups; the ASE membrane containing strongly basic functional groups is
produced from a copolymer of styrene and divinylbenzene. In the case of both membranes,
the reinforcing net is made of a mixture of polyethylene and polypropylene [23].

Some physicochemical characteristics of the CSE and ASE membranes are shown
in Table 1.

Table 1. Some physicochemical characteristics of CSE and ASE membranes. Data taken from [11].

Membrane CSE ASE

Ion-exchange capacity, mmol·cm−3 1.85 1.99

Water content, % 42.0 24.4

Conductivity (in 0.1 M NaCl), mS·cm−1 7.37 3.77

Conductivity (in 0.1 M Phe, CSE at pH = 0.5,
ASE at pH = 13.1), mS·cm−1 5.67 2.32

Conductivity (CSE in 0.1 M HCl, ASE in
0.1 M NaOH), mS·cm−1 71.12 6.76

Thickness in swollen state, microns 140 150
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4. Results and Discussions

The behavior of the ND system under conditions similar to those applied in the
present research (concentrations of the acid and alkali solutions, average linear velocity of
the solutions in the compartments, design of the dialyzer) is well studied for the case of a
strong binary 1:1 electrolyte [5,14,17].

The peculiarity of the ND system is possible fluctuations of the solution pH in the
D compartment. These fluctuations may appear as a result of (1) a change in the kinetics
of ion transfer from internal to external diffusion (the ion flux is limited by transport
through membranes and through DBLs, respectively) with a dilution of the solution in
the D compartment [14] and (2) a delay in the formation of concentration profiles in
membranes and DBLs as a response to changes in the concentration of the solution in the
D compartment [17].

If an ampholyte (for example, phenylalanine) is present in the D compartment, the pH
fluctuations become less pronounced due to the buffering effect of Phe (which enters the
protonation/deprotonation reactions with H+ and OH− ions) [18]. In this case, charged
species of Phe (Phe+ and Phe−) are formed in the solution and membranes. Phe+ and Phe−

are transported through the corresponding membranes as counterions, along with the
diffusion of the zwitterionic form (Phe±), leading to the loss of this amino acid. Therefore,
pH control of the solution being desalinated is an important task in the implementation of
ND of ampholyte-containing solutions.

In order to reduce the loss of Phe, it is necessary to ensure the reagent-free pH control
in the D compartment so that the pH value is as close as possible to the pI of the amino acid.
Based on the literature [8,10,17,18], pH can be controlled by influencing the ion exchange
rate (ion fluxes) across the CEM and AEM. This may be realized in several ways:

(1) by the selection of membranes with desired properties (structure, thickness, ion-
exchange capacity, nature of fixed ion-exchange groups, etc.);

(2) by changing the hydrodynamic conditions in the compartments of the ND system,
which affects the DBL thickness near the membrane surfaces;

(3) by changing the concentration of acid and/or alkali in the corresponding compart-
ments, which affects the concentration gradient between these compartments and the
D compartment and, as a consequence, the ion fluxes.

In the authors’ opinion, the latter way is the simplest from a practical point of view
and easiest in terms of implementation. In the present research, in order to verify the
proposed model, a series of experiments with the varied concentration of acid and/or alkali
in different runs were conducted.

4.1. pH Fluctuations in Desalination Compartment

In general, the pH behavior depends on the exchange rate (ER) ratio across the CEM
+ adjacent DBLs and AEM + adjacent DBLs [14,17]. The ER across the AEM + DBLs may
be significantly higher or significantly lower than that across the CEM (for example, due
to the great difference in concentrations in compartments A and B, membrane thickness,
ion-exchange capacity, etc.), leading, respectively, to the situation where the pH in the
D compartment will have high or low values [14].

The conditions of the ND experiment set in this work refer to the case of compara-
ble values of the ER across the CEM and AEM. Three cases of acid and alkali solution
concentrations are considered (Table 2).

Table 2. Initial concentrations in ND system compartments.

Case CA
HCl, mol·L−1 CB

NaOH, mol·L−1 CD
NaCl, mol·L−1 CD

Phetot , mol·L−1

case 1 0.1 0.1

0.02 0.02case 2 0.05 0.1

case 3 0.1 0.2
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As can be seen from Figure 3, the experimental and simulated (using the developed
model) time dependencies of pH and electrical conductivity in the D compartment are
in good agreement in the time range where the experimental data is available. At the
same time, Figure 3 shows further pH and electrical conductivity behavior predicted using
the developed model. The values of model parameters used in simulations are listed in
Table A1, Appendix A.
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Figure 3. Experimental (dots) and simulated (solid lines) time dependencies of pH (a) and electrical
conductivity (b) of the solution in the D compartment.

Figure 3a shows that regardless of the initial values of CA
HCl and CB

NaOH used in our
study, the solution pH in the D compartment decreases at the beginning of the process
(in all three cases). At a sufficiently high concentration of the solution being desalted at
the beginning of the ND process, the limiting stage is ion transfer across the CEM and
AEM (internal diffusion kinetics) and not the DBLs facing the D compartment. The mutual
diffusion coefficient of H+/Na+ ions in the CEM exceeds the corresponding value for the
OH−/Cl− ions in the AEM (calculated similarly as in [5]), which is expressed in larger
values of the fluxes through the corresponding membranes of the former compared to the
latter (Figure 4).
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Further, in the course of ND, the pH behavior in the D compartment follows different
trends for each of the considered cases up to approximately 2000 min. Let us consider these
differences.

In case 1, as the concentration of the solution in the D compartment decreases, the role
of the DBLs (where the mutual diffusion coefficient for the OH−/Cl− ions is higher than for
the H+/Na+ ions) in controlling the transport kinetics increases and becomes comparable
to the role of the membranes. Thus, the ion fluxes through the AEM + adjacent DBLs
and CEM + adjacent DBLs are equalized (at t ≈ 500 min, Figure 4), which results in an
almost constant pH value (Figure 3a). Later, the concentration of the solution decreases to a
threshold value [14], after reaching which the process begins to be controlled by external
diffusion kinetics since the transfer in the DBLs becomes the limiting stage. The mutual
diffusion coefficient of OH−/Cl− ions in solution is approximately 20% greater than that
of H+/Na+ ions [5,17], therefore, there is a trend towards an increase in pH.

In case 2, using a lower initial acid concentration leads to a decrease in H+ ion fluxes
through the CEM as compared to case 1. As a result, at the beginning of the process,
the deviation of the pH value from the initial one turned out to be less pronounced
(Figure 3a). As a consequence, when the external diffusion kinetics takes over the main role
in controlling the process, the increase in pH is more prominent and occurs earlier than in
case 1.

In case 3, the initial concentration of alkali was doubled compared to case 1. The ER
across the AEM quickly becomes the determining factor of the process, which is expressed
in a sharp increase in pH in the D compartment even before reaching the threshold con-
centration at which the external diffusion kinetics begins to dominate. Apparently, this
behavior of the system is due to a significant difference in the concentration gradient of
OH− ions between the B and D compartments and the concentration gradient of H+ ions
between the A and D compartments.

After approximately 2500 min of the process, the model predicts one more shift in
pH toward acidic values in all three considered cases. By this time, due to a greater ER
across the AEM + adjacent DBLs, the concentration of Cl− ions becomes lower than that
of Na+ ions (Figure 5). This makes the ER across the CEM + adjacent DBLs greater again
and causes the pH in the D compartment to decrease (Figure 3a). As a result, after about
3000 min of the process, the concentration of Na+ ions becomes lower than that of Cl−

ions (Figure 5), and the balance of ER between ion-exchange membranes shifts in favor of
the AEM + adjacent DBLs. However, by this time, the concentration of mineral salt ions
becomes very low (of the order of the Phe charged forms concentrations), yielding very
low values of ion fluxes. Thus, the further changes in pH become very time-expanded. In
Figure 3a, starting from approximately 3750 min, the pH time dependence has a shape of
a straight line. When the concentration of mineral salt tends to zero, the system tends to
an equilibrium state described by Equations (8) and (9), and pH in the D compartment
tends to the value of pI of Phe. Further, the transport of H+ and OH− ions into the D
compartment will stop since these ions will be spent on local protonation/deprotonation of
the zwitterionic form of Phe in membranes, followed by transfer of charged Phe+ and Phe−

species towards A and B compartments from the CEM and AEM, respectively. The limiting
stage of amino acid transport will be its diffusion through the DBLs to the membrane
surfaces facing the D compartment.
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Figure 5. Simulated time dependencies of Na+, Cl− (solid lines), Phe+, Phe− (dashed lines), and
Phetot (dash-dotted line) concentrations in the D compartment. Case 1 is considered (Table 2).

4.2. Phenylalanine Losses

One of the goals of this study is to estimate the Phe losses and to elucidate the
mechanisms standing behind the Phe transport in the studied ND system.

The Phe transport is carried out by the diffusion of its charged (Phe+, Phe−) and
zwitterionic (Phe±) forms through the membranes and DBLs.

If the solution pH in the D compartment deviates from pI of Phe, the protona-
tion/deprotonation of Phe occurs to form its charged forms that are transferred through
the membranes as counterions: Phe+ through the CEM and Phe− through the AEM. An
additional mechanism of Phe transport is so-called facilitated diffusion [24]. It is known
from the literature that the pH in the ion-exchange membrane differs from that in the
equilibrium solution by 1–2 units [19] (it is lower in the CEM and higher in the AEM due to
the Donnan effect [25]). Entering the membrane, the Phe zwitterion becomes protonated (in
CEM) or deprotonated (in AEM) to form additional Phe+ or Phe− ions, respectively. This
provides an increase in the concentration of charged forms of Phe in the corresponding
membranes and intensifies the Phe flux. The limiting factor of such a transport mechanism
is the Phe± diffusion rate through the DBLs towards the membranes in the D compartment.
Thus, apparently, the loss of Phe associated with the transport of its zwitterionic form
cannot be avoided by controlling the pH of the solution in the desalination compartment.

However, one may try to minimize the loss of Phe transported in the form of charged
ions that appeared in the D compartment as a result of the change in pH caused by the
counter fluxes of H+ and OH− ions.

In the developed model, accounting for the chemical equilibrium of Phe as a function
of local pH in solutions and membranes (Equations (8) and (9)) made it possible to describe
adequately the experimentally determined concentrations of phenylalanine and mineral
salt ions in the solution being desalted (Figure 6).
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Knowing the Phe concentrations, the loss of amino acid was calculated by the equation:

L = 100
(

CD
Phe tot,0 − CD

Phe tot,t

)
/CD

Phe tot,0 (27)

where CD
Phe tot,0 is the initial concentration of Phe in the D compartment (at t = 0), CD

Phe tot,t is
the sum of the Phe concentrations in all its forms (Phe+, Phe−, Phe±) in the D compartment
at a given moment in time (t).

Figure 7 shows that the least loss of Phe is in case 2 (among the three considered cases).
In this case, the minimal amount (among all the cases) of Phe+ and Phe− ions transferred
from the D compartment is conditioned not only by the magnitude of pH deviations from
the value of pI but also by the duration of such deviations (Figure 3a).
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The question of practical importance is what Phe losses can be expected in the ND of
an equimolar NaCl + Phe solution depending on the demineralization rate, calculated by
the formula:

DR = 100
(

CD
NaCl,0 − CD

NaCl,t

)
/CD

NaCl,0 (28)
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where CD
NaCl,0 is the initial concentration of NaCl in the D compartment (at t = 0), CD

NaCl,t is
the NaCl concentration in the D compartment at a given moment in time (t).

In the ND experiment, 90% DR was achieved, accompanied by minimal Phe losses of
about 16% (case 2). Modeling predicts a steep increase in phenylalanine losses when the DR
is higher than 95% (Figure 8). At such negligibly small concentrations of mineral salt ions,
the ER across the membranes is very low. Thus, a lot of time is required to achieve even an
insignificant increase in the DR. During this time, the diffusion of Phe± zwitterions leads
to an increase in phenylalanine losses. Nevertheless, simulations show that it is possible to
achieve a highly demineralized solution characterized by a DR of 99.9% with phenylalanine
losses of about 42%.
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the D compartment for the three considered cases (Table 2).

Thus, this study has shown that ND can be used to effectively demineralize an amino
acid solution, and the control of target product losses is possible by selecting process
conditions. The developed model allowed a deeper understanding of the mechanisms that
determine the behavior of the ND system, which will permit the ability to deliberately
set the optimal parameters. Therefore, it will be possible to increase the attractiveness
of ND and simplify the task of controlling the pH during the demineralization of amino
acid solutions in comparison with other methods. For example, during electrodialysis
demineralization of amino acid solutions, reagent-free pH control is possible by controlling
the water splitting process (which can occur at interface boundaries in over-limiting current
modes [26]). This is possible by regulating the applied electric current density [27] or
by selecting different types of membranes, for example, bipolar ones [28]. However, the
problem of water splitting control is rather sophisticated, and this approach requires the
application of high voltages [29], thereby, adding chemical reagents is still a common
practice used to adjust solution pH in electrodialysis [30]. As for diffusion dialysis, which
is also widely used for the demineralization of ampholyte-containing solutions, the control
of the pH is possible only with the use of additional reagents. Moreover, the values of
fluxes that can be achieved in diffusion dialysis are very low [31], thus, a great number of
membranes are required for the demineralization of solutions [32]. The advantage of ND is
the relatively high rate of solution desalination. Due to the neutralization reaction in the D
compartment, a high concentration gradient of H+ and OH− ions is maintained, resulting
in a relatively high magnitude of ion fluxes through membranes (comparable to ion fluxes
in electrodialysis, ≈10−5 mmol·cm−2·s−1 [29,33]). This allows for achieving relatively high
performance with relatively small plant sizes.
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5. Conclusions

A non-steady state model that describes the neutralization dialysis demineralization
of a mixed sodium chloride and phenylalanine solution was proposed. The model takes
into account the characteristics of membranes that are important for practice (thickness,
ion-exchange capacity, conductivity). In contrast to the previously developed models, the
new one considers the local equilibrium of phenylalanine protolysis reactions in solutions
and membranes and the phenylalanine transport in its charged and zwitterionic forms
through membranes.

A series of experiments on neutralization dialysis demineralization of the NaCl and
phenylalanine mixed solution was carried out. In order to minimize phenylalanine losses,
the solution pH in the desalination compartment was controlled by changing the concen-
trations of the solutions in the acid and alkali compartments of the dialysis cell.

The validity of the model was verified by comparison of simulated and experimental
time dependencies of solution electrical conductivity and pH, as well as the concentration of
mineral salt ions and phenylalanine in the desalination compartment of the neutralization
dialysis cell.

The results of simulations show that the phenylalanine losses associated with the
facilitated diffusion transport mechanism can not be avoided in neutralization dialysis
due to the H+ and OH− ions fluxes directed oppositely to the fluxes of phenylalanine
zwitterions. However, it is possible to lower the transport (consequently, the losses) of
charged forms of phenylalanine that formed in the desalination compartment due to
pH changes. This reduction can be achieved by regulating the pH in the desalination
compartment in a way to keep it as close as possible to the value of amino acid pI. In
this study, pH was regulated by influencing the fluxes of H+ and OH− ions through the
membranes by changing the solution concentrations in the acid and alkali compartments
of the cell.

In the experiments carried out, the demineralization rate has reached 90%, accompa-
nied by the minimal phenylalanine losses of about 16%. In the studied system, this result
was achieved by using the acid concentration half as much as the alkali concentration.
Modeling predicts a steep increase in phenylalanine losses when the demineralization rate
is higher than 95%. Nevertheless, simulations show that it is possible to achieve a highly
demineralized solution (by 99.9%) with phenylalanine losses amounting to 42%.
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Appendix A

Table A1. Parameters of the model.

Parameter Value Units Description

dc and da 140 and 150
microns

CEM and AEM thickness, respectively *

δk 85 The thickness of diffusion boundary layers **, k = I, II,
III, IV (Figure 1)

CD
NaCl 0.02

mol·L−1

Initial molar concentration of salt in the desalination
compartment D (Table 2)

CA
HCl 0.1 or 0.05 Initial molar concentration of acid in the acid

compartment A (Table 2)

CB
NaOH 0.1 or 0.2 Initial molar concentration of alkali in the alkali

compartment B (Table 2)

CD
Phetot 0.02 Initial molar concentration of phenylalanine in the

desalination compartment D (Table 2)

VA and VB 2
L

Volume of solutions in the acid and alkali
compartments, respectively

VD 0.5 Volume of the solution in the desalination compartment

Qc and Qa 1.85 and 1.99 mmol·cm−3 Ion-exchange capacity of CEM and AEM, respectively
(in the swollen state) *

DNa 1.34·10−5

cm2·s−1

Diffusion coefficients of Na+, Cl−, H+, OH−, Phe+,
Phe−, and Phe± ions in solution at
infinite dilution [22,34]

DCl 2.03·10−5

DH 9.31·10−5

DOH 5.26·10−5

DPhe+ 6.7·10−7

DPhe− 6.7·10−7

DPhe± 6.7·10−7

Dc
Na 3.25·10−7

Diffusion coefficients of Na+, H+, Phe+ ions in CEM
and Cl−, OH−, Phe− ions in AEM **

Dc
H 9.0·10−6

Dc
Phe+ 1.1·10−7

Da
Cl 2.25·10−7

Da
OH 7.8·10−7

Da
Phe− 0.75·10−7

Dc
Phe± and Da

Phe± 3.3·10−8 and 2.3·10−8 Diffusion coefficients of Phe± ions in CEM and
AEM, respectively **

Kw 10−14 mol2·L−2 Water ionization constant

K1 6.31·10−3

mol·L−1
Equilibrium constant for chemical reaction (6) [22]

K2 4.90·10−10 Equilibrium constant for chemical reaction (7) [22]

Kc
H,Na and Kc

H,Phe+ 1 – Nikolskii equilibrium constant for exchange between
H+ and Na+, H+, and Phe+ in CEM

Ka
OH,Cl and Ka

OH,Phe− 1 – Nikolskii equilibrium constant for exchange between
OH− and Cl−, OH− and Phe− in AEM

T 298 K Absolute temperature

R 8.314 J·(mol·K)−1 Gas constant

F 96,485 C·mol−1 Faraday constant

* Parameters obtained from independent experiments (Table 1, data taken from [11]). ** Fitting parameters of
the model.
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Table A2. List of abbreviations and superscripts/subscripts.

Abbreviations Description

AEM anion-exchange membrane

CEM cation-exchange membrane

DBL diffusion boundary layer

DR desalination rate

ER exchange rate

ND neutralization dialysis

Phe phenylalanine

Superscripts/subscripts

Superscripts “c” and “a” relates to CEM and AEM, respectively

Superscripts “A”, “B”, and “D” relates to acid, alkali (base), and desalination
compartments, respectively

Subscript “j”
relates to a certain species. The type of species
described by the index j is indicated in the
place of its appearance
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Abstract: The reuse of wastewater has been identified as an important initiative for the sustainable
development of the environment; thus, the removal of secondary effluent organic matter (EfOM) to
ensure the safety of reused wastewater is the key step and a subject of extensive research. In this
study, Al2(SO4)3 and anionic polyacrylamide were selected as coagulant and flocculant, respectively,
for the treatment of secondary effluent from a food-processing industry wastewater treatment plant
to meet the standard regulatory specifications for water reuse. In this process, the removal efficiencies
of chemical oxygen demand (COD), components with UV254, and specific ultraviolet absorbance
(SUVA) were 44.61%, 25.13%, and 9.13%, respectively, with an associated reduction in chroma and
turbidity. The fluorescence intensities (Fmax) of two humic-like components were reduced during
coagulation, and microbial humic-like components of EfOM had a better removal efficiency because
of a higher Log Km value of 4.12. Fourier transform infrared spectroscopy showed that Al2(SO4)3

could remove the protein fraction of the soluble microbial products (SMP) of EfOM by forming
a loose SMP protein complex with enhanced hydrophobicity. Furthermore, flocculation reduced
the aromaticity of secondary effluent. The cost of the proposed secondary effluent treatment was
0.034 CNY t−1 %COD−1. These results demonstrate that the process is efficient and economically
viable for EfOM removal to realize food-processing wastewater reuse.

Keywords: organic matters; secondary effluent; soluble microbial products; coagulation; humic-like
substance; water reuse

1. Introduction

Biological treatment processes are one of the most widely used technologies for
wastewater treatment worldwide due to their economic and sustainable characteristics [1].
Although a major fraction of the organic matter in wastewater is degraded during biotreat-
ment, there is a considerable amount of residual organic matter in the secondary effluents
identified as secondary effluent organic matter (EfOM). Conventional activated sludge sys-
tems (e.g., anaerobic and oxic processes) have not only the insufficient ability to biodegrade
the refractory organic compounds (e.g., humic- and fulvic acid-like substances) but also
produce soluble microbial products (SMP) which inevitably end up as EfOM and affect the
effluent quality [2]. A high concentration of EfOM adversely affects the reuse of wastewater,
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and the presence of organic matter in the circulating water has become the main factor
restricting wastewater reuse [3]. In particular, the presence of organic substances such
as humic acid makes the water treatment process more difficult [4]. For the widespread
implementation of industrial wastewater treatment and reuse, the government has set
strict water reuse standards to force various industries to reduce EfOM concentrations, e.g.,
when reclaimed water is used as a source of industrial water, the chemical oxygen demand
(COD) must be below 60 mg L−1 (GB/T 19923-2005, national standard). In addition, in
response to the needs of regional development, the application of reclaimed water has been
repeatedly written into the construction plan. The recently enacted “Guidance on Promot-
ing Wastewater Resource Utilization (2021)” states that the utilization rate of reclaimed
water in the Beijing–Tianjin–Hebei region (China) is specified to increase to over 35% by
2025 [5]. These limits have prompted investigations to eliminate the EfOM from secondary
effluents in effective, economical, and engineering-friendly ways to ensure environmental
protection and safety of water use.

Coagulation, a physical–chemical process, can neutralize surface electrical charges
on particles, reduce electrical double-layer repulsion forces of colloids, and also realize
adsorption and complexation with several organic substances [6,7]. Through these mech-
anisms, many kinds of particulate, colloidal, and dissolved organic matter from EfOM
can be removed during coagulation, which is an important opportunity to increase the
production capacity of reclaimed water. The EfOM comprises two kinds of organic compo-
nents, i.e., humic substances and SMPs, depending on their origin [8]. Humic substances
in the EfOM range from 17% to 71%, which not only enhance the transportation of heavy
metals but also cause harmful byproduct formation during disinfection [1]; SMPs are the
major soluble organic matter constituents in EfOM [8]. Coagulation treatment of secondary
effluent to remove these two types of organics is effective, and its potential has been proven:
Wang et al. [1] concluded that the coagulation process could remove almost half of the hu-
mic substances in EfOM; Liu et al. [9] used Al2(SO4)3 and FeCl3 as coagulants and obtained
SMP removal rates of approximately 25% in both cases. However, the removal efficiency of
EfOM is dependent on the composition of secondary effluent, and coagulation treatment of
the actual wastewater with complex organic matters needs further confirmation.

Al-based salts have also been widely applied as coagulants and flocculating agents
to reduce the EfOM from secondary effluents due to their simplicity, cost-efficiency, and
upgradeability. Moreover, Al-based coagulants have good natural organic matter (i.e.,
humic substances) removal capacity [10], with great potential for EfOM removal, which can
produce higher quality water for reuse. Previous studies have reported the characteristics
and mechanisms of coagulation using Al-based coagulants. For example, during humic
acid removal, it is first adsorbed on the surface of Al(OH)3(s) formed from aluminum
hydrolysis, followed by surface complexation between humic acid molecules and surface
groups on Al(OH)3(s), under neutral condition [11]. However, secondary effluents have
several complex organics. Therefore, it is important to understand the changes in SMPs
during coagulation and the changes in the characteristics of humic-like substances with
different coagulant dosages. This research should be performed with the actual effluent in
an industrial-scale treatment plant for successful practical application.

In this study, an industrial-scale food-processing wastewater treatment plant, which
used alum-based coagulation (i.e., Al2(SO4)3) and flocculant (i.e., anionic polyacrylamide;
APAM) for the enhancement of secondary effluent quality to meet the local standards
for water reuse was investigated to understand the EfOM removal feasibility and cost
economy of the coagulation process for treating secondary effluent. The EfOM removal
efficiency and change in relative parameters (e.g., turbidity and UV254) after coagulation
were evaluated. The variation in organic components was monitored based on three-
dimensional excitation-emission-matrix (3D-EEM) fluorescence spectra and parallel factor
(PARAFAC) analysis after adding different dosages of coagulant. The influence of coagulant
dosage on humic-like and SMP-like substances was detected by fluorescence quenching
combined with the Ryan–Weber model and the two-dimensional correlation (2D-COS)
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spectroscopy calculated from synchronous fluorescence (SF) spectra. Structural changes in
secondary proteins in the EfOM before and after coagulation were analyzed using Fourier
transform infrared (FT-IR) spectroscopy. The effect of Al2(SO4)3 and PAM on the effluent
quality after coagulation/flocculation treatment was assessed. Finally, the cost of the
treatment was evaluated, and the actual performance of secondary effluent treatment was
compared, which provided a basis for promoting the utilization of wastewater resources
and improvement of the efficiency and quality of water reuse.

2. Material and Methods
2.1. Experiment Setup and Operation

In this study, a wastewater treatment plant of a food-processing factory located in Bei-
jing, China, with a stable operation for more than five years, was studied. The mainstream
biological units comprise a microaerobic reactor coupled with a membrane bioreactor (MBR).
The secondary effluent (Q = 20 m3 h−1; 150 m3 d−1) from the MBR then flowed into the coag-
ulation/flocculation reaction section, which was composed of a coagulation reactor (effective
volume = 7.1 m3; hydraulic retention time (HRT) = 20 min; mixing = 135 rpm × 2.2 kw), a
neutralization reactor (effective volume = 7.1 m3; HRT = 20 min; mixing = 135 rpm× 2.2 kw),
a flocculation reactor (effective volume = 7.1 m3; HRT = 20 min; mixing = 60 rpm × 2.2 kw),
and a sedimentation tank (effective volume = 155 m3). Al2(SO4)3·18 H2O and APAM were
selected as the coagulant and flocculant with concentrations of 150 g m−3 and 1.5 g m−3,
respectively, which were dissolved completely before adding into the coagulation and
flocculation reactor. The addition of NaOH was not required because the pH of secondary
effluent was around 7–8 during data collection. The effluent quality met the national
standard: “The reuse of urban recycling water-water quality standard for industrial uses”
(GB/T 19923-2005).

2.2. Jar Test Procedure

Two jar tests were performed in this study. First, the effluent was treated with dif-
ferent dosages of Al2(SO4)3·18 H2O (i.e., evenly divided into 10 groups from 0.09 to
0.94 mmol Al L−1), and the change in fluorescence characteristics of EfOM was determined.
Each sample was filtered through 0.45 µm glass fiber filters (Whatman, Little Chalfont,
Buckinghamshire, UK) before analysis. Secondly, the combined effect of Al2(SO4)3 and
APAM on the effluent quality after coagulation/flocculation treatment was evaluated.
Five different dosages of Al2(SO4)3·18 H2O (i.e., 110, 125, 140, 155, and 170 mg L−1) were
selected based on the variation in the range of the actual addition during the wastewater
treatment. The ratio of APAM to Al2(SO4)3·18 H2O was 0.012, 0.011, 0.010, 0.009, and 0.008,
respectively, for each dosage of coagulant, and these ratios were also determined based
on the actual range of addition. All the experimental conditions were consistent with the
actual plant operating conditions, except that the settling time for the experiments was
5 min. After settling, the supernatant of each treated group was collected and analyzed.

2.3. FT-IR

FT-IR spectra were measured using an FT-IR spectrophotometer (Perkin Elmer Frontier,
Waltham, MA, USA) by scanning between wavenumbers of 4000–400 cm−1. Each sample
was frozen at −33 ◦C in an ultra-low temperature freezer (Haier, DW-86L338, Qingdao,
China) and then dewatered with a freezer dryer at −57 ◦C and 5 Pa. All FT-IR samples
were prepared by pressing a homogenized mixture of 1 mg of freeze-dried sample and
140 mg of potassium bromide (spectrum pure reagent).

2.4. Dissolved Organic Matter (DOM) Fluorescence Characteristics Analysis
2.4.1. Three-Dimensional Excitation-Emission-Matrix (3D-EEM) and Parallel Factor
Analysis (PARAFAC)

Each sample for dissolved organic matter (DOM) analysis was collected by filtration
using 0.45 µm glass fiber filters (Whatman, Little Chalfont, Buckinghamshire, UK). The
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3D-EEM spectra of DOM samples were acquired using a fluorescence spectrophotometer
(F-7000, Hitachi, Tokyo, Japan). The excitation spectra were scanned every 5 nm from
200 to 450 nm, and the emission spectra were scanned every 5 nm from 200 to 550 nm.
Fluorescence regional integration (FRI) was used for calculating the proportion of the five
types of fluorescent DOM (FDOM), measured by 3D-EEM. The fluorescence proportion of
region i (Pi,n, %) was calculated according to Equation (1):

Pi,n (%) =
∅i,n

∅T,n
× 100% =

MFi ∑ex ∑em I(λexλem)∆λex∆λem

∑5
i=1 ∅i,n

× 100%, i = I−V (1)

where ∅i,n is the Ex/Em area referring to the value of region i; ∅T,n is the Ex/Em area
referring to the value of the total region; MFi is a multiplication factor for each region; I
(λexλem) is the fluorescence intensity for each Ex/Em wavelength pair; ∆λex and ∆λem are
Ex and Em intervals, respectively [12].

PARAFAC was calculated using the DOMFluor toolbox (version 1.7) and N-way
toolbox in MATLAB software (MATLAB2021, Natick, MA, USA). The data collected from
44 experimental samples were imported into MATLAB. Modeling was achieved by a series
of step-wise procedures performed in a previous study [13], several FDOM components
were identified, and the maximum fluorescence intensity (Fmax) was used to characterize
the relative concentrations of individual FDOM components [14].

2.4.2. Fluorescence Quenching Titration

The Ryan–Weber model, a commonly used nonlinear fitting model, was used to
calculate the coagulation complex constant of FDOM samples and Al-coagulant. This
model is mainly based on the following assumptions: (1) the fluorescence quenching
of each FDOM component is assumed to be the result of complexation with Al, (2) Al
and FDOM have the same and independent binding site or ligand binding, and (3) the
stoichiometric ratio of Al to ligand complex is 1:1. The calculation of the R-W model is
based on Equation (2):

I = I0 + (IML − I0)(
1

2KMCL
)(1 + KMCL + KMCM −

√
(1 + KMCL + KMCM)2 − 4KM2CLCM) (2)

f =
(I0 − IML)

I0
(3)

where I0 is the DOM fluorescence intensity of the water sample without Alum; CM rep-
resents the Alum concentration; I represents the fluorescence intensity when the Alum
concentration is CM; CL represents the complexing capacity concentration of Al (mmol L−1),
and KM is the Al complexing stability constant. At the same time, IML indicates the con-
centration threshold of Al when the fluorescence intensity stabilizes; f is expressed as the
quenching rate, that is, the ratio of the binding group to the total group that was calculated
using Equation (3) [15].

2.4.3. Two-Dimensional Synchronous Fluorescence Correlation Spectroscopy (2D-SF-COS)

The synchronous fluorescence (SF) spectra were recorded in the range of 250–550 nm
with a constant offset (∆λ = 60 nm) using a fluorescence spectrophotometer (F-7000, Hitachi,
Tokyo, Japan) with a scanning speed of 240 nm min−1 and a 1 nm scan spacing [15].
The SF spectra with different Al-based coagulant concentrations (see Section 2.2) were
used to perform the two-dimensional correlation spectroscopy (2D-COS) using “2D-Shige”
software (Kwansei-Gakuin University, Japan).
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2.5. Analytical Methods

Samples collected from the influent and effluent of the coagulation/flocculation-
settling process were analyzed for the different COD fractions, i.e., total COD (TCOD),
particulate COD (pCOD; >1.5 µm), colloidal COD (cCOD; 0.45–1.5 µm), and soluble COD
(sCOD; <0.45 µm), for which the samples were filtered through 0.45 and 1.5 µm glass-
fiber filters [16]. All COD concentrations were measured following the Chinese standard
method [17]. The suspended solids (SS) concentration was determined after filtration with
0.45 µm glass-fiber filters. The pH was measured using a portable multimeter (PHB-4,
Zsynet, Shanghai, China). The concentration of dissolved organic carbon was quantified us-
ing a total organic carbon analyzer (MULTI N/C® 3100, Analytik Jena, Thuringia, Germany).
Turbidity was measured using a turbidimeter. UV254 was determined by UV absorbance at
254 nm wavelength with a UV–visible–NIR spectrophotometer (LH-3BA, Shenzhen, China).
Specific ultraviolet absorbance (SUVA) was calculated using Equation (4) [18]:

SUVA
(

L mg−1m−1
)
=

UV254nm

DOC
× 100 (4)

Chroma is measured as color number (CN) with the absorbance measured at 436 nm
(A436), 525 nm (A525), and 620 nm (A620) wavelengths, and calculated using Equation (5) [19]:

CN
(

cm−1
)
=

A2
436 + A2

525 + A2
620

A436 + A525 + A620
× 100 (5)

3. Results and Discussion
3.1. Performance of the Coagulation Process

The changes in organic matter and wastewater characteristics before and after coag-
ulation are shown in Table 1. The TCOD concentration in the influent was 26.36 mg L−1,
and that in the effluent was 14.14 mg L−1. The average removal efficiency of TCOD was
44.61%. The UV254 and SUVA in the influent were 0.263 and 2.25 cm−1, which decreased
by 25.13% and 9.13% to 0.197 and 2.07 cm−1, respectively, in the effluent after coagula-
tion/flocculation treatment.

Table 1. The performance of coagulation/flocculation process under treating secondary effluent.

Parameter Influent Effluent Removal Efficiency (%)

TCOD (mg L−1) 26.36 ± 7.20 14.41 ± 3.57 44.61 ± 6.53
UVA254 (cm−1) 0.263 ± 0.002 0.197 ± 0.005 25.13 ± 1.64

SUVA (L mg−1 m−1) 2.25 ± 0.03 2.07 ± 0.03 9.13 ± 1.35
CN (cm−1) 0.020 ± 0.001 0.012 ± 0.002 36.65 ± 9.49
SS (mg L−1) 4.56 ± 1.50 0.66 ± 0.58 85.01 ± 12.00

Turbidity (NTU) 1.19 ± 0.28 0.63 ± 0.45 50.35 ± 34.43
pH 7.92 ± 0.28 7.00 ± 0.05 11.52 ± 1.25

TCOD, total COD; UVA254, ultraviolet absorbance at 254 nm; SUVA, specific ultraviolet absorbance; CN, color
number; SS, suspended solids.

Compounds that absorb at 254 nm comprise aromatic groups that are often considered
biorecalcitrant [20], and the decrease in UV254 value after coagulation treatment indicates
significantly improved effluent quality. The percentage reduction in UV254 absorbing
components was lower than that of TCOD, which indicates a more efficient removal of
nonaromatic organic matter compared to aromatic constituents [20] after treatment. The
lower SUVA value of effluent compared to that of influent indicated its lower aromatic-
ity and the possibility of achieving a lower high-molecule-weight refractory humic-like
compounds content through coagulation [8].

The values for the other parameters (i.e., pH, SS, CN, and turbidity) in the influent
and effluent are depicted in Table 1. The pH decreased from 7.92 to 7.00, indicating that
the process of coagulation/flocculation reduced the pH value of the alkaline influent to
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neutral. The SS concentration in the influent was 4.56 mg L−1, which decreased by 85.01% to
0.66 mg L−1 in the effluent after coagulation/flocculation. Because of the efficient removal
of SS and TCOD, the CN and turbidity were significantly reduced by 36.65% and 50.35%,
respectively, after the coagulation/flocculation process. The turbidity removal efficiency
was better than that of TCOD, which was attributed to the difference in coagulation
mechanisms of particulate, colloidal, and dissolved organic matter [7]. This suggested that
organics contributing to the turbidity were removed efficiently. These phenomena were
attributed to the efficient removal of organic matter from secondary effluent.

3.2. Change in COD Fractions

Three types of COD fractions (i.e., pCOD, cCOD, and sCOD) were monitored, as
shown in Figure 1.

Membranes 2023, 13, x FOR PEER REVIEW 6 of 15 
 

 

lower SUVA value of effluent compared to that of influent indicated its lower aromaticity 
and the possibility of achieving a lower high-molecule-weight refractory humic-like com-
pounds content through coagulation [8]. 

The values for the other parameters (i.e., pH, SS, CN, and turbidity) in the influent 
and effluent are depicted in Table 1. The pH decreased from 7.92 to 7.00, indicating that 
the process of coagulation/flocculation reduced the pH value of the alkaline influent to 
neutral. The SS concentration in the influent was 4.56 mg L−1, which decreased by 85.01% 
to 0.66 mg L−1 in the effluent after coagulation/flocculation. Because of the efficient re-
moval of SS and TCOD, the CN and turbidity were significantly reduced by 36.65% and 
50.35%, respectively, after the coagulation/flocculation process. The turbidity removal ef-
ficiency was better than that of TCOD, which was attributed to the difference in coagula-
tion mechanisms of particulate, colloidal, and dissolved organic matter [7]. This suggested 
that organics contributing to the turbidity were removed efficiently. These phenomena 
were attributed to the efficient removal of organic matter from secondary effluent. 

3.2. Change in COD Fractions 
Three types of COD fractions (i.e., pCOD, cCOD, and sCOD) were monitored, as 

shown in Figure 1. 

  
(a) (b) 

Figure 1. The concentration of COD fractions and organic composition of sCOD (solubleCOD) in 
the influent (a) and effluent (b). 

The concentration of pCOD and cCOD in the influent was 1.81 mg L−1 and 3.63 mg 
L−1, and those in the effluent were 3.41 mg L−1 and 1.71 mg L−1, respectively. The contribu-
tion of these two types of COD was very less in the TCOD, with an average of 23.06% and 
30.03% before and after coagulation. The sCOD decreased from 21.47 mg L−1 to 11.93 mg 
L−1, which significantly contributes to TCOD removal. The pH of the influent was approx-
imately 7.9 in this study. According to a previous study report [21], prehydrolyzed alumi-
num salt solutions may react with the alkalinity present in EfOM, as shown below: 

Al2(SO4)3 + 6OH− → 2Al(OH)3 + 3SO42−  

At this pH, the Al hydroxide precipitates, completely dominating all other Al species. 
Thus, the major coagulation mechanisms for the removal of pCOD and cCOD are adsorp-
tion on the precipitates and/or sweep flocculation [22]. The concentration of pCOD in the 
effluent increased slightly due to the small flocs with adsorbed organic matter remaining 
suspended in the effluent. The sCOD (i.e., DOM), the major fraction of EfOM, decreased 

Ⅰ Ⅱ Ⅲ Ⅳ Ⅴ
0

10

20

30

40

50

60

pCOD cCOD sCOD
0

10

20

30

40
sCOD

CO
D

 c
on

ce
nt

ra
tio

n 
(m

g 
L−1

)

pCOD
(a)

cCOD
P i

,n
 (%

)
 Region i

Ⅰ Ⅱ Ⅲ Ⅳ Ⅴ
0

10

20

30

40

50

60(b)

P i
,n

 (%
)

 Region i

pCOD cCOD sCOD
0

5

10

15

20

25

CO
D

 c
on

ce
nt

ra
tio

n 
(m

g 
L−1

)

sCODpCOD cCOD

Figure 1. The concentration of COD fractions and organic composition of sCOD (solubleCOD) in the
influent (a) and effluent (b).

The concentration of pCOD and cCOD in the influent was 1.81 mg L−1 and 3.63 mg L−1,
and those in the effluent were 3.41 mg L−1 and 1.71 mg L−1, respectively. The contribution
of these two types of COD was very less in the TCOD, with an average of 23.06% and 30.03%
before and after coagulation. The sCOD decreased from 21.47 mg L−1 to 11.93 mg L−1,
which significantly contributes to TCOD removal. The pH of the influent was approximately
7.9 in this study. According to a previous study report [21], prehydrolyzed aluminum salt
solutions may react with the alkalinity present in EfOM, as shown below:

Al2(SO4)3 + 6OH− → 2Al(OH)3 + 3SO4
2−

At this pH, the Al hydroxide precipitates, completely dominating all other Al species.
Thus, the major coagulation mechanisms for the removal of pCOD and cCOD are ad-
sorption on the precipitates and/or sweep flocculation [22]. The concentration of pCOD
in the effluent increased slightly due to the small flocs with adsorbed organic matter re-
maining suspended in the effluent. The sCOD (i.e., DOM), the major fraction of EfOM,
decreased significantly by 44.43%, and changes in its characteristics during treatment were
further examined.

In order to understand the changes in DOM components, FRI analysis based on EEM
fluorescence spectral data was performed. Five types of DOM components were identified
by FRI analysis. Region I and II contents were identified as protein-like components,
constituting 0.67% and 9.31% of DOM in the influent, respectively, showing a slight increase
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after treatment. Region III, a fulvic-like component, changed slightly from 14.08% to
15.23% after coagulation. Region IV and V constituted the highest proportions in the
influent and effluent, changed notably with the addition of alum coagulant. Region IV
(i.e., SMP-like component) increased from 24.61% to 28.44%, while Region V humic-like
substance decreased significantly from 51.32% to 44.35%. These results confirmed that
humic-like substances could be efficiently removed by alum [23], and it could contribute to
maintaining a low CN in the effluent. Alum-based coagulants have superior natural organic
matter (NOM; e.g., humic-like substance) removal capacity based on sweep adsorption
and surface complexation [10,11]. However, alum did not seem to have a significant effect
on the removal of protein-like components, including SMP. It may be attributed to the fact
that SMP-like compounds were more hydrophilic and hence more difficult to remove by
Al-based coagulants [24]. To some extent, the significant reduction in humic-like substances
caused an increase in the proportions of other substances.

3.3. Influence on DOM Components
3.3.1. Component Separation and Dehumification Analysis

Three principal components were identified from the 3D-EEM fluorescence spectra
using PARAFAC analysis, and the contour plots of the three components are shown in
Figure 2a–c.

The fluorescence component 1 (FC1; Figure 2a), with two peaks at wavelengths
λex/λem = 315 (245) nm/400 nm, was assigned to microbial humic-like fluorescence [8].
The fluorescence component 2 (FC2; Figure 2b) with a peak at λex/λem = 365 (260)
nm/450 nm was identified as a large-molecular-size humic-like compound [8]. The fluores-
cence component 3 (FC3; Figure 2c) was a protein-like substance associated with microbial
activity and biological productivity that could be regarded as SMP, with a fluorescence
peak at 280 nm/250 nm (λex/λem). The analysis indicated that there was a considerable
amount of allochthonous organic matter (i.e., humic-like material) in EfOM, and the SMPs
were less than the humic-like materials [8]. It was also suggested that these two sub-
stances significantly influence EfOM, which was consistent with a report from a previous
study [25].

In order to further evaluate the removal efficiency of each component and the effec-
tiveness of dehumification during the addition of alum-based coagulation, fluorescence
quenching titration and synchronous fluorescence spectra were established (Figure 2d).
There were considerable differences in the changes in DOM components with changes in
concentration of Al2(SO4)3. The Fmax of the two humic-like components (i.e., FC1 and FC2)
decreased gradually with increasing Al addition. The Fmax of FC1 was much higher than
that of FC2, which indicated that microbial humic-like substances are major constituents
of EfOM in this study. Unlike the variations in FC1 and FC2, the change in Fmax of FC3
was inconsistent at different dosages of coagulant, which meant the removal efficiency of
SMP could not be accurately estimated by fluorescence intensity using EEM spectra. The
value of A3 (400–550 nm)/A1 (300–350 nm) was positively correlated with humification
degree [26], and it decreased from 0.17 to 0.12 when Al concentration increased from 0.00 to
0.94 mmol L−1. This indicated that the humific acid content of effluent gradually decreased
when FC1 and FC2 were efficiently removed from EfOM.

The two types of hydrophobic organic components (i.e., FC1 and FC2) can interact
with Al2(SO4)3 through complexation with hydroxyl ions on the surface [7,8]. The Log Km
and f values of FC1 and FC2 are shown in Table 2; according to the Ryan–Weber model
fitting, the different removal characteristics between FC1 and FC2 were examined. The
different contributions of the two types of humic-like substances on the dehumification
of the secondary effluents during the process of coagulation were evaluated. For FC1, the
values of Log Km and f were 4.12 and 0.12, respectively; those for FC2 were 4.10 and 0.22.
It was suggested that FC1 was more sensitive to Al-based coagulant, compared to FC2,
either from the aspect of complex constants or from the degree of quenching. Hence, it can
be confirmed that microbial humic-like substances can be efficiently removed by Al2(SO4)3
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addition, and large-molecular-size humic-like compounds were also complex during this
process, although their removal efficiency was not as effective as that of the former.
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Figure 2. The EEM−PARAFAC characteristics of FC1 (a), FC2 (b), and FC3 (c) of DOM, and (d) Fmax
and humification degree changes after treatment with different Al concentrations.

Table 2. Complexing stability constant of Al with DOM by the Ryan–Weber model.

Component Log Km f R2

FC1 4.12 0.12 0.9197
FC2 4.10 0.22 0.7289

3.3.2. Variation in SMP

The effect of Al2(SO4)3 on the forms and contents of the corresponding functional
groups (i.e., C=O and N-H) of SMP-like substances, and the change in the composition
ratio of the related secondary structures, were examined by FTIR analysis. FTIR spectra at
wavelength range 1700–1600 cm−1 (i.e., amide I region) are shown in Figure 3.
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Several types, i.e., aggregated strands, β-sheet, random coil, α-helix, 3-turn helix, and
antiparallel β-sheet/aggregated strands, were sorted from secondary structures of SMP
protein [27]. Results confirmed that adding Al2(SO4)3 reduced the total areas of peaks,
and the cutback in the total areas of peaks indicated an effective reduction in protein
content (Table 3). The proportions of α-helix and random coil increased from 10.39% and
10.43% to 12.24% and 15.77%, respectively, while that of β-Sheet decreased from 10.43% to
8.95%. The ratio of α-helix to (β-sheet + random coil) was 0.498 in the influent, and in the
effluent, it was 0.495. A high percentage of α-helix and a low percentage of β-sheet could
lead to the tight structure of the protein, while the low value of the ratio of α-helix and
(β-sheet + random coil) confirmed that the loose structure of protein molecule promoted
more hydrophobicity in SMP protein [27]. Hence, coagulation with Al2(SO4)3 could reduce
the proteins in SMP from EfOM, aided by a loose SMP protein structure and enhanced
hydrophobicity of SMP proteins.

Table 3. Band assignments for the protein secondary structures of dissolved organic matter.

Wavelength cm−1 Secondary Structures
Influent Effluent

Proportion of Area (%) Proportion of Area (%)

1616–1626 Aggregated strands 20.86 18.04
1629–1640 β-sheet 10.43 8.95
1640–1645 Random coil 10.43 15.77
1649–1650 α-Helix 10.39 12.24
1655–1669 3-Turn helix 20.78 17.20

1676–1694
Antiparallel

β-sheet/aggregated strands
α-Helix/(β-sheet +random coil)

14.21 12.80

3.3.3. Characteristics of DOM Removal

To understand the changes in DOM with different dosages of Al2(SO4)3 during co-
agulation, synchronous and asynchronous maps were generated from SF spectra. Three
major auto-peaks were revealed in the synchronous map (Figure 4a). The change in band
intensity followed this order: 330 > 362 > 280 nm. The bands at 330 nm and 362 nm were
related to humic-like fluorescence compounds, and the former band may be derived from
microbial processes as microbial humic-like components [15,28]. This analysis showed that
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the DOM changed with time in the following order: humic-like > protein-like substances
and microbial humic-like components have an advantage over other humic-like substances
in the process of coagulation. This result was consistent with the EEM analysis of dehumifi-
cation that the removal of microbial humic-like substance plays a major role in this process.
Furthermore, the cross-peak of the two bands showed a positive correlation, implying
that the three component signals consistently changed during the process of coagulation
with Al2(SO4)3.
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Figure 4. Two−dimensional correlation maps generated based on SFS of DOM samples treated with
different Al concentrations: (a) 250−550 cm−1 synchronous spectra; (b) 250−550 cm−1 asynchronous
spectra. Red represents positive correlations, and blue represents negative correlations; higher color
intensity indicates a stronger positive or negative correlation.

The asynchronous map displays distinctive characteristics compared with the syn-
chronous map, which reveals the degree of the sequential changes at the three different
wavelengths with the addition of Al2(SO4)3 (i.e., the extent to which the fluorescence inten-
sity changes at one wavelength either leads or lags behind that at the other wavelength) [28],
shown in Figure 4b. According to Noda’s rule [29], the changes in the bands with time
followed this order: 330 > 362 > 280 nm. These results imply that microbial humic-like
fractions might be removed earlier than the other fractions, and the protein-like substances
displayed a weaker capturing capacity by Al-based coagulant (i.e., Al2(SO4)3). Hence,
humic-like components of EfOM could have more chances of getting removed by Al2(SO4)3
than other fractions during coagulation.

3.4. Optimization of Coagulation/Flocculation Efficiency

The concentration of Al2(SO4)3·18 H2O and APAM influence the efficiency of EfOM
removal during coagulation and flocculation processes. The change in EEM-PARAFAC
characteristics of FC1, FC2, and FC3 of FDOM in EfOM treated by different concentrations
of Al2(SO4)3·18 H2O and APAM is exhibited in Figure 5a. The three components had blue
shifts in different degrees due to the gradually increased concentration of Al2(SO4)3·18
H2O and APAM, which positively influenced FDOM removal. With the change in con-
centration of these two treatment chemicals, based on the range of concentration applied
in this wastewater treatment plant for EfOM removal, the three components of FDOM
exhibited different removal characteristics. When the concentration of coagulant was
around 110–120 mg L−1, the Fmax of FC1, FC2, and FC3 decreased notably with the in-
crease in the ratio of flocculant to coagulant concentration. The flocculant concentration
would influence the efficiency of microbial humic-like substance removal in this situation.
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However, the influence of a higher proportion of flocculant on three components removal
was not always positive. Its efficiency stabilized when the dosage of flocculant exceeded a
certain amount (i.e., the ratio of APAM to Al2(SO4)3·18 H2O was 0.009 in this study). When
the concentration of coagulant increased, the Fmax of humic-like substances decreased
significantly compared to protein-like substances; humic-like components located at the
high band of Ex/Em, in particular, displayed a reduction rate of Fmax up to 14.10%, in
response to increased concentrations of coagulant combined with an equal proportion of
the flocculant. However, it has been reported that a higher concentration of PAM might
form large amounts of loose-structure flocs that negatively affect organics removal [30].
Hence, the removal efficiencies of the three components did not continue to increase with
the increase in the concentration of Al2(SO4)3·18 H2O; and did not change significantly
when the concentration of Al2(SO4)3·18 H2O exceeded 155 mg L−1.
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Figure 5. The influence of coagulant and flocculant concentration on FC1, FC2, and FC3 components
of DOM (a) and effluent pollutant indices (b).

The correlation between the concentration of Al2(SO4)3·18 H2O and APAM and the
efficiency of coagulation is shown in Figure 5b to demonstrate the effect of coagulant and
flocculant treatment on pollutant removal. The removal rate of SS was not proportional to
the concentration of coagulant and flocculant, and it may be attributed to the effects of MBR
treatment which results in very less SS in secondary effluent. The turbidity was significantly
negatively correlated (p < 0.05) with the concentration of coagulant while the removal rate
of COD, SUVA, and CN was significantly positively correlated (p < 0.01) with the coagulant
concentration. It indicated coagulation by Al2(SO4)3 resulted in a major reduction in EfOM
from a secondary effluent and efficiently guaranteed the effluent quality of WWTP. APAM,
as a flocculant, balances the pH and reduces SUVA contents. These results also suggested
that the concentrations of coagulant and flocculant were positively related to the effluent
quality in the range of dosage applied in the study, and the adjustment of chemical dosages
can effectively address the changes in secondary effluent quality (i.e., variation in EfOM).

3.5. Integrated System Economic Evaluation

The cost of building or upgrading treatment systems is one of the most critical bar-
riers to the widespread utilization of industrial wastewater reuse [31]. The total cost for
applying a coagulation/flocculation and sedimentation integrated treatment system for the
secondary effluent treatment of the industrial-scale food-processing wastewater treatment
plant was estimated. Table 4 summarizes the resources used and the cost calculation.

132



Membranes 2023, 13, 510

Table 4. Total capital investment for coagulation process of secondary effluent treatment.

Parameter Value

Q 150 m3 d−1

No. of working days per year 365 d
tw 7 h d−1

Construction cost (designing & treatment units manufacturing & mechanical cost) CNY 4,000,000
Electrical costs CNY 0.98 t−1

Chemical costs Al2(SO4)3·18 H2O CNY 0.45 t−1

APAM CNY 0.08 t−1

Maintenance cost CNY 5000 a−1

The construction cost (manufacturing of treatment tanks and mechanical cost) was esti-
mated to be 4,000,000 CNY, and the electrical power cost was estimated at 0.98 CNY t−1. On
the other hand, the chemical costs were estimated to be about 0.45 CNY t−1 for the coagulant
and 0.08 CNY t−1 for the flocculant. The maintenance cost was considered to be 5000 CNY a−1.
The average cost of secondary effluent treatment from this study was 1.51 CNY t−1 with a
44.61% COD removal rate, which implies a cost of 0.034 CNY t−1 %COD−1; Su et al. [2] had
applied Fenton coupled with biological aerated filter to treat EfOM, and this treatment cost
was 0.045 CNY t−1 %COD−1 to meet the effluent standard, which was higher than that
estimated in this study. Moreover, it is also more economical compared with ozonation
(estimated cost: 0.03–0.07 CNY t−1 gCOD−1) to improve effluent quality [32]. Compared
to other processes [33], Al-based coagulant has the advantages of low cost and high ef-
ficiency and has great practical application potential in water reuse for industrial uses.
Overall, Al2(SO4)3 and APAM-based coagulation/flocculation is a comparatively economic
treatment process for efficient EfOM removal to realize food-processing wastewater reuse.

4. Conclusions

In this study, Al2(SO4)3 and APAM were chosen as coagulant and flocculant, respec-
tively, for the treatment of secondary effluent from an industrial-scale food-processing
wastewater treatment plant to meet the regulatory standards for wastewater reuse. The
EfOM was removed efficiently with a 44.61% COD removal rate during this process, and
both dearomatization and dehumification were achieved to different degrees. Coagulation
played a key role in the removal of humic-like components of EfOM, especially the organics
from microbial humic-like components. The degree of removal of protein-like components
of SMP was lower than humic-like components; however, coagulation can produce a loose
SMP protein structure and enhance the hydrophobicity of SMP proteins. Flocculation can
further reduce the aromaticity of the secondary effluent and strengthen the sedimentation.
The cost of secondary effluent treatment in this study was 0.034 CNY t−1 %COD−1, which
showed that Al-based coagulant had a viable application value for EfOM removal to reach
the goal of food-processing wastewater reuse.
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Abstract: Acetaldehyde (CH3CHO) in the atmosphere is associated with adverse health effects.
Among the various options for use in removing CH3CHO, adsorption is often employed because of
its convenient application and economical processes, particularly when using activated carbon. In
previous studies, the surface of activated carbon has been modified with amines to remove CH3CHO
from the atmosphere via adsorption. However, these materials are toxic and can have harmful
effects on humans when the modified activated carbon is used in air-purifier filters. Therefore,
in this study, a customized bead-type activated carbon (BAC) with surface modification options
via amination was evaluated for removing CH3CHO. Various amounts of non-toxic piperazine
or piperazine/nitric acid were used in amination. Chemical and physical analyses of the surface-
modified BAC samples were performed using Brunauer–Emmett–Teller measurements, elemental
analyses, and Fourier transform infrared and X-ray photoelectron spectroscopy. The chemical
structures on the surfaces of the modified BACs were analyzed in detail using X-ray absorption
spectroscopy. The amine and carboxylic acid groups on the surfaces of the modified BACs are critical
in CH3CHO adsorption. Notably, piperazine amination decreased the pore size and volume of the
modified BAC, but piperazine/nitric acid impregnation maintained the pore size and volume of
the modified BAC. In terms of CH3CHO adsorption, piperazine/nitric acid impregnation resulted
in a superior performance, with greater chemical adsorption. The linkages between the amine
and carboxylic acid groups may function differently in piperazine amination and piperazine/nitric
acid treatment.

Keywords: bead-type activated carbon; piperazine; nitric acid; surface modification; acetaldehyde
removal

1. Introduction

Acetaldehyde (CH3CHO) is a volatile organic compound (VOC) in the atmosphere
that is associated with adverse health effects. It is a factor in sick building syndrome,
as it is found in wallpaper, furniture, cigarettes, and building materials [1–8]. Moreover,
CH3CHO is odorous at a low concentration (0.09 mg/m3) and causes chest tightness, eye
irritation, and respiratory tract irritation [9,10]. Therefore, indoor CH3CHO content should
be regulated at <0.03 ppm, and an effective removal method for CH3CHO is required [11].

Several methods, such as absorption [12], condensation [13], biofiltration [14], and
thermal oxidation [15], are commonly applied in removing VOCs such as CH3CHO,
from gas streams. These methods are effective at relatively high VOC concentrations
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(>5000 ppmv) [16], but adsorption yields the optimal results in terms of energy cost, effi-
ciency, and versatility with respect to the adsorbate [17]. Adsorption is one of the most
efficient methods of removing VOCs, and various adsorbents are used, including carbon
materials [18], silica [19], zeolites [20], and polymers [21]. Owing to their low costs and high
stabilities, carbon materials are the most commonly used adsorbents in VOC removal [22].
Activated carbon, in particular, provides key advantages in adsorption because of its high
porosity, large surface area, and rapid adsorption [23,24]. It is well-known that the intrin-
sic surface of activated carbon is hydrophobic. However, in many cases, the operation
of activated carbon requires a hydrophilic environment such as water purification and
wastewater treatment. Even VOC removal occurs in humid environments. Among the
options of surface modification, acidic treatments are popular. Strong acids such as nitric
acid are often used in surface modification. With the help of acidic treatment, the gen-
eration of carboxylic acid is noticeable along with hydroxyl groups. With the increasing
need to remove specific chemicals such as aldehydes, the refined surface modification was
necessitated with or without acidic treatment. Amination showed promising results in
formaldehyde removal [18]. Previous studies have reported on the surface modification of
activated carbon with amines that can be used to remove CH3CHO from the atmosphere.
The amine-containing materials used in previous studies include aminobenzenesulfonic
acids, ethylenediamine, diethylenetriamine, and amino acids [25–27]. However, these mate-
rials are toxic and can have harmful effects on humans when the modified activated carbon
is used in air-purifier filters. Therefore, developing non-toxic amine-modified activated
carbon is essential, but no related research regarding the adsorption of CH3CHO with
non-toxic amines has been reported. In addition, the related references on acetaldehyde
removal over activated carbon materials are summarized in Table 1.

In this study, we used a spherical bead-type activated carbon (BAC), which provides
a pleasant working environment with no dust and high strength and fluidity. This type
of BAC can be easily operated for adsorption and desorption, thereby making it feasible
for recycling and helping for a circular economy. Specifically, compared to commercial
granular activated carbon, BAC has a narrow-sized distribution. If BAC is applied to a BAC-
incorporated membrane filter, a new design of the cartridge-type filter can be proposed. For
a better understanding, the overall concept of BAC application is presented in Figure 1. Due
to these properties, BAC is particularly useful as an air-purifier filter, and further research
is necessary to explore its applicability [28]. The main aim of this study is to characterize
the detailed adsorption behavior of CH3CHO over BAC modified with piperazine, which
is a non-toxic amine. Moreover, the reaction mechanism of CH3CHO removal using the
non-toxic amine-BAC is investigated in detail.

[Beads Activated Carbons (BACs)]

: Homogeneous Size Distribution

[Adhesion to

Filter Media ]

[Various Membrane

Filter ]

[Application to Air Purifier] 

Figure 1. Conceptual illustration of BACs applied to air purification through systemizing
membrane filtration.
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2. Experimental Section
2.1. Materials and Sample Preparation

BAC (particle diameter of <0.1 mm) was obtained from ZEOBuilder (Seoul, Republic
of Korea) and heated at 900 ◦C for 3 h under N2 flowing at 175 mL/min.

Piperazine, nitric acid, and ethyl alcohol were purchased from Samchun Pure Chemical
(Pyeongtaek, Republic of Korea). Piperazine was prepared with ethyl alcohol, and nitric
acid was prepared with distilled water. Aqueous stock solutions containing 1–10% (w/v)
piperazine with or without 1% (w/v) nitric acid were prepared. The sample names differ
according to the contents of the mixtures used (Table 2). The heated BAC was impregnated
with the solution of piperazine with/without nitric acid, and the sample was then placed in
a shaking water bath at 25 ◦C and shaken at 130 rpm for 24 h. After impregnation, the BAC
was filtered and dried at 70 ◦C for 24 h. For comparison, piperazine was impregnated on
coconut shell and coal-based activated carbons using the same procedure (Supplementary
Information Figure S8).

Table 2. Description of each sample.

Sample Piperazine %
[w/v%]

Nitric Acid %
[w/v%]

Heat Treatment Temp.
[◦C]

P1 1 - -
P7 7 - -

P7N1 7 1 -
P1N1-900 1 1 900
P3N1-900 3 1 900
P5N1-900 5 1 900
P7N1-900 7 1 900

P10N1-900 10 1 900

2.2. Methods
2.2.1. Preliminary Characterization of BACs

In order to investigate the characteristics of acetaldehyde removal for the BACs im-
pregnated with piperazine/nitric acid, BARE-BAC was first examined by XRD, SEM, TEM,
EDX, particle size distribution, as well as physical/chemical stability. All data is pre-
sented in the Supplementary Information (Figures S1–S7). In brief, BARE-BAC showed
the amorphous phase (refer to XRD data in the Supplementary Information) without
any crystallinity, therefore Raman characteristics were not necessary to verify its further
crystallinity. BAC from a resin precursor contains a slight impurity of Si, characterized
by SEM-EDX. Basically, approx. 1 wt% of impurity in activated carbon cannot affect its
adsorption capacity. SEM morphology implies that the BACs were successfully synthesized
from the resin precursor. The narrow window of particle size distribution in BARE-BAC
ranged from 440 to 600 µm with a mean value of 512 µm, indicating homogeneous particle
size compared with commercial granular activated carbon. It can be easily applied to the
various type of membrane filter system. Moreover, the physical stability has been tested by
attrition and abrasion (ASTM D4058-96 & SPENCE Method). Two tests were performed
which showed the value of 99.77 with a deviation of 0.11. The acetaldehyde cycle test was
carried out to confirm the chemical stability. The regeneration efficiency showed about
90% during 3 cycles of the adsorption–desorption process under the given operational
conditions (200 ppm, GHSV: 37,500 h−1, 25 ◦C).

2.2.2. N2 Sorption

N2 adsorption–desorption isotherms were obtained at 77 K using a surface area and
pore size analyzer (BELSORP MAX G, Microtrac MRB, Osaka, Japan). Before the adsorption
studies, the BAC was outgassed at 120 ◦C under vacuum for 8 h. The surface area was
determined using the Brunauer–Emmett–Teller (BET) equation, the total pore volume was
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calculated at a relative pressure (P/P0) of 0.99, and the micropore volume was calculated
using the Horvath–Kawazoe (HK) and t-plot methods.

2.2.3. CHNS Elemental Analysis

A CHNS elemental analyzer (Flash 2000, Thermo Fisher Scientific, Waltham, MA,
USA) with a thermal conductivity detector was used to examine the compositions of the
BAC samples to determine the relative contents of C, H, N, and S as percentages.

2.2.4. Fourier Transform Infrared (FTIR) Spectroscopy

FTIR spectroscopy was used to qualitatively evaluate the chemical structures of the
BAC samples. The FTIR spectra were measured using an FTIR spectrometer (US/iS50,
Thermo Fisher Scientific) in the frequency range of 400–4000 cm–1.

2.2.5. X-ray Photoelectron Spectroscopy (XPS)

XPS was performed using an XP spectrometer (K-Alpha+, Thermo Fisher Scientific)
with a monochromatic Al Kα (1486.6 eV) radiation source operated at 15 kW and 50 W.
Prior to the analysis, the samples were outgassed at room temperature until the system
pressure reached 5.2 × 10–9 torr. High-resolution spectra were collected at a constant pass
energy of 29.35 eV over an area with a diameter of 4000 µm. The amount of each element (C,
O, N, and S) was calculated using individual spectrum, and the energy scale was calibrated
using the C 1s photoelectron line at 285.0 eV.

2.2.6. CH3CHO Adsorption

Figure 2 schematically illustrates the continuous flow system employed in evaluat-
ing CH3CHO removal using the BAC samples. Tests were conducted at 10 ◦C using a
thermo-hygrostat (climatic chamber, Weiss Technik, Rieskirchen-Lindenstruth, Germany),
and the BAC sample (2 mL) was placed in a stainless steel column. The CH3CHO gas was
1000 ppm CH3CHO in N2, which was then mixed with air to yield a CH3CHO concentra-
tion of 200 ppm. Gas analysis was performed using a sampling pump (GV-100S, Gastec,
Ayase, Japan) and tube (92/92M/92L, Gastec). The breakthrough adsorption capacity of
CH3CHO (Wad [mg/g]) was calculated by integrating the area under the breakthrough
curve using the flow rate, CH3CHO concentration, time, and adsorbent mass. All adsorp-
tion tests were stopped at Cout/Cin = 1 (Cout [ppm]: outlet concentration of CH3CHO;
Cin [ppm]: inlet concentration of CH3CHO).
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2.2.7. Thermal Regeneration

The modified BACs were thermally regenerated in a muffle furnace (Daihan Scientific,
Wonju, Republic of Korea). After the CH3CHO adsorption studies, the spent BAC samples
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(approximately 2 mL) were heated from room temperature to 453 K (heating rate: 5 K/min)
and maintained at this temperature for 2 h in air.

3. Results
3.1. Characterizations of BAC
3.1.1. Textural Structure

The textural properties of the BAC samples, which were determined using the N2
adsorption–desorption isotherms, are summarized in Table 3. The BET surface areas (SBET)
decrease in the following order: BARE-BAC > piperazine/nitric acid-co-impregnated BACs
> piperazine-modified BACs. Piperazine treatment decreases the SBET of BARE-BAC, but
the co-impregnation with piperazine and nitric acid minimizes the decrease, likely because
the nitric acid molecules adsorbed on the pore surfaces continue to penetrate the pore
walls during impregnation. However, as the piperazine content increases, the pores of the
BAC are blocked, and SBET decreases. BARE-BAC displays the highest SBET (1442.1 m2/g)
and the highest micropore and total pore volumes (0.6189 and 0.6284 cm3/g, respectively),
which are almost 6–77% higher than those of the modified BACs. Therefore, chemical
factors have a greater effect on CH3CHO adsorption than physical factors.

Table 3. Textural properties of BAC samples.

Sample SBET
[m2/g]

SMicro
[m2/g]

VTotal
[cm3/g]

VMicro
[cm3/g]

Average Pore Diameter
[nm]

BARE-BAC 1442.1 1437.3 0.6284 0.6189 1.7429
P1 921.5 916.9 0.4123 0.4033 1.7898
P7 794.5 791.0 0.3533 0.3462 1.7788

P7N1 1141.3 1137.1 0.5001 0.4916 1.7528
P1N1-900 1347.2 1341.2 0.5905 0.5788 1.7533
P3N1-900 1275.3 1270.2 0.5612 0.5508 1.7602
P5N1-900 1191.6 1185.8 0.5259 0.5142 1.7652
P7N1-900 1115.3 1110.0 0.4818 0.4711 1.7281
P10N1-900 983.8 979.3 0.4390 0.4298 1.7850

The piperazine/nitric acid-co-impregnated BACs exhibit larger micropore volumes
than the piperazine-modified BACs. Overall, co-impregnation with piperazine and nitric
acid should result in different modifications of the BAC surface compared to those caused
by piperazine modification of the BAC.

3.1.2. CHNS Elemental Analysis

The contents of C, H, N, and S in the samples were measured using a CHNS elemental
analyzer, and the results are shown in Table 4. The N and H contents increase after treatment
with piperazine and nitric acid, respectively, and the introduced amine (–NH) groups are
critical in CH3CHO removal via chemisorption [26,27,34].

Table 4. Contents of C, H, N, and S in BAC samples.

Sample C
[%]

H
[%]

N
[%]

S
[%]

BARE-BAC 93.84 0.45 * ND 1.31
P1 80.18 2.16 0.63 1.01
P7 87.00 1.64 3.52 1.13

P7N1 85.90 1.74 1.89 1.21
P1N1-900 83.02 2.30 0.39 0.97
P3N1-900 93.39 0.79 1.23 1.25
P5N1-900 81.99 2.67 1.52 0.94
P7N1-900 83.21 2.21 2.13 0.98

P10N1-900 80.89 2.77 2.67 0.89
* ND: No data.
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3.1.3. Chemical Characterization

Figure 3 shows the FTIR spectra of BARE-BAC and P7N1-900, which adsorbs the
highest amount of CH3CHO. The characteristic peaks attributed to the functional groups
are almost identical in the two spectra. The O–H and N–H bonds result in noticeable
peaks, and Table 5 summarizes the intensity data of the functional groups. The spectrum of
P7N1-900 displays peaks with stronger intensities the O–H and amine functional groups
representing treatment with piperazine and nitric acid. Penchah et al. [37] reported that
nitric acid increases the carboxylic acid (COOH) content on the surface of activated carbon,
and piperazine is linked to COOH. Therefore, the number of OH groups of P7N1-900 is
increased approximately 2-fold on account of using nitric acid, and the number of amine
groups is increased approximately 4.2-fold on account of using piperazine. In addition, no
change in the structure of BAC is observed, as there is almost no change in the –CH2 groups.

Membranes 2023, 13, x FOR PEER REVIEW 7 of 15 
 

 

treatment with piperazine and nitric acid, respectively, and the introduced amine (–NH) 
groups are critical in CH3CHO removal via chemisorption [26,27,34]. 

Table 4. Contents of C, H, N, and S in BAC samples. 

Sample 
C 

[%] 
H 

[%] 
N 

[%] 
S 

[%] 
BARE-BAC 93.84 0.45 * ND 1.31 

P1 80.18 2.16 0.63 1.01 
P7 87.00 1.64 3.52 1.13 

P7N1 85.90 1.74 1.89 1.21 
P1N1-900 83.02 2.30 0.39 0.97 
P3N1-900 93.39 0.79 1.23 1.25 
P5N1-900 81.99 2.67 1.52 0.94 
P7N1-900 83.21 2.21 2.13 0.98 

P10N1-900 80.89 2.77 2.67 0.89 
* ND: No data. 

3.1.3. Chemical Characterization 
Figure 3 shows the FTIR spectra of BARE-BAC and P7N1-900, which adsorbs the 

highest amount of CH3CHO. The characteristic peaks attributed to the functional groups 
are almost identical in the two spectra. The O–H and N–H bonds result in noticeable 
peaks, and Table 5 summarizes the intensity data of the functional groups. The spectrum 
of P7N1-900 displays peaks with stronger intensities the O–H and amine functional 
groups representing treatment with piperazine and nitric acid. Penchah et al. [37] reported 
that nitric acid increases the carboxylic acid (COOH) content on the surface of activated 
carbon, and piperazine is linked to COOH. Therefore, the number of OH groups of P7N1-
900 is increased approximately 2-fold on account of using nitric acid, and the number of 
amine groups is increased approximately 4.2-fold on account of using piperazine. In ad-
dition, no change in the structure of BAC is observed, as there is almost no change in the 
–CH2 groups. 

 
Figure 3. FTIR spectrum of BARE-BAC and P7N1-900. 

Table 5. Intensity of BARE-BAC and P7N1-900′s functional groups. 

Band Position 
[cm−1] Component 

Intensity 
BARE-BAC P7N1-900 

3435 O-H 3.40 6.95 
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Table 5. Intensity of BARE-BAC and P7N1-900′s functional groups.

Band Position
[cm−1]

Component
Intensity

BARE-BAC P7N1-900

3435 O-H 3.40 6.95
2916 Saturated aliphatic CH2 0.42 0.46
2853 Saturated aliphatic CH2 0.16 0.21
1639 Amie, primary/secondary NH 0.29 1.23

Sources: Adapted from [38].

Ryu et al. [34] reported that the amine functional groups on activated carbon lead
to a higher CH3CHO adsorption efficiency, and thus, the amine groups should increase
CH3CHO adsorption.

3.1.4. XPS

XPS was used to investigate the chemical states of the elements in the BAC samples.
The deconvoluted spectra are shown in Figure 4, and the relative abundances of C, O, N,
and S are presented in Table 6.
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After modification with piperazine, the number of N bonds increases, whereas the
number of bonds involving S decreases. After heating and modification with piperazine
and nitric acid, the number of N bonds increases, and the number of bonds involving O
and S decreases.

The various N components in BAC were further determined by fitting the N 1s
spectra. As shown in Figure 4 and Table 5, deconvolution of the N 1s spectrum reveals the
presence of N–(C)3 (tertiary nitrogen, secondary amine) and C–N+O–C (oxidized nitrogen
functionalities). After piperazine treatment, the number of assigned N bonds increases,
particularly the N–(C)3 content, and thus, when only piperazine is used, it coats the BAC
surface. By contrast, in the BAC treated with piperazine and nitric acid, the content of
C–N+O–C increases by >50% and then decreases as the piperazine content increases. Thus,
COOH groups are formed on the surface of the BAC via the addition of nitric acid, and
piperazine is linked to these groups. The piperazine content of P1N1-900 is excessively
low to link to the COOH groups, and thus, the content of N–(C)3 is 100%. Conversely, in
P3N1-900, piperazine and the COOH groups are linked, increasing the content of C–N+O–C.
In P5N1-900, the COOH groups and piperazine are linked, the remaining piperazine is
coated on the surface of the BAC, and the content of N–(C)3 is increased. N atoms doped
onto the BAC surface may react with CH3CHO to enhance its adsorption [30].

As shown in Figure 4 and Table 5, deconvolution of the O 1s and S 2p spectra reveal
the presence of O–C/O–S (in phenol/epoxy or thioether/sulfonic acid), O=C/O=S (in
carboxy/carbonyl or sulfoxides/sulfones), C–S–C (in sulfides), R–S–S–OR (in thioethers),
R2–S=O (in sulfoxides), and R–SO2–R (in sulfones). During heating, the high temperature
may convert O=C/O=S to O–C/O–S, and R2–S=O and R–SO2–R in P1N1-900–P10N1-900
are converted to C–S–C via heating. S doped on the BAC surface may also react with
aldehydes to increase the HCHO adsorption performance [39].

Table 6. Results of the deconvolution of the XPS spectra of C 1s, O 1s, N 1s, and S 2p (in bold—atomic
% of specific elements).

Bond Assignment Energy
[eV]

BARE-BAC
[%]

P1
[%]

P7
[%]

P7N1
[%]

P1N1-900
[%]

P3N1-900
[%]

P5N1-900
[%]

P7N1-900
[%]

P10N1-900
[%]

C 1s
C-C sp2 284.8 51.15 41.23 46.46 47.57 62.49 55.21 60.32 69.02 66.84

C-O (phenol, alcohol,
ether), C=N (amine, amide) 286.0–286.3 48.85 58.77 53.54 52.43 37.51 44.79 39.68 30.98 33.16

O 1s
O-C/O-S (in phenol/

epoxy or
thioethers/sulfonic)

533.3–533.6 77.78 55.29 54.16 59.19 100 100 100 100 100

O=C/O=S (in
carboxy/carbonyl or
sulfoxides/sulfones)

532.0–532.5 22.22 44.71 45.84 40.81 - - - - -

N 1s
N-(C)3 (tertiary nitrogen,

secondary amine) 399.1–400.0 - 83.51 76.46 68.18 100 100 63.78 67.99 70.61

C-N+O-C (oxidized
nitrogen functionalities) 402.3 - 16.49 23.54 31.82 - - 36.22 32.01 29.39

S 2p
C-S-C (in sulfides);

R-S-S-OR (in thioethers) 164.5–166.0 81.74 96.35 93.56 93.56 100 100 100 100 100

R2-S=O (in sulfoxides) 167.0–167.3 2.28 - - - - - - - -
R-SO2-R (in sulfones) 168.4–168.6 15.98 3.65 6.44 6.44 - - - - -

Sources: Adapted from [40].

3.2. CH3CHO Adsorption

Figure 5 shows the CH3CHO breakthrough curves measured at 10 ◦C in dry conditions,
and the calculated adsorption parameters are listed in Table 6. The modified BAC samples
display higher Wad values, as shown in Table 7, than that of the unmodified BAC: 17.17,
18.73, 50.05, 57.44, 18.84, 54.48, 62.95, 72.34, and 61.38 mg/g for BARE-BAC, P1, P7, P7N1,
P1N1-900, P3N1-900, P5N1-900, P7N1-900, and P10N1-900, respectively. The samples co-
impregnated with piperazine and nitric acid generally exhibit higher Wad values than those
of the samples treated only with piperazine (P1 and P7). P7N1-900, in particular, adsorbs
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the largest amount of CH3CHO, which is 4.2-fold higher than that adsorbed by BARE-BAC.
Physical factors, such as the high SBET values of the modified BAC samples and abundant
micropores, likely contribute to the adsorption performances of the co-impregnated BAC
samples. Moreover, heating destroys the functional groups on the surface of the BAC and
ensures that the active sites comprising piperazine and nitric acid are evenly distributed.
As the piperazine content increases, the amount of adsorbed CH3CHO increases, but when
the piperazine content is excessive, as in P10N1-900, the pores of the BAC are blocked and
the adsorption performance is reduced. Chemical factors, such as the addition of nitric
acid, result in higher CH3CHO adsorption. The chemical reactions between CH3CHO and
linked piperazine explain the increased CH3CHO adsorption levels of the BAC samples
co-impregnated with piperazine and nitric acid compared to those of the other samples.
This is corroborated by the XPS spectra, which show that CH3CHO reacts strongly with
C–N+O–C (oxidized nitrogen functionalities) and N–(C)3 (tertiary nitrogen, secondary
amine). The reaction with CH3CHO is stronger when both types of bonds are present
compared to that when one type is present. Figure 6 shows the comprehensive mechanisms
of amine modification of the BAC and CH3CHO adsorption on the modified BAC surface.
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co-impregnated on the surface of BAC.
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Table 7. CH3CHO adsorption parameters on all BAC samples.

Sample Cin
[ppm]

Wad
[mg/g]

BARE-BAC 200 17.17
P1 200 18.73
P7 200 50.05

P7N1 200 57.44
P1N1-900 200 18.84
P3N1-900 200 54.48
P5N1-900 200 62.95
P7N1-900 200 72.34

P10N1-900 200 61.38

3.3. Effect of Thermal Regeneration on CH3CHO Adsorption

Finally, we evaluated the thermal regeneration efficiencies of BARE-BAC and P7N1-900
after CH3CHO adsorption. The BAC samples were subjected to three cycles of CH3CHO
adsorption and regeneration. Thermal regeneration was performed by heating the samples
at 5 K/min to 453 K in a muffle furnace and maintaining this temperature for 2 h in
air. Figure 7 shows the breakthrough curves obtained under dry conditions, and Table 8
presents the data. The results of Cycles 2 and 3 exhibit similar trends to those shown in
Figure 5. As shown in Table 8, the respective regeneration efficiencies of BARE-BAC and
P7N1-900 are 86.78% and 8.77%. Amine modification significantly reduces the regeneration
efficiency of BARE-BAC by a factor of 10. BARE-BAC exhibits a high ratio of physical
adsorption, whereas P7N1-900 displays a high ratio of chemical adsorption. BARE-BAC
physisorbs CH3CHO and desorbs it well in all cycles. By contrast, P7N1-900 chemisorbs
CH3CHO in Cycle 1 but does not desorb well, and thus, the CH3CHO adsorption declines
significantly in Cycle 2. Meanwhile, the amounts of CH3CHO adsorbed in Cycles 2 and 3
are similar.
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Table 8. CH3CHO regeneration efficiency of three cycles.

Sample Number of Cycle Adsorption Amount
[mg/g]

Regeneration Efficiency of 3 Cycles
[%]

BARE-
BAC

1 17.17
86.782 15.89

3 14.90

P7N1-900
1 72.34

8.772 6.13
3 5.97
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4. Conclusions

Customized BAC was heated at 900 ◦C and impregnated with piperazine or binary
piperazine/nitric acid to enhance CH3CHO removal via adsorption. The amount of piper-
azine was varied from 1 to 10% (w/v) and nitric acid was used at 1% (w/v). When only
piperazine was used, the pore and micropore volumes of the modified BACs decreased
with increasing piperazine content. The SBET of BARE-BAC was 1442.1 m2/g, and that of
P7 was reduced to 794.5 m2/g (modified BAC with 7 % w/v impregnation of piperazine).
Meanwhile, co-impregnation resulted in a minimized decrease in SBET, e.g., 1347.2 m2/g
for P1N1-900 (1% w/v each of piperazine and nitric acid, followed by heating at 900 ◦C).
This suggests that nitric acid penetrates into the BAC microstructure to form pores of
larger size and volume. However, the qualitative chemical structures of BARE-BAC and
P7N1-900 (impregnation with 7% w/v piperazine and 1% w/v nitric acid, followed by heat-
ing at 900 ◦C) were not significantly different according to FTIR spectroscopy. Elemental
analysis revealed that amine treatment increased the N contents of the BAC samples. When
CH3CHO adsorption was performed at 10 ◦C under dry conditions, the adsorption per-
formance of P7N1-900 increased 4.2-fold compared to that of BARE-BAC. This suggests
that the chemical factors of BAC have a greater effect on CH3CHO adsorption than the
physical factors. In regard to the impregnation with piperazine only (P1 and P7), the lower
CH3CHO adsorption capacities could be explained by linkages to hidden amines and
intrinsic COOH groups, resulting in negative effects on adsorption. By contrast, P1N1-900
and P7N1-900 should exhibit linked piperazine-amines but still contain carboxylic acids on
the surfaces of the BAC samples, resulting in increased levels of CH3CHO adsorption. The
CH3CHO adsorption capacity of BARE-BAC was 17.17 mg/g, and those of P7 and P7N1-
900 increased to 50.05 and 72.34 mg/g, respectively. The XP spectra indicated that N–(C)3
(tertiary nitrogen, secondary amine) and C–N+O–C (oxidized nitrogen functionalities) were
present throughout the amine-treated BAC samples. The presence of C–N+O–C indirectly
indicated that the amines were linked to COOH groups, which were mostly generated
via nitric acid treatment. An increased amine content resulted in higher concentrations
of N–(C)3, and thus, amine treatment introduced primary and secondary NH functional
groups into the modified BAC and facilitated CH3CHO adsorption. Although CH3CHO
adsorption was only evaluated under flow conditions, the modified BAC samples should
display high CH3CHO adsorption capacities even under static conditions.
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Abstract: Circular economy, clean technologies, and renewable energy are key to climate protection
and modern environmental technology. Recovering water and valuable minerals from the liquid
fraction of digestate is in line with this strategy. Digestate, a byproduct of anaerobic methane
fermentation in biogas plants, is a potential source of water, minerals for fertilizers, and energy
rather than waste. This study examined digestate from municipal and agricultural biogas plants and
highlights the need for research on both due to their differences. The use of membrane techniques for
water recovery from liquid digestate offers an innovative alternative to conventional methods. This
study used standalone membrane filtration and an integrated system to produce water suitable for
agricultural use. Ceramic membranes with cut-offs of 1, 5, 15, and 50 kDa and polymeric membranes
of polyethersulfone and regenerated cellulose with cut-offs of 10 and 30 kDa were tested. The results
showed that the membrane material significantly affects the transport and separation properties.
Higher cut-off values increased permeate flux across all membranes. Ceramic membranes were more
susceptible to fouling in standalone ultrafiltration, but were more effective in purifying digestate
than polymeric membranes. The best results were obtained with a ceramic membrane with a 1 kDa
cut-off (for example, for the integrated process and the municipal digestate, the retention rates of
COD, BOD5 and DOC were 69%, 62%, and 75%, respectively).

Keywords: digestate; municipal waste biogas plant; agricultural biogas plant; membrane processes;
polymeric membranes; ceramic membranes; integrated processes

1. Introduction

The combined effects of demographic growth, the evolving lifestyle of the consumer,
economic and industrial development, and climate change have resulted in significant chal-
lenges to ensure sufficient and sustainable water resources for municipal and industrial use,
as well as agricultural production in many regions of the world [1]. This places a significant
burden on present and future generations with regard to the responsibility for the natural
environment and the restoration of the ecological balance [2]. The current limitation in the
availability of nonrenewable raw material resources is causing a change in environmental
protection strategies towards the development of so-called clean production [3]. This can
be achieved, for instance, by reducing the amount of pollutants generated or eliminating
them entirely, and by producing reusable products. According to the principles of clean
production, waste should be transformed into a substrate for a new full-value product [4].
In municipal and agricultural biogas plants, the underlying principles include the use of the
methane fermentation process to generate green energy (biogas) and the optimization of the
recovery of nutrients from the byproducts of this process [5]. Digestate, the byproduct of the
fermentation process in both types of biogas plants, represents a significant environmental
concern [6]. The digestate primarily comprises undigested organic matter and mineral
components. The aforementioned components are present in quantities comparable to their
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content in the substrates used in the biogas plant [7]. The quantity of digestate produced is
estimated to be in the range of 85–95% of the weight of the substrates employed [8]. The
proportion of digestate produced is inversely proportional to the degree of fermentation of
the organic matter present in the raw material [9]. The quality of digestate also depends
on the source of the microbial inoculum, the conditions under which the fermentation
process occurred (pH, temperature, organic matter loading rate, hydraulic retention time),
and the type of biogas plant and the type of technology used [10]. Furthermore, pretreat-
ment of input components also influences the physicochemical composition of the final
byproduct [11].

It has been incumbent upon municipal facilities to manage and process the digestate
primarily through dewatering, drying, and thermal incineration [12]. In contrast, agri-
cultural biogas plants are faced with the challenge of excess digestate production and
inadequate management [13]. In practice, this frequently manifests itself as excessive
infiltration into soils, resulting in an excess of nutrients and, on occasion, their unintended
infiltration into groundwater. Consequently, there is a growing interest annually not only
in biogas facilities themselves but also in the processing of digestate, as the management
of hydrated digestate gives rise to both logistical and legal issues [14]. For example, it is
necessary to store the material for approximately six months in lagoons covered with a
geomembrane or in special reinforced concrete tanks, since the decomposition processes
are still ongoing [15]. Furthermore, the storage of hydrated digestate requires significant
financial investment in the construction of reinforced concrete tanks or, in the case of lagoon
construction, the acquisition of an additional land area of approximately 2 to 3 hectares [16].
A study [17] estimated that the costs associated with transporting hydrated digestate over
distances greater than 10 km from a biogas plant, due to the significant amount of diesel
fuel consumed, begin to exceed the profits associated with its sale as a fertilizer source.
Therefore, it can be seen that a solution to the problem of high transport costs, or in the
case of digestate storage, to the reduction in the volume of the tanks (lagoons), could be
the separation of the digestate into a solid and a liquid fraction. It should be noted that
the liquid fraction usually represents between 90 and 95% of the total digestate mass [18].
Therefore, it appears that the concept of digestate management could represent an opportu-
nity for numerous small and medium enterprises that could be involved at this stage in the
realization of municipal and agricultural biogas plants.

Given that digestate is treated not only as an alternative fertilizer but also as a source
of water, it is essential that it undergoes a process of treatment that ensures that any
contaminants present in the fermented biomass are not returned to the environment. In
particular, ultrafiltration (UF) represents a potentially valuable technique in this context [19].
The process involves the retention of fine suspended solids, colloids, bacteria, and viruses.
The transport mechanism is sieve-like, whereby particles larger than the diameter of the
pores are excluded from passing through the membrane. The transmembrane pressure
employed falls in the range of 0.1 to 1.0 MPa. The membranes employed in the UF
process can be constructed from organic or inorganic materials. Organic membranes
include polymeric membranes, comprising materials such as polysulfone, polyethersulfone,
polyamide, and cellulosic materials. These membranes have been used in a multitude of
applications in a range of fields [20,21]. However, their primary limitation is their limited
chemical stability in aggressive systems, including aqueous solutions with low or high
pH and solutions containing organic solvents. Nevertheless, they are distinguished by
their ease of material processing, relatively low cost, and extensive range of properties.
An alternative to polymeric membranes is ceramic membranes derived from inorganic
materials. Inorganic membranes are distinguished from their organic counterparts by their
high thermal, chemical, and mechanical resistance, as well as their capacity to withstand
prolonged use [22]. Ceramic membranes produced from metal oxides, including Al, Ti,
and Zr, have been implemented in the widest range of applications. Asymmetric ceramic
membranes are made up of multiple layers. The support layer has a thickness of a few
millimeters and comprises pores with a diameter of 1–10 µm. The intermediate layer,
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which has a thickness of 10–100 µm, comprises pores of a larger size, with a diameter
of 50–100 µm. The resolution layer, which is the epidermal layer, is the thinnest, with a
thickness of approximately 1 µm, and comprises the smallest pores, with a diameter in the
range of 2 to 50 nm [23].

The utilization of membrane processes, including ultrafiltration (UF), for the purifi-
cation of liquid digestate is expected to become increasingly common in the near future.
This is due to the enhancement of membrane performance and the reduction in the costs
of both membranes and membrane plants. At present, there is a paucity of literature on
this subject, with only a small number of reports [24–26] available. Moreover, to the best of
my knowledge, there are no published studies examining the applications of the aforemen-
tioned integrated process configuration for the treatment of digestates derived from diverse
sources. The high inconvenience of digestate management, irrespective of its origin, has led
to a growing interest in not only improving waste treatment technologies in biogas plants
but also in developing new methods of digestate management and in enhancing existing
techniques. A study was, therefore, conducted to compare the transport and separation
properties of the tested membranes, which were made of organic and inorganic materials,
in both a standalone membrane filtration process and an integrated process combining
conventional treatment processes with an ultrafiltration process used to treat the liquid
digestate fraction from different sources.

In consideration of the presented information, the comparison between the properties
of the various membranes is original and has the potential to be highly beneficial in the
selection of an appropriate method for the purification of the digestate.

2. Materials and Methods

This study employed two distinct types of liquid digest fraction, originating from a
municipal biogas plant and an agricultural biogas plant, respectively. The first sample was
obtained from a biogas plant processing the organic fraction of municipal waste located
in the Lower Silesia Province (Poland, 50◦53′15.5′′ N 17◦23′28.0′′ E). The aforementioned
fraction was separated from the digestate pulp by means of sedimentation centrifuges.
The second fraction was obtained from an agricultural biogas plant located within the
Silesian Voivodeship (Poland, 50◦17′28.7′′ N 18◦32′50.3′′ E). The samples were taken from
a specific point of collection at the outlet of the anaerobic digestion (AD) reactor, prior
to the mechanical dewatering installation. The characteristics of the two test solutions
are presented in Table 1. The physicochemical analysis of the solutions was conducted in
accordance with the Standard Methods for the Examination of Water and Wastewater, 23rd
edition [27]. The details of the analytical procedures conducted and the instrumentation
used are presented in Table 2.

Table 1. Composition of liquid digestate fraction from municipal and agricultural biogas plants.

Liquid Digestate Fraction from
the Municipal Waste Biogas Plant

Liquid Digestate Fraction from
the Agricultural Biogas Plant

pH 7.17 7.21
Conductivity, mS/cm 25.21 14.95

Total suspended solids, mg/dm3 670 3950
Chemical oxygen demand (COD), mg O2/dm3 29,360 38,595

5-day biochemical oxygen demand (BOD5), mg O2/dm3 8690 12,320
Dissolved organic carbon (DOC), mg C/dm3 8650 23,070

Na, mg/dm3 487.2 521.3
K, mg/dm3 1678.4 1966.5
Ca, mg/dm3 89.2 104.7
Mg, mg/dm3 672.2 101.9
Fe, mg/dm3 6.2 15.9
Mn, mg/dm3 4.4 1.5
Cu, mg/dm3 0.230 0.545
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Table 1. Cont.

Liquid Digestate Fraction from
the Municipal Waste Biogas Plant

Liquid Digestate Fraction from
the Agricultural Biogas Plant

Zn, mg/dm3 1.434 3.977
Hg, mg/dm3 0.0040 0.0029
Co, mg/dm3 0.156 0.069
Ni, mg/dm3 0.320 0.147

Table 2. The analytical procedures conducted and the instrumentation employed.

Examined Parameter Method Apparatus

pH Potentiometric method Digital multimeter HQ40D with IntelliCALTM

PHC 101 electrode (Hach, Ames, IA, USA)Conductivity Conductometric method

Total suspended solids Weight-based method

-COD Bichromate method

BOD5 Dilution method

DOC NPOC high temperature oxidation method;
thermal method

Hach IL550 carbon analyzer
(Hach, Ames, IA, USA)

Na, K Ion chromatography method

Thermo Scientific Dionex Aquion ion
chromatograph with a conductometric detector for

anions or cations analysis (Thermo Fisher
Scientific, Waltham, MA, USA)

Ca, Mg Titration method -

Fe, Mn Spectrophotometric method Shimadzu UV-VIS 1800
(Shimadzu Corporation, Kyoto, Japan)

Cu, Zn, Co, Ni Atomic absorption spectroscopy (ASA)
with flame atomization

Atomic absorption spectrometer iCE 3500
(Thermo Fisher Scientific, Waltham, MA, USA)

Hg
Atomic absorption spectroscopy

(ASA)—selective for Hg with concentration
by amalgamation

AMA 254 mercury analyzer
(Leco Corporation, St. Joseph, MI, USA)

The UF flat membranes used in the study were four polymeric membranes from Mann
+ Hummel Water & Fluid Solutions and four ceramic membranes from Tami Industries.
The properties of the membranes used are presented in Table 3.

Table 3. Characteristics of the membranes used in the experiments [28,29].

Membrane Type Membrane
Material Cut-Off Max. Press.,

MPa
Max Temp.,

◦C
pH

Range
Active Filtration Area,

cm2

Flat polymeric membranes
PES 10 kDa UF Polyethersulfone 10 kDa

-
95 1–14

38.5PES 30 kDa UF 30 kDa
C 10 kDa UF Regenerated

cellulose
10 kDa 55 1–11C 30 kDa UF 30 kDa

Flat ceramic membranes
Ceram 1 kDa FINE UF TiO2

1 kDa

0.4 350
2–14

56Ceram 5 kDa FINE UF 5 kDa
Ceram 15 kDa UF ZrO2

15 kDa 0–14Ceram 50 kDa UF 50 kDa

The tested membranes were distinguished by a distinctive asymmetric structure,
comprising a thin epidermal layer and a thicker support layer. Figure 1 depicts microscopic
images of surfaces of selected membranes.
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(a) (b) 

Figure 1. SEM images of selected membranes (1000× magnification): (a) polymeric regenerated
cellulose 10 kDa, (b) ceramic 5 kDa.

The pressure membrane filtration process was carried out using two installations,
each equipped with a different type of membrane. The digestate was subjected to a 72 h
sedimentation period prior to testing. The efficacy of the treatment of the liquid fraction of
the digestate using polymeric membranes was evaluated through studies conducted on a
test rig equipped with an Amicon 8400 chamber from Millipore (Figure 2). This chamber
is designed to accommodate a dead-end filtration process and is intended for use with
flat membranes. The Amicon 8400 chamber has a volume of 400 cm3 and a membrane
diameter of 76 mm. The UF chamber was positioned on an ARE magnetic stirrer from
OMC Envag to guarantee that the concentrations were uniform throughout the solution
volume. Additionally, experiments using ceramic membranes were conducted using a
Sterlitech laboratory apparatus, consisting of a 316 SS pressure chamber with a capacity of
3.8 dm3 (Figure 3). This apparatus is designed for operation with flat ceramic membranes
in a dead-end configuration. The transmembrane pressure used in the trials was 0.3 MPa.
All experiments were performed in duplicate to confirm the obtained results.

  
Figure 2. Laboratory setup with Millipore’s Amicon 8400 chamber (1—Amicon 8400 chamber, 2—
membrane, 3—stirrer, 4—compressed nitrogen cylinder, 5—regulator).
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Figure 3. Sterlitech laboratory installation (1—compressed nitrogen cylinder, 2—pressure vessel,
3—manometer, 4—safety valve, 5—ceramic diaphragm in housing).

Studies on the purification of liquid digestate in an integrated process, which is a
combination of conventional purification processes and membrane filtration, were carried
out using the installations/test sites described above. Raw digestate was subjected to
72 h sedimentation and purification by filtration using a 1 µm pore size bag filter made
of polyester felt material from ChemTech (Poland). The liquid was then coagulated with
FeCl3· · · 6 H2O (Avantor Performance Materials Poland S.A., Gliwice, Poland) at 10 g/dm3.
The coagulation process was carried out by rapid stirring (150 rpm) for 2 min, then the
stirrer speed was reduced to about 20 rpm and slow stirring was carried out for 20 min.
Standalone coagulation lowered COD, BOD5, and DOC to 20,640 g O2/m3, 6950 g O2/m3,
and 6820 g C/m3 for municipal digestate and 28,260 g O2/m3, 10,370 g O2/m3, and 17,240 g
C/m3 for agricultural digestate. The samples were then subjected to sedimentation and
filtration using medium tissue filters for 30 min. The resulting clarified liquid was fed to
both polymer and ceramic UF membranes.

Before carrying out the membrane filtration process, the polymeric membranes to be
tested were subjected to conditioning, which consisted of filtering redistilled water through
the membranes successively at different transmembrane pressures ranging from 0.1 to
0.4 MPa. The treatment was carried out until constant flux values were obtained.

The ceramic membranes, on the other hand, underwent a procedure to prepare them
for proper operation before being used in the tests. This included alkaline cleaning by
placing the membranes in NaOH solution (15–20 g/dm3) at 80 ◦C for 30 min, rinsing until
neutral pH, then acid cleaning and rinsing again until neutral pH and initial water flux
was restored.

After each experiment, both polymeric and ceramic membranes were cleaned (chem-
ically regenerated) with 0.1 mol/dm3 NaOH solution (Avantor Performance Materials
Poland S.A., Poland) and washed with redistilled water until the initial permeate flux
values were obtained.

The transport properties of membranes used in UF were assessed by determining the
permeate flux (J). Volumetric permeate flux is the volume of permeate obtained from a unit
membrane surface area per unit time in a membrane process:

J =
V

A·t ,
m3

m2·d (1)

where

• V—volume of permeate, m3;
• A—membrane surface area, m2;
• t—filtration time, d.

Relative membrane permeability values (J/J0), calculated as the permeate flux (J)
divided by the redistilled water flux of the new membrane (J0), were used to characterize
membrane fouling intensity.
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The selectivity of the UF process was determined by the retention factor of the sub-
stance contained in the feed, also known as the reduction/removal ratio (R), according to
the following formula:

R =

(
1− cp

cn

)
· 100, % (2)

where

• cp—concentration of impurities in the treated solution, g/m3;
• cn—initial concentration of impurities in the solution to be purified, g/m3.

The values R > 90% were determined with an error of less than 1%.

3. Results
3.1. Transport Properties of Membranes

When deciding on the suitability of individual membranes for the purification of
the test solution, attention should be paid not only to their separation properties but
also to their transport properties. The results of the redistilled water flux measurements
for the organic and inorganic membranes tested are shown in Figure 4. They show that
the hydraulic performance of a membrane depends significantly on the cut-off and the
membrane material. For all membranes tested, the redistilled water flux increased with
increasing cut-off values. Of all the polymeric membranes tested, the regenerated cellulose
membrane with a cut-off of 30 kDa had the highest permeability (605.8 LMH). For a
membrane with the same cut-off, but made of polyethersulfone, the permeate flux was
513.8 LMH. Of the ceramic membranes tested, the highest permeate flux, 48.3 LMH, was
observed for the 50 kDa membrane. From the results obtained, it can be concluded that
the hydraulic permeability of the polymeric membranes was much higher than that of the
ceramic membranes.
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Figure 4. Redistilled water flux for polymeric and ceramic membranes.

A similar relationship to that for redistilled water was observed for all membranes
used to filter the liquid fraction of both municipal and agricultural digestate (Figure 5)—
membranes with higher cut-offs achieved higher permeate fluxes. This trend was observed
regardless of whether a standalone UF process was used or whether it was preceded by
pretreatment. The permeate flux values for both digestion fluids were also observed to be
lower than those for redistilled water. This was due to an increase in flow resistance values
due to membrane fouling. It was also observed that the greater the cut-off value of the
membranes, the greater the decrease in permeate flux compared to redistilled water, indi-
cating that internal fouling was the dominant factor in their case, caused by the penetration
of impurities into the membrane pores.
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Figure 5. Effect of membrane type and cut-off value on permeate flux for the liquid fraction of
municipal (a) and agricultural (b) digestate.

Furthermore, the content of the treated solution was found to exert a considerable
influence on the membrane permeability. Filtration (either standalone or preceded by
pretreatment) of the liquid fraction of agricultural digestate resulted in permeate fluxes that
were inferior to those observed for the liquid fraction of municipal digestate. This indicates
that contaminants present in agricultural digestate, by inducing alterations in the spatial
configuration of organic matter and modifying its chemical properties, may intensify the
membrane fouling phenomenon.

The membranes tested exhibited differences not only in their absolute hydraulic
capacity but also in their susceptibility to fouling. Membrane fouling represents a signif-
icant challenge in the operation of membrane systems. It arises from the deposition of
contaminants from the treated solution on the membrane surface and within the mem-
brane structure. This phenomenon leads to a reduction in the permeate flux (in processes
conducted at constant transmembrane pressure) or an increase in pressure (in processes con-
ducted at constant permeate flux). As illustrated in Figure 6, the comparative permeability
data (J/J0) for the two digestate fluids under examination unambiguously demonstrate that
the ceramic membranes exhibited a greater propensity for fouling than the polymeric mem-
branes, particularly those with a cut-off of 1 and 50 kDa. This is likely attributable to their
increased hydrophobicity, which results in a more pronounced reduction in permeability.
The J/J0 values of ceramic membranes with a cut-off of 5 kDa and 15 kDa are comparable
to those obtained using regenerated cellulose membranes with a cut-off of 10 kDa and
polyethersulfone membranes with a cut-off of 30 kDa, with a value of approximately
0.06. The membrane exhibiting the least degree of blockage was identified as an organic
membrane of regenerated cellulose with a cut-off value of 30 kDa (J/J0 ∼= 0.07). This can
be attributed to the membrane’s notable hydrophilicity, which may have diminished the
impact of the physicochemical characteristics of the filtered digestate on membrane fouling.
The use of hydrophilic membranes serves to diminish the accumulation of material at the
solution–membrane interface and to extend the duty cycle of the membrane. The outcomes
align with the documented wetting angles of the membranes (Table 3), substantiating the
hydrophilic or hydrophobic nature of the membranes. Membranes with an identical cut-off
value, yet manufactured from disparate materials, also exhibit variation in their average
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pore size, which exerts an influence on the extent of membrane fouling. Irrespective of
the membrane type subjected to examination, the resulting agglomerates of organic com-
pounds formed a filter cake on the membrane surface. Similar findings were observed
when comparing the fouling intensity of organic and inorganic membranes in an integrated
process, which included sedimentation, filtration, coagulation, sedimentation, and UF. Sub-
sequently, it was discovered that polymeric membranes exhibited a greater susceptibility
to fouling than ceramic membranes. The J/J0 values for the liquid fraction of municipal
digestate were 0.10 and 0.06 for polymeric membranes with cut-offs of 10 kDa and 30 kDa,
respectively. These values were observed for PES membranes, while for C membranes, the
values were 0.36 and 0.03, respectively. In contrast, the values were significantly higher
for ceramic membranes, with the highest value observed in membranes with a cut-off of
5 kDa (0.85). For the liquid fraction of agricultural digestate, the corresponding values were
0.07 and 0.05 for PES membranes, 0.24 and 0.04 for C membranes, and 0.74 for the 5 kDa
ceramic membrane, respectively. The findings indicate that the utilization of a pretreatment
process involving FeCl3· · · 6 H2O had a pronounced impact on the extent of membrane
fouling. The purification of the liquid fraction of fermentation in the integrated process, as
analyzed in all cases, resulted in a notable reduction in the intensity of membrane fouling.
The preceding pretreatment of the solution, thus, results in a notable reduction in the foul-
ing of the membranes under analysis. This was particularly evident when sedimentation,
filtration, coagulation, and sedimentation processes were combined in a sequence using a
ceramic membrane with a cut-off of 5 or 15 kDa. The results suggest that, in the case of
more compact membranes, the use of coagulation preceded by sedimentation and filtration
allows the removal of compounds from the digestate that, in the absence of pretreatment,
would otherwise settle on the membrane surface and block it. The results obtained for a
membrane with a cut-off of 1 kDa represent an exception to this rule. The aforementioned
filtration processes on other ceramic membranes also improve the transport properties of
the membranes, although to a lesser extent. This may be attributed to the penetration of
residual fractions in solution into the membrane pores and their subsequent blocking.
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Figure 6. Relative permeability during standalone UF and during the integrated process: sedimenta-
tion/filtration/coagulation/sedimentation/UF of (a) the liquid fraction of municipal digestate and
(b) the liquid fraction of agricultural digestate using polymeric and ceramic membranes.
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Furthermore, a comparison was conducted between the fouling intensities of three
UF membranes: one ceramic membrane with a cut-off of 15 kDa and two polymeric
membranes with a comparable cut-off value of 10 kDa, under conditions of altered pH of
the filtered solution (Figure 7). It was observed that an increase in pH value resulted in
an increase in the intensity of membrane fouling for both test solutions, including those
comprising organic membranes made of polyethersulfone and inorganic membranes. On
the contrary, no change in the intensity of membrane fouling was observed for regenerated
cellulose membranes. It can, therefore, be concluded that the use of membranes made of
highly hydrophilic materials, such as regenerated cellulose, can, to some extent, reduce the
influence of the physicochemical properties of the filtered solution on membrane fouling.
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Figure 7. pH dependence of the relative permeability of polymeric and ceramic membranes for
integrated process: sedimentation/filtration/coagulation/sedimentation/UF of the liquid fraction of
(a) municipal and (b) agricultural digestates.

3.2. Separation Properties of Membranes

In order to evaluate the efficacy of the membranes under investigation, the impact of
membrane type on the separation efficiency of organic compounds from both solutions was
subjected to analysis. A comparison of the purification efficiencies of the UF process and
the integrated process combining conventional purification processes with the UF process
on organic and inorganic membranes is presented in Figures 8 and 9. The cut-off value
stated by the manufacturer is often a determining factor in the selection of the appropriate
membrane. Therefore, it was deemed appropriate to refer to this value when comparing
the two membrane types. The results of the analysis indicate that the removal efficiency of
organic macromolecules was markedly higher for ceramic membranes than for polymeric
membranes with comparable cut-off values. To illustrate, the use of a ceramic membrane
with a cut-off value of 15 kDa in a standalone UF process for the treatment of municipal
digestate resulted in retention rates of 35%, 34%, and 29% for DOC, BOD5, and COD,
respectively. This equates to a removal of 2910 to 1880 g C/m3 and a reduction from 1370
to 1110 g O2/m3. The PES 10 membrane demonstrated comparable performance at 25, 28,
and 11% (reduction to 2190 g C/m3, 1370 g O2/m3, and 5220 g O2/m3, respectively). The
results demonstrated that the PES 10 membrane exhibited the highest removal efficiency at
26, 28, and 11% (2160 g C/m3 and 5250 g O2/m3, respectively), while the C 10 membrane
demonstrated the lowest removal efficiency at the same concentrations (1385 g O2/m3 and
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5220 g O2/m3, respectively). It can, thus, be concluded that the material of the polymeric
membrane employed, irrespective of the process utilized, had no discernible impact on the
separation properties of the membranes under examination. Both polyethersulfone and
regenerated cellulose yielded permeates with comparable organic content.

Figure 8. Effectiveness of DOC removal and reduction in BOD5 and COD when conducting (a) UF
and (b) integrated process: sedimentation/filtration/coagulation/sedimentation/UF of the liquid
fraction of municipal digestate using polymeric and ceramic membranes.

Figure 9. Effectiveness of DOC removal and reduction in BOD5 and COD when conducting (a) UF
and (b) integrated process: sedimentation/filtration/coagulation/sedimentation/UF of the liquid
fraction of agricultural digestate using polymeric and ceramic membranes.
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The ceramic membrane with a cut-off of 1 kDa yielded the most favorable results in the
standalone membrane separation process. The separation efficiency for liquid municipal
digestate was DOC at 55%, BOD5 at 51%, and COD at 43% (reduction to 1300 g C/m3,
930, and 3365 g O2/m3, respectively). On the contrary, the results for liquid agricultural
digestate were 40%, 41%, and 32% (reduction to 13,830 g C/m3, 7265, and 26,200 g O2/m3,
respectively). The contaminant removal of all membranes analyzed was determined by
the sieve mechanism. The ratio of contaminant size to membrane pore diameter had a
significant effect on removal efficiency, as discussed in [30].

Similar outcomes were observed when membrane separation was coupled with con-
ventional treatment processes. The retention factors for DOC, BOD5, and COD were higher
when ceramic membranes were employed than when polymeric membranes were used,
irrespective of the nature of the solution undergoing treatment.

In both the standalone UF process and the integrated process, membrane cut-off
resolution emerged as a significant consideration. As the cut-off point and, consequently,
the average pore size increased, the quality of the treated solution’s permeate declined.
The utilization of membranes with a more compact structure enabled the attainment
of permeate with a reduced organic content. Furthermore, the sedimentation process
conducted at the pretreatment stage prior to coagulation facilitated the partial clarification
of the solution by reducing the concentration of larger particles in the analyzed solution. In
addition, the suspended fraction was eliminated by filtration. Therefore, the final quality
of the investigated digestate was determined by the combination of the efficiency of the
conventional purification processes applied and the separation properties of the membrane.
The separation mechanism in the analyzed integrated process is a combination of the
coagulation effect of FeCl3· · · 6 H2O of the presuspended solution and the sieve mechanism
on the membranes tested.

The specific type of liquid digestate fraction subjected to analysis is also of consider-
able importance. It has been demonstrated that the efficiency of the separation of organic
pollutants from liquid digestate is significantly influenced by the composition of the treated
solution, regardless of whether the membrane is organic or inorganic. Despite the compa-
rable content of organic compounds in the liquid fraction of agricultural-derived digestate
and the liquid fraction of municipal-derived digestate, the former did not contain the same
amount of other organic and inorganic pollutants. It was found that the retention rates
of DOC, BOD5, and COD during the treatment of municipal digestate were significantly
higher than those observed for agricultural digestate. This trend was observed for all
membranes tested. The presence of inorganic ions in liquid agricultural digestate has
been shown to influence both the spatial configuration of organic particles and the surface
charge, which can facilitate the transport of organic substances through the membrane.
This highlights the need for further research and verification of the results obtained for
different types of liquid digestate fractions.

As was the case in the determination of the transport properties of the membranes, a
comparison was made between the effect of the solution reaction on the separation properties
of polymeric and ceramic membranes with comparable cut-off values (Figures 10 and 11).
The results of the analysis demonstrate a notable influence of the pH of the test solution on
the purification of the liquid fraction of municipal and agricultural digestate on both types
of membrane, regardless of the purification process used. An increase in the pH value
within the range of 5 to 10 was observed to result in increased effectiveness of the reduction
in DOC for both organic and inorganic membranes. The lowest retention was observed at
pH 5, while an increase in the pH value in the analyzed range resulted in an improvement
in the separation efficiency of organic macromolecules for both organic and inorganic
membranes. This effect is attributed to the fact that at pH = 5, organic macromolecules
are poorly dissociated, resulting in a relatively small spatial dimension and enhanced
penetration through the membranes. As the pH value of the solution increases, the phenolic
and carboxyl functional groups of organic compounds dissociate, resulting in their larger
spatial dimension and easier retention on the membrane. Furthermore, the adsorption of
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anions from the solution onto the pore walls of the membrane is also possible [31], which
results in a reduction in the membrane pore diameter and stronger electrostatic interactions
between organic macroanions and the membrane.

 

 
Figure 10. Influence of solution pH on the degree of DOC reduction on organic and inorganic
membranes during treatment of the liquid fraction of municipal digestate by (a) UF and (b) integrated:
sedimentation/filtration/coagulation/sedimentation/UF processes.

Figure 11. Influence of solution pH on the degree of DOC reduction on organic and inorganic mem-
branes during treatment of the liquid fraction of agricultural digestate by (a) UF and (b) integrated:
sedimentation/filtration/coagulation/sedimentation/UF processes.
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4. Conclusions

The suitability of the UF process, either alone or in combination with conventional
processes to form an integrated process, has been confirmed by studies for the treatment
of different types of liquid digestate (from an agricultural biogas plant and from a biogas
plant treating the organic fraction of municipal waste). Given the fundamental differences
between the two types of digestate, it was imperative to conduct dedicated research on
each. The findings demonstrate that the treatment of liquid digestate in the aforementioned
manner facilitates the recovery of water, which, following purification, can be utilized
in agricultural applications, including the preparation of fertilizers or irrigation. A com-
parative analysis of the transport and separation properties of membranes comprising
organic and inorganic materials employed for the purification of liquid digestate yielded
the following conclusions:

1. Polymeric membranes are characterized by higher hydraulic permeability values
compared to ceramic membranes.

2. Permeate fluxes during membrane filtration (standalone or preceded by pretreatment)
of the liquid fraction of agricultural digestate were lower than those measured for the
liquid fraction of municipal digestate.

3. Inorganic membranes are more susceptible to fouling when used in a standalone
ultrafiltration (UF) process, whereas organic membranes are more susceptible in an
integrated process.

4. The removal efficiency of organic macromolecules was significantly higher when
using ceramic membranes than polymeric membranes with a comparable cut-off
value.

5. For both types of membranes tested, an increase in the pH value of the solution re-
sulted in an increase in the intensity of membrane fouling, as well as an improvement
in the separation efficiency of organic macromolecules.
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