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Preface to ”Commemorative Issue in Honor of

Professor Emeritus Calvin H. Bartholomew in

Anticipation of His 75th Birthday”

Sir Isaac Newton said that if he had seen further than others, it was because he was standing

on the shoulders of giants. Within the field of heterogeneous catalysts, Calvin H. Bartholomew,

Professor Emeritus of Chemical Engineering at Brigham Young University (BYU), is one of those

giants. As a few selected highlights from his career, Dr. Bartholomew has authored several definitive

reviews on catalyst deactivation, with special emphasis on sulfur poisoning, carbon deposition, and

sintering, for which he championed the use of generalized power law expressions (GPLE) to model

the deactivation. GPLE’s contain a limiting, steady-state value of activity that is more accurate

compared tothan the more common assumption of a simple power law expression, which takes the

final activity of the catalyst as zero. He has been active in both cobalt and iron based Fischer—Tropsch

catalyst research. More recently, he developed the slit pore model to characterize the pore size

distribution of mesoporous catalytic support materials, that which is more accurate than conventional

models. Finally, as a major contribution to the field, he published a leading handbook and textbook,

Fundamentals of Industrial Catalytic Processes, with his long-time collaborator, Dr. Robert Farrauto.

This compilation highlights and complements many of Professor Bartholomew’s contributions

to the field. The nine chapters comprising the book were written by former students, collaborators,

colleagues, and respected peers. Keyvanloo et al.’s study on Fischer—Tropsch catalysis (Chapter 1)

honors Professor Bartholomew’s extensive contributions to this area. Hallac et al.’s spectroscopic

study on iron-based water gas shift catalysts (Chapter 2) hearkens back to Professor Bartholomew’s

graduate work with iron. Ha et al.’s contribution on nickel catalysts for (dry) methane reforming

and carbon deactivation (Chapter 3) go back relate to Dr. Bartholomew’s early work on both nickel

and methane reforming. Türks et al.’s work on carbon dioxide methanation on nickel catalysts

(Chapter 4) builds on these major themes. Martinelli et al.’s study (Chapter 5) continues the

steam reforming theme, but with methanol as the reactant on platinum catalysts supported on

sodium-modified yttrium stabilized zirconia. The contribution by Xiang et al. (Chapter 6), whose

corresponding author is Dr. Bartholomew’s friend, Bob Farrauto, echoes some of his earliest work

on environmental catalysts. Tu et al.’s contribution on palladium catalysts supported on titania for

hydrogen peroxide production (Chapter 7) also touches onrelates to themes of this metal and support

in Dr. Bartholomew’s research. Finally, Seeburg et al.’s paper on methane combustion catalyst

stability (Chapter 8) and Ruelas-Leyva and Fuentes work on chiral catalyst deactivation (Chapter

9) fit with Dr. Bartholomew’s consistent theme of catalyst deactivation. In summary, this book

covers much of the breadth and points to the depth of Professor Bartholomew’s illustrious career.

Dr. Bartholomew has taught and mentored students at both BYU and across the world in catalysis,

materials, and catalyst deactivation for 45 years. After graduating with his bachelor’s degree from

BYU, he performed his PhD research on the “Surface Composition and Chemistry of Supported

Platinum—Iron Alloy Catalysts” at Stanford University under the direction of the incomparable

Michel Boudart. Upon graduation from Stanford, he worked for Corning Glass Works as a Senior

Chemical Engineer in Automotive Emissions Control and Surface Chemistry Research. He then began

his career as a professor in the Chemical Engineering Department at BYU in 1973, where he built the

Catalysis Laboratory while advising over 34 graduate students and dozens more undergraduates in

ix



his research. As part of hisIn professional service, he served as president of the Central Utah Section of

the American Chemical Society and the California Catalysis Society, remains active in the American

Institute of Chemical Engineers, and was a founder of both the Rocky Mountain Fuel Society and

the Western States Catalysis Club, which currently exists as the Rocky Mountain Catalysis Society.

He received the Karl G. Maeser Research Award, which is the highest honor awarded annually to a

researcher at BYU and was chosen as the Engineering College Outstanding Faculty member. Most

recently, he was named as the Honorary Chair of the North American Catalysis Society Meeting held

in Denver, CO in 2017. Since receiving emeritus status in 2009, Professor Bartholomew has continued

his premier research and mentoring of faculty, graduate students, and undergraduates. He continues

to be active in the field of heterogeneous catalysis as a recognized authority on Fischer—Tropsch

synthesis and catalyst deactivation. He is also noted for his work with Mössbauer spectroscopy, NOx

decomposition with automotive catalysts, and authoritative works on supported nickel catalysts and

their poisoning by sulfur. He has co-authored over 140 journal articles, which have received over

10,000 citations; 20 chapters/reviews; six books; and six patents. In addition to his employment

at Corning Inc., he has also worked for UnoCal, Sandia National Labs, and Lawrence Livermore

Laboratory and consulted with more than 80 company clients, including more than a dozen plus

start-up gas-to-liquids companies. Further, he whas been the principal motivator for development of

advanced supports and Fischer—Tropsch catalysts at Cosmas Inc.

Finally, in addition to teaching countless university courses on kinetics, catalysis, catalyst

deactivation, air pollution control, creativity, and engineering materials, Professor Bartholomew has

taught short courses on “Heterogeneous Catalysis,” “Fischer—Tropsch Synthesis,” and “Catalyst

Deactivation” to more than 750 professionals from industry and academiae. In down times during

these courses, he is known to break into song in his beautiful, resonant voice. He is a scholar, a

gentleman, and a friend. The other authors who contributed to this book and I wish him and his

family (as of this writing, Cal and his wife Karen have five5 children, nine9 grandchildren and two2

great- grandchildren) many more years of happiness and scholarly productivity. We thank him for

his kind example and honor him for his lasting contributions.

Morris D. Argyle

Special Issue Editor
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Abstract: This editorial is written to recognize Professor Emeritus Calvin H. Bartholomew, who celebrated
his 75th birthday in 2018, and to introduce the commemorative issue of Catalysts compiled in his honor.
Following a brief biography that celebrates the career and contributions of Professor Bartholomew,
the nine articles that make up the special issue are briefly reviewed. Dr. Bartholomew is an eminent
researcher, an outstanding educator, mentor, and friend.

Keywords: Calvin H. Bartholomew; heterogeneous catalyst deactivation; Fischer-Tropsch

1. Introduction

Serving as editor of this special issue in honor of Professor Calvin H. Bartholomew (see Figure 1)
truly has been a privilege. Professor Bartholomew, or Dr. B as he is known to his students, is continuing
his distinguished career in heterogeneous catalysis. He has been a mentor and a friend to multitudes.
This special issue is a small token of the respect he has gained from his peers and students.

 

Figure 1. Professor Emeritus Calvin H. Bartholomew.

2. Brief Biography

Calvin H. Bartholomew, Professor Emeritus of Chemical Engineering at Brigham Young University
(BYU), has taught and mentored students at both BYU and across the world in catalysis, materials,
and catalyst deactivation for 45 years. After graduating with his bachelor’s degree from BYU,
he performed his PhD research on “Surface Composition and Chemistry of Supported Platinum-Iron
Alloy Catalysts” [1] at Stanford University under the direction of the incomparable Michel Boudart.

Catalysts 2018, 8, 533; doi:10.3390/catal8110533 www.mdpi.com/journal/catalysts1
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Upon graduation from Stanford, he worked for Corning Glass Works as Senior Chemical Engineer
in Automotive Emissions Control and Surface Chemistry Research. He then began his career as a
professor in the Chemical Engineering Department at BYU in 1973, where he built the Catalysis
Laboratory while advising over 34 graduate students and dozens more undergraduates in his research.
In professional service, he served as president of the Central Utah Section of the American Chemical
Society and the California Catalysis Society, is active in the American Institute of Chemical Engineers,
and was a founder of both the Rocky Mountain Fuel Society and the Western States Catalysis Club,
which currently exists as the Rocky Mountain Catalysis Society. He received the Karl G. Maeser
Research Award, which is the highest honor awarded annually to a researcher at BYU, and was chosen
as the Engineering College Outstanding Faculty member. Most recently, he was named as the Honorary
Chair of the North American Catalysis Society Meeting held in Denver, CO in 2017.

Since receiving emeritus status in 2009, Professor Bartholomew has continued his premier research
and mentoring of faculty, graduate students, and undergraduates. He continues to be active in the
field of heterogeneous catalysis as a recognized authority on Fischer–Tropsch synthesis and catalyst
deactivation. He is also noted for his work with Mössbauer spectroscopy, NOx decomposition with
automotive catalysts, and authoritative works on supported nickel catalysts and their poisoning
by sulfur. He has co-authored over 140 journal articles, which have received over 10,000 citations;
20 chapters/reviews; six books; and six patents. In addition to his employment at Corning Inc.,
he has also worked for UnoCal, Sandia National Labs, and Lawrence Livermore Laboratory and
consulted with more than 80 company clients, including a dozen plus start-up gas-to-liquids companies.
Furthermore, he has been the principal motivator for the development of advanced supports and
Fischer–Tropsch catalysts at Cosmas Inc.

Finally, in addition to teaching countless university courses over 36 years on kinetics, catalysis,
catalyst deactivation, air pollution control, creativity, and engineering materials (see Figure 2), Professor
Bartholomew has taught short courses on “Heterogeneous Catalysis”, “Fischer–Tropsch Synthesis”,
and “Catalyst Deactivation” to more than 750 professionals from industry and academe. In down
times during these courses, he is known to break into song in his beautiful, resonant voice. He is
a scholar, a gentleman, and a friend. The other authors who contributed to this special issue and I
wish him and his family (Cal and his wife Karen have five children, nine grandchildren and two great
grandchildren) many more years of happiness and scholarly productivity.

 

Figure 2. Professor Bartholomew with students.
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3. Highlights of Professor Bartholomew’s Research

As a few selected highlights from his most-cited published works, Dr. Bartholomew has authored
several definitive reviews on catalyst deactivation [2,3], with special emphasis on sulfur poisoning [4],
carbon deposition [5], and sintering [6,7], for which he championed the use of generalized power
law expressions (GPLE) to model the deactivation. GPLE’s contain a limiting, steady-state value
of activity that is more accurate compared to the more common assumption of a simple power law
expression, which takes the final activity of the catalyst as zero. He has been active in both cobalt [8]
and iron [9] based Fischer–Tropsch catalyst research. More recently, he developed the slit pore model to
characterize the pore size distribution of mesoporous catalytic support materials that is more accurate
than conventional models [10]. Finally, as a major contribution to the field, he published a leading
handbook and textbook, Fundamentals of Industrial Catalytic Processes, with his long-time collaborator,
Dr. Robert Farrauto [11].

4. The Contents of the Special Issue

The nine contributions to this special issue come from former students, collaborators, colleagues,
and respected peers. Keyvanloo et al.’s paper on Fischer–Tropsch catalysis [12] honors Professor
Bartholomew’s extensive contributions to this area. Hallac et al.’s spectroscopic study on iron-based
water gas shift catalysts [13] hearkens back to Professor Bartholomew’s graduate work with iron.
Seeburg et al.’s paper on methane combustion catalyst stability [14] and Ruelas–Leyva and Fuentes
work on chiral catalyst deactivation [15] fit with the constant theme of catalyst deactivation in
Dr. Bartholomew’s work. Tu et al.’s contribution on palladium catalysts supported on titania
for hydrogen peroxide production [16] also touches on themes of this metal and support in
Dr. Bartholomew’s work. Ha et al.’s paper on nickel catalysts for (dry) methane reforming and
carbon deactivation [17] go back to Dr. Bartholomew’s early work on both nickel and methane
reforming. Türks et al.’s work on CO2 methanation on nickel catalysts builds on these major themes of
Dr. Bartholomew’s research [18]. Finally, the contribution by Xiang et al. [19], whose corresponding
author is Dr. Bartholomew’s long-time collaborator, Bob Farrauto [20], echoes some of his earliest work
on environmental catalysts. In summary, this special issue covers much of the breadth and points
to the depth of Professor Emeritus Calvin H. Bartholomew’s illustrious career. We thank him for his
admirable example and honor him for his lasting contributions.

Conflicts of Interest: The author declares no conflict of interest.
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Abstract: The effect of support material pretreatment temperature, prior to adding the active phase
and promoters, on Fischer–Tropsch activity and selectivity was explored. Four iron catalysts were
prepared on silica-stabilized alumina (AlSi) supports pretreated at 700 ◦C, 900 ◦C, 1100 ◦C or 1200 ◦C.
Addition of 5% silica to alumina made the AlSi material hydrothermally stable, which enabled
the unusually high support pretreatment temperatures (>900 ◦C) to be studied. High-temperature
dehydroxylation of the AlSi before impregnation greatly reduces FeO·Al2O3 surface spinel formation
by removing most of the support-surface hydroxyl groups leading to more effectively carbided
catalyst. The activity increases more than four-fold for the support calcined at elevated temperatures
(1100–1200 ◦C) compared with traditional support calcination temperatures of <900 ◦C. This unique
pretreatment also facilitates the formation of ε′-Fe2.2C rather than χ-Fe2.5C on the AlSi support, which
shows an excellent correlation with catalyst productivity.

Keywords: Fischer–Tropsch synthesis; supported iron catalyst; silica-stabilized alumina; support
pretreatment temperature; iron carbide

1. Introduction

Fisher–Tropsch synthesis (FTS) is a catalytic process that converts carbon sources like natural
gas, coal and biomass into more valuable hydrocarbon fuels. Traditionally, the FTS industry uses
supported cobalt and unsupported iron catalysts [1,2]. Iron catalysts are preferred over cobalt for FTS
from coal or biomass because of their low cost, low methane selectivity and high water–gas shift (WGS)
activity; WGS activity is needed for internal production of H2 during FTS because of inherently low
H2/CO ratios of syngas produced from coal or biomass. Unsupported iron FT catalysts are limited
by their weak mechanical strength making them a poor option for slurry-bubble column reactors,
the most thermally efficient and economical FT reactors [3]. Unfortunately, supported iron FT catalysts
have historically had poor activities and selectivities making them commercially unavailable [4–6].
Potassium and copper are structural promoters often used in industrial iron FT catalysts. It is widely
accepted that potassium suppresses methane formation and increases the formation rate of heavy
hydrocarbons [7–9]. On the other hand, copper reduces the temperature required for the reduction of
iron oxides through enhanced H2 dissociation [7,8,10].

The relatively poor performance of supported iron FTS catalysts is primarily attributed to the
strong Fe oxide-support interactions [6,11]. The effect of inorganic oxide supports (Al2O3, SiO2, TiO2

Catalysts 2018, 8, 77; doi:10.3390/catal8020077 www.mdpi.com/journal/catalysts5
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and ZrO2) have been tested for iron based FTS [12–14]; it was shown that catalysts’ activity and
selectivity are greatly affected by support-surface acidity and catalyst-support interaction. To decrease
Fe oxide–support interactions a variety of carbon supports (for example carbon nanotubes, nanofibers,
carbon spheres or activated carbon), which provide inert surface chemistry, have also been studied [15–20].

Of all the studies on supported Fe catalyst, there has been limited focus on the effects of support
pretreatment methods, prior to adding the active phase and promoters [12]. On the other hand,
some studies have been undertaken on the effect of support type and support pore sizes [11,18,21,22].
Among the few studies on the effect of support pretreatment, Xu and Bartholomew prepared 10%
Fe/silica catalyst via non-aqueous evaporative impregnation of a silica support, where the support
was dehydroxylated at 600 ◦C before Fe impregnation [6]. This was done using a non-aqueous solvent
to decrease any further metal oxide–support interactions. Even with the careful catalyst preparation,
interaction of metal oxide and the silica support was high which resulted in low catalyst activity.
It could be expected that the supports with high interaction with metals could provide higher stability
by preventing the agglomeration of metal particles [21]. On the other hand, strong metal oxide–support
interaction could lead to inactive species which are very difficult to reduce or to carbidize [11]. Weak
interactive supports such as activated carbon have been also modified with functional surface groups
to increase interaction between support and iron species [23].

Calcination of supports at high temperatures is a pathway to make reducible iron catalysts.
However, the calcination temperature is usually limited to 500–800 ◦C due to the limited hydrothermal
stability of typical supports, such as alumina and silica. Qu et al. showed higher dispersion of Ag on
silica and, subsequently, higher CO oxidation activity as the support was pretreated at 550–700 ◦C [24].
Higher calcination temperatures (900–950 ◦C) of the support resulted in an agglomeration of Ag
particles due to a drastic decrease in surface area and pore volume of the support with calcination
temperature. However, our group has recently reported a hydrothermally stable γ-alumina doped
with 5 wt % silica. Silica enters the tetrahedral vacancies in the defect spinel structure of alumina
and forms Si–Al spinel phase, which significantly postpones the alumina phase transition from γ to
α even at temperatures as high as 1200 ◦C [25,26]. This unique feature enables pretreatment of the
AlSi support at much higher temperatures than conventionally practiced for catalyst preparation and
makes it a unique support for FT iron catalyst [27].

In this paper, we explore the effect of support pretreatment temperature on the catalytic
performance of iron catalysts supported on AlSi. The hydrothermal stability of the AlSi support
enabled us, for the first time, to pretreat the support at high temperatures (1100–1200 ◦C) while still
maintaining the γ-alumina phase with high surface area and large pore volume. High-temperature
dehydroxylation of the AlSi facilitates the formation of ε′-Fe2.2C, which resulted in a very active
supported iron catalyst.

2. Results

2.1. Physical Properties

2.1.1. Nitrogen Adsorption

Nitrogen adsorption measurements were conducted on both the supports and final catalysts to
determine the pore properties. Table 1 summarizes the surface areas, pore volumes and average pore
diameters, while their pore size distributions are shown in Figure 1. As shown in Table 1, surface
area and pore volume of the supports decrease as the pretreatment temperature increases from 700 ◦C
to 1200 ◦C, i.e., surface area decreases from 331 m2/g to 76 m2/g and pore volume decreases from
1.75 cm3/g to 0.52 cm3/g. Similarly, the same trend for surface area is observed for the final catalysts.
However, drastic differences for pore volume of the supports and the corresponding catalysts are
found. The pore volumes of the catalysts in which the supports were pretreated at 700 ◦C and 900 ◦C
are less than that of the catalysts with supports pretreated at 1100 ◦C. The pore size distribution of each
support is very similar and the average pore diameter is about 22 nm, as shown in Figure 1a. However,
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once Fe was loaded on to each support, the pore size distribution was quite different for the final
catalysts (Figure 1b). Average pore diameter is decreased significantly for Fe/700AlSi and Fe/900AlSi
by 72% and 51%, respectively, while the average pore diameter is decreased for Fe/1100AlSi and
Fe/1200AlSi by only 10% and 12%, respectively. Moreover, the pore diameters of the final catalysts, by
which the support was calcined at lower temperatures (Fe/700AlSi and Fe/900AlSi), were much lower
than those catalysts calcined at higher temperatures (Fe/1100AlSi and Fe/1200AlSi) (5–11 nm vs. 21 nm).

Table 1. Surface area, pore volume and pore diameter of supports and catalysts after pretreatment for
2 h at four different temperatures.

Supports‘
Pretreatment

Temperature, ◦C

Brunauer–Emmett–Teller
(BET) Surface Area, m2/g

Total Pore Volume, cm3/g Average Pore Diameter, nm

Support Catalyst Support Catalyst Support Catalyst

700 331 180 1.75 0.16 20.2 5.6
900 276 164 1.53 0.26 21.5 10.7
1100 163 117 0.99 0.53 23.3 21.0
1200 76 63 0.52 0.25 23.5 20.6

Figure 1. Brunauer–Emmett–Teller (BET) results of (a) supports calcined at different temperatures and
(b) catalysts with supports calcined at different temperatures.

2.1.2. X-ray Diffraction (XRD)

Figure 2 shows the X-ray diffraction (XRD) patterns of the freshly reduced and carbided catalysts.
Fe3O4 and Fe metal are present in the freshly reduced catalysts (Figure 2a); however, the peak intensities
are different for each catalyst. Fe/1100AlSi has the lowest Fe3O4/Fe ratio, while the highest ratio
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of Fe3O4/Fe is observed in Fe/700AlSi. Particle sizes for Fe3O4 and Fe0 were calculated based on
peaks at 2θ = 37.6◦ and 45.8◦, respectively (Table 2). Iron particle sizes are relatively large (>35 nm)
when the support is calcined at 700–900 ◦C; however, the lowest particles sizes (4–8 nm) result with
1100AlSi support. The iron particle sizes are slightly increased when the support is calcined at higher
temperatures of 1200 ◦C. The iron carbide phase is the prevailing phase of the carbided catalysts for
Fe/1100AlSi and Fe/1200AlSi, while Fe3O4 is the major phase observed for the other two catalysts
supported on AlSi support calcined at lower temperatures, as shown in Figure 2b.

Figure 2. X-ray diffraction (XRD) results for different support calcination temperatures of (a) reduced
and (b) carbided catalysts. The catalysts reduced in H2 at 320 ◦C for 16 h and then passivated in 1% O2

in He. The passivated reduced catalysts were carbided at 280 ◦C in H2/CO = 1.

Table 2. Crystallite size of reduced catalysts calculated from XRD.

Catalyst
Particle Size, nm

Fe Fe3O4

Fe/700AlSi 38.9 33.0
Fe/900AlSi 40.1 41.4
Fe/1100AlSi 8.4 4.6
Fe/1200AlSi 13.6 13.9
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2.2. Chemical Properties

2.2.1. H2 Temperature-Programmed Reduction (TPR)

The effect of support calcination temperature on the reducibility of the final catalyst was studied
using H2 temperature-programmed reduction (TPR). As shown in Figure 3, the reduction of each catalyst
begins with (1) transformation of Fe2O3 to Fe3O4 and FeO happening between 150 and 350 ◦C; followed
by (2) reduction of FeO and Fe3O4 to Fe metal from 250–500 ◦C; and (3) Fe metal formation from FeO.
Al2O3 spinel in the temperature range of 500–550 ◦C. The results show that the peak temperatures for
each of these transformations decrease with increasing support pretreatment temperature, implying
a more reducible catalyst when the AlSi support is calcined at higher temperatures. For example,
a difference of 70 ◦C in the reduction temperature of the first stage for Fe/700AlSi and Fe/1200AlSi
is observed. Extent of reduction (EOR) was determined by dividing the actual weight loss by the
theoretical weight loss corresponding to the conversion of Fe2O3 to Fe and of CuO to Cu. Values for
EOR are reported in Table 3 for stage 1, stage 2, and overall reduction. Support calcination temperature
had a significant impact on EOR; EOR is increased by 43% when the support calcined at 1200 ◦C
(Fe/1200AlSi) compared to 700 ◦C (Fe/700AlSi).

Figure 3. H2-TPR profiles of Fe catalysts supported on supports calcined at different temperatures.

Table 3. Extent of reduction (EOR) from temperature programmed reduction (TPR) weight loss.

Catalyst
Extent of Reduction, %

First Stage a Second Stage Third Stage Total

Fe/700AlSi 4.89 6.88 4.85 16.6
Fe/900AlSi 15.5 19.8 1.78 37.1
Fe/1100AlSi 22.2 31.3 1.15 54.7
Fe/1200AlSi 18.8 39.2 1.38 59.4

a The first stage of weight loss consists of two peaks, the reduction of Fe2O3 to FeO and Fe3O4.

2.2.2. Syngas-TPR

In addition to H2-TPR, syngas-TPR was also implemented to obtain information for carbiding
properties of the catalysts. The calcined catalysts were exposed to syngas to form iron carbides
which are apparently the active phase in FT [28–32]. Syngas-TPR results are shown in Figure 4.
The observed weight changes under a H2/CO atmosphere are a combination of several competing
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reactions including: (1) reduction of Fe2O3 to lower iron oxides or iron metal (150–280 ◦C); and (2)
carbiding of the iron oxides or iron metal to iron carbides (260–400 ◦C). The observed net changes for
these two stages are weight losses (reported in Table 4). For the reduction step (first stage), increasing
support pretreatment temperature increases the amount of Fe2O3 reduced to lower iron oxides or
iron metals, with the weight loss of Fe/1200AlSi being the highest followed by Fe/1100AlSi. Most
importantly, increasing support pretreatment temperature increases the conversion of iron oxides or
iron metals to iron carbides (second stage). Fe/700AlSi had a broad carbiding stage, which barely
showed any weight loss compared to Fe/1200AlSi with a distinct peak around 310 ◦C. Furthermore,
increasing support pretreatment temperature also decreases the temperature at which these catalysts
are carbided (easier carbiding); the peak temperature of the carbiding stage is decreased by 40 ◦C
for Fe/1200AlSi compared to Fe/900AlSi. Theoretical weight losses for reduction of Fe2O3 to Fe3O4,
FeO, Fe, and ε′-Fe2.2C are approximately: 3.3%, 10%, 30% and 23%, respectively. The experimental
weight losses vary greatly but suggest all the catalysts (except Fe/700AlSi) are reduced beyond FeO on
the first stage. In addition, the carbiding of Fe/1100AlSi and Fe/1200AlSi catalysts are complete or
close to completion because their weight losses are beyond the theoretical weight loss of 23% (Fe2O3

to ε′-Fe2.2C).

Figure 4. Syngas-TPR for Fe catalysts with different support calcination temperatures focused on two
stages of weight loss (inverted).

Table 4. Weight losses of Fe catalysts supported on AlSi calcined at different temperatures during
reduction and carbiding stage.

Catalyst
Extent of Reduction/Carbiding a, %

First Stage Second Stage Total

Fe/700AlSi 1.9 3.7 5.6
Fe/900AlSi 12.8 5.4 18.2

Fe/1100AlSi 18.5 7.5 26.0
Fe/1200AlSi 15.3 10.4 25.7

a This was calculated based on the assumption of Fe2O3 to FeO for the first stage and FeO to Fe2.2C for the
second stage.

2.2.3. Hydroxyl Group Content Measurement

The hydroxyl group content of the support pretreated at different temperatures was determined
using thermogravimetric analysis (TGA). The previously calcined supports at different temperatures
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were heated in TGA with a ramp rate of 10 ◦C/min in an inert gas flow. The weight loss can be divided
into two stages: (1) removal of physisorbed water (dehydration) in the temperature range 25–130 ◦C;
and (2) removal of surface hydroxyl groups (dehydroxylation) in the form of water in the temperature
range 130–1100 ◦C, as reported by Ek et al. [33]. It is well known that alumina dehydroxylates during
phase transition from gamma to alpha when temperature increases. In the present study, as shown in
Figure 5, 700AlSi exhibits the highest dehydration and dehydroxylation rate and its weight decreases
up to 1100 ◦C. In contrast, the other three samples show a mass loss up to 700 ◦C and then remained
almost constant up to 1100 ◦C.

Figure 5. Thermogravimetric analysis (TGA) curves of supports calcined at different temperatures.

Based on the values of concentrations of physisorbed water and OH groups (Table 5) for
supports pretreated at different temperatures, it is clear that the higher the support pretreatment
temperature, the lower the physisorbed water and hydroxyl group content of the corresponding
support. Consequently, 700AlSi has the highest hydroxyl group concentration (5.6 mmol/g) while
1200AlSi has the lowest (0.8 mmol/g). Due to the hydrophilic nature of calcined alumina, 700AlSi
also has the highest physisorbed water concentration (3.7 mmol/g) while 1200AlSi has the lowest
(0.6 mmol/g).

Table 5. Concentrations of physisorbed water and OH groups for supports pretreated at different
temperatures.

700AlSi 900AlSi 1100AlSi 1200AlSi

First a mass loss, % 6.8 5.0 2.6 1.2
Second b mass loss, % 5.0 3.3 1.4 0.7

Physisorbed water, mmol/gAl2O3 3.7 2.7 1.4 0.6
OH group content, mmol/gAl2O3 5.6 3.7 1.6 0.8

a Weight loss up to 130 ◦C. b Weight loss between 130–1100 ◦C.

2.2.4. Mossbauer Spectroscopy

Mossbauer spectroscopy gives quantitative information about the iron phase present in the
reduced and carbided catalysts. The Mossbauer spectra are shown in Figure 6 and the results are
summarized in Table 6. For the reduced catalysts, Fe3O4 contents are almost the same. However,
Fe/700AlSi and Fe/900AlSi have the lowest Fe0 content, while the other two catalysts exhibit three- to
four-fold more metallic Fe. In addition, Fe/700AlSi and Fe/900AlSi have the highest FeO·Al2O3 surface
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spinel as suggested by higher Fe2+ and Fe3+ species, while Fe/1100AlSi and Fe/1200AlSi have the
lowest spinel content. This means that support pretreatment temperature increases the percentage of
Fe0 in the reduced samples at the expense of FeO·Al2O3 surface spinel. Increasing support pretreatment
temperature also increases iron carbide formation by lowering FeO·Al2O3 surface spinel in carbided
samples. Carbided Fe/1100AlSi and Fe/1200AlSi have more than 55% carbides, whereas the carbide
contents for Fe/700AlSi and Fe/900AlSi are 22% and 29%, respectively. Carbided Fe/1100AlSi and
Fe/1200AlSi also have much less spinel content (6% and 3%, respectively) than that of Fe/700AlSi
and Fe/900AlSi (48% and 31%, respectively). Both ε′-Fe2.2C and χ-Fe2.5C are observed in carbided
samples; however, their distribution changes significantly with pretreating the support at different
temperatures, as shown in Figure 7. The content of χ-Fe2.5C slightly increases (8–18%) by raising the
pretreating temperature from 700 ◦C to 900 ◦C, but is constant at higher temperatures. On the other
hand, the content of ε′-Fe2.2C is increased three-fold (14% to 43%) when the pretreatment temperature
increases from 700 ◦C to 1200 ◦C.

  

 

Figure 6. Mossbauer spectra of carbided (a) Fe/700AlSi, (b) Fe/900AlSi, (c) Fe/1100AlSi,
and (d) Fe/1200AlSi. Spectra were recorded at 20 K. The passivated reduced catalysts were carbided at
280 ◦C in H2/CO = 1.

12



Catalysts 2018, 8, 77

Figure 7. The change in distribution of the iron phases as the function of support pretreatment temperature.

Table 6. Phase identification of iron from Mossbauer spectroscopy analysis at 20 K for reduced or
carbided catalysts with support calcination at different temperatures.

Catalyst
Iron Species, %

Reduced Carbided

Fe3O4 Fe Fe2+ or Fe3+ Fe3O4 ε′-Fe2.2C χ-Fe2.5C Fe2+ or Fe3+

Fe/700AlSi 63 7 30 30 14 8 48
Fe/900AlSi 60 8 32 40 15 14 31
Fe/1100AlSi 68 22 10 35 41 18 6
Fe/1200AlSi 68 28 4 40 43 14 3

2.3. Fisher–Tropsch Synthesis (FTS) Performance

The activity and selectivity data were obtained at low CO conversions (XCO) of 18–22%, temperature
of 260 ◦C, and H2/CO of 1. The catalysts’ preparation was uniform except for the support pretreatment
temperature. The rate, productivity, CO2 selectivity, and hydrocarbon selectivity for each of the catalysts
are shown in Table 7. The support pretreatment temperature does affect performance. The rates for
Fe/700AlSi and Fe/900 AlSi are significantly lower than the rate of Fe/1100AlSi, while Fe/1200AlSi
only has a marginally better rate than Fe/1100 AlSi. The rate increases by more than four-fold as the
support pretreatment temperature increases from 700 ◦C to 1200 ◦C (Fe/700AlSi: 24.3 mmol CO/gcat/h
vs. Fe/1200AlSi: 110.9 mmol CO/gcat/h). The same trend is also observed in productivity which
includes the selectivity, with the productivity of Fe/1200AlSi being 0.80 gHC/gcat/h and Fe/700AlSi
being only 0.20 gHC/gcat/h. Surprisingly, all four catalysts show similar methane selectivity (CO2-free
basis), between 13% and 14%. The authors acknowledge that the methane selectivity for the supported
materials is undesirably high since they have not yet been optimized for selectivity. Thus, a future
study is needed to reduce methane selectivity for supported Fe catalysts.

Table 7. Performance of four catalysts with different support temperatures in fixed bed reactor.
T = 260 ◦C, H2/CO = 1, P = 20 bar.

Catalyst
Rate, mmol

(CO + H2)/gcat/h
XCO

a, % XCO + H2
a, %

Productivity,
gHC/gcat/h

CO2

Selectivity %
H. C. Selectivity b, %

CH4 C2 C3+

Fe/700AlSi 24.3 19.8 21.7 0.196 34.1 13.3 11.2 75.5
Fe/900AlSi 37.7 21.8 25.5 0.316 31.5 13.3 8.95 77.7
Fe/1100AlSi 93.8 18.6 20.9 0.763 33.0 14.1 8.99 76.9
Fe/1200AlSi 110.9 22.4 22.7 0.796 40.9 14.0 9.76 76.3

a XCO = CO conversion, XCO +H2 = CO and H2 conversion. b Hydrocarbon selectivity on a CO2-free basis.
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3. Discussion

This work demonstrates that the support pretreatment temperature, before precursor loading,
has a significant impact on the final catalyst morphology and FTS catalytic performance. The effect
of pretreatment temperature of the support was studied, for the first time, over a wider range of
temperatures, 700–1200 ◦C; higher than typically practiced by previous authors. This was made
possible by incorporation of a unique silica-stabilized alumina support of high thermal stability [25,26].
The catalyst preparation and activation procedures used in this study led to the significant formation
of ε′-Fe2.2C, which had a great correlation with steady-state activity of the catalyst.

3.1. Effects of Support Pretreatment Temperature on Catalyst Physical Properties

Support pretreatment temperature affects both the support and final catalyst pore properties, i.e.,
surface area, pore volume and pore size distribution. It is well known that γ-alumina is a metastable
transition phase. When calcined at elevated temperatures, γ-alumina loses surface area and pore
volume due to sintering and finally undergoes phase transition into α-phase with a lower surface area
and pore volume. This trend is also observed in the present study, i.e., 700AlSi and 900AlSi have large
surface areas (more than 250 m2/g) and pore volumes (more than 1.5 cm3/g), while 1100AlSi and
1200AlSi show relatively low surface areas (<170 m2/g) and pore volumes (<1 cm3/g). However, it
should be mentioned that even at high-temperature pretreatment of 1200 ◦C, the AlSi support is still
in γ-alumina phase with desirable surface area and pore volume. From the pore property point of
view, 700AlSi and 900AlSi should be able to accommodate more Fe and be more suitable as catalyst
supports. However, a drastic reduction in surface area, pore volume and pore size is observed in the
final catalysts of Fe/700AlSi and Fe/900AlSi when Fe is loaded, as reported in Table 1. Nucleation
of FeO crystallites is favored on hydroxylated alumina surfaces [34]. Therefore, much lower pore
volume (0.16–0.26 cm3/g) and pore diameter (5.6–10.7 nm) of Fe/700AlSi and Fe/900AlSi with higher
hydroxyl group concentrations (Table 5) suggest pore blockage of the support due to the presence of
large Fe and Fe3O4 particles (>30 nm calculated from XRD).

High-temperature dehydroxylation of Fe/1100AlSi and Fe/1200AlSi results in relatively uniform
distribution of Fe2O3 and Fe3O4 crystallites inside the pores and, consequently, higher dispersion as
evidenced by narrower iron carbide peaks observed in XRD. Although small by comparison, the pore
volume and pore size of 1100AlSi and 1200AlSi are still remarkably large, especially when treated
at such high temperatures to remove most of the hydroxyl groups. It should also be noted that the
support pretreatment temperature up to 1100 ◦C improves the dispersion of iron particles as evidenced
by decreasing iron particle sizes from ~40 nm to 4 nm (700–900 ◦C vs. 1100 ◦C support pretreatment
temperature). However, higher support pretreatment temperatures (>1100 ◦C) further decreases the
surface area and pore volume of the support, which consequently results in slightly lower dispersion
and larger particle sizes (~8 nm). These results are in agreement with Qu et al. who found higher
dispersion of Ag on silica as the calcination temperature increased to 700 ◦C, while lower dispersion
resulted at higher calcination temperatures [24].

3.2. Effects of Support Pretreatment Temperature on Catalyst Chemical Properties

The results in this work provide correlations between support pretreatment temperature and the
catalyst reducibility and extent of carbiding. Figure 8 shows the correlations between the support
pretreatment temperature and hydroxyl groups (Table 5), and the extent of reduction from TPR (Table 3)
and ε′-Fe2.2C from Mossbauer spectroscopy (Table 6). Higher dehydroxylation temperature of the
support for Fe/1100AlSi and Fe/1200AlSi leads to highly reducible Fe2O3 and Fe3O4, and subsequently
a higher extent of reduction due to weaker FeO-support interactions. This observation is confirmed
by H2-TPR and CO-TPR data shown in Figures 3 and 4. Lower temperature and higher area of
the reduction and carbiding peaks clearly support higher reducibility and carbiding extent as the
calcination temperature of the support increases. This observation is further evidenced by a much
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lower Fe2+/Fe3+ percentage from iron aluminate spinel in Fe/1100AlSi and Fe/1200AlSi than that
of Fe/700AlSi and Fe/900AlSi measured by Mossbauer spectroscopy. Brenner et al. reported that
oxidation of Fe0 to Fe3+ occurs on the hydroxyl groups of alumina supports and a high density of FeO
crystallites, which are difficult to reduce or carbide, are produced [35]. Therefore, highly reducible
Fe2O3 and Fe3O4 clusters are formed in the near absence of surface OH groups. That likely explains
why Fe/700AlSi and Fe/900AlSi with higher concentrations of surface hydroxyl groups have lower
extents of reduction and a lower iron carbide phase.

 

Figure 8. Correlation between support treatment temperature and (a) hydroxyl groups, (b) extent of
reduction, and (c) iron carbide phase.
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Degree of carbidization can also be affected by iron particle size. Generally, larger iron oxide
crystallites are easier to carbidize than smaller iron oxide counterparts [21]. However, this is only true if
the surface chemistry of the support in supported iron catalyst would be relatively the same. For example,
large iron particle sizes on Fe/700AlSi and Fe/900AlSi have the lowest degree of carbidization because
of high metal oxide–support interaction at lower support dehydroxylation temperatures.

3.3. Effects of Support Pretreatment Temperature on Catalyst Performance

A positive correlation between the extent of reduction to Fe metal (from TPR data) following
reduction in H2 and Fe carbide content is evident (Figure 8). This means that highly reducible Fe2O3

and Fe3O4 clusters result in a higher concentration of carbides, which are believed to be the active phase
for FTS. The concentration of carbides increases significantly as the support pretreatment temperature
increases, but it stays constant for pretreatment temperatures of 1100 ◦C and 1200 ◦C. This observation
is consistent with syngas-TPR results, which show the carbiding of Fe/1100AlSi and Fe/1200AlSi is
almost complete. In the present study, these iron carbide phases are identified as both ε′-Fe2.2C and
χ-Fe2.5C by Mossbauer spectroscopy. The χ-Fe2.5C is only increased from 8% to 14–18% by higher
pretreatment temperature of the support while the formation of ε′-Fe2.2C is significantly enhanced.
In addition, the catalyst activity is also increased five-fold as the support pretreatment temperature
increased from 700 ◦C to 1200 ◦C. The positive correlation between catalyst activity and ε′-Fe2.2C
content is shown in Figure 9.

Figure 9. Correlation of catalyst activity with iron carbide content.

It has been reported that the formation of χ-Fe2.5C is favored over unsupported Fe catalysts under
typical FT conditions and identified as an active iron carbide phase [36,37]. Nevertheless, the catalysts
used in most of those studies are unsupported, whereas the catalyst in the present study is supported
with pretreated silica-stabilized alumina. In the study by de Smit et al. using chemical potentials
calculated by statistical thermodynamics, ε′-Fe2.2C formation is more favored for small particle sizes
with less diffusion resistance and in the presence of a support material [38]. One can expect higher
dispersion of active sites using supports, especially highly dehydroxylated supports used in this study
which lower the metal oxide-support interaction and produce highly reducible and well dispersed iron
oxides. On the other hand, the formation of ε′-Fe2.2C is more favored at low temperatures followed by
its conversion to χ-Fe2.5C at higher temperatures (>250 ◦C). In this study, the calcined Fe/AlSi catalysts
were activated under syngas at 20 atm by increasing the temperature from 180 ◦C and holding every
10 ◦C up to 280 ◦C, while keeping conversion less than 60% in each step. The highly dispersed ε′-Fe2.2C
particles formed at low temperatures might have been stabilized on the support and their conversion
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to χ-Fe2.5C was not completed at higher temperatures of the activation process. This finding is in
accordance with Niemantsverdriet et al. who reported the formation of ε′-Fe2.2C over iron supported
on TiO2/CaO after FT reaction at 240 ◦C [39]. Raupp et al. also observed ε′-Fe2.2C on Fe/SiO2 exposed
to FTS at 250 ◦C for 6 h [40].

The activity of Fe/AlSi, in this study, is among the highest in the literature for both unsupported
and supported iron catalysts, and the catalyst is stable over 800 h time on stream. In addition,
the significant correlation of the catalyst activity with the amount of ε′-Fe2.2C clearly show that ε′-Fe2.2C
on AlSi support can be as active as χ-Fe2.5C on unsupported Fe catalysts. Thus, historically ε′-Fe2.2C
was not considered the active phase due to a lack of evidence on unsupported iron catalysts. This is an
important finding because the supported iron catalysts reported in the literature prior to this study
were usually much less active than unsupported iron catalysts due to their high metal oxide–support
interaction, and thus careful characterization of supported catalysts is scarce in the literature.

4. Materials and Methods

4.1. Catalyst Preparation

A series of iron catalysts supported on BYU alumina supports (Brigham Young University, Provo,
UT, USA) pretreated at different temperatures were investigated in this study. The alumina support
was doped with 5% SiO2 to increase the thermal stability, as described previously [25]. The supports
were sieved to 250–595 μm (30–60 mesh size) and calcined in air at 700 ◦C, 900 ◦C, 1100 ◦C or 1200 ◦C
for 4 h prior to impregnation. The supports were named starting with their calcination temperature,
e.g., the support calcined at 700 ◦C was named 700AlSi. All four catalysts were prepared by incipient
wetness using an aqueous solution containing desired amounts of ferric nitrate, copper nitrate and
potassium bicarbonate in four steps. In each step, 10 wt % Fe with the desired amount of Cu and K were
dissolved in sufficient water for incipient wetness and mixed into the catalyst support. The catalysts
were sat at room temperature for 4 h, dried in an oven at 80 ◦C for 16 h, and finally calcined for
16 h at 300 ◦C in air. Nominal compositions (on a relative mass basis) of reduced catalysts were
100Fe/7.5Cu/4K/150Al2O3 for an iron loading of 40%. The final catalysts were named Fe/xAlSi,
where “x” was the calcination temperature. For example, Fe/700AlSi was the Fe/Cu/K catalyst
supported on the support calcined at 700 ◦C.

The samples were reduced at 280–320 ◦C in 10% H2/He for 10 h followed by 100% H2 for 6 h for
characterization of reduced catalysts. Reduced catalysts were carefully passivated by first exposing
each to flowing air in He (<1%) at room temperature followed by gradually increasing concentrations
of air in helium while monitoring the temperature of the catalyst bed. The passivated reduced catalysts
were carbided at 280 ◦C, 20 atm, and H2/CO = 1 for 24 h for characterization of carbided samples.

4.2. Catalyst Characterization

4.2.1. Nitrogen Adsorption/Desorption

Surface area, pore volume, and pore size distribution were calculated by nitrogen
adsorption/desorption isotherms measured using a Micromeritics TriStar 3000 instrument (Norcross,
GA, USA). The samples (0.3 g) were degassed at 120 ◦C for 12 h before measurement. Surface area was
calculated by the BET model using P/P0 ranging from 0.05 to 0.2. Pore volume was measured by the
single point method using P/P0 = 0.990. Pore size distribution was calculated using the desorption
branch of the isotherm according to a newly developed slit pore-geometry model [41].

4.2.2. XRD

To determine the presence of different iron phases, X-ray diffraction patterns were collected for
all the catalysts using a PANalytical X’Pert Pro diffractometer (Almelo, The Netherlands) with a Cu
source and a Ge monochromator tuned to the Cu-Kα1 wavelength (λ = 1.54 Å). Samples (reduced and
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passivated) were scanned from 10–90◦ using a step size of 0.016◦ and a step time of 350 s. Diffraction
patterns were compared to standard patterns in the database.

4.2.3. TPR

TPR experiments were performed in a Mettler Toledo TGA/DSC 1 equipped with an automated
GC 200 gas controller (Columbus, OH, USA) to understand the reduction/carbiding behavior of
the catalysts. 10–20 mg of calcined samples were exposed to a reducing gas mixture of 10% H2/He
(H2-TPR) or 10% syngas (H2:CO = 1) in He (syngas-TPR), while the temperature was increased at
3 ◦C/min from ambient to 700 ◦C.

4.2.4. Hydroxyl Group Content Measurement

TGA was performed for alumina samples in the same TGA equipment (Columbus, OH, USA)
described in Section 2.2.3 to determine hydroxyl group content. Pre-calcined alumina samples were
heated at a rate of 5 ◦C/min from room temperature to 1100 ◦C in He flow of 80 mL/min and held for
2 h. The weight loss between 130 ◦C and 1100 ◦C was used to determine the hydroxyl group content.

4.2.5. Mossbauer Spectroscopy

Mossbauer measurements were taken in transmission mode, with a 57Co source in Rh matrix
mounted in a standard constant acceleration drive unit. Samples were placed inside a closed-cycle
refrigerator for low-temperature measurements. All measurements were calibrated with respect to
alpha-Fe. Analysis of measured spectra was carried out by using defined functions within the PeakFit
program (version 4.12) using the least-squares-fitting routine. The parameters for each sub-spectrum
in the fit consisted of the position, width and height of the first peak, the hyperfine magnetic field
and the quadrupole electric field. Initially, the hyperfine magnetic fields of known FexC (2.2 ≤ x ≤ 3)
were constrained but all other parameters could vary freely. Subsequently, the carbides’ hyperfine
magnetic fields for the intense-distinct peaks could vary to obtain the best fit to the experimental data.
The percentages of Fe in the different phases were determined from the areas under the peaks of the
different sub-spectra. Calculated carbide sub-spectra of Fe percentages less than the experimental error
of about ± 3% were then removed from the fitting procedure and data was fitted for the final results.

4.3. FTS Performance Measurement

FTS was conducted in a fixed-bed reactor (stainless steel, 3/8 inch OD) described previously [34].
Each sample (0.25 g, 250–590 μm) was diluted with 1 g silicon carbide to improve heat distribution in
the catalytic zone.

Before FTS, the samples were reduced in situ at 280–320 ◦C in 10% H2/He for 10 h followed
by 100% H2 for 6 h. After cooling to 180 ◦C, the system was then pressurized to 20 atm in syngas
(H2:CO = 1), and the catalysts were activated by ramping and holding every 10 ◦C up to 280 ◦C, while
keeping conversion less than 60% in each step. Activity and stability data were then obtained over the
next 200–700 h as reaction temperatures were varied from 220 ◦C to 260 ◦C.

After leaving the reactor, the exit gas and liquid effluent passed through a hot trap (90 ◦C)
and a cold trap (0 ◦C) to collect heavy hydrocarbons and liquid products. The effluent gaseous
product was analyzed using an HP5890 gas chromatograph (Santa Clara, CA, USA) equipped with
a thermal conductivity detector and 60/80 carboxene-1000 column. CO conversion and selectivities
were determined with the use of an internal standard (Ar).

5. Conclusions

In summary, the results of this work demonstrate that support pretreatment temperature
has a significant impact on the properties (physical and chemical) and catalytic performance of
silica-stabilized alumina (AlSi) supported iron FTS catalysts. The high thermal stability of the AlSi
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support prepared in this study compared with the traditional alumina supports enabled us to study
the effect of support pretreatment temperature at much higher temperatures than traditional practice
(500–800 ◦C). Pretreating AlSi material at higher temperatures (i.e., 1100–1200 ◦C) before catalyst
loading significantly removes support surface hydroxyl groups and reduces the iron oxide–support
interaction. Therefore, the Fe/AlSi catalyst where the support calcined at 1100–1200 ◦C is (1) more
reduced and more easily reduced, (2) more effectively carbided, and (3) significantly more active and
productive. In addition, the results of this work show an excellent correlation of the catalyst activity
and ε′-Fe2.2C content, which provide new insights into the active phase for supported FTS catalysts.
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Abstract: The extent of reduction of unsupported iron-based high-temperature water-gas shift
catalysts with small (<5 wt %) lanthana contents was studied using UV-visible spectroscopy.
Temperature- programmed reduction measurements showed that lanthana content higher than
0.5 wt % increased the extent of reduction to metallic Fe, while 0.5 wt % of lanthana facilitated the
reduction to Fe3O4. In situ measurements on the iron oxide catalysts using mass and UV-visible
spectroscopies permitted the quantification of the extent of reduction under temperature-programmed
reduction and high-temperature water-gas shift conditions. The oxidation states were successfully
calibrated against normalized absorbance spectra of visible light using the Kubelka-Munk theory.
The normalized absorbance relative to the fully oxidized Fe2O3 increased as the extent of reduction
increased. XANES suggested that the average bulk iron oxidation state during the water-gas shift
reaction was Fe+2.57 for the catalyst with no lanthana and Fe+2.54 for the catalysts with 1 wt % lanthana.
However, the UV-vis spectra suggest that the surface oxidation state of iron would be Fe+2.31 for
the catalyst with 1 wt % lanthana if the oxidation state of iron in the catalyst with 0 wt % lanthana
were Fe+2.57. The findings of this paper emphasize the importance of surface sensitive UV-visible
spectroscopy for determining the extent of catalyst reduction during operation. The paper highlights
the potential to use bench-scale UV-visible spectroscopy to study the surface chemistry of catalysts
instead of less-available synchrotron X-ray radiation facilities.

Keywords: iron water gas shift catalysts; extent of reduction; UV-visible spectroscopy; XANES

1. Introduction

The water-gas shift (WGS) reaction is a critical industrial process for hydrogen production and
for controlling carbon monoxide to hydrogen ratio in multiple chemical processes [1,2]. The reaction
can be written as:

CO + H2O(g) � CO2+H2 ΔH◦
298K = −41 kJ/mol (1)

The exothemicity and reversibility of the WGS reaction lead it to be performed in 2 steps in
industrial reactors: (1) high-temperature (HT) at ~400 ◦C and (2) low-temperature (LT) at ~220 ◦C,
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in order to minimize the CO concentration in the effluent gas stream. Industrial high-temperature
(HT) WGS catalysts are typically 92 wt % Fe3O4/8 wt % Cr2O3 that serve as active and stable catalysts
at reaction temperatures close to 400 ◦C [2]. Numerous research studies have been conducted on
enhancing the stability and activity of these catalysts through the addition of promoters (such as Cu,
Ce, Hg, Ag and Rh) that can stabilize the iron-chromium structure and provide additional active sites
for the chemical reaction [3–13]. A previous study has shown that the addition of lanthana to Fe/Cr/Cu
high-temperature (HT) water-gas shift (WGS) catalysts changes their temperature-programmed
reduction profiles, generally causing more consumption of the reducing agent [10]. Previous studies
also showed that lanthana increases the thermal stability and rate activity of perovskite-like
unsupported chromium-free iron-based catalysts for the water-gas shift reaction and Co-based catalysts
for the Fischer-Tropsch synthesis reaction [11–13]. Determining the oxidation states of metals on the
surface of such catalysts is crucial for understanding the activity and stability patterns observed with
variable promoters.

Operando spectroscopic techniques for surface analysis are critical characterization methods in
the field of heterogeneous catalysis due to their sensitivity to changes in the surface chemistry of
catalysts under operating conditions [14,15]. Applying UV-visible spectroscopy to characterize and
quantify the extent of iron reduction (or the amount of active Fe3O4 phase) will help explain the activity
pattern of the catalysts reported previously [10]. Previous UV-visible studies on vanadium-oxide
catalysts for oxidative dehydrogenation of propane were performed and a calibration curve was
formulated for extent of reduction as a function of normalized absorbance [16,17]. Weckhuysen and
co-workers studied the dehydrogenation of isobutane over supported chromium oxide catalysts and
were able to quantify surface reduced centers (Cr3+/Cr2+) using in situ UV-visible spectroscopy and
relate them to the dehydrogenation activity [14]. Absorption bands in the UV region were observed
due to ligand-to-metal charge transfer (LMCT) in which the metal cations were reduced by electron
transfer from oxygen (O2−) species. Therefore, despite iron-based WGS catalysts appearing dark and
unchanged in color to the unaided eye, absorbance of light over the visible (380–750 nm) and UV
(<380 nm) regions are still responsive to electronic changes in oxidation states, or electronic occupation
of d-orbitals, of surface Fe domains.

UV-visible diffuse reflectance spectroscopy is one technique that can be used to determine the
extent of reduction of fully-oxidized catalysts by exposing them to a broad spectrum of UV and visible
wavelengths [14,16–22]. While XANES/EXAFS studies require high-energy X-rays from synchrotron
sources, UV-visible spectroscopy is easily performed in the lab at much lower cost. Operando UV-visible
spectroscopy can provide new insight on surface electronic configurations that has potential as a new
method to determine the extent of reduction of a fully oxidized catalyst, which affects the absorbance of
light by the catalyst surface [14–18]. From previous work examining the edge and pre-edge absorption
regions in UV-visible spectra, the pre-edge region is extremely sensitive to changes in oxidation state,
while the edge region is not [16,17,19,23]. Determining the extent of reduction from near-edge features
of the XANES spectra of these same catalysts was rendered unsuccessful due to overlapping features
of the cationic spectra [16,17]. Therefore, the absorbance of UV-visible diffusely reflected light over
the pre-edge region is used in this work to characterize the surface oxidation states of Fe. In addition,
this technique can be used for other catalysts that undergo an oxidation-reduction cycle. The physical
theory behind this phenomenon is that different oxidation states of the same metal have different
band gaps and thus absorb light of different quantized energies [24–28]. The band gap for some iron
oxide minerals falls in the range 2.0–2.5 eV (2.2 eV for hematite and 2.3 eV for wüstite), while that for
magnetite is only 0.1 eV. (Conductive metals, including Fe, have no band bap because the Fermi level
lies within the conduction band) [28–30]. The O(2p) Fe3+(3d) charge transfer requires 4.2–4.7 eV of
energy [31].
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Diffuse reflectance UV-visible data are frequently analyzed using a normalized absorbance, which
is referred to as the Kubelka-Munk function, f( R∞), as shown in Equation (2) [32,33],

f(R∞) =
(1 − R∞)2

2R∞
=

K
S

(2)

where R∞ is the infinite reflectance (assuming the sample is infinitely thick) relative to a reference
perfect reflector (powdered magnesium oxide or Teflon®), K is proportional to the absorbance
coefficient (k) and S is proportional to the scattering coefficient (s). For this study, the reference
was chosen as the fully oxidized catalyst to permit sensitive detection of changes in the oxidation
state of the catalyst relative to this fully oxidized reference. The Kubelka-Munk function is based on
scattering and absorption theory and is obtained by performing a shell balance on the flux of light
moving in the downward direction (I) and in the upward direction (J) through differential distance dx
and solving the resulting coupled differential equations shown below [34–36]:

dI
dx

= −(k + s)I + sJ (3)

dJ
dx

= (k + s)J − sI (4)

Kubelka-Munk theory assumes a continuous infinite medium and does not account for changes in
particle size. A study by Christy et al. has modified the Kubelka-Munk equation to account for the
inverse relationship with the size of particles [32]. Particle size distribution affects both scattering and
absorbance terms [37,38].

Qualitatively, Kubelka-Munk values increase with increasing absorbance, which corresponds to a
higher extent of reduction. F(R∞) can be correlated to the number of reduced centers by measuring the
amount of oxygen required to return the catalyst to its fully oxidized state after it has been reduced.

Another powerful spectroscopic technique is X-ray absorption near edge structure (XANES) from
which extent of metal reduction can be quantified by exposing the sample to highly energetic X-ray
photons that are absorbed by core electrons, causing photoelectrons to be emitted at characteristic
energies. The multiple scattering of the excited electrons specifies the spatial configuration of the atoms
using extended X-ray absorption fine structure (EXAFS) analysis. Any changes in the distribution
of charge around an atom of a given element produce shifts to the absorption edge regions caused
by variations in the binding energies of the electrons [23,39]. Such methods, however, deemed to be
complex and expensive to run when compared to bench-scale spectroscopic techniques.

In this paper, we show how ultraviolet-visible (UV-visible) spectroscopy can be used to augment
and potentially replace XANES to evaluate oxidation states of heterogeneous catalysts. This technique
is applied to characterizing the extent of reduction of HT WGS Fe/Cr/Cu catalysts with varying
lanthana contents and is compared with XANES analysis of the same catalysts. This paper presents
temperature-programmed reduction (TPR) profiles of iron WGS catalysts with varying amounts of
lanthana and correlates them to in situ UV-visible absorbance measurements. The Kubelka-Munk
function was used to calibrate the UV-visible response to extent of reduction (or oxidation state of iron)
determined by the TPR profiles. The resultant calibration curves were applied to scans performed
on operating WGS catalysts to determine the effect of lanthana on the extent of reduction of these
catalysts. The conclusive results are compared with data acquired from XANES.

2. Results and Discussion

2.1. Temperature-Programmed Reduction and Oxidation (TPR and TPO)

The full TPR profiles as functions of time for the five iron oxide WGS catalysts with varying
quantities of La (0 to 5 wt %) are shown in Figure 1. Two peaks were observed during the reduction of
the catalysts with H2, in which the first peak corresponds to the reduction of Fe2O3 to Fe3O4, CuO to
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Cu and possibly Cr6+ to Cr3+, while the second peak is attributed to the reduction of Fe3O4 to FeO
and metallic Fe [40–42]. The second peak is much larger than the first peak because it requires 8 times
more H2 to reduce Fe3O4 to Fe than to reduce Fe2O3 to Fe3O4. The temperature was not increased
beyond 450 ◦C during the TPR experiments to fully characterize the second peak due to limitations
on the heater used. The reduction temperature for the second peak typically extends to 650–700 ◦C
for Fe/Cr/Cu catalysts [3]. Consistent with our previous study, the 0.5La catalyst was the easiest
to reduce of the catalysts containing La, as determined by the maximum of the first reduction peak
occurring at the lowest temperature (approximately 219 ◦C) [10].

Figure 1. First temperature-programmed reduction profiles of all the catalysts (TPR 1, 10 mol % H2/Ar,
total flow = 50 sccm, ramp rate = 10 ◦C/min). 0.5La catalyst starts reducing at the lowest temperature.

The maxima of the second peaks occur at almost the same times (temperature) for all the catalysts
due to stopping the heating at 450 ◦C. Table 1 shows the extent of reduction (EOR) for each of the
catalysts. EOR is defined as the fraction of iron that has been reduced from Fe2O3 to either Fe3O4

(in the second column of Table 1) or to metallic iron (in the third and fourth columns of Table 1) as
quantified by the integrated hydrogen consumption from the TPR peaks. The listed values have
been corrected by subtracting the small amount of hydrogen expected to be consumed by the other
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reducible catalyst components, CuO to Cu and Cr6+ to Cr3+, which are reported to reduce near the
temperature range of the first peak [40–42]. Hydrogen consumption increases with La content for the
first reduction phase and is approximately the same for the second reduction phase (within the ±5%
error for this experiment).

Table 1. Extent of reduction of catalysts for TPR 1 and TPR 2 (10 mol % H2/Ar, total flow = 50 sccm).

Catalyst ID
TPR 1 (First Peak) %

EOR to Fe3O4
a

TPR 1 (Both Peaks) %
EOR to Fe a TPR 2 % EOR to Fe

0La 42 82 42
0.5La 53 78 72
1La 67 85 53
2La 79 89 N/A
5La 82 89 57

a EOR is Extent of Reduction.

However, even considering the uncertainty, 2La and 5La appear to consume more hydrogen
than 0.5La. This is explained in terms of the stabilized iron-chromium spinel that is formed in the
0.5La catalyst after it is reduced to the active magnetite form [10]. Therefore, the 0.5La catalyst has
a higher extent of reduction to magnetite than the 0La catalyst but a lower extent of reduction to
Fe than the 1La, 2La and 5La catalysts. Furthermore, the 2La and 5La catalysts start consuming
hydrogen with the second peak later (i.e., at higher temperatures) possibly due to lanthana covering
iron domains making them less accessible. The 2La and 5La catalysts consume more hydrogen than
the 0.5La catalyst, possibly due to a disrupted spinel structure and loss of strong interaction between
Fe and other elements (such as Cr), which make the catalysts more reducible in terms of hydrogen
consumption [10].

Following an intervening full oxidation, the overall extents of reduction during TPR 2 show a
different trend. The maximum hydrogen consumption is now observed for the 0.5La catalyst, while
0La consumes the least amount and 1La and 5La consume less than 0.5La. The TPR 2 profiles, plotted in
Figure 2, show that the peaks appear at higher temperatures (>300 ◦C for the first peak and >400 ◦C for
the second peak), with the second much smaller than the first peak as the heating does not go beyond
450 ◦C, suggesting that the catalysts have been stabilized after the first TPR/TPO cycle. The 0.5La
and 1La catalysts start consuming H2 at 30–40 ◦C lower temperatures (3–4 min earlier) than the other
catalysts. However, the 0.5La catalyst ends up consuming more hydrogen than the other samples by
the time the temperature reaches 450 ◦C (at approximately 43 min). This ease and extent of reducibility
is correlated to the overall WGS reaction rates previously reported for these catalysts [10].

The results of TPR 2 are significant because the 0.5La catalyst is a better catalyst candidate for
re-use, as it has been deactivated the least. In fact, the extent of reduction for the 0.5La catalyst
calculated from TPR 2 is 8% lower than that calculated from TPR 1, while those of the other catalysts
are approximately 35–50% lower. The decreased reducibility of the catalyst comes as result of possible
sintering and deactivation of the catalyst after TPR 1 treatment at 450 ◦C for 3 h. Qualitatively,
these results agree very well with what has been reported previously on the stability of the catalysts,
where the WGS reaction rate decreased by 11% for the 0.5La catalyst after 120 h under reaction
conditions and 20–25% for the other catalysts [10]. The promoting effect of lanthana in lowering the
reduction temperature observed with the first and second peaks in TPR 1 is attributed to a stabilized
spinel that starts forming at lower temperatures in the 0.5La catalyst and continues to consume H2 until
the hematite is reduced to magnetite. Further addition of lanthana appears to disrupt the spinel once
formed and possibly cover the surface, making the Fe domains less accessible to H2, thus requiring
higher temperatures for the catalysts to be reduced [10].

26



Catalysts 2018, 8, 63

Figure 2. Second temperature-programmed reduction profiles of most of the catalysts (TPR 2,
10 mol % H2/Ar, total flow = 50 sccm, ramp rate = 10 ◦C/min). 0.5La catalyst has the highest
hydrogen consumption.

Extent of reduction was also checked with TPO profiles. Figure 3 shows the oxygen consumption
and water formation for the initial oxidation and TPO 1 profiles for the 0La catalyst obtained by mass
spectra (MS) (similar plots were obtained for the other catalysts). Previous XRD analysis showed that
the iron phase in the fresh calcined catalysts is ferrihydrite [10]. Therefore, water is produced during
the oxidation of iron to hematite and ferrihydrite. Oxygen is consumed during TPO 1 to form hematite
after the catalysts have been reduced during TPR 1. The amount of oxygen consumed during TPO 1
for the 0La catalyst is 80% of the hypothetical value for full oxidation of metallic Fe to Fe2O3, which is
in good agreement with the extent of reduction calculated from TPR 1 (82%).
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Figure 3. H2O release during initial oxidation of the 0La catalyst and O2 consumption during the
temperature-programmed oxidation following TPR 1. Oxygen is consumed as metallic Fe and other
reduced forms of iron oxides oxidize to Fe2O3.

2.2. Powder X-ray Diffraction (XRD) Analysis

XRD spectra were collected for a specific set of samples post reduction/oxidation treatment,
as shown in Figures 4 and 5. The spectra in Figure 4 qualitatively show that the major iron phases in
the catalysts post TPR 1 and TPR 2 are a mixture of metallic Fe and magnetite, based on comparison
with the International Centre for Diffraction Data (ICDD) database. However, the peak at 44.7◦, which
is representative of metallic Fe, is much less intense and essentially negligible for the samples post
TPR 2, when compared to the other samples post TPR 1. These results are in good agreement with the
TPR trends discussed in the previous section, where the extent of reduction for TPR 2 is 50% lower
than that for TPR 1 for the 0La and 5La samples. No peaks for FeO were detected in the XRD patterns.
Fe3O4 and Fe are more thermodynamically stable than FeO at 400–450 ◦C for these shift catalysts [43].
The peaks for the samples post TPR 2 are not intense compared to the peaks observed with samples
post TPR 1, indicating a lower content of Fe and hence a lower extent of reduction. There are slight
shifts to the left in the peaks at 57◦ and 62.5◦ for the 1La and 2La catalysts post TPR 1 and a clear
left shift in the peaks at 35.5◦, 57◦ and 62.5◦ for the 5La catalyst post TPR 2, indicating larger lattice
parameters and therefore larger unit cells for Fe3O4. This suggests incorporation of the larger La3+

ions. This trend is similar to that observed with the samples post WGS reaction [10].

Figure 4. XRD of catalysts after temperature-programmed reduction treatments (TPR 1 and TPR 2).
Metallic Fe is the major form of iron in samples after TPR 1. The peaks for metallic Fe are less intense
for samples after TPR 2.
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Figure 5. XRD of 0La catalyst after the final temperature-programmed oxidation. The catalyst is
oxidized with Fe2O3 as the major bulk phase of iron.

Figure 5 compares the XRD spectrum for the 0La catalyst post TPO 2 with the reference hematite
spectrum from the ICDD database. Clearly, the major iron oxide phase in the bulk of the catalyst is
hematite, thus iron is in the +3 oxidation state after full oxidation of the catalyst. However, a small
peak at 30.2◦ indicates that Fe3O4 is still present in the bulk but its intensity is negligible compared to
the peaks of hematite.

2.3. In Situ UV-Visible Spectroscopy

2.3.1. Absorption vs. Time Spectra

The diffuse reflectance light absorption signals from the UV-visible spectrophotometer and mass
spectrometer change simultaneously at the same temperature during the first reduction process.
Figure 6 shows the absorption signal response at 12,500 cm−1 as a function of time for the 0La, 0.5La
and 1La catalysts from the beginning of the reduction processes (TPR 1 and TPR 2) at room temperature
to the maximum temperature of 450 ◦C, which was reached at about 43 min. For TPR 1, the jump in
the UV-vis absorption occurs in 2 steps, for which the first step starts at around 21 min (about 230 ◦C),
while step 2 starts at around 28 min (about 300 ◦C). The timings of steps 1 and 2 match with the times
at which the H2 signal from the mass spectrometer starts to show hydrogen consumption for the first
and second reduction phases, respectively. On the other hand, only a long 1-step jump is observed
at around 32 min (about 340 ◦C) for the 0La catalyst and around 28 min (about 300 ◦C) for the 0.5La
and 1La catalysts during TPR 2, which corresponds to the large hydrogen consumption peaks shown
by the mass spectrometer shown in Figure 2. The second peaks are smaller and some are overlapped
by the first larger peak (as is the case for the 1La catalyst). The absorbance is clearly insensitive to
the second peaks due their overlapping nature. Compared to TPR 1, the absorbance signal for TPR
2 increases over a broader range of time, unlike that for TPR 1, which is sharper. The increase in the
absorbance signal at 12,500 cm−1 is apparently due to the combined effect of reduction of Fe2O3 to
Fe3O4 and metallic Fe, both of which species have smaller or no band gaps and more oxygen vacancies
than hematite.
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Figure 6. UV-vis absorbance vs. time for the 0La, 0.5La and 1La catalysts during TPR 1 and TPR 2.
The absorbance signal increases simultaneously with the increase of the hydrogen consumption signal
from the mass spectrometer.

Figure 7 shows the UV-visible absorbance as a function of time for the 0La catalyst post TPR 1,
TPO and TPR 2 on the same graph. The absorbance signal increases during the TPR experiments, while
it decreases as the catalyst is oxidized during TPO. The asymptotic absorbance attained during TPR 2 is
lower than that reached during TPR 1, indicating a lower extent of reduction. However, the absorbance
signal starts with a lower value for TPR 2 compared to that for TPR 1. A possible explanation for this
behavior is sintering of the particles due to thermal effects of the initial TPR and TPO. Furthermore,
the absorbance at which TPO 1 ends is not the same as the signal at which TPR 2 starts (see Figure 7)
due to temperature effects which are depicted in Figure 8. The same effect is observed for the signals
at the end of TPR 1 and beginning of TPO 1. The effect of temperature is discussed in more detail in
the following section.

Figure 7. Kinetic spectra (absorbance vs. time) for the 0La catalyst during TPR 1, TPO 1 and TPR 2
combined on the same coordinates.
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Figure 8. Absorbance scans of a fully oxidized 1La sample obtained at 22 ◦C and 450 ◦C. Higher
temperatures cause the absorbance signal to increase.

2.3.2. Kubelka-Munk Scans and Calibration

The UV-visible spectroscopic analysis discussed in this section and the sections that follow has
been performed primarily on the 0La, 0.5La and 1La catalysts because they produced the highest WGS
activities and showed significant chemical and physical and chemical changes among them in previous
results [10].

The previous results show that light absorbance at 12,500 cm−1 is affected by the extent of
reduction of the WGS catalysts. Scans across the UV-visible spectrum (modified Kubelka-Munk
(K-M) function values vs. wavenumber) are plotted in Figure 9 for the 0La, 0.5La and 1La catalysts.
The reference for the modified K-M scan is a fully oxidized sample of each catalyst. The values of
the normalized absorbance are the same as the K-M values when the catalysts are scanned under
normalized absorbance scans, suggesting that the scattering term has minimal effect on the K-M
function during the TPR and TPO experiments. The values of the Kubelka-Munk function (F(R)) are
higher for the more reduced catalysts and nearly zero for the fully oxidized ones.

 

Figure 9. Kubelka-Munk scans for: (a) 0.5La catalyst post TPR 1; (b) 0La catalyst post TPR 1; (c) 1La
catalyst post TPR 1; (d) 0.5La catalyst post TPR 2; (e) 1La catalyst post TPR 2; (f) 0La catalyst post TPR
2; (g) 0La catalyst post TPO 1; (h) 0.5La catalyst post TPO 1; (i) 1La catalyst post TPO 1.
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These spectra are interpreted as follows. Figure 8 shows the temperature dependence of the
spectra, with a lower absorbance signal at room temperature than that at 450 ◦C. Higher temperatures
increase the molecular vibration and rotation movements and therefore increase the absorbance [44].
In order to avoid temperature effects on the absorbance signal, all K-M and baseline scans were
acquired at room temperature for analysis. Furthermore, according to Figure 8, there is an absorption
band centered around 17,500 cm−1 for the oxidized catalyst. This band around 17,500 cm−1, or 2.2 eV,
is due to the band gap in Fe2O3 [30,45–47]) Since the K-M function is proportional to absorbance,
the K-M value for each catalyst post TPR 1 is higher than those post TPR 2, which correlates to the
differences in the extents of reduction from Fe2O3 to metallic Fe, as shown in Figure 9 and which is
in agreement with the TPR results presented in Section 3.1. Furthermore, the 0La catalyst post TPR 2
has the lowest K-M value of the reduced catalysts, which corresponds to the least extent of reduction.
The K-M values for the reduced 0.5La catalyst fall in between, while the K-M value post TPO for the
0La catalyst is essentially zero, especially near 12,500 cm−1, confirming that the catalyst returned to
the fully oxidized state that was used as the reference in the K-M function. Absorbance is highest,
which produces the largest K-M value for each specific spectrum, at 12,500 cm−1 (1.5 eV), because the
reduced catalysts (primarily Fe or Fe3O4) absorb more light at this energy relative to the reference of
the fully oxidized catalyst (primarily hematite).

A linearly regressed calibration line was generated (Figure 10) to correlate K-M function
(independent variable) and Fe oxidation state acquired from quantification of MS H2 consumption
peaks (dependent variable) on the surfaces of each of the three catalysts.

Figure 10. Calibration curve of surface Fe oxidation state as a function of Kubelka-Munk values
with 10% error bars at 12,500 cm−1 and using TPR 1 and TPR 2 K-M values for the 0La, 0.5La and
1La catalysts.

The slope and intercept of the calibration line with 95% confidence intervals are given in Table 2,
along with the coefficient of determination (r2) value to evaluate the quality of the data fit. The intercept
is 3.0, which corresponds to the oxidation state of hematite (the fully oxidized phase of the samples,
with a corresponding K-M value of zero due to the fully oxidized catalyst reference). The results
show that the UV-visible technique is sensitive to and can be directly calibrated with extent of
catalyst reduction.

Table 2. Slope, intercept and coefficient of determination for the oxidation states vs. K-M calibration curve.

Slope Intercept r2

−6.05 ± 0.39 3.00 ± 0.13 0.977
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2.3.3. Water-Gas Shift Reaction: In Situ and Ex Situ Analysis

In-situ analysis on the 1La catalyst under varying times of HT WGS shift reaction is shown in
Figure 11, with the scans performed at the reaction temperature of 400 ◦C. The K-M values are much
higher (80% more) than those post TPR 1, even after accounting for the temperature effect on the
absorbance signal (as seen in Figure 8). The K-M values increase significantly with time as the WGS
reaction proceeds. Prior kinetic results with these and similar catalysts indicate that they do not
approach a steady state activity for about 100 h [10,48]. This change during the initial 24 h is likely
associated with sintering, which has been linked to decreasing catalytic rate during this initial time.

Figure 11. In situ Kubelka-Munk spectra for the 1La catalyst under WGS reaction. The Kubelka-Munk
values are higher than the values obtained during TPR experiments.

Ex situ analysis, presented in Figure 12, was performed at room temperature on the 0La and 1La
catalysts after 10 days under high-temperature WGS reaction and show similar results: the normalized
absorbance values are higher than those for TPR 1 and TPR 2 of either catalyst.

Figure 12. Ex situ analysis after 240 h of WGS reaction. The spectra shown are normalized absorbance
for (a) used 0La catalyst; (b) used 1La catalyst.

Although carbon deposition on the catalyst surface is a potential explanation for the increased
absorbance signal as a function of the WGS reaction time, this possibility has been discounted. No CO
or CO2 signals were detected during a TPO of the used catalysts in flowing air and no iron carbide
phase was observed in the XRD and EDS results. Therefore, catalyst carbiding or formation of surface
carbon species (e.g., graphite or coke) does not appear to occur.
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The apparent explanation is that there are morphological changes to the catalysts once steam
is introduced in the feed. This was manifested by physical change to the catalysts, which expands
and fractures when exposed to water during WGS conditions. SEM analysis, shown in Figure 13,
demonstrates the change in the particle size distribution after WGS treatment, suggesting that
introduction of water physically alters the shapes of the particles of the catalysts. In contrast, the particle
size distribution after the TPR treatments remains almost the same (figures not shown). Since the K-M
function is an absorbance to scattering ratio, morphological changes likely change the ratio of the
absorbed and scattered (or diffusely reflected) light off the surface of the catalyst, which accounts for
the increase in the K-M values.

 

Figure 13. SEM images of calcined fresh (left) and used (right) 0La catalyst. The images show a change
in particle size distribution after the catalyst was exposed to reaction conditions.

Although the direct correlation between reduced centers and absorbance was not possible due
to the morphological changes to the catalyst, the use of UV-visible spectroscopy to quantify extent of
reduction should be applicable to more physically stable catalysts. These studies will be presented in
future papers.

However, in order to use of the calibration curve in Figure 10 and to apply it to quantify the
reduced centers of the catalysts post WGS treatment, the ratio of normalized absorbance (which is the
ratio of the K-M values excluding the scattering term) for both catalysts after WGS reaction has been
compared with the slope of the calibration curve. This ratio of absorbance between two catalysts is
an attempt to cancel out the disturbance to the signal caused by the smaller particle size distribution.
This analysis presumes that the same morphological changes occur for all of the catalysts during the
WGS reaction, which appears to be the case based on analysis of the SEM images. Taking the ratio of
the normalized absorbances yields,

(3 − y1)(
3 − y0

) =
x1

x0
(5)

where y0 and y1 are the oxidation states of Fe in the 0La and 1La catalysts, respectively and x0 and x1

are the K-M values for the 0La and 1La catalysts (which are equal to normalized absorbance values for
which these calibration lines were derived), respectively. The ratio of the normalized absorbance at
12,500 cm−1, x1

x0
, post WGS treatment gives a value of 1.6 ± 0.16. Figure 14 correlates the ratio on the

left-hand side of Equation (5) to different ratios of normalized absorbance within the 95% confidence
of the fitted slope for both catalysts.
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Figure 14. The ratio of surface Fe oxidation states in 1La to the oxidation state in 0La as a function
of the ratio of the normalized absorbance. The figure shows the 95% upper and lower bounds of
the regression.

Although these results do not give full quantification for the oxidation state of Fe on the surface
during the WGS reaction, they correlate the oxidation state of Fe on the surface of the 1La catalyst to
that on the surface of the 0La catalyst.

These findings are consistent with the activity pattern observed previously [10]. The 0.5La catalyst
had highest WGS activity, which in this study also displayed higher extent of reduction from Fe2O3

to Fe3O4 than the 0La catalyst and the lower extent of reduction from Fe2O3 to Fe than the 1La, 2La
and 5La catalysts, presumably because its spinel structure was better maintained and stabilized [10].
This suggests that addition of 0.5 wt % of lanthana maximizes the content of the active magnetite
phase under reaction conditions.

2.4. X-ray Absorption Near Edge Structure (XANES) Spectra Compared to UV-Visible Results

The XANES spectra of the 0La and 1La samples after WGS reaction, along with those of reference
compounds, iron (II, III) oxides and metallic iron, are shown in the Figure 15.

 

Figure 15. XANES region of the XAS spectra for (i) metal Fe foil; (ii) ferrous oxide, FeO; (iii) magnetite,
Fe3O4; (iv) hematite, Fe2O3; (v) 0La sample after WGS reaction; (vi) 1La sample after WGS reaction.
The pre-edge energies for both samples are close to the energy of magnetite.
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Inspection of the spectral features, in particular, the position of the pre-edge feature and the
position of the main edge suggest that oxidation state of iron in the samples is close to that of magnetite
(+2.66), which is consistent with previous reports on iron oxide catalysts during the WSG reaction [49].
An attempt to fit the XANES spectra of the samples as linear combination of reference spectra was
unsuccessful, which is not uncommon for non-stoichiometric iron oxides. Hence, to establish the
oxidation state of iron in the samples, the approach of Wilke has been applied [50]. In this method,
the position of the pre-edge features is determined for the reference compounds and plotted as a
function of a formal oxidation state (or oxidation state measured independently, e.g., by Mössbauer
spectroscopy, as demonstrated by Wilke et al. [50]) and fitting is used to obtain the chemical state for
the unknown material. Figure 16 shows the position of the pre-edge peaks for all materials plotted
as a function of Fe3+/Fe total. This ratio is zero when the all iron is Fe2+ and 1 when the all iron is
Fe3+. Any number between zero and 1 is a combination of the +2 and +3 oxidation states. From the
interpolation of this data, the Fe oxidation in the used 0La sample is +2.57, while that in 1La is +2.54.

Figure 16. Interpolation of Fe oxidation state in 0La and 1La samples as a combination of Fe3+ and
Fe2+, which is predicted to be around +2.57.

If the correlation in Equation (5) is used to calculate the oxidation state of 1La from that of the
0La, then the predicted value for the oxidation state of Fe in 1La is +2.31 ± 0.07 for an oxidation
state of +2.57 for the 0La. Results obtained from the XANES spectra show the used 1La sample is
slightly more reduced than the used 0La sample, which is consistent with the UV-visible analysis.
However, the UV-visible results suggest a greater difference between the oxidation states of Fe near the
surface, which is not unexpected, considering that XANES detects bulk properties, while UV-visible
spectroscopy is more sensitive to the surface conditions. Cations near the surface tend to be more
reduced (lower oxidation state) than those in the bulk of partially reduced metal oxide catalysts [51].
Given the UV-visible absorbance data, the penetration depth of light with a wavelength of 800 nm
is estimated to be close to 200 μm. Therefore, although the XANES analysis indicates that the bulk
oxidation state of Fe is nearly the same in both samples, they are likely slightly different near the
surface, as suggested by the UV-visible results. As shown in the previous section, if the oxidation
state of Fe near the surface is +2.57 for the 0La sample, then the results from the UV-visible spectra
calibration suggest an oxidation state between +2.24 and +2.38 for the 1La sample with an average of
+2.31. We hypothesize that UV-visible spectroscopy is a more precise technique to use for characterizing
extent of reduction of cations near the surface, as they are more relevant to describe surface kinetics
and catalysis.
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3. Materials and Methods

3.1. Temperature-Programmed Reduction and Oxidation (TPR and TPO)

The catalysts, prepared by co-precipitation as reported elsewhere [10] contain varying amounts of
lanthana at the expense of iron(III) oxide. The five catalysts have (88 − x) wt % Fe2O3, 8 wt % Cr2O3,
4 wt % CuO and x wt % lanthana, where x = 0, 0.5, 1, 2 and 5 and are designated as 0La, 0.5La, 1La,
2La and 5La, respectively. Initially, 40 mg of catalyst were fully oxidized in flowing air (Zero Air,
Airgas, Radnor, PA, USA) at 30 sccm for 60 to 90 min at 450 ◦C and then cooled to room temperature.
The flow rate of air was controlled by a calibrated 100 sccm rotameter (OMEGA Engineering, Norwalk,
CT, USA). TPR’s were performed in 10 mol % H2/Ar (5 sccm of H2 (99.95%, Airgas, Radnor, PA,
USA) and 45 sccm of Ar (99.997%, Airgas, Radnor, PA, USA)) for 3 h and a temperature ramp of
10 ◦C/min from room temperature to 450 ◦C. The flow rates of H2 and Ar were controlled using
calibrated mass flow controllers (Porter Instruments 201, Parker Hannifin Corp., Hatfield, PA, USA).
Hydrogen consumption was quantified via concomitant mass spectrometry (MKS Cirrus 100, MKS
Instruments, Andover, MA, USA). Following the first TPR (TPR 1), the samples were reoxidized (TPO
1) in flowing air at 30 sccm for three hours at a temperature ramp of 10 ◦C/min from room temperature
to 450 ◦C. A similar procedure was followed by a second TPR (TPR 2) to check the cyclic reducibility
of the catalysts. All experiments were performed at atmospheric pressure. Hydrogen consumption
was quantified by integrating the areas under the peaks from the mass spectrometer data relative to a
calibrated baseline. Reactions (6) and (7) were used to quantify the iron reduction due to hydrogen
consumption, corrected by subtracting the calculated amount of hydrogen required to reduce the Cu
and Cr6+ components of the catalysts according to Reactions (8) and (9):

3Fe2O3(s)+H2(g) → 2Fe3O4(s)+H2O(g) (6)

Fe2O3(s)+3H2(g) → 2Fe(s)+3H2O(g) (7)

CuO(s)+H2(g) → Cu(s)+H2O(g) (8)

2CrO3(s)+3H2(g) → Cr2O3(s)+3H2O(g) (9)

3.2. In Situ UV-Visible Experiments

A diffuse reflectance UV-visible spectrophotometer (Varian Cary 4000, Agilent Technologies, Santa
Clara, CA, USA) with a high-temperature reaction chamber (Praying Mantis™ model HVC-VUV-4,
Harrick Scientific Products Inc., Pleasantville, NY, USA) was used. A 40-mg sample of catalyst, sieved
to 100–250 μm agglomerate pellet size, was placed in a cup holder and supported on a quartz frit with
100 μm porosity to allow for uniform flow. The intensity of light collected from the sample surface
was normalized relative to that of a fully oxidized surface of the same sample at room temperature in
the Kubelka-Munk function. The absorbance vs. time data were obtained at 12,500 cm−1 (800 nm),
which was where the most sensitive signal changes were observed during prior scans across the light
spectrum from 12,500 cm−1 to 50,000 cm−1 (200 nm). Subsequent scans collected Kubelka-Munk
absorbance vs. light energy over the 12,500 to 50,000 cm−1 (800 nm to 200 nm with 2 nm per second
steps) spectrum after the temperature cooled to room temperature. Kubelka-Munk values were
calibrated against quantified extents of reduction obtained during simultaneous TPR measurements,
as described in the previous section. Statistical analysis was performed on the parameters of the
calibration using non-linear fitting tools available in R™ programming language (R Development Core
Team, v. 2.13.0) with 1000 points to acquire and plot the 95% confidence regions.

3.3. High-Temperature Water-Gas Shift Reaction

UV-visible scans were collected for reduced samples under high-temperature water-gas shift
conditions at 400 ◦C and atmospheric pressure after different reaction times. The CO/Ar reactant
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mixture (CO (99.995%, Airgas) at 2.1 sccm and Ar at 25 sccm) was saturated with distilled water prior
to entering the UV-visible reaction chamber. The partial pressure of water was assumed to be 3.2 kPa,
which is the water saturation pressure at room temperature.

3.4. Powder X-ray Diffraction (XRD)

Powder X-Ray Diffraction (XRD) analysis (X’Pert Pro PANalaytical with X-Celerator detector,
Malvern Panalytical B.V., Eindhoven, The Netherlands) was performed on used catalyst samples to
determine the major phase of iron oxide in the catalysts post TPR or TPO. The instrument was operated
at 45 kV and 40 mA, using Cu Kα1 radiation and a graphite monochromator. The results were obtained
over the 2θ range of 10◦–90◦ with 1◦ divergence and receiving slits and 400 s per step.

3.5. Energy Dispersive X-ray Spectroscopy (EDS) and Scanning Electron Microscopy (SEM)

An environmental scanning electron microscope (Philips, XL30, Thermo Fischer Scientific FEI,
Hillsboro, OR, USA) was used to determine the elemental compositions in the catalysts and to evaluate
the distribution of the components across the catalyst surface. The scans were taken at 20 keV and
in low-vacuum mode, which did not require coating the non-conductive catalysts with sputtered
gold or palladium. Each scan took 50 s. Scanning electron micrographs (SEM) of the fresh and used
catalysts were also taken using the same microscope at 50× and 400× magnifications with a 20 keV
beam voltage.

3.6. X-ray Absorption Near Edge Structure (XANES)

X-ray absorption spectroscopy (XAS) experiments were performed on the X18A beamline at the
NSLS at Brookhaven National Laboratory (Upton, NY, USA). Beamline X18A is a bending magnet line,
which uses a Si {1 1 1} channel-cut monochromator and a rhodium-coated toroidal focusing mirror to
provide a ~1.0 mm (horizontal) and ~0.5 mm (vertical) spot size with a flux of ~2.5 × 1011 photons/s at
10 keV. After alignment using the spectra obtained from the Fe foil in the reference ion chamber, three
consecutive scans were averaged and recorded simultaneously with those of the sample. Samples and
reference compounds were diluted with boron nitride to achieve an edge jump of ~1 and encapsulated
between two Kapton foil sheets.

4. Conclusions

A thorough study on the extent of reduction of iron-based high-temperature water-gas
shift catalysts using different characterization techniques has been presented in this paper.
Temperature-programmed reduction studies using mass spectrometry showed that 0.5 wt % addition
of lanthana as a promoter to iron-chromium-copper oxide water-gas shift catalysts enhances the
reducibility of the catalysts in terms of both total hydrogen consumption and reduction temperature.
However, further additions of lanthana cause the catalysts to reduce at higher temperatures and to
consume more hydrogen (i.e., over-reduce), possibly due to disruption of the catalytically active Fe3O4

spinel structures by incorporation of the larger La3+. A second temperature-programmed reduction
was performed on each catalyst after they were fully reoxidized to examine the re-reducibility of the
catalysts. The catalyst with the 0.5 wt % lanthana appeared to be the most reducible with only an 8%
decrease in extent of reduction, as opposed to a 35–45% decrease in total hydrogen consumption from
the first reduction experiment for the other catalysts. Analysis via UV-visible spectrometry showed
that the absorbance of light at 800 nm is very sensitive during the reduction processes of these catalysts
due to alterations in the band gaps of the different iron oxide phases and could be calibrated to extent
of reduction as determined during concomitant TPR. Ex situ analysis on the used catalysts also showed
similar trends with the Kubelka-Munk values. The ratio of normalized absorbance correlated to the
ratio of Fe oxidation states acquired from the calibration curve for the used catalysts with 0 wt % and
1 wt % lanthana. This showed that the extent of reduction for the 1 wt % catalyst was 1.1 times lower
than for the 0 wt % catalyst, suggesting that the catalyst with more lanthana reduced to a larger extent
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during water-gas shift treatment than the one with no lanthana, resulting in lower content of the active
Fe3O4 phase due to over-reduction. XANES spectra showed nearly equal extents of reduction (+2.54
for 1La and +2.57 for 0La), suggesting that UV-visible spectroscopy is a highly sensitive tool to analyze
extent of reduction of cations near the surface.
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Abstract: Methane dry reforming (DRM) was investigated over highly active Ni catalysts with low
metal content (2.5 wt %) supported on Mg-Al mixed oxide. The aim was to minimize carbon deposition
and metal sites agglomeration on the working catalyst which are known to cause catalyst deactivation.
The solids were characterized using N2 adsorption, X-ray diffraction, temperature-programmed
reduction, X-ray photoelectron spectroscopy, and UV-Vis diffuse reflectance spectroscopy. The results
showed that MgO-Al2O3 solid solution phases are obtained when calcining Mg-Al hydrotalcite
precursor in the temperature range of 550–800 ◦C. Such phases contribute to the high activity of
catalysts with low Ni content even at low temperature (500 ◦C). Modifying the catalyst preparation
with citric acid significantly slows the coking rate and reduces the size of large octahedrally
coordinated NiO-like domains, which may easily agglomerate on the surface during DRM. The most
effective Ni catalyst shows a stable DRM course over 60 h at high weight hourly space velocity with
very low coke deposition. This is a promising result for considering such catalyst systems for further
development of an industrial DRM technology.

Keywords: dry reforming of methane; carbon dioxide; nickel; MgO-Al2O3 solid solution

1. Introduction

The dry reforming of methane (DRM), which is the strong endothermic reaction of methane with
carbon dioxide to syngas (Equation (1)), has gained increasing interest in recent years:

CH4 + CO2 → 2CO + 2H2 (1)

This reaction cannot only be effectively applied for natural gas conversion into liquid fuels via
the syngas route, but also may contribute to reducing the emission of CO2 and CH4 greenhouse
gases to our atmosphere [1–4]. The syngas from DRM with a low ratio of H2/CO is suitable
for subsequent syntheses of oxygenated chemicals [5] and hydrocarbons via the Fischer-Tropsch
synthesis [6]. However, DRM requires a high reaction temperature [7]. This leads to several catalyst
deactivation processes resulting in catalytic sites’ agglomeration and coke formation [8]. The deposited
carbon is formed during the DRM reaction through CH4 decomposition (Equation (2)) and Boudouard
(Equation (3)) reactions [4,9,10]:
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Catalysts 2017, 7, 157

CH4 → C + 2H2 (2)

2CO → CO2 + C (3)

Therefore, the great challenge for the development of a DRM process is the development of
catalysts with high activity for the conversion of CO2 and CH4 and strong ability in suppressing
the formation of carbon deposits [8]. Ni based catalysts were most frequently reported in DRM
studies due to their high activity, availability, and lower price compared to other transition and noble
metals [11–13]. In those studies, efforts were focused on improving the activity and stability of Ni
active sites in the following aspects: screening and modifying the properties of the support, selecting
the support and catalyst preparation methods, and the addition of promoters [13].

Suitable supports play a key role in the enhancement of catalytic activity and the suppression
of carbon deposition for the DRM reaction [4]. γ-Al2O3 has been widely employed as a support
for DRM catalysts because of its high availability and low price [4,14]. It was also suggested that
an improvement of the support properties for the adsorption and activation of CO2 would accelerate
the gasification of the deposited carbons and prevent the rapid deactivation of the catalyst [13]. In order
to achieve that, certain alkaline-earth metal oxides were incorporated into alumina to increase the
basicity of the support [13]. MgO was reported to improve the catalytic performance of Ni/Al2O3

because of the strong interaction between Ni and the supports and the basic property of the metal
oxide could suppress carbon formation in the dry reforming process [15,16]. The cooperation of
Mg and Al oxides in same support material can result in many structures, such as MgAl2O4 spinel,
which is the well-studied support structure for Ni catalysts in several types of reactions due to its
good chemical stability and mechanical strength [13,17]. Other structures of MgO and Al2O3 mixed
oxides could also serve as supports for DRM catalysts in order to disperse and stabilize the metallic
Ni species and promote the coking resistance behavior [18–20]. However, only a few DRM studies
have focused on low Ni content catalysts with such mixed oxide supports, probably due to the partial
formation of stable but poorly active phases, such as NiAl2O4 spinel or NiO-MgO solid solution [17].
However, Ni catalysts with low metal content are potentially one of the solutions for overcoming the
abovementioned problems of DRM. This is due to higher catalyst stability and lower carbon deposition
achieved by forming highly dispersed and smaller sized Ni particles [21,22].

Chelating agents are molecules with two or more electron-pair donor atoms which can act
as a ligand and attach themselves to metal ions [23]. This causes the formation of metal complexes,
which were also studied to modify the preparation route for supported catalysts using the impregnation
method [23]. In such studies, uniform distribution and high dispersion of the active component over the
support were achieved. Those beneficial properties arise from the diffusion-controlled homogeneous
distribution of metal atoms in the precursor structure as well as the enhanced viscosity of the gel-like
material inhibiting redistribution of the impregnated species during subsequent drying. Citric acid
(CA) is the most common and promising compound among the chelating agents because it is cheap,
highly soluble, and environmentally harmless [24].

The aim of this study is to explore the potential of catalysts with low Ni content, according to
the literature review [8], on Mg-Al mixed oxide supports (Mg-Al) that can be both stable and active
in DRM at high weight hourly space velocity (WHSV). Modifications of the support and catalyst
preparation were investigated to enhance the stability of the catalyst without deteriorating the DRM
activity. Thus, various Ni catalysts with different supports were prepared via modified routes and
tested in a continuous fixed bed reactor. Long-term experiments together with the characterization
of fresh and spent catalysts using various techniques, including inductively coupled plasma-optical
emission spectroscopy and atomic adsorption spectroscopy (ICP-OES resp. AAS), N2 physisorption,
X-ray powder diffraction (XRD), X-ray photoelectron spectroscopy (XPS), Temperature-programmed
reduction (TPR), and UV-Vis diffuse reflectance spectroscopy (UV-Vis-DRS), indicated important
attributes that contribute to catalyst activity and stability.
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2. Results

2.1. Characterization of the Catalysts

First of all, the crystalline structures of the supports and catalysts can be revealed by X-ray
diffraction. Figure 1 depicts the XRD patterns of MgO·Al2O3 mixed oxides (denoted as Mg.Al.X with X
indicating the calcination temperature) obtained from hydrotalcite material with different calcination
temperatures (550, 700, 800, 1000 ◦C). The patterns of MgO and Al.550 (boehmite calcined at 550 ◦C)
are also displayed as references. When hydrotalcite samples are calcined at temperatures between
550 ◦C and 800 ◦C, the XRD patterns of the resulting Mg.Al.X samples show broad reflections at about
2θ = 43◦ and 63◦ which have 2θ values higher than those of periclase (cubic form of magnesium oxide,
ICDD (International Centre for Diffraction Data) file No. 01-071-1176) but lower than those of γ-Al2O3

(ICDD file No. 00-010-0425). The patterns of periclase and γ-Al2O3 structures are clearly observed in
MgO and Al.550 samples, respectively. This highlights the incorporation of smaller Al3+ cations into
the bulk of the periclase (MgO) structure lattice, establishing a solid solution between MgO and Al2O3

(Mg-Al-O) [25,26]. A higher calcination temperature modifies such an incorporation which can be
observed as a shift of reflections to lower 2θ values. Up to 800 ◦C, the pattern of such a solid solution
is still observable. Besides, Mg.Al.700 and Mg.Al.800 show reflections (2θ = 31.3◦; 37◦; 45◦; 55.5◦; 59◦;
65◦) assigned to the formation of the MgAl2O4 phase (ICDD file No. 00-021-1152) at higher calcination
temperatures [27]. At 1000 ◦C, no reflection of the solid solution can be observed while peaks assigned
to periclase MgO and MgAl2O4 phases are sharp and characteristic, indicating the high crystallinity of
those phases. Those results are in accordance with other studies [25,28,29] focusing on the thermal
decomposition behavior of hydrotalcite, producing Mg-Al oxides and mixed oxides in solid solution
or spinel structures, particularly when a low heating rate was applied.

 

Figure 1. XRD patterns of the MgO, γ-Al2O3, and Mg.Al supports.

The XRD patterns of impregnated low content Ni samples (not shown) show no significant
differences from those of their corresponding supports. This reflects the formation of well-dispersed
Ni2+ species leading to very small Ni particles that were not detected by the XRD measurements [30,31].
This might be also due to Ni diffusion into the bulk of the supports, especially when a high calcination
temperature was applied during the preparation [31].

The XRD patterns of spent Ni catalysts are presented in Figure 2. Ni metal species (Ni0), which are
the result of the pre-reduction process before DRM, can be detected with reflections at 2θ = 44.5◦

and 51.8◦ (ICDD file No. 01-071-3740). Spent Ni/Al.550 (Figure 2b) shows a pattern with additional
reflections at the mentioned 2θ values compared to the fresh one. This is assigned to the formation of
highly crystalline Ni0 domains due to agglomeration during the reaction. On the other hand, the XRD
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pattern of spent Ni/Mg.Al.550 (Figure 2a) displays a similar profile as the fresh sample, proving the
stability of the material during the reaction. This result is probably due to the incorporation of Ni
into the solid solution or/and the MgAl2O4 spinel framework since such stable phases prevent the
structural transformation at the high reaction temperature [17,18,21].

 

Figure 2. XRD patterns of fresh and spent samples of Ni supported (a) on Mg.Al.550 and (b) on Al2O3

(DRM (dry reforming of methane) conditions: 700 ◦C, 1 bar, CH4:CO2 = 1, WHSV (weight hourly space
velocity) = 85 L/(gcat × h), TOS (time-on stream) = 8 h).

The N2 adsorption-desorption isotherms together with the BJH (Barrett-Joyner-Halenda) pore size
distributions (PSD) of the Mg.Al.550.800 support and corresponding Ni catalysts are shown in Figures 3
and 4, respectively. All isotherms exhibit type II curves with H3 type hysteresis loops according to
the IUPAC (International Union of Pure and Applied Chemistry) classification, which reflects the
contribution of the mesopores in the materials.

 
Figure 3. N2 physisorption isotherms of fresh catalysts and their support Mg.Al.550.800.

Regarding the pore size distribution (Figure 4), both the Ni samples show a shift toward higher
pore diameter compared to their support. This feature most likely indicates the re-structuring of the
support material in the impregnation step. However, in both cases, no limitation by internal diffusion
is expected for the feed molecules, which are small compared to the size of the pores.
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Figure 4. Pore size distribution of fresh catalysts and their support Mg.Al.550.800.

The textural parameters of the calcined Ni samples and the supports are summarized in Table 1.

Table 1. Textural properties of calcined catalysts and their supports.

Catalyst SBET (m2/g) Total Pore Volume (cm3/g)

Mg.Al.550 180 0.24
Mg.Al.550.800 1 147 0.24

Mg.Al.1000 85 0.37
Al.550 234 0.54
MgO 50 0.35

Ni/Mg.Al.550 174 0.40
Ni/Mg.Al.550.CA 2 156 0.27

Ni/Mg.Al.1000 82 0.36
Ni/Al.550 178 0.47
Ni/MgO 45 0.33

1 Mg.Al.550 calcined again at 800 ◦C; 2 Citric acid was used during impregnation.

While all bare supports were calcined once at 550 ◦C and the resulting catalysts at 800 ◦C,
one particular sample denoted as Mg.Al.550.800 was calcined at 550 and 800 ◦C as a reference support
without impregnation.

Support Al.550 displays the highest surface area and pore volume among the studied supports.
However, Ni/Mg.Al.550 and Ni/Al.550 show similar texture parameters. Both Ni/Mg.Al.550 and
Ni/Mg.Al.550.CA expose larger surface areas than their corresponding support (Mg.Al.550.800) which
might be explained by the mentioned re-structuring of the support surface due to the dissolution
of alumina and magnesia into the acidic solution (containing Ni2+ and/or citric acid) during the
impregnation step [30]. Ni/Mg.Al.1000 possesses relatively low surface area because its support
was calcined at high temperature. Ni/Al.550 and Ni/MgO show textural parameters which are in
agreement with their supports’ attributes.

The reducibility of the materials was examined by TPR measurements. It should be noted that
Ni2+ species are the predominant reducible ones in those samples. The TPR profile of the unsupported
NiO sample as the reference is exhibited in Figure 5 with an intense peak at 350 ◦C, illustrating the
bulk NiO reduction. Generally, all studied supported Ni samples display poor reducibility, possibly
due to their low Ni loading and high sample calcination temperature. Those effects might cause
strong interaction of Ni2+ and the support, suppressing free NiO that can otherwise easily react with
hydrogen [32,33]. On Al2O3, the Ni2+ species show high-temperature reduction peaks at 700 ◦C and
the reduction is incomplete below 1000 ◦C (Figure 5). This behavior is typical for the reduction of
nickel aluminate species. The mentioned samples were prepared at high calcination temperature
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(800 ◦C) and low Ni content (2.5 wt %), leading to unavoidable poor reducibility due to the diffusion
of Ni2+ into the Al2O3 lattice, suppressing the formation of bulk NiO species [34]. The TPR profile of
Ni/MgO discloses peaks at somewhat lower temperatures mainly assigned to the reduction of Ni2+

species in the outer face or subsurface layers of the MgO lattice. The remaining shoulder at higher
temperature of the profile is related to the reduction of the species in solid solution, resulting from the
diffusion of Ni2+ species into the periclase lattice due to high calcination temperature (800 ◦C) [32].
Ni/Mg.Al.550 shows a broad peak starting at 600 ◦C, reflecting the reduction of Ni2+ species mainly
in the solid solution [35] and/or in the spinel structure when Ni is embedded in Mg and Al mixed
oxides prepared from the hydrotalcite precursor [36]. The reducibility of that sample is slightly better
than that for Ni/MgO or Ni/Al.550. Indeed, Ni/Mg.Al.550 displays a weak band at 500 ◦C in its TPR
profile, attributed to the reduction of NiO species formed on the surface that have weak interaction
with the support [37]. Additionally, it shows higher H2 consumption than the single oxide supported
samples (Table 2). This is similar to literature reports [20] concluding that the availability of Mg in
Ni-Al containing samples facilitates the solid solution formation and stabilizes the Ni species on the
surface. This benefit avoids the Ni diffusion into the alumina lattice, and therefore suppresses the
formation of the poorly reducible NiAl2O4 spinel structure.

Figure 5. TPR (temperature-programmed reduction) profiles of several supported Ni catalysts and NiO.

In comparison to Ni/Mg.Al.550, both Ni/Mg.Al.550.CA and Ni/Mg.Al.1000 show a shift in
reduction peak maxima in their TPR profiles to higher temperature (900 ◦C) (Figure 5). Besides,
they consume less hydrogen in the TPR experiment (Table 2), illustrating the formation of poorly
reducible Ni2+ species that have higher interaction with the support frameworks [35,38].

Table 2. H2 consumption in TPR for the catalysts.

Sample H2 Consumption (μmol/g)

Ni/Al.550 397
Ni/MgO 181

Ni/Mg.Al.550 480
Ni/Mg.Al.1000 404

Ni/Mg.Al.550.CA 437

XPS measurements were carried out to characterize the surface composition of the materials.
The binding energy (BE) values were also measured to verify the oxidation states of the atoms as
well as their chemical and physical environments. All of the samples show binding energies (BE)
corresponding to the Ni 2p3/2 region within the range around 855–857 eV (Table 3) [39]. Those are
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slightly higher than the values for free NiO (854.5 eV) [39,40] and close to that observed for Ni2O3

(856 eV) [35,39], NiAl2O4 (856 eV) [35,39], NiO-MgO solution (855.7 eV [40] or 856 eV [41]), and solid
solution Mg(Ni.Al)O (855.5 eV) [35].

Table 3. XPS (X-ray photoelectron spectroscopy) and ICP-AES (Inductively coupled plasma atomic
emission spectroscopy) results for the catalysts.

Sample
Binding Energy (eV) Surface Molar Ratio 1 Bulk Molar Ratio 2

Ni 2p3/2 Ni/(Mg + Al) Mg/Al Ni/(Mg + Al) Mg/Al

Ni/Al.550 855.5 0.029 - 0.022 0
Ni/MgO - 3 - 3 - 3 0.017 -

Ni/Mg.Al.550 856.9 0.063 0.4 0.019 1.3
Ni/Mg.Al.1000 856.1 0.057 0.3 0.019 1.3

Ni/Mg.Al.550.CA 855.2 0.071 1.6 0.019 1.3
Mg.Al.550 - - 1.2 - 1.3

Mg.Al.550.800 - - 1.1 - 1.3
Mg.Al.1000 - - 1.5 - 1.3

1 XPS results; 2 ICP results; 3 Ni content is below the XPS detection limit.

In any case, it could be suggested that the transfer of electrons from nickel to electron-poor
magnesium and/or aluminum species in the structure causes the BE to shift to a higher value than
that of free NiO [35]. Those results indicate a strong interaction of Ni with the supports, as seen in the
TPR results, lowering their reducibility compared to pure NiO (Figure 5).

Regarding the Mg/Al surface ratio (Table 3) of samples with the Mg.Al support, there are
differences between the Ni catalysts and their corresponding supports, suggesting the mentioned
alumina and magnesia dissolution and re-dispersion of the surface components after preparation
in some cases. On one side, impregnating Ni2+ onto the support in the presence of CA slightly
increases the Mg/Al ratio from 1.1 to 1.6, but still maintains the Mg-rich surface. On the other
hand, Ni/Mg.Al.550 and Ni/Mg.Al.1000 show Al-rich surfaces. Those observations are not fully
understood, but are probably due to the Mg and Al leaching rate and re-dispersion in different
precursor solutions during catalyst preparation. However, the surface Ni concentrations of those
samples are still comparable.

Comparison of the surface Ni/(Mg + Al) ratio (from XPS) and bulk composition (from ICP)
(Table 3) highlights the preferred location of Ni in different supports. Regarding the reference
samples, Ni/MgO exposes almost no Ni on the surface and Ni/Al.550 shows a slightly higher surface
Ni/(Mg + Al) ratio (0.029) compared to the bulk values (0.022). On the other hand, Ni/Mg.Al.550,
Ni/Mg.Al.1000, and Ni/Mg.Al.550.CA expose Ni on the surface with significantly higher atom ratios
(0.063, 0.057, and 0.071) compared to their bulk values (0.017–0.019). These data reflect the ability of
Mg.Al supports to augment active Ni species on the outer shell of materials. Such an effect contributes
to the higher reducibility of the Mg.Al supported samples compared to Ni/MgO and Ni/Al.550, as
shown in the TPR profiles (Figure 5). Increasing the support calcination temperature from 550 to
1000 ◦C produces samples with less Ni2+ domains on the surface available for reduction [38]. As a result,
Ni/Mg.Al.1000 provides poorer reducibility compared to Ni/Mg.Al.550 (Figure 5). This illustrates the
ability of the Mg.Al.550 support with Mg-Al-O solid solution domains to enrich the surface Ni species
and thus to enhance sample reducibility.

Introduction of CA during preparation increases the fraction of surface Ni2+ species. However,
the reducibility of Ni/Mg.Al.550.CA as mentioned is not as high as that of Ni/Mg.Al.550 (Figure 5).
The sample shows a sharp and symmetric reduction peak with a maximum temperature around
900 ◦C. These observations suggest that the low reducibility of Ni/Mg.Al.550.CA is primarily due to
the higher dispersion of Ni species on the support surface [23], leading to a strong interaction with the
Mg.Al material.
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The coordination of the nickel (mostly Ni2+) species in the samples was examined by UV-Vis-DRS
(Diffuse reflection spectroscopy). This technique is helpful for the identification of the nickel phases.
No absorption can be seen in the support samples (not shown), suggesting that only Ni2+ species
are sensitive at the chosen analysis conditions. The UV-Vis-DRS spectra of the Ni impregnated
samples on different supports are shown in Figure 6. Those spectra show intense signals in the UV
region of 250–350 nm, which relate to the O2− → Ni2+ charge transfer (CT) in the octahedral NiO
lattice [42]. NiO shows strong absorption over the whole mentioned range which can be assigned to
nonstoichiometric NiO containing some Ni3+ domains [42]. Mg.Al supported samples show shoulders
in the range of 250–350 nm which cannot be found in the spectra of Ni/MgO and Ni/Al.550, suggesting
weaker interaction of Ni species with the Mg.Al supports [30]. In comparison to Ni/Mg.Al.550.CA
and Ni/Mg.Al.1000, a red-shift of the CT band of NiO is observed for Ni/Mg.Al.550, which points to
the weakest interaction of Ni species and support among the studied samples. This explains the TPR
results, which proved that Ni/Mg.Al.550.CA and Ni/Mg.Al.1000 have lower reducibility compared to
Ni/Mg.Al.550 (Figure 5).

Figure 6. UV-Vis-DRS spectra of supported Ni catalysts and NiO.

A magnification of the UV-Vis-DRS spectra in the visible region (350–800 nm) of the mentioned
samples can be seen in Figure 7. The signals in this region represent d-d transitions of Ni2+ ions mainly
in octahedral (Oh) and tetrahedral coordination (Td) [43]. Pure NiO presents intense signals at 380, 420,
and 720 nm which illustrate the Ni2+ (Oh) in the cubic (rock-salt) NiO lattice [44]. Ni/Al.550, on the
other hand, shows a doublet signal at 600–650 nm which is related to the Ni2+ (Td) species in the nickel
aluminate spinel lattice [44,45]. Besides, small absorption bands at 380 nm can be assigned to Ni2+

(Oh) in the NiAl2O4 spinel [46]. Ni/MgO displays a spectrum similar to that of the pure NiO sample.
It shows an intense signal at 410 nm and a wide band at 650–800 nm which suggests a majority of Ni2+

(Oh) species. Those bands belong to the solid solution of Ni and Mg when Ni species migrate into the
MgO parent lattice, which has a cubic rock-salt structure as well [47]. The absence of intense signals
at 380 nm and 720 nm is probably due to the lack of bulk NiO in Ni/MgO [46]. This suggestion is
supported by the XRD pattern of Ni/MgO (not shown), in which no crystalline structure other than
periclase MgO can be seen. Indeed, the low content of Ni in the sample and the strong interaction
between NiO and MgO results in the high dispersion of Ni species, thus suppressing the agglomeration
of NiO in the calcination process. Ni/Mg.Al.550 shows a wide band from 380 nm to 410 nm with the
highest intensity at around 400 nm, which is located between the corresponding signals of Ni/MgO
and Ni/Al.550. This reveals the formation of octahedral coordination of the Ni domains which diffuse
into the support framework of the solid solution Mg-Al-O. This kind of structure containing the three
elements was also discussed in other studies [29,48] in which Ni2+ and Al3+ were substituted for the
Mg2+ site in the parent MgO (periclase) structure (denoted as Mg(Ni,Al)O). Furthermore, it should
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be noted that the presence of Ni2+ (Oh) in the NiAl2O4 spinel can be stated for the Ni/Mg.Al.550
sample. In [30], the authors claimed the formation of Ni2+ (Oh) species in NiAl2O4-like “surface
spinel”, identified by bands in the range of 405–410 nm. These surface spinel species were suggested
to more likely exist in the samples with higher nickel content on the surface, similar to the surface
features revealed by XPS in this study (Table 3). Briefly, Ni2+ (Oh) species are formed in both types
of structures but the individual species are hard to identify and localize because of their overlapping
absorption ranges in the UV-Vis-DRS spectra.

No significant difference between the spectra of Ni/Mg.Al.550.CA and Ni/Mg.Al.550 in the range
of 350–800 nm can be found. However, the intensity of the broad signal at 720 nm in the spectrum
of Ni/Mg.Al.550.CA (Figure 7b) is lower than that of Ni/Mg.Al.550, indicating less Ni2+ species in
the domains of bulk NiO-like species which are reducible at low temperature (475 ◦C, Ni/Mg.Al.550,
Figure 5). This suggests that higher dispersion of Ni species can be obtained when CA is added during
the preparation. Compared to Ni/Mg.Al.550, a red-shift of the band at around 403 nm can be seen in
the Ni/Mg.Al.1000 spectrum (Figure 7b). This shift toward the position of the corresponding intense
signal of Ni/MgO illustrates the behavior of the NiO-MgO solid solution. Such a phase formation
might be in accordance with the blue-shift of the CT band of the NiO lattice in this sample, displaying
the higher stability of the Ni species (Figure 6).

(a) (b) 

Figure 7. Magnification of complete UV-Vis-DRS spectrum (Figure 6) for supported Ni catalysts and
NiO to (a) 300-800 nm and (b) from 450–800 nm regions.

2.2. Catalyst Performance in the DRM Reaction

Blank tests were carried out in the absence of catalysts or only with the supports in the inert
material bed (not shown). No conversion of the feed gases was observed at the favored conditions.
Figure 8 shows the CH4 and CO2 conversions in DRM during 8 h on stream over the supported
Ni catalysts at 650 ◦C with various supports. The reaction conditions (650 ◦C, 1 bar, CH4:CO2 = 1,
WHSV = 85 L/(gcat × h)) were chosen to differentiate the activity of the catalysts. Higher activity
can be obtained with Mg.Al supported Ni catalysts compared to the single oxide supported samples.
Addition of CA during preparation plays a minor role regarding the activity. In contrast, supporting
Ni2+ on Mg.Al.1000 causes a deterioration of conversion compared to Ni/Mg.Al.550. The latter
catalyst exposed the highest activity with the conversions of CH4 and CO2 being very close to the
thermodynamic limitations for CH4 (71%) and CO2 (82%) [49].

In order to verify such high activity of Ni/Mg.Al.550, additional DRM tests at lower temperature
with the same WHSV were investigated. Figure 9 shows the excellent performance of Ni/Mg.Al.550
in comparison with the thermodynamic limitations [49]. The catalyst activates CH4 and CO2 already
around 500 ◦C. It should be noted that DRM requires high temperatures to convert the reactants to
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syngas. According to the literature, the reaction starts at 350 ◦C, referred to by the thermodynamic
calculations [49,50]. Moreover, remarkable conversions of methane and CO2 were observed only
above 500 ◦C [13]. Some studies claimed the catalysts to be active in DRM at very low temperature
(400 ◦C [51] or 450 ◦C [50]). However, in those studies more beneficial conditions for high catalytic
activity compared to this study were applied (lower WHSV, higher content of active sites, or usage of
noble metals). Therefore, the activity of Ni/Mg.Al.550 in this study is outstanding at low temperature
considering its low Ni content and the high WHSV (85 L/(gcat × h)) in comparison with other
investigations [3,8,52]. Figure 9 displays the effect of temperature on the H2/CO ratio. This ratio is
always lower than unity at any set reaction temperature, which indicates the occurrence of the reverse
water gas shift (RWGS) reaction, lowering H2 selectivity through the reaction with CO2 to form CO and
H2O [1]. This reaction plays a more important role at lower temperature due to the thermodynamic
equilibrium [1].

 

Figure 8. DRM performance of supported Ni catalysts: conversion of (a) CH4 and (b) CO2 (650 ◦C,
1 bar, CH4:CO2 = 1, WHSV = 85 L/(gcat × h), TOS = 8 h).

Figure 9. Catalytic performance of Ni/Mg.Al.550 in comparison with the thermodynamic balance
(TDB) (1 bar, CH4:CO2 = 1, WHSV = 85 L/(gcat × h)). Activity data were collected after 2 h stabilization
at each temperature.

The coke deposition behavior in DRM was examined for the Ni catalysts by analyzing the carbon
content in the catalysts after 8 h on stream (Figure 10). According to a previous DRM review [49],
carbon formation occurs due to methane decomposition (MD) above 550 ◦C as well as the Boudouard
(BD) reaction below 700 ◦C. Therefore, the reaction temperature in this study was set to 600 ◦C to study
the coking behavior, which is one of the DRM main issues. Carbon deposition during DRM is known
to cause catalyst deactivation and reactor plugging [53]. High WHSV (170 L/(gcat × h)) was applied
to clearly discriminate the coking resistance among the catalysts. Longer catalyst pre-reduction time
(1.5 h) was applied in order to avoid the instant deactivation due to re-oxidation of Ni at a high flowrate
of CO2. The carbon amount found on spent Ni/Mg.Al.550 is higher than that of Ni/Mg.Al.1000 and
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Ni/Al.550 (Figure 10). Those amounts appear to be proportional to the conversions in DRM (Figure 8).
The addition of CA during the preparation significantly contributes to designing a coking resistant
catalyst. Indeed, the carbon amount on Ni/Mg.Al.550.CA is almost 8 times lower than that on
Ni/Mg.Al.550 at the same reaction conditions and with similar activity. After 8 h on stream, the carbon
content is as low as 0.77 wt % of the sample mass, which is in the range of carbonaceous remainders
from the hydrotalcite precursor after calcination. This indicates the high coking resistance of the
sample, which is a remarkable result compared to previous research [17,54], especially considering the
Ni, Al, and Mg containing catalyst systems.

Figure 10. Carbon deposition on spent catalysts after DRM (600 ◦C, 1 bar, CH4:CO2 = 1,
WHSV = 170 L/(gcat × h), TOS = 8 h). All the catalysts were in situ pre-reduced for 1.5 h prior to
the reaction. 1 Carbon deposition on spent Ni/Mg.Al.550.CA after long term DRM (T = 700 ◦C,
p = 1 bar, CH4:CO2 = 1, WHSV = 170 L/(gcat × h), TOS = 60 h).

Long-term DRM was also carried out with Ni/Mg.Al.550.CA (Figure 11). The reaction was
implemented at a considerably high WHSV of 170 L/(gcat × h) compared to the literature data [6].
The conversions of CH4 and CO2 are very close to the thermodynamic limitations for CH4 (82%) and
CO2 (86%) [49]. The catalytic performance is almost unchanged after 60 h on-stream, representing
high stability of the catalyst in the reaction. At any TOS, the CO2 conversion is about 8% higher than
the CH4 conversion, illustrating the contribution of the RWGS reaction. The CO selectivity achieves
a constant value around 100% (not shown) which is consistent with negligible carbon deposition
(<1 wt %) measured after the reaction (Figure 10).

 

Figure 11. Catalytic performance of Ni/Mg.Al.550.CA in long-term DRM (T = 700 ◦C, p = 1 bar,
CH4:CO2 = 1, WHSV = 170 L/(gcat × h)).
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3. Discussion

3.1. Activity of Mg.Al Supported Catalysts

Mg.Al supported catalysts show higher activity compared to single oxide supported samples.
This is related mainly to their excellent reducibility and Ni enriched surface. This behavior has been
also studied elsewhere [20,55], reporting that the coexistence of both Mg and Al in the supports reduces
the formation of inactive species (NiO-MgO solid solution, NiAl2O4 spinel), stabilizes the Ni species
on the surface, and subsequently enhances the DRM performance.

Ni/Mg.Al.550 is the most active catalyst for DRM among the studied samples because it possesses
a high surface concentration of Ni in combination with the large surface of the support, forming species
that are well reduced by H2. Those active sites are proposed to be Ni2+ (Oh) in cooperation with the
solid solution of MgO and Al2O3 (periclase structure) or surface NiAl2O4. Such phases are formed
and stabilized at high calcination temperature (800 ◦C), but are still active at high WHSV and low
temperature conditions even with low loading of Ni. The modification of such samples by using more
severely calcined Mg.Al.1000 or adding CA during impregnation causes poorer reducibility and thus
lower CH4 and CO2 conversions.

3.2. Coking Resistance and Stability of Mg.Al Supported Catalysts

It is well-known that coking during DRM is related to the large metal particles [4,56]. This is
the result of the metal mobility on the surface and the subsequent agglomeration leading to less
dispersed particles or clusters [49]. Ni/Mg.Al.550 presents the highest carbon deposition after 8 h on
stream (Figure 10). However, the conversion is almost the same, the H2/CO ratio is constant at 0.78,
and the CO selectivity is almost 100% over the complete TOS. Therefore, such carbon deposition can
be considered as negligible for catalyst performance. This high coking resistance can also be correlated
to the low Ni content and high surface area of the support, by which both the metal and carbon species
can be highly dispersed. Such dispersion results in less formation of big Ni particles and lower pore
plugging by coke deposition, suppressing fast catalyst deactivation [53].

Ni/Mg.Al.550.CA shows the lowest carbon deposit amount after 8 h and even after 60 h, which is
likely to be due to the stable dispersion of Ni species on the support surface. It was suggested above
that the Ni/Mg.Al.550.CA sample has a stronger metal-support interaction and less NiO-like domains
on the surface, contributing to a better coking resistance of the sample. This strong interaction also
contributes to maintaining the catalyst performance in the long-term DRM experiment (Figure 11),
by preventing Ni agglomeration and the loss of active sites.

There is another possible explanation for the coke resistance of Ni/Mg.Al.550.CA when comparing
the Ni 3p3/2 BE in the XPS results. The BE values, which are recorded at 856.91 eV and 855.18 eV
(Table 3, Figure 12), are assigned to the surface NiAl2O4 in the Ni/Mg.Al.550 sample and the Ni-Mg-O
solid solution in Ni/Mg.Al.550.CA.

Additionally, the surface atom Mg/Al ratio of Ni/Mg.Al.550 (Table 3) exposes an excess amount of
Al species on the surface, also suggesting surface NiAl2O4 formation in Ni/Mg.Al.550 [38]. In contrast,
the surface Mg concentration is highest in Ni/Mg.Al.550.CA, revealing the possibility of preferable
Ni-Mg interactions on the surface. Our current explanation is that most of the Ni species on the surface
of Ni/Mg.Al.550.CA might interact with Mg in the support, providing an effective carbon gasification
by CO2 (reverse Boudouard reaction) and thus coke deposition is suppressed [20], especially at high
reaction temperatures (Figure 10). Therefore, Ni/Mg.Al.500.CA may show two beneficial effects that
help to suppress coking during DRM: one correlates with the stable physicochemical properties and
the other associates with the carbon gasification behavior.
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Figure 12. Ni 2p3/2 XPS spectra of Ni/Mg.Al.550 and Ni/Mg.Al.550.CA (coloured lines: deconvoluted
signals; blue = Ni 2p3/2 and Ni 2p1/2, magenta = corresponding satellite signals, green = averaged
raw data).

4. Materials and Methods

4.1. Catalyst Preparation

Mg-Al mixed oxide (calcined Mg-Al hydrotalcite, Pural MG, Sasol) supported Ni catalysts were
prepared by wet impregnation. Ni(NO3)2·6H2O (Carl Roth, Karlsruhe, Germany) was used as the
precursor for Ni. The Mg-Al hydrotalcite precursor possesses an Mg/Al ratio = 1.3 (data from
ICP-OES and AAS measurement). Prior to impregnation, the precursor samples were calcined at
different temperatures (550 ◦C, 700 ◦C, 800 ◦C, 1000 ◦C) for 6 h in air to obtain the corresponding bare
supports which are denoted as Mg.Al.X, in which X represents the support calcination temperature.
The calculated amount of Ni precursor was dissolved in deionized water and the solution was stirred
for 4 h. The supports were then put into the solution and the slurry was kept stirring at 60 ◦C for 15 h.
Water was removed by a rotary evaporator and the samples were dried overnight and calcined at
400 ◦C for 3 h and then at 800 ◦C for 6 h, both in air. The final catalysts are symbolized as Ni/Mg.Al.X.
Citric acid (CA) was added simultaneously to the Ni precursor solution in the case of Ni/Mg.Al.550.CA
preparation to study the influence of the chelating agent on impregnation. The nominal content of
Ni in all supported Ni-containing catalysts was 2.5 wt %. Other materials were used as reference
materials; those are MgO (FLUKA) and Al2O3 (boehmite calcined at 550 ◦C, Pural SB, Sasol) as well as
their corresponding 2.5 wt % Ni samples (Ni/MgO and Ni/Al.550). One Mg-Al hydrotalcite sample
was calcined first at 550 ◦C for 6 h and then at 800 ◦C for 6 h to obtain a material that provides
properties similar to the support of Ni/Mg.Al.550.CA and Ni/Mg.Al.550, because those catalysts were
calcined at 800 ◦C. That material is denoted as Mg.Al.550.800. Pure NiO was prepared by calcining
Ni(NO3)2·6H2O (Alfa Aesar) at 800 ◦C.

4.2. Catalyst Characterization

The metal (Ni, Mg, Al) contents of the samples were determined by inductively coupled
plasma-optical emission spectroscopy (ICP-OES) using a 715-ES device (Varian, Inc., Palo Alto, CA,
USA) and atomic adsorption spectroscopy (AAS) using an Analyst 300 apparatus (PerkinElmer, Inc.,
Waltham, MA, USA), respectively. The carbon deposition on spent catalysts was analyzed using
a Truespace CHNS analyzer (LECO Corporation, Saint Joseph, MI, USA). After the reaction, the reactor
was cooled to room temperature under Ar flow. Then the spent catalysts were separated from the inert
material by sieving and transferred to the CHNS device.
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The nitrogen physisorption method was used to calculate the specific surface area and pore
volume distribution according to the BET theory and BJH calculation, respectively. The measurements
were performed on a Micromeritics ASAP 2010 apparatus (Micromeritics GmbH, Aachen, Germany)
at −196 ◦C. The samples were degassed at 200 ◦C in vacuum for 4 h before the analysis.

The XRD powder patterns were recorded either on a Panalytical X’Pert diffractometer (Almelo,
The Netherlands) equipped with a X’celerator detector or on a Panalytical Empyrean diffractometer
(Almelo, The Netherlands) equipped with a PIXcel 3D detector system using Cu Kα1/α2 radiation
(40 kV, 40 mA) in both cases. Cu beta-radiation was excluded by using a nickel filter foil. The Cu
K alpha2 radiation contribution was removed arithmetically using the Panalytical HighScore Plus
software package (V. 3.0e, Panalytical, Almelo, The Netherlands). The peak positions and profile were
fitted with the Pseudo-Voigt function using the WinXPow software package (V3.0.2, Stoe, Darmstadt,
Germany). Phase identification was done by using the PDF-2 database of the International Center of
Diffraction Data (ICDD).

XPS measurements were carried out with a VG ESCALAB 220iXL instrument (Thermo Fisher
Scientific, Inc., Waltham, MA, USA) with monochromatic AlKα radiation (E = 1486.68 eV). The peak
areas were determined after background subtraction and fitting with Gaussian-Lorentzian curves.
The amount of each component in the near-surface region can be calculated based on these peak areas
with division by the element-specific Scofield factor and the transmission function of the spectrometer.

For the H2-TPR experiments, the measurement was done using a Autochem II 2920 instrument
(Micromeritics, Aachen, Germany). A 300 mg sample was loaded into a U-shaped quartz reactor and
heated from room temperature (RT) to 400 ◦C at 20 K/min in 5% O2/He (50 mL/min) for 30 min at
400 ◦C, and was then cooled to RT and the sample was flushed with Ar. The TPR run was carried out
from RT to 1000 ◦C in a 5% H2/Ar flow (50 mL/min) with a heating rate of 10 K/min and was then
held at the final temperature for 30 min before being cooled to RT. The hydrogen consumption peaks,
indicating the reduction, were recorded using a TCD detector. The amount of hydrogen consumed
was calculated based on the peak areas.

UV-Vis-DR spectra were measured over the wavelength range of 200–800 nm using a Cary
5000 spectrometer (Agilent Technologies, Petaling Jaya, Malaysia) equipped with a diffuse reflectance
accessory (praying mantis, Harrick). In normal experiments, BaSO4 is used as a reference white
standard and dilute material for pure NiO measurement because of its high Ni content.

4.3. Catalytic Tests

DRM was carried out in a fixed bed continuous flow quartz reactor (ambient pressure, WHSV = 85
or 170 L/(gcat × h); T = 500–700 ◦C). All volumetric flow rates given in this study are related to 25 ◦C
and atmospheric pressure. After in situ pre-reduction in H2 (700 ◦C, 100% H2, 50 mL/min) for
1 h (used in the activity and stability tests) or 1.5 h (used for the coking test), the temperature
was adjusted and maintained for 8 or 72 h and the reactant mixture (45 vol % CH4, 45 vol %
CO2, 10 vol % He) was fed to the reactor. Helium was used as the internal standard for volume
change estimation in the reaction. The gas compositions were then analyzed by an on-line Agilent
6890 gas chromatograph (Agilent Technologies, Santa Clara, CA, USA) equipped with a flame
ionization detector (HP Plot Q capillary, 15 m × 0.53 mm × 40 μm) and a thermal conductivity detector
(Carboxene packed, 4.572 m × 3.175 mm) for the analysis of hydrocarbons and permanent gases,
respectively. Pure components were used as references for peak identification and calibration.
Carbon balances were calculated from the gas products reaching more than 95% in this work.
Conversions (X) and the H2/CO ratio were calculated using the formulas given below:

XCH4 (%) =
moles of converted CH4×100%

moles of CH4 in feed
(4)

XCO2 (%) =
moles of CO2 converted×100%

moles of CO2 in feed
(5)
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H2/CO ratio =
moles of H2 produced
moles of CO produced

(6)
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Abstract: Due to the ongoing change of energy supply, the availability of a reliable high-capacity
storage technology becomes increasingly important. While conventional large-scale facilities are
either limited in capacity respective supply time or their extension potential is little (e.g., pumped
storage power stations), decentralized units could contribute to energy transition. The concepts of
PtX (power-to-X) storage technologies and in particular PtG (power-to-gas) aim at fixation of electric
power in chemical compounds. CO2 hydrogenation (methanation) is the foundation of the PtG idea
as H2 (via electrolysis) and CO2 are easily accessible. Methane produced in this way, often called
substitute natural gas (SNG), is a promising solution since it can be stored in the existing gas grid,
tanks or underground cavern storages. Methanation is characterized by a strong exothermic heat
of reaction which has to be handled safely. This work aims at getting rid of extreme temperature
hot-spots in a tube reactor by configuring the catalyst bed structure. Proof of concept studies began
with a small tube reactor (V = 12.5 cm3) with a commercial 18 wt % Ni/Al2O3 catalyst. Later,
a double-jacket tube reactor was built (V = 452 cm3), reaching a production rate of 50 L/h SNG.
The proposed approach not only improves the heat management and process safety, but also increases
the specific productivity and stability of the catalyst remarkably.

Keywords: methanation; PtG; SNG; Ni/Al2O3

1. Introduction

Growing energy consumption and the political target to reduce total CO2 emissions led to a boom
of plant construction for alternative power production. Further, recently in Germany, safety issues
played a big a role when the abolishment of nuclear power plants was forced by politics considering
past accidents and missing storage options for nuclear waste [1]. In total, 13,147.3 million tons of oil
equivalent primary energy was consumed worldwide in 2015, which was mainly covered by fossil
energy sources, i.e., oil, natural gas and coal (86.0%). Continental Europe consumed 2834.4 million tons
of oil equivalents with a share of 78.8% fossil fuels, wherein Germany used 320.6 million tons of oil
equivalents (82.3% fossil fuels). In comparison to 2014, the growth in Germany was +8.7 million tons
oil equivalents, mainly covered by renewable energy sources (i.e., wind, geothermal, solar, biomass
and waste) [2]. Preferably wind and sun are exploited to get alternatives to energy generation from
fossil sources: 26,000 wind power plants generating approximately 45 GW electrical power (GWel) and
1.5 million photovoltaic power plants with a capacity of 40 GWel were installed in Germany by the
end of 2015. In 2016, regenerative energy contributed 30% to the total generated electrical power and
is planned to reach 40–45% in 2025 [3]. However, this part of the energy sector is subjected to temporal
fluctuation due to weather conditions causing shortage or surplus in energy supply. Very often wind
turbines have to be switched off not to overstress the power grid. Consequently, the effective storage
of electric power is one of the emerging tasks in future energy supply, not only to get rid of a growing
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dependency on energy imports, but also to support the change in energy supply [4]. Among other
storage opportunities [5], an often discussed option for excess electrical energy from renewable sources
is the generation of hydrogen by water electrolysis and its temporal storage in available infrastructures
such as the gas grid, underground caverns or high pressure and liquid hydrogen tanks. The problem
here is that only low amounts in single-digit percentage range are accepted in gas grid or caverns [6],
and expansion of the hydrogen infrastructure needs exorbitant investments. One solution is the
chemical conversion of such “green” hydrogen and easily available carbon dioxide into methane
(SNG) [7,8].

CO + 3 H2 � CH4 + H2O ΔHR = −206.3 kJ/mol (1)

CO2 + 4 H2 � CH4 + 2 H2O ΔHR = −165.1 kJ/mol (2)

CO2 + H2 � CO + H2O ΔHR = +41.2 kJ/mol (3)

The long-known methanation Reactions (1) and (2) are used industrially for cleaning of hydrogen
from steam reformers in the presence of hydrogenation catalysts to remove CO and CO2 traces [9,10].
The reactions are highly exothermic and controlled by chemical equilibrium, and due to high activation
energy the process is run at 250–400 ◦C mainly over Ni-containing catalysts. It benefits from increasing
pressure and is very selective towards SNG. At higher temperature, other reactions such as reversed
water-gas shift Reaction (3) affect the methane yield. There are two mechanisms under discussion:
(i) the direct hydrogenation of CO2 to methane; and (ii) the conversion of CO2 to CO (reverse water-gas
shift reaction) followed by CO methanation. CO forms adsorbed carbon species on the catalyst
surface, which are subsequently hydrogenated to methane by surface hydrogen [11,12]. In other words,
the methanation mechanism might be characterized by carbon formation and carbon methanation.
Additionally, adsorbed CO may react at low temperatures to hydrocarbons via the Fischer–Tropsch
reaction (conversion of CO and H2) [13]. Ethane might also be formed at higher temperatures but it is
easily converted to methane in surplus of hydrogen by hydrogenolysis [14].

Biomass, a further brick in the road to energy supply change, can be fermented to biogas
which in dependency on the feed contains 40 vol %–75 vol % methane and 25 vol %–55 vol %
CO2; in addition, some impurities such as hydrogen, hydrogen sulfide, nitrogen, ammonia and water
vapor are present [15]. World biogas production has rapidly increased in recent years. More than
17,000 biogas plants (>8.3 GWel capacity) existed in Europe by the end of 2014. Germany is Europe’s
biggest biogas producer and world leader in biogas technology. Roughly 11,000 plants (in 2015) are
generating more than 4 GW of power with an annual turnover of 9.2 billion € [16,17]. The downstream
methanation of the CO2 fraction would increase the productivity and earnings of a biogas plant.
This would require catalysts that are also robust against named impurities.

Catalytic activities of metals for CO2 methanation follow the order Ru > Ni > Co > Fe > Mo [18],
and noble metal proportions might increase the productivity. An overview on applied catalyst systems
is given in [19]. Considering the high costs of Ru, nickel on a suitable support is a cheap and active
alternative. Suitable supports have been compared, resulting in the efficiency order CeO2 > Al2O3 >
TiO2 > MgO [20].

Car manufacturer Audi’s PTG facility in Werlte (Lower-Saxony, Germany) [21], online since 2013,
is fed by a biogas plant; it produces 1.5 million Nm3/a SNG (6 MWel plant). Clariant has supplied the
methanation catalyst [22]. In 2015, the world’s largest SNG plant went on-stream (1.4 billion Nm3/a)
in Yining, China with catalysts and process technology from Haldor Topsøe [23]. More descriptions of
pilot plants and commercial scale projects can be found in [24].

The high exothermicity of −206.3 kJ/mol is not a problem when only traces of carbon dioxide
are converted (for example, gas purification for ammonia production), but in case of selective SNG
synthesis at large scale, limited heat transfer causes hot-spots, stressing the construction materials and
catalysts, and thermal runaway of the reactor could become the final consequence. Apart from this,
the chemical equilibrium shifts away from optimum conditions. Published results from the conversion
of a CO/CO2/H2 stream stemming from biomass gasification showed a hot-spot temperature of 460 ◦C
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and a gas outlet temperature of 270 ◦C [25]. To get rid of this unwanted effect, reactor concepts such as
cascades of fixed bed reactors with limited conversion, wall-cooled fixed bed reactors, fluidized bed
reactors or slurry bubble reactors are used or currently investigated [26,27]. These reactor set ups are
mainly assisted by internal heat exchange or by diluting the gas inlet with cooled recycle gas and/or
water so that combined with high pressure the methane yield can be maximized. An alternative
concept with effective removal of the generated heat of reaction uses microchannel reactors, as they
offer advantageous surface/volume ratio [28]. Published research results from other groups on
structured fixed-bed reactors are not known. The aim of the presented work was to collect data on
the heat distribution along various catalyst bed arrangements in a tube reactor at maximum SNG
productivity for further scale-up, while also considering catalyst stability.

2. Results and Discussion

2.1. Catalytic Test Runs

Past studies in our group on methanation over monometallic Ni, Ru and bimetallic NiRu catalysts
in a bench-scale reactor with low catalyst amount and diluted feed (50 vol % N2) revealed that the
best results with respect to CO2 conversion and methane selectivity were obtained at 10 bar and
325–350 ◦C [29,30]. In particular, increased reaction pressure is beneficial to suppress CO and ethane
formation. Observed CO2 conversion always was close to the thermodynamic equilibrium and
methane selectivity was above 99.9%. Some ethane formation (<<1%) was detected below 325 ◦C set
point temperature. Table 1 gives an overview on related runs with 5 wt % Ni/ZrO2 catalyst at 1 and
10 bar gauge pressure.

Table 1. Carbon dioxide conversion and methane selectivity at 300–400 ◦C at different reaction pressure
(1 mL 5 wt % Ni/ZrO2 + 4 mL quartz diluent, GHSV = 6000 h−1, CO2:H2:N2 = 1:4:5).

Temperature (◦C) Xeq (CO2) (%) X1 bar (CO2) (%) X10 bar (CO2) (%) S1 bar (CH4) (%) S10 bar (CH4) (%)

300 98.5 19.5 96.7 99.0 99.8
325 97.7 38.5 96.8 99.5 99.9
350 96.5 54.3 95.9 99.6 100
375 95.5 66.0 94.6 99.2 99.9
400 94.0 71.1 93.2 98.9 99.9

Later runs with the same bench-scale reactor aiming at increased methane productivity through
setting a higher GHSV, lower inert gas dilution and/or larger catalyst volume gave first data on
hot-spot formation at the entrance of the catalyst bed [31]. Since knowledge about hot-spot size and
position at high catalyst load is needed for upscaling experiments, runs on diluting and stacking
various catalyst/quartz beds were made at increased space velocity and decreased inert gas dilution
(from 50 vol % to 10 vol % N2). Therefore, an industrial catalyst containing 18 wt % of Ni supported on
Al2O3 was selected for upscaling with a larger reactor. This catalyst proved to ignite already around
250 ◦C (Figure 1).

2.2. Temperature Profiles in the Small Tube Reactor

A scheme of the small bench-scale reactor is depicted in Figure 1. Conventionally, the catalyst bed
was fixed in the vertical center of the tube while quartz sand layers were filled at the top and bottom
of the reactor with quartz wool as separator. Temperature profile was recorded with a thermocouple
which was vertically movable along the reactor through a centered guiding tube. The length scale
shown in Figure 1 serves as a reference for the following figures visualizing results obtained with
this reactor.
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Figure 1. (a) Scheme of the bench-scale reactor with catalyst bed (18Ni/Al2O3) and quartz fillings.
(b) CO2 conversion and CH4 selectivity in runs with different catalyst loadings (run A: 1 mL of catalyst;
run B: 2.5 mL of catalyst; run C: 4 mL of catalyst) in dependence on temperature.

At the beginning, three runs A–C with different catalyst amount were made at a GHSV of
approximately 6000 h−1 (related to catalyst volume, particle size 500–800 μm) with variation of
feed flow rate, aiming at higher CO2 conversion and methane productivity. The total bed volume
(catalyst + quartz) was kept constant at 5 mL while the catalyst/quartz ratio was changed (bed position
from 12 to 24 cm). Run A was made with 1 mL of catalyst and 4 mL of quartz, run B with 2.5 mL
of catalyst and quartz each, and run C with 4 mL of catalyst and 1 mL of quartz diluent. The feed
flow rate was set accordingly: run A 6 L/h, run B 15 L/h and run C 26.4 L/h (GHSV = 6588 h−1) [31].
CO2 conversion was always near the equilibrium with maxima at the set point temperatures of 325 ◦C
for run A, 300 ◦C for run B and 290 ◦C for run C. Because of the increasing catalyst load and methane
production from run A to C, the corresponding hot-spot temperatures reached 325 ◦C, 336 ◦C and
358 ◦C, respectively. Decreased CO2 conversion was observed in runs A and B at higher set point
temperatures due to thermodynamic limitation. Data from run C were only collected up to 290 ◦C
because the high absolute methane production raised the hot-spot temperature by >70 K. The selectivity
to CH4 always reached values above 99.9%. Table 2 summarizes these data. It is noteworthy that run
C at 290 ◦C reached higher conversion (97.4%) than run A at 350 ◦C (96.1%), even though the internal
bed temperatures were comparable (358 ◦C vs. 351 ◦C). This might be explained by the significantly
lower temperature at the bottom of the catalyst bed in run C (Figure 2), which favors methanation
over RWGS reaction.

Table 2. Carbon dioxide conversion and methane selectivity during runs with decreasing catalyst
dilution (18Ni/Al2O3; GHSV ∼= 6000 h−1; CO2:H2:N2 = 1.8:7.2:1; run A: catalyst:quartz = 1:4,
feed = 6 L/h; run B: catalyst:quartz = 1:1, feed = 15 L/h; run C: catalyst:quartz = 4:1, feed = 26.4 L/h).

Set Point Temperature XCO2 (%) SCH4 (%) Hot Spot (K) 1

(◦C) A B C A B C A B C

270 - - 96.5 - - 99.9 - - 64
280 - - 96.7 - - 99.9 - - 67
290 - - 97.4 - - 99.9 - - 68
300 96.5 97.3 - 99.9 99.9 - - 36 -
325 96.9 96.8 - 99.9 99.9 - - 36 -
350 96.1 96.5 - 99.9 99.9 - 1 34 -
375 95.1 95.4 - 99.9 99.9 - 3 31 -

1 difference between set point and measured reaction temperatures.
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By increasing the catalyst amount at constant space velocity, the CH4 productivity grew from
1.1 L/h (run A) and 2.6 L/h (run B) to 4.6 L/h (run C), and significantly elevated hot-spot temperatures
were measured. Since the reaction temperatures were similar in the hot-spot zones, the CO2 conversions
were similar though set point temperatures differed markedly. Then the methane productivity seems
to be proportional to the catalyst amount. The recorded temperature profiles (Figure 2) reveal that
hot-spot zones are located at the very top of the catalyst bed and very narrow (3 cm). Largest part
of the catalyst bed seems not to take part in methanation. With these results in mind, a raised
productivity should be expected at more equal temperature distribution over the whole catalyst bed
when appropriate catalyst dilution and increased space velocity are combined.

Figure 2. Recorded temperature profiles for methanation on 18Ni/Al2O3. Run A: 1 mL catalyst + 4 mL
quartz; run B: 2.5 mL catalyst + 2.5 mL quartz; run C: 4 mL catalyst + 1 mL quartz (GHSV ∼= 6000 h−1;
CO2:H2:N2 = 1.8:7.2:1; 10 bar).

Thus, another run D with increased catalyst dilution (catalyst:quartz = 1:9, 0.5 mL catalyst) at
an increased GHSV of 12,000 h−1 was performed. The carbon dioxide conversion as well as the
methane selectivity were almost the same, but reached their maxima at 350 ◦C (XCO2 = 96.6% and
SCH4 = 99.9%, Table 3) with a methane productivity of almost 1.1 L/h.

The corresponding temperature profile (Figure 3) shows that no notable hot-spot appeared due to
high dilution and flow rate. This illustrates the beneficial effect of improved temperature control on
the chemical equilibrium.

Based on the results of these preliminary runs, instead of one catalyst bed with constant dilution,
three beds of 1.7 mL each (5 mL in total) were used, varying the catalyst:quartz ratio from top to
bottom from 1:4 and 1:1 to 4:1 (Figure 4). In total, the catalyst:quartz ratio of 1:1 (as in run B) was kept.
Run E was carried out at 6000 h−1 and 13.5 L/h feed gas (CO2:H2:N2 = 1.8:7.2:1). CO2 conversion of
97.5% close to equilibrium was reached at 310 ◦C set point temperature. The hot spot temperature in
the beds reached 325 ◦C, 327 ◦C and 317 ◦C (from top to bottom). The methane productivity reached
2.4 L/h (similar to run B), but the temperature profile changed dramatically and overall reaction
temperature decreased significantly, making this configuration most preferable.
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Table 3. CO2 conversion and methane selectivity on 18Ni/Al2O3 in the bench-scale reactor with single
bed (run D: catalyst:quartz = 1:9; total 5 mL; GHSV = 12,000 h−1) and triple-bed configuration (run E:
catalyst:quartz = 1:4, 1:1, 4:1, total 5 mL; GHSV = 6000 h−1); CO2:H2:N2 = 1.8:7.2:1; 10 bar.

Temperature XCO2 (%) SCH4 (%) Hot Spot (K) 1

(◦C) D E D E D E

250 - 72.6 - 99.9 - 16
260 43.6 90.9 99.9 99.9 - 17
270 55.3 93.6 99.9 99.9 - 16
280 68.6 97.2 99.9 99.9 - 20
290 81.9 97.5 99.9 99.9 - 23
300 85.5 97.5 99.9 99.9 - 18
310 - 97.5 - 99.9 - 17
325 96.3 - 99.9 - - -
350 96.6 - 99.9 - - -
375 95.8 - 99.9 - - -
400 94.7 - 99.9 - - -

1 difference between set point and measured reaction temperatures.

Figure 3. Recorded temperature profiles for methanation on 18Ni/Al2O3 with 0.5 mL catalyst + 4.5 mL
quartz (GHSV = 12,000 h−1; CO2:H2:N2 = 1.8:7.2:1; 10 bar).

With these data from the bench-scale reactor [31], first estimations of maximum heat release and
heat transfer were made. Additionally, basic kinetic parameters were determined. Afterwards, a larger
tube reactor was constructed at an upscale factor of 36. Further optimization aimed at a methane
productivity of 50 L/h, being equivalent to an electrical power of 500 W, with minimum catalyst
load. It was planned together with industrial partners to integrate such reactors with optimized bed
configuration into a tube bundle reactor for upscaling by increasing the number of tubes (modular
design) for further increase of productivity.
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Figure 4. Recorded temperature profiles for methanation on 18Ni/Al2O3 in a triple-bed reactor
(catalyst:quartz = 1:4, 1:1, 4:1; 1.7 mL each zone; GHSV = 6000 h−1; CO2:H2:N2 = 1.8:7.2:1; 10 bar).

2.3. Activation Energy

The Arrhenius plot (Figure 5) was calculated from experiments with the bench-scale reactor
and a single fixed bed (1 mL of catalyst, catalyst:quartz = 1:4) for an estimation of the activation
energy for CO2 methanation on 18Ni/Al2O3. Measurements were carried out at kinetically controlled
conditions at low set point temperatures (250–280 ◦C) and high space velocities (8000–12,000 h−1).
Resulting CO2 conversion reached 15–70%. Usually (e.g., [32]) very low conversions are preferred
(<10%) but the measured conversions are far away from the chemical equilibrium and thus should
be valid for a first approximation. The determined apparent activation energy was 120.4 kJ/mol,
assuming first order reaction in CO2. This is slightly higher as compared to results from other groups,
possibly as CO2 conversion was comparatively high. For example Weatherbee and Bartholomew got
80 kJ/mol on Ni/SiO2 [33], whereas another group reported 60 and 80 kJ/mol on Ru/Al2O3 and
Ni/Al2O3, respectively [10].

Figure 5. Arrhenius plot for the calculation of the apparent activation energy for CO2 methanation on
18Ni/Al2O3.
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2.4. Temperature Profiles in the Large Tube Reactor

The large reactor was equipped with a double-jacket to circulate liquid heat carrier oil to
provide a truly isothermal reactor (without reaction) and to improve heat transfer (dimensions
cf. chapter 3). For reference purpose, a single fixed-bed with 1:9 catalyst:quartz dilution
(30 mL catalyst, 270 mL quartz) was tested first (run F, Figure 6). At a GHSV of 8000 h−1

(total flow = 244.9 L/h; CO2:H2:N2 = 1.8:7.2:1) the CH4 production at 250 ◦C set point temperature
reached 19 L/h (XCO2 = 43.0%) without any detectable hot spot. At 290 ◦C the methane production
increased to 42 L/h (XCO2 = 96.1%), accompanied by a significant hot spot 160 K above set point
temperature. At 310 ◦C a total of 46 L/h of methane (XCO2 = 96.2%) were formed with almost identical
hot spot shape. These more pronounced hot spots are due to the larger reactor diameter and poor
radial heat transfer. In view of the fact that, already at a GHSV of 8000 h−1, the hot spot temperature
grew that high, no further experiments were done with this single-bed configuration.

Figure 6. Recorded temperature profiles for methanation on 18Ni/Al2O3 in a single fixed-bed used as
reference run (catalyst:quartz = 1:9; total bed volume 306 mL; GHSV = 8000 h−1; CO2:H2:N2 = 1.8:7.2:1;
10 bar).

The preferred configuration in the bench-scale reactor consisted of a triple fixed-bed with
descending catalyst dilution (run E, Figure 4), because in comparison to run B, the hot spot was
only half as high. This scheme was now scaled up with the large reactor. Several catalyst dilutions
were tested to modify the heat distribution along the catalyst bed. At the end the compositions given in
Figure 7 lead to a satisfactory temperature profile along the tube reactor (run G). The observed height
of the hot spot was drastically reduced from 160 K to 62 K compared to the single-bed reactor. This is
noteworthy as this remarkable improvement was obtained though the space velocity was elevated to
10,000 h−1 (total flow = 301.6 L/h; CO2:H2:N2 = 1.8:7.2:1) and the methane productivity grew up to
50 L/h together with a proportional increase in total heat of reaction. As run G was the one with the
highest gas throughput, the specific pressure drop was estimated by means of Ergun equation to be
approximately 10.5 mbar/m. This configuration was tested at three set point temperatures: at 310 ◦C
the overall methane productivity was 50.5 L/h (XCO2 = 93.1%) and the hot spot was 78 K above set
point. At 330 ◦C, the methane productivity reached 50.3 L/h (XCO2 = 92.7%, hot spot + 62 K) and,
at 350 ◦C, the methane flow reached 49.8 L/h (XCO2 = 91.7%, hot spot + 68 K). At all temperatures,
the selectivity to CH4 was always above 99.9% (Table 4).
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Figure 7. Recorded temperature profiles for methanation on 18Ni/Al2O3 in a triple fixed-bed (30 mL
of catalyst; catalyst:quartz = 1:20, 1:10, 1:5; 301 mL total; GHSV = 10,000 h−1; CO2:H2:N2 = 1.8:7.2:1;
10 bar).

Regarding the results from run G, obtained with triple-bed configuration, it has to be considered
that the increased methane formation compared to reference run F is mostly caused by the higher
throughput since at the same time CO2 conversion dropped slightly (at 310 ◦C set point temperature
from 96.2% to 93.1%). This is also overlapped by the effect of higher linear flow rate, which affects the
shape of the temperature profiles by convective heat transfer. However, the most important result at
this stage is an improved hot spot control during methanation at high throughput by stacking various
fixed-beds with different catalyst dilutions which leads to saver operation conditions for both catalyst
and reactor material.

Table 4. CO2 conversion and methane selectivity on 18Ni/Al2O3 in the large reactor with single bed (run F:
GHSV = 8000 h−1) and triple fixed-bed with varying catalyst distribution (run G: GHSV = 10,000 h−1;
catalyst:quartz = 1:20, 1:10, 1:5). Vcat = 30 mL, Vquartz = 270 mL; CO2:H2:N2 = 1.8:7.2:1, 10 bar).

Temperature XCO2 (%) SCH4 (%) Hot Spot (K) 1

(◦C) F G F G F G

250 43.0 - 99.9 - - -
290 96.1 - 99.9 - 160 -
310 96.2 93.1 99.9 99.9 160 78
325 - 92.7 - 99.9 - 62
330 - 91.1 - 99.9 - 68

1 difference between set point and measured reaction temperatures.

In addition to discussing catalyst efficiency in terms of conversion and selectivity, the specific
methane production per catalyst was used as criterion for comparison of the various reactor
configurations (Table 5). For each of the configurations, only the temperature set point with the
highest productivity was considered. The runs with the bench-scale reactor in single-bed configuration
(runs A–C) show direct proportionality between catalyst amount and reactor productivity, coming
along with extreme rise of hot-spot temperatures. Run D with half the catalyst load gives the same
reactor productivity as run A but without any hot-spot and doubled catalyst productivity, due to
efficient catalyst dilution. Comparison of runs B and E confirms that, at similar GHSV, temperature
and catalyst load but appropriate bed structure, the hot spot can be reduced from 40 to 20 K at
comparable productivity.
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Run F with the large reactor can be seen as equivalent to run D with a catalyst dilution of
1:9 in a single-bed as well. By dividing the bed into three parts with descending dilution (run G),
the productivity and STY is increased compared to reference run F whereas the hot spot is drastically
lowered by approximately 100 K. This indicates that the concept is successfully adapted to the larger
scale although the relative gain in productivity is lower than at bench-scale.

Table 5. Comparison of reactor configurations at the temperature set points with highest productivity
(CO2:H2:N2 = 1.8:7.2:1, 10 bar).

Run
Vcat Vdil GHSV T XCO2,max ΔTmax STY Productivity

(mL) (mL) (h−1) (◦C) (%) (K) (L/(mLcat × h)) (L/h)

A 1 4 6000 300 96.5 5 1.1 1.1
B 2.5 2.5 6000 275 97.4 40 1.1 2.6
C 4 1 6588 270 96.5 65 1.2 4.6
D 0.5 4.5 12,000 350 96.6 - 2.2 1.1
E 2.3 2.3 6000 280 97.2 20 1.1 2.4
F 30 270 8000 310 96.2 160 1.4 42.5
G 30 271 10,000 350 92.5 62 1.7 50

2.5. Catalyst Stability

During extended studies of certain reactor configurations, the catalyst stability was checked
routinely by repeating the first set point of the measurement campaign. Since not all configurations
were tested on the same elongated time scale, only those configurations with a very long time on
stream will be highlighted here. Figure 8 shows such a stability control series for a configuration with
four fixed beds (run H, with descending catalyst dilution) together with the corresponding temperature
profiles recorded at 290 ◦C set point temperature. The test campaign included intermediate changes
in temperature (including repeated shut down and reactivation from room temperature to 350 ◦C),
space velocity (10,000–20,000 h−1) and pressure (5–15 bar). Thus, the catalyst was also exposed to
more severe reaction conditions as described before. Measurement “a” was performed directly after
the in situ activation of the catalyst at the campaign start, “b” after 30 h TOS, “c” after 130 h and “d”
after 250 h. CO2 conversion decreased within the first 30 h and was later nearly constant over 220 h.
The temperature profiles reveal that the hot spot in the first fixed-bed seems to have wandered slightly
downwards, whereas the other three fixed-beds did not change. Maximum temperatures were 338 ◦C,
356 ◦C, 324 ◦C and 349 ◦C from first to last bed.

Results from TEM imaging after long term testing (run H) showed no deposits on the catalyst
(Figure 9) but Ni coated in NiO, which is proven by the measured lattice distances of 0.25 and 0.18 nm.
The area of the catalyst surface was investigated with BET method and revealed a minor loss from
125 to 120 m2/g.

Another, even more complex example, denoted as run I, is given in Figure 10, where two equal
stacks of four fixed-beds with descending catalyst dilution similar to run H (Figure 8) were combined.
With this configuration (8 beds), the initial CO2 conversion at a remarkably high GHSV of 20,000 h−1

was increased from 84.6% (4 beds) to 95.1%. The set point temperature was 350 ◦C and the total TOS
was more than 310 h. In this case the CO2 conversion remained nearly constant and the methane
selectivity stayed above 99.9%. At the same time, the temperature profiles were almost identical, i.e.,
no shift of hot spots was observed. The maximum measured temperatures reached values of 456 ◦C
and 389 ◦C. Similar to run H, the test campaign included changes in temperature (repeated shutdown
and reactivation to 350 ◦C), space velocity (10,000–20,000 h−1) and pressure (5 bar to 15 bar). However,
such gain in activity and productivity is only possible with higher complexity of reactor configuration.
These two last runs illustrate the potential of appropriate catalyst bed arrangement to improve the
reactor performance as well as to reduce the permanent stress and to slow down deactivation.
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(a) (b) 

Figure 8. (a) Recorded temperature profiles for methanation on 18Ni/Al2O3 in a reactor with four
fixed-beds. (b) CO2 conversion and CH4 selectivity in dependence of TOS. Catalyst:quartz = 1:36, 1:27,
1:18, 1:9; 280 mL total; GHSV = 20,000 h−1; CO2:H2:N2 = 1.8:7.2:1; 10 bar.

Figure 9. TEM images of fresh and spent catalyst after >250 h TOS in run H. Catalyst before reaction:
(1) catalyst as delivered, partly reoxidized; and (2) after in situ reduction. Catalyst after reaction:
(3) the top most bed; and (4) second catalyst bed.

(a) (b) 

Figure 10. (a) Recorded temperature profiles for methanation on 18Ni/Al2O3 in a reactor with
8 fixed-beds. (b) CO2 conversion and CH4 selectivity in dependence of TOS (catalyst:quartz varied
from 1:36 to 1:9; 280 mL total; GHSV = 20,000 h−1; CO2:H2:N2 = 1.8:7.2:1; 10 bar).
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3. Materials and Methods

Two stainless steel tubes ((a) L = 276 mm, ID = 7.6 mm, V = 12.5 cm3 denoted as bench-scale
reactor and (b) L = 1000 mm, ID = 24.8 mm, V = 483 cm3 for upscaling experiments) served as
reactors for the catalyst screening. The small tube was heated with an isolated electrical heating cord,
the big one with heat carrier oil in the heating jacked. Temperature profiles were recorded in both
reactors through stepwise movement of a thermocouple in a guiding tube which was centered in the
reactor. The difference between measured and set point temperature is denoted as hot spot in Kelvin.
Both reactors can be mounted alternatively into the same test rig which allowed comparison of results
with minimum uncertainty. A scheme of the laboratory test rig shows Figure 11.

Ni/Al2O3 catalyst (commercial catalyst with 18 wt % Ni on alumina; original size:
2.5 mm × 3–5 mm extruded pellets) was used for all catalytic runs with respect to temperature profile
recording. The catalyst particles were crushed and sieved, and a fraction of 500–800 μm was used
for the screenings in the bench-scale reactor while the original particle size was kept in the large
reactor. For advantageous flow conditions and the prevention of channeling a reactor diameter to
particle size ratio of 10 was chosen for both set ups as recommended in [34]. Quartz split of same
size was used for catalyst dilution. Before catalytic tests, the catalyst was in-situ activated in flowing
hydrogen. Feed gas flow was metered by MFCs and the pressure was controlled with an electrically
driven needle valve. All flow rates and GHSV data given in this study are referred to STP conditions
(0 ◦C, 1 bar). The downstream pipes and valves were located in a heated oven box (180 ◦C) to avoid
water condensation. Gas analytics were done with an on line-gas chromatograph (HP5890 II) which
contained two lines with argon as carrier gas. Columns: HP Plot Q (30 m × 0.53 mm × 40 μm, for CO2,
CO, CH4) and HP-Plot molecular sieve (30 m × 0.53 mm × 50 μm, for N2 and H2). Detection was done
by FID and TCD respectively. Most of the runs reported here were carried out under the following
conditions: T = 250–400 ◦C (set point temperature), p = 10 bar, GHSV = 6000–20,000 h−1, CO2:H2 = 1:4.
In addition, N2 (10 vol %) was always present as internal standard to evaluate volume contraction
during reaction. Each set point was held for at least two hours and at least 5 chromatograms were
recorded at stationary operation conditions.

Figure 11. Scheme of the test rig. The set-up is constructed to mount both reactors alternatively.
Red line: heated oven box (180 ◦C).
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Carbon dioxide conversion (XCO2) and methane selectivity (SCH4) were determined from mole
streams (

.
n) and stoichiometric coefficients (ν) as follows:

XCO2 =

.
nCO2 (in) −

.
nCO2 (out)

.
nCO2 (in)

× 100% (4)

SCH4 =

.
nCH4

.
nCO2 (in) −

.
nCO2 (out)

× νCO2

νCH4

× 100% (5)

4. Conclusions

While exothermicity plays no big role in the conversion of low amounts of CO2, production of
SNG at industrial scale has to face this issue. In this study, we scaled up previously reported tests
with a commercial alumina supported nickel catalyst (18 wt % load) from bench-scale to technically
relevant reactor diameter, as used, e.g., in tube bundle reactors. Already, the appropriate arrangement
of several fixed-beds combined with variable catalyst dilution in each bed allows significant lowering
of hot-spot temperatures inside the reactor by nearly 100 K. This comparatively simple measure also
shows potential to increase the specific productivity of the catalyst at the same time, as the catalyst can
operate at thermodynamically more favored conditions.

Furthermore, some long-term campaigns aiming at stressing the catalyst (higher set point
temperature, change of load, pressure variation) evidenced that the initial activity of the catalyst
is much better preserved with such a smart catalyst distribution. A minor loss in surface area was
observed over 250 h TOS, but catalyst deactivation was negligible. Finally, a production rate of 50 L/h
SNG (500 Wel) was reached while the temperature hot-spot did not exceed 62 K. At these settings,
specific methane productivity of the catalyst could be improved to 1.7 L/(mLcat × h).

The reported results fulfill specified requirements to implement methanation for energy storage
purpose in a small decentralized unit and are currently being developed to application by a small
enterprise. Apart from the achieved state, further studies will focus on modeling of the up-scaled
reactor with regard to optimization of the heat management.
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Abstract: In this work, we found that sodium doping can be used to improve CO2 selectivity for
supported Pt catalyst during methanol steam reforming. These materials are usually very active in the
low temperature range; however, they are characterized by high selectivity of CO, which is a poison
in downstream polymer electrolyte membrane fuel cells (PEM-FC) application. With Na doping,
we found that CO2 selectivity was higher than 90% when 2.5 wt.% of sodium was added to Pt/YSZ.
We have speculated that the different product distribution is due to a different reaction pathway being
opened for CH3OH decomposition. Methanol decarbonylation was favored when Na was absent
or low, while a formate decarboxylation pathway was favored when Na content reached 2.5 wt.%.
The proposal is rooted in the observed weakening of the C-H bond of formate, as demonstrated in in
situ diffuse reflectance infrared Fourier transform spectroscopy (DRIFTS) and kinetic isotope effect
(KIE) experiments for the water-gas shift reaction conducted at low temperature. When adsorbed
methoxy, produced when methanol is dissociatively adsorbed, was converted in the presence of
H2O in DRIFTS spectroscopy, formate species were prevalent for a 2% Pt–2.5% Na/YSZ catalyst,
while only a minor contribution was observed for 2% Pt/YSZ. Moreover, the formate produced on
Na-doped Pt/YSZ exhibited ν(CH) stretching bands at low wavenumber, consistent with C–H bond
weakening, thus favoring dehydrogenation (and decarboxylation). It is proposed that when Na is
present, formate is likely an intermediate, and because its dehydrogenation is favored, selectivity can
be fine-tuned between decarbonylation and decarboxylation based on Na dopant level.

Keywords: methanol steam reforming (MSR); yttrium stabilized zirconia (YSZ); Na doping; DRIFTS;
methoxy; formate

1. Introduction

Fuel cells are a promising and relatively environmentally benign technology for producing
electrical power. Polymer electrolyte membrane fuel cells (PEM-FC) may become convenient devices
for portable power generation and transportation. However, they require H2 as fuel, and hydrogen
storage remains a significant challenge [1]. Methanol has several advantages as a liquid chemical
carrier of hydrogen for PEM-FC applications [2]. In fact, methanol has a H/C ratio (4:1) that is the
same as methane; it is liquid at 1 atm and ambient temperature with a low boiling point (65 ◦C) and
a low melting point (−144 ◦C); also, it is biodegradable. Methanol can be produced by renewable and
fossil resources, and can be synthesized from CO or CO2 [2,3]. Moreover, the steam reforming reaction
occurs at a low temperature (200–300 ◦C) compared to other fuels (>500 ◦C) because no strong C–C
bonds need to be broken. Methanol steam reforming (MSR) can be described by Equations (1) and (2),
while water-gas shift (WGS) is given in Equation (3):

CH3OH + H2O ↔ CO2 + 3H2 ΔH = 49.6 kJ/mol (1)
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CH3OH ↔ CO + 2H2 ΔH = 90.8 kJ/mol (2)

CO + H2O ↔ CO2 + H2 ΔH = −41.2 kJ/mol (3)

Copper-based catalysts are the most commonly used for MSR due to their high activity and
selectivity [4–9]. However, these catalysts have a number of drawbacks, including deactivation in excess
steam, pyrophoricity, as well as complicated preconditioning steps that impact start-up/shutdown
cycles [10,11]. Group VIII metals (e.g., Pd, Pt and Ni) were studied as possible alternatives to
copper-based catalysts [12–17]. These materials are very attractive because of their thermal stability
at higher temperature; however, a high fraction of CO is usually produced by the decomposition of
methanol (Equation (2)). This can preclude their use when hydrogen production is desired. Iwasa
et al. [15,18,19] reported that Pd/ZnO has high CO2 selectivity. The formation of PdZn alloy phase,
pre-reduced at high temperatures, has been implicated as the cause for the high selectivity to CO2.
The preparation of bimetallic PdZn is highly sensitive to the preparation procedure and the formation
of metallic Pd compromises the catalyst performance by increasing the CO selectivity. MSR on Pt
catalysts have also been reported in literature [20–24]. Liu et al. [20] found that when Al2O3 is doped
with In2O3 a strong interaction between Pt and In2O3 is observed. Consequently, CO selectivity is
minimized and catalyst stability is enhanced. Recently, Martinelli et al. [23] have found that sodium
doping of Pt promoted yttrium stabilized zirconia (YSZ) improves CO2 selectivity during both MSR
and steam assisted formic acid decomposition (SAFAD). CO-free hydrogen production during SAFAD
has been also reported by Bulushev et al. [25] on Au/Al2O3 catalyst doped with potassium.

The development of alkali-doped Pt/ZrO2 catalysts has its roots in WGS catalysis. Iwasawa [26]
proposed that the rate-limiting step of WGS for a number of partially reducible oxides with or without
supported metal particles was C-H bond breaking of formate. After joint research between Honda
Research USA, Inc. and Symyx using a combinatorial catalysis approach [27] discovered that addition
of light alkali to metal/zirconia catalysts resulted in a significant increase in the low temperature water
gas shift rate. Joint research between Honda Research USA, Inc. and UK-CAER [28,29] demonstrated
that surface formates were significantly more reactive through: (1) forward formate decomposition
experiments in H2O; (2) formate H/D exchange experiments; (3) the observed weakening of the formate
ν(CH) bond as observed in infrared spectroscopy; and (4) 13CO isotopic switching experiments. More
recently, the catalyst was improved by doping 10% (molar) Y to Zr [30]. Doping of the larger Y3+ cation
to the lattice was confirmed by a shift in 2θ in XRD to lower values. Adding Y3+ generated additional
vacancy sites for dissociation of H2O, as confirmed by the more significant bridging OH band intensity
(a negative band) during CO adsorption and the significant increase in the formate/Pt-CO ratio
(25% higher) for the 0.5% Pt/YSZ catalyst as compared to the 0.5% Pt/ZrO2 catalyst. Increased
surface O-mobility due to lattice strain was also suggested as the formates, bound by their O atoms
to the surface of the catalyst, were transported to the metal-support interface and decomposed more
rapidly. These aspects were proposed to contribute to the higher WGS activity (e.g., 67% increase in
CO conversion at 300 ◦C) of the 0.5% Pt/YSZ catalyst compared to the 0.5% Pt/ZrO2 catalyst.

More recently [31], addition of 2.5% Na to 2% Pt/ZrO2 or 2% Pt/YSZ catalyst was found to shift
the light-off curve for low temperature shift to lower temperature by Δ 40 ◦C. The best catalyst
was one containing both Na and Y. Diffuse reflectance infrared Fourier transform spectroscopy
(DRIFTS) of adsorbed CO were used to probe the defect-associated bridging OH groups following
activation/steaming, and the formate ν(CH) band was shifted from 2880 cm−1 to 2802 cm−1 by adding
Na. Switching from H2O + CO to D2O + CO led to a normal kinetic isotope effect of 1.4 for the 2%
Pt/YSZ catalyst and 1.2 for the 2% Pt–2.5% Na/YSZ catalyst. The electronic weakening of the formate
C-H bond, as reflected in the lower wavenumber formate ν(CH) band and small kinetic isotope effect,
is consistent with the proposal of Iwasawa that formate C–H bond breaking may be the rate limiting
step of water gas shift. A related reaction of SAFAD was also examined, such that replacing CO
(i.e., WGS) with HCOOH (i.e., SAFAD) led to higher activity [23]. Not only did Na significantly
improve the rate of the reaction, but switching from H2O + HCOOH to H2O + DCOOH resulted in
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an identical kinetic isotope effect of 1.4 for 2% Pt/YSZ and 1.2 for 2.5% Na–2% Pt/YSZ, providing
further evidence of the involvement of formate in both reactions.

In MSR, there was also an effect of the Na dopant. While conversion slightly decreased, the selectivity
to CO2 increased significantly (from just 22% for 2% Pt/YSZ to >90% for 2% Pt–2.5%Na/YSZ at 300 ◦C).
Na did not impact the normal kinetic isotope effect, suggesting that formate was probably not the rate
limiting step. Nevertheless, the involvement of formate was suggested by the remarkable difference in
CO2 selectivity.

The aim of this work is to probe the characteristic that defines the active site for YSZ supported
Pt catalyst and understand the key factor the governs the product selectivity during MSR. In order
to achieve this goal, a series of Pt/YSZ catalysts with different sodium loadings were prepared,
characterized and tested. DRIFTS experiments were also carried out in order to investigate intermediate
species during the reaction and determine if they can be influenced by a chemical effect of Na.

2. Results and Discussion

Adding 2 wt.% Pt to YSZ slightly decreased the BET surface area (Table 1). Assuming that YSZ
contributed to the surface area, adding Pt did not result in significant pore blocking. The effect of
sodium loading is reported in Table 1. The surface area passed through a maximum sodium loading
increased from 0 to 2.5 wt.%, indicating Na may cause a change in the morphology of the catalyst
(e.g., a narrowing of the pores). At a high Na doping level of 2.5 wt.%, some pore blocking was likely,
as surface area decreased by Δ50 m2/g.

Table 1. Brunauer-Emmett-Teller (BET) surface area and porosity data from physisorption
measurements of nitrogen at 77 K.

Sample Description Catalyst Composition
BET SA
(m2/g)

Single Point Average
Pore Volume (cm3/g)

Single Point Average
Pore Diameter (nm)

YSZ Zr0.9Y0.1O1.95 149.2 0.19 3.6
2% Pt/YSZ 2% Pt/Zr0.9Y0.1O1.95 143.6 0.18 3.6

2% Pt–0.25% Na/YSZ 2% Pt–0.25% Na/Zr0.9Y0.1O1.95 163.6 0.16 4.0
2% Pt–0.5% Na /YSZ 2% Pt–0.5% Na/Zr0.9Y0.1O1.95 150.5 0.15 4.0
2% Pt–1% Na/YSZ 2% Pt–1% Na/Zr0.9Y0.1O1.95 145.4 0.14 4.0

2% Pt–2.5% Na /YSZ 2% Pt–2.5% Na/Zr0.9Y0.1O1.95 94.9 0.13 3.4

Temperature programmed reduction results are reported in Figure 1. Effects of Pt and Y-doping
on TPR were presented in our previous work [30]. Pt accelerates the decomposition of surface
carbonate species, as well as promotes O-vacancy and bridging OH group formation. A TPR-XANES
investigation in that work demonstrated that the first peak involved platinum oxide reduction to Pt.
With the addition of Na to the Pt/YSZ catalyst, the first peak increases primarily due to Pt facilitating
carbonate decomposition once Pt oxide is reduced. Na, due to its basicity, systematically increases the
amount of surface carbonate on the catalyst, as confirmed by DRIFTS experiments (not shown for the
sake of brevity). The peak position reflected metal-support interactions and correlated with the surface
area such that the lower surface area materials (2% Pt/YSZ, 2% Pt–2.5% Na/YSZ) had the first peak
forming at a lower temperature. Thus, the maximum in the position of the first peak occurred when
the Na loading was between 0.25 wt.% and 1 wt.% Na.

Figure 2a,b illustrate TEM and HRTEM results for Pt dispersion and particle size on catalyst
support without Na. Figure 2c,d illustrate TEM and HRTEM results for Pt dispersion and particle size
on catalyst support with Na. The Pt particle size range for both catalysts was similar and less than
2.5 nm.

76



Catalysts 2017, 7, 148

Figure 1. Results of temperature programmed reduction (a) 2% Pt/YSZ (b) 2% Pt–0.25 Na/YSZ (c) 2%
Pt–0.5% Na/YSZ (d) 2% Pt–1% Na/YSZ (e) 2% Pt–2.5% Na/YSZ (heating from room temperature to
950 ◦C at 10 ◦C/min, 30 cm3/min, H2/He 10/90 v/v).

Figure 2. Transmission electron microscopy (TEM) (a) and high-resolution transmission electron
microscopy (HRTEM) (b) images of yttrium stabilized zirconia support with Pt nanoparticle dispersion.
TEM (c) and HRTEM (d) images of Na-yttrium stabilized zirconia support with Pt nanoparticle dispersion.

Figure 3a HR-STEM image of Pt particles on catalyst support. Individual bright spots in the image
represent Pt nanoparticles. The energy dispersive X-ray spectroscopy (EDS) spectrum corresponds to
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the area marked with the yellow square and was selected to show the Na concentration of the support
without presence of Pt particles.

Figure 3b HR-STEM image of Pt particles on catalyst support. Individual bright spots in the
image represent Pt nanoparticles. The EDS spectrum corresponds to the area marked with the yellow
circle and was selected to show the Na concentration where Pt particles occur on the support. Na was
observed in EDS spectra to occur in both locations, with and without the presence of Pt particles.

CO is an important probe molecule for bridging OH groups on active oxides, producing surface
formates [32]. In Figure 4 (left) DRIFTS of adsorbed CO reveals, in addition of Pt carbonyl bands,
ν(CH) and ν(OCO) asymmetric and symmetric stretching bands of formate. The ν(CH) band of the
Na-doped catalyst were at lower wavenumbers, consistent with our earlier findings [28,29]. Therefore,
DRIFTS—in agreement with EDS results—provides evidence that Na is located on the support. Figure 4
(right) demonstrates that adding Na affects the Pt-carbonyl bands, systematically shifting them to
lower temperature. This may be due to a geometric or electronic effect, such as Na causing increased
back-donation of electron density from Pt to the 2π* antibonding molecular orbitals of CO. This,
in addition to EDS results, indicates that Na is interacting with Pt. The area intensity of the Pt carbonyl
bands of the unpromoted and Na-doped 2% Pt/YSZ catalysts were virtually identical and double that
of a 1% Pt/Al2O3 catalyst (completely dispersed), except for the 2.5% Na-doped case, which was 87%
of the area of the other Pt/YSZ catalysts.

Figure 3. High resolution scanning transmission electron microscopy (STEM) and energy dispersive
X-ray spectroscopy (EDS) analysis: (a) analysis in area without Pt nanoparticle on Na-Yttrium stabilized
zirconia support; (b) analysis over area with 2.5 nm Pt nanoparticle.
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Figure 4. (left) Diffusive reflectance infrared Fourier transform spectroscopy (DRIFTS) of adsorbed CO
shows ν(CH) and ν(OCO) asymmetric and symmetric stretching bands of formate; (right) Adding Na
shifts the Pt-carbonyl bands systematically to lower T. Following the arrow, this includes undoped and
Na-doped Pt/YSZ with 0.25, 0.5, 1, and 2.5 wt.% Na.

Carbon dioxide is acidic and thus is an excellent probe molecule for metal oxides. DRIFTS results
shown in Figure 5 indicate that CO2 readily adsorbed on the activated catalyst, forming asymmetric
(higher wavenumber) and symmetric (lower wavenumber) ν(OCO) stretching bands in the region
between 1700 and 1200 cm−1 [32]. Figure 5 shows that there was more carbonate adsorbed on the
catalysts with higher Na doping levels, indicating that Na increased the support basicity. Moreover,
Figure 4 and Table 2 show that carbonate was more strongly held on the catalysts with greater Na
content. For example, Table 2 shows that by 350 ◦C, almost 60% of the carbonate had decomposed
on the catalyst without Na doping, while just 38% and 24% had decomposed on the 1% and 2.5% Na
doped catalysts, respectively, at 350 ◦C.

Figure 5. DRIFTS spectra during CO2 temperature programmed desorption (TPD) for 2% Pt/YSZ
(dashed line), 2% Pt–1% Na/YSZ (solid line) and 2% Pt–2.5% Na/YSZ (dashed-dotted line) catalyst
following reduction in 25% H2 at 350 ◦C.
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Table 2. DRIFTS analysis of CO2 TPD on undoped and Na-doped 2% Pt/YSZ catalysts.

TPD
T (◦C)

2% Pt/YSZ
(% of Band at 50 ◦C)

2% Pt–1%Na/YSZ
(% of Band at 50 ◦C)

2% Pt–2.5% Na/YSZ
(% of Band at 50 ◦C)

50 100 100 100
100 85 93 95
200 58 80 84
300 41 68 80
350 37 62 76

Adsorption of methanol to the surface of H2-activated 2% Pt/YSZ diminished ν(OH) bands
associated with bridging OH groups located at 3800–3600 cm−1 (Figure 6, bottom left) and produced
bands characteristic of methoxy species (Figure 6, bottom right), including ν(OC) bands within
1175–1000 cm−1 and ν(CH) bands at 3100–2700 cm−1. The ν(OH) band intensity was lower in the case
of the Na-doped catalyst (Figure 6, bottom left, spectrum b), indicating that the decrease in bridging
OH groups for Na-doped catalyst was lower; this in turn suggests that Na doping may decrease
the bridging OH group population on the catalyst surface. Moreover, unlike those on the Na-doped
catalyst, the bridging OH groups that reacted for undoped 2% Pt/YSZ (Figure 6, bottom left, spectrum
a) contained a higher fraction of Type I (3725, 3750 cm−1) rather than Type II (3650, 3690 cm−1) species.
Likewise, a higher fraction of the higher wavenumber Type I [33] methoxy ν(OC) bands was observed
for the undoped catalyst (Figure 6, bottom right, spectrum a), indicating that Na altered the ratio of
adsorption sites to favor a higher fraction of sites with greater coordinative unsaturation.

DRIFTS results for the reaction of methoxy species with water are presented in Figure 6. At the
start of steaming, the primary chemical species in the 3100–2700 cm−1 range during decomposition
were methoxy species. With the undoped Pt/YSZ catalyst, a weak new band formed at 2866 cm−1 after
50% decomposition of the ν(CH) bands. This band became more pronounced at 67% and especially
88% decomposition of ν(CH) bands, and the position increased to 2868 cm−1. The band position
was in good agreement with surface formate by comparison with a formate reference spectrum (pink
spectrum) produced from the reaction of bridging OH groups with CO. With the Na-doped Pt/YSZ
catalyst, a shift in band position to higher wavenumber from 2795 to 2801 and 2802 cm−1 in moving
from methanol adsorption to 50% and 67% decomposition indicates the formation of a n species with
a new chemical identity. As in the case of the undoped catalyst, a comparison with a formate reference
spectrum formed by reacting CO with bridging OH groups also showed good agreement with the new
chemical species. In summary, methoxy decomposition produces formate species that are similar to
those observed previously in low temperature WGS studies. However, the fraction of formates on the
catalyst surface was lower for the un-doped Pt/SZ than for Na-doped Pt/YSZ at similar extents of
methanol decomposition. The weakening of the C-H bond of formate by Na was also observed in the
case of MSR as the wavenumbers of the main ν(CH) shifts significantly, from 2869 cm−1 to 2800 cm−1.

The effect of the time on-stream (TOS.) on the conversion and product selectivity is reported
in Figure 7 (left) for the undoped catalyst. The conversion is stable at each tested condition, while
an evolution of the product selectivity was detected in the first few hours at 350 ◦C. In fact, in this
condition, CO selectivity decreases from 68% to 44%, while CO2 selectivity increases from 31% to 54%.
In contrast, CH4 selectivity was stable at a value of 1.2%. Liu et al. [20] have also observed that the CO
selectivity decreases, while the CH3OH conversion and CO2 selectivity increases on 1Pt/30ZnO/Al2O3.
The authors explained this phenomenon as an activation of the catalyst surface. At temperatures lower
than 350 ◦C, both conversion and selectivities were stable with TOS. No deactivation phenomena
were observed.
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Figure 6. (Top) DRIFTS spectra in the ν(CH) region after (red) adsorption of MeOH; (pink) formation
of formate from reacting CO with bridging OH species; catalyst after (blue) 50%, (green) 67%, or (cyan)
88% of ν(CH) region bands decomposed in H2O, including (top left) 2% Pt/YSZ and (top right) 2%
Pt–2.5% Na/YSZ. Bands were normalized by area in the range 2725–3100 cm−1 for the purpose of
comparison. (Bottom left) Decrease in ν(OH) bands and (bottom right) formation of methoxy ν(OC)
bands during adsorption of MeOH for (a) 2% Pt/YSZ and (b) 2% Pt–2.5% Na/YSZ.

Figure 7. Evolution with time on-stream (TOS) of CH3OH conversion and product selectivity for 2%
Pt/YSZ (left) and 2% Pt–2.5% Na/YSZ (right).
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The effect of TOS on conversion and product selectivity is reported in Figure 7 (right) for the
2% Pt–2.5% Na/YSZ. In the first 2 h CH3OH conversion increases from 53% until the steady state
value (58%), while CO and CO2 selectivities are stable at 10.1% and 89.7%, respectively. Steady state
conversion and selectivities were reached faster when alkali was added.

CH3OH conversion systematically decreased by increasing sodium dopant from 0 to 2.5 wt.%
(Table 3). This inhibition on the rate during MSR with Na doping was in sharp contrast to low
temperature WGS and SAFAD results where an improvement was observed on both Pt/YSZ [23] or
Pt/CeO2 [28,34]. However, the sodium addition had a beneficial effect on CO2 selectivity which
was higher than 90% for 2% Pt–2.5% Na/YSZ sample in the temperature range of 275–350 ◦C.
In contrast, only 19.7% of CO2 was detected at 275 ◦C for the undoped catalyst one and CO2 selectivity
reached a value of 45.6% only at 350 ◦C. Even up to 350 ◦C, the CH4 selectivity remained quite low
(<3% for all catalysts and <1% for the 2.5% Na doped case). Qi et al. [8] reported an enhancing
of the CO2 production when Na or K is added. Contrary to our data, the authors also observed
an improvement of the methanol conversion, however they used a K or Na promoted Ni/Al layered
double hydroxide catalyst.

Table 3. Conversion and selectivities during MSR. Process conditions: P = 1 atm; GHSV = 381,000 h−1;
2.9% CH3OH: 4.3% N2: 29.9% H2: 26.1% H2O:36.8% He.

Catalyst T (◦C) % CH3OH Conv. % CO Select. % CO2 Select. % CH4 Select.

2% Pt/YSZ

275 21.6 ± 0.1 79.3 ± 0.1 19.7 ± 0.1 1.0 ± 0.005
300 49.4 ± 0.1 76.8 ± 0.05 22.1 ± 0.05 1.1 ± 0.005
325 74.1 ± 0.3 70.5 ± 0.1 28.5 ± 0.1 1.1 ± 0.003
350 89.1 ± 0.5 53.2 ± 0.6 45.6 ± 0.5 1.2 ± 0.02

2% Pt–0.25%
Na/YSZ

275 21.5 ± 0.1 76.2 ± 0.1 23.1 ± 0.1 0.8 ± 0.02
300 44.2 ± 0.2 74.3 ± 0.1 24.9 ± 0.1 0.8 ± 0.01
325 68.7 ± 0.6 68.2 ± 0.1 30.9 ± 0.1 0.9 ± 0.02
350 87.8 ± 0.3 55.9 ± 0.9 43.2 ± 0.9 1.0 ± 0.01

2% Pt–0.5% Na
/YSZ

275 20.6 ± 0.1 71.0 ± 0.1 28.2 ± 0.1 0.7 ± 0.01
300 41.1 ± 0.1 67.9 ± 0.05 31.2 ± 0.05 0.8 ± 0.01
325 63.3 ± 0.5 59.2 ± 0.05 40.0 ± 0.05 0.9 ± 0.01
350 79.9 ± 0.6 38.9 ± 0.4 60.2 ± 0.4 2.8 ± 0.02

2% Pt–1%
Na/YSZ

275 14.4 ± 0.1 60.0 ± 0.2 38.0 ± 0.1 0.5 ± 0.06
300 31.9 ± 0.10 59.7 ± 0.1 39.3 ± 0.1 0.6 ± 0.01
325 53.6 ± 0.4 55.6 ± 0.05 43.3 ± 0.06 0.7 ± 0.02
350 80.9 ± 0.3 43.2 ± 0.5 60.6 ± 0.5 0.8 ± 0.02

2% Pt–2.5% Na
/YSZ

275 16.7 ± 0.1 4.3 ± 0.1 95.0 ± 0.1 0.7 ± 0.01
300 29.9 ± 0.1 5.7 ± 0.1 94.0 ± 0.1 0.4 ± 0.004
325 45.2 ± 0.2 7.6 ± 0.1 92.2 ± 0.1 0.3 ± 0.002

DRIFTS and catalytic activity results allow the proposal of a tentative reaction mechanism
(Figure 8) involving defect sites on the oxide adjacent to metal particles. The proposed mechanism
has the following steps: (1) dissociation of methanol on the defect sites of YSZ to produce adsorbed
methoxy species and a bridging OH group; (2) decomposition of methoxy species to produce adsorbed
CO and H2 (k1). Depending on the catalyst surface properties, adsorbed CO can desorb (k2) or can
react with adsorbed H2O to produce formate species (k3). When water was present, formate species
rapidly decomposed in the forward direction (k4) to produce H2 and monodentate carbonate, which
then decomposes further to CO2. The different selectivity between the undoped and Na-doped
catalyst may be explained by the values of the kinetic rate constants (k2, k3 or k4). In this proposal,
k3,4 > k2 for the Na-doped catalyst, where CO2 is the main product detected during the activity test.
Moreover, DRIFTS results suggested that a significant fraction of the methoxy species decomposed
to formate. Since the C–H bond is weakened (i.e., the ν(CH) band of the formate is shifted at lower
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wavenumber), this increased the formate decomposition rate, promoting dehydrogenation and yielding
CO2. The promoting impact of alkali on the formate decomposition rate is already well known for
both WGS and SAFAD reactions [23,28,34].

Figure 8. Proposed methanol steam reforming (MSR) pathways on (right) undoped Pt/YSZ and (left)
Na-doped Pt/YSZ.

The different selectivity observed for the undoped catalyst suggests that the main pathway is not
the formate decomposition to CO2, but rather methanol decarbonylation (i.e., k2 > k3,4). The higher CO
selectivity during MSR on group VIII has been previously reported by Iwasa and Tabezawa on Pd/Pt
supported catalysts [17]. The authors explained that intermediate HCHO species rapidly decomposed
due to strong back-donation of electron density from the metal to the πco* antibonding orbitals of this
intermediate species. Thus, CO and H2 are primarily produced during MSR. Then, CO is then partially
transformed to CO2 through the secondary WGS reaction [2]. The authors reported CO selectivity
very close to 100%, but their supports that are not active for WGS. However, the YSZ support has an
important role to play in the WGS mechanism, which may explain the lower CO selectivities obtained
on our undoped catalyst. In contrast to Ranganathan et al. [12], we found that the more basic support
was characterized by higher selectivity to CO2, but it is well known that the sodium improves the WGS
rate, as well the rate and CO2 selectivity during the steam-assisted formic acid decomposition [23].

Na addition does not improve the methanol conversion rate. This is in contrast to WGS and
SAFAD, where increases in the carbon-containing reactant (i.e., CO and HCOOH respectively) were
observed. In those cases, formate was the primary intermediate and postulated to be involved in the
rate-determining step. With MSR [23], an identical normal kinetic isotopic effect (NKIE) value was
obtained for the Na-doped and the undoped catalyst during NKIE experiments, suggesting that the
rate determining step, contrary to WGS and SAFAD, is not the formate decomposition, but more likely
the methoxy dehydrogenation step (k1). However, Na-doping plays a critical role in selectivity control.

3. Materials and Methods

3.1. Catalyst Preparation

Yttria stabilized zirconia (YSZ), having a Y/Zr molar ratio of 0.11, was prepared by homogeneous
precipitation. Zirconyl (Sigma Aldrich, 99%, St. Louis, MO, USA) and yttrium nitrates (Alfa Aesar,
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99.9%, Haverhill, MA, USA) served as precursors and were precipitated with 1 M sodium hydroxide
(Fisher Chemical, >97%, Hampton, NH, USA) following the procedure reported in [30]. The precipitate
was filtered, washed, dried at 110 ◦C overnight, and then calcined at 400 ◦C (4 h). To this support, 2% by
weight Pt was added by incipient wetness impregnation (IWI), and the catalyst dried (110 ◦C, overnight)
and calcined (350 ◦C, 4 h). The prepared material was promoted with different sodium loadings
(0.25, 0.5, 1 and 2.5 wt.%) by IWI of Na(NO3) solution (Alfa Aesar, 99.99%, Haverhill, MA, USA).
Finally, the catalysts were dried at 110 ◦C (overnight) and re-calcined (300 ◦C, 3 h). The samples were
sieved to 63 μm < ϕ < 106 μm for catalyst testing.

3.2. Catalyst Characterization

3.2.1. BET Analysis

BET surface area was measured using Micromeritics TRISTAR 3000 instrument (Micromeritics,
Norcross, GA, USA). Approximately 300 mg of material was used. N2 (Scott-Gross Co., UHP, Lexington,
KY, USA) served as the adsorption gas and analysis was conducted at the boiling point of liquid
N2. Samples were outgased in vacuum for 12 h at 160 ◦C before conducting the physisorption
measurements. Specific surface areas were assessed using the Brunauer-Emmett-Teller (BET) approach.

3.2.2. Temperature Programmed Reduction

Temperature programmed reduction (TPR) was performed on a Zeton-Altamira AMI-200
instrument (Altamira Instruments, Pittsburgh, PA, USA). Argon served as the reference gas, and 10%
H2 in Ar (Scott-Gross Co., UHP, Lexington, KY, USA) was flowed at 30 cm3/min while temperature
was ramped from 50 to 950 ◦C at 10 ◦C/min. The thermocouple was positioned within the catalyst
bed; 100 mg of sample was used.

3.2.3. Scanning Transmission Electron Microscopy (STEM)

Catalyst powders were collected on copper grids for scanning transmission electron microscopy
(STEM) analysis (200-mesh, Ted Pella, Inc., Redding, CA, USA). Transmission electron microscopy
(TEM) imaging was performed using a JEOL 2010F (JEOL USA, Inc., Peabody, MA, USA) field-emission
gun transmission electron microscope (accelerating voltage of 200 keV and magnification ranging
from 50 K to 1000 K). A symmetrical multi-beam illumination was used for high-resolution imaging
(HRTEM) with a beam resolution of 0.5 nm. Images were recorded with a Gatan Ultrascan 4 k × 4 k
CCD camera (Gatan, Pleasanton, CA, USA). All data processing and analysis was performed using
Gatan Digital Micrograph software (Gatan, Pleasanton, CA, USA). STEM imaging was performed with
a high angle annular dark field (HAADF) detector and Gatan imaging filter (GIF, Gatan, Pleasanton,
CA, USA).

3.2.4. Diffuse Reflectance Fourier Transform Infrared Spectroscopy

A Nicolet Nexus 870 IR spectrometer (ThermoFischer, Waltham, MA, USA) with a DTGS-TEC
detector was utilized. A reaction cell with ZnSe windows served as the reactor for in situ measurements.
Experimental procedures are detailed in reference [35].

H2 or CO chemisorption are not recommended for these systems due to the possibility of
adsorption of both gases on ceria or zirconia [36,37]. In order to measure the Pt dispersion,
CO adsorption experiments have been carried out for the prepared samples, and the intensity of
the Pt carbonyl bands have been compared to those obtained for a Pt/Al2O3 reference sample. Firstly,
the dispersion of Pt/Al2O3 was determined by H2 chemisorption. The catalyst was reduced in
100 cm3/min of 25% H2 (balance He Scott-Gross Co., UHP, Lexington, KY, USA) at 350 ◦C and then
cooled in 100 cm3/min of helium (Scott-Gross Co., UHP, Lexington, KY, USA) to 50 ◦C. 100 cm3/min
of 1% CO in helium (Scott-Gross Co., UHP, Lexington, KY, USA) was adsorbed for 20 min and then
a purge in flowing helium (100 cm3/min) was carried out for 20 min at the same temperature.
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For CO2 adsorption experiments, the catalyst was reduced in 100 cm3/min of 25% H2 (balance He,
Scott-Gross Co., UHP, Lexington, KY, USA) at 350 ◦C and then cooled in 100 cm3/min of helium to
50 ◦C. 100 cm3/min of 5% CO2 in helium (Scott-Gross Co., UHP, Lexington, KY, USA) was adsorbed
for 30 min and then a temperature programmed reduction (TPD) in flowing helium (100 cm3/min)
was carried out, with scans performed at 50 ◦C, 100 ◦C, 200 ◦C, 300 ◦C, and 350 ◦C.

In the transient methanol decomposition test, the catalyst was activated in H2 (100 cm3/min,
Scott-Gross Co., UHP, Lexington, KY, USA) at 350 ◦C for 1 h and cooled to 160 ◦C in flowing He
(100 cm3/min). Methanol (Alfa Aesar, 99%, Haverhill, MA, USA) was adsorbed by flowing 82 cm3/min
of helium through a bubbler to saturate the surface of the reduced catalyst with methoxy species
at 160 ◦C. Decomposition of adsorbed methanol was performed by flowing 90 cm3/min of helium
through a saturator filled with distilled water.

3.3. Reaction Testing

Catalytic tests were performed in a stainless steel tubular reactor (0.444 in. i.d.) with a fixed bed
at steady state. The experimental setup, which was used for the reaction test, is sketched in Figure 9;
additional details can be found elsewhere [23]. In a typical run, 40 mg of catalyst sample (63–106 μm)
diluted with 500 mg of SiO2 beads (60–80 μm) were activated in hydrogen (100 cm3/min) at 350 ◦C
for 1 h (ramp rate = 4 ◦C/min). Then, the gas was switched to a mixture containing 2.9% CH3OH
(Alfa Aesar, 99%, Haverhill, MA, USA), 26.1% H2O, 29.9% H2, 4.3% N2 (balance He) at P = 1 atm,
GHSV = 381,000 h−1, and T = 275–350 ◦C. Products passed through a cold trap (cooled to 0 ◦C) to
collect condensable compounds and the gas phase was analyzed by on-line GC. The SRI 8610 GC has
two columns (i.e., a 3.658 m silica gel packed column and a 1.829 m molecular sieve packed column)
as well as two detectors (i.e., FID and TCD). To improve the sensitivity of the CO and CO2 signals,
the SRI GC includes a methanizer (SRI, Torrance, CA, USA), so that analysis can be made by FID.

Figure 9. Experimental setup for the methanol steam reforming.
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4. Conclusions

Na doping of Pt/YSZ was found to change the morphological properties as well as the reducibility
profile. The reaction testing results demonstrate that CO2 selectivity can be boosted remarkably by
simply increasing the sodium loading. Indeed, CO2 selectivity higher than 90% can be reached when
the Na loading is 2.5 wt.% DRIFTS experiments have shown that adsorbed formates likely participate
in the reaction pathway of Na-promoted Pt/YSZ catalysts. Furthermore, the formate produced on
Na-doped Pt/YSZ exhibited ν(CH) stretching bands at low wavenumber, consistent with C-H bond
weakening, favoring the formation of hydrogen and CO2. Consequently, the reaction of adsorbed
CO with water to produce formate species, which subsequently decomposes to CO2, is favored over
CO desorption (i.e., which occurs predominantly on the undoped catalyst). DRIFTS of adsorbed CO2

showed that the basicity of the catalyst is increased, while DRIFTS of adsorbed CO and STEM/EDS
data indicated that Na was located on the support and in interaction with Pt nanoparticles (<2.5 nm).
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Abstract: Pt-containing catalysts are currently used commercially to catalyze the conversion of carbon
monoxide (CO) and hydrocarbon (HC) pollutants from stationary chemical and petroleum plants.
It is well known that Pt-containing catalysts are expensive and have limited availability. The goal of
this research is to find alternative and less expensive catalysts to replace Pt for these applications. This
study found that niobium oxide (Nb2O5), as a carrier or support for certain transition metal oxides,
promotes oxidation activity while maintaining stability, making them candidates as alternatives to Pt.
The present work reports that the orthorhombic structure of niobium oxide (formed at 800 ◦C in air)
promotes Co3O4 toward the oxidation of both CO and propane, which are common pollutants in
volatile organic compound (VOC) applications. This was a surprising result since this structure of
Nb2O5 has a very low surface area (about 2 m2/g) relative to the more traditional Al2O3 support,
with a surface area of 150 m2/g. The results reported demonstrate that 1% Co3O4/Nb2O5 has
comparable fresh and aged catalytic activity to 1% Pt/γ-Al2O3 and 1% Pt/Nb2O5. Furthermore,
6% Co3O4/Nb2O5 outperforms 1% Pt/Al2O3 in both catalytic activity and thermal stability. These
results suggest a strong interaction between niobium oxide and the active component—cobalt
oxide—likely by inducing an oxygen defect structure with oxygen vacancies leading to enhanced
activity toward the oxidation of CO and propane.

Keywords: cobalt on Nb2O5 catalyst; CO and propane oxidation; promoting effects of Nb2O5

1. Introduction

Carbon monoxide (CO) is produced by incomplete combustion of carbon-containing fuels. When
this deadly toxic gas combines with hemoglobin in blood, oxygen (O2) cannot be delivered to vital
organs essential for life. Propane (C3H8) is produced during the process of combusting liquefied
petroleum gas, but can also be considered a model of volatile organic compounds (VOCs). An active
low-temperature oxidation catalyst has attracted immense attention to meet ever-changing stringent
environmental regulations for oxidation of volatile organic compounds in chemical plants, petroleum
refineries, pharmaceutical plants, automobile manufacturing, etc. [1,2].

Volatile organic compounds are toxic and mainly contribute to the formation of photochemical
smog with a with a negative impact on air quality [3]. Catalytic oxidation is a main technology used
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commercially in their reduction [4,5]. The basic catalytic oxidation reactions of CO (1) and hydrocarbon
(CxHy) (2) are shown as follows [2]:

CO + 1/2O2
Catalyst→ CO2 (1)

CxHy + (x + y/4)(O2)
Catalyst→ xCO2 + y/2H2O (2)

Many environmental abatement catalysts are precious metals, such as Pt and Pd, due to their
excellent performance and superior life in abating real exhausts. However, their high price is a
disadvantage, and therefore alternative materials are always being sought. However, this is very
challenging. For low temperature applications, such as VOCs removal in indoor air, transition metal
oxides have been proposed as replacements for precious metals [6]. Among transition metal oxides,
cobalt oxide (Co3O4) shows very high CO oxidation activity in CO/O2 mixtures even at ambient
temperature [7]. Co3O4 is also highly effective for the total oxidation of propane under conditions
relevant for VOC emission control [8]. Moreover, the evasive “holy grail” for catalytic applications is a
precious metal–free catalyst for three-way automobile gasoline exhaust catalysts [9].

It is an essential to disperse the catalytic components on a carrier with a high surface area,
such as Al2O3, TiO2, SiO2, ZrO2, or SiO2-Al2O3, in order to maximize active sites available for
reactants. Furthermore, supported catalysts are deposited (as washcoats) on high cell density monoliths
(ceramic and metal) to minimize pressure drop and volume relative to packed beds [2]. Niobium
pentoxide (Nb2O5) has been reported to show strong metal support interaction (SMSI) with certain
metals [1,10,11]. However, no commercial VOC applications that include Nb2O5 are known.

The goal of this study was to investigate Nb2O5’s promoting effects on base metal catalysts for CO
and propane oxidation. Nb2O5 has the ability to form defect structures with oxygen vacancies when
combined with base metal oxide materials to enhance catalytic activity [12,13]. The active oxidation
state for cobalt is +3 in Co3O4 and has been reported to be a prime candidate for precious metal
replacement in VOC applications due to its high catalytic activity [14,15]. Retaining Co in the active
+3 state will enhance its thermal stability. The current study was designed to further explore the
performance of Co supported on Nb2O5 and to investigate whether other transition metal oxides
combined with Nb2O5 could also have a beneficial effect for VOC applications. This feasibility study
compared the oxidation performance of Co3O4/Nb2O5 with traditional Co3O4/Al2O3. Furthermore,
the study expanded to evaluate other base metal oxides such as iron oxide (Fe2O3), copper oxide
(CuO), and nickel oxide (NiO), all of which were deposited on Nb2O5 relative to Al2O3 with the aim
to broaden the understanding of the promoting effects of Nb2O5 in VOC applications. Finally, the
catalytic performance of Co3O4/Nb2O5 was compared to that of Pt/γ-Al2O3.

The catalytic protocols used in establishing performance characteristics were fresh and aging
activity tests. Thermal gravimetric analysis (TGA) was used to establish minimum time and
temperature necessary for complete decomposition of precursor to the respective oxides.

2. Result and Discussion

2.1. TGA Results for Precursor of Cobalt (Co)

Thermal gravimetric analysis (TGA) measures the weight change of a material upon heating
in various gaseous environments. Figure 1 shows the TGA results of three samples: the
precursor Co(NO3)2·6H2O, the impregnated precursor on carriers, 6% Co(NO3)2/Nb@800 (the term
Nb@800 = pre calcination temperature of Nb2O5 at 800 ◦C in air for 2 h), 6% Co(NO3)2/Al@800 (pre
calcination of Al2O3 in air for 2 h). The precursor Co(NO3)2·6H2O decomposes completely to Co3O4 at
about 300 ◦C where no additional weight loss occurs [16] upon continued heating as shown in Figure 1.
The impregnated catalysts also achieve constant weight at 300 ◦C. Thus, all impregnated catalysts
were calcined at 300 ◦C. The cobalt oxide content was 6% by weight on supported carriers.
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Figure 1. Thermal gravimetric analysis (TGA) tests for the decomposition of the Co(NO3)2·6H2O
and impregnated catalysts Co(NO3)2/Nb@800 and Co(NO3)2/Al@800. Both Nb2O5 and Al2O3 were
pre-calcined at 800 ◦C for 2 h in air. The supported catalysts were prepared to give 6% cobalt oxide.

2.2. Preparative Details of Co/Nb and Co/Al

2.2.1. Pre-Calcination Temperature of Carriers Nb2O5 and Al2O3

Nb2O5 has different crystal phases at different temperature [17]. The pre-calcination temperature
affects the crystal phase of Nb2O5, which in turn affects the chemical and physical properties of Nb2O5.
The structure of Al2O3 is similarly affected. The monohydrate and tri-hydrate alumina structures
change as a function of the temperature (◦C) in air [18]. The impact of pre-calcination temperature on
carriers and final catalysts were therefore explored.

All carriers were pre-calcined at specified temperatures for 2 h in air. After pre-calcination of the
carriers, Co(NO3)2·6H2O was deposited on each carrier and calcined at 300 ◦C in air for 2 h to give
6% Co@300/Nb and 6% Co@300/Al. This nomenclature indicates 6% cobalt oxide calcined at 300 ◦C
after deposited on Nb2O5 or Al2O3.

Table 1 demonstrates catalytic performances of fresh catalysts of 6% Co/Nb with different
pre-calcination temperatures of Nb2O5. In Table 1, all carriers were Nb2O5 pre-calcined from 500 ◦C to
900 ◦C. T20, T50 and T90 values (temperature for 20%, 50% and 90% conversion) are compared. T20

and T50 are indicative of chemical kinetic control, while T90 often reflects some pore diffusion control.
It is clear that Co on Nb@700 and Nb@800 show better catalytic performance of CO oxidation with the
Nb@800 showing the best performance.

Table 1. Six percent Co@300/Nb with the number following @ = pre-calcination temperatures of the
carrier for CO oxidation.

Catalyst T20 (◦C) T50 (◦C) T90 (◦C)

6% Co@300/Nb@500 190 200 220
6% Co@300/Nb@700 150 155 160
6% Co@300/Nb@800 130 145 160
6% Co@300/Nb@900 130 155 185

Table 2 provides catalytic results of fresh 6% Co/Al with different pre-calcination temperatures of
Al2O3. The T20, T50 and T90 indicate that Al@800, pre-calcined at 800 ◦C, yielded the best results.
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Table 2. Six percent Co/Al with @ = pre-calcination temperatures of the carrier for CO oxidation.

Catalyst T20 (◦C) T50 (◦C) T90 (◦C)

6% Co@300/Al@500 205 225 245
6% Co@300/Al@700 200 215 -
6% Co@300/Al@800 185 205 240
6% Co@300/Al@900 215 240 270

One can conclude that the optimal pre-calcination temperature for both Nb2O5 and Al2O3

was 800 ◦C. Therefore, both Nb2O5 and Al2O3 were pre-calcined at 800 ◦C for all experiments
conducted henceforth.

Further, Figure 2 compares the activity of cobalt catalysts as a function of the pre-calcination
temperature of the two carriers. Clearly, 6% Co@300/Nb@800 yielded the best performance of all for
CO oxidation.

 

Figure 2. Six percent Co@300/Nb@800, 6% Co@300/Nb@500, 6% Co@300/Al@800 and 6%
Co@300/Al@500 for CO oxidation. Both Nb@800 and Al@800 were pre-calcined at 800 ◦C for 2 h in air,
and both Nb@500 and Al@500 were pre-calcined at 500 ◦C for 2 h in air. All four impregnated catalysts
were calcined at 300 ◦C for 2 h in air. Gas composition: CO 1.5 vol %; O2 14.5 vol %, N2 84 vol %.
Catalysis volume: 0.1 mL; GHSV: 64,800 (h−1).

To further quantify the advantages offered by fresh 6% Co@300/Nb@800 relative to fresh
6% Co@300/Al@800 turn over frequencies (TOF) are presented in Table 3 for different temperatures.

T =

( gram
hr o f CO

)•( f ractional conversion o f CO)

gram o f Co3O4

Table 3. Turnover Frequencies (TOF) for CO oxidation for fresh 6% Co@300/Nb@800 relative to fresh
6% Co@300/Al@800.

Catalyst
TOF@150 ◦C
(h−1 × 105)

TOF@170 ◦C
(h−1 × 105)

TOF@190 ◦C
(h−1 × 105)

TOF@210 ◦C
(h−1 × 105)

6% Co@300/Nb@800 897.8 1508 1508 1508
6% Co@300/Al@800 53.48 129.9 496.6 1241
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2.2.2. Catalytic Performance of Fresh and Aged Co Catalysts for CO Oxidation

Based on the data in Tables 1–3, the pre-calcination temperature of carriers was set at 800 ◦C with
the precursor decomposition at 300 ◦C for 2 h in air.

Figure 3 shows that fresh 6% Co@300/Nb@800 outperforms fresh 6% Co@300/Al@800 for
CO oxidation over the entire conversion-temperature profile including the kinetic control regime
up to fractional conversion approaching of 1.0 (100% conversion). Catalytic performance of each
catalysts aged at 400 ◦C for 12 h in reaction gases is also shown in this figure. This temperature
is approximately the maximum experienced in abating VOC from some stationary chemical plants.
Clearly, 6% Co@300/Nb@800 outperformed its counterpart however, both catalysts suffered some
deactivation after aging. Six percent Co@300/Nb@800 seemed to experience some reaction rate limited
by pore diffusion (slightly lower slope at T50 region), while the chemical kinetic control region (T20)
was not affected. For 6% Co@300/Al@800 both kinetic control (T20 region) and pore diffusion control
(T50 region) were negatively affected as evidenced by the large shift to higher temperature and the
decrease in their respective slopes. One can speculate that the shift to higher temperature and a slightly
lower slope reflects a loss of accessibility to the Co active sites due to its reaction rate limited by
pore diffusion.

 

Figure 3. Fresh 6% Co@300/Nb@800, aged 6% Co@300/Nb@800, fresh 6% Co@300/Al@800 and aged
6% Co@300/Al@800 for CO oxidation. Aging was conducted at 400 ◦C for 12 h with reaction gases
flowing. Gas composition: CO 1.5 vol %; O2 14.5 vol %, N2 84 vol %. Catalysis volume: 0.1 mL; GHSV:
64,800 (h−1).

2.3. Various Loadings of Co3O4 Supported on Nb2O5

2.3.1. Catalysts with Various Co3O4 Loadings: Propane Oxidation

Various Co3O4 loadings were studied to optimize Co3O4 content. The oxidation of propane
was used as the metric because it is more difficult to oxidize than CO. In Figure 4 (left), three fresh
catalysts with cobalt contents, 1%, 3%, and 6% are compared. All three completed propane oxidation
up to 400 ◦C. Not surprisingly 6% Co@300/Nb@800 shows the best catalytic performance. The
sensitivity of performance to cobalt loading confirms that the activity is in the kinetic regime suitable
for activity comparison.

In Figure 4 (right), all cobalt oxides on niobium oxide were aged at 400 ◦C for 12 h in reaction
propane gas.

Detailed information of these Co@300/Nb@800 are provided in Table 4. It is clear that
6% Co@300/Nb@800 presents the lowest T20, T50, and T90 over the entire conversion profile.
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Figure 4. Fresh Co@300/Nb@800 with loadings of 1%, 3%, and 6%, for propane oxidation (left); aged
Co@300/Nb@800 for propane oxidation (right). Aging was conducted at 400 ◦C with reaction gases for
12 h. Gas composition: C3H8 0.1 vol %, O2 18.9 vol %, N2 81 vol %. Catalysis volume: 0.1 mL, GHSV:
64,800 (h−1).

Table 4. Co@300/Nb@800 with various cobalt loadings for propane oxidation: fresh and aged.

Catalyst T20 (◦C) T50 (◦C) T90 (◦C)

Fresh 6% Co@300/Nb@800 250 280 305
Aged 6% Co@300/Nb@800 290 310 340
Fresh 3% Co@300/Nb@800 260 270 310
Aged 3% Co@300/Nb@800 285 320 360
Fresh 1% Co@300/Nb@800 290 315 345
Aged 1% Co@300/Nb@800 315 355 390

2.3.2. Propane Oxidation with and without Moisture

Results for both fresh 6% Co@300/Nb@800 and 6% Co@300/Al@800, are presented in Figure 5.
Once again, the superiority of fresh 6% Co@300/Nb@800 relative to the baseline 6% Co@300/Al@800
is demonstrated.

 

Figure 5. Fresh and aged 6% Co@300/Nb@800 and 6% Co@300/Al@800 for propane oxidation. Aging
was conducted at 400 ◦C with reaction gases for 12 h. Gas composition: C3H8 0.1 vol %, O2 18.9 vol %,
N2 81 vol %. Catalysis volume: 0.1 mL, GHSV: 64,800 (h−1).

Moisture (from upstream combustion) is always present and typically has a poisoning or
inhibiting effect on the performance of the catalyst. Tests were conducted with a feed containing 5%
H2O (steam) for both 6% Co@300/Nb@800 and 6% Co@300/Al@800. In Figure 6, fresh and aged
6% Co@300/Nb@800 and 6% Co@300/Al@800 are compared for propane oxidation with 5% H2O
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present. 6% Co@300/Nb@800 retains much of its activity, and is far more resistant to deactivation than
6% Co@300/Al@800. However, moisture does inhibit 6% Co@300/Nb@800, but far less than for the
6% Co@300/Al@800.

 

Figure 6. Fresh and aged 6% Co@300/Nb@800 and 6% Co@300/Al@800 for propane oxidation with
moisture. Aging test was conducted at 400 ◦C with reaction gases for 12 h. Gas composition with H2O
5 vol %, C3H8 0.1 vol %, O2 17.85 vol %, N2 77.05 vol %. Catalysis volume: 0.1 mL, GHSV: 64,800 (h−1).

This figure also demonstrates the obvious advantage of 6% Co@300/Nb@800 over
6% Co@300/Al@800 when both catalysts were aged for 12 h in feed gas containing H2O at 5 vol %.
The aged 6% Co@300/Al@800 lost the majority of its active sites achieving only about 40% (0.4)
conversion at 400 ◦C. Aged 6% Co@300/Nb@800 showed significant catalytic activity even after being
aged in steam containing reaction gas at 400 ◦C for 12 h.

2.4. Comparison of Co3O4 and Pt for Propane Oxidation

The state of the art catalyst used in VOC abatement is typically 1% Pt/Al2O3. For the purpose of
a practical application, the behavior of 1% Co@300/Nb@800 and 6% Co@300/Nb@800 was compared
with 1% Pt/Nb@800 and 1% Pt/Al@800 for propane oxidation. The result shown in Figure 7 (left)
indicates that 6% Co@300/Nb@800 shows a performance advantage over 1% Pt@500/Nb@800 and
1% Pt@500/Al@800. Some advantage for 1% Co@300/Nb@800 is noted at both low and higher
conversions however, diffusional effects may be operative. 1% Pt@500/Nb@800 shows no advantage
over 1% Pt@500/Al@800. Figure 7 (right) shows results of 1% Co@300/Nb@800, 6% Co@300/Nb@800
and 1% Pt@500/Nb@800 subjected to aging test at 400 ◦C for 12 h in air. The 6% cobalt system
suffers slightly, relative to the Pt system, at light off but recovers its performance advantage as 100%
conversion is approached. From these encouraging results, monolith-supported catalysts will be
prepared in the future and comparison extended closer to an actual system.

Tables 5 and 6 exhibit T20, T50, and T90 of Co catalysts and Pt catalysts showed in Figure 7.
The advantages 6% Co@300/Nb@800 over 1% Pt@500/Nb@800 are clear to see.

Table 5. T20, T50, and T90 of fresh Co catalysts and Pt catalysts for propane oxidation.

Catalysts T20 (◦C) T50 (◦C) T90 (◦C)

6% Co@300/Nb@800 250 280 305
1% Co@300/Nb@800 290 315 345
1% Pt@500/Nb@800 275 325 370
1% Pt@500/Al@800 275 340 370
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Figure 7. Fresh cobalt oxide catalyst and fresh platinum catalyst for propane oxidation (left); aged
cobalt oxide and aged platinum on niobium oxide for propane oxidation (right). Impregnated platinum
catalysts were calcined at 500 ◦C. Aging was conducted at 400 ◦C with reaction gases for 12 h. C3H8

0.1 vol %, O2 18.9 vol %, N2 81 vol %. Catalysis volume: 0.1 mL; GHSV: 64,800 (h−1).

Table 6. T20, T50, and T90 of aged Co catalysts and Pt catalysts for propane oxidation.

Catalysts T20 (◦C) T50 (◦C) T90 (◦C)

6% Co@300/Nb@800 290 310 340
1% Co@300/Nb@800 315 355 390
1% Pt@500/Nb@800 290 335 375

2.5. Other Base Metal Oxides for Propane Oxidation

Based on the encouraging results with 6% Co@300/Nb@800 for both CO and C3H8 the study was
expanded to include nickel (Ni), copper (Cu) and iron (Fe) each deposited on Nb@800 and Al@800.
A comparison is shown in Figure 8 (left) for propane oxidation. All four base metal oxides were
prepared with a loading of 6% on Nb@800. It is clear that Co3O4 on Nb2O5 has lowest light-off and
full oxidation performance. Aging for 12 h at 400 ◦C in reacting gases also showed the superiority of
the cobalt system. Figure 8 (right) shows results that Nb2O5 has a much greater promoting effects on
Co3O4 than on NiO.

 
Figure 8. Different metal oxides (6%) on Nb@800 for propane oxidation (left); 6% Co3O4 and 6% NiO on
different carriers for propane oxidation (right). The iron catalysts were calcined at 300 ◦C, impregnated
nickel catalysts were calcined at 350 ◦C, and impregnated copper catalysts were calcined at 400 ◦C.
C3H8 0.1 vol %, O2 18.9 vol %, N2 81 vol %. Catalyst volume: 0.1 mL; GHSV: 64,800 (h−1).
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2.6. Cobalt Oxide Catalyst Characterization

BET Tests for Catalysts and Carriers

Surface area of the carrier is among the most fundamentally important properties in catalysis
because the active sites are present or dispersed throughout the internal surface through which
reactants and products are transported [2]. Quantachrome ChemBET Pulsar TPR/TPD is used to
measure surface area of Al2O3 and Nb2O5.

A 50 mg sample is used for Al2O3 and 6% Co3O4/Al2O3; 200 mg sample is used for Nb2O5 and
6% Co3O4/Nb2O5. Figure 9 shows that Nb2O5 pre-calcined at 500 ◦C has a surface area of 53 m2/g.
When pre-calcined at 700 ◦C, Nb2O5 has a surface area decrease to 5 m2/g, while at 800 ◦C it, decreased
to 2 m2/g. Meanwhile, Al2O3 has a 100 times larger surface area than Nb2O5. After pre-calcined at
800 ◦C Al2O3 still has a surface area of about 120 m2/g. Nb2O5 has no surface area stability advantages
over Al2O3, indicating some other interaction of Nb2O5 and Co3O4 gives rise to the enhancement of
activity. In Figure 10 (left), when 6% Co3O4 is impregnated onto Nb2O5, the total surface area increases.
But the final surface area is still very small compared to the surface area of Al2O3. Figure 10 (right)
shows no change in surface area after Co impregnation.

 

Figure 9. Surface area of Al2O3 and Nb2O5 pre-calcined at different temperatures. BET test was
conducted on Quantachrome ChemBET Pulsar TPR/TPD carrier gas is 30% N2/He.

 

Figure 10. Comparison between Co3O4/Nb2O5 and Nb2O5 (left); comparison between Co3O4/Al2O3

and Al2O3 (right). BET test was conducted on Quantachrome ChemBET Pulsar TPR/TPD, carrier gas
is 30% N2/He.
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3. Materials and Methods

3.1. Carrier Preparation

Niobium Oxide Hydrate (Nb2O5·5H2O) was received from CBMM Brazil (Sao Paolo, Brazil).
Alumina (gamma-Al2O3) was provided by BASF (Iselin, NJ, USA). Both Nb2O5 and Al2O3 were
pre-calcined at various temperatures prior to deposition of cobalt nitrate hydrate (Co(NO3)2·6H2O).

3.2. Catalyst Preparation

Incipient wetness was used for metal impregnations. In order to determine the required volume
to fill the pores, water was slowly added to the calcined carrier until saturation was achieved.
The precursor salt was dissolved in this precise amount of water, which was then added to the
carrier. It was dried in air at 130 ◦C for one hour and then calcined in air to various temperatures as
shown in the Results and Discussion section.

3.2.1. Co-Containing Catalyst Preparation

The cobalt nitrate impregnated catalyst was dried at 130 ◦C for 1 h in air to remove all the water
and then calcined at 300 ◦C in air to completely decompose the precursor salt for 2 h. The heating rate
was 10 ◦C/min. Cobalt catalysts were prepared with loadings from 1%, 3% to 6% on both carriers.
Percentages are based on the metal oxide component.

3.2.2. Pt-Containing Catalysts Preparation

A water soluble platinum amine salt, which is alkali and halide free, provided by BASF (Iselin,
NJ, USA), was used for preparation of the Pt catalyst using incipient wetness. 1% Pt/Nb2O5 and
1% Pt/Al2O3 were prepared with the 800 ◦C pre-calcined carriers. Drying was accomplished 130 ◦C in
air and the final calcination at 500 ◦C for 2 h in air at a heating rate of 10 ◦C/min.

3.3. Reactor Test

3.3.1. Reactor Preparation

The 0.1 mL (about 0.08–0.09 g) of finished catalyst was uniformly mixed with about 0.75 g of
diluent quartz to maintain the bed temperature approximately constant. Air and propane (1% C3H8 in
N2 were introduced into the reactor. The reactor quartz tubing was 10.5 mm (ID) × 12.75 mm (OD)
with a length of 50 cm with XC-course quartz frit provided by Quartz Scientific, Inc. Harbor, OH, USA
to support the catalyst.

3.3.2. Reactor Gas Flow Rate

The volume of catalyst used for all experiments was 0.1 mL and the total volumetric flow rate
was 108 mL/min. Thus the GHSV was set at 64,800 h−1.

GHSV =
Flow Rate (STP)
Catalyst Volume

=
108 mL/min

0.1 mL
= 1080 min−1 = 64, 800 h−1

Reactor Gas Flow without Steam for CO Oxidation

21% O2/N2 with flow rate 75 mL/min and 4.94% CO/N2 with flow rate 33 mL/min was used
as reactant gases. Flow rates are measured at room temperature of 25 ◦C and pressure of 1 atm. The
GHSV here is: 64,800 h−1. Rotameters were calibrated with a soap film bubble meter and used to
control flow rates.
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Reactor Gas Flow without Steam for Propane Oxidation

21% O2/N2 at flow rate of 97.2 mL/min and 1% C3H8/N2 at a flow rate of 10.8 mL/min was
used as reactant gases giving C3H8 = 0.1% C3H8 or 1000 ppm. All flow rates were measured at room
temperature of 25 and pressure of 1 atm. The GHSV here was: 64,800 h−1. Rotameters were calibrated
with a soap film bubble meter and used to control flow rates.

Reactor Gas Flow with Steam for Propane Oxidation

Twenty-one percent O2/N2 at a flow rate of 91.8 mL/min, 1% C3H8/N2 at a flow rate of
10.8 mL/min and H2O (steam) was introduced giving a flow rate of 5.4 mL/min. This gives 0.1% C3H8

with 5% steam and balance air. Liquid water was injected into the reactor connected into a heated
transfer line. The heating tape was set at 150 ◦C; sufficiently high to generate a homogenous gaseous
mixture. The GHSV here is 64,800 h−1. Rotameters were calibrated with a soap film bubble meter and
used to control flow rate.

3.4. Data Management

3.4.1. Data Acquisition

Catalytic oxidations were carried out in a fixed-bed quartz flow reactor at atmospheric pressure.
A cold trap was placed at the outlet to condense water produced during the reaction prior to entering
the gas chromatography (GC). Effluent gases of O2, CO, CO2, C3H8 and N2 were analyzed by the
micro GC. The temperature of the catalyst bed was measured by a K-type thermocouple and controlled
by Omega CN7800 series temperature controller. An INFICON 3000 Micro GC, East Syracuse, NY,
USA was used to analyze gas composition. Five single runs were conducted at each temperature.
The GC was calibrated using 4 different certified standard gases before measurement.

3.4.2. Data Processing

Raw data from the GC was managed and analyzed in Excel to obtain plots of conversion
as a function of temperature. The inlet catalyst temperature was increased and held until steady
conversion was achieved. The temperature was controlled by a thermocouple located inside the reactor
immediately above the catalyst inlet and connected to the MELLEN TEMPERATURE CONTROLLER.
The temperature was increased in increments of 10 ◦C and the conversion measured.

Conversion of CO and C3H8 oxidation at each temperature point is as follows:

CO(Conversion)% =
CO(initial) − CO(exit)

CO(inital)
× 100% (3)

C3H8(Conversion)% =
C3H8(initial) − C3H8(exit)

C3H8(initial)
× 100% (4)

The oxidation reaction of CO and C3H8 to CO2 is as follows:

CO +
1
2

O2 → CO2 (1)

C3H8 + 5O2 → 3CO2 + 4H2O (2)

3.5. Aging Test

The aging temperature was maintained at 400 ◦C for 12 h in the reactant gases, followed by the
generation of a conversion vs. temperature profile.
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4. Conclusions

The pre-calcination temperature of the Nb2O5 carrier of 800 ◦C with cobalt calcined at 300 ◦C
gives the best fresh and aged performance for both CO and propane oxidation. Nb2O5 shows
a significant advantage over Al2O3 as the carrier. Six percent Co@300/Nb@800 has better fresh
catalytic performance, higher thermal stability and greater resistance to steam than its counterpart,
6% Co@300/Al@800. Co3O4/Nb2O5 demonstrates increasing catalytic performance with Co3O4

loading from 1% to 6%. 6% Co@300/Nb@800 outperforms 1% Pt@500/Nb@800 for both fresh and
aged states. Nb2O5 promotes Co3O4 and fresh NiO. However there is no advantage for CuO and
Fe2O3 compared to the traditional Al2O3 carrier. Additionally, 6% Ni@350/Nb@800 has poor thermal
stability relative to 6% Co@300/Nb@800. Therefore, 6% Co@300/Nb@800 is a viable candidate for
replacing 1% Pt@500/Al@800 even though some small decrease in GHSV may be necessary to insure
equal performance. However, this will not negatively affect the cost advantage of Co3O4 compared to
Pt-containing catalysts. Naturally, candidate catalysts must be deposited on monolith and subjected to
real VOC feed streams before a definitive recommendation can be made regarding replacement for Pt.
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Abstract: The regulation of the interaction between H2O2 and its catalysts is a promising route
to achieve high productivity and selectivity towards H2O2. Herein, mesoporous anatase/TiO2(B)
whisker (mb-TiO2) modified with heterogeneous carbon was prepared as the support of Pd-based
catalysts for the direct synthesis of H2O2. The morphology and structure of the catalyst
were investigated by transmission electron microscopy, X-ray diffraction, Raman spectroscopy,
Brunner-Emmet-Teller measurements, and X-ray photoelectron spectroscopy. The interaction between
H2O2 and the support was studied by isothermal calorimeter. The carbon heterogeneous modification
can weaken the interaction between H2O2 and the support, then accelerate the desorption of H2O2

and reduce the re-adsorption of H2O2 in the reaction medium. Meanwhile, the synergistic effects
between TiO2 and Pd nanoparticles are not influenced by the heterogeneous carbon distribution.
The catalyst exhibits better performance for the synthesis of H2O2 compared with the corresponding
unmodified catalyst; the productivity of H2O2 increases more than 40%, which can be ascribed to the
decrease of further H2O2 conversion under the weakened interaction.

Keywords: direct synthesis of H2O2; mesoporous anatase/TiO2(B) whisker; carbon modification;
palladium; H2O2 desorption; isothermal microcalorimetry

1. Introduction

As a green and excellent oxidant, hydrogen peroxide (H2O2) has been widely applied in the
pulp/paper industry, water purification, and chemical synthesis [1]. With the increasing demand
for H2O2 in the international market, the direct synthesis of H2O2 from hydrogen and oxygen is
believed to be a promising route because of its remarkable advantages [2–7], such as its lower levels of
environmental pollution and lower cost. However, three inevitable side reactions in the direct synthesis
process, including the combustion of H2 and the hydrogenation/decomposition of H2O2, reduce the
productivity and selectivity towards H2O2, which is the major drawback of this process [2,4,8].

The surface property of the support has been proved to have an important effect on the
performance of H2O2 synthesis. For example, the hydrophilic/hydrophobic moderation of the support
is an efficient approach to improve the catalytic activity. As early as the 1970s, Pd catalysts supported
on more hydrophobic materials were prepared to improve the productivity of H2O2 [9]. Hu et al.
came to similar conclusions; they speculated further that more hydrophilic support might increase the
re-adsorption of H2O2, resulting in the further conversion of H2O2 and the lower selectivity of H2O2

synthesis [8]. In addition, the crystal phase of the support surface can also lead to the enhancement of
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catalytic performance by the suppression of side reactions. TiO2 is a promising candidate support for
H2O2 synthesis and has been widely studied [10–12]. According to our previous work with assistance
from molecular dynamic simulations [13], it has been indicated that introducing the proper amount of
TiO2(B) phase in the catalyst surface can accelerate the desorption of H2O2 from the catalyst due to
the weak interaction between H2O2 and TiO2(B), and consequently improve the productivity of H2O2

over Pd-TiO2(B)/anatase catalyst.
In fact, the interaction between H2O2 and the support is the origin of the support effect according

to the analysis mentioned above, and the selectivity and productivity of H2O2 is thus influenced by
the moderation of the interaction between H2O2 and the support. Carbon-modified TiO2 has been
proved to weaken the adsorption of polar molecules and accelerate their transfer [14]. Meanwhile,
the carbon modification method is facile, inexpensive, and minimally changes the structure of supports.
Herein, we fabricated a heterogeneous carbon-modified catalyst for the direct synthesis of H2O2

on the basis of mesoporous anatase/TiO2(B) whisker (mb-TiO2). mb-TiO2 whisker with excellent
performance in various catalytic systems has been successfully prepared in our previous work [15–18].
Carbon heterogeneous surface modification can regulate the adsorption of H2O2 on the catalyst surface
without changing the strong synergy between active sites and TiO2. The experimental results showed
that the Pd-supported, carbon-modified mb-TiO2 (C-mb-TiO2) catalyst exhibited higher productivity
and selectivity towards H2O2 compared with the unmodified Pd/mb-TiO2 catalyst. X-ray diffraction
(XRD), Raman spectra, transmission electron microscopy (TEM), X-ray photoelectron spectroscopy
(XPS), and isothermal microcalorimeter (IMC) characterization techniques were applied to analyze the
structure–performance relationship.

2. Results and Discussion

2.1. Structural Characterization of the Catalysts

Figure 1 shows the XRD and Raman patterns of mb-TiO2, C-mb-TiO2, and the corresponding
Pd-supported catalysts. Five distinct diffraction peaks are assigned to anatase phase of TiO2

(JCPDF 21-1272) [19]. Meanwhile, the weak observed peaks at 2θ of 14.3◦, 28.7◦ and 43.6◦ correspond
to (001), (002) and (003) of TiO2(B) phase (JCPDF 35-0088) [20]. Evidently, no extra diffraction
peaks of carbon can be found in C-mb-TiO2, which implies that either the amount of carbon is
too little or the generated carbon is amorphous [21]. In addition, the diffraction peaks for Pd are
indistinguishable, which may be caused by the low content or good dispersion, as previously
reported [22]. The bicrystalline structure was also confirmed by Raman spectra. Peaks at 234 cm−1,
431 cm−1 and 469 cm−1 are all indexed to the TiO2(B) phase [13]. The specific crystal structure has
been explored in our previous work [15]. As shown in Figure 1b, two Raman bands located at
1300–1450 cm−1 (D-band) and 1500–1650 cm−1 (G-band) are only observed in C-mb-TiO2 rather than
mb-TiO2, which verifies the existence of carbon species on the surface of C-mb-TiO2 [8]. The TG
analysis shows that the content of carbon species of C-mb-TiO2 is less than 1 wt % (seen in Figure S2),
and only about one third of mb-TiO2 surface is covered by the introduced carbon species according to
our previous calculation [14].

N2 adsorption-desorption isotherms were measured at 77 K to characterize the physical and
chemical properties of supports and corresponding catalysts, as shown in Figure 2. The typical type IV
isotherms according to IUPAC classification are observed for all samples, indicating the presence of
a mesoporous structure [17]. The corresponding pore size distribution curves (seen in Figure 2) show
a narrow distribution ranging from 5 to 9 nm with a maximum around 7 nm for all samples. Details
about the BET surface area and average pore volume/size are summarized in Table 1. It can be seen
that the surface area and pore volume of C-mb-TiO2 are nearly identical to that of mb-TiO2, indicating
that almost nothing has changed in the initial structure of mb-TiO2 after the carbon modification.
Both the average pore size and the pore volume decrease after loading with Pd, which can be ascribed
to the adhesion of metallic Pd nanoparticles inside the pores.
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Figure 1. (a) XRD pattern and (b) Raman spectra of the samples. (� anatase, TiO2(B)).

Figure 2. N2 adsorption-desorption isotherms and the pore-size distribution of the samples.

Table 1. Structural properties of the supports and catalysts.

Sample Surface Area (m2·g−1) Pore Volume (cm3·g−1) Average Pore Size (nm)

mb-TiO2 82.2 0.22 10.5
C-mb-TiO2 81.8 0.22 10.4

Pd/mb-TiO2 78 0.20 10.2
Pd/C-mb-TiO2 79 0.19 10.1

To obtain more information about the surface morphology, the samples were characterized by SEM
and HRTEM. Figure S1 shows the SEM images of C-mb-TiO2, which is fibrous whisker with a uniform
width of 300–400 nm, and the morphology shows little change from the mb-TiO2. The structure of
Pd-supported C-mb-TiO2 was further studied by HRTEM and ED mapping. Well-crystallized TiO2(B)
can be observed in Figure 3a; the nanocrystal with lattice fringes of 0.38 nm is assigned to d003 of
TiO2(B) facet, and the lattice fringe spacing of 0.35 nm corresponds to d101 of anatase [15], with the
majority being the anatase phase. Furthermore, we find that the evident anatase phase is covered
by a thin area without crystal lattice fringes (see the two yellow dot lines in Figure 3b), which can
be ascribed to the generated amorphous carbon species [21], and is consistent with the results of the
Raman analysis. Figure 3c shows that the Pd particles are closed to the carbon and anatase phases,
but it is difficult to obtain the accurate positioning of Pd from HRTEM images. The loading of Pd is
confirmed by elemental mapping, as shown in Figure 3d. The blue regions represent the presence of
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Pd on the surface of TiO2 in the TEM maps. The relatively low levels of carbon cannot be distinguished
due to the external introduction of the carbon source during the testing process. The average particle
size of Pd on C-mb-TiO2 (11.2 nm) is very close to that on mb-TiO2 (10.5 nm), indicating that the size
effect of the Pd particles can be ignored.

 

Figure 3. TEM images of the samples: (a–e) Pd/C-mb-TiO2 and (f) Pd/mb-TiO2; (d) Elemental Pd and
Ti maps of Pd/C-mb-TiO2.

Figure 4 shows the Pd3d core-level spectra of the fresh catalysts. The binding energies at 336.6
and 341.9 eV are ascribed to Pd2+3d5/2 and Pd2+3d3/2, respectively [23]. The binding energy position
of Pd0 and Pd2+ is unchanged between the two catalysts. The presence of Pd2+ in the fresh reduced
sample is caused by TiO2-assisted partial oxidation of Pd0 when exposed to air. As shown in Table S1,
the ratio of Pd2+/Pd0 of the two catalysts is very similar, indicating that the property of active sites is
not affected by the carbon heterogeneous modification [11,13]. According to the literature focusing on
carbon riveted supported catalysts, the electronic structure of the supported metal would be altered
obviously when the generated carbon species are in intimate contact with metallic particles [24,25].
Therefore, it can be deduced that most of the Pd particles deposit onto the TiO2 phase.

Figure 4. XPS Pd3d spectroscopy of (a) Pd/mb-TiO2 and (b) Pd/C-mb-TiO2.
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2.2. The Adsorption Properties of H2O2 on the Supports

Isothermal calorimeter was used to investigate the adsorption properties of H2O2 on the supports.
The adsorption thermodynamic data was calculated from the calorimetric profile recorded through
in situ monitoring; the actual amount of adsorbed H2O2 was confirmed by the colorimetric method.
Finally, their ratio (the adsorption energy of H2O2) can be used to represent the interaction strength
between H2O2 and the support. The detailed process is described in Electronic Supplementary
Information (ESI). Figure 5 shows the data of the adsorption properties of H2O2 on the support. It can
be seen that the adsorption heat of H2O2 on C-mb-TiO2 is obviously lower than that on mb-TiO2,
meaning that the adsorption of H2O2 on C-mb-TiO2 is weaker. The value of adsorption heat of
H2O2 indicates a reversible physical adsorption. In other words, the generated H2O2 is more easily
desorbed from the C-mb-TiO2 surface and H2O2 in the reaction medium is more difficult to re-adsorb
on the support.

Figure 5. Adsorption heat of H2O2 in the studied TiO2 samples: (a) mb-TiO2 and (b) C-mb-TiO2.

2.3. The Catalytic Activity of the Catalysts

The direct synthesis of H2O2 from H2 and O2 over Pd/mb-TiO2 and Pd/C-mb-TiO2 catalysts were
investigated at 283 K and ambient pressure. As shown in Figure 6a, the conversion of H2 shows little
variation over time, while the selectivity and productivity of H2O2 decrease along with the time for
both catalysts. The Pd/C-mb-TiO2 catalyst exhibits better activity for H2O2 synthesis. The conversion
of H2 over Pd/C-mb-TiO2 is approximately 35% higher than that over Pd/mb-TiO2. The Pd/mb-TiO2

catalyst shows H2O2 productivity of 1933 and 1717 mmol/gPd/h after 0.5 h and 1h, respectively, while
the corresponding productivity on Pd/C-mb-TiO2 is 2848 and 2411 mmol/gPd/h with an improvement
of more than 40%. Meanwhile, the H2O2 selectivity over Pd/C-mb-TiO2 is also promoted by 9% when
compared with that over Pd/mb-TiO2. The analysis above indicates that the catalyst performance
is significantly improved due to the carbon modification. Notably, the catalytic performance of both
the Pd/mb-TiO2 and Pd/C-mb-TiO2 are superior to the Pd/P25 catalyst [4,8,11], which is widely
investigated for the direct synthesis of H2O2.

To further unveil the effect of the support, we also performed the decomposition and
hydrogenation of H2O2 under N2 and N2/H2 atmospheres, respectively, which are the two main side
reactions in the direct synthesis of H2O2. As illustrated in Figure 6b, neither of the catalysts showed
activity for the decomposition of H2O2 in pure N2 flow. When the H2/N2 mixture was fed into the
reactor, the H2O2 was catalytically hydrogenated to form H2O, demonstrating that the hydrogenation
of H2O2 is mainly responsible for the productivity and selectivity in this system. Similar results
have also been observed for Pd/P25 [26]. Furthermore, it is observed that Pd/C-mb-TiO2 exhibits
much lower hydrogenation rate than Pd/mb-TiO2. Willock et al. suggested that the production of
H2O2 takes place at the interface between the particle and TiO2 [27]. Therefore, it is reasonable for
us to assume that the properties of both active sites and supports have great impact on the catalytic
synthesis of H2O2. Additionally, in our previous work, we confirmed that the accelerated desorption of
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H2O2 from the support can decrease the hydrogenation rate of H2O2 and then improve the selectivity
towards H2O2 over the corresponding catalyst [13]. As mentioned above, the presence of carbon
species can significantly weaken the interaction between H2O2 and the catalyst under the premise
of similar property of active sites. Therefore, it can be concluded that the weaker interaction can
reduce the concentration of H2O2 on the surface of the catalyst and then decrease the hydrogenation
rate of H2O2. In addition, the improvement of H2O2 desorption can provide more reactive sites for
H2O2 formation. As a result, the enhanced selectivity of H2O2 and the conversion of H2 improve the
productivity of H2O2.

Figure 6. (a) H2 conversion, H2O2 selectivity and productivity, and (b) decomposition and
hydrogenation of H2O2 over Pd/mb-TiO2 and Pd/C-mb-TiO2. (Blue color indicates Pd/C-mb-TiO2,
purple color indicates Pd/mb-TiO2. Filled triangles: H2 conversion. Open circles: H2O2 selectivity.
Histogram: H2O2 productivity).

3. Materials and Methods

3.1. Synthesis of Carbon-Modified TiO2 Whisker

First, the mesoporous and bicrystalline TiO2 whisker was prepared according to our previous
report [15]. Briefly, K2Ti2O5 was suspended in 0.1 M H2SO4 solution with vigorous stirring to form
H2Ti2O5. The suspension was filtered and washed, following which it was dried at 353 K under
vacuum and then calcinated at 723 K for 2 h in muffle to obtain mesoporous and bicrystalline TiO2

whisker. The final catalyst was denoted as mb-TiO2.
The carbon-modified mb-TiO2 was prepared as follows [14]. 1 g of mb-TiO2 was dispersed in

20 mL of dichloromethane containing 0.377 g of benzenephosphonous acid. After stirring for 24 h,
the precipitation was filtered and washed with water/acetone (50/50 by volume) solution, and then
dried in an oven at 373 K. The dried sample was treated at 673 K in Ar gas flow for 4 h and denoted as
C-mb-TiO2.

3 wt % Pd-supported catalysts were prepared by incipient wetness impregnation. A certain
amount of PdCl42− solution was slowly dropped into the support under stirring. The paste was left in
natural environment for 4 h, following which it was dried at 383 K overnight. Prior to the reaction,
all the catalysts were reduced at 573 K in H2 (40 mL·min−1) for 1 h. For comparison, commercial
titania (P25, Degussa Co., Frankfurt am Main, Germany) was loaded with Pd using the same method.

3.2. Catalyst Characterization

X-ray diffraction (XRD) Spectrogram was collected on a D8 Advance X-ray diffractometer
operating at a 40 kV with a current of 100 mA with Cu-Kα radiation. The data was collected in the 2θ
range from 5◦ to 60◦ at a rate of 0.2 s step−1. Raman spectroscopy (Horiba HR 800) with a multichannel
air-cooled CCD camera detector was employed to determine the surface crystal phases of supports
using a 514.5 nm He-Cd laser beam. Nitrogen adsorption/desorption at −196 ◦C were achieved by
using the TriStarII 3020M machine (Micromeritics Instrument Co., Atlanta, GA, USA). Surface area was
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calculated by the BET method; pore volume was determined by N2 adsorption at a relative pressure
of 0.99. The Pd content of the catalysts was confirmed by ICP-AES (PerkinElmer Co., Waltham, MA,
USA). SEM for the morphology of catalyst samples was taken by an America Quanta200 environmental
scanning electron microscope. The information of dispersion and size of Pd nanoparticles were obtained
by high-resolution transmission electron microscopy (HRTEM) performed on a Japan JEM-2100 at
200 kV. XPS was recorded by an AXIS UltraDLD spectrometer with the monochromatic Al Ka X-ray
source. The interaction between H2O2 and the support was characterized on a TAM air Calorimeter
from TA Instruments.

3.3. Catalytic Reaction

The direct synthesis of H2O2 was performed under atmosphere pressure in a glass tri-phase reactor.
The reagent gases (H2/O2/N2 = 9:36:15) with a total flow rate of 60 mL/min were premixed in a steel
mixer, and then introduced into the reactor via a frit fixed at the bottom. The temperature of 60 mL slurry
containing 50 mg catalyst and 0.38 mL H2SO4 was controlled at 10 ◦C through the water circulated
jacket. Vigorous stirring (950 rpm) was adopted to minimize mass transfer resistance. The outlet of
the reactor was linked to a gas chromatography equipped with a 5A molecular sieve packed column
and a thermal conductivity detector (SP-6890, Rainbow Chemical Instrument Co., Jinan, China), which
helped to continuously analyze the conversion of H2. The concentration of H2O2 in the medium
was determined by the colorimetric method after the complexation with a TiOSO4/H2SO4 reagent
using a UV-vis spectrophotometer (UV-2802S, Unico (Shanghai) Instrument Co., Shanghai, China) at
a wavelength of 400 nm. The selectivity of H2O2 (SH2O2) was calculated from the following formula:

SH2O2 =
rate of H2O2 formation (mol/min)
rate of H2 conversion (mol/min)

× 100% (1)

The reaction of H2O2 hydrogenation and decomposition was also implemented. The process was
similar to that described above except for the initial composition of reaction medium. H2O2 was added
to ethanol solution with the concentration of 0.25 wt %, then the decomposition and hydrogenation
of H2O2 were tested under a flow of pure N2 (60 mL/min) and a flow of H2/N2 (9:51 mL/min),
respectively. The same tests using bare supports or the absence of catalysts were also performed under
the conditions mentioned above.

4. Conclusions

In this work, a simple heterogeneous carbon modification was applied to introduce carbon species
on the surface of mb-TiO2. Pristine mb-TiO2 and carbon-modified mb-TiO2 were used as the supports
of Pd-based catalysts for the direct synthesis of H2O2. The interaction between H2O2 and the supports
was characterized by isothermal microcalorimetry. It was demonstrated that the carbon-decorated
TiO2 exhibited weaker interaction with H2O2 than that achieved with the pristine TiO2. Therefore,
the carbon-modified catalyst can effectively accelerate the desorption of H2O2 from the catalyst surface
and reduce the re-adsorption of H2O2 in the reaction medium, which benefits the decrease of side
reaction and the improvement of H2O2 productivity. Meanwhile, the properties of metallic active
sites are not influenced by the carbon modification. As a result, the Pd/C-mb-TiO2 shows better
performance for the direct synthesis of H2O2 compared with Pd/mb-TiO2. More than 40% increase
in the productivity of H2O2 was achieved, and the selectivity of H2O2 improved by 9%. In addition,
the catalytic performance of both Pd/mb-TiO2 and Pd/C-mb-TiO2 are superior to Pd/P25, which
is widely investigated for the direct synthesis of H2O2. Hence, heterogeneous carbon modification
represents a promising approach to tune the properties of the catalysts, as demonstrated here with
TiO2-supported Pd catalyst for H2O2 synthesis.

Supplementary Materials: The following are available online at www.mdpi.com/2073-4344/7/6/175/s1,
Figure S1: SEM images of (a,b) mb-TiO2 and (c,d) C-mb-TiO2, Figure S2: TG and DSC curves of C-mb-TiO2,
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Figure S3: The scheme of reaction process, Table S1: Quantified XPS data for the surface Pd atoms, Table S2:
Calorimetric measurement of H2O2 adsorption, Table S3: The performance of Pd catalysts for H2O2 synthesis,
decomposition and hydrogenation.
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Abstract: Fe2O3, Co3O4 and NiO nanoparticles were prepared via a citrate method and further
functionalized with Pd by impregnation. The pure oxides as well as Pd/Fe2O3, Pd/Co3O4,
and Pd/NiO (1, 5 and 10 wt % Pd) were employed for catalytic methane combustion under methane
lean (1 vol %)/oxygen rich (18 vol %, balanced with nitrogen) conditions. Already, the pure metal
oxides showed a high catalytic activity leading to complete conversion temperature of T100 ≤ 500 ◦C.
H2-TPR (Temperature-programmed reduction) experiments revealed that Pd-functionalized metal
oxides exhibited enhanced redox activity compared to the pure oxides leading to improved catalytic
combustion activity at lower temperatures. At a loading of 1 wt % Pd, 1Pd/Co3O4 (T100 = 360 ◦C)
outperforms 1Pd/Fe2O3 (T100 = 410 ◦C) as well as 1Pd/NiO (T100 = 380 ◦C). At a loading of 10 wt %
Pd, T100 could only be slightly reduced in all cases. 1Pd/Co3O4 and 1Pd/NiO show reasonable
stability over 70 h on stream at T100. XPS (X-ray photoelectron spectroscopy) and STEM (Scanning
transmission electron microscopy) investigations revealed strong interactions between Pd and NiO as
well as Co3O4, respectively, leading to dynamic transformations and reoxidation of Pd due to solid
state reactions, which leads to the high long-term stability.

Keywords: methane total oxidation; methane slip; methane removal; carbon dioxide; combustion

1. Introduction

Nowadays, methane is being considered as a renewable energy carrier [1]. However, it is a
questionable development since methane possesses a 25 times higher greenhouse gas potential [2],
and low temperature exhaust gas streams from combustion engines contain up to 5000 ppm of
unburned methane [3]. Hence, the reduction of methane emissions is addressed to novel catalysts,
which are highly active at low temperature over time on stream. However, such catalysts are still not
yet available.

Pure oxide catalysts, like perovskites [4], are ineligible due to their high temperature demand.
It is well known that palladium or platinum are the most efficient active components for the complete
oxidation of methane at lower temperature [5]. Particularly, redox active metal oxides can enhance
the catalytic performance of Pd active sites via a Mars–van-Krevelen mechanism [6,7]. Redox active
supports increase the activity of Pd and provide an enhanced stability on stream [8–11]. Moreover,
nanoscale catalysts offer a higher interface and more efficiency for the exhaust gas catalysis [12].
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The catalytic activity of Pd is size dependent and increases with increasing particle size due to
weakening of the Pd-O bonding [13]. Hoffmann et al. found that a retained redox activity of surface
CeO2 can further enhance the catalytic activity and stability [14]; however, at T100, slight activity loss
over the first hours on stream was observed.

Huge differences in methane activation abilities have been observed for Pd functionalized Fe, Co
and Ni oxides. The reported temperatures of complete combustion differ tremendously by several
hundred degrees centigrade, e.g., T100 = 365 ◦C for (1 wt %) Pd/Co3O4 [15], T100 = 540 ◦C for (1 wt %)
Pd/NiO [16] and T100 = 700 ◦C for (1 wt %) Pd/Fe2O3 [16]. Out of the iron group elements, only Co
based oxide catalysts were described in literature efficient enough for low temperature methane
combustion [17–25]. Moreover, Pd/Co3O4 coatings on open cell foams already demonstrated a realistic
application potential [26].

In this work, we show that a citrate based synthesis method for Fe2O3, Co3O4 and NiO
nanoparticles as well as a targeted Pd deposition onto these oxides leads to convergence of the
methane dry combustion performance for all these catalysts. Moreover, strong interactions between
Pd and NiO as well as Pd and Co3O4 were recorded over time, leading to a change of the nature of
the active sites, which is discussed according to XPS (X-ray photoelectron spectroscopy) and TEM
(Transmission electron microscopy) data.

2. Results and Discussion

2.1. Catalytic Performance in Methane Combustion

The three oxides, Fe2O3, Co3O4 and NiO, were prepared from their nitrate precursors under
comparable conditions using a citrate method followed by impregnation with a Pd(NO3)2·2H2O
aqueous solution to obtain 1, 5 and 10 wt % Pd loading. Figure 1 shows the catalytic combustion of
1 vol % methane in mixture with 18 vol % O2 and 81 vol % N2 over the pure oxides as well as over the
1Pd/MeOx (1 wt % Pd) catalysts. In all tests, carbon dioxide was the only carbonaceous product.

Figure 1. Catalytic activity tests for methane combustion, feed gas consisting of CH4:O2:N2 = 1:18:81,
GHSV (Gas hourly space velocity) = 22,500 L·kg−1·h−1: (a) Fe2O3, Co3O4, NiO (b) 1Pd/Fe2O3,
1Pd/Co3O4, 1Pd/NiO.

The light off curves obtained from the reaction over the three pure metal oxide catalysts show
nearly the same activity in methane oxidation and reach full conversion at 450 ◦C in case of NiO
and 500 ◦C in case of Fe2O3, and Co3O4, respectively. The combustion temperature decreases of
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about 100–150 ◦C by functionalization of the metal oxides with 1 wt % Pd and full conversion over
1Pd/Co3O4, 1Pd/NiO, and 1Pd/Fe2O3 is achieved at 360 ◦C, 380 ◦C, and 410 ◦C, respectively (GHSV
(Gas hourly space velocity): 22,500 L·kg−1·h−1, for GHSV variations: see Figure S1). In comparison,
Pd supported on Al2O3 performs less efficient due to the inert nature of this kind of support [27–30].

A further decrease in T100 is possible by functionalization with a higher Pd-content (5 wt % and
10 wt %) as shown in Figure S2. In the case of 5Pd/MeOx catalysts, 5Pd/Co3O4 shows the lowest T100

of 325 ◦C, 5Pd/Fe2O3 and 5Pd/NiO present a very similar performance with T100 of about 340 ◦C.
10Pd/Co3O4 and 10Pd/NiO have nearly the same performance and reach T100 at 315 ◦C. In comparison
to 5Pd/Fe2O3, 10Pd/Fe2O3 surprisingly possesses a reduced activity so that a higher T100 of 365 ◦C for
full CH4 conversion was reached. However, the slightly increased activity does not justify the higher
noble metal contents. Hence, we concentrated our further research to the 1Pd/MeOx catalysts.

Figure 2a,b depict long-term tests on stream at ~T20 and T100 for the three pure metal oxides
(over 50 h) and corresponding 1Pd/MeOx catalysts (over 70 h), respectively.

Figure 2. Long-term tests at T20 and T100, feed gas consisting of CH4:O2:N2 = 1:18:81, GHSV =
22,500 L·kg−1·h−1: (a) Fe2O3, Co3O4, NiO (b) 1Pd/Fe2O3, 1Pd/Co3O4, 1Pd/NiO.

The activities of the three pure metal oxides at ~T20 show reasonable consistency. Fe2O3 and
Co3O4 show slight deactivation reflected in methane conversion loss from 23.0 to 22.5% and from
21.0 to 20.8%, respectively. Interestingly, NiO undergoes an activation period seen in an increase in
methane conversion from 21.0 to 24.5%. At T100, only NiO performs constantly high, whereas Co3O4

and Fe2O3 deactivate to a certain extent. In the case of Co3O4, a minor loss in methane conversion
from 100 to 97% is observed, whereas deactivation is more pronounced for Fe2O3 indicated in a loss in
methane conversion from 100 to 91%. All of the corresponding 1Pd/MeOx catalysts exhibited an initial
activation period at ~T20 followed by slow deactivation, whereas 1Pd/Fe2O3 is the worst performer.
1Pd/Fe2O3 shows an increase in methane conversion from the start of the experiment from 25.3 to
27.7% after 7.5 h on stream. After reaching a maximum in methane conversion, a slow deactivation
takes place and conversion drops down to 19% after 70 h on stream. A better performance was
observed using the 1Pd/Co3O4 catalyst. Here, the methane conversion increases from 25.7 to 32.7%
after 5 h on stream. Afterwards, the conversion decreases to 26.9% after 70 h on stream. Interestingly,
over the 1Pd/NiO catalyst, within 14 h on stream, an increase in conversion from 20.9 to 33.3% is
observed, as well as a slow deactivation also occurs after reaching the maximum in methane conversion.
Deactivation after 70 h on stream at T100 was only observed for 1Pd/Fe2O3, which is reflected in a
decrease in methane conversion from 100 to 58%. Importantly, 1Pd/Co3O4 but also 1Pd/NiO perform
stable over time at T100.
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The applicability of these catalysts under exhaust gas conditions, i.e., in the off-gas of a natural gas
combustion engine, was simulated and tested. The catalytic activity tests (exhaust gas test—EGT) were
performed in a temperature range from 150 to 500 ◦C with a feed consisting of 0.1 vol % CH4, 5.5 vol %
CO2, 9.0 vol % O2, 10.5 vol % H2O balanced with N2 at a modified GHSV of 90,000 L·kg−1 h−1 (Figure 3).

Figure 3. Catalytic activity tests under near exhaust gas condition (EGT) with a feed consisting of
0.1 vol % CH4, 5.5 vol % CO2, 9.0 vol % O2, 10.5 vol % H2O balanced with N2 at 90,000 L·kg−1·h−1 for
1Pd/Fe2O3, 1Pd/Co3O4, 1Pd/NiO.

Under these conditions the performance of all 1Pd/MeOx catalysts is reduced. Accordingly,
full conversion was not reached up to 500 ◦C for Pd/NiO (XCH4 = 80%) and Pd/Fe2O3 (XCH4 = 54%).
Only in case of Pd/Co3O4 complete conversion was recorded at 450 ◦C (T100) and above, which is a quite
remarkable result considering occurring water caused deactivation processes at this low temperature in
general [31].

2.2. Structural Properties and Reducibility of the Catalytic Materials

The obtained specific surface areas of the pure oxides are shown in Table 1. Interestingly,
the surface areas of the oxides differ more from each other than their domain sizes. Especially in
the case of Co3O4, the low surface area can be attributed to more intergrown particles compared to
Fe2O3, which reduces the effective surface area. From XRD (X-ray diffraction) investigations, the initial
oxide phases were identified as Fe2O3-hematite (ICSD 088418, [32]), Co3O4 in spinel structure (ICSD
027497, [33]), and NiO in a sodium chloride-like structure (ICSD 043740, [34]) (Figure S3a–c).

Table 1. Specific surface areas, Pd-content and MeOx crystallite sizes.

Material SBET
1/m2 g−1 Pd 2/wt % Crystallite Size 3/nm

Fe2O3 18.7 49 (60)
1Pd/Fe2O3 1.07 52 (61)

Co3O4 2.22 63 (63)
1Pd/Co3O4 0.85 55 (63)

NiO 5.25 40 (52)
1Pd/NiO 0.98 38 (48)

1 derived from Krypton sorption measurements using the BET (Brunauer–Emmett–Teller) method; 2 from ICP-OES
(Inductively Coupled Plasma—Optical Emission Spectrometry) data; 3 calculated from the Scherrer equation at
representative Fe2O3 (012), Co3O4 (220) and NiO (111) reflections calculating with the full width half maximum,
numbers in brackets are calculated from the reflection area.
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Pd crystalline phases were not detectable in 1Pd/MeOx catalysts because of the minor metal
content and signal broadening of present Pd nanocrystals (see below). The crystallite domain sizes
were estimated based on the Scherrer Equation [35] at the (012) reflection of Fe2O3, the (220) reflection
of Co3O4 and the (111) reflection of NiO and are given in Table 1. No significant change of the metal
oxide domain size was observed after impregnation with the Pd precursor and subsequent calcination.
The determined Pd loading was in the range of the targeted values (~1 wt %) for all Pd-functionalized
metal oxides.

H2-reduction of the pure MeOx as well as the 1Pd/MeOx was performed and the specific
consumption of hydrogen over temperature is shown in Figure 4. The formation of intermediate
phases and their transformation was detected with in situ XRD measurements (Figures S4–S6) showing
that the reduction of the pure metal oxides starts at ca. 300 ◦C in all cases.

Figure 4. H2-TPR (Temperature-programmed reduction) profiles of (a) Fe2O3 and 1Pd/Fe2O3

(b) Co3O4 and 1Pd/Co3O4, (c) NiO and 1Pd/NiO.

The reduction of Co3O4 completed at ca. 450 ◦C and Co metal was detected. For NiO and Fe2O3,
the required temperatures are remarkably higher at 600 ◦C and 750 ◦C, respectively. Only in the case of
the iron oxide does an intermediate phase appear and Fe3O4 is obtained at ca. 400 ◦C, which is further
reduced to metallic Fe with increasing temperature. In all cases, Pd functionalization decreases the
reduction temperature in comparison to the pure metal oxides, presumably, by hydrogen spillover from
the Pd to the supports and subsequent reduction of the metal oxides [36]. Additional intermediates
appear only in the case of Pd/Co3O4 reduction as CoO at around 300 ◦C, which is subsequently
reduced to Co. Generally, the reducibility with H2 is a good measure to roughly evaluate the redox
activity, which can be classified in the following order: 1Pd/Co3O4 >> 1Pd/Fe2O3 > 1Pd/NiO (with
onset temperatures of 100 ◦C, 200 ◦C, 220 ◦C, respectively). Since all 1Pd/MeOx catalysts do not differ
much under dry oxidation conditions, these differences could help to explain the different activities
in the exhaust gas tests. Ciuparu and co-workers found that high oxygen mobility in oxides leads to
stronger resistance against water caused deactivation [37]. From the H2-TPR results, we can assume
that surface oxygen activation on 1Pd/Co3O4 occurs at much lower temperature than on the other
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catalysts. This behaviour could be reflected in the catalytic methane oxidation under simulated exhaust
gas conditions (Figure 3).

HAADF-STEM (High-angle annular dark-field scanning transmission electron microscopy)
images of fresh 1Pd/MeOx (Figure 5) show that Pd (PdO) particles (bright particles) of ca. 2–8 nm are
randomly distributed over all the metal oxides. The Pd particles have irregular morphologies with
compact height. Particle sizes of MeOx (Me = Fe, Co, Ni) detected via STEM are in accordance to
crystallite domain sizes determined from XRD (Scherrer method).

Figure 5. HAADF-STEM (High-angle annular dark-field scanning transmission electron microscopy)
images of fresh and spent samples after long-term tests (at T100, feed gas consisting of CH4:O2:N2 =
1:18:81, at 22,500 L·kg−1·h−1): 1Pd/Fe2O3, 1Pd/Co3O4 and 1Pd/NiO.
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2.3. Catalyst Transformation during Time on Stream

Spent 1Pd/MeOx catalysts were examined via transmission electron microscopy (Figure 5 and
Figures S7, S13 and S16). In addition, 1Pd/Co3O4 and 1Pd/NiO showed a changed morphology after
being used on stream. In the case of 1Pd/Co3O4, a sponge-like structure gets visible after 1 h on stream
(Figure S12), whereas, after 70 h, the catalyst seems to be restructured. In the case of 1Pd/NiO, holes
in the Pd particles are formed and a flat surface coverage of Pd on the NiO surface can be detected
after 70 h on stream. Since the Pd phase is located at an oxidic support, EDX (Energy-dispersive X-ray
spectroscopy) does not help to reveal the oxidation state of the Pd. When analysing the oxidation
states of the Pd particles via FFT (fast Fourier transform), we found mostly PdO in the fresh catalysts,
Pd or Pd suboxides in the catalysts after 1 h on stream, and reoxidation to PdO in the catalysts after 1 h
on stream (FFT of the high resolution images (see Figures S8–S11, S14, S15, S17 and S18)). However,
these investigations are single shots on some particles. Although they show that Pd is present in
different oxidation states, a method describing the whole sample was required.

In order to understand the dynamic processes to their full extent, XPS spectra of fresh and spent
(after 1 h and 70 h on stream and after tests with simulated exhaust gas) 1Pd/MeOx were recorded and
presented in Figure 6. For all three 1Pd/MeOx catalysts at the different reaction stages, no significant
change in Fe, Co and Ni spectra was observed, which indicates no change in metal oxide phase
(Figures S19–S21).

Figure 6. Cont.
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Figure 6. XPS (X-ray photoelectron spectroscopy) spectra of Pd 3d electrons of fresh and spent
Pd/MeOx after long-term tests at T100 (feed gas consisting of CH4:O2:N2 = 1:18:81, at 22,500 L·kg−1·h−1)
as well as after being used for exhaust gas treatment (feed consisting of 0.1 vol % CH4, 5.5 vol % CO2,
9.0 vol % O2, 10.5 vol % H2O balanced in N2 at 90,000 L·kg−1·h−1): (a) 1Pd/Fe2O3, (b) 1Pd/Co3O4

and (c) 1Pd/NiO.

Typical Pd2+ peaks at ca. 336.7 eV [38] are detected in all the fresh 1Pd/MeOx. After 1 h on stream
at T100, for all 1Pd/MeOx catalysts, changes in the oxidation state of Pd were found. In the case of
1Pd/Fe2O3 and 1Pd/NiO, an increasing amount of metallic Pd was observed. Contrary, PdO was the
dominant Pd-species in 1Pd/Co3O4. After 70 h on stream at T100, the amount of PdO in 1Pd/Co3O4

is still high as well as that of 1Pd/NiO increased. In 1Pd/Fe2O3, the highest amount of metallic Pd
was found. Moreover, in Pd/Co3O4 and Pd/NiO, a peak with an electron binding energy at around
336 eV can be observed, which can be correlated to Pd suboxides. In summary, on Fe2O3, metallic
Pd dominates after the long-term tests, whereas oxidic Pd is more present on NiO and, especially,
on Co3O4. The reducibility of Pd depends on the support in the order Fe2O3 > NiO > Co3O4.

In correlation to the catalytic results, 1Pd/Fe2O3 shows a good initial performance in methane
combustion, but, in the long-term test over 70 h at T100, deactivation is observed. This behaviour
probably attributes to the lower oxidation potential of the Fe2O3 particles to form sufficient content
of PdO, which is necessary for methane oxidation. A better performance is observed for 1Pd/NiO.
It remains stable without any deactivation until the end of the long-term test at T100, possibly due
to restructuring accompanied by reoxidation. This process obviously is driven by the nanoscale
Kirkendall effect [39,40] between Pd and NiO during the catalytic methane combustion. 1Pd/Co3O4

possesses the lowest T100 and, in the long-term test at T100, also no deactivation is observed.
Strong interactions between Pd and Co3O4 at the metal oxide interface lead to continuously newly
formed active species at the catalyst surface.

After catalytic tests with a simulated exhaust gas (EGT), all spent 1Pd/MeOx contained two Pd
species with higher binding energy. Obviously, water acts as an inhibitor for the catalytic cycle and
can be responsible for the lower activity of 1Pd/Fe2O3 and 1Pd/NiO compared to 1Pd/Co3O4.

117



Catalysts 2018, 8, 42

3. Materials and Experimental Details

3.1. Catalyst Preparation

Fe2O3, Co3O4 and NiO were prepared reproducibly using a citrate method more than three times.
First, ethylene glycol (2.48 g, >99%, Carl Roth, Karlsruhe, Germany) was added to a solution of
citric acid (57.6 g, >99.5%, Carl Roth, Karlsruhe, Germany) in methanol (150 mL, >99%, Carl Roth,
Karlsruhe, Germany). Afterwards, the corresponding metal nitrate (>99.9%, Fluka, Steinheim, Germany)
precursors (0.01 mol) were added and esterification from ethylene glycol and metal citrate was performed
at 130 ◦C until 2 h. Subsequently, the solid was treated in vacuum at 180 ◦C for 2 h. Finally, calcination was
performed at 500 ◦C for 3 h with a heating rate of 2 ◦C/min. The resulting metal oxides were impregnated
by the incipient wetness method with aqueous Pd(NO3)2·2H2O (~40% Pd, Carl Roth, Karlsruhe, Germany)
solution (M adjusted to the pore volume) to obtain 1 wt %, 5 wt % and 10 wt % Pd loading reproducibly
more than three times, hereinafter denoted as 1Pd/MeOx (MeOx = Fe2O3, Co3O4 and NiO), 5Pd/MeOx

and 10Pd/MeOx, respectively. The samples were dried at 80 ◦C for 12 h and calcined at 400 ◦C in air
(heating rate of 2 ◦C/min) for 2 h.

3.2. Catalysts Characterization

3.2.1. Kr Corption

The BET specific surface area of the catalysts was measured by Krypton adsorption using an
ASAP 2020 instrument from Mircomeritics (Norcross, GA, USA). The samples were heated under
vacuum for 30 min at 150 ◦C before the Krypton adsorption isotherms were measured.

3.2.2. X-ray Powder Diffraction (XRD)

XRD profiles were measured using a STADI P transmission diffractometer from STOE
(Darmstadt, Germany). The samples were ground and afterwards analysed applying a curved germanium
monochromator in the incident beam path, CuKα radiation (λ = 0.15406 nm) and a 6◦ linear position
sensitive detector (PSD). The crystallite domain sizes were calculated based on the Scherrer equation at
representative Fe2O3 (012), Co3O4 (220) and NiO (111) reflections.

3.2.3. Element Analysis

A Varian 715-ES inductively coupled plasma-optical emission spectrometer (ICP-OES) (Palo Alto,
CA, USA) was used for the determination of the elemental composition of the catalysts after complete
dissolution in a solution containing 8 mL of aqua regia and 2 mL hydrofluoric acid.

3.2.4. In Situ X-ray Diffraction (In Situ XRD)

The in situ XRD reduction experiments were carried out on an X’Pert Pro (Panalytical,
Almelo, The Netherlands) with a Material-Research-Instrument-TC-basic (Physikalische Geraete GmbH,
Karlsruhe, Germany) high temperature chamber to perform reduction with hydrogen at different
temperatures. Furthermore, 30 mg of the respective powders were heated indirectly by an AlCr-sheet.
The X-ray diffraction patterns were measured every 50 ◦C (heating rate 10 ◦C/min) and the reduction
atmosphere consisted of 5 vol % H2 in He (5.0, Air Liquide Germany, Düsseldorf, Germany), with a total
flow rate of 10 mL/min.

3.2.5. Temperature Programmed Hydrogen Reduction (H2-TPR)

Prior to the temperature programmed reduction (H2-TPR) experiments with 10–20 mg of each
sample a preheating for 30 min in air (50 mL/min) to 400 ◦C was performed. After cooling,
the measurement was started. For this purpose, the samples were heated to 700 ◦C in an H2:Ar = 5:95
flow with a temperature ramp of 10 ◦C/min, the final temperature was kept for 1 h, hydrogen
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consumption was monitored by an online thermal conductivity detector (Mircomeritics ChemiSorb
2920-Instrument, Norcross, GA, USA).

3.2.6. Scanning Electron Microscopy (SEM)

The SEM measurements were performed at 10.0 kV with a JSM-4701 (JEOL) microscope (Akishima,
Tokyo, Japan).

3.2.7. Transmission Electron Microscopy (TEM)

The TEM measurements were performed at 200 kV with an aberration-corrected JEM-ARM200F
(JEOL, Corrector: CEOS, Tokyo, Japan). The microscope is equipped with a JED-2300 (JEOL)
energy-dispersive X-ray-spectrometer (EDXS) (Akishima, Tokyo, Japan). The aberration corrected
STEM imaging (High-Angle Annular Dark Field (HAADF) and Annular Bright Field (ABF)) were
performed under the following conditions. HAADF and ABF both were done with a spot size of
approximately 0.1 nm, a convergence angle of 30–36◦ and collection semi-angles for HAADF and
ABF of 90–170 mrad and 11–22 mrad, respectively. The solid samples were deposed without any
pretreatment on a holey carbon supported Cu-grid (mesh 300) and transferred to the microscope.

3.2.8. X-ray Photoelectron Spectroscopy (XPS)

X-ray photoelectron spectroscopy (XPS) experiments were performed by a VG ESCALAB 220iXL
system (VG Scientific, Waltham, MA, USA) with monochromatic Al-Kα-radiation (E = 1486.6 eV).
As internal reference, for the electron binding energy, adventitious carbon with a C1s binding energy
of 284.8 eV was used. The peaks were fitted with mixed Gaussian–Lorentzian curves after subtracting
a Shirley background.

3.3. Catalyst Testing for CH4 Combustion

CH4 combustion catalytic tests were performed in a vertical fixed-bed plug-flow quartz tubular
reactor (inner diameter of 8 mm) at ambient pressure. In addition, 0.2 g of the powder catalyst was
placed in the isothermal reactor zone and fixed by quartz wool (>99.9%, Carl Roth, Karlsruhe, Germany)
located downstream below the catalyst bed. The catalytic activity was measured starting from 150 ◦C
with a stepwise increase at a temperature of 50 K steps maximum until full conversion of methane was
achieved. At each temperature, methane conversion was recorded threefold within 30 min using an
online gas chromatograph (Agilent 7890A, Santa Clara, CA, USA) equipped with a methanizer for
flame ionization detection and a thermal conductivity detector. The feed components as well as the
reaction products were detected, except water. Each experiment of these series was repeated and the
deviation of absolute values was always below 2% for each measuring point. In separate experiments,
Fe2O3, Co3O4, NiO as well as 1Pd/Fe2O3, 1Pd/Co3O4, 1Pd/NiO were tested under isothermal
conditions at T20, T100 (the specific temperatures necessary for 20 or 100% methane conversion,
respectively) over 50 or 70 h on stream. In all tests, the reactant gas stream consisted of methane (2.5,
Air Liquide Germany, Düsseldorf, Germany), oxygen (5.0, Linde, Pullach, Germany) and nitrogen (5.0,
Linde, Pullach, Germany) in the ratio of 1:18:81 representing a feed of 1.0 vol % CH4. The gas flows
were controlled with mass flow controllers supplied from MKS Instruments (Andover, MA, USA).
The total flow rate was 75 cm3·min−1 corresponding to ~22,500 L·kg−1·h−1.

The light off tests with simulated exhaust gas were performed in a temperature range from
150–500 ◦C with a heating rate of about 2 ◦C·min−1. The temperature was controlled with a
thermocouple inside of a quartz capillary in the middle of the catalyst bed. At 500 ◦C, the reaction
was performed for 1 h; afterwards, the reaction temperature was decreased to 460 ◦C, 430 ◦C, 410 ◦C,
390 ◦C, 370 ◦C, 360 ◦C, and 150 ◦C; at each temperature, the catalytic performance was measured
for 30 min, with a feed consisting of 0.1 vol % CH4, 5.5 vol % CO2 (4.5, Linde, Pullach, Germany),
9.0 vol % O2, 10.5 vol % H2O (LC-MS-Grade, Carl Roth, Karlsruhe, Germany) balanced with N2

at a total flow of about 300 cm3·mL−1 corresponding to a modified GHSV of 90,000 L·kg−1·h−1.
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The gas flows were controlled with mass flow controllers supplied from MKS Instruments (Andover,
MA, USA). Admixing of liquid water was controlled by a mini-Cori-Flow mass flow controller
(Bronkhorst High-Tech B.V., Ruurlo, The Netherlands) followed by an evaporation chamber heated
to 150 ◦C in which the gaseous steam was mixed with CH4, O2, CO2 and N2 before the reactor.
Product analysis was carried out without any water condensation online at ca. 180 ◦C by IR spectral
analysis and linear combination of bands to fit the measured spectrum using a Gasmet CX4000 device
(Gasmet Technologies, Helsinki, Finland).

4. Conclusions

Fe2O3, Co3O4 and NiO prepared via citrate method were functionalized with Pd yielding highly
active catalysts for catalytic methane dry combustion. The interactions between metal and support lead
to different catalytic properties under humid exhaust gas conditions and can be roughly correlated with
reducibility measured by H2-TPR. By comparing the XPS and STEM information at different times on
stream, we can conclude in greater detail that (i) different Pd oxidation states on stream, accompanied
by (ii) a restructuring of the metal-support structure occurr. Obviously, strong dynamic interactions
between Pd and the metal oxide take place, e.g., in the case of 1Pd/NiO Pd-hollow structures are
formed, whereas, in the case of 1Pd/Co3O4, sponge-like structures of the Co3O4 support are being
built. These interactions lead to a restructuring accompanied by reoxidation of active sites, which is
the origin of the long-term stability over 70 h on stream for 1Pd/NiO and 1Pd/Co3O4 at T100.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/8/2/42/s1,
Figure S1: Catalytic activity tests for methane combustion, feed gas consisting of CH4:O2:N2 = 1:18:81, catalyst
masses: 300, 200 and 50 mg, catalysts: 1Pd/Fe2O3, 1Pd/Co3O4 and 1Pd/NiO. Figure S2: Catalytic activity tests
for methane combustion, feed gas consisting of CH4:O2:N2 = 1:18:81, at 22,500 L·kg−1·h−1: (left) 5Pd/Fe2O3,
5Pd/Co3O4, 5Pd/NiO (right) 10Pd/Fe2O3, 10Pd/Co3O4, 10Pd/NiO. Figure S3: XRD Diffraction patterns of
(a) Fe2O3, 1Pd/Fe2O3, 5Pd/Fe2O3, 10Pd/Fe2O3, (b) Co3O4, 1Pd/Co3O4, 5Pd/Co3O4, 10Pd/Co3O4 and (c) NiO,
1Pd/NiO, 5Pd/NiO, 10Pd/NiO; * PdO reference (ICSD 24692). Figure S4: In situ XRD under H2 reduction (a)
Fe2O3 and (b) 1Pd/Fe2O3, 5 vol % H2 in He, 10 mL·min−1 with a heating rate of 10 K/min (slightly higher phase
transition temperatures are specific for the method). Figure S5: In situ XRD under H2 reduction (a) Co3O4 and (b)
1Pd/Co3O4, 5 vol % H2 in He, 10 mL·min−1 with a heating rate of 10 K/min (slightly higher phase transition
temperatures are specific for the method). Figure S6: In situ XRD under H2 reduction (a) NiO and (b) 1Pd/NiO,
5 vol % H2 in He, 10 mL/min with a heating rate of 10 K/min (slightly higher phase transition temperatures
are specific for the method). Figure S7: HAADF-STEM images of fresh and spent samples after long-term tests
(at T100, feed gas consisting of CH4:O2:N2 = 1:18:81, at 22,500 L·kg−1·h−1): 1Pd/Fe2O3. Figure S8: HAADF-STEM,
FFT and inverse FFT of fresh 1Pd/Fe2O3. Figure S9: HAADF-STEM, FFT and inverse FFT of 1Pd/Fe2O3 after
1 h on stream. Figure S10: HAADF-STEM, FFT and inverse FFT of 1Pd/Fe2O3 after 1 h on stream. Figure S11:
HAADF-STEM, FFT and inverse FFT of 1Pd/Fe2O3 after 70 h on stream. Figure S12: SEM images of fresh and
spent samples after long-term tests (at T100, feed gas consisting of CH4:O2:N2 = 1:18:81, at 22,500 L·kg−1·h−1):
1Pd/Co3O4. Figure S13: HAADF-STEM images of fresh and spent samples after long-term tests (at T100, feed
gas consisting of CH4:O2:N2 = 1:18:81, at 22,500 L·kg−1·h−1): 1Pd/Co3O4. Figure S14: HAADF-STEM, FFT and
inverse FFT of 1Pd/Co3O4 after 1 h on stream. Figure S15: HAADF-STEM, FFT and inverse FFT of 1Pd/Co3O4
after 70 h on stream. Figure S16: HAADF-STEM images of fresh and spent samples after long-term tests (at T100,
feed gas consisting of CH4:O2:N2 = 1:18:81, at 22,500 L·kg−1·h−1): 1Pd/NiO. Figure S17: HAADF-STEM, FFT and
inverse FFT of 1Pd/NiO after 1 h on stream. Figure S18. HAADF-STEM, FFT and inverse FFT of 1Pd/NiO after
70 h on stream. Figure S19: 1Pd/Fe2O3-XPS spectra of fresh and spent samples, after 1 h, 70 h and after test with
exhaust gas (EGT). Figure S20: 1Pd/Co3O4-XPS spectra of fresh and spent samples, after 1 h, 70 h and after test
with exhaust gas (EGT). Figure S21: 1Pd/NiO-XPS spectra of fresh and spent samples, after 1 h, 70 h and after test
with exhaust gas (EGT).
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Abstract: Asymmetric hydrogenation in solution catalyzed by chiral catalysts is a powerful tool to
obtain chiral secondary alcohols. It is possible to reach conversions and enantiomeric excesses close to
99%, but that frequently requires the use of non-optimal amounts of catalysts or long reaction times.
That is in part caused by the lack of kinetic information needed for the design of large-scale reactors,
including few reported details about catalyst deactivation. In this work, we present a kinetic model
for the asymmetric hydrogenation in solution of acetophenone, a prochiral substrate, catalyzed by
different bisphosphine-diamine Ru complexes. The experimental data was fitted with a first order
model that includes first order deactivation of the catalyst and the presence of residual activity. The fit
of the experimental data is very good, and an analysis of the kinetic and deactivation parameters
gives further insight into the role of each ligand present in the Ru catalysts. This is the first report of a
kinetic analysis of homogenous complexes’ catalysis including an analysis of their deactivation.

Keywords: asymmetric hydrogenation; deactivation; Ru complexes; kinetic modeling

1. Introduction

Asymmetric hydrogenation of prochiral ketones is important to obtain chiral secondary
alcohols [1], which are intermediates in the production of pharmaceuticals, agrochemicals and
perfumes [2]. In the hydrogenation of the carbonyl group it is customary to use a homogeneous
chiral catalyst to facilitate the reaction and to avoid the formation of undesired enantiomers [3]. In this
area, Noyori and his group [4] have developed a series of chiral Ru complexes used as catalysts that
have an excellent performance during the asymmetric hydrogenation of several prochiral substrates.
Unfortunately, that is not always the case for all the complexes studied in solution. There are reports
of experiments in which the catalyst activity decreased drastically or even ceased completely. In some
cases, this can be explained by the inhibition of the catalyst by the product. Another possibility,
probably the most common, is that the catalyst deactivates. This may occur by the loss of a ligand, the
reduction of the central metal and ripening, or formation of dimers, etc. Despite its relevance, there
has not been much interest in the open literature in understanding what occurs to the catalysts [5,6].
The research effort has been focused upon the trial and error development of more efficient catalysts to
attain high conversion and/or enantioselectivity.

There are few reports in the literature where a mention is made of deactivation and its possible
causes. Grasa et al. [7] stated that deactivation occurred during the hydrogenation of acetophenone
with a bisphosphine/diamine-Ru catalyst, and suggested that a Ru-hydride active center was formed
initially but that it decomposed during reaction. A limited set of experimental data, conversion and
enantiomeric excess (ee), was included, which makes an adequate comparison between catalysts more
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difficult. Abdur-Rashid et al. [8] conducted several experiments with the same reaction and observed
decay in the activity of the catalyst, also a bisphosphine/diamine-Ru complex. They presented a
kinetic model to adjust the experimental data, but there was no attempt to relate it with the structure
of the complex.

Deactivation is not limited to the bisphosphine/diamine-Ru catalysts. It has also been documented
with other catalysts and reactions in solution, as in the case of a [Rh(DIPAMP)(MeOH)2]BF4 complex
in solution used to catalyze the asymmetric hydrogenations of C–C double bonds [9]. Deactivation has
also been reported during C–C coupling with a [(PtBu3)-PdBr]2 catalyst [10], and olefin hydroamination
catalyzed by PtBr2/Br− [11]. A recent study of the dehydrogenation of formic acid catalyzed by
a TfDPEN-derived iridium complex explains the conversion-time results in terms of deactivation
stemming from the irreversible transformation of the active complex to two inactive iridacycles [12].

As the few references above indicate, in the field of organometallic complex catalysts there has
been little use of kinetics models, and much less of models that include deactivation. It is apparent that
understanding the nature of the phenomena that cause the loss in activity of the catalysts developed
is relevant in order to design more efficient processes. In this work, we present results for a series of
Ru complexes used to catalyze the asymmetric hydrogenation of the prochiral ketone acetophenone.
During reaction, a loss in the activity of the catalyst was observed and to adjust our data a kinetic
model that accounts for deactivation was developed. The conversion-time data was fitted successfully,
and by analyzing the kinetic and deactivation parameters we could differentiate the effect of each type
of ligand in the Ru complexes used as catalysts.

2. Results and Discussion

2.1. Synthesis of the Complexes

The Ru complexes were synthesized following standard Schlenk techniques. The ligands used
were (R)-BINAP ((R)-2,2′-Bis(diphenylphosphino)-1,1′-binaphthalene), (R)-Tol-BINAP ((R)-2,2′-Bis(di-
p-tolylphosphino)-1,1′-binaphthyl), (R)-DABN ((R)-(+)-1-1′-Bi(2-naphthylamine)) and (R)-MAB
((R)-6,6′-dimethyl-2,2’-diaminobiphenyl). The details, as well as the spectrocopic characterization of
the Ru complexes (31P Nuclear Magnetic Resonance and Infrared) can be found in a previous work [13].
The complex structures are shown in Figure 1.

Figure 1. Structure and nomenclature of the complexes used in this work. (R)-BINAP-RuCl2-(R)-DABN
= RB-Ru-RD; (R)-BINAP-RuCl2-(R)-MAB = RB-Ru-RM; (R)-Tol-BINAP-RuCl2-(R)-DABN = RT-Ru-RD;
(R)-Tol-BINAP-RuCl2-(R)-MAB = RT-Ru-RM.

2.2. Catalytic Performance

During catalytic experiments in a batch reactor, Figure 2, all the Ru complexes hydrogenated
acetophenone asymmetrically. The only product was 1-phenylethanol and (R) was the preferred
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enantiomer, with ee up to 43%. In all cases, the initial ee was the largest, and then there was decay with
time. The conversion (X) vs. time behavior generally consisted of an initial period with fast reaction,
followed by a slow rate region. As we discuss later, we attributed the changes to catalyst deactivation.

Figure 2. Hydrogenation of acetophenone with the Ru complexes as catalysts.

The conversion and ee (%) vs. time behavior for the different Ru complexes is given in Figures 3
and 4, respectively. The effect of each ligand is different. First, the complexes bearing (R)-MAB
(RB-Ru-RM and RT-Ru-RM) convert over 80% of the substrate and have a similar trend with time
(Figure 3). The complexes having (R)-DABN (RB-Ru-RD and RT-Ru-RD) are not as active, with
conversions below 60%. This underscores the role of the MAB ligand in favoring a higher activity.
As for the bisphosphine ligand, its effect over the performance of the catalyst can be examined on
Figure 4. There is at least a 7% difference in the ee between the RT-Ru-RM and the RB-Ru-RM complexes
as a result of a difference in the bisphosphine ligand. The difference increases with reaction time. In the
case of the RT-Ru-RD and RB-Ru-RD complexes there is also a difference in the ee, about 9%. Hence, a
variation in the bisphosphine ligand appears to have a larger effect upon the enantioselectivity.

Figure 3. Conversion during the hydrogenation of acetophenone catalyzed by the different
Ru-complexes. Conditions: 100 psi of H2, room temperature, 1 mmol acetophenone, 20 mL isopropanol
(IPA), 1.25 mM t-BuOK and 0.01 mmol of catalyst.

There is evidence in the literature about the effect of the bisphosphine ligand on the ee, but the
role of the diamine ligand is more difficult to understand, although it is essential for these catalysts in
order to be functional. Grasa et al. [7] synthesized several Ru complexes with different 1,4-diamine
ligands, active in the hydrogenation of acetophenone. The ee reached with (R)-P-Phos in the catalyst
was 75% for the (R) product, but with a more sterically bulky bisphosphine, (R)-Xyl-P-Phos and the
same diamine, the ee was 55% towards the (S) configuration of the product. The conversion reported
for each complex was the same. This data supports our conclusions, because the diamine affects the
conversion, whereas the bisphosphine ligand modifies the ee.
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Figure 4. Enantioselectivity during hydrogenation of acetophenone catalyzed by Ru-complexes.
Conditions: 100 psi of H2, room temperature, 1 mmol acetophenone, 20 mL isopropanol (IPA), 1.25 mM
t-BuOK and 0.01 mmol of catalyst.

After comparing the activity of the complexes under the same conditions, we studied the effect
of the base concentration upon the conversion and ee. In these experiments, we used RB-Ru-RM,
Figure 5, and RT-Ru-RM, Figure 6, because of their better catalytic performance. With RB-Ru-RM, the
largest product yield occurred with a base concentration equal to 1.25 mM, which corresponds to a
base/catalyst molar ratio (B/C) of 2.5. With other base concentrations, the production of the secondary
alcohol was lower. Interestingly, the initial rates with base concentrations of 0.50 and 1.25 mM were
similar, but in the first case the reaction stopped almost completely after about 2 h. The difference
between the initial and final ee values increased with the base concentration. It was the largest when
2.50 mM of base were used.

Figure 5. Conversion and ee vs. time plots for different base concentrations with the RB-Ru-RM
complex as catalyst. Conditions: 100 psi of H2, room temperature, 1 mmol acetophenone, 20 mL IPA,
base t-BuOK and 0.01 mmol of catalyst.
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To address the origin of the loss in activity of the catalysts, an additional experiment was
conducted. After the last sampling at 23 h with the RB-Ru-RM complex and 1.25 mM of base,
acetophenone (1 mmol) was added again to the reactor. After another 5 h of reaction the analysis of the
reaction media showed that there had been no further reaction. This result led us to conclude that there
was catalyst deactivation rather than product inhibition. If the latter were occurring, there would have
been some extra production of the secondary alcohol. An example of product inhibition was reported
during the oxidation of alcohol to aldehyde catalyzed by Bis(pyridyl)siloxane Pd(II) complex [14].

With the RT-Ru-RM complex, shown in Figure 6, the effect of the base concentration can be broadly
divided in two zones. For reaction times smaller than 20 h, the use of high base concentrations resulted
in lower initial reaction rates, but at larger reaction times there was a crossover in the conversion-time
behavior, which made the use of higher base concentrations more favorable. As to the ee values, they
varied according to the base concentration, the larger the base concentration, the larger the initial ee
and its decay. These results stress the importance of doing a full analysis of the time evolution of this
type of reaction. Unfortunately, it is customary to reach conclusions based on one-point samplings. In
this case, as shown in Figure 6, the opposite conclusions can be derived depending on whether the
results are analyzed before or after 20 h of reaction.

Figure 6. Effect of the base concentration upon conversion and ee with the RR-Ru-RM catalyst.
Conditions: 100 psi of H2, room temperature, 1 mmol acetophenone, 40 mL IPA, base t-BuOK and 0.01
mmol of catalyst.

Sandoval et al. [15] report that the initial reaction rate depends on the base concentration and
that there is an optimum, but in their case the ee remains constant. In our case, the base concentration
seems to influence not only the initial reaction rate but also the final conversion level and the decay
in ee. This implies that the deactivation of the catalysts depends upon the base concentration. In a
recent review of the enantioselective reduction of ketones catalyzed by Noyori and Noyori-Ikariya
bifunctional catalysts [16], it is stated that the base concentration can affect the formation of the major
product originated by a diastereomeric transition state that is stabilized either by N-H···π or N-K···π
ligand-aromatic ring non-covalent attractive interactions in the catalysts-substrate complex and/or the
absence of steric constrains. A dependence of the ee on the base concentration has been reported by
other authors. Abdur-Rashid et al. [8] found that by adding t-BuOK in excess the ee values increased
but no explanation was given. In a more recent work, Abbel et al. [17] conducted several experiments
to address the variation in ee observed during reaction. The authors varied the initial proportion of
different Ru complex isomers (t,c-3a, Λc,c-3a and Δc,c-3a, nomenclature used in their work) in the
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asymmetric hydrogenation of acetophenone. They observed that by having a larger proportion of the
t,c-3a isomer, the conversion towards 1-phenylethanol increased and the ee was constant at 63% (S).
However, if they continued the same experiment for longer times, the additional isomers (Λc,c-3a and
Δc,c-3a) began to contribute to the reaction, and that led to higher conversions of the secondary alcohol
but to a decrease in ee values (50–30% (S)). This suggests that the Λc,c-3a and Δc,c-3a isomers were
active for the hydrogenation of the substrate, but their capability to do it asymmetrically was lower
than that of the t,c-3a complex.

To rationalize our results, it is plausible to assume there is isomerization of the Ru complex
during reaction and that would affect the ee and result in deactivation, providing an explanation
of the experimental observations. To test this assumption, the experimental results were fitted to a
kinetic + deactivation model in the next section.

2.3. Kinetic Model with Deactivation

There has been much study of deactivation in the case of solid catalysts as shown in recent
reviews [18,19], but that is not the case for homogeneous catalysts in solution. In the present study, an
analysis of the conversion-time results indicates that there is a different degree of residual activity after
the initial fast decay. We tested a kinetic model that includes deactivation with residual activity [20]
and found that first order kinetics for the substrate, coupled with first order deactivation, was the best
model for fitting our experimental results. The equations representing our experimental setup (batch
reactor at constant volume and pressure) are:

− dCA

dt
= kc · a · CA (1)

− da
dt

= kd · (a − ass) (2)

Here, CA is the concentration of acetophenone, kc is the rate constant, kd is the deactivation
constant, a is the activity of the catalyst and ass is a residual activity. Equations (1) and (2) are a case
of the so-called separable deactivation kinetics and their solution, using as initial conditions that
CA = CAo and ao = 1 at t = 0, is given as Equation (3):

XA = 1 − CA

CAo
= 1 − e

[
kc(e

−kd ·t−1)
kd

− ass ·kc(e
kd ·t−1)

kd
−ass ·kc ·t

]
(3)

The parameters kc, kd and ass of Equation (3) were determined from a non-linear least squares fit
(Mathematica, version 10, Wolfram Research, Champaign, IL, USA). The adjusted curves are plotted
against the experimental values in Figure 7. It is evident that there is excellent agreement. The fitted
parameters for the different experimental condition are summarized in Table 1. A direct comparison of
the fitted parameters under the same experimental conditions for all the catalysts can be analyzed on
entries 1, 2, 3 and 4. The complexes bearing the MAB ligand were the best catalysts to produce the
secondary alcohol, as their kc values were the highest. In addition, the dynamics of the main reaction
and of the complex deactivation were of the same order of magnitude, as can be appreciated from the kc

and kd values. On the other hand, the catalysts with the ligand DABN resulted in lower acetophenone
conversions, and their kc values were smaller when compared to the complexes with MAB.

The fitted parameters are a function of the base concentration for the RB-Ru-RM catalyst, as seen
in entries 3, 5 and 6. Under entry 3 conditions, there was an optimum base concentration for which kc

was slightly larger than kd and ass was the largest. This corresponds to the higher conversion profiles
observed in Figure 5. The base concentration affected the performance of the RT-Ru-RM catalyst and
that can be concluded from the analysis of the fitted parameters in entries 7, 8 and 9. When the base
concentration increased, deactivation was more noticeable, i.e., high kd and low kc values. Interestingly,
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the presence of higher kd leads to a faster approach to the residual activity, and since the ass for the
entry 9 was the largest, the conversion reached was the highest at shorter reaction time (Figure 6).

Figure 7. Fit of the experimental data with the deactivation model (Equation (3)). Conditions: 100 psi
of H2, room temperature, 1 mmol acetophenone, 20 mL isopropanol (IPA), 1.25 mM t-BuOK and
0.01 mmol of catalyst.

Table 1. Summary of the experimental condition and the resulting parameters for the kinetic model
with deactivation.

Entry Complex IPA mL Base (mM) kc (h−1) kd (h−1) ass TOF (h−1) 1

1 RB-Ru-RD 20 1.250 0.402 0.773 0.063 40.2
2 RT-Ru-RD 20 1.250 0.913 2.22 0.033 91.3
3 RB-Ru-RM 20 1.250 1.183 1.151 0.032 118.3
4 RT-Ru-RM 20 1.250 1.935 1.98 0.031 193.5
5 RB-Ru-RM 20 0.500 1.627 2.222 0.003 162.7
6 RB-Ru-RM 20 2.500 0.383 0.644 0.019 38.3
7 RT-Ru-RM 40 0.625 2.422 1.697 0.012 242.2
8 RT-Ru-RM 40 2.500 1.907 1.806 0.021 190.7
9 RT-Ru-RM 40 5.000 1.213 2.047 0.052 121.3

1 Calculated with TOF initial = (kc·NA0)/NRu; NA0 = initial moles of acetophenone and NRu = initial moles of Ru.
In all cases 1 mmol of acetophenone and 0.01 mmol of catalyst were used, together with the proper amount of
t-BuOK and IPA. ass is dimensionless.

2.4. Mechanistic Considerations

A representation of the different steps occurring during reaction is shown in Scheme 1
(more details of the catalyzed pathway can be found in reference [21]). Initially, the pre-catalyst
1 is transformed into the catalyst 2. Then, the catalyst hydrogenates the substrate and is transformed
into 3. The product of the reaction is mainly the R enantiomer but as the time of reaction increases,
the structure-directing ability of the catalyst to produce the R enantiomer decreases. At the end of the
reaction cycle, part of the species 3 is regenerated by hydrogen and another fraction is converted to an
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inactive species. The species 3 has a square based pyramidal geometry and it can form an isomer with
trigonal bipyramidal geometry. The latter species is probably difficult to be regenerated with H2, hence
leading to overall deactivation. Such isomerization can proceed via the Berry pseudorotation [22].

Scheme 1. Proposed steps involved in asymmetric hydrogenation considering one active site and
deactivation. For clarity, the complete structure of the ligands is omitted.

Although the mechanism proposed cannot be ascertained based only on kinetics, it is based
on reasonably well established ideas in the field. On the other hand, the kinetic model developed
here allows to compare the interplay between reaction and deactivation through the analysis of the
values for kc, kd and ass. These are sensitive to the structure of the catalyst and to the experimental
conditions used. Besides the use of novel complexes as catalysts, this is the first report of the modeling
of deactivation for asymmetric hydrogenation catalyzed by Ru complexes in solution.

3. Materials and Methods

All the manipulations of the reagents were carried out using Schlenk techniques inside a
glove bag filled several times with N2. (R)-BINAP, (R)-Tol-BINAP ((R)-2,2′-Bis(di-p-tolylphosphino)
-1,1′-binaphthyl), RuCl2(η6-C6H6) dimer, (R)-DABN ((R)-(+)-1-1′-Bi(2-naphthylamine)), acetophenone,
potassium terbutoxide (t-BuOK), dimethylformamide (DMF) and anhydrous isopropyl alcohol (IPA)
were purchased from Sigma-Aldrich Química (Toluca, MX, Mexico). (R)-MAB ((R)-6,6′-dimethyl-
2,2′-diaminobiphenyl) was synthesized according to previous reports [23,24]. 31P Nuclear Magnetic
Resonance in the liquid state (CDCl3 as solvent) was performed in a Bruker spectrometer (Avance
III 500, resonance frequency of 1H 500 MHz, Bruker Mexicana, Ciudad de México, Mexico). The IR
spectra were acquired in a Bruker FTIR spectrometer (Tensor 27, Bruker Mexicana, Ciudad de México,
Mexico) from KBr pellets. The products of reaction were analyzed by Gas Chromatography (HP 5890,
Agilent Technologies Mexico, Ciodad de Mexico, Mexico) with a chiral column (cp-chirasildex-cb 7502).
The final configuration was determined by comparison with standards ((R) and (S) 1-phenylethanol
also purchased from Sigma-Aldrich Química).

3.1. Synthesis of the Complexes

Preparation of (R)-BINAP-Ru-(R)-DABN complex (RB-Ru-RD): We followed the procedures
reported by Ohkuma et al. [25] and Grasa et al. [7] with some minor modifications. (R)-BINAP
(0.3 mmol) and of RuCl2(η6-C6H6) dimer (0.15 mmol) were mixed in a Schlenk flask and DMF (12 mL)
was then poured in. The solution was heated to 115 ◦C during 3 h and then cooled to room temperature.
To this mixture (R)-DABN (0.3 mmol) was added, and the resulting solution was left under stirring
overnight. DMF was removed under vacuum while keeping the temperature constant at 40 ◦C.

3.2. Procedure for the Hydrogenation of Acetophenone

The model reaction used to test the complexes was the hydrogenation of acetophenone
(Figure 2). The expected product, 1-phenylethanol, is employed in the pharmaceutical and fragrances
industries [26,27]. Typically, the desired amounts of complex (0.01 mmol) and of t-BuOK were poured
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in the reactor, followed by IPA (20 or 40 mL) and then acetophenone (1 mmol). The reactor was flushed
5 times with pure H2 before the pressure was set at 689.5 kPa (100 psi) to begin the reaction at room
temperature. Samples were withdrawn during the reaction to obtain the conversion vs. reaction
time data.

3.3. Parameter Estimation for the Kinetic Model with Catalyst Deactivation

We used the integral method to analyze the kinetics of acetophenone hydrogenation. As the
deactivation Equation (2) is independent, it was first integrated and simplified to give Equation (4) for
the activity

a = e−kd ·t · (1 − ass) + ass (4)

Equation (4) was substituted in Equation (1) to give Equation (5):

− dCA

dt
= kc · [e−kd ·t · (1 − ass) + ass] · CA (5)

Integration of Equation (5) resulted in:

CA

CA0
= e

kc ·(e−kd ·t−1)
kd

− ass ·kc ·(e−kd ·t−1)
kd

−ass ·kc ·t (6)

Applying the definition of conversion, Equation (3) was obtained:

X(t) = 1 − CA

CA0
= 1 − e

kc ·(e−kd ·t−1)
kd

− ass ·kc ·(e−kd ·t−1)
kd

−ass ·kc ·t (7)

The kc, kd and ass parameters were determined from a non-linear least-squares fit of Equation (3)
using the Levenberg-Marquardt algorithm option in Mathematica (version 10, Wolfram Research).
As this involves an iterative process, we used different seed values for the parameters in order to
assure that the converged solution was optimal.

4. Conclusions

Four complexes of the type bisphosphine/diamine-Ru were used as catalysts for the asymmetric
hydrogenation of acetophenone. The diamine ligands employed have axial chirality similar to the
bisphosphine ligands normally employed. The role of each ligand in the catalyst was assigned
according to our experimental observations. The diamine ligand had a major influence on the
conversion reached, while the bisphosphine ligand affected the ee values. The catalysts behave
in a singular way because the base concentration affects the initial reaction rates and subsequent
deactivation. A first order kinetic model that includes deactivation was proposed, and it fitted the
experimental observations with very good agreement. Deactivation was modeled as a first order
process with residual activity. This is one of the few studies where deactivation is modeled using
this type of catalyst. A scheme for the structural changes in the complexes during reaction, based
on generally accepted knowledge in the field and the deactivation model, is proposed to explain the
transient variations in ee and conversion during the asymmetric hydrogenation of acetophenone in
solution catalyzed by bisphosphine/diamine Ru complexes.
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