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Wei Zhang 1,* and Lingxue Kong 2,*
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2 Institute for Frontier Materials, Deakin University, Waurn Ponds, Geelong, VIC 3216, Australia
* Correspondence: zhang_wei@a-star.edu.sg (W.Z.); lingxue.kong@deakin.edu.au (L.K.)

1. Introduction

Membrane technologies have played an instrumental role in bioseparation and down-
stream processing. Membrane operations such as microfiltration, ultrafiltration, and virus
filtration are key tools for clarification, concentration, buffer exchange, and viral clearance
in biomanufacturing, as they offer mild, selective, and efficient separations for delicate
biological products.

With advances in biotherapeutics development, membrane technologies have become
increasingly pivotal in bioseparation and downstream processing. Compared with conven-
tional packed-bed chromatography, a major advantage of membrane technologies is their
convective mass transfer, which enables faster processing times and higher productivity.
This advantage is particularly crucial for processing increasingly complex and fragile large
biomolecules, such as bispecific antibodies, viruses, viral vectors, extracellular vesicles, and
even cells.

In this Special Issue, Application of Membrane Materials in Bioseparation and Down-
stream Processing, published in Membranes, we have collected a diverse yet cohesive
set of papers that demonstrate advances in the application of membrane technologies
in bioseparation and downstream processing. These studies address highly relevant
challenges ranging from conventional applications to emerging modalities, and from pro-
cess optimization to novel membrane material design. Collectively, they underscore the
pivotal role of membrane technologies in enabling efficient and robust separations in
modern biomanufacturing.

2. Overview of Special Issue Contributions

To begin, several papers included in this Special Issue demonstrate advances in
conventional applications of membrane technologies in bioseparation and downstream
processing, including bioreactor clarification and virus filtration. Mostafavi et al. explore
the potential to reduce membrane fouling by integrating a hydrocyclone as the primary
clarification operation and investigate the impact of membrane morphology and pore size
of integrated tangential flow filtration on overall clarification performance, offering insights
that can improve throughput and robustness in early downstream processing stages. Isu
et al. investigate the effectiveness of different membrane adsorbers in disrupting reversible
aggregates that form during virus removal filtration and contribute to flux decline, thereby
helping to guide the development of more effective virus filtration processes for monoclonal
antibody production. Afzal et al. examine the effects of proteins on virus retention across
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different virus removal filters, providing important insights into the development and
application of virus filtration in bioprocessing.

Secondly, this Special Issue also showcases novel membrane applications for more
complex biological products, including bispecific antibodies, outer membrane vesicles, viral
vectors, and cells. Zhao et al. evaluate the impact of the operating buffer system of loading
samples on aggregate removal using hydrophobic interaction membrane chromatography,
demonstrating that this technique operated in flow-through mode is an effective and robust
approach for reducing aggregates during bispecific antibody purification. Li et al. develop a
membrane filtration method to isolate Escherichia coli Nissle 1917–derived outer membrane
vesicles of varying sizes, providing direct experimental evidence and deeper biological
insights that outer membrane vesicles of different sizes exhibit heterogeneous properties.
Sarmah and Husson demonstrate the feasibility of separating full and empty capsids of
adeno-associated virus via ultrafiltration, directly addressing a long-standing bottleneck in
viral vector downstream processing and offering a potential alternative solution. Schwarz
et al. characterize membrane fouling during the separation of Vibrio natriegens biomass
from culture broth using a cross-flow filtration plant with ceramic membranes, providing
guidance for the design of economical filtration plants and strengthening the potential of
establishing V. natriegens as a production host for large-scale industrial processes.

Lastly, other contributions included in this Special Issue also summarize recent break-
throughs in rational membrane design and shed light on future directions in the field.
Boztepe et al. highlight the growing relevance of ion-exchange nanofibrous membranes in
membrane chromatography for protein purification, underscore the importance of compu-
tational modelling as a viable predictive approach to guide membrane design and perfor-
mance prediction and emphasize that integrating AI-guided design with high-throughput
characterization could represent a future direction for membrane material innovation.

3. Conclusions

In summary, this Special Issue presents a diverse collection of papers on membrane
materials in bioseparation and downstream processing, covering applications ranging from
conventional bioreactor clarification and viral clearance to the purification of emerging
modalities, including bispecific antibodies, outer membrane vesicles, viral vectors, and
cells. Collectively, these studies demonstrate that membrane technologies have progressed
from an auxiliary role to a central, enabling tool in biomanufacturing. We hope this Special
Issue not only provides a timely update on the applications of membrane materials in
bioseparation and downstream processing but also serves as a catalyst for continued
innovation in membrane technologies.
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Removal of Aggregates During Bispecific Antibody Purification
Using Hydrophobic Interaction Chromatography
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Park, Shanghai 201507, China; gaokai@asymchem.com.cn
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Abstract

In the production of recombinant antibody/Fc-fusion proteins using mammalian cells,
many aggregates often form alongside the target proteins, particularly with bispecific
antibodies. To ensure the safety of biological products, it is essential to control the amount
of aggregates within a specific range. A traditional downstream process typically involves
using Protein A (ProA) resin to capture the target antibody, followed by two polishing
steps to ensure purity; for instance, using an anion exchange chromatography (AEX) in
flow-through mode and a cation exchange chromatography (CEX) in binding–elution
mode. In this study, we choose a Dual Action Fab (DAF), which can bind two antigens
and is prone to aggregation when expression in CHO (Chinese Hamster Ovary) cells.
We introduce hydrophobic interaction membrane chromatography (HIMC) operating in
flow-through mode, which enhances production efficiency while reducing costs and the
risks associated with column packing. We evaluated the impact of the operating buffer
system, as well as the pH and conductivity of the loading samples, on aggregate removal
using HIMC. Additionally, we investigated the mechanism of aggregate binding and found
that loading conditions had a limited impact on this process. Overall, our findings indicate
that employing HIMC can achieve a 20% reduction in aggregate levels. These results
demonstrate that HIMC in flow-through mode is an effective and robust approach for
reducing aggregates during antibody purification.

Keywords: downstream process; membrane chromatography; quality by design;
flow-through mode

1. Introduction

Bispecific antibodies (BsAbs), engineered to simultaneously engage two distinct epitopes
on a single target or across different molecular entities, have emerged as transformative thera-
peutic modalities since their conceptual inception [1,2]. The evolutionary trajectory of BsAbs
traces back to the 1960s, when pioneering studies demonstrated the feasibility of generating
bispecific F(ab’)2 molecules through re-association of antigen-binding fragments derived
from heterologous polyclonal sera. A paradigm shift occurred with Köhler and Milstein’s
hybridoma breakthrough in 1975, enabling systematic exploration of rodent monoclonal
antibody conjugation and hybridoma fusion technologies to achieve precise dual-targeting
specificity [3]. Subsequent decades witnessed an exponential diversification of BsAb architec-
tures, culminating in accelerated clinical translation. The recent surge in therapeutic BsAb
development reflects their distinct pharmacological advantages over conventional monoclonal

Membranes 2025, 15, 299 https://doi.org/10.3390/membranes151002994



Membranes 2025, 15, 299

antibodies, including augmented target engagement precision, enhanced tumor microen-
vironment penetration, improved manufacturability profiles, and reduced immunogenic
risks—attributes that position BsAbs as potent weapons in modern immuno-oncology [4,5].
Nevertheless, the inherent structural complexity of these molecules poses unique challenges
in downstream processing, particularly regarding aggregate removal during purification—a
critical quality attribute demanding innovative chromatographic optimization strategies.

Bispecific antibodies (BsAbs) in modern bio-therapeutic development are predomi-
nantly produced through recombinant DNA technologies, having evolved into multiple
structural formats that broadly categorize into two classes: IgG-like constructs with func-
tional Fc domains and non-IgG-like frameworks lacking Fc-mediated effector functions [1,2].
While IgG-like architectures dominate clinical pipelines due to their favorable pharma-
cokinetic profiles, their complex heterotetrametric structure—particularly in asymmetric
variants requiring coordinated assembly of two distinct heavy chains (HCs) and light
chains (LCs)—presents substantial manufacturing challenges [6,7]. During the expression
of BsAbs, aggregates may form due to structural instability or miss-folding of amino acid
sequences. Environmental factors such as temperature fluctuations, suboptimal pH con-
ditions, and improper ionic strength during production or storage can further exacerbate
aggregation phenomena [8,9]. These aggregates pose significant challenges to therapeutic
applications: Aggregates may sterically hinder antigen-binding domains, diminishing
target recognition efficacy and compromising therapeutic outcomes [10]. Particulate aggre-
gates can enhance immunogenicity by activating dendritic cells and triggering anti-drug
antibody responses, potentially leading to hypersensitivity reactions or reduced drug
persistence [11]. Aggregation accelerates physical degradation pathways, jeopardizing
product integrity during long-term storage and transportation [12,13].

The rapid advancement of BsAb therapeutics necessitates parallel innovations in
downstream purification strategies to address unique product-related impurities that con-
ventional mAb processes cannot effectively resolve. Traditional polishing approaches
relying on ion exchange chromatography (IEX)–whether through anion exchange (AEX)
flow-through (FT) or cation exchange (CEX) binding–elution(BE) modes–exploit isoelec-
tric point (pI) differences between target molecules and impurities [14]. However, these
methods face significant limitations in BsAb purification, particularly in resolving critical
impurities like hole–hole homodimers that exhibit nearly identical pI values to the desired
product. This challenge has driven the exploration of alternative separation mechanisms,
with hydrophobic interaction chromatography (HIC) emerging as a promising orthogonal
approach [15,16]. HIC leverages subtle differences in surface hydrophobicity between
species, operating through either FT or BE modes, where protein–resin interactions are
modulated by salt concentration gradients. While HIC has established utility in antibody
purification, conventional implementations face inherent limitations, including constrained
binding capacity, suboptimal throughput, and potential risks of protein denaturation due to
strongly hydrophobic ligands—challenges that become particularly acute in industrial-scale
BsAb manufacturing where both product quality and process efficiency are paramount [17].
These constraints underscore the need for innovative HIC optimization strategies to realize
their full potential in next-generation BsAb purification platforms.

In pursuing next-generation purification technologies, researchers prioritize develop-
ing cost-effective and high-efficiency chromatography platforms. Notably, microporous
membrane chromatography demonstrates transformative potential in addressing inherent
limitations of conventional packed-bed systems, including excessive media/operational costs,
diffusion-dominated intraparticle mass transfer mechanisms, and scalability challenges related
to column packing consistency [18,19]. The structural innovations of membrane chromatog-
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raphy drive multi-level technical advancements: Modular configuration eliminates column
packing processes and associated variability. Tortuosity-free flow paths reduce pressure drops
by 2–3 orders of magnitude compared to packed beds. Convection-enhanced mass transfer
enables 10–50× higher linear flow rates without compromising binding capacity, dramatically
accelerating adsorption–desorption kinetics [19–23]. The Sartobind® Phenyl hydrophobic
membrane adsorber, a pioneering innovation introduced, revolutionized biomolecule purifica-
tion through its unique design [24]. The system integrates 30-layer radial flow capsules with
an optimized 8 mm bed height, engineered to maximize operational efficiency. This break-
through technology combines a specifically engineered macroporous membrane architecture
with covalently immobilized phenyl ligands, creating a robust platform for high-throughput
purification [25,26]. The membrane’s structural design enables exceptional flow rate toler-
ance while maintaining high binding capacities, addressing critical limitations of traditional
resin-based systems. Its hydrophilic stabilized regenerated cellulose matrix provides superior
mechanical stability and chemical resistance, even under stringent cleaning conditions. No-
tably, the membrane demonstrates minimal nonspecific protein binding—a critical advantage
when processing high-concentration biomolecules in lyotropic salt solutions. Consistent with
HIC principles, the functionalized membrane exhibits a characteristic increase in binding
capacity with rising ammonium sulfate concentrations. This predictable behavior ensures
reliable process scalability and simplifies method development across diverse biomolecule
purification applications.

In downstream biopharmaceutical purification processes, both BE and FT modes repre-
sent widely employed chromatographic techniques, though their applications differ signifi-
cantly based on resin characteristics [27,28]. The FT mode is predominantly utilized in AEX to
remove residuals like host cell protein (HCP) and host cell DNA (HCD) rather than aggregates.
The BE mode finds principal application in HIC and CEX, where target molecule–resin inter-
actions require controlled binding and subsequent elution to get rid of aggregates. However,
it is well known that the BE mode of HIC has a lower dynamic binding capacity (DBC) and
requires an extended processing time and various buffers [29]. Additionally, the HIC-BE mode
necessitates substantial salt addition to elevate sample conductivity during loading, which
may induce protein precipitation and/or denaturation, potentially compromising product
integrity [30]. On the contrary, the FT mode has a substantially higher loading density, adsorbs
only impurities, and requires no additional recovery equipment [14]. Therefore, in this study,
we will explore the possibilities of HIC membranes for both BE and FT modes to improve the
process efficiency as much as possible while ensuring the removal of impurities.

Given these considerations, combined Sartobind® phenyl membrane adsorber and
FT mode, the efficiency can be greatly improved while removing the aggregates. This
HIMC combines the advantages of HIC and membrane chromatography, ensuring no diffu-
sional limitations, a shorter processing time, a high capacity, and excellent resolution [24].
When synergized with HIMC under convective flow regimes, this approach demonstrates
transformative advantages. In this study, we evaluated the efficacy of CEX for aggregate
removal, while comparatively investigating BE and FT modes in HIMC. The HIMC-FT
mode demonstrated superior performance in aggregate clearance. Furthermore, a DOE
approach was implemented to optimize loading conditions, capacity, recovery, and SEC
purity, successfully establishing the optimal operational window.

2. Materials and Methods

2.1. Antibody and Its Properties

Chinese hamster ovary (CHO) glutamine synthetase knockout (GS−/−) host cell (HD-
BIOP3, Horizon) were used to express recombinant antibodies with standard cell culture
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methods (stirred bioreactor) [31]. Cells were cultivated in batch mode: in 2 L Biostat®

bioreactors (Sartorius Stedim Biotech, Göttingen, Germany) for 14 days. A Sarto-clear BT
1000 filter with a pore size of 0.22 μm (Sartorius Stedim Biotech) was used to filter the cells
after undergoing two-step centrifugation. The antibody employed in this experiment was
a BsAb and its properties are listed in Table 1.

Table 1. The antibody and its properties. The information includes the molecule class, pI and MW.

Molecule Class pI MW (kDa)

BsAb 8.15 150.52
Note: BsAb—bispecifc antibody, pI—Isoelectric point, MW—Molecular Weight.

2.2. Equipment

This experiment was carried out using the Cytiva ÄKTA Avant 150 chromatography
system. The system comprises two positive displacement pumps (A and B) connected to
the mixing chamber. The flow was routed via the mixing chamber to the column. The
UNICORNTM (version 7.6) software (Cytiva, Uppsala, Sweden) was used to operate the
pumps and collect and process the data.

2.3. Protein A Chromatography

MabSelect SuRe LX (Cytiva, Uppsala, Sweden) was used to capture antibodies from
harvested cell culture fluid (HCCF). The loading capacity was 30.0 g/L in accordance with
the volume of the resin. The retention time was set to 5 min, and samples for analysis
ranged from the UV280 peak of 50 mAu/mm to the maximum and then to 50 mAu/mm.
Chromatography was carried out with the buffers, retention time (RT), and procedure
volume listed in Table 2.

Table 2. Procedure and buffers of protein A chromatography. There are experiment procedures,
buffer and resistance time, and column volume for affinity chromatography.

Procedure Buffer RT (min) Volume (CV)

Sanitization 1 M NaOH

5

3
Equilibration 50 mM Tris-HAc, 150 mM NaCl, pH 7.4 3

Elution 50 mM NaAc-HAc, pH 3.6 3
Regeneration 120 mM HAc 3

Note: CV—column volume.

2.4. AEX

AEX was carried out with POROS 50HQ resin (Thermo Fisher, Bedford, TX, USA).
The loading capacity was 150 g/L. The retention time was set to 5 min. Chromatography
was carried out with the buffers and procedures listed in Table 3.

Table 3. Procedure and Buffers of AEX. There are experiment procedures, buffer and resistance time,
and column volume for AEX.

Procedure Buffer RT (min) Volume (CV)

Sanitization 1 M NaOH
5

3
Equilibration 50 mM NaAc-HAc, pH 5.5 3

Strip 50 mM NaAc-HAc, 500 mM NaCl, pH 5.5 3
Note: CV—column volume.

2.5. CEX

CEX was carried out with Capto S ImpAct resin (Cytiva, Uppsala, Sweden). The
loading capacity was 40 g/L. The retention time was set to 5 min. The elution buffer was a
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0–100% gradient combination of A: 50 mM NaAc-HAc, pH5.5 and B: 50 mM NaAc-HAc,
500 mM NaCl, pH5.5. Chromatography was carried out with the buffers and procedures
listed in Table 4.

Table 4. Procedure and buffers of CEX. There are experiment procedures, buffer and resistance time,
and column volume for CEX.

Procedure Buffer RT (min) Volume (CV)

Sanitization 1 M NaOH

5

3
Equilibration 50 mM NaAc-HAc, pH 5.5 3

Elution
A:50 mM NaAc-HAc, pH 5.5

B:50 mM NaAc-HAc, 500 mM NaCl,
pH 5.5

0–100%B, 20 CV

Regeneration 50 mM NaAc-HAc, 500 mM NaCl,
pH 5.5 3

Note: CV—column volume.

2.6. HIMC

Sartobind® Phenyl (Sartorius Stedim, Göttingen, Germany) was a membrane used
in the flow-through mode of the Hydrophobic Interaction Membrane Chromatography
(HIMC), which has a volume of 3 mL, 8 mm bed height. Prior to the experiment, the
loading sample’s conductivity and pH were adjusted in accordance with the equilibration
buffer. The resin’s loading capability was 15 g/L. The fraction was collected between
50 mAu/mm and 100 mAu/mm, and the flow-through product was examined using SEC-
HPLC. The BE mode (binding–elution mode) was also applied for evaluation purposes,
chromatography was carried out with the buffers and procedures listed in Table 5. And
the FT mode chromatography was carried out with the buffers and procedures listed in
Table 6.

Table 5. Procedure and buffers of HIMC (BE mode). There are experiment procedures, buffer and
resistance time, and column volume for HIC.

Procedure Buffer RT (min) Volume (MV)

Sanitization 1 M NaOH

0.3

15

Equilibration 50 mM NaAc-HAc, 900 mM (NH4)2SO4,
pH 5.5 15

Elution
A: 50 mM NaAc-HAc, 1.05 M

(NH4)2SO4, pH 5.5
B: 50 mM NaAc-HAc, pH 5.5

0–100%B, 20 MV

Regeneration HPW 15
Note: MV—membrane volume, HPW—high purity water.

Table 6. Procedure and buffers of HIMC (FT mode). There are experiment procedures, buffer and
resistance time, and column volume for HIC.

Procedure Buffer RT (min) Volume (MV)

Sanitization 1 M NaOH
0.3

15

Equilibration 50 mM NaAc-HAc, 450–900
mM(NH4)2SO4, pH 5.5 15

Regeneration HPW 15
Note: MV—membrane volume, HPW—high purity water.

8
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2.7. Analytical Techniques
2.7.1. Determination of DBC

The binding capacity studies were carried out as follows: the membranes were initially
cleansed with equilibration buffer for 15 membrane volumes (MVs) at the RT of 18 s.
The HIMC Load (pH 5.5, 140 mS/cm, the sample conductivity was adjusted by 3 M
(NH4)2SO4 solution) was then continuously loaded on Sartobind® Phenyl with a membrane
volume of 3 mL at a residence time of 18 s until the UV absorbance at 280 nm showed a
10% breakthrough. The concentration of the flow-through samples was measured using UV
Spectrophotometer-NanoDrop one (Thermo Fisher, Delaware, DE, USA) with the molecule-
specific extinction coefficients. No dilution was required for any of the samples. After that,
the membrane was washed with 15 MVs of equilibration buffer, and the proteins were
flushed out with 15 MVs of elution buffer. After stripping, the membrane was sanitized
with 15 MVs of sodium hydroxide, neutralized with HPW, and stored in 20% v/v ethanol.

The amount of protein loaded into the membrane was calculated from the following
equation:

Protein binding capacity = C0 × (VL − V0)/VM, (1)

Note: C0—protein concentration in the sample (mg/mL), VL—accumulated volume
per fraction (mL), V0—system void volume (mL), VM—membrane volume (mL).

2.7.2. Design of Experiment (DoE) Screening Study Design and Data Analysis

The conductivity and pH of the applied sample, along with loading capacity, were
the three factors at two levels in the multivariate analysis. A complete factorial design was
used to examine these three factors, requiring 8 experiments. Additionally, 3 center point
experiments were added to improve accurate estimation of experimental errors and ensure
that there are (sufficient) degrees of freedom to analyze experimental errors [32]. Since
the complete factorial design allows for all interactions and linear effects, each factor may
be assessed independently. The experimental setup is displayed in Figure 1 and Table 7.
Optimal factor settings for the process were obtained by entering the findings of each
experimental point into JMP® (18) software after the optimization trial series was finished.
Statistical examination of the generated data was part of the review process.

Table 7. Experimental study design. There are three factors: pH, conductivity and capacity.

Mode pH Conductivity (mS/cm) Capacity (g/L)

0 0 0 6.5 90 40
0 0 0 6.5 90 40
− + − 5.5 120 20
− − + 5.5 60 60
+ − − 7.5 60 20
− − − 5.5 60 20
+ + − 7.5 120 20
+ + + 7.5 120 60
0 0 0 6.5 90 40

+ − + 7.5 60 60
− + + 5.5 120 60

Note: “0” represents the center point; “+” represents the high level; “−“ represents the low level.
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Figure 1. Schematic representation of the conducted design of experiments for the conductivity, pH,
and capacity.

2.7.3. Recovery

Spectrophotometric analysis was used to determine the BsAb concentration. Product
recovery was calculated from Equation (2):

Recovery = mass of BsAb(monomers) in elution/mass of BsAb(monomers) applied to column or membrane (2)

2.7.4. Size Exclusion Chromatography-High-Performance Liquid Chromatography
(SEC-HPLC)

Agilent 1100 Series was applied as the SEC-HPLC equipment, and absorbance at
280 nm was used to quantify the amounts of monomers and aggregates. Samples were
injected using 200 mM potassium phosphate, which contains 250 mM potassium chloride
(pH 6.8) as the running buffer into a SEC column (250 Å, 5 μm, 7.8 mm × 300 mm, Waters,
Taunton, MA, USA). The working flow rate was set to 0.8 mL/min. By combining the
peak regions of the early-eluting aggregate peak(s), late-eluting fragment peak(s), and
monomer peak, the ratios of monomers and aggregates were calculated, which indicated
the aggregate levels of the product.

3. Results and Discussion

3.1. The HMWs Removal Ability Evaluation of the CEX Column

CEX and HIC are common methods to separate monomers and aggregates in antibody
industry production. Compared with HIC, CEX has a lower requirement for loading
conductivity and higher capacity [29,33]. Thus, the CEX (Capto S Impact, Cytiva) column
was primarily tested to separate aggregates and monomers. The loading condition of CEX
is pH5.5, conductivity 4.0 mS/cm, and the capacity is 30.0 g/L. Figure 2 shows the CEX
profile in the elution phase. Based on Figure 2, the fraction eluate was CV 4–9. However,
CV 6–8 contained HMW levels over 10.0%. Figure 2b shows a shoulder peak in the fraction
eluate CV7. SEC-HPLC results of CEX load and fraction 4–7 collection are shown in Table 8.
Thus, the resolution between aggregates and monomers was poor. Combined with Figure 2
and Table 8, it was challenging to separate HMWs and monomers based on the difference
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in pI between aggregates and monomers by the change in elution conductivity in CEX.
Thus, HIC would be tested based on the hydrophobicity difference between monomers
and aggregates.

(a) (b)

Figure 2. (a) CEX elution profile; (b) CEX UV280 adsorption and conductivity chromatography in the
elution phase. Both showed a poor resolution between aggregates and monomers.

Table 8. The quality data of CEX. The recovery and SEC-HPLC results of CEX load and
collection eluate.

Sample
Recovery

(%)

SEC-HPLC CE-NR
HCP

(ppm)
HCD
(ppb)HMWs

(%)
Monomers

(%)
LMWs

(%)
Purity

(%)
LMWs

(%)

CEX load N/A 20.9 79.1 ND 96.1 3.9 36.9 <0.3

CEX
eluate 4–7 90.1 18.7 81.3 ND 96.2 3.8 3.6 <0.2

3.2. The Evaluation of FT and BE Mode of HIMC

Compared with column chromatography, membrane chromatography has an ad-
vantage of short residence time, which can decrease the single experiment run time and
increase research efficiency [21]. Thus, HIMC (Sartobind® Phenyl, 3 mL) was attempted to
remove aggregates in this study. To evaluate the aggregates removal ability of HIMC fully,
both BE and FT modes were investigated.

3.2.1. The Dynamic Binding Capacity of HIMC for BE Mode

For HIMC BE mode, dynamic binding capacity (DBC) study was need to evaluate
to find out the maximum loading density of the HIMC. To increase the binding capacity
between sample and the ligand of HIMC, the loading conductivity should be large enough
to increase the sample hydrophobicity. The loading condition of the HIMC was pH 5.50
and 140 mS/cm in this study. Figure 3 shows the DBC determination breakthrough curve
at the RT 0.3 min. When the breakthrough was 10%, the corresponding DBC of HIMC was
18.2 g/L membrane. The final capacity of HIMC is DBC10% × safety factor (0.8), thus, the
capacity of HIMC in BE mode is 18.2 g/L × 0.8 = 14.5 g/L.

11
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Figure 3. The dynamic binding capacity determination breakthrough curve of HIMC.

3.2.2. The Aggregate Removal Ability of HIMC for BE Mode and FT Mode

For the HIMC BE mode test, the loading density was 14.5 g/L, and the loading
condition was pH5.5, 140 mS/cm. Based on previous research [34,35], the FT mode for
column purification can tolerate a larger capacity than the BE mode, so for the initial attempt
for the HIMC FT mode, the test conditions were the capacity of 30.0 g/L, and the loading
condition was pH5.5, 90 mS/cm. The capacity and loading conditions are summarized in
Table 9. Figure 4 shows the protein concentration, HMW level, and chromatography of
HIMC BE mode in the Elution phase. Table 10 shows the recovery and SEC-HPLC purity
for HIMC load, HIMC eluate, and FT pool. As shown in Tables 8 and 10, although the
capacity of HIMC BE mode is nearly half of the CEX BE mode and the recovery is less
than 15.9%, the SEC monomers purity of HIMC BE mode is higher than that of CEX by
about 14.6%. Compared with Figure 2, Figure 4 shows that HIMC BE mode has a higher
resolution between aggregates and monomers than CEX BE mode. It shows that separation
between aggregates and monomers by hydrophobicity is a potential method when the pI
difference between monomers and aggregates is similar. The work principle of BE mode
and FT mode of HIMC is shown in Figure 5. As shown in Table 10, HIMC FT mode has
nearly twice its capacity, less 1.1% HMWs, and a higher 6.0% recovery than HIMC BE
mode. It shows that HIMC FT mode has a higher potential than HIMC BE mode in the
recovery, capacity, and aggregates removal ability section. HIMC FT mode optimization
will be discussed in Section 3.3.

Table 9. The summary of capacity and loading condition of HIMC BE and FT mode.

Mode
Capacity (g/L Membrane

Volume)
Loading pH/Conductivity

(mS/cm)

Binding–elution 14.5 5.5/140.0
Flow-through 30.0 5.5/70.0
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Figure 4. HIMC of BE mode elution profile.

Table 10. The quality data of HIMC. The recovery and SEC-HPLC results of HIMC load, collection
eluate MV 4–14 in BE mode and collection FT in FT mode.

Sample
Recovery

(%)

SEC-HPLC CE-NR
HCP

(ppm)
HCD
(ppb)HMWs

(%)
Monomers

(%)
LMWs

(%)
Purity

(%)
LMWs

(%)

HIMC load N/A 20.9 79.1 ND 96.1 3.9 36.9 <0.3

HIMC eluate
4–17 74.2 4.1 95.9 ND 96.1 3.9 3.1 <0.3

HIMC
flow-through 80.2 3.0 97.0 ND 96.3 3.7 3.4 <0.3

Figure 5. HIMC BE and FT mode working principle.
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3.3. The Optimization of HIMC FT Mode by DoE Study and Analysis
3.3.1. Experimental Strategy, Results, and Statistical Analysis of DoE

In the HIMC FT mode, aggregates can be attached to HIMC ligands by hydrophobicity
interaction and monomers flow through directly. The loading density and condition,
including pH and conductivity, may affect the attachment between aggregates and HIMC
ligands. Thus, the DoE study was utilized to optimize the loading condition and loading
density parameters. The DoE recovery and SEC-HPLC results are summarized in Table 11.

Table 11. The quality data of DOE. The recovery and SEC-HPLC results of DoE.

Mode pH
Conductivity

(mS/cm)
Capacity

(g/L)
HMW

(%)
Recovery

(%)

0 0 0 6.5 90 40 1.81 83.5
0 0 0 6.5 90 40 1.79 83.1
− + − 5.5 120 20 0.31 67.3
− − + 5.5 60 60 6.16 94.1
+ − − 7.5 60 20 1.48 88.2
− − − 5.5 60 20 2.80 89.5
+ + − 7.5 120 20 0.10 64.3
+ + + 7.5 120 60 3.19 76.2
0 0 0 6.5 90 40 1.76 81.5

+ − + 7.5 60 60 4.19 92.3
− + + 5.5 120 60 2.07 84.1

Note: “0” represents the center point; “+” represents the high level; “−“ represents the low level.

Statistical analysis was conducted on the responses of HMW level and recovery.
JMP® (18) software was applied for statistical analysis and a least squares fitting algorithm
was used to obtain a good model for delta pressure of the HMW level (R2 = 0.94, model
p-value = 0.0044) and recovery (R2 = 0.99, model p-value < 0.0001). The results of statistical
analysis were shown in Figure 6. Further evaluation of the varied process parameter effects
and interactions would be discussed in Sections 3.3.3 and 3.3.4.

Figure 6. Prediction profiler depiction of changes in the HMW level and recovery as a function of the
factors studied in the DoE. Note: vertical dotted lines represent the current value or current setting of
each independent variable (X-variable); horizontal dotted lines indicate the current predicted value
of each dependent variable (Y-variable) based on the current settings of the independent variables;
the red fonts indicate the current value; the blue fonts represent the confidence intervals.

3.3.2. The Load pH and Conductivity for HIMC FT Mode

As shown in Figure 5, the pH has a slight influence on HMW levels and recovery.
However, the loading conductivity has a significant effect on HMW levels and recovery.
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With the loading conductivity increasing, the recovery will decrease, and the aggregates will
also decrease in the HIMC FT pool. The reason may be that the high loading conductivity
increases monomer and aggregates’ hydrophobicity interactions with HIMC ligands. With
the strong interaction between aggregates and HIMC ligands, the HMW level will decrease
in the FT pool. However, parts of monomers were attached with HIMC ligands, as well.
As for loading pH, the increase in pH will slightly increase the monomers and aggregates’
hydrophobicity, especially if the loading conductivity is low (60 mS/cm), as shown in
Table 11. If the loading conductivity increases, the pH variance influence of hydrophobic
loading samples is weak. Thus, the load conductivity significantly influences HMW
removal and recovery of HIMC FT mode more than the loading pH.

3.3.3. The Capacity for HIMC FT Mode

The loading density also plays an essential role in HMW removal and recovery for HIMC
FT mode, as shown in Figure 5. If the capacity increases, the aggregate removal ability will
decrease, and the recovery of HIMC FT mode will increase. The reason may be that the
binding sites between aggregates and HIMC ligands are in a specific range as the ligands
of HIMC are limited. If the hydrophobicity of loading samples increases, the interaction
between aggregates and HIMC ligands increases, and more aggregates can be attached to
the same amount of HIMC ligands. Thus, increasing loading conductivity will increase the
HIMC FT capacity without affecting recovery and HMW removal ability. Also, if the loading
conductivity is so high, proteins may precipitate, resulting in protein loss. It is necessary for
the protein to test conductivity adjuster tolerance before beginning the HIMC FT study.

3.3.4. The Design Space of HIMC FT Mode

Based on the balance of recovery and HMW removal ability, the HMW level of less
than 3.0% and recovery over 80.0% were set as the response requirements for HIMC FT
mode. The design space was calculated by contour and surface plotters, as shown in
Figure 7. Combined, the consideration of loading density and robustness of the process for
scale-up, capacity between 37.0 and 45.0 g/L, loading pH 6.5, and loading conductivity
between 78.0 and 91.0 mS/cm were recommended as the final process parameters.

Figure 7. Design space based on the HMW level of less than 3.0% and recovery over 80.0%. The
green area represents design space, the red area represents an HMW level of over 3.0%, and the blue
area represents less than 80.0% recovery.
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4. Conclusions

In conclusion, this study investigates the aggregate removal ability for the CEX column
and novel HIMC in both BE and FT modes. Compared with the traditional polishing step,
CEX column purification, HIMC shows significant potential for separating aggregates from
monomers, especially for complicated molecules, like BsAb. Furthermore, this study explores
an innovative approach to the use of HIMC, the FT mode, which compensates for HIMC’s low
load capacity and low resolution due to its own structural design. Compared to the HIMC
BE mode, the FT mode has a higher aggregate removal ability. Meanwhile, the recovery and
capacity of the HIMC FT mode are higher than that of BE mode. By HIMC FT mode, the HMW
level can be decreased from 21.9% to less than 3.0% with a recovery of over 80.0%, which proves
that HIMC FT mode is a robust and effective method for antibody purification production.
This study only describes the removal of aggregates from a symmetric bsAb. Future research
can focus on developing methods to remove aggregates from different types of molecules.
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Abbreviations

The following abbreviations are used in this manuscript:

BsAbs Bispecific antibodies
ProA Protein A
DAF Dual Action Fab
CHO Chinese Hamster Ovary
AEX Anion exchange chromatography
CEX Cation exchange chromatography
HIMC Hydrophobic interaction membrane chromatography
HCs Heavy chains
LCs Light chains
IEX Ion exchange chromatography
PI Isoelectric point
HIC Hydrophobic interaction chromatography
mAbs Monoclonal antibodies
MW Molecular weight
BT Binding–elution
FT Flow-through
CV Column volume
MV Membrane volume
HPW High-purity water
HMWs High molecular weights
C0 Protein concentration in the sample (mg/mL)
VL Accumulated volume per fraction (mL)
V0 System void volume (mL)
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VM Membrane volume (mL)
DoE Design of experiment
SEC Size exclusion chromatography
HPLC High-performance liquid chromatography
HCD Host cell DNA
HCP Host cell protein
RT Retention time
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Abstract: Outer membrane vesicles (OMVs) are extracellular vesicles secreted by Gram-
negative bacteria with diameters of 20–250 nm. OMVs contain various biologically active
substances from their parent bacteria, such as proteins, lipids, and nucleic acids. Escherichia
coli Nissle 1917 (EcN) is a Gram-negative probiotic that resides in the human intestine.
EcN-derived OMVs are pivotal in modulating intestinal immune responses. However,
few studies have addressed the heterogeneity of EcN-derived OMVs in terms of size,
significantly limiting the research on their clinical applications. Currently, there are a
lack of feasible methods for obtaining EcN-derived OMVs of different sizes. To address
this knowledge gap, we developed a membrane filtration method to isolate EcN-derived
OMVs of varying sizes. In this study, we first used gradient filtration to isolate high-
purity EcN-derived OMVs and conducted a proteomic analysis. Subsequently, we used
membrane filtration to separate the EcN-derived OMVs by size. We successfully obtained
EcN-derived OMVs of three specific sizes: <50 nm, 50–100 nm, and 100–300 nm. We
then performed proteomic analyses of these EcN-derived OMVs and compared their
protein profiles. Finally, we compared the ability of each EcN-derived OMV type to induce
RAW264.7 macrophages to secrete the pro-inflammatory factor interleukin (IL)-1β and the
anti-inflammatory factor IL-10. The EcN-derived OMVs contained 646 different proteins
overall; those of different sizes contained different protein types. Among them, the EcN-
derived OMVs in the <50 nm group contained significantly fewer proteins (262 different
types in total) than those in the 50–100 nm (1603 types) and 100–300 nm (1568 types) groups.
Furthermore, the <50 nm group had fewer membrane proteins (40) than the 50–100 nm
(215) and 100–300 nm (209) groups. We also found that RAW264.7 macrophages secreted
different concentrations of IL-1β and IL-10 following co-incubation with the three EcN-
derived OMV types. The 50–100 nm EcN-derived OMV group showed a stronger effect in
terms of inducing inflammatory cytokine secretion compared to the other two groups. This
study provides direct experimental evidence that EcN-derived OMVs of different sizes
exhibit heterogeneous properties.

Keywords: outer membrane vesicles; different sizes; membrane filtration; Escherichia coli
Nissle 1917; heterogeneity; macrophage

1. Introduction

Bacterial outer membrane vesicles (OMVs) are extracellular vesicles with defined
membrane structures that are actively secreted by Gram-negative bacteria [1]. Their par-

Membranes 2025, 15, 141 https://doi.org/10.3390/membranes15050141
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ticle size distribution is approximately 20–250 nm, and they cannot replicate [2]. OMVs
contain various parent bacterial components that endow them with unique biological
functions, including lipopolysaccharides, peptidoglycans, phospholipids, proteins, and
nucleic acids (e.g., DNA and RNA) [3–6]. OMVs are crucial mediators of intercellular
communication in bacteria–bacteria and bacteria–host interactions [7–10]. OMVs regulate
various bacterial interactions, including biofilm formation, antibiotic resistance, and the
killing of competing bacteria [11]. OMVs also stimulate the activities of epithelial cells,
endothelial cells, and various immune cells in the host [12,13]. Proteomic analyses of OMVs
provide information on their protein composition, biogenesis, and function. The gradual
development of liquid chromatography with tandem mass spectrometry (LC–MS/MS)
over recent years has played a pivotal role in promoting the development of proteomics
research into OMVs [14–16]. Lee et al. used LC–MS/MS to demonstrate that OMVs derived
from Escherichia coli bacteria contain various outer membrane proteins and certain porins,
such as OmpA, OmpF, and NmpC. These proteins have immunostimulatory activities
and can induce leukocyte migration [17]. Kwon et al. reported that OMVs derived from
Acinetobacter baumannii contained 132 proteins, of which 43 are cytoplasmic, 26 are outer
membrane proteins, 8 are inner membrane proteins, 6 are periplasmic, and the rest have
an unknown localization [18]. Choi et al. reported that OMVs derived from Pseudomonas
aeruginosa contained 338 proteins [19]. Among these proteins, the outer membrane proteins
are mainly involved in the assembly of bacterial flagella, pore formation, the transport of
specific substrates, and outer-membrane stability. The other proteins were found to be
related to neutrophil-mediated killing.

The intestine is the largest immune organ in the body. The intestinal mucosal innate
immune system, which comprises intestinal mucosal tissue, immune cells, and immune
molecules, represents the body’s primary line of defense against pathogenic invasion.
Upon interaction with pathogenic microorganisms, the intestinal mucosal innate immune
system can elicit an immune response, thereby contributing to the body’s defense mecha-
nisms [20,21]. As important innate immune cells, macrophages are among the immune cell
models commonly used to study innate immune responses in vitro, and they play crucial
roles in intestinal mucosal immunity. Escherichia coli Nissle 1917 (EcN) is a Gram-negative
probiotic that resides in the human intestine. The research has indicated that EcN posi-
tively contributes to regulating host immune function and treating intestinal diseases [22].
Compared to EcN probiotics, EcN-derived OMVs exhibit a high propensity to dissemi-
nate, traverse the mucus layer, and migrate directly to the intestinal submucosal tissue
to interact with host immune-system cells. Importantly, EcN-derived OMVs preserve the
beneficial and immunogenic characteristics of the parent bacterium while mitigating the
potential risks associated with administering live bacteria to the host. Canas et al. reported
that EcN-derived OMVs mediated intestinal anti-inflammatory responses and barrier-
protective effects in a mouse model of DSS-induced intestinal inflammation [23]. Fábrega
et al. demonstrated that the oral administration of EcN-derived OMVs in a mouse model
effectively reduced pro-inflammatory factor levels, increased the expression of intestinal
barrier markers, and consequently inhibited the progression of DSS-induced colitis [24].
Alvarez et al. reported that EcN-derived OMVs activated intestinal mucosal immune and
defense responses. Furthermore, these EcN-derived OMVs enhance barrier function by
increasing the expression of tight junction proteins in intestinal epithelial cells [25]. There
have been few studies on the heterogeneity of EcN-derived OMVs in terms of size. Isolating
EcN-derived OMVs of different sizes represents the first and most important step toward
conducting research regarding their heterogeneity. Currently, fast, effective, and efficient
methods for the refined preparation of OMVs of different sizes are lacking. Ultrafiltration
is currently used as a method for the isolation of OMVs [2]. It separates them based on
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their distinct physical characteristics using a combination of filter membranes of different
sizes to facilitate the separation process. Inspired by the principles of ultrafiltration, we
developed a membrane filtration method that is convenient and effective for separating
EcN-derived OMVs of different sizes. This method has the advantages of not requiring
any additional reagents, being simple to execute, being low-cost, being able to preserve the
biological activity of OMVs, and being scalable for industrial mass production.

EcN-derived OMVs are pivotal in modulating intestinal immune responses. Compared
to the probiotic EcN itself, EcN-derived OMVs offer unique advantages [26]. There are
relatively few studies addressing the heterogeneity of EcN-derived OMVs of varying sizes,
which significantly restricts research into their clinical applications. In this study, we first
used the gradient filtration method to isolate high-purity OMVs derived from EcN and then
conducted proteomic analyses on the isolated EcN-derived OMVs. Second, we used the
filtration method to obtain EcN-derived OMVs of three specific sizes: <50 nm, 50–100 nm,
and 100–300 nm. We then conducted proteomic analyses on the EcN-derived OMVs of
three specific sizes. Finally, we analyzed the interactions of EcN-derived OMVs of three
specific sizes with RAW264.7 macrophages to characterize their differential effects. Our
results showed that the isolated EcN-derived OMVs contained a total of 646 different
proteins, and the EcN-derived OMVs of different sizes contained different protein types.
Among them, we found that the 50–100 nm group contained the widest variety of proteins
compared to those in the <50 nm and 100–300 nm groups. We also found that RAW264.7
macrophages secreted different amounts of IL-1β and IL-10 following co-incubation with
the three EcN-derived OMV types. The 50–100 nm EcN-derived OMV group showed a
stronger effect in terms of inducing inflammatory cytokine secretion than the other two
groups. These findings confirmed that EcN-derived OMVs of varying sizes exhibited
heterogeneous characteristics.

2. Materials and Methods

2.1. RAW264.7 Macrophage Culture

RAW264.7 macrophages were purchased from the Shanghai Cell Biology Institute
of the Chinese Academy of Sciences (Shanghai, China). Fetal bovine serum (FBS) and
Dulbecco’s Modified Eagle Medium (DMEM) were purchased from Thermo Fisher Scientific
(Waltham, MA, USA). Penicillin-streptomycin solution was purchased from Beyotime
Biotechnology (Shanghai, China). RAW264.7 macrophages were cultured in DMEM with
10% FBS and 1% penicillin-streptomycin. The cells were cultured in a CO2 incubator with a
humidified atmosphere of 5% CO2/95% air at 37 ◦C.

2.2. Isolation of EcN-Derived OMVs and Size-Based Sorting
2.2.1. Isolation of EcN-Derived OMVs Through Gradient Filtration

The EcN bacterial stock was purchased from Baosai Biological Company (Hangzhou,
China). EcN-derived OMVs were obtained via the gradient filtration protocol previously
reported by our research group [27]. We optimized the protocol for the gradient filtration
and significantly improved the purity of the OMV samples by repeating the pretreatment
and washing steps multiple times. The detailed protocol for the isolation of EcN-derived
OMVs is described below. Aliquots of EcN glycerol cryopreservation solution (100 μL)
were inoculated into 10 mL of sterile LB culture medium (Sevier Biotechnology, Wuhan,
China) at a 1:100 ratio and cultured at 37 ◦C at 200 rpm for 8 h. Subsequently, 200 μL of
this seed mixture was inoculated into 200 mL of sterile LB culture medium and cultured
at 37 ◦C at 200 rpm for 18 h. Finally, 200 mL of EcN culture medium was collected. The
EcN culture medium was then centrifuged at 15,000× g at 4 ◦C to remove the bacterial
cells and any sediments. The supernatant was subsequently filtered through a 0.45 μm
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filter (Millipore, Darmstadt, Germany) to remove residual cellular debris. The resulting
supernatant was then filtered through a 0.3 μm filter membrane (Millipore). Finally, the
collected filtrate was filtered and centrifuged in an ultrafiltration centrifuge tube (100 kDa,
UFC9100; Millipore) at 5000× g until the remaining volume was approximately 0.5 mL.
Residual proteins were removed via three consecutive PBS washes (12 mL of PBS solution
per wash). The ultrafiltration centrifuge tube was then centrifuged at 5000× g for 30 min.
The final precipitate (i.e., purified EcN-derived OMVs) was dissolved in 200 μL of PBS and
stored at –80 ◦C for later use.

2.2.2. Size-Based Sorting of EcN-Derived OMVs of Varying Sizes

The EcN-derived OMV concentrate was first separated via membrane filtration with
different pore sizes (100 nm, UFC30VV25; Millipore) at 5000× g for 5 min, with both upper
solutions and lower filtrates collected to obtain <100 nm and 100–300 nm concentrates.
The <100 nm concentrate was then passed through a 50 nm filter (50 nm, VMWP02500;
Millipore) to separate the OMVs into <50 nm and 50–100 nm concentrates. The different
OMV classes were then concentrated via ultrafiltration (100 kDa; Millipore) at 5000× g for
15 min.

2.3. TEM of EcN-Derived OMVs

TEM images were acquired using a JEM1011 electron microscope (JEOL, Tokyo, Japan).
The EcN-derived OMV samples were loaded onto TEM copper grids and dried for 20 min.
The samples were negatively stained with 2% phosphotungstic acid for 10 min before TEM
imaging, which was performed at 80 kV.

2.4. NTA of EcN-Derived OMVs

NTA was performed on a NanoSight NS300 instrument (Malvern, Worchestershire,
UK). The EcN-derived OMV samples were warmed to room temperature and vortexed
before being serially diluted to break apart any aggregates. A 10 μL volume of the resulting
mixture was then diluted with PBS to achieve a concentration ranging from 1 × 107 to
1 × 109 particles/mL. The size distribution of the OMVs was then determined via a
ZetaView PMX 110 particle matrix at 405 nm.

2.5. DLS of EcN-Derived OMVs of Varying Sizes

DLS was performed on a Nano ZS90 instrument (Malvern). The size distribution of the
EcN-derived OMVs was characterized via DLS. A 10 μL volume of the resulting mixture
was diluted with 1 mL of PBS and added to a DLS test cup to perform the determination.

2.6. BCA Protein Quantification of EcN-Derived OMVs

A bicinchoninic acid (BCA) protein assay kit (Beyotime Biotechnology, Shanghai,
China) was used to prepare a standard curve per the manufacturer’s instructions. A fixed
volume of each EcN-derived OMV sample was then mixed with radioimmunoprecipitation
assay lysis solution. The mixture was oscillated at room temperature for 15 min. A 2 μL
volume of each EcN-derived OMV sample lysate was obtained, and its absorbance (562
nm) was measured via a SpectraMax M5 full-wavelength microplate reader (Molecular
Devices, Sunnyvale, CA, USA). The concentration of the EcN-derived OMVs was then
determined according to the BCA standard curve and sample dilution factor.

2.7. Purification of EcN-Derived OMV Samples via Size-Exclusion Chromatography

Size-exclusion chromatography (SEC) was performed using the Exosupur® Purifi-
cation Kit (Beijing Enzekantai Company, Beijing, China, ES914) according to the man-
ufacturer’s instructions: first, the Exosupur® exclusion column was removed from the
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refrigerator, maintained at 4 ◦C, and stabilized in an upright orientation using a test tube
rack. The column was then allowed to equilibrate to ambient temperature for 30 min.
Subsequently, the column was rinsed with 20 mL of PBS buffer, which was twice the
column’s volume. After the PBS was completely drained, 1 mL of the sample was added
(if the sample was less than 1 mL, PBS was added until the total volume was 1 mL). After
all samples were transferred into the sieve plate, 10 mL of the PBS eluent was added.
Starting from the first drop of effluent, the effluent was collected using 1.5 mL centrifuge
tubes. Each 500 μL of the effluent was marked as one fraction. Next, the OMVs were
collected. It was recommended to discard fractions 1–4 and only retain fractions 5–7, as
these fractions contained the highest concentration of OMVs. These collected fractions
were combined into a single solution. The protein impurities predominantly appeared in
the fractions collected after fraction 10, so fractions 10–15 were also collected and combined
separately as a mixed protein sample. The collected OMVs and mixed protein solutions
were concentrated via ultrafiltration centrifuge tube (100 kDa, UFC9100; Millipore). Sub-
sequently, 200 μL of PBS was added to obtain an OMV concentrate and impure protein
concentrate. These concentrates were subjected to quantitative analysis using the BCA
protein quantification method.

2.8. SDS-PAGE of EcN-Derived OMVs

The SDS-PAGE gel preparation kit was purchased from Beyotime Biotechnology
(Shanghai, China). The EcN-derived OMVs (10 μg) were boiled in 5× SDS-PAGE loading
buffer for 10 min and then centrifuged (12,000× g), and the resulting supernatants were
analyzed via SDS-PAGE on a 12% separating gel stained with G-250 protein-staining
reagent (Baiolaibo Technology, Beijing, China).

2.9. Proteomic Study of EcN-Derived OMVs

Protein expression was verified using Wayen Biotechnology (Shanghai, China) via LC-
MS/MS using label-free proteomic analysis, according to their established protocols [28].
Proteomic experiments with EcN-derived OMV samples were performed in biological
quadruplicate. Proteomic experiments with EcN-derived OMVs of three specific sizes were
performed once each. The LC-MS-MS/MS protocol is described below.

2.9.1. Preprocessing of Proteomic Samples

Equal volumes of protein lysis solution [7 M urea (Sigma, St. Louis, MO, USA), 2%
SDS (Sigma), and 1% protease inhibitor cocktail (Thermo Scientific, San Jose, CA, USA)]
were added to the EcN-derived OMV samples, after which an ultrasonic cell disrupter
(Xinzhi Biotechnology, Ningbo, China) was used for lysis. The samples were repeatedly
sonicated for 2 s, with an intervening pause of 5 s, for a total of 1 min, before being lysed
on ice for 2 h. The lysed product was then centrifuged at 13,000 rpm for 20 min at 4 ◦C.
The supernatant was collected, and its concentration was measured via BCA quantification
(Beyotime Biotechnology, Shanghai, China). The samples (50 μL) of this protein mixture
were then added to 10 mM dithiothreitol (DTT; Sigma) and incubated at 37 ◦C for 1 h. The
solutions were then centrifuged at 13,000 rpm for 1 h at 4 ◦C to collect precipitates. The
collected precipitates were added to 1 mL aliquots of 100% acetone (Thermo Scientific) for
purification. The samples were then centrifuged at 13,000 rpm for 30 min, the supernatant
was discarded, and the precipitate was subjected to repeated washing. The precipitate was
then dried at room temperature for 10 min, dissolved in PBS, and incubated with trypsin
(Promega, Sunnyvale, CA, USA) at 37 ◦C overnight for enzymatic digestion. Following
centrifugation for 30 min at 13,000 rpm, the peptide precipitate was obtained and desalted
via a C18 desalting column (GL Sciences, Tokyo, Japan).
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2.9.2. LC-MS/MS Analysis

The drained peptide sample was redissolved in the mobile phase and centrifuged at
20,000× g for 10 min, after which the supernatant was collected for injection-processing.
The peptide sample was first separated via a nanoElute UPLC liquid-phase system (Brucker,
Karlsruhe, Germany). Mobile phase A consisted of 0.1% formic acid (Aladdin, Los Angeles,
CA, USA) in water, and the flow rate was 300 μL/min. Mobile phase B [0.1% formic acid
(Aladdin) in acetonitrile (Thermo Scientific)] was run at 2% for the first 5 min, ramped
to 22% over 45 min, and ramped to 35% over 50 min, before being rapidly increased to
80% for 55 min. The peptide fragments separated by the liquid phase were ionized via the
CaptiveSpray source before being input into the timsTOF Pro 2 tandem mass spectrometer
(Brucker) for mode detection. The main parameters used in the mass spectrometer were as
follows: ion source voltage, 1.5 kV; ion mobility range, 0.76–1.29 V·S/cm2; first-level mass
spectrometry scanning range, 452–1152 m/z; and peak intensity detected only at >2500.
The 452–1152 m/z range was divided into four steps. Each step was divided into seven
windows, and a total of 56 windows were used for continuous window fragmentation and
information collection. The fragmentation mode was the charge injection device, and the
fragmentation energy was 20–59 eV. The mass width of each window was 25. The cycle
time of each DIA scan was 1.59 s.

2.9.3. Database Searching, Protein Identification, and Statistical Analyses

The obtained MS/MS data were analyzed via Spectronaut 17 (Biognosys, Schlieren,
Switzerland). Database searches were performed via the UniProt database according to
a previously reported protocol [29]. For proteins derived from the UniProt database, the
UniProt ID was first used to match the GO ID, and the corresponding protein information
was retrieved from the UniProt-GOA database on the basis of the GO ID. The following
search parameters were used: enzyme digestion of Trypsin, with a parent tolerance of
15 ppm; fragment tolerance of 0.5 Da; minimum peptide length of 5; false discovery rate of
1% at the peptide and protein levels; cysteine carbamidomethylation as fixed modification;
and methionine oxidation and protein N-terminal acetylation as variable modifications.
The identified proteins were classified according to their subcellular localization and
molecular functions via CELLO (http://cello.life.nctu.edu.tw/ (accessed on 1 September
2024)) and InterProScan (http://www.ebi.ac.uk/interpro/ (accessed on 1 September 2024)),
respectively [30]. The COG protein functional classification method was used to classify
the protein molecules involved in various biological processes.

2.10. Internalization of EcN-Derived OMVs of Diverse Sizes by RAW264.7 Macrophages

For the negative control group, 500 μL of PBS was combined with 0.5 μL of DiO
membrane dye. In the experimental groups, 20 μg of the EcN-derived OMV samples was
diluted in 500 μL of PBS and mixed with 0.5 μL of DiO membrane dye. All reaction mixtures
underwent purification using an ultrafiltration centrifuge tube (100kDa) at 6000 rpm for
30 min to remove any unbound dye; two purification cycles were performed for each
sample. Then, the precipitate was resuspended in 200 μL of PBS. RAW264.7 macrophages
were co-cultured with the purified DiO-labeled EcN-derived OMVs of varying sizes for
16 h. The RAW264.7 macrophages were washed three times with PBS, followed by nuclear
staining with Hoechst 33342 for 5 min. After washing with PBS, the RAW264.7 macrophages
were added to the cell culture medium for fluorescence imaging.

2.11. Effects of EcN-Derived OMVs of Varying Sizes on Inflammatory Cytokine Secretion by
RAW264.7 Macrophages

RAW264.7 macrophages were seeded into a 24-well plate at a concentration of
1 × 105/well. The cells were cultured at 37 ◦C and 5% CO2 until 70–80% confluence.
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A 0.95 mL aliquot of culture medium was added to each well to replace the extracted cul-
ture medium, and 50 μL aliquots of EcN-derived OMVs of different sizes at standardized
concentrations of 80 μg/mL were added to final concentrations of 4 μg/mL in each well.
After the RAW264.7 cells were cocultured with different sizes of EcN-derived OMVs for
24 h, the culture media were collected and centrifuged at 1500× g for 10 min at 4 ◦C, and the
supernatants were collected. ELISA kits (Sevier Biotechnology, Wuhan, China) were used to
measure the concentrations of IL-1β and IL-10 according to the manufacturer’s instructions.

2.12. Statistical Analysis

Statistical analyses were performed via one-way ANOVA. All the data are presented as
the mean ± SDs of three independent experiments. Significance was assessed at p < 0.05 (*),
p < 0.01 (**), and p < 0.001 (***). All the statistical analyses were performed via GraphPad
Prism software 5.0 (San Diego, CA, USA).

3. Results

3.1. EcN-Derived OMV Isolation via Gradient Filtration

We used the gradient filtration method that was previously published by our re-
search group to separate OMVs from probiotic EcN bacteria [27]. First, the morphological
characteristics of the isolated EcN-derived OMVs were analyzed via transmission elec-
tron microscopy (TEM), and their size distributions were characterized via nanoparticle
tracking analysis (NTA). The morphologies of the EcN-derived OMVs were clearly ob-
servable via TEM (Figure 1a). The TEM results revealed that the isolated EcN-derived
OMVs exhibited membrane structures. The NTA results revealed that the mean size of the
isolated EcN-derived OMVs was 131.4 ± 3.16 nm, with a size distribution ranging from
20 to 300 nm (Figure 1b,c). These results were consistent with the previously reported
structural characteristics and particle sizes of EcN-derived OMVs [31,32], confirming that
the isolation procedure was successful. Next, to investigate the potential presence of
protein contamination in the EcN-derived OMV samples, we used size-exclusion chro-
matography (SEC) to purify the samples. SEC is currently used as an effective method for
achieving high-purity OMVs [2]. Our experimental results demonstrated that although we
successfully acquired a concentrate of EcN-derived OMVs purified through SEC, we did
not isolate a concentrated solution of the contaminating proteins. Importantly, to further
confirm the purity of the EcN-derived OMVs obtained through gradient filtration, a protein
analysis of the EcN-derived OMVs obtained using the two methods (SEC and gradient
filtration) was carried out with SDS-PAGE. The experimental results, presented in Figure
S1, demonstrated that the protein bands identified in the EcN-derived OMVs obtained
using the gradient filtration corresponded to those observed via SEC. These results suggest
that the purity of the EcN-derived OMVs obtained via gradient filtration is comparable to
that achieved with SEC. Finally, in order to explore the therapeutic effect of EcN-derived
OMVs on macrophages, we assessed the secretion of the pro-inflammatory factor IL-1β
and anti-inflammatory factor IL-10 by RAW264.7 cells treated with the EcN-derived OMVs
purified via SEC. As illustrated in Figure S2, we found that the RAW264.7 macrophages ex-
hibited significantly elevated levels of IL-1β and IL-10 compared to the PBS control group (0
μg/mL of EcN-derived OMVs). Our results are consistent with those of a related study that
reported that EcN-derived OMVs have the capacity to induce pro-inflammatory and anti-
inflammatory responses in RAW264.7 macrophages [33]. In conclusion, the above results
indicated that we efficiently isolated high-purity EcN-derived OMVs via gradient filtration.
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Figure 1. Transmission electron microscopy (TEM) and nanoparticle tracking analysis (NTA) of
EcN-derived OMVs. (a) TEM images of EcN-derived OMVs (scale bar: 200 nm); (b) particle size
distribution of EcN-derived OMVs measured via NTA; (c) mean size of EcN-derived OMVs. The
data are shown as the mean ± SD; n = 3. The mean size refers to the average size of the EcN-derived
OMVs. The mean size values were automatically generated in the NTA report.

3.2. Proteomic Analysis of EcN-Derived OMVs

We first conducted a protein analysis of the isolated EcN-derived OMVs via sodium
dodecyl sulfate-polyacrylamide gel electrophoresis (SDS-PAGE) obtained from three groups
of repeated experiments (Figure S3). The SDS-PAGE results revealed the abundance of
proteins in the isolated EcN-derived OMVs. Importantly, in comparison to the SDS-PAGE
experimental results for EcN-derived OMVs reported in the literature, the protein bands in
this study were relatively singular, exhibiting a minimal presence of contaminating protein
bands [26]. Furthermore, the bands of the outer membrane marker protein OmpA were
prominently visible. These results further demonstrate that the EcN-derived OMVs we
obtained were highly pure and exhibited no contamination from other proteins. Notably,
the distribution of protein bands across the three experimental groups was consistent,
indicating that the gradient filtration method used to separate EcN-derived OMVs exhibited
high repeatability. Next, we performed LC-MS/MS on the isolated EcN-derived OMVs
from four groups of repeated experiments, identifying 1003 proteins (Figure S4). Among
these, 646 common proteins (64.4%, 646/1003) were consistently identified across all four
groups. According to the subcellular locations of the 646 common identified proteins within
the parent bacteria (Figure 2a and Table S1), the common proteins were classified into the
following five groups: cytoplasmic (69.2%, 447/646), outer membrane (6.0%, 39/646),
periplasmic (18.4%, 119/646), inner membrane (2.2%, 14/646), and extracellular (4.2%,
27/646). The subcellular locations and clusters of orthologous group (COG) functions
of the 646 common proteins are summarized in Table S1. Importantly, our proteomic
analysis revealed that the enriched EcN-derived OMV samples, as previously reported in
the literature, contained characteristic proteins that could regulate host immune responses
and provide protection against diseases. These characteristic proteins included notable
outer membrane proteins (such as OmpA, OmpF, and OmpC) [33]. According to the COG
functions of protein classifications (Figure 2b and Table S1), most of these common proteins
were related to the biological processes of ribosomal structure/biogenesis (n = 89), the
transportation and metabolism of nucleotides (n = 87), cell wall/membrane biogenesis
(n = 70) and energy production and conversion (n = 69). Some proteins were also involved
in transcription (n = 34); posttranslational modification and protein turnover (n = 26);
replication and repair (n = 17); cycle control and cell division (n = 14); cell motility (n = 11);
and the transportation and metabolism of carbohydrates (n = 28), inorganic ions (n = 24),
coenzymes (n = 23), and lipids (n = 20). A few proteins related to signal transduction
(n = 5), vesicular transport (n = 5), and secondary metabolite biosynthesis (n = 4) were also
identified. Thus, EcN-derived OMVs contained various proteins that potentially mediated
their biological functions.
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Figure 2. Proteomic analysis of EcN-derived OMVs. (a) Subcellular locations of the 646 common
proteins identified via proteomic analysis. (b) We identified 646 common proteins according to
a functional classification performed via the Clusters of Orthologous Groups (COG) of proteins
database. The horizontal axis represents the classification content, and the vertical axis represents the
relative content of the corresponding number of functional proteins.

3.3. Segmentation of EcN-Derived OMVs of Varying Sizes and Proteomic Analysis

The primary consideration in studying the heterogeneity of differently sized EcN-
derived OMVs is how to obtain samples that meet the requirements. Currently, feasible
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methods for obtaining EcN-derived OMVs of different sizes are lacking. Liu et al. isolated
extracellular vesicles of different sizes from cultured media with 22Rv1 prostate cancer
cells via ExoTIC devices with two key pore sizes (30 and 50 nm) [34]. On the basis of
this precedent, we developed a membrane filtration method to achieve the segmented
separation of EcN-derived OMVs. A schematic detailing the membrane filtration method
for separating OMVs of different sizes is presented in Figure S5. We used two membranes
with different pore sizes (50 and 100 nm) to successfully divide the high-purity isolated
EcN-derived OMVs into three distinct size groups: <50 nm, 50–100 nm, and 100–300 nm.

The procedure did not require the use of exogenous substances; therefore, the EcN-
derived OMVs of three specific sizes were considered highly pure and free from contami-
nation from other proteins. First, we conducted a TEM analysis of EcN-derived OMVs of
three specific sizes. The TEM results clearly revealed the morphology of these EcN-derived
OMVs (Figure 3). Notably, TEM results indicated that the three groups of EcN-derived
OMVs displayed distinct size variations. Second, we used dynamic light scattering (DLS)
to measure the particle size distributions of the three EcN-derived OMV classes (Figure S6).
The particle size distributions of the three EcN-derived OMV classes were consistent with
their respective size distribution characteristics. In conclusion, by using the membrane
filtration method, we successfully obtained EcN-derived OMVs of three specific sizes:
<50 nm, 50–100 nm, and 100–300 nm.

Figure 3. TEM images of EcN-derived OMVs of three specific sizes (<50 nm, 50–100 nm, and
100–300 nm): (a) <50 nm group; (b) 50–100 nm group; (c) 100–300 nm group. Scale bar: 100 nm.

We used LC-MS/MS analysis to perform proteomic analyses of the three groups
of EcN-derived OMVs. As shown in Figure 4a and Table S2, we identified a total of
1648 unique proteins in the <50 nm, 50–100 nm, and 100–300 nm groups, comprising 15.8%
(262/1648), 97.3% (1603/1648), and 95.1% (1568/1648), respectively. After analyzing these
results, we found that the <50 nm group contained significantly fewer types of proteins than
the 50–100 nm and 100–300 nm groups. The 50–100 nm group contained the greatest variety
of proteins among the three groups. Interestingly, the percentage of common proteins
among the three groups was 15.8% (261/1648). Furthermore, the 261 types of common
proteins among the three groups contained five groups: cytoplasmic (115), periplasmic
(84), outer membrane (36), inner membrane (4), and extracellular (22). We then focused
on membrane proteins in our subsequent LC-MS/MS analyses. As shown in Figure 4b
and Table S3, of the 229 total membrane proteins identified, the <50 nm, 50–100 nm, and
100–300 nm groups contributed 17.5% (40/229), 93.9% (215/229), and 91.3% (209/229),
respectively. Among these membrane proteins, 17.5% (40/229) were common to both
the <50 nm and 50–100 nm groups, 85.2% (195/229) were common to the 50–100 nm and
100–300 nm groups, and 17.5% (40/229) were common to the <50 nm and 100–300 nm
groups. Thus, the <50 nm group contained the fewest unique membrane protein types.
Finally, we analyzed the common membrane proteins contained in the three groups of
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EcN-derived OMVs, as shown in Table S3. We identified 36 types of outer membrane
proteins and 4 types of inner membrane proteins (including GlpT, Rne, FeoB, and BsmA)
among the common membrane proteins in the three groups. Importantly, these common
membrane proteins included typical proteins that could play an immunomodulatory role
in host cells (such as many outer membrane proteins, including OmpA, OmpC, and OmpF).
In summary, these results indicated that EcN-derived OMVs of different sizes presented
obvious heterogeneity in terms of the proteins they contain.

Figure 4. Proteomic analysis of the three EcN-derived OMV groups. (a) Venn diagram showing the
unique and common proteins among the three groups of EcN-derived OMVs. (b) Venn diagram
showing the unique and common membrane proteins among the three groups of EcN-derived OMVs.

3.4. Uptake of EcN-Derived OMVs of Varying Sizes by RAW264.7 Macrophages

In order to investigate the biological activity of EcN-derived OMVs of varying sizes, we
performed a fluorescence imaging experiment in which EcN-derived OMVs of varying sizes
were taken up by the RAW264.7 macrophages. As shown in Figure 5, EcN-derived OMVs
of varying sizes were labeled with cell membrane dye of 3,3′-dioctadecyloxacarbocyanine
perchlorate (DiO) and incubated with the RAW264.7 macrophages for 16 h. Phosphate-
buffered saline (PBS) was mixed with DiO and purified through ultrafiltration to serve
as the negative control group. EcN-derived OMVs of varying sizes were evaluated using
fluorescence imaging to determine their ability to be taken up by the recipient RAW264.7
macrophages. As shown in Figure 5a–d, the RAW264.7 cells in the negative control group
were free of DiO-labeled EcN-derived OMVs, as no fluorescence was observed in the
RAW264.7 cells after 16 h of incubation. In contrast, obvious green fluorescence was
observed in the RAW264.7 cells in the experimental groups after 16 h of incubation, indi-
cating the uptake of DiO-labeled EcN-derived OMVs. These results demonstrated that
EcN-derived OMVs of varying sizes can be taken up by RAW264.7 macrophages to trans-
mit relevant molecular signals. Moreover, the uptake experiments further indicated that
the EcN-derived OMVs of varying sizes showed similar biological activities. These size-
independent uptake results highlighted the potential versatility of EcN-derived OMVs as
natural nanocarriers for therapeutic applications.
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Figure 5. Fluorescence images of the RAW264.7 macrophages incubated with the DiO-labeled EcN
derived OMVs of varying sizes after 16 h (scale bars: 20 μm). (a) Negative control (without DiO-
labeled EcN-derived OMVs) and (b) <50 nm, (c) 50–100 nm, and (d) 100–300 nm EcN-derived OMVs
labeled with DiO. The cell membrane dye DiO (green) labels EcN-derived OMVs and Hoechst 33342
(blue) labels nuclei. Representative images from three independent experiments are presented.

3.5. Effect of EcN-Derived OMVs of Varying Sizes on Inflammatory Cytokine Secretion by
RAW264.7 Macrophages

Research has shown that EcN-derived OMVs can trigger both pro-inflammatory and
anti-inflammatory responses in RAW264.7 macrophages [26]. To the best of our knowledge,
there have been no reports on the efficacy of EcN-derived OMVs of different sizes on
RAW264.7 macrophages. Thus, we co-cultured 4 μg/mL of EcN-derived OMVs of three
specific sizes with RAW264.7 macrophages for 16 h and then measured the secreted pro-
inflammatory IL-1β and anti-inflammatory IL-10 factors via enzyme-linked immunosor-
bent assay (ELISA) experiments. The standard ELISA curves are shown in Figure S7,
and the results are presented in Figure 6. The experimental results indicated that the
secretion level of the pro-inflammatory cytokine IL-1β by RAW264.7 macrophages in the
PBS control group was minimal, whereas the anti-inflammatory cytokine IL-10 was unde-
tectable in the cell supernatant. The levels of IL-1β produced by the experimental group
of RAW264.7 macrophages were significantly greater (Figure 6a) than those produced by
the PBS control group. The IL-1β concentrations in the three EcN-derived OMVs groups
(<50 nm, 50–100 nm, and 100–300 nm) were 93.7 ± 8.6 pg/mL, 274.9 ± 58.1 pg/mL, and
271.9 ± 34.1 pg/mL, respectively. Furthermore, the concentration of IL-1β in the <50 nm
group was lower than that in the 50–100 nm and 100–300 nm groups. Notably, the concentra-
tion of IL-10 secreted by the experimental group of RAW264.7 macrophages increased with
EcN-derived OMV size (Figure 6b). The IL-10 concentration was highest in the RAW264.7
macrophages incubated with the 50–100 nm EcN-derived OMVs (67.1 ± 5.7 pg/mL), with
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the corresponding concentrations in those incubated with the <50 nm and 100–300 nm EcN-
derived OMVs being 29.5 ± 8.6 pg/mL and 40.9 ± 2.9 pg/mL, respectively. These results
suggest that EcN-derived OMVs of different sizes could induce RAW264.7 macrophages
to secrete the pro-inflammatory cytokine IL-1β and the anti-inflammatory cytokine IL-
10. Moreover, EcN-derived OMVs of different sizes had different effects on the ability of
RAW264.7 macrophages to secrete inflammatory cytokines.

Figure 6. Effect of stimulation with the three sizes of EcN-derived OMVs at 4 μg/mL on the secretion
of pro-inflammatory and anti-inflammatory cytokines by RAW264.7 macrophages: (a) IL-1β and
(b) IL-10. The data are presented as the mean ± standard deviations of three independent experiments.
** p < 0.01, and *** p < 0.001, as determined via one-way analysis of variance (ANOVA).

4. Discussion

OMVs are extracellular vesicles secreted by Gram-negative bacteria with diameters
ranging from 20 to 250 nm. OMVs contain biologically active molecules such as proteins,
lipids, and nucleic acids, which are secreted by parent bacteria [35]. Since OMVs can
transport substances derived from their parent bacteria, they may serve as effective deliv-
ery vehicles for transferring bacterial components to host cells during interactions. This
mechanism has the potential to induce an immune response in the host [36]. As a novel
secretion system, OMVs have many advantages. First, OMVs can selectively encapsulate
the contents of parent bacteria, such as lipids, proteins, and LPS. Second, OMVs can protect
their contents from being degraded by extracellular enzymes, ensuring that they can safely
reach target cells. Finally, OMVs are equipped with surface ligands that interact with host
cell receptors, thereby directly eliciting host immune responses. OMVs have significant
potential for application in vaccine research and development, drug delivery systems,
and antitumor therapeutics [2,6]. Regarding their use in vaccines, OMVs are highly im-
munogenic but cannot replicate; thus, they can be used as vaccine antigen candidates as
well as vaccine adjuvants [37,38]. Probiotic-derived OMVs can be used as drug carriers
to prevent and treat corresponding diseases; they are inanimate substances that benefit
the host’s health and can avoid potential harm to the host caused by live bacteria while
retaining the beneficial and immunogenic properties of the parent bacteria. Regarding
antitumor preparations, when combined with other treatment modalities, OMVs can en-
hance tumor immunotherapy and prevent tumor recurrence and metastasis [39]. EcN is a
Gram-negative probiotic that is widely used in clinical treatment because of its ability to

31



Membranes 2025, 15, 141

significantly alleviate intestinal diseases [40]. OMVs secreted by EcN serve as carriers of
signaling molecules and can trigger pro-inflammatory and anti-inflammatory responses in
RAW264.7 macrophages, thereby regulating the biological functions of these cells [26,33].
Nevertheless, the heterogeneity of EcN-derived OMVs of varying sizes has received limited
scholarly attention.

Presently, frequently employed techniques for separating OMVs include ultracen-
trifugation, size-exclusion chromatography (SEC), ultrafiltration, and density gradient
centrifugation [5,41]. Each of these methods presents distinct advantages and disadvan-
tages. Notably, ultracentrifugation is a widely utilized technique that separates OMVs from
cellular debris, bacteria, and other contaminants on the basis of the applied centrifugal force.
However, this method is associated with high equipment costs, and the high centrifugal
force may damage the structural integrity and functionality of the OMVs. The SEC method
achieves the separation of particles on the basis of size through utilizing porous polymer
gel packing. While the SEC method offers high separation purity, it is primarily suitable
for the purification of samples with small volumes. In contrast, the ultrafiltration tech-
nique employs membranes with varying molecular weight cutoffs to selectively separate
and collect vesicles. Ultrafiltration has the highest recovery efficiency. Density gradient
centrifugation facilitates the distribution of OMVs across specific density layers via ultra-
high-speed centrifugation. This method achieves the highest separation purity, but the
operation is cumbersome. This study investigated the heterogeneity of EcN-derived OMVs
of different sizes. The main objective was to efficiently obtain EcN-derived OMV samples
of different sizes that satisfied the experimental requirements. Conventional methods fail
to produce EcN-derived OMVs of different sizes. Inspired by the experimental principles of
ultrafiltration, we developed a membrane filtration method to obtain EcN-derived OMVs
of varying sizes. In this study, we first used the gradient filtration previously developed by
our research group specifically for the separation of EcN-derived OMVs, and used SEC to
assess the purity of the EcN-derived OMV samples. The experimental findings indicated
that the purity of the EcN-derived OMVs obtained via gradient filtration was comparable
to that achieved through SEC. Our approach to optimizing the gradient filtration method,
through the incorporation of pretreatment steps and the repeated washing of the samples,
proved to be highly effective. We then used the membrane filtration method to separate the
high-purity isolated EcN-derived OMVs into three major size groups (<50 nm, 50–100 nm,
and 100–300 nm), which were confirmed using TEM and DLS. The significant advantages
of the membrane filtration method are that it is fast, convenient, and suitable for achiev-
ing industrial-scale yields for mass production, and it maintains the biological functional
activity of the isolated OMVs.

OMVs contain biologically active molecules, including proteins, lipids, polysaccha-
rides, DNA, and RNA derived from parent bacterial cells. Elucidating the molecular
composition of OMVs is crucial for comprehending their function in bacterial growth or
interaction with the host. The analysis of OMV components mainly employs proteomic
technologies to elucidate their protein composition. Proteomic research on the OMVs of
Gram-negative pathogenic bacteria has identified many protein constituents associated
with bacterial pathogenesis and immune modulation [42,43]. In this study, our proteomics
results revealed that the isolated EcN-derived OMVs contained 646 total protein types.
There is a paucity of published research concerning proteomic analyses of EcN-derived
OMVs of different sizes. Nice et al. reported that the Aggregatibacter actinomycetemcomitans
strain JP2 produces two types of vesicles throughout growth, with varying sizes and toxin
compositions [44]. Turner et al. reported that the size of Helicobacter pylori-derived OMVs
determines their protein content, as fewer and less diverse bacterial proteins are contained
within smaller OMVs than those contained within larger OMVs [45]. In addition, there
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are related reports on the heterogeneity of EVs derived from animal cells. Extracellular
vesicles (EVs) released by tumor cells have received considerable attention in recent years,
as they contain biomarkers such as tumor-specific proteins and nucleic acids (i.e., RNA and
DNA) [46,47]. Liu et al. researched the effect of EV size on protein profiles. They isolated
EVs of different sizes from cultured media with 22Rv1 prostate cancer cells via ExoTIC
devices with two key pore sizes (30 and 50 nm), and reported that EVs of different sizes
contained different protein types [34]. In this study, we used LC-MS/MS analysis to per-
form proteomic analyses of EcN-derived OMVs of three specific sizes: <50 nm, 50–100 nm,
and 100–300 nm. Our results revealed that the <50 nm group contained significantly
fewer protein types (262) than the 50–100 nm (1603) and 100–300 nm (1568) groups did.
We conducted a categorical analysis of 261 proteins commonly present in EcN-derived
OMVs of three specific sizes. They were classified into five groups: cytoplasmic (44.1%,
115/261), periplasmic (32.2%, 84/261), outer membrane (13.8%, 36/261), inner membrane
(1.5%, 4/261), and extracellular (8.4%, 22/261). Given that the EcN-derived OMVs of three
specific sizes were all secreted by the parent bacteria, it was entirely plausible that they
shared certain common proteins. The results indicated that the EcN-derived OMVs of three
specific sizes possessed a relatively rich variety of common proteins, which suggested that
they might perform similar biological functions. As we found in this study, the EcN-derived
OMVs of three specific sizes had obvious therapeutic effects on RAW264.7 macrophages
and significantly promoted the secretion of the pro-inflammatory factor IL-1β and the
anti-inflammatory factor IL-10 by RAW264.7 macrophages. Although our study provides
limited proteomic data on EcN-derived OMVs of three distinct sizes, these experimental
findings substantiate that EcN-derived OMVs of varying sizes present differences in protein
composition. Future research will involve a comprehensive analysis of proteomic data
from EcN-derived OMVs of different sizes, with a focus on investigating the types and
characteristics of these differential proteins in greater depth.

Most inflammatory responses result from innate immunity, which is mainly caused
through the activation of pro-inflammatory signaling cascades by macrophages and leuko-
cytes. The inflammatory cytokines produced by this cascade comprise small soluble
proteins produced by these immune cells; these cytokines regulate the host’s immune and
inflammatory responses. Inflammatory cytokines involved in inflammatory responses are
mainly divided into two categories, namely, pro-inflammatory factors (e.g., TNF-α, IL-6,
and IL-1β) and anti-inflammatory factors (e.g., IL-4 and IL-10) [48]. Among them, IL-1β
can stimulate immune cells to secrete pro-inflammatory factors such as TNF-α, which
plays a pro-inflammatory role. TNF-α is an important regulatory factor in the initiation
of immunity and inflammation. IL-10 is an anti-inflammatory factor that can play an
anti-inflammatory role. EcN-derived OMVs can stimulate RAW264.7 macrophages to
secrete the pro-inflammatory factors TNF-α, IL-6, and IL-1β, and the anti-inflammatory
factor IL-10 [26]. In this study, the concentrations of the pro-inflammatory cytokine IL-1β
produced by RAW264.7 macrophages in the three types of EcN-derived OMVs of different
sizes (<50 nm, 50–100 nm, and 100–300 nm) were 93.7 ± 8.6 pg/mL, 274.9 ± 58.1 pg/mL,
and 271.9 ± 34.1 pg/mL, respectively. Moreover, the concentration of anti-inflammatory
IL-10 produced by RAW264.7 macrophages in the 50–100 nm group was the highest
(67.1 ± 5.7 pg/mL), and the concentrations of IL-10 in the <50 nm and 100–300 nm groups
were 29.5 ± 8.6 pg/mL and 40.9 ± 2.9 pg/mL, respectively. Our results revealed that the
therapeutic effects of EcN-derived OMVs of different sizes differed; the 50–100 nm group
had a stronger therapeutic effect than the other two groups. We analyzed the reasons
for the different experimental phenomena observed regarding the macrophage function
mentioned above and speculate that these differences may be attributable to the distinct
protein compositions of EcN-derived OMVs of varying sizes. Proteomic analyses of the
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EcN-derived OMVs of three specific sizes revealed that, in addition to the 261 common
proteins shared among the three groups, the 50–100 nm group contained 1341 unique
proteins that were distinct from those in the <50 nm group. Similarly, the 100–300 nm group
contained 1307 unique proteins that were distinct from those in the <50 nm group. These ex-
perimental results suggest that the 50–100 nm and 100–300 nm groups might have stronger
therapeutic effects on RAW264.7 macrophages than the <50 nm group. Furthermore, a com-
parative analysis between the 50–100 nm group and the 100–300 nm group revealed that,
in addition to sharing 1523 common proteins, each group also contained distinct proteins.
The 50–100 nm group contained 80 unique proteins, whereas the 100–300 nm group con-
tained 45 unique proteins. This variation in protein composition within each group might
account for the differential therapeutic effects observed between the 50–100 nm group
and the 100–300 nm group on RAW264.7 macrophages. In summary, these differences in
macrophage function are consistent with the differences in the proteomic information of
the EcN-derived OMVs of varying sizes that we measured. In the macrophage function
experiment, we only measured changes in the representative pro-inflammatory cytokine
IL-1β and the anti-inflammatory cytokine IL-10. Subsequent experiments should be con-
ducted to further analyze the changes in other pro-inflammatory factors, such as TNF-α,
IL-6, and other anti-inflammatory factors, such as IL-4.

Although our experimental findings suggest that EcN-derived OMVs of varying
sizes are heterogeneous in terms of protein composition and interactions with RAW264.7
macrophages, additional research is necessary to establish more comprehensive conclu-
sions. Our preliminary proteomic results suggest that EcN-derived OMVs of different
sizes present distinct protein compositions. The composition of other components in EcN-
derived OMVs of varying sizes, such as lipopolysaccharides, phospholipids, DNA, and
RNA, is currently unknown. This study aimed to elucidate the differences in the thera-
peutic effects of EcN-derived OMVs of varying sizes on RAW264.7 macrophages through
examining the distinct protein compositions associated with these EcN-derived OMVs.
Importantly, this may represent only one contributing factor. The variations in other con-
stituents contained in EcN-derived OMVs of different sizes may also influence their effects
on RAW264.7 macrophages. Further investigation into these unidentified components is
necessary in future research. In addition, the therapeutic efficacy of EcN-derived OMVs of
varying sizes on macrophages in mouse models remains unclear and requires further valida-
tion. However, notwithstanding these limitations, our results provide direct experimental
evidence that EcN-derived OMVs of different sizes exhibit heterogeneous properties.

5. Conclusions

EcN-derived OMVs play a crucial role in modulating intestinal immune responses
and possess significant potential for clinical applications. Few studies have addressed
the heterogeneity of differently sized EcN-derived OMVs, significantly limiting research
on their clinical applications. In this study, we successfully obtained EcN-derived OMVs
of three specific sizes (<50 nm, 50–100 nm, and 100–300 nm) via the membrane filtration
method. Among them, the <50 nm group (262) contained fewer types of total proteins than
the 50–100 nm (1603) and 100–300 nm (1568) groups. Moreover, in terms of the differential
secretion of the pro-inflammatory factor IL-1β and the anti-inflammatory factor IL-10 in
RAW264.7 macrophages, the 50–100 nm group presented a stronger effect than the other
two groups. Collectively, our findings reveal that the size of EcN-derived OMVs plays a
key role in regulating macrophage function and their protein cargo composition. These
findings underscore a significant concern regarding the clinical application of research on
EcN-derived OMVs, as variations in their size may influence the experimental outcomes.
We speculate that variations may exist not only in their protein composition but also in
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other constituent elements, as well as in the pathways and mechanisms through which
EcN-derived OMVs of different sizes interact with the host. Therefore, we conclude that
EcN-derived OMVs of varying sizes exhibit heterogeneous characteristics. These findings
have fundamental and significant implications that should be considered when examining
the role of EcN-derived OMVs in clinical applications.
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EVs Extracellular vesicles
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Abstract: Vibrio natriegens is widely used as a production host for biotechnological processes
due to its superior maximum glucose consumption rate, high growth rate, and abundant
ribosomes. Most bioprocesses also need a scalable biomass separation step. This can be
achieved by cross-flow filtration with ceramic membranes, although the membrane pores
are susceptible to fouling. However, the fouling characteristics of V. natriegens culture broth
have not been investigated in detail. We therefore characterized membrane fouling during
the separation of V. natriegens biomass from culture broth using a cross-flow filtration plant
with ceramic membranes. The resistance in series model was used to quantify the fouling-
induced resistance caused by the different components of the culture broth. The total
fouling resistance was 4.1·109 ± 0.6·109 m−1 for the culture broth and 5.4·109 ± 0.7·109 m−1

for the summed broth components. Reversible resistance accounted for 86% and 81% of
these totals, respectively. We then applied Hermia’s adapted filtration laws to determine the
dominant fouling mechanism induced by the different broth components. In a further step,
we established a setup to determine the compressibility index of the cells during cross-flow
filtration, resulting in an estimated value of 0.55 ± 0.04. These results will facilitate the
design of economic filtration plants and will help to establish V. natriegens as a production
host for large-scale industrial processes.

Keywords: fouling; Vibrio natriegens; compressibility index; resistance in series model;
Hermia’s laws; ceramic membranes; ultrafiltration; CFF

1. Introduction

Vibrio natriegens is a rod-shaped, halophilic, Gram-negative marine bacterium with
an approximate size of 3.5 × 0.3 μm [1,2]. Its superior maximum glucose consumption
rate and high growth rate make it useful for many biotechnological applications, which
are facilitated by its compatibility with the plasmid systems originally developed for
Escherichia coli [3–6]. Accordingly, V. natriegens has been developed as an expression host
for the production of recombinant peptides and proteins and has also been used to develop
a cell-free expression system and functional nanoparticles [7–15]. Owing to its high salt
tolerance, V. natriegens can be cultivated under a non-sterile condition, thus decreasing the
operating costs for sterilization in large-scale industrial processes. As a promising chassis
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in synthetic biology, V. natriegens is able to secrete organic alcohols, acids, and heterologous
proteins as products into the extracellular space. Like other cell-based expression systems,
it is necessary to separate the V. natriegens biomass from the culture broth at the beginning
of downstream processing. This can be achieved by cross-flow filtration with ceramic
membranes, but the fouling characteristics of the culture broth have not been investigated
in detail, and this is the starting point for process optimization.

Ceramic membranes are widely used for the filtration of organic process streams in the
food and feed, pulp and paper, and bulk chemical industries, as well as in the biotechnol-
ogy sector for the purification of proteins [16–22]. The advantages of ceramic membranes
include their resistance to harsh conditions, such as extreme pH and temperatures, as
well as chemical cleaning agents. This means they can be regenerated frequently, which
is beneficial because membrane fouling is a major limitation to the efficiency of filtration
processes. Other advantages include their high resistance to abrasive media, their longevity,
and their high flux per unit area, which combine to make them more attractive from an
economic perspective [23–25]. Owing to their high chemical stability, ceramic membranes
are suitable to separate V. natriegens with the products from a high-salt-containing medium.
However, this hypertonic environment may change the surface interaction between bio-
logical particles and membrane materials and cause severe fouling, which changes the
separation efficiency and selectivity. Therefore, we systematically analyzed the fouling
mechanism during the filtration of V. natriegens in a hypertonic solution with ceramic
membranes.

The flux through a membrane depends on the driving force, the total resistance, and
the permeate viscosity. The driving force during filtrations with porous membranes is the
transmembrane pressure. The total resistance is composed of the membrane resistance and
the fouling resistance. The membrane resistance can be calculated using Equation (1), which
is based on Darcy’s law [26,27]. The membrane resistance is equal to the total resistance
when the permeate is pure water passing through a clean membrane.

Rm = RT =
Δp
μ ∗ J

(1)

where Rm is the membrane resistance, RT is the total resistance, Δp is the transmembrane
pressure, μ is the dynamic viscosity, and J is the filtrate flux.

During filtration, a filter cake builds up on the retentate side of the membrane, and
the total resistance is therefore the sum of the membrane resistance and cake resistance. In
this case, the flux can be calculated using Equation (2) [28].

J =
Δp

μ·(α·w + Rm)
(2)

where α is the specific cake resistance and w is the weight of the cake per filtration area.
The specific cake resistance is calculated using Equation (3), which is a rearrangement of
Equation (2).

α =

Δp/J·μ− Rm

w
(3)

We can differentiate between the true specific cake resistance and the apparent specific
cake resistance; the latter is shown in Equation (3). The true specific cake resistance
is calculated by replacing Rm in Equation (3) with Rmi, the sum of pristine membrane
resistance and resistance caused by the fouling inside pores, resulting in Equation (4) [26].
Several approaches have been described to determine the cake mass. In addition to
weighing the entire membrane or the mechanically removed cake, it is also possible to
remove the membrane and digest the cake to deduce the cake mass from the amount of
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protein released [29–31]. Another approach, which makes it possible to determine the cake
mass without removing the membrane, is to measure the biomass in the feed and calculate
the cake mass as the difference before and after filtration [26].

α =

Δp/J·μ− Rmi

w
(4)

To understand Rmi, it is necessary to know that the resistances that lead to membrane
fouling can be divided into those reflecting reversible and irreversible fouling. Reversible
fouling is the portion of fouling that can be removed by mechanical cleaning, which can
involve procedures such as backwashing, gas scouring, and relaxation, whereas irreversible
fouling cannot be removed. The irreversible fouling resistance of a membrane is determined
by passing water through a mechanically cleaned membrane. The value is then calculated
using Equation (1) but replacing Rm with Rmi. The reversible fouling resistance Rrf is the
difference between the total resistance of the fouled membrane minus the resistance of the
cleaned membrane and the irreversible fouling resistance Rif, resulting in Rmi and leading
to Equation (5) [25,27,32,33]. The distinction between reversible and irreversible fouling
allows us to assign specific fouling mechanisms to each of the resistances. Irreversible resis-
tance is caused by the fouling mechanisms of complete blocking, standard blocking, and,
in part, intermediate blocking, whereas reversible resistance is caused by cake deposition
combined with intermediate blocking (Figure 1).

 

Figure 1. Visualization of different fouling mechanisms, adapted from Di Bella and Di Trapani
(2019) [27].

In addition to the aforementioned definitions, another definition of reversible fouling
includes all fouling that can be removed mechanically and chemically, whereas irreversible
fouling includes fouling that cannot be removed by these means [34,35]. These alternative
definitions are not used in the current article.

RT = Rm + Ri f + Rr f (5)

With increasing transmembrane pressure, the specific cake resistance also increases.
This can be mathematically expressed using Equation (6), where α′ is a coefficient and
n is the compressibility index [28,36,37]. Several factors affect the compressibility index,
including cell shape and size, as well as the ionic strength of the feed [28,38,39]. Ellipsoidal
cells tend to have lower compressibility indices than rod-shaped cells [28,39].

α = α′·(Δp)n (6)

The rearrangement of Equation (6) gives Equation (7). These equations can be solved for n
by measuring α at two different transmembrane pressures (Equation (8)).
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α′ = α

(Δp)n (7)

n = log Δp2
Δp1

(
α2

α1

)
(8)

The term Δp is often used for the transmembrane pressure [28,38,40], but the force
driving compression is not transmembrane pressure but the proportion of the pressure that
falls on the cake [41]. This proportion depends on the individual resistances of the cake and
the membrane, and it changes with the membrane resistance if the cake resistance remains
constant. For this reason, we prefer to use the pressure drop across the cake to calculate
the compressibility index so that it can be considered and compared independently of the
membrane [42]. The pressure drop over the cake is calculated using Equation (9).

Δpc = Δp − μ·J·Rmi (9)

There are two popular approaches to describe fouling mechanisms. One is the resis-
tance in series model, which distinguishes components in the feed and allocates to each a
share of the total resistance. Equation (10) formalizes this approach [43,44]. According to
this model, the sum of the fouling resistances of the medium (RME), cells (RC), and byprod-
ucts of microbial activity (RP) is equal to the fouling resistance of the fermentation broth.

RFB = (RME + RC + RP) (10)

The other approach distinguishes between the fouling mechanisms of complete block-
ing, standard blocking, intermediate blocking, and cake deposition. The mathematical
description of this model for dead-end filtration is based on Equation (11) [27,45,46]. The
mechanisms underlying the different types of fouling (and their reversibility, if appropriate)
are summarized in Figure 1.

d2t
dV2 = k

(
dt
dV

)n
(11)

The different fouling mechanisms are also known as Hermia’s laws [47], and the
corresponding Equations (12)–(15) are presented in Table 1.

Table 1. Hermia’s laws for dead-end filtration.

Mechanism n Equation

Complete blocking 2 J = J0·exp(−k·J0·t) (12)

Standard blocking 1.5 J = J0
(1+J0·k·t)2 (13)

Intermediate
blocking 1 J = J0

1+J0·k·t (14)

Cake deposition 0 J = J0
(1+J0·k·t)0.5 (15)

This model was adapted to cross-flow filtration by including the influence of convec-
tive transport on the fouling layer (Equation (16)). Equations (17)–(20) in Table 2 distinguish
the different fouling mechanisms [47,48]. In comparison to the other mechanisms, standard
blocking is assumed to take place generally inside the membrane pores; this fact is dom-
inated by the diffusion of solutes passing through the membrane pores. It suggests that
standard blocking is not influenced by the cross-flow rate.

−dJ
dt

(Jn−2) = k(J − Jss) (16)
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Table 2. Hermia’s laws for cross-flow filtration.

Mechanism n Equation

Complete blocking 2 J = Jss + (J0 − Jss)·exp(−k·t) (17)

Standard blocking 1.5 1
J0.5 = 1

J0.5
0

+ k·t (18)

Intermediate blocking 1 k·t = 1
Jss
·ln

(
J
J0
· J0−Jss

J·Jss

)
(19)

Cake deposition 0 k·t = 1
J2
ss

(
ln
(

J0
J · J0−Jss

J−Jss

))
− Jss·

(
1
J − 1

J0

)
(20)

2. Materials and Methods

2.1. Production of Fermentation Broth

We cultivated V. natriegens Vmax cells (Synthetic Genomics, Calipatria, CA, USA)
in 250 mL of the recommended medium [7] in 1 L baffled shake flasks (Schott, Mainz,
Germany). The medium was inoculated at an OD600 of 0.03 and cultivated overnight in a
Multitron shaking incubator (Infors, Bottmingen, Switzerland) set at 32 ◦C and 250 rpm.

2.2. Feed Solutions for Filtration with the Ceramic Membrane

The feed solutions tested in the resistance in series model were V. natriegens cells in
3% NaCl, medium, culture supernatant, and culture broth. The medium deviated from
the medium used for fermentation by excluding glucose. All feed solutions were adjusted
to pH 7.4 ± 0.1 using 1 M NaOH or 1 M HCl. To adjust the OD600 of the culture broth,
a portion was centrifuged at 8000 g for 10 min, and the culture broth was diluted with
the supernatant to an OD600 of 7.4. To prepare the cell solutions in 3% NaCl, 1.4 L of the
overnight culture was centrifuged as described above, and the pellets were resuspended
in 600 mL of 3% NaCl and then centrifuged again. The pellets were then resuspended in
3% NaCl, and the suspension was diluted in 3% NaCl until the OD600 was 7.4 ± 5% (for the
fouling models) or 0.95 ± 5% (for the compressibility index experiments). The supernatant
was generated by single-step centrifugation of the overnight culture, as described above,
followed by passage through a 0.2 μm bottle-top filter (VWR, Radnor, PA, USA).

2.3. Filtration Plant

The filtrations tested using the resistance in series model and the fits using Hermia’s
laws were based on a UF50A membrane (Atech Innovations, Gladbeck, Germany) with a
50 nm cut-off, an inner diameter of 6 mm, and an effective length of 23.5 cm, resulting in a
filtration area of 0.0044 m2. The filtrations for the compressibility index tests were carried
out using the same type of membrane, an effective length of 45 cm, an outer diameter of
25.4 cm, and 19 channels, each with a diameter of 3.3 mm, resulting in a filtration area
of 0.089 m2. The membrane materials and support materials consisted of Al2O3. The
construction of the filtration plant is shown in Figure 2. The membrane was inserted into a
stainless-steel holder, and the feed from the tempered double-jacket reservoir was directed
through an SM6000 flow sensor (IFM, Essen, Germany) to the membrane via an FCPA
80B-4/HE rotary vane pump (AFT, Rosstal, Germany). The feed temperature was adjusted
by cooling the reservoir using an ECO RE 420 thermostat (Lauda, Lauda-Koenigshofen,
Germany). Pressure sensors were located before and behind the membrane. The pressure
sensor behind the membrane was adjacent to a ball valve, allowing the transmembrane
pressure to be adjusted. Behind the ball valve, the feed was recirculated back to the feed
reservoir. On the permeate side of the membrane, the permeate was fed into a beaker via
a pressure sensor and a downstream ball valve. The beaker was placed on a PFB 3000-2
electrical scale (Kern & Sohn, Balingen-Frommern, Germany) linked to a laptop. The
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permeate flow was thus recorded by averaging over 10 s using LabVision (HiTec Zang,
Herzogenrath, Germany). The permeate in the beaker was emptied back into the permeate
reservoir before the mass in the beaker exceeded 10% of the feed mass.

Figure 2. Setup of the filtration plant: PI = pressure indicator, TI = temperature indicator, FI = flow
indicator, and TIC = temperature indicator and controller.

2.4. General Procedure for the Filtration Experiments

Before each filtration experiment, the cleaning solution in the filtration system was
replaced with water until the permeate pH became neutral. The membrane resistance
was then determined by measuring the permeate flux at five equidistant transmembrane
pressures from 0.4 to 2.0 bar, using Equation (1). In the next step, the water was drained
and replaced with 3% NaCl. Afterward, a feed volume of 1200 ± 100 mL was filled into
the system and circulated for 10 min under filtration conditions with a closed permeate
valve. Filtrations for the resistance in series model were carried out for a minimum of
90 min or until a steady-state transmembrane flux was established, whereas filtrations
to determine the compressibility index were completed after 20 min. For each filtration
testing the resistance in series model, a transmembrane pressure of 0.8 bar was applied,
while the temperature was maintained at 25 ± 1 ◦C. For the single-channel membrane, we
used a cross-flow velocity of 3 m·s−1, whereas a higher volumetric flow, equivalent to a
flow velocity value of 0.5 m·s−1, was used for the 19-channel membrane. This corresponds
to a wall shear rate of approximately 1212 s−1 for the 19-channel membrane (3.3 mm
channel diameter) and 4000 s−1 for the single-channel membrane (6 mm channel diameter),
calculated based on the respective flow velocities. Samples were taken from the permeate
and feed to determine the protein concentration using a Bradford assay, as described by
Schwarz et al. [7]. After filtration, we evaluated the viscosity of a permeate sample using
an MCR102 modular compact rheometer (Anton Paar, Ostfildern-Scharnhausen, Germany).
The feed was drained and replaced with at least 1 L of water, which was circulated within
the filtration plant at a cross-flow velocity of 4.5 m·s−1 (single-channel membrane) or
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0.8 m·s−1 (19-channel membrane) for 15 min with a closed permeate valve. The water
was then replaced, and the procedure was repeated with an open permeate valve. Having
replaced the feed with fresh water again, the resistance of the irreversibly fouled membrane
was determined as described above.

2.5. Filtration Experiments to Determine the Compressibility Index

The general procedure described above was followed with the following deviations.
After rinsing the cleaning solution, the water was replaced with 3% NaCl. The cross-flow
velocity was set to 0.5 m·s−1, and the transmembrane pressure was set to the value used
for subsequent filtration. The feed was circulated in the filtration system with the permeate
valve closed using the specified parameters for 10 min before filtration was initiated by
opening the permeate valve. To avoid any influence on the biomass concentration in the
feed, the permeate flow was only determined at the end of the filtration; otherwise, the
permeate was returned directly to the feed reservoir. Five filtrations were performed at
transmembrane pressures of 0.4–2.0 bar in equidistant steps. A feed sample was taken
every minute to determine the OD600. At the end of filtration, the permeate flux was
measured three times, and the viscosity of a permeate sample was determined as described
above.

2.6. Chemical Cleaning of Ceramic Membranes

The membranes were cleaned at the same cross-flow velocities applied during filtration
and at a transmembrane pressure of 0.4 bar. The first cleaning solution was 8 g·L−1

Dismozon (Hartmann, Heidenheim, Germany), applied for 1 h. The second cleaning
solution was 1% (w/v) citric acid (Carl Roth, Karlsruhe, Germany), applied for 1 h. The last
cleaning solution was 1% (w/v) P3 Ultrasil 14 (Ecolab Deutschland, Monheim am Rhein,
Germany), applied for 2 h and also used for the subsequent storage of the filtration plant.

2.7. Data Analysis

The resistances of the clean and irreversibly fouled membranes were calculated using
Equation (1). The water fluxes of the clean membrane were used to calculate the membrane
resistance. The total fouling resistance was calculated using the flux of the fouled membrane
minus the value generated with the clean membrane. The reversible fouling resistance
was the difference between the total fouling resistance and the irreversible resistance. The
irreversible fouling resistance was the resistance of the mechanically cleaned membrane
minus the resistance of the clean membrane. To compare resistances for the resistance
in series model, total fouling resistance values were calculated from the flux 90–95 min
after the start of filtration. All fitting was carried out using Origin (Origin Lab, Northamp-
ton, MA, USA). The initial value for the compressibility index fit was calculated using
Equation (8). The corresponding specific cake resistances were calculated using
Equations (6) and (9). The cake mass was calculated using the OD600 values. Fouling
analysis according to Hermia’s laws was carried out using Equations (12)–(20).

3. Results

3.1. Resistance in Series Model

The resistance in series model was used to determine the contribution of different
components in the culture broth to the fouling resistance. The resistances of the medium,
the cell suspension, and the culture broth were determined directly via the permeate flows
before and after filtration, as well as after mechanical cleaning, as described in the Materials
and Methods Section. The resistances of the microbial byproducts result indirectly from
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the subtraction of the resistances of the supernatant and the medium. Figure 3 provides an
overview of the procedure for collecting the necessary data.

 

Figure 3. Overview of the procedure for calculating the resistances of the resistance in series model.

Microbial culture broth is a complex mixture consisting of cells, cell debris, released
biomacromolecules, and small molecular substances. Owing to the difference in size and
surface chemistry, these bioparticles may exhibit various transmembrane manners. Our
previous study demonstrated that large particles like cells can be completely rejected by
a 50 nm ceramic membrane, while proteins were partially adsorbed in the inner pores of
the membranes. The content of these components alters the flux and predominant fouling
mechanism during the filtration. In order to figure out the individual influence of each
factor on fouling formation, we analyzed the fouling resistances by filtrating different
bio-fluids step by step.

Microbial byproducts accounted for the largest share of the total resistance (48%),
followed by the cells (47%) and the medium (5%). The sum of these individual resistances
was compared to the resistance of the culture broth, and the same comparison was carried
out for the reversible and irreversible resistances. For the total resistance and reversible
resistance, the sum of the individual resistances overlapped with that of the culture broth
when taking experimental uncertainty into account, but for the irreversible resistance, the
sum of individual resistances was higher than that of the culture broth (Figure 4). This
can be explained by cell lysis in NaCl during filtration. We compared the OD600 of cell
suspensions in 0.9% and 3% NaCl solutions. It remained stable in the higher concentration
of NaCl but gradually declined in the 0.9% NaCl solution, suggesting cell lysis and loss
in viability caused by low osmolarity. The osmolarity in the medium is 1.41 mol/L, and
the osmolarity of 30 g/L NaCl is lower at 1.03 mol/L. A solution with 9 g/L NaCl has
an even lower osmolarity of 0.34 mol/L. All microorganisms, except perhaps halophilic
Halobacteria, have a positive turgor. In order to maintain this osmotic pressure, they must
adapt the osmolarity of the cell interior to their environment. To this end, bacteria vary the
concentration of salts and compatible solutes inside the cell [49]. Vibrionaceae, which include
Vibrio natriegens, are able to adapt their osmolarity through the uptake and synthesis of
compatible solutes [50]. If the osmolarity in the environment decreases faster than in the cell,
the turgor increases, which can lead to a weakening of the cell and disruption [51]. Another
possible explanation is the absence of substrates or the combination of both circumstances,
considering that the transport of compatible solutes across the cell wall is partly dependent
on ATP. The protein concentration in the cell suspension increased between the 30 min and
90 min time points during filtration, while the reverse was observed during the filtration of
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culture broth (Figure 5). Here, a notable fact is that the protein concentration in the permeate
of the culture broth was higher than it was in the feed of cell-free supernatant, suggesting
a release of protein from cells during the filtration of the culture broth (Figure 5B,D). We
assume that the harsh conditions within the filtration system led to the desorption of the
cell-bound proteins that remained associated with the cells during the preparation of the
supernatant. This hypothesis is further supported by the significant protein concentration
observed in the permeate during the filtration of cells suspended in a NaCl solution.

 

Figure 4. Resistances of broth components compared to the overall resistance of the culture broth.
Error bars were calculated by Gaussian error propagation.

Considering the biological effects described above, the lysis of V. natriegens observed
in the preliminary experiments (see the supplemental data) led to our hypothesis that
cell debris was the cause of the increase in irreversible fouling. The decreasing protein
concentration in the culture supernatant may reflect the adsorption of proteins onto the
membrane and/or depletion of the proteins due to the metabolic activity of V. natriegens.
Members of the genus Vibrio are known to secrete metalloproteases and serine proteases [52].
In addition, numerous amino acids are among the substrates that can be utilized by
V. natriegens [53]. This may also explain why this continuous degradation did not occur in
the cell suspension. Due to the cell separation and subsequent wash step, the proteases
were separated from the cell suspension. The constant protein concentration during the
filtration of the supernatant excludes the first hypothesis, making the second the more
likely explanation. The protein concentration in the permeate of the supernatant filtration
is lower than in the feed. We assume that this is due to the fact that some of the proteins
are retained by the membrane. This conclusion is also consistent with the observation that
in the case of the microbial byproducts, a part of the fouling resistance is of a reversible
nature. The initial increase in the protein concentration in the culture broth in the period
of 5 to 30 min after the start of filtration may be a result of cell lysis caused by the shear
forces in the pump. This increase cannot be observed in the cell suspension. This can be
attributed to the shear forces during the centrifugation of the cells when preparing the cell
suspension. As a result, a more shear-sensitive proportion of the bacterial population may
have already been lysed before the cell suspension was used in the filtration system.
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Figure 5. Protein concentration in the feed and permeate: (A) = cells, permeate side, (B) = culture
broth, permeate side, (C) = supernatant, permeate side, and (D) = supernatant, feed side. Data are
means ± standard deviations (n = 3).

3.2. Compressibility Index

The compressibility index was calculated using shorter filtration periods to ensure that
cell lysis had a negligible impact on the fouling behavior. In the preliminary experiments,
the OD600 of the feed declined while circulating in the filtration system. We assume this
was caused by cell lysis during filtration under suboptimal conditions, which increased
the degree of irreversible fouling by the cell lysate. This is supported by the increasing
protein concentration between the 30 min and 90 min time points (Figure 5). The pre-
liminary experiments revealed that compressibility was affected by the culture age and
NaCl concentration. Therefore, cells were taken from fresh overnight cultures, and we set
the NaCl concentration to 30 g·L−1 in the feed. The filtration time was also reduced to
20 min, resulting in a smaller proportion of irreversible fouling relative to the total fouling
resistance (1–3%). In the longer filtration runs for the other fouling models, the proportion
of the irreversible fouling resistance was 29%. The proportion of irreversible fouling in
total fouling resistance appears to be variable. A closer examination with the aid of the
errors reveals that the irreversible resistance at 1.6 bar cannot be explained by the errors
(see the supplemental data). We assume that this is an outlier.

The measurement of cell mass in the feed during these experiments ensured that
an equilibrium was reached between the mass of the cells in the feed and in the cake on
the membrane ~15 min after the start of filtration (Figure 6). Similar findings, in which
an equilibrium was established within 10–15 min, were reported in another study [26].
The authors also observed continual flux decline after cake formation, which agrees with
our observation of irreversible fouling (Figure 7). This was attributed, in part, to the
medium components remaining after the cell wash [26], in agreement with the protein
concentrations we measured 5 min after the start of filtration (Figure 5).
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Figure 6. OD600 values measured during the course of filtration to determine the compressibility index.

 

Figure 7. Components of total resistance to calculate the compressibility index (resistance of the
cleaned membrane, and resistances attributed to reversible and irreversible fouling).

The first calculation of the compressibility index, based on Equation (8), resulted
in a value of 0.56. This was used in Equation (6) to generate the fit curve shown in
Figure 8. The compressibility index of the fit curve was 0.55 ± 0.04, and the resistance
coefficient was 3.33·1014 ± 0.06·1014 m2·s2·kg−2. This is comparable to the compressibil-
ity indices of 0.5–1.7 reported for E. coli, depending on the membrane type and ionic
strength [38]. Furthermore, the compressibility indices of rod-shaped Bacillus circulans
(n = 1.0), Rhodpseudomonas spheroides (n = 0.88), and E. coli (n = 0.79) were compared with
the ellipsoid cells of Saccharomyces cerevisiae (n = 0.45) and Micrococcus glutamicus (n = 0.31)
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during dead-end filtration [39]. The compressibility index of V. natriegens falls between
these two sets of values, perhaps because cross-flow filtration produces a different cake
structure based on the oriented stacking of rod-like cells rather than random packing [28].
For n < 1, the flux can be increased by increasing pressure; however, the cake resistance
increases faster than increasing TMP when n > 1, leading to a critical flux at a certain TMP.
Further increasing TMP does not gain more flux. This is critical to the process design and
selection of process parameters.

 

Figure 8. Fit of the specific cake resistance plotted against the pressure over the cake (R2 = 0.99).

3.3. Application of Hermia’s Laws

The permeate curves of each filtration were fitted using Hermia’s laws for cross-flow
filtration (Figure 9) and dead-end filtration (Figure 10). The resulting R2 values are listed in
Tables 3 and 4. The feeds were the culture broth, cell-free supernatant, cells in NaCl, and
cultivation medium.

For the culture broth, the calculated R2 values were contradictory. For the fitted
formulas, the best model was the standard blocking model (R2 = 0.74), but this was not
supported by the appearance of the fit curve. Furthermore, only 14% of the resistance was
reversible, which would rule out complete blocking and standard blocking as dominant
fouling mechanisms according to Figure 1. The application of Hermia’s non-adapted laws
improved the fit for the cake filtration model (R2 = 0.88). This is the highest value we
observed and, therefore, represents the best-fitting model.

For the cell suspension, the best fit was the cake filtration model based on the adapted
Hermia’s laws (R2 = 0.92), although the non-adapted laws also yielded a high value
(R2 = 0.88). This was supported by the appearance of the fit curves. The irreversible portion
of fouling (29%) was also consistent with these conclusions.

For the supernatant, the calculated R2 values were again contradictory. The reversible
fouling share (89%) excluded standard and complete blocking as dominant fouling mecha-
nisms. Nevertheless, standard blocking resulted in the best fit for the adapted Hermia’s
laws (R2 = 0.58), but this was not consistent with the visual appearance of the fit curve. The
equation with the best fit using the non-adapted laws was cake filtration (R2 = 0.71).
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Figure 9. Filtration fit curves using Hermia’s adapted laws: (A) culture broth, (B) = cells,
(C) = supernatant, and (D) = medium.

Figure 10. Filtration fit curves using Hermia’s non-adapted laws: (A) culture broth, (B) = cells,
(C) = supernatant, and (D) = medium.
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Table 3. R2 values representing fits of Hermia’s laws adapted for cross-flow filtration (the highest
values, implicating the best of the fits, are underlined).

Fit Model
R2 of the Fit

Culture Broth Cells Supernatant Medium

Complete blocking 0.53 0.81 0.50 0.88

Standard blocking 0.74 0.74 0.58 0.88

Intermediate blocking 0.61 0.88 0.53 0.88

Cake filtration 0.72 0.92 0.51 0.88

Table 4. R2 values representing fits of Hermia’s laws for dead-end filtration (the highest values,
implicating the best of the fits, are underlined).

Fit Model
R2 of the Fit

Culture Broth Cells Supernatant Medium

Complete blocking 0.71 0.69 0.56 0.86

Standard blocking 0.74 0.74 0.58 0.87

Intermediate
blocking 0.31 0.14 0.30 0.87

Cake filtration 0.88 0.88 0.71 0.88

For the medium, the best fit was cake filtration based on the adapted Hermia’s laws
(R2 = 0.88), although the non-adapted laws delivered similar results. This was supported
by the visual appearance of the fit curve and the reversible fouling share of 92%. Based
on a visual comparison, the adapted formulas, therefore, provide a more suitable fit in
all applications.

4. Conclusions

The results of the resistance in series model were conclusive. The individual resistances
of the culture components were comparable to those of the culture broth. The instability
of the cells in NaCl is an important finding that must be taken into account for future
applications, and it should lead to process adaptations (especially shorter filtration times).
The method developed to determine the compressibility index during cross-flow filtration
is simple and will allow the compressibility index to be determined for other organisms
with little effort. We found that the filtration time and feed composition were important
parameters that must be investigated to ensure reliable results. The data will be useful
to predict the filtration behavior of V. natriegens. However, factors such as a change in
overflow velocity could limit the accuracy of such predictions and should be investigated
in more detail. The application of Hermia’s laws revealed that there is no dominant fouling
mechanism during the filtration of the culture broth. This was anticipated because the
culture broth is a complex mixture of cells, proteins, and salts. Even the separation of
the culture broth into different components did not lead to clear results other than in the
case of the cell suspension, where cake filtration was the dominant mechanism. Our data
also show that the models have limited applicability when using biological feed streams.
Factors such as cell lysis, metabolism, and associated temporal changes in feed composition
require more complex models. Nevertheless, we have provided a starting point for the
analysis of fouling during the cross-flow filtration of V. natriegens cultures, expanding our
knowledge of the specific challenges and potential solutions.
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Abstract: Tangential flow microfiltration is easily adapted for batch and continuous biore-
actor clarification. The permeate can be introduced directly to the subsequent capture step.
However, the commercial use of tangential flow filtration (TFF) is limited by membrane
fouling, leading to a compromised performance. Here, we explored the possibility of
reducing membrane fouling by integrating a hydrocyclone as the primary clarification
operation. The overflow from the hydrocyclone was introduced directly as the feed to
the microfiltration module. Chinese hamster ovary cells were used as the feed stream to
investigate the feasibility of this integrated process. A range of cell viabilities from 0%
(cell lysate) to 96% were investigated. The cell densities ranged from 0.9 to 10 million
cells per mL. Two commercially available hollow fiber microfiltration membranes were
used, an essentially symmetric membrane and a reverse asymmetric membrane where the
more open support structure faced the feed stream. The reverse asymmetric membrane
was more resistant to fouling in the absence of an integrated hydrocyclone. Integrating
a hydrocyclone led to a reduction in the flux decline for the symmetric membrane, but
did not affect the performance of the reverse asymmetric membrane. The careful choice of
membrane morphology and pore size is important when designing an integrated process.

Keywords: bioreactor harvesting; clarification; continuous biomanufacturing; fouling;
hydrocyclone; membrane morphology; microfiltration

1. Introduction

Biotechnology manufacturing processes make use of cell culture operations to grow
cells that produce the desired therapeutic (e.g., monoclonal antibodies, virus vectors, etc.).
Bioreactor clarification operations are used to remove the unwanted particulate matter
(cells, cell debris, etc.) from the growth medium that contains the product of interest.
Typically, manufacturing processes are run in batch mode.

However, there is significant interest in the development of continuous biomanufac-
turing processes [1]. The major advantages of continuous manufacturing processes are
lower capital and operating costs. This results from the more efficient utilization of the
process equipment, a smaller footprint and equipment size, and a higher productivity due
to less equipment downtime [2]. However, in the biopharmaceutical industry, the cost of

Membranes 2025, 15, 78 https://doi.org/10.3390/membranes15030078
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goods has not been the dominant driver, explaining the slower development of continuous
biomanufacturing processes. This has begun to change with the development of biosimilars
and the desire to enable greater US-based manufacturing to reduce the reliance on overseas
supply chains. Additionally, continuous biomanufacturing can lead to improved product
quality resulting from the much shorter residence times and steady state operation.

Most of the advances in continuous biomanufacturing have focused on upstream
processes [3]. Significant progress has been made on the development of continuous cell
culture processes, with media added continuously while the product is removed in what
is commonly referred to as a perfusion bioreactor. Cost analyses indicate that higher cell
densities obtained in continuous cell culture operations lead to higher production rates
and lower costs [4]. Unlike batch operations, where the bioreactor is clarified at the end of
the cell culture operation, the product needs to be removed continuously while retaining
the cells in perfusion operations. Consequently, some type of cell retention device must be
integrated with the bioreactor. A variety of cell retention devices have been explored with
different methods of action, such as filtration, sedimentation, centrifugation, ultrasonic
fixation, and dielectrophoretic exclusion [5]. Filtration-based methods are of particular
interest since they can effectively remove both whole cells and relatively small cell debris,
depending upon the pore size of the filter. Here, we focused on tangential flow filtration
(TFF), as it can easily be incorporated into batch and continuous manufacturing processes.

TFF has many advantages over other bioreactor clarification operations for both batch
and continuous processing [6]. If an appropriate-pore-size membrane is used, e.g., 0.22 or
0.45 mm, the permeate is sufficiently “clean” to be directly fed to the subsequent capture
step (most commonly Protein A chromatography for monoclonal antibody production).
However, the high cell density in state-of-the-art bioreactors often causes membrane fouling,
leading to product rejection and a low filtrate flux, compromising the viability of TFF.
Further, especially for emerging therapeutics such as virus vectors, cell lysis is often
required, as the product of interest is not excreted into the growth medium. TFF for the
clarification of cell lysates is extremely challenging due to rapid membrane fouling.

TFF can easily be incorporated as a cell retention device in perfusion operations.
However, high cell densities tend to lead to higher rates of fouling. Higher rates of fouling
invariably lead to product sieving losses during operation, especially over extended periods
of time. Three methods may be used to minimize fouling during TFF. The membrane
structure can be modified. Da et al. [7,8] indicated that the use of a reverse asymmetric
membrane where the more open pore structure faces the feed stream and the barrier layer
faces the permeate can lead to higher productivity during batch operation. Alternatively,
one can modify the TFF operating conditions. For example, alternating tangential filtration
(ATF), in which the direction of the feed flow is alternated in a cyclic fashion, can minimize
fouling, but the operating filtrate flux in these systems is typically <3 L m−2 h−1 [9]; thus,
large membrane areas are required for commercial manufacturing operations.

A third approach for enhancing the performance of TFF that is appropriate for both
batch and continuous operations is to integrate TFF as a secondary clarification step with
another unit operation used to reduce the load of particulate matter (cells and cell debris)
before performing TFF. In perfusion processes, the primary clarification operation must be
amenable for continuous operation with the recycling of the retained cells. Thus, depth
filtration, which is widely used for initial clarification, is not viable in this application. The
incorporation of an appropriate continuous primary clarification step would reduce the
particulate load in the feed to the TFF step, minimizing fouling and the associated reduc-
tions in product recovery during extended operation of the perfusion bioreactor. Modular
chemical process intensification, where two unit operations are combined to achieve an
integrated system with a higher performance than each of the individual unit operations,
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is of growing interest in the biotechnology industry [10,11]. Here, we investigated for the
first time the use of a hydrocyclone as the primary clarification operation in combination
with TFF as the secondary clarification operation.

Hydrocyclones have been used for many years for particle separations from liquid
streams in the mineral-processing, chemical, and petrochemical industries. They can be
easily scaled up and used in continuous manufacturing and have low operating costs [12,13].
The feed stream is introduced at the top of the hydrocyclone, as shown in Figure 1a.
There are two exits from the hydrocyclone: the underflow, which contains the larger
(higher-density) particulate matter, and the overflow, which contains a low concentration
of smaller (lower-density) particles. The larger and higher-density particles move towards
the wall due to centrifugal and drag forces as well as the pressure gradient. They then
move downwards and into the underflow. The smaller and lower-density particles move
upwards and exit with the overflow [14]. The degree of separation of the particles into
the underflow depends on the rate of centrifugal sedimentation. While the principle of
separation is the same as in classical centrifugation, the hydrocyclone has no moving parts,
eliminating many of the challenges of large-scale continuous centrifuges.

Figure 1. Schematic of a hydrocyclone; (a) flow pattern and (b) nomenclature for relevant components.

Several investigators have examined the use of a hydrocyclone alone for mammalian
cell separations [15,16]. These studies indicate that, for CHO cells, a separation efficiency
in the overflow versus underflow as high as 99% can be obtained with cell viabilities as
high as 90% at pressure drops of up to 3 bar. Hydrocyclones have also been used as a
cell retention device for perfusion bioreactors where similar cell viabilities were achieved.
Ni et al. [13] provided a review of the important design parameters.

Hydrocyclones are ideally suited for the separation of particles 10 mm or larger, but
they are much less effective at removing smaller cell debris. Particles of a given size will
reach an equilibrium radial position where the outward terminal settling velocity equals the
inward radial velocity of the liquid (see Figure 1a). Particles with an equilibrium position
that coincides with the locus of zero liquid vertical velocity have an equal probability
of leaving via the underflow or overflow. This is known as the cut size. Reducing the
cut size by optimizing the various geometric parameters will lead to higher feed pres-
sures. However, high feed pressures are undesirable for perfusion bioreactors, as they will
adversely affect cell viability. Thus, a secondary clarification operation will be required
after the hydrocyclone to obtain a product stream suitable for subsequent downstream
processing operations.
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Syed et al. [17] used a hydrocyclone for primary cell separation, with a spiral mi-
crochannel used for secondary clarification, as the cell retention device for a perfusion
bioreactor. They indicated up to 75% separation of cells by the hydrocyclone with <5%
loss in cell viability. The spiral microchannel system removed more than 90% of the re-
maining particulate matter; thus, some type of additional clarification would likely still be
needed. In addition, scaling up the spiral microchannel device is likely to be challenging.
He et al. [18] investigated in detail the viability loss of CHO cells for a continuous cell
culture using hydrocyclones. They indicate that cell viability decreases with an increase in
the hydrocyclone cone angle (see Figure 1b) and inlet velocity due to the increased pressure
drop to which the cells are subjected. The highest separation efficiencies obtained by
He et al. [18] were <90%, although there was no discussion of how the required secondary
clarification would be performed.

The current study provides the first analysis of using a hydrocyclone in combination
with TFF in order to improve the performance of the TFF operation. The hydrocyclone
reduces the load of particulate matter in the feed stream to the microfiltration unit, signifi-
cantly reducing the rate of fouling and increasing the performance of the TFF unit. Two
different hydrocyclones were fabricated using 3D printing based on literature designs. Two
different TFF modules were investigated, with one containing an essentially symmetric
membrane and one having a reverse asymmetric membrane. The effects of the different
membrane morphologies are also discussed. The results provide insights into the develop-
ment of an integrated hydrocyclone–TFF bioreactor clarification process with applications
in batch and continuous bioprocessing operations.

2. Materials and Methods

2.1. Materials

The reagents used in this study were biotechnology grade or higher if not specified.
FreeStyle™ CHO-S cells were obtained from ThermoFisher (Waltham, MA, USA). CHOgro®

Expression Media and the poloxamer 188 (Pluronic) solution, 10% w/v in cell-culture-grade
water, were purchased from Mirus Bio (Madison, WI, USA). L-glutamine, TRITON™ X-100,
and sodium hydroxide were purchased from VWR (Radnor, PA, USA). Trypan blue was
purchased from Sigma-Aldrich (Burlington, MA, USA).

All the rubber tubing and peristaltic pumps used to deliver fluids were purchased
from Masterflex (Vernon Hills, IL, USA). The water used in this work was obtained from a
ThermoFisher 18 MΩ Barnstead Smart2pure system (Schwerte, Germany). An electronic
scale (PL602-S) was purchased from Mettler Toledo (Columbus, OH, USA). Two hollow
fiber microfiltration modules were custom manufactured for this work by Asahi Kasei
Bioprocess (Glenview, Il, USA). The BioOptimal™ MF-SL filter had a membrane surface
area of 0.00041 m2, with a pore size of 0.4 μm on the permeate side and 40 μm on the
feed side. The module is unique in that the more open support structure faces the feed,
unlike conventional microfiltration modules in which the size-selective “skin” faces the
feed. The UJP module has a membrane surface area of 0.00032 m2. The barrier layer, which
faces the feed stream, has a nominal pore size of 0.65 μm, as provided by the manufacturer.
While there is variation in the average pore size from the inside to the outside of the fiber,
the membrane is much more symmetric in structure. Both hollow fiber membranes were
manufactured by a wet spinning process. The membrane materials were polyvinylidene-
fluoride for the UJP and polysulfone for the BioOptimal MF-SL filters. The hydrocyclones
were fabricated by 3D printing as described below.
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2.2. Cell Culture

FreeStyle™ CHO-S cells were cultured using flasks in a shaker incubator at 37 ◦C and
125 rpm. A humidified atmosphere consisting of 8% CO2 was used. Cell titers of up to
25 million cells/mL were obtained using CHOgro® Expression media supplemented with
8 mM L-glutamine and 0.3% pluronic. First, CHO cells were thawed and then passaged
after a few days repeatedly to obtain the desired concentration. The cell density was
evaluated under a microscope using a hemacytometer with trypan blue exclusion dye
used to identify the number of dead cells. The trypan blue exclusion assay is based on
the principle that live cells have intact cell membranes that will exclude the dye, while
dead cells will turn blue. The cell sample was mixed with dye and then visually examined.
Viable cells appeared clear while nonviable cells appeared blue.

The cell viability was determined by Equation (1):

Cell Viability (%) =
Nv

Nt
× 100 (1)

where Nv and Nt are the number of viable and total cells, respectively.

2.3. Hydrocyclone Designs

There have been numerous studies that have considered the design of
hydrocyclones [19]. Several geometrical and operational factors should be considered,
among which the inlet and outlet diameters, cone angle, vortex finder depth and thickness,
inlet pressure and velocity, and concentration of particulate matter are important [12,13].
The inlet and outlet diameters and ratios primarily influence the velocity of the fluid and
the pressure drop. For mammalian cells, these two factors are important, as high pressures
lead to a reduction in cell viability.

The hydrocyclones in this study were made using Fromlab 3-D printers (Somerville,
MA, USA) using gray and clear resins (Figure 2). The designs were based on the hy-
drocyclones used in previous bioreactor clarification studies [17,18]. Table 1 shows the
design parameters. Design I (larger hydrocyclone) is based on the work by He et al. [18],
while design II is based on the work by Syed et al. [17]. As can be seen, design I is sim-
pler and has the same inlet and outlet diameters. Both hydrocyclones are based on the
Bradley hydrocyclone.

Figure 2. CAD drawings of hydrocyclones in SolidWorks. (a) Design I and (b) design II.

60



Membranes 2025, 15, 78

Table 1. Design parameters for hydrocyclones fabricated as part of this study. Design 1 is based on
He et al. [18]. Design II is based on Syed et al. [17].

Parameter
Dimensions (mm)

(Design I)
Dimensions (mm)

(Design II)

Cylindrical section diameter 10 3
Overflow diameter 2 0.4

Underflow diameter 2 0.65
Inlet diameter 2 0.413

Length of the cylindrical section 8 2.16
Cone length 57.2 23.16

Vortex-finder depth 5 1
Vortex-finder thickness 1 0.2–0.4

Table 2 compares important design ratios for the two hydrocyclones to the ratios
provided by Bradley [20]. The Bradley hydrocyclones have been shown to provide high
separation efficiencies [19]. As can be seen, both hydrocyclones have elements of Bradley’s
optimized ratios. The SolidWorks PDM 2023 software (Cleverbridge, Inc., Chicago, IL,
USA) was used to design the hydrocyclones prior to printing, as shown in Figure 2.

Table 2. Comparison of geometric ratios for the hydrocyclones in comparison with Bradley’s ratios.

Ratio Design I Design II Bradley’s Ratio

Inlet/cylindrical section diameter 0.2 0.133 0.133
Overflow/cylindrical section diameter 0.2 0.133 0.2

Vortex finder depth/cylindrical
section diameter 0.5 0.33 0.33

Cone length/cylindrical section diameter 5.7 7.7 6.58

2.4. Experimental Setup and Procedure

Three different clarification operations were considered: TFF only, hydrocyclone only,
and an integrated hydrocyclone and TFF process, as shown in Figure 3.

Before starting each experiment, the hydrocyclone was washed with 10% bleach
followed by DI water. Then, the supplemented media was circulated through the system
prior to adding the cell suspension. The TFF filters were also cleaned, regenerated, and
washed with PBS, a NaOH/bleach solution, and then DI water, in that order. For the
hydrocyclones, prior to testing with the cell suspension, the underflow DI water split ratio
was determined using Equation (2).

Split ratio (%) =
QU
QF

× 100 (2)

where QU and QF are the underflow rate and the feed flow rate, respectively. Various cell
densities were investigated. We compare our result to the work of He et al. [18] and Syed
et al. [17]. He et al. determined the separation efficiency as

E (%) =

(
QUCU

QUCU + QOCO

)
× 100 (3)

where CU and CO are the cell concentrations in the underflow and overflow, respectively.
Syed et al. defined the separation efficiency differently as

E (%) =

(
1 − CO

CF

)
× 100 (4)
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where CF is the cell concentration in the feed. The results obtained here were compared to
the respective literature data based on these definitions, given by Equations (3) and (4).

 

Figure 3. Experimental setups used here (a) TFF, (b) hydrocyclone, and (c) integrated hydrocyclone–TFF.

2.5. Bioreactor Harvesting

Prior to use, the microfiltration modules were flushed with 1 L of DI water. The DI
water was pumped through the fiber lumen with the permeate line open, enabling water to
pass through the retentate and permeate flow paths. The same procedure was used for the
UJP and BioOptimal MF SL filters. This filter preparation was not expected to have any
effect on filter performance.

The membrane was regenerated after use according to the following protocol. The
filter was first flushed with 1–2 L of DI water at room temperature to remove cells and
weakly bound debris. The feed was pumped through the fiber lumen and the permeate line
was opened, allowing water to pass through the retentate and permeate lines. Next, the
membrane was back-flushed (fluid pumped from outside the fibers through the membrane
to the fiber lumen) using about 100 mL of 0.5 N NaOH with 3000 ppm NaClO at room
temperature. The module was then forward-flushed (i.e., fluid flows from fiber lumen
through the membrane to the shell side) using 0.5 N NaOH with 3000 ppm NaClO at
30 mL/min for 30 min at room temperature. Using the same solution composition, the
module was back-flushed at 30 mL/min for 30 min. The last two steps were repeated

62



Membranes 2025, 15, 78

3–4 times. The filter was then stored overnight in 0.5 N NaOH with 3000 ppm NaClO.
Finally, the next day, the filter was flushed (flow from the feed side to the retentate side) with
1–7 L of water until the pH was neutralized. The nominal water flux for the BioOptimal MF-
SL was >21,000 L m−2 h−1. For the UJP filter, the nominal water flux was 1200 L m−2 h−1.
Both fluxes were at a TMP of 0.1 MPa and a temperature of 25 ◦C.

Two sets of TFF experiments were run. The first series of experiments involved
running the UJP and BioOptimal MF-SL filters at a wall shear rate of 2000 s−1 (feed flow
rate of 16 mL min−1 for the UJP filter and 32 mL min−1 for the BioOptimal MF-SL filter) in
concentration mode. A wall shear rate of 2000 s−1 was chosen based on the manufacturer’s
recommendations and previous studies. The experiments were run in batch concentration
mode. The cell density was 9 million/mL and the feed volume was 50 mL. The initial
transmembrane pressure (TMP) was 3.4 kPa (0.5 psi) and 13 kPa (2 psi) for the BioOptimal
MF-SL and UJP filters, respectively. It is essential that the BioOptimal is run at a low TMP
in order to prevent compaction of the stabilized cake layer within the more open membrane
pore structure that faces the feed stream. These TMP values resulted in an initial permeate
flux of 1100 L m−2 h−1 for both modules. Experiments were also run at different cell
viabilities using the BioOptimal MF-SL filter under the same experimental conditions. The
cell viability was decreased by reducing the rate of nutrient addition. The experiments
were designed to investigate the effect of the reverse asymmetric membrane structure on
flux decline.

The second set of TFF experiments was run with and without an integrated hydro-
cyclone. These experiments were run in total recycle mode. The feed flow rate to the
hyrocyclone was 50 mL min−1. The overflow from the hydrocyclone was introduced to
the TFF module at a feed flow rate of 10 mL min−1, corresponding to wall shear rates of
620 s−1 and 1280 s−1 for the BioOptimal MF-SL and UJP filters, respectively. The initial
TMP for TFF only (without the hydrocyclone) was 3.7 ± 0.14 kPa (0.54 ± 0.02 psi) for the
BioOptimal MF-SL and 12.4 ± 1.3 kPa (1.8 ± 0.19 psi) for the UJP filter. For the integrated
system, the TMP was 4.0 ± 0.41 kPa (0.58 ± 0.06) and 12.1 ± 0.83 kPa (1.76 ± 0.12 psi) for
the BioOptimal and UJP modules, respectively.

Additional experiments were conducted using the BioOptimal MF-SL filter in ATF
mode. A Repligen (Waltham, MA, USA) alternating tangential flow-2 (ATF-2) filtration
system was used for perfusion system setup. The setup used a diaphragm pump to
both withdraw and return the cell suspension to the bioreactor. The perfusion rate was
300 mL min−1, i.e., 300 mL of fluid was pumped in and out of the bioreactor in 1 min.
Although no frequency was set, considering that the displacement of one exchange is
120 mL, about 20 s was estimated for 1 displacement (120 mL). The frequency was controlled
by the ATF flow rate. The ATF flow rate is the most important parameter. The set points for
the pH, temperature, and DO were 7, 37 ◦C, and 40%. A Sartorius (Göttingen, Germany)
BioStat A plus with a starting cell density of 1 million viable cells/mL in a 1.5 L working
volume was used. Perfusion was initiated one day after inoculation at 1 reactor volume
per day (RV/day). The perfusion rate was then increased to 1.5 RV/day when the cell
density approached a value of 10 million viable cells/mL. After that, the perfusion rate
was maintained at 1.5 RV/day. The perfusion run was performed for 14 days.

3. Results

3.1. Membrane Structure

Figure 4 gives SEM images of the membranes in the UJP and BioOptimal MF-SL filters.
These images were obtained from the manufacturer. As can be seen from Figure 4a, which
gives a cross-sectional image of the UJP membrane, the membrane is rather symmetric.
Figure 4b–e give various images of the BioOptimal MF-SL membrane. The membrane has
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a much more open pore structure in the fiber lumen which is in contact with the feed. The
barrier layer is located at the outer fiber surface. As can be seen for the UJP membrane, the
surface porosity appears similar though at the middle of the fiber the porosity is much less.
In the case of the asymmetric BioOptimal membrane, the inner surface has a much higher
porosity than the outer surface.

Figure 4. SEM images of (a) UJP cross section, with inside diameter of 1.1 mm, courtesy of Asahi
Kasei Corporation; (b–e) BioOptimal MF-SL, with inside diameter of 1.4 mm; and (b,c) cross section
showing clear asymmetric structure, (d) outside surface, and (e) inside surface, courtesy of Asahi
Kasei Bioprocess.

In our earlier work [7,8], we showed that the more open structure stabilizes a highly
permeable cake layer that acts as a depth filter. The stabilized cake layer removes particles
that would otherwise foul the barrier layer.

3.2. Effect of Cell Viability on TFF

Figure 5 gives the permeate flux versus throughput (permeate recovered per mem-
brane surface area) for the first set of TFF experiments. Data are included for the BioOptimal
MF-SL and UJP modules at a wall shear rate of 2000 s−1 run in batch concentration mode.
The cell viability was over 96% for the UJP. The lower-viability experiments for the BioOp-
timal MF-SL used cell suspensions that were partially lysed to reduce the cell viability.
The initial TMP was chosen to give the same initial permeate flux, 1110 L m−2 h−1. Since,
industrially, TFF is run under constant flux conditions, the performance of the two modules
was compared at the same flux. The results indicated a rapid flux decline for the UJP
module as the contents of the feed reservoir became concentrated. The BioOptimal MF-SL
displayed a much higher throughput during the batch concentration.
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Figure 5. Flux versus productivity for BioOptimal MF-SL and UJP filters under a range of feed
conditions. Percentages in the legend represent different cell viabilities. All results are for BioOptimal
unless noted in the legend.

Figure 5 also gives the flux versus throughput results for the BioOptimal MF-SL for cell
viabilities ranging from 0 to 89%. Given the very low throughput for the UJP membrane,
even at cell viabilities of over 96%, it was not used to examine the effect of cell viability
on the throughput. As can be seen, there was a rapid decrease in the throughput with
reduced viability. When all the cells were dead, with 0% viability representative of a cell
lysate, the throughput was at its lowest. Dead cells tend to lyse, leading to a large amount
of small particulate matter that can easily deposit on and within the membrane. These
results indicate that, although the reverse asymmetric structure of the BioOptimal MF-SL
membrane can lead to much higher throughputs than observed for the UJP membrane,
low-viability feed streams still cause extensive fouling, which would lead to significant
challenges in the application of these membranes for cell recycle and primary clarification
during long-term continuous perfusion operations.

3.3. Hydrocyclone Performance

Before using the hydrocyclones as part of the integrated clarification process, initial
testing was conducted to determine if the performance of the hydrocyclones developed in
this work were similar to the ones designed by He et al. [18] and Syed et al. [17]. Figure 6
gives the variation in the inlet velocity with the underflow DI water split ratio, as defined
by Equation (2). The right-hand y-axis gives the pressure drop. As can be seen, for both
designs, the percentage of the total feed that exits via the underflow (split ratio) was nearly
independent of the inlet feed velocity over the range of conditions examined in Figure 6.
However, the underflow split ratio was much higher for design II. The split ratio is affected
by a number of factors. The important factors here are the overflow and underflow outlet
ratios compared to the size of the inlet or cylindrical sections. Figure 1b and Table 1 give
the important dimensions of the hydrocyclones. A larger underflow-to-inlet diameter ratio
compared to the overflow-to inlet diameter ratio will lead to a higher split through the
underflow. On the other hand, a larger vortex finder depth and a higher-pressure drop
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will lead to a higher underflow split ratio. Here, although design I had a larger vortex
finder depth and displayed a higher pressure drop, the influence of the underflow-to-inlet
diameter dominated, leading to the higher split ratio for design II. These results indicate
that it was the combined effects of the relevant variables that led to the observed split ratio.
The inlet pressure results also show that design I experienced a greater pressure increase
with increasing velocity. The higher pressure drop was due to the steeper cone angle and
lower outlet/inlet ratios.

Figure 6. Variation in underflow split ratio and pressure drop with inlet feed velocity.

Figure 7 gives the separation efficiencies of the two hydrocyclones tested here.
Figure 7a compares the efficiency of design I with the results obtained by He et al. [18], while
Figure 7b compares the efficiency of design II with the results obtained by Syed et al. [17].
In both cases, the separation efficiency is plotted against the inlet feed velocity. Figure 7a,b
indicate that, even though lower feed flow rates (and consequently, pressure drops) were
used here, the results are in good agreement with those from previous studies using the
same hydrocyclone designs. Over the range of cell densities investigated here, it appears
that cell density has little effect on the separation efficiency. It is worth noting that the cell
viability dropped significantly to less than 90% at higher operating velocities (similar to the
literature studies), likely due to the very high pressures under these conditions. Therefore,
our experiments focused on the performance at lower inlet velocities than reported in the
literature. Specifically, for design I, the viability loss was more significant due to the higher
normal stress (pressure), as shown in Figure 6.

Cell viability depends on the feed flow rate (shear stress to which the cells are sub-
jected) and the time for which they are subjected to a given shear stress. With an increasing
run time, the viability drops. However, since these runs were conducted under non-sterile
conditions, the cell viability could also drop due to bacterial infection. For design 1, Fig-
ure 7a shows that, at all flow rates, the viability dropped over a 2 h period to below 90%.
The decrease in viability was much greater at higher flow rates. For design II, only at the
highest feed flow rate investigated did the viability drop to below 90% after 2 h.
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(a) 

(b) 

Figure 7. Separation efficiency versus inlet velocity. (a) Comparison of efficiency of hydrocyclone
design 1 with results of He et al. [18]; (b) comparison of efficiency of design II with results of
Syed et al. [17].

3.4. ATF with BioOptimal MF SL Microfilter

Figure 8 provides the results for the experiment conducted with the BioOptimal MF
SL filter in ATF mode. The viable cell density (left-hand-side y-axis) and cell viability (right-
hand-side y-axis) are plotted against the perfusion time in days. The run was conducted for
14 days. The perfusion rate was 1 vessel volume (1.5 L per day, or 1 mL/min) for the first
5 days (i.e., below 10 million viable cells/mL) and then 1.5 vessel volumes (2.25 L per day,
or 1.5 mL/min) for the rest of the run (cell densities larger than 10 million viable cells/mL).
The average permeate flux was about 152 L m−2 h−1 for the first 5 days and 229 L m−2 h−1

for the remainder of the run. No fouling occurred and the TMP was below 0.5 psi (2.5 kPa)
throughout the 14 days of operation.
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Figure 8. Variation in viable cell density and cell viability over a 14-day perfusion experiment. A
BioOptimal MF SL microfilter was run in ATF mode as the cell retention device.

3.5. Integrated Hydrocyclone TFF

As shown in Figure 3c, an integrated hydrocyclone–TFF system was tested where the
overflow from the hydrocyclone was used as the feed to the TFF module. Figure 9 gives the
variation in the permeate flux with time. Figure 9a gives the results for the BioOptimal filter
by itself and for the same module integrated with the hydrocyclone. Figure 9b gives the
analogous results for the UJP module. As can be seen, the BioOptimal displayed a much
higher permeate flux than the UJP module with and without an integrated hydrocyclone.
Further, the rate of flux decline over a 2 h period was much greater for the UJP module.
The cell viability was 97% at the start of the 2 h run and remained at approximately 97%
at the end of the run for both modules. The much more stable flux for the BioOptimal
module is similar to the results shown in Figure 5 and indicates the benefit of using a
reverse asymmetric membrane in this application.

Figure 9a suggests that the flux decline for the BioOptimal was similar with and
without an integrated hydrocyclone. The small difference in flux for the two runs was likely
due to a small loss in the permeability of the module. The module was tested without the
hydrocyclone; it was cleaned/regenerated at the end of the experiment and then used again
for the integrated process. The permeability of the regenerated membrane was within 90%
of the initial water flux through the clean module, but the small decrease in permeability
likely caused the slightly lower flux for the integrated process. These results indicate that,
for the BioOptimal module, an integrated hydrocyclone had little effect on membrane
fouling under the operating conditions investigated, likely due to the effectiveness of
the open pore structure in protecting the size-selective skin on the outer surface of the
membrane from fouling by cells.

The results for the UJP module are shown in Figure 9b. Again, the initial flux was
a little lower for the integrated process due to the reduction in the permeability of the
regenerated module. However, the rate of flux decline for the integrated clarification
process was significantly less than that for the UJP module alone. In this case, the ratio of
the flux at t = 40 min to that at t = 10 min was 0.25 for the UJP module alone compared to
0.39 for the same module, but after primary clarification using the hydrocyclone. The net
result is that the flux for the integrated hydrocyclone–TFF process was greater than that
for the TFF alone for t > 30 min. These results suggest that, by using a hydrocyclone for
initial clarification, the rate of flux decline due to membrane fouling can be reduced for
conventional TFF microfiltration membranes in which the barrier layer faces the feed.
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(a) 

(b) 

Figure 9. Variation in permeate flux with time: (a) BioOptimal and hydrocyclone–BioOptimal system
and (b) UJP and hydrocylone–UJP system. Data for the integrated systems were obtained with the
same module used for the TFF alone, but after cleaning/regeneration.

4. Discussion

TFF is a very attractive unit operation for clarification of cell culture media in perfu-
sion bioreactors, as the permeate can typically be introduced directly to the first capture
chromatography operation without any additional clarification. Furthermore, TFF can be
easily adapted for both batch and continuous clarification. However, membrane fouling
is a serious limitation that restricts the practical use of TFF. Figure 5 indicates that, for
traditional TFF membranes, where the barrier layer faces the feed stream, rapid flux decline
occurs due to absorption of foulants and deposition of rejected species directly on or within
the barrier layer of the membrane. As shown in Figure 5 and in our earlier studies [7,8], the
use of a reverse asymmetric membrane can be beneficial in this application, as the support
structure helps stabilize a highly permeable layer of rejected particulate matter. Foulants
are removed by this dynamic membrane, thus protecting the barrier layer that faces the
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permeate stream from membrane fouling. However, as seen in Figure 5, as the cell viability
decreases, cell debris will cause significant fouling even of these reverse asymmetric mem-
branes, leading to a more rapid flux decline and the need to replace the membrane module
to enable long-term continuous operations. In a continuous process, the flux would be
much lower, but must be maintained for up to 2 months.

Here, for the first time, we combined a hydrocyclone with TFF for clarification of a
CHO cell culture. The hydrocyclone provides the primary clarification operation, signifi-
cantly reducing the particulate concentration in the feed to the TFF module. For traditional
TFF membranes where the barrier layer faces the feed, reducing the foulant load in the
feed leads to more stable fluxes over a longer time (see Figure 9b). Note that these experi-
ments were not run under sterile conditions, which limited the duration of the integrated
clarification process. It is likely that, if the integrated hydrocyclone–TFF experiments were
conducted under sterile conditions for several days, the more stable permeate flux for the
integrated process would be more significant when compared to the TFF operation alone.

In contrast, at least over a 2 h period, it appears that the integrated process offers no
measurable advantage when using the BioOptimal module for the second clarification step.
A similar result was observed in parallel studies, where a BioOptimal module was used
in ATF mode for 2 weeks. In this experiment, the permeate flux and the rate of medium
addition to the bioreactor were matched: 152 L m−2 h−1 for the first 5 days of operation
and then 229 L m−2h−1 for days 6 to 14 of operations. Both the traditional TFF membranes
and the reverse asymmetric membrane showed no flux decline over a 2-week period. ATF
has been proposed as another way to suppress membrane fouling. This method typically
uses slightly larger-inner-diameter hollow fiber membranes, although any TFF membrane
could potentially be used. ATF makes use of altered fluid mechanics and operation at
a very low filtrate flux to suppress membrane fouling. A diaphragm pump is used that
removes and returns the feed through the same port [21,22]. While feed flow reversal leads
to suppression of fouling, a disadvantage of the process is that the permeate fluxes are low,
resulting in very large membrane surface areas for large-scale commercial operation.

The results obtained here indicate that, for a reverse asymmetric membrane that is
more resistant to flux decline, the benefits of an integrated process are likely to be greater
at a low cell viability or for extremely long run times, e.g., 2 months. An integrated
process may be well suited for continuous biomanufacturing operations, particularly when
using conventional TFF membranes in which the size-selective layer faces the cell culture
media. Further investigations under sterile conditions for much longer run times will
be required in order to determine the effectiveness of integrating a hydrocyclone as the
primary clarification step prior to TFF. Nevertheless, the membrane choice will be important
(pore size, morphology, asymmetric structure, etc.) for the design and implementation of
an optimized two-step clarification process incorporating both a hydrocyclone and a TFF
membrane unit.

5. Conclusions

Developing methods to improve the performance of TFF for bioreactor clarification is
highly desirable, as it can be adapted for both batch and continuous operations. Further-
more, the careful selection of the membrane pore size will enable the direct introduction
of the permeate to the subsequent capture step in the downstream process. There have
been many attempts to overcome membrane fouling, which is a major limitation that
leads to product sieving losses, low permeate fluxes, and the need to periodically re-
place/regenerate the membrane. Here, the feasibility of integrating a hydrocyclone with
TFF was investigated for the first time. Like TFF, a hydrocyclone can also be adapted
for batch and continuous operations. The overflow from the hydrocyclone is depleted of
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large particulate matter, thus reducing the fouling potential of the feed in the TFF module.
Care will be needed when integrating these two unit operations, as the overflow rate
will determine the feed flow rate and wall shear rate for the TFF module. Furthermore,
selecting an appropriate membrane morphology will be important. The results obtained
here indicate that, for reverse asymmetric membranes that are much more resistant to
fouling, integrating a hydrocyclone may be of minimal benefit, while significant improve-
ments in the TFF performance may be possible when using more conventional asymmetric
microfiltration membranes.
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Abstract: Virus filtration is used to ensure the high level of virus clearance required in the
manufacture of biopharmaceutical products such as monoclonal antibodies. Flux decline
during virus filtration can occur due to the formation of reversible aggregates consisting of
self-assembled monomeric monoclonal antibody molecules, particularly at high antibody
concentrations. While size exclusion chromatography is generally unable to detect these
reversible aggregates, dynamic light scattering may be used to determine their presence.
Flux decline during virus filtration may be minimized by pretreating the feed using a
membrane adsorber in order to disrupt the reversible aggregates that are present. The
formation of reversible aggregates is highly dependent on the monoclonal antibody and
the feed conditions. For the pH values investigated here, pretreatment of the feed us-
ing a hydrophobic interaction membrane adsorber was the most effective in minimizing
flux decline during virus filtration. Ion exchange membranes may also be effective if the
monoclonal antibody and membrane are oppositely charged. Consequently, the effec-
tiveness of ion exchange membrane adsorbers is much more dependent on solution pH
when compared to hydrophobic interaction membrane adsorbers. Size based prefiltration
was found to be ineffective at disrupting these reversible aggregates. These results can
help guide the development of more effective virus filtration processes for monoclonal
antibody production.

Keywords: aggregation; flux decline; fouling; membrane adsorber; monoclonal antibody;
pH; prefiltration; reversible aggregate; virus filtration

1. Introduction

Virus filtration is routinely used in the manufacture of protein-based therapeutics
such as monoclonal antibodies (mAbs). Validation of adequate virus clearance is critical in
the manufacture of biopharmaceutical products. Virus filtration is a robust unit operation
that makes use of membrane-based size exclusion to reject potentially contaminating virus
particles. Virus filters are often characterized based on their rejection of model virus
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particles, typically minute virus of mice (MVM). The MVM capsid is about 25 nm in
diameter and 2 nm thick and is arranged with a T = 1 icosahedral symmetry [1]. Virus
filters are operated in normal flow mode under constant pressure. They are designed to
provide at least 10,000-fold decrease in virus concentration in the permeate relative to
the feed (4 log removal of virus, LRV). Additionally for the process to be economically
viable, more than 95% product recovery is required. Design limits on product throughput
(minimum product recovered per membrane surface area) and permeate flux put further
constraints on the design of virus filters [2].

The size of antibodies in solution is highly variable and depends on buffer conditions.
Roughly, biophysical analysis indicates they are around 12 nm long, with 3 rod-shaped
arms each about 3.5 nm in diameter [3]. As membrane based size exclusion is usually most
effective when the difference in size of the species to be separated is around an order of
magnitude, the design criteria for virus filtration membranes is very demanding [4]. Since
virus filtration occurs towards the end of the purification train, fouling of virus filters is
most commonly due to product related contaminants such as product aggregates, dimers,
trimers, and misfolded product molecules instead of host cell proteins [5].

Several recent studies have investigated an integrated ‘pretreatment’ step using either
column chromatography or a virus prefilter to minimize fouling of the virus filtration
membrane and improve the flux and throughput. These studies have indicated that the
presence of product aggregates that are less than 100 nm in size are commonly responsible
for the decrease in flux during virus filtration. While the feed stream is usually passed
through a 0.2 or 0.1 μm sterilizing grade filter prior to introduction to the virus filter, smaller
aggregates will not be removed and can then block the pores of the virus filter [6]. Further
sized based prefiltration will not remove foulants that are similar in size to the product
species. These foulants can potentially be removed by surface interactions. Brown et al. [7]
used ion exchange membrane adsorbers to remove product related aggregates 8–13 nm
in size. Rayfield et al. [8] indicated the importance of feed properties such as pH, buffer
type, salt type, and concentration, all of which affect the biophysical properties of the mAb.
This, in turn, can lead to greater aggregation and product related contaminants. Stanevich
et al. [9] investigated the use of polyamide 6-6 (nylon 6-6) membranes as adsorptive pre-
filters, which function through hydrophobic interactions. Bolton et al. [10] used a prefilter
that contained diatomaceous earth to bind aggregates through hydrophobic interactions.
Others, such as Shirataki et al. [11], have used mixed mode resins as a pretreatment step
prior to virus filtration.

Johnson et al. [12] provide a recent summary of current industrial practices in virus fil-
tration, including the use of prefiltration. In another recent study, Isu et al. [13] describe the
use of bioanalytical methods to identify aggregation-prone and less filterable proteoforms
during virus filtration, which could guide the selection of an appropriate pretreatment
strategy. Several investigators have noted that severe fouling is often observed even after
prefiltration [5]. They note that this is due to adsorption of the mAb onto the virus filtration
membrane surface. Furthermore, some investigators have noted severe membrane fouling
even when the amount of high molecular weight species is less than 1% in the feed [8]. This
is likely due to reversible self-association of the monomeric mAb [14].

Bieberbach et al. [15] indicate that these observations may be explained by considering
the formation of irreversible and reversible aggregates [16–18]. Irreversible aggregates
can be soluble or insoluble. They are held together by strong intermolecular forces such
as covalent bonds. They can generally be detected by size exclusion chromatography.
Reversible protein aggregation or self-assembly leads to the formation of soluble oligomers.
They are held together by weak intermolecular interactions and are more likely to form at
high concentrations that would exist in the narrow pores of a virus filter. These reversible
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aggregates may revert to protein monomers upon dilution [19]. Protein self-assembly is
a concern in the manufacture and storage of biopharmaceutical products. Dynamic light
scattering may be used to qualitatively determine the degree of protein self-assembly in
solution [20].

The observations described above are further complicated by the fact that virus filters
from different manufacturers are made of different polymeric materials [8]. Proprietary
surface treatments are used to make the membrane surface more biocompatible and to
suppress fouling. However, the degree of adsorption of a specific mAb, including both
self-assembled mAb species as well as irreversible aggregates, will depend on the mAb,
the specific surface properties of the membrane, and the buffer conditions.

In this study, we have investigated the performance of the Planova BioEx virus re-
moval filter (Asahi Kasei Bioprocess, Glenview, IL, USA) using amAb under different pH
conditions. Size based membranes, as well as ion exchange and hydrophobic interaction
membrane adsorbers, have been used as a prefiltration/pretreatment step. The impact
of these pretreatment steps on the permeate flux through the virus filter has been deter-
mined. Dynamic light scattering has been used to determine the level of self-assembly
of the mAb under different pH conditions. Three pH conditions were considered: above
(pH 8.6), around (pH 7.5), and below (pH 5.0) the isoelectric point of the mAb. Due to the
stability of the mAb, pH values much above the isoelectric point of the mAb could not
be investigated. While the pH values investigated are of relevance industrially, they also
enable investigation of the behavior of the mAb at pH values below, near, and above its
isoelectric point. The results provide guidelines for the selection of a prefilter/membrane
adsorber to be used prior to virus filtration.

2. Materials and Methods

2.1. Reagents and Filters

The reagents used for preparing the various buffers were sodium acetate trihydrate
(molecular biology grade, >99% purity), sodium chloride, sodium phosphate monobasic
monohydrate (ACS reagent, >98% purity), sodium phosphate dibasic (reagent plus, >99%
purity), and glacial acetic acid from MilliporeSigma (Billerica, MA, USA). Ammonium
sulfate was obtained from VWR Life Science (Radnor, PA, USA). Ultrapure water with a
resistivity of 18.2 MΩ was used for buffer formulation.

The mAb used in these studies had a molecular weight of 148 kDa and an isoelectric
point of 8.0. Four different feed buffer solutions were prepared consisting of 20 mM sodium
acetate at pH values of 5.0, 7.5, and 8.6. The pH was adjusted using glacial acetic acid. At
pH 5.0 and 8.6, 200 mM NaCl was added. At pH 7.5 the buffer was prepared with and
without 200 mM NaCl. The mAb concentration in all solutions was 5 g L−1.

The prefilters and membrane adsorbers used in this study are summarized in Table 1.
In this work, the prefilter or membrane adsorber was not installed in-line with the virus
filter. Instead, the pretreated product solution was introduced to the virus filter within 5 min
of prefiltration. The virus filter used was the Planova BioEx with membrane surface area
0.0003 m2 (Asahi Kasei Bioprocess, Glenview IL, USA). All feed streams were prefiltered
through a 0.2 μm bottle top filter. Results for the 0.2 μm bottle top filter did not include
any further pretreatment. Results for all other prefilters and membrane adsorbers were
generated for feed streams after passage through the 0.2 μm bottle top filter. The feed from
the 0.2 μm bottle top filter was used within 5 min either as the feed to the virus filter or the
feed to the subsequent pretreatment step.
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Table 1. Details of prefilters and membrane adsorbers used in this study.

Prefilter
Membrane
Material

Source
Feed Streams
Tested

Mechanism
of Action

Comment

0.2 μm bottle top
filter Polyethersulfone

ThermoFisher
Scientific
(Waltham, MA,
USA)

Acetate buffer
with 200 mM
NaCl at pH 5.0,
7.5 and 8.6.
Acetate buffer
with no added
NaCl at pH 7.5.

Size exclusion

Used for all feed
streams. Tested
by itself for feed
stream at pH 5.0
and 8.6 with
200 mM NaCl;
pH 7.5 without
200 mM NaCl.

0.1 μm bottle top
filter Polyethersulfone

ThermoFisher
Scientific
(Waltham, MA,
USA)

Acetate buffer
with 200 mM
NaCl at pH 5.0.

Size exclusion

Filtered through
0.2 μm bottle top
filter, then
through 0.1 μm
bottle top filter.

Planova 75 N (75
N)

Regenerated
cellulose hollow
fibers, 0.001 m2

surface area,
nominal pore
size 75 nm

Asahi Kasei
Bioprocess
(Glenview, IL,
USA)

Acetate buffer
with 200 mM
NaCl at pH 5.0.

Size exclusion

Filtered through
0.2 μm bottle top
filter, then
through Planova
75 N filter.

Sartobind Q
(nano)
(IEX-Q)

Cellulosic
membrane,
quaternary
ammonium
ligands, 3 mL
bed volume,
8 mm bed height,
pore size > 3 μm.

Sartorius AG,
(Göttingen,
Germany)

Acetate buffer
with 200 mM
NaCl at pH 5.0
and 8.6.
Acetate buffer
with no added
NaCl at pH 7.5.

Anion exchange

Filtered through
0.2 μm bottle top
filter, then
through
Sartobind Q
adsorber.

Sartobind S
(nano)
(IEX-S)

Cellulosic
membrane,
sulfonic ligands,
3 mL bed
volume, 8 mm
bed height, pore
size > 3 μm.

Sartorius AG,
(Göttingen,
Germany)

Acetate buffer
with 200 mM
NaCl at pH 5.0
and pH 8.6.
Acetate buffer
with no added
NaCl at pH 7.5.

Cation exchange

Filtered through
0.2 μm bottle top
filter, then
through
Sartobind S
adsorber.

Sartobind Phenyl
(HIC)

Cellulosic
membrane,
phenyl ligands,
3 mL bed
volume, 8 mm
bed height, pore
size > 3 μm.

Sartorius AG,
(Göttingen,
Germany)

Acetate buffer
with 200 mM
NaCl at pH 5.0,
7.5, 8.6.

Hydrophobic
interaction

Filtered through
0.2 μm bottle top
filter, then
through
Sartobind Phenyl
adsorber.

Membrane adsorbers were installed on a fast protein liquid chromatography (FPLC)
system (Cytiva, Marlborough, MA, USA). For hydrophobic interaction chromatography
(HIC) membrane adsorber pretreatment (at all pH values 5.0, 7.5, 8.6), the buffer included
200 mM NaCl. For ion exchange membrane adsorbers, 200 mM NaCl was present in the
buffer at pH 5.0 and 8.6 only. For the sized based prefilters (0.1 μm bottle top filter and
75 N), no NaCl was added to the feed.
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2.2. Analytical Methods

Buffer pH and conductivity were measured using an Orion Star™ pH/conductivity
benchtop multiparameter meter from ThermoFisher Scientific (Waltham, MA, USA). The
mAb concentration was measured by UV absorbance at 280 nm using a Genesys10 UV
Scanning System (Waltham, MA, USA) with VWR Quartz Spectrophotometer Cell (path
length 1 cm). Dynamic light scattering (DLS) was performed using a Delsa™ Nano particle
size analyzer from Beckman Coulter (Brea, CA, USA) to determine the hydrodynamic
diameter of the mAb. Results represent the average of three readings.

Size exclusion chromatography (SEC) was conducted to determine the aggregate
fraction in the mAb solution at pH 5.0 after prefiltration through the 0.2 μm bottle top
filter, after filtration through the BioEx, and in the buffer flush performed after mAb
filtration. A TSKgel G3000SWXL column with 7.8 mm ID, 30 cm length, and particle size
of 5 μm (Tosoh Bioscience, Grove City, OH, USA) was used. The column was installed
on a high-performance liquid chromatography (HPLC) instrument, Agilent 1260 Infinity
Quaternary LC, (Agilent Technologies, Santa Clara, CA, USA). The mobile phase was
20 mM sodium phosphate buffer, pH 7.0, with 300 mM ammonium sulfate. The SEC
column was equilibrated with the mobile phase at 0.9 mL min−1 for one hour before sample
introduction. All samples were filtered through a 0.2-μm syringe filter and loaded into
1 mL sample vials. The HPLC run cycle was twenty minutes at a flow rate of 0.9 mL min−1.
Subsequently, 10 μL samples were injected into the column and analyzed.

2.3. Virus Filtration

During virus filtration, the weight of the permeate was recorded. Visual leak integrity
tests (as described by the manufacturer) were performed on the BioEX virus filter at
100 kPa for 20 s before flushing air out of the system. Deionized water filtered with a 0.2 μm
bottle top filter was added into the Planova™ Pressure Reservoir (Asahi Kasei Bioprocess,
Glenview, IL, USA). The virus filter was flushed with 40 L m−2 of DI water and then with
40 L m−2 of the feed buffer. The mAb loading volume was about 65 mL (250 L m−2) at a
feed pressure of 310 kPa. For feed streams prefiltered with the 0.2 μm bottle top filter only,
a buffer flush was included.

3. Results

In this study, 200 mM NaCl was not added to all the feed streams at pH 7.5, which
was close to the isoelectric point of the protein. This was performed to minimize aggregate
formation [21,22]. When the pH of the solution is close to the isoelectric point of the mAb,
a high ionic strength buffer can cause ‘salting-out’, which could lead to increased aggregate
formation. However, 200 mM NaCl was added to all feed streams that were pretreated
with the HIC membrane adsorber as adsorption of the impurities onto the hydrophobic
ligands is enhanced at high salt concentrations.

Dynamic light scattering was used to determine the diameter of the mAb for all
feed streams after prefiltration. Table 2 summarizes the results. As can be seen, there
is considerable variability in the diameter of the mAb. Without additional pretreatment
beyond the 0.2 μm prefilter, the average diameter was largest for the mAb at pH 5.0.
The hydrodynamic diameter was lowest close to the isoelectric point of the mAb, even
though these conditions would be expected to minimize electrostatic repulsive interactions.
Interestingly, the diameter was larger for the pH 5.0 feed prefiltered through the Planova
75 N than that filtered through the 0.1 and 0.2 μm prefilters, even though the 75 N has a
significantly smaller pore size.
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Table 2. Average mAb diameter measured by dynamic light scattering for the various feed streams
after pretreatment.

Pre-Filter Average Diameter in Permeate (nm) Buffer Condition

IEX-S 12.1

pH 5.0

HIC 11.1
IEX-Q 15.5
0.1 μm 17.4
0.2 μm 21.4
75 N 22.1

IEX-S 12.4

pH 7.5HIC 12.5
IEX-Q 13.6
0.2 μm 12.1

IEX-S 15.4

pH 8.6HIC 14.2
IEX-Q 14.4
0.2 μm 15.8

Figure 1 gives the virus filter flux as a function of throughput for the three pH values
tested for the feed stream pretreated only using a 0.2 μm bottle top filter. Though the aim
was to load the virus filter to 250 L m−2, due to rapid flux decline this was not achieved.
The filtration was stopped when the flux dropped below 40 L m−2 h−1, at which point
the buffer flush using 20 mL of the feed buffer was commenced. As can be seen, the flux
increases somewhat during the buffer flush. The flux decline is most rapid at pH 5.0, as
is the flux recovery during the buffer flush. The flux decline appears to be least at pH 7.5,
which is close to the isoelectric point of the mAb, with the flux remaining >40 L m−2 h−1

out to a throughput of 230 L m−2.

 
Figure 1. Variation of virus filter flux versus throughput for feed streams at different pH after
pretreatment with a 0.2 μm bottle top filter. When flux values dropped to below 40 L m−2 h−1, a
buffer flush was initiated and the flux increased.

78



Membranes 2025, 15, 34

Since the feed stream at pH 5.0 displayed the most rapid flux decline, samples of the
feed and permeate after the virus filtration and after the buffer flush were analyzed by SEC.
The results are shown in Table 3. It can be seen that the percentage of dimer is very low in
all samples. No higher molecular weight oligomers were detected.

Table 3. SEC data for the feed and permeate after virus filtration and buffer flush. The feed pH
was 5.0.

Feed
Permeate:

Virus Filtration
Permeate:

Buffer Flush

Oligomer 0% 0% 0.5%
Dimer 5.2% 0% 1.4%

Monomer 94.8% 100% 98.1%

Figure 2 gives the permeate flux through the Planova BioEx virus filter as a function of
throughput at pH 5.0 for feed streams pretreated using the various prefilters and membrane
adsorbers listed in Table 1. All feed streams were passed through the 0.2 μm bottle top
filter before further pretreatment. Results for pretreatment with the 0.2 μm bottle top filter
only are given in Figure 1. As can be seen for all the different pretreatment methods, the
flux through the virus filter decreases with time. The hydrophobic interaction membrane
adsorbers performed the best as the decrease in flux is least for feed streams pretreated with
this membrane adsorber, with the flux remaining above 95 L m−2 h−1 out to a throughput
of 250 L m−2. The next best performance was obtained after pretreatment with the cation
exchange adsorber (IEX-S).

 
Figure 2. Variation of permeate flux through the BioEx virus filter versus throughput for feed streams
pretreated using the various prefilters and membrane adsorbers listed in Table 1. The feed pH was 5.0.

Figure 3 shows analogous results to Figure 2 but for a feed pH of 7.5. While pre-
treatment using the IEX-S gave the highest flux, all three membrane adsorbers provided
a stable flux over 250 L m−2 throughput. Note that the permeate flux through the feed
pretreated with only the 0.2 μm bottle top filter (without any membrane adsorber) declines
to <40 L m−2 h−1 after 250 L m−2 throughput under otherwise identical conditions.
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Figure 3. Variation of permeate flux through the BioEx virus filter versus throughput for feed streams
pretreated using the various membrane adsorbers listed in Table 1. The feed pH was 7.5.

Finally, results for permeate flux through the BioEx filter for feed streams at pH 8.6
prefiltered using the three membrane adsorbers are given in Figure 4. As can be seen, a
significant flux decay was observed throughout the run for all three conditions, with the
least flux decline obtained using the HIC membrane adsorber. The results with the IEX-S
adsorber were similar to those obtained in Figure 2 for the bottle top filter alone, suggesting
that the negatively-charged adsorber is unable to remove any significant aggregates when
the pH of the solution is above the pI of the antibody, i.e., under conditions where the
antibody is negatively-charged.

 
Figure 4. Variation of permeate flux through the BioEx virus filter versus throughput for feed streams
pretreated using the various membrane adsorbers listed in Table 1. The feed pH was 8.6.

80



Membranes 2025, 15, 34

4. Discussion

The results in Figure 1 indicate that at pH values below, around, and above the
isoelectric point of the mAb, rapid flux decline is observed during virus filtration when the
feed stream is only prefiltered through a 0.2 μm filter. The SEC data (Table 3) for the feed
stream at pH 5.0, which gave the most rapid flux decline during virus filtration, indicate
the absence of any higher molecular weight oligomers while the percentage dimer is only
around 5%. On the other hand, the DLS data (Table 2) indicate that the hydrodynamic
diameter is the largest for the feed stream at pH 5.0 with an average size of 21.4 nm, which
is essentially the same as the mean pore diameter of the BioEx virus removal filter. These
data suggest that fouling is due to reversible aggregate formation, with these aggregates
detected by DLS but not by SEC due to dilution of the protein feed by the buffer used
in the SEC analysis. Further evidence of this is provided by the fact that there is rapid
flux recovery during the buffer flush under all conditions, something that would not be
expected if the fouling were due to irreversible aggregates that block the pores. Note
that Billups et al. [2] also observed rapid flux recovery during the buffer flush due to
dilution of the mAb and the dissociation of these reversible aggregates. The flux decline is
intermediate at pH 8.6 and least at pH 7.5. The degree of flux decline is correlated to the
measured hydrodynamic diameter (Table 2), with the smallest hydrodynamic diameter of
11.3 nm observed at pH 7.5.

Figure 2 indicates that rapid flux decline is observed at pH 5.0 for the feed streams that
were prefiltered with just one of the size based prefilters. Interestingly, the flux decline is less
pronounced for the feed processed through the 0.1 μm pore size prefilter than the 75 N even
though the 75 N has a smaller nominal pore size. This difference may be associated with
the different chemistry of these prefilters (Table 1); the 0.1 μm prefilter is a polyethersulfone
membrane while the 75 N is regenerated cellulose. The more hydrophobic polyethersulfone
membrane may provide better removal of foulants by adsorptive interactions, consistent
with the strong performance of the HIC membrane adsorber in arresting the flux decline
during virus filtration. Thus, it appears that membrane hydrophobicity plays an important
role in disrupting or removing the reversible aggregates that form at pH 5.0.

The IEX-Q and IEX-S membranes are cellulosic with quaternary amine and sulfonic
acid ligands, respectively. At pH 5.0, the mAb will be positively charged. Thus, there will
be a net repulsion from the quaternary amine ligands on the IEX-Q membrane while there
will be a strong attractive interaction with the sulfonic acid ligands on the IEX-S membrane.
This attractive interaction provides more effective disruption/removal of the reversible
aggregates, leading to the greater effectiveness of the IEX-S membrane adsorber at arresting
the flux decline during virus filtration.

The hydrodynamic diameter after pretreatment provides a qualitative indication of the
likelihood of rapid flux decline during virus filtration. The feed stream after pretreatment
with the HIC membrane adsorber had the smallest hydrodynamic diameter and, in turn,
the highest and most stable flux during virus filtration.

The variation of virus filter flux at pH 7.5, which is close to the isoelectric point
of the mAb, is very different than that observed at pH 5.0. Based on the results in
Figures 2 and 3, it appeared that sized based prefiltration is not effective at arresting
the decline in flux. Consequently, only the membrane adsorbers were investigated. All
three adsorbers gave similar results, with relatively stable flux, consistent with the similar
hydrodynamic diameter for these three cases (Table 2). Note that both the hydrodynamic
diameter and fouling behavior were similar to that observed for the feed stream at pH 5.0,
which was pretreated with the HIC membrane adsorber.

Protein aggregation (reversible and irreversible) is complex and highly dependent on
the specific mAb. Generally, aggregation implies the formation of non-native oligomeric
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species by interactions between ‘modified’ monomers [23]. Reversible aggregation, how-
ever, refers to the noncovalent interactions between native monomers. Interactions between
mAb monomers can be induced because of the charge distribution, charge heterogeneity,
and surface hydrophobicity [24]. Esfandiary et al. [25] indicated that reversible aggregation
or self-association consists of both enthalpic and entropic contributions. Electrostatic inter-
actions, however, are more enthalpic in nature while hydrophobic interactions are more
entropic in nature [26]. The electrostatic effect is generally more dominant. This would
explain the much smaller hydrodynamic diameter when the solution pH is close to the
mAb isoelectric point.

When the pH of the solution is close to the isoelectric point of the mAb, the net charge
of the mAb will be close to zero. Thus, hydrophobic patches, as well as positive and
negative charge patches, will be able to interact with the HIC, IEX-S, and IEX-Q membranes.
It is also important to note that at pH 7.5, no NaCl was added to the feed nor to the IEX-S
and IEX-Q membranes. The charge screening effect of higher ionic strength buffers will
be absent, thus increasing possible interactions between the IEX ligands and the mAb. It
appears that interactions between the membrane and mAb are important to suppress, at
least temporarily, the reversible mAb aggregation. In the case of the 0.2 μm prefilter, the
hydrophobic interactions will be much weaker as the feed buffer did not contain 200 mM
salt, perhaps explaining the observed decline in permeate flux through the BioEx virus filter.

The observed decreases in permeate flux at pH 8.6, shown in Figure 4, are in gen-
eral agreement with the above discussion. The hydrodynamic diameter of the mAb after
pretreatment with the three membrane adsorbers is smallest for the HIC and IEX-Q mem-
branes. It is largest for prefiltration with the 0.2 μm filter, which also shows the greatest flux
decline during virus filtration (Figure 1). Although pretreatment with the HIC membrane
adsorber leads to the highest permeate flux, a noticeable flux decline is observed compared
to feed streams at pH 5.0 and 7.5. Furthermore, the hydrodynamic radius is larger at pH
8.6 than at pH 5.0 or 7.5. Reversible and irreversible mAb aggregation is highly dependent
on solution conditions. Thus, it is not surprising that the hydrodynamic diameter after HIC
pretreatment is larger at pH 8.6 compared to the lower pH values. At pH values greater
than the isoelectric point of the mAb, the mAb will be negatively charged. Thus, it will
interact more strongly with the quaternary ammonium ligands of the IEX-Q membrane
adsorber. Table 2 indicates that the hydrodynamic diameter of the mAb is smaller after pre-
treatment with the IEX-Q membrane adsorber compared to the IEX-S membrane adsorber,
although the flux decline is only slightly improved for the feed stream pretreated with the
IEX-Q membrane adsorber compared to the IEX-S membrane adsorber.

Our results indicate that determining the hydrodynamic diameter of the mAb by DLS
provides a qualitative indication of the likely flux decline. Figure 5 gives the variation of
virus filter flux at 150 L m−2 with mAb hydrodynamic diameter for the various experiments
conducted here. As can be seen, though, there is some scatter; a lower hydrodynamic
diameter is a good indication of the absence of reversible aggregates and higher virus
filter flux.

Taken together, our results indicate that pretreatment with the HIC membrane adsor-
ber was generally the most effective in arresting the flux decline observed during virus
filtration. Billups et al. [2] also noted that hydrophobic interactions between the mAb
and a membrane placed directly on top and upstream of the virus filtration membrane
was successful in disrupting reversible aggregates. Our results indicate that electrostatic
interactions between the mAb and membrane can also lead to dissociation of reversible
aggregates and an improvement in virus filter flux. However, the effectiveness of the ion
exchange membrane adsorbers is much more pH sensitive, with significant reductions in
flux decline only observed when the mAb and ion exchange ligands are oppositely charged.
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A similar result was observed by Shirataki et al. [11] using mixed mode resins. Since the
formation of reversible aggregates is highly dependent on solution conditions, the pH
and ionic strength could potentially be adjusted to minimize the formation of reversible
aggregates.

 
Figure 5. Variation of permeate flux through the BioEx virus filter versus hydrodynamic diam-
eter using the various pretreatments listed in Table 2. Results are given for virus filter flux at
150 L m−2 throughput.

In addition, the formation of reversible aggregates is likely to be highly time dependent.
Once disrupted, the reversible aggregates can reform with time. Consequently, using an in-
line pretreatment step is likely the most effective approach to reduce fouling. It is possible
that an in-line pretreatment step would be more effective than the separate pretreatment
and virus filtration steps conducted here [7]. Further, while DLS measurements provide an
indication of the degree of self-association of the mAb in solution, the environment in the
constricted pores of a virus filter is very different and may well promote the formation of
reversible aggregates due to the increase in local mAb concentration.

This investigation was conducted using only one mAb and at one mAb concentration,
5 g L−1. While this value is representative of mAb concentrations used industrially, the
formation of reversible aggregates is highly concentration dependent. In fact, as shown
here, during the buffer chase due to dilution of the mAb, the reversible aggregates present
are disrupted, leading to higher permeate fluxes during virus filtration. Future work will
focus on the effect of mAb concentration on the disruption of the reversible aggregate and
the effectiveness of pretreatment.

For ion exchange membrane adsorbers, charged patches on the aggregate surface
interact with the oppositely charged ligands on the membrane surface. For hydrophobic
interaction membrane adsorbers, hydrophobic patches on the aggregate surface interact
with hydrophobic ligands present on the membrane surface. It is likely that if the ligands on
the membrane adsorber interact with the reversible aggregates, it will lead to disruption of
the reversible aggregates rather than adsorption given the weak interactions between mAb
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molecules. Further investigation is needed to determine the extent of reversible aggregate
disruption versus adsorption.

It should be noted that besides the formation of reversible aggregates, flux decline
during virus filtration after the feed has been prefiltered through a 0.2 or 0.1 μm filter
can occur due to other product-related contaminants. Insoluble dimers formed from non-
native mAb species can easily pass through a 0.2 or 0.1 μm filter. These dimers should
be detectable by SEC. Since denatured mAb monomers are more hydrophobic than the
native mAb monomers, the use of a HIC membrane adsorber may be effective. Jones
et al. [27] indicate that certain ‘high-risk’ host cell proteins can also associate with the mAb
product and thus pass through the purification train and copurify with the mAb. While
these species can easily pass through the pores of a 0.2 or 0.1 μm prefilter, they can lead
to fouling of the virus filter. These authors indicate various analytical methods such as
mass spectrometry and HCP ELISA assays may be useful to detect the presence of these
high-risk HCPs.

5. Conclusions

As virus filtration occurs towards the end of the purification train, fouling of virus
filters is usually due to product related contaminants, including the presence of reversible
aggregates. These aggregates can easily pass through a 0.2 or 0.1 μm prefilter, making
these size-based prefilters largely ineffective in protecting the virus removal filter. Insoluble
dimeric aggregates can form from non-native product molecules. These aggregates can
be detected by SEC. However reversible aggregates can form from the native mAb. The
formation of these reversible aggregates is concentration dependent; dilution of the feed
will cause them to revert to the monomeric state; thus, they cannot be detected by SEC.
However, DLS measurements can provide at least some indication of the presence of these
reversible aggregates.

Membrane adsorbers can be used to disrupt the reversible aggregates that form and
hence arrest the flux decline during virus removal filtration. It is important that the
reversible aggregates interact with the ligands present in the membrane adsorber. HIC
membrane adsorbers were found to be an effective pretreatment step over a range of feed
pH values. Ion exchange membrane adsorbers can also reduce the fouling during virus
filtration, but their effectiveness is much more pH dependent. For ion exchange adsorbers,
significant improvement in virus filter performance was only obtained when the mAb and
adsorber ligands are oppositely charged.
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Abstract: Adeno-associated viral vectors (AAVs) are the predominant viral vectors used for gene
therapy applications. A significant challenge in obtaining effective doses is removing non-therapeutic
empty viral capsids lacking DNA cargo. Current methods for separating full (gene-containing) and
empty capsids are challenging to scale, produce low product yields, are slow, and are difficult to
operationalize for continuous biomanufacturing. This communication demonstrates the feasibility
of separating full and empty capsids by ultrafiltration. Separation performance was quantified by
measuring the sieving coefficients for full and empty capsids using ELISA, qPCR, and an infectivity
assay based on the live cell imaging of green fluorescent protein expression. We demonstrated that
polycarbonate track-etched membranes with a pore size of 30 nm selectively permeated empty capsids
to full capsids, with a high recovery yield (89%) for full capsids. The average sieving coefficients of
full and empty capsids obtained through ELISA/qPCR were calculated as 0.25 and 0.49, indicating
that empty capsids were about twice as permeable as full capsids. Establishing ultrafiltration as a
viable unit operation for separating full and empty AAV capsids has implications for developing the
scale-free continuous purification of AAVs.

Keywords: AAV purification; AAV ultrafiltration; AAV membrane filtration; AAV PCTE membrane;
AAV infectivity; AAV live cell imaging; AAV ELISA/qPCR; AAV TEM

1. Introduction

Recombinant adeno-associated viral vectors (AAVs) are fast emerging as the pre-
dominant delivery vectors for gene therapies due to their low immunogenicity, non-
pathogenicity to humans, and long-term gene expression [1–3]. The presence of multiple
AAV serotypes responsive to specific cell types enables targeted gene therapies that im-
prove treatment outcomes [2,3]. Recent U.S. Food and Drug Administration Agency (FDA)
approvals of AAV-based treatments (Luxturna® for RPE65 mutation-associated retinal
dystrophy [4–6] in 2017; Zolgensma® for Spinal Muscular Atrophy [7] in 2019; Hemgenix®

for Hemophilia B [8] in 2022; and Roctavian® for Hemophilia A [9] and Elevedys® for
Duchenne muscular dystrophy [10,11] in 2023) indicate the increasing use and diversity
of potential AAV treatments. AAV-based gene therapies are being investigated in at least
200 clinical trials [2,3] for conditions such as neurological, hematological, muscular, and
ocular diseases and disorders.

There are critical challenges in producing AAVs to meet commercial and clinical
demands while maintaining their affordability [1,12]. The high production costs due to low
industrial product yields relative to clinical demand contribute to the high costs of gene
therapy and limit the broad applicability of AAV-based gene therapies [1,12,13]. To meet
this demand, manufacturers have pursued optimizing the AAV capsid yield for several
platforms, including using plasmid expression in human embryonic kidney (HEK293) and
Chinese hamster ovary (CHO) cell suspension cultures and baculovirus expression vectors
in SF9 insect cells [14,15]. Another production challenge is the presence of capsids that
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are ineffectively packed with DNA cargo or empty [16,17]. Recombinant AAVs can have
a lower packing efficiency than wild-type capsids [18], and a higher lot-to-lot variability
of the final product has been observed [16,17]. Empty capsids may account for as much
as 90% of all capsids [19], and manufacturers must report the purity of the final product
according to FDA guidelines [20]. Besides being an impurity in the final product, empty
capsids can competitively inhibit full AAVs [19,21], reducing the product’s efficacy.

Selectively removing the empty capsids produced during capsid assembly without
a loss of full capsids is one of the significant challenges to overcome when attempting to
improve product yield [12]. Full and empty capsids differ slightly in their mass and charge,
which can be exploited by gradient ultracentrifugation, anion exchange, or multimodal
metal affinity chromatography. However, the traditional method of using gradient ultra-
centrifugation to remove empty capsids [22] is challenging to scale and validate when
producing large doses of enriched full AAV capsids [23]. Approaches based on anion
exchange or multimodal metal affinity chromatography [23–25] produce a low AAV capsid
yield [25], are slow, and are difficult to operationalize for continuous biomanufacturing.
Therefore, there is a pressing need for scale-free separation techniques that achieve high
product yields.

Although empty capsids are considered to be impurities and inhibitors of AAV thera-
pies, some studies show they may have therapeutic benefits as decoys to overcome AAV
clearance [26–28]. Empty capsids bind to neutralizing antibodies produced by the immune
system, partially shielding full AAV capsids from the immune response, thereby allowing
more functional AAV capsids to reach the target cells. Separation techniques to enrich
empty capsids can help to tune the quantity and ratio of full and empty capsids for an
effective therapeutic dose.

Separation processes to purify full capsids require a reliable quantification of the full
and empty capsids in a final product [25,29–31]. A compilation of prevalent quantification
methods [29] demonstrates that obtaining the content percentage and titer of the total cap-
sids or genome (implying full capsids) can be based on a single measurement (e.g., optical
density and size exclusion chromatography with multi-angle light scattering) or separate
measurements of the total capsid titer (e.g., enzyme-linked immunosorbent assay (ELISA),
bio-layer interferometry (BLI), flow virometry (FV), static light scattering combined with
dynamic light scattering (SLS-DLS)) and genome titer (e.g., quantitative polymerase chain
reaction (qPCR), digital droplet PCR (ddPCR), and dye-based binding assays (Dye-BA)).
Other methods can provide content ratio information but not the total capsid or genome
titer (e.g., transmission electron microscopy with negative stain (TEM), cryo-electron mi-
croscopy (cryo-EM), anion-exchange chromatography (AEC), and charge-detection mass
spectrometry (CDMS)). However, only the ELISA, qPCR, ddPCR, FV, BLI, and Dye-BA
methods are applicable at low concentrations (below 1012 capsids/mL). Among these,
serotype-specific ELISA, qPCR, and ddPCR are the most used techniques to quantify cap-
sids. BLI is a relatively new technique based on the interference pattern of white light
reflected from a layer of immobilized proteins and rivals ELISA with a potentially larger dy-
namic range. However, measurements require an Octet optical biosensor. FV and Dye-BA
may be good options once their robustness and accuracy become well-established.

PCR techniques to quantify the AAV genome may rely on sequences within inverted
terminal repeats (ITRs), regulatory elements, or a transgene. Since ITRs are conserved
among different types of AAVs, this is considered to be a more universal method. Com-
paring qPCR and ddPCR, the latter has a smaller coefficient of variation. However, Wang
et al. showed that, by using AAVs of known concentrations as standards, the coefficient of
variation in qPCR might be comparable to that of ddPCR [32,33].

The reported vector genome may not necessarily report vector potency because of the
possibility of non-functional DNA fragments packed in AAVs. Capsid damage may also
occur during purification processes due to mechanical or chemical stresses. Therefore, it is
essential to measure AAV functionality. Infectivity assays based on transgene expression
measured through flow cytometry, plaque detection, or endpoint assays have been used
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to quantify the relative functionality of AAVs. Live cell imaging is a powerful tool for
measuring transgene expression, involving fewer manual steps than flow cytometry and
comparable standard deviations for both lentiviruses [34,35] and AAVs [36].

Our approach looks at viral capsid separation using ultrafiltration. Although ul-
trafiltration has been used extensively for clarifying and concentrating AAVs and other
viruses [37–40], no studies have explored using ultrafiltration for separating empty and full
capsids. AAV capsids are speculated to deform under compression to pass through cellular
nuclear pores [41], and empty capsids have been shown to deform into ellipsoid shapes
through atomic force microscopy [41,42] and selectively pass through nano-pores due to
nanopore-induced electro-deformation [43]. Selective permeation through membrane pores
based on deformation has been reported to separate supercoiled, linear, and open-circular
plasmid isoforms of DNA [44–46]. We theorize that the same principle could separate
full and empty capsids. Establishing ultrafiltration as a potentially viable unit operation
for separating full and empty AAV capsids has implications for developing the scale-free
continuous purification of AAV-based gene therapies.

2. Materials and Methods

2.1. Virus Source and Storage

We procured recombinant AAV2 enriched in full and empty capsids from Virovek, Inc.
(Houston, TX, USA) [47]. The full-enriched capsids (product AAV-CMV-GFP) can express
green fluorescent protein (GFP) after transduction in mammalian cells. The plasmids used
to create empty capsids (product AAV-empty) did not contain any AAV inverted terminal
repeats flanking the DNA to be packed into the AAV. The capsid concentrations for full
and empty capsid products were reported to be >1013 capsids/mL, and we confirmed
this through assays (see the following sections). The solution was divided into 10 μL
aliquots and stored at −80 ◦C. Storage in 10 μL aliquots prevented the products from
undergoing multiple freeze–thaw cycles. We did not observe any significant changes in the
concentrations of the viral capsids after 8 months of cold storage.

2.2. Selection of Buffer

Factors related to the stability of AAVs in a buffer, like ionic strength, pH, and the
presence of surfactants and free radical oxidation inhibitors, were considered when choos-
ing the working buffer. The aggregation of AAVs is known to be high in pure water, but it
decreases and plateaus with an increased ionic strength [48]. The stability of AAVs and
preventing adsorption onto surfaces are enhanced by non-ionic detergents like poloxamer
188 (Pluronic F-68) and polysorbate 80 [49]. The presence of ethylenediaminetetraacetic
acid (EDTA) mitigates the effects of nucleases, often found at the end of manufacturing
processes [49]. AAVs are known to be stable from pH 5.5 to 8.5 and have isoelectric points
of 5.9 for full capsids and 6.3 for empty capsids [50].

Our buffer used phosphate-buffered saline (PBS, Fisher Scientific, Waltham, MA, USA)
with an ionic strength of 163 mM and 0.1% Pluronic F-68 (Gibco, Waltham, MA, USA) to
prevent adsorption onto surfaces. Nine millimolar ascorbic acid (Fisher Scientific) was
used to scavenge free radicals and decrease the pH to about 6.0 ± 0.1. One millimolar
EDTA (Fisher Scientific) was used to protect the DNA from the effect of nucleases. Our
experiments always used a freshly prepared buffer to avoid ascorbic acid degradation.

2.3. Determination of Assays

Quantification methods for AAVs are numerous [29–31], but many require a relatively
high concentration of capsids (>1012 capsids/mL). Since dilution in a buffer results in a
viral capsid concentration of ~1010, our assay options were limited. Figure 1 illustrates
the three principal assays used to quantify the total and full/infectious titers of the AAV
solutions before and after the separation steps.
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Figure 1. Graphical abstract of experimental protocols. Ultrafiltration of a mixture of full and empty
capsids was followed by analysis through qPCR (quantitative polymerase chain reaction), ELISA
(enzyme-linked immunosorbent assay), and infectivity assay.

2.3.1. ELISA

We used the AAV2-specific ELISA kit (catalog number: PRAAV2R) from Progen
Biotechnik (Heidelberg, Germany) to quantify the concentrations of total capsids. The final
measurements were made with a Synergy H1 microplate reader (Aligent BioTek, Winooski,
VA, USA), and the results were obtained by comparing them with a linear fit of absorbance
at 450 nm plotted against concentration.

2.3.2. qPCR

We used qPCR to measure the vector genome number. The primer (sourced from
Integrated DNA Technologies, Coralville, IA, USA) was based on ITR sequences (forward:
5-GGA ACC CCT AGT GAT GGA GTT-3; reverse: 5-CGG CCT CAG TGA GCG A-3). AAVs
of known concentrations were used as standards (Addgene, Watertown, MA, USA; catalog
number 59462-AAV2). Earlier studies established that this approach has fewer steps and
less uncertainty than using DNA standards [32,33]. To increase precision, the samples
were loaded with an Opentrons® OT-2 automated pipette (Opentrons Labworks, Inc., Long
Island City, NY, USA). Real-time measurements were obtained through a qPCR cycler and
Bio-Rad CFX Connect (Aligent BioTek) detector.

2.3.3. Infectivity Assay

Parallel to measuring the vector genome, we developed live cell imaging based on
the expression of GFP to measure the functional capsids. HEK293T cells (Addgene) were
seeded overnight in a 96-well plate, with 150 μL of full-growth DMEM 1Xmedia (Gibco)
and 4500 cells per well. Six concentrations were generated through serial half dilutions,
starting with 1 mL of an AAV solution with a known vector genome concentration of
~1010 capsids/mL (determined by qPCR). Ten microliters of each dilution were added to the
wells with the HEK293T cells to generate four replicate wells for each AAV concentration.
After 48 h, phase-contrast and fluorescent images were taken of each well using a Cytation
5 imager (Aligent BioTek), keeping the exposure settings constant across the wells. Using
the open-source software CellProfiler (v4.2.6 and v4.2.7) [51,52], the fluorescence area and
intensity were measured in each well and divided by the corresponding total cytoplasm
area. These values were plotted against concentration to generate calibration curves fitted
to a power law model.

2.3.4. TEM

Finally, we observed and generated images of the AAV-CMV-GFP (full-enriched) and
AAV-empty (empty-enriched) products from Virovek using TEM. A droplet (3 μL) of AAV
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product was placed on a carbon film-coated TEM grid (Ted Pella, Redding, CA, USA) for
30 s, followed by three rinse steps with 3 μL of distilled water and staining in an aqueous
solution of 1% (w/w) uranyl acetate for 30 s. Imaging was performed at 30,000× in a TEM
microscope (HT7830, Hitachi, Tokyo, Japan). The TEM images were analyzed using the
CellProfiler software to quantify the full/empty capsid ratio for each product.

2.4. Dilution to Desired Ratio and Concentration

Solutions were prepared by mixing 10 μL of full capsid solution and enough empty
capsid solution to ensure a 50/50 ratio of full to empty capsids, then diluting the mixture to
25 mL with the buffer. This ensured that the concentration of the capsids after dilution was
high enough to be measurable by ELISA. This concentration was also high enough for mam-
malian cells to express the gene of interest at quantifiable levels for fluorescent imaging.

2.5. Ultrafiltration

Ultrafiltration experiments were performed with a 50 mL Amicon® stirred cell (UFSC05001)
from MilliporeSigma (Burlington, MA, USA). Commercial membranes were selected
with pore sizes close to the AAV capsid diameter measured by TEM. We tested 25 nm
(VSWP04700) mixed cellulose ester (MCE) membranes from MilliporeSigma and 30 nm
(1270011), 50 nm (PCT0059030), and 80 nm (PCT0089030) hydrophilic polycarbonate track-
etched (PCTE) membranes from Sterlitech (Auburn, WA, USA). We selected the MCE
membrane for its precise pore size. We included the hydrophilic PCTE membranes due
to their low pore size distribution and low protein binding. This range of pore sizes was
established in preliminary experiments that found no capsid permeation using the 25 nm
membrane and no separation using the 80 nm membrane. Testing commercial membranes
made from other polymers was beyond the scope of this feasibility study. We performed
ultrafiltration at a pressure of 69 kPa for all the membranes except the 30 nm PCTE, which
had a relatively low flow rate, for which we increased the pressure to 172 kPa.

One milliliter of the 25 mL feed AAV solution was collected for concentration mea-
surements. The remaining 24 mL was loaded into the stirred cell, and the magnetic stirrer
was set to 300 RPM. The cell was pressurized, and ultrafiltration was performed for a
time sufficient to collect 12 mL of permeate. Samples of the permeate and retentate were
collected for concentration measurements. We measured the total capsid concentrations
of the original feed, permeate, and retentate by ELISA, using the necessary dilutions to
bring the concentrations to within the dynamic range of the kit. qPCR was performed
for the same diluted samples. A mass balance was used to determine the empty capsid
concentration by taking the difference between the total and full capsid concentrations.

3. Results

3.1. AAV2 Capsids Are Fully Retained by the 25 nm MCE Membrane and Pass Freely through
50 nm and 80 nm PCTE Membranes

Using ELISA, we measured the total capsid concentrations of the full- and empty-
enriched capsid solutions from Virovek to be 2.9 × 1013 and 6.3 × 1013 total capsids/mL.
From qPCR, the vector genome concentration of the full-enriched capsid solution was
2.7 × 1013, indicating 93% full capsids. The vector genome content of the empty-enriched
capsid solution was insignificant (i.e., the concentration of DNA with ITR was <0.01% than
that of the full-enriched solution). These data were used to prepare the feed solutions with
a 50/50 ratio of full to empty capsids.

Figure 2a illustrates a hypothetical example of perfect separation, in which only empty
capsids pass through a membrane. Half the original feed is passed through a membrane in
this hypothetical example. The empty capsids pass freely through the membrane, and the
full capsids are rejected completely. In this hypothetical example, the permeate contains
half the empty capsids, and the retentate contains half the empty capsids and all the full
capsids. In the case of no separation (Figure 2b), the full and empty capsids pass freely
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through the membrane, and there is no difference between the permeate and retentate.
Each would contain half the full and empty capsids.

Figure 2. Illustration of hypothetical cases of perfect separation and no separation when half of
the feed is passed through the membrane. For perfect separation, all the full capsids are retained
in the retentate, and the permeate contains only empty capsids. For no separation, both full and
empty capsids are completely permeable, and the permeate and retentate end up having the same
composition as the original feed.

For the 25 nm MCE membrane, the empty and full capsids were fully retained. No
capsids were detected in the permeate by ELISA, and the qPCR signal was negligible
(<0.1% compared to the original feed). This indicated that we should test membranes with
larger pores to enable AAV capsids to pass through the membrane. However, experiments
using the PCTE membranes with 50 nm and 80 nm pores showed no separation of full and
empty capsids (Figure 3a,b). The recoveries were greater than 90% for the total, full, and
empty capsids based on mass balances.

Figure 3. Results from (a) 50 nm and (b) 80 nm PCTE ultrafiltration experiments. No significant
separation of full and empty capsids was observed.

3.2. Combining ELISA and qPCR Results Indicates the Enrichment of Empty Capsids in the
Permeate and Full Capsids in the Retentate for 30 nm PCTE Membranes

For experiments with the 30 nm PCTE membrane, we observed that the ratio of full
capsids in the retentate to the original feed, measured by qPCR, was higher than that of the
total capsids, measured by ELISA. This shows an enrichment of full capsids in the retentate.
The reverse was true for the permeate (i.e., the ratio of total capsids in the permeate to the
original feed was higher than the ratio of full capsids), indicating the enrichment of empty
capsids in the permeate.

We combined the results of the ELISA and qPCR to generate Figure 4a. We observed
that adding empty-enriched capsids to full-enriched capsids (see Section 2) generally
resulted in an original feed that was slightly higher in full capsids, on average, than the
expected 50/50 split of full and empty capsids. However, the ratio of full capsids/total
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capsids in the retentate was always greater than that in the original feed. The permeate had
a lower ratio of full capsids/total capsids than the original feed. This shows that 30 nm
PCTE membranes are selectively permeable to AAV empty capsids and that AAV capsids
may be enriched through ultrafiltration using this membrane.

Figure 4. Results from 30 nm PCTE ultrafiltration experiments and analysis through ELISA/qPCR.
(a) Enrichment of full capsids in the retentate and empty capsids in the permeate were observed,
indicating higher permeability of empty capsids. (b) Analysis of the sieving coefficients shows that
the sieving coefficient of empty capsids is higher than full capsids. (c) Analysis of the recoveries
shows that the recovery of full capsids is higher than empty capsids.

To analyze these results further, we compared the sieving coefficients of the total,
full, and empty capsids. An average sieving coefficient for each experiment was obtained
by dividing the permeate concentrations of the total, full, and empty capsids with the
averages of the initial concentrations (original feed) and final retentate concentrations. The
average sieving coefficients of the total, full, and empty capsids were calculated as 0.38,
0.22, and 0.77, indicating that empty capsids may be about 3.5 times more permeable than
full capsids (Figure 4b). The recoveries of the total, full, and empty capsids were calculated
as 0.75, 0.89, and 0.55, indicating that more empty capsids than full capsids were lost during
the ultrafiltration process.

3.3. Combining ELISA and Infectivity Assays also Indicates Enrichment of Empty Capsids in the
Permeate and Full Capsids in the Retentate for 30 nm PCTE Membranes

We further combined the ELISA and infectivity assay results to validate the enrichment
of full capsids in the retentate (Figure 5a). The percentage of full capsids in the original feed
was slightly below 50% for the infectivity experiments. However, after ultrafiltration, the
proportion of full capsids in the retentate compared to the original feed was always greater
than the proportion of total capsids. This validated that the 30 nm PCTE membranes were
preferably permeable to empty capsids.
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Figure 5. Results from 30 nm PCTE ultrafiltration experiments and analysis through ELISA/infectivity
assays. (a) Enrichment of full capsids in the retentate and empty capsids in the permeate was observed,
indicating higher permeability of empty capsids. (b) Analysis of the sieving coefficients shows that
the sieving coefficient of empty capsids is higher than full capsids. (c) Analysis of the recoveries
shows that the recovery of full capsids is marginally higher than that of empty capsids.

The average sieving coefficients of the total, full, and empty capsids obtained through
the ELISA/infectivity assays were calculated as 0.38, 0.25, and 0.49, indicating that empty
capsids may be about twice as permeable as full capsids. The enrichment of full capsids
in the retentate was lower than that measured by ELISA/qPCR. The possible reasons for
this are discussed in Section 4. The recoveries of the total, full, and empty capsids were
calculated as 0.74, 0.78, and 0.72, indicating that marginally more empty capsids were lost
during the ultrafiltration process.

4. Discussion

Several sources manufacture AAVs for laboratory use, including Virovek, Charles
River, and Sirion Biotek. Due to their ease of procurement and cost, we used Virovek
products derived from an insect-cell-based production process. These insect-cell-based
products were initially thought to be indistinguishable from those made using mammalian
cells [53]. Ebbernick et al. highlighted some properties of the insect-cell-based AAVs from
Virovek compared to other manufacturers. They found differences in the distribution of
full versus empty capsids and saw that AAVs produced with insect cells contained a higher
proportion of overloaded capsids [54]. Furthermore, the full AAV-GFP-CMV capsids have
a vector genome size of ~2.3 kDa, which is lower than the maximum of ~4.7 kDa possible
for AAVs. It is possible that a full capsid could pack more than one 2.3 kDa vector genome,
which could have implications for the interpretation of assay results.

Supposing that overloaded AAV capsids contain more than one pair of ITR sequences,
in this case, we can theorize that, during the separation of full and empty capsids, over-
loaded capsids and full capsids will be enriched in the retentate. This would cause the qPCR
results for the retentate to produce a higher value than expected relative to the original cap-
sids. This could explain the differences between the ELISA/qPCR and ELISA/infectivity
assay results, where the ratio of full capsids/total capsids was relatively higher in the qPCR
results than in the infectivity assay.
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Precautions were taken when formulating the buffer to prevent the adsorption of AAV
particles onto the surfaces of the ultrafiltration apparatus and membrane. Nevertheless,
we observed higher recoveries (>90%) for the total, full, and empty capsids for the 50 nm
and 80 nm PCTE membranes than the 30 nm PCTE membrane. It appeared that some AAV
particles were retained within the pores of the membranes, and this effect may have been
more significant for the 30 nm membranes due to their similar pore size to the AAVs. Since
recovery was higher for the full capsids than the empty capsids, empty capsids may have
been more prone to be retained within the membrane pores, which was expected, since a
higher proportion of empty capsids entered the pores.

The purity of full capsids after separation by ultracentrifugation can range from 70% to
95%, depending on the precision of the salt gradient and the ability to accurately fractionate
the gradient, and the yield of full capsids typically ranges from 50% to 80% [40,55–57].
Chromatography-based methods can achieve purities ranging from 80% to 95% for full
AAV capsids, and the recovery of full capsids typically ranged from 50% to 90% in some
recent studies [23,24,57–60]. Our recovery measured through qPCR was 89% for full
capsids, and the purity increased from an average of 59% to 82% full capsids after one
pass. Unlike ultracentrifugation and chromatography, our ultrafiltration method is easy
to operationalize for continuous bioprocessing. Unlike antibody-based chromatography
methods, our ultrafiltration method can potentially be used across serotypes because of the
common size of capsids.

The mechanism of selective permeation is thought to be differences in deformation
between empty and full capsids, which has been observed in AFM studies [41,42] and
nanopore-induced electro-deformation studies [43]. We theorize that a higher deformation
of empty capsids during pressure-driven filtration caused them to have a larger sieving
coefficient. Two more potentially exploitable differences between full and empty capsids
are differences in hydrodynamic diameter and differences in affinity to certain materials.
The reported hydrodynamic diameters of full and empty capsids range from 25 to 40 nm,
depending on the measurement method [58,60,61]. Factors like the ionic strength and pH of
the buffer may influence these values. Knowing the factors influencing the hydrodynamic
diameter may provide insights for size-based separations. Affinity differences between the
full/empty capsids and the membrane may enhance separation. Here, again, ionic strength
and the presence of Mg+2 enhance the affinity differences of full and empty capsids in
anion exchange chromatography [20,23,24]. Finally, commercial membranes with a higher
porosity than the PCTE membrane used in this feasibility study will increase productivity.
This could benefit industrial applications, albeit with the downside that their higher pore
size distribution may reduce separation efficiency.

In summary, we report a method for the selective enrichment of full and empty
AAV2 capsids based on ultrafiltration. As observed from the infectivity assays, the AAVs
retained infectivity after the ultrafiltration process. This makes the method suitable for
ultrafiltration–diafiltration strategies for further enrichment and tangential flow filtration
(TFF) for processing larger volumes. Transitioning from a stirred cell ultrafiltration setup
to a TFF setup is feasible by accounting for differences in flow dynamics, pressure control,
and system complexity. Future work is needed to understand the process using one of the
many commercial research-scale TFF systems. These TFF systems are highly scalable from
the laboratory to pilot to industrial scale.
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Abstract: The performance of virus filters is often determined by the extent of protein fouling, which
can affect both filtrate flux and virus retention. However, the mechanisms governing changes in
virus retention in the presence of proteins are still not well understood. The objective of this work
was to examine the effect of proteins on virus retention by both asymmetric (Viresolve® NFP and
Viresolve® Pro) and relatively homogeneous (Ultipor® DV20 and PegasusTM SV4) virus filtration
membranes. Experiments were performed with bacteriophage φX174 as a model parvovirus and
human serum immunoglobulin G (hIgG) as a model protein. The virus retention in 1 g/L hIgG
solutions was consistently less than that in a protein-free buffer solution by between 1 to 3 logs
for the different virus filters. The virus retention profiles for the two homogeneous membranes
were very similar, with the virus retention being highly correlated with the extent of flux decline.
Membranes prefouled with hIgG and then challenged with phages also showed much lower virus
retention, demonstrating the importance of membrane fouling; the one exception was the Viresolve®

Pro membrane, which showed a similar virus retention for the prefouled and pristine membranes.
Experiments in which the protein was filtered after the virus challenge demonstrated that hIgG can
displace previously captured viruses from within a filter. The magnitude of these effects significantly
varied for the different virus filters, likely due to differences in membrane morphology, pore size
distribution, and chemistry, providing important insights into the development/application of virus
filtration in bioprocessing.

Keywords: virus filtration; protein fouling; monoclonal antibody; virus clearance

1. Introduction

Mammalian cell-based expression systems are increasingly used for the production
of recombinant protein products. For example, Chinese hamster ovary cells are the most
commonly employed cell line for the manufacture of monoclonal antibodies [1]. However,
these mammalian cell systems are susceptible to virus contamination, including by the
parvovirus minute virus of mice (MVM) [2]. The risks of virus contamination can be
dramatically reduced by utilizing low-risk starting materials and testing in-process streams,
but there is still a need to incorporate effective methods of virus inactivation and/or
removal as part of the downstream purification process [3–5]. Virus filtration is widely
accepted across the industry as a robust, size-based method for the removal of virus
particles [6].

A number of studies have demonstrated that the virus removal capabilities of com-
mercial virus filters can be significantly altered by the presence of a therapeutic protein.
Regulatory agencies thus require that virus filter challenges be performed in the actual
process intermediates [7]. For instance, Stuckey et al. [8] evaluated virus retention for
the PlanovaTM 20N virus removal filter using 11 different process streams, with the log
reduction value (LRV) ranging 2.86 to 7.15. There was no apparent correlation with the
pH, product concentration, solution conductivity, physical characteristics of the product,
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or extent of fouling (as measured by the flux decay). In contrast, corresponding challenge
experiments performed with the XMuLV retrovirus in the same process streams showed
undetectable levels of virus in all permeate samples (LRV ≥ 6). Bolton et al. [9] noted a
significant reduction in virus retention with process throughput for the Viresolve® NFP
membrane, with a much greater decline in LRV for virus challenge experiments performed
in the presence of proteins. The measured LRV was highly correlated with the extent of
flux decline, suggesting that the primary effect of the protein was due to protein fouling,
which was thought to cause a shift in flow due to the preferential blockage of the smaller
pores within the filter.

Suh et al. [10] examined the retention of the MS2 bacteriophage by seven commercial
virus filters using bovine serum albumin (BSA) as a model protein. The Viresolve® NFP
membrane showed the greatest flux decline and the greatest reduction in LRV, with the
virus retention decreasing to LRV ≈ 1 after only 70 L/m2. The PegasusTM SV4 membrane
also showed a significant reduction in LRV, even though the flux decline for this filter
was minimal. Virus breakthrough was not seen when the filters were prefouled with
BSA, suggesting that the effects of proteins on virus retention are not simply due to flux
decline. Subsequent work [11] showed that the Viresolve® Pro membrane provided the
robust retention of the PP7 bacteriophage even under highly fouling conditions. Lute
et al. [12] identified several instances of virus breakthrough for certain virus filters even in
the absence of any significant flux decay, indicating that protein fouling is not a universally
reliable predictor of viral clearance. Hongo-Hirasaki et al. [13] reported that PPV retention
through the PlanovaTM 20N was unaffected by IgG concentration. Likewise, Leisi et al. [14]
observed that MVM retention by the PlanovaTM 20N membrane was largely unaffected by
protein fouling, but there was a significant reduction in virus retention for the PegasusTM

SV4 membrane when operated under highly fouling conditions. Afzal and Zydney [15]
also found a large reduction in virus retention by the PegasusTM SV4 membrane when
challenged with solutions of human serum immunoglobulin G (hIgG) spiked with the
bacteriophage φX174, with the data suggesting that the hIgG displaced previously captured
φX174 from within the pores of this membrane. Kosiol et al. [16] demonstrated that hIgG
could cause virus aggregation, particularly at low pH, leading to an increase in virus
retention under these conditions. However, the retention of the PP7 bacteriophage at
pH 9 was reduced in the presence of hIgG, which the authors attributed to competitive
adsorption effects, with hIgG occupying binding sites that would otherwise capture PP7.

Further support for the presence of interactions between viruses, proteins, and mem-
branes is provided by studies showing a shift in the location of virus capture in the presence
of proteins. For example, Adan-Kubo et al. [17] showed that fluorescently labeled B19V
were captured closer to the inner surface of the PlanovaTM 20N membrane in the presence
of proteins, with the magnitude of this shift being greatest for experiments performed with
albumin relative to antithrombin, haptoglobin, or hIgG. Similar results were obtained by
Leisi et al. [14] for the PlanovaTM 20N and BioEX membranes using fluorescently labeled
MVM in the presence of hIgG, but the MVM were captured farther into the depth of the
PegasusTM SV4 membrane. The authors hypothesized that this unusual behavior for the
PegasusTM SV4 membrane was due to competition between the protein and virus for
capture sites within the filter.

Additional insights into the impact of protein fouling on virus retention have been
obtained by “prefouling” membranes through the filtration of a protein solution before
challenging the membranes with a protein-free solution of the virus. Afzal and Zydney [15]
demonstrated that prefouling the PegasusTM SV4 membrane with hIgG led to a 1-log
reduction in virus capture that was nearly independent of the initial degree of fouling.
Khan et al. [18] observed no change in virus retention when prefouling the Viresolve® NFP
membrane with BSA to 30% flux decay, but they found an increase in virus retention for
membranes fouled to 60% flux decay. Jackson et al. [19] found no impact on virus retention
after prefouling the Ultipor® DV20 membrane with hIgG up to a 50% flux decay, which
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was similar to results obtained by Suh et al. [10] for the Viresolve® Pro and PegasusTM SV4
membranes prefouled with BSA. The origin of these differences in performance is unclear.

The objective of this study was to obtain more detailed insights into the impact of
proteins on virus retention through four different commercial virus filtration membranes:
the asymmetric Viresolve® NFP and Viresolve® Pro membranes and the relatively homo-
geneous Ultipor® DV20 and PegasusTM SV4 membranes. Data were obtained for filters
challenged with a model virus both in the presence and absence of hIgG and after prefoul-
ing the membranes with virus-free protein solutions. Experiments were also performed
in staged filtration experiments to identify the effect of proteins on previously captured
viruses. These results provide new insights into how proteins can alter the virus retention
characteristics of different virus removal filters.

2. Materials and Methods

2.1. Virus Filters

Virus challenges were performed with a single layer of four commercially available
virus filtration membranes: the highly asymmetric Viresolve® NFP and Viresolve® Pro
membranes from MilliporeSigma Corporation (Bedford, MA, USA) and the relatively ho-
mogenous Ultipor® DV20 and PegasusTM SV4 membranes from Cytiva (Marlborough, MA,
USA), as summarized in Table 1. Single layers of membrane were used in all experiments to
make it easier to accurately measure the virus retention without having to use very highly
concentrated suspensions of bacteriophages.

Table 1. Summary of the virus removal filters used in this work.

Filter Manufacturer Polymer Morphology Permeability

Viresolve® Pro MilliporeSigma Polyether-
sulfone Asymmetric 27–29 LMH/psi

Viresolve® NFP MilliporeSigma Polyvinylidene
fluoride Asymmetric 26–32 LMH/psi

Ultipor® DV20 Cytiva (formerly Pall Life Sciences) Polyvinylidene
fluoride

Relatively
homogeneous 2.0–2.7 LMH/psi

PegasusTM SV4 Cytiva (formerly Pall Life Sciences) Polyvinylidene
fluoride

Relatively
homogeneous 2.8–3.7 LMH/psi

The Viresolve® NFP and Viresolve® Pro membranes were obtained as single-layer
sheets directly from the manufacturer. The other two membranes were provided as 47 mm
dual-layer discs, which were carefully separated into individual layers by immersing them
in deionized water. Then, 25-mm discs were cut and placed in a polypropylene filter
holder (Advantec MFS Inc., Dublin, CA, USA), providing a filtration area of 3.5 cm2, with
the skin/shiny side facing away from the feed (the orientation used in the commercial
virus filtration devices). Limited experiments were conducted using the Viresolve® NFP
membrane in an Amicon® Model 8010 ultrafiltration cell and using the Viresolve® Pro
membrane in a custom Micro 40 device provided by MilliporeSigma (Bedford, MA, USA),
both with a single layer of the membrane.

Filters were fouled with solutions of human serum immunoglobulin G (hIgG), ob-
tained from Nova Biologics (Oceanside, CA, USA) as a lyophilized powder that was then
mixed with 0.10 M phosphate buffered saline (PBS) to obtain the desired hIgG concentra-
tion. The hIgG was filtered first through 0.2 μm and then through 0.1 μm pore size filters
(Cytiva, Marlborough, MA, USA) to remove any large protein aggregates prior to use.

2.2. Bacteriophage

Bacteriophage φX174 (ATCC-13706-B1, Manassas, VA, USA), which has been ex-
tensively used as a surrogate for mammalian viruses, was propagated in host E. coli
(ATCC13706, Manassas, VA, USA) by mixing 100 μL of phage with E. coli grown in nutrient
broth (NB) media prepared by mixing 8 g/L of nutrient broth powder (BD-234000) and
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5 g/L of NaCl (Promega Corp., Madison, WI, USA) with deionized distilled water. The
phages were propagated at 37 ◦C for ~6 h with gentle agitation in an incubator shaker
(New Brunswick Scientific, Edison, NJ, USA). The phage suspension was centrifuged at
3500 rpm for 10 min (Beckman Coulter, Brea, CA, USA), with the phage collected in the
supernatant and then filtered through a 0.2 μm sterile filter.

φX174 concentrations were determined using a plaque-forming assay by mixing
100 μL of the phage samples with 200 μL of E. coli and 3 mL of soft agar, which were
then poured onto hard agar plates that were incubated at 37 ◦C for approximately 6 h in
an inverted position. The number of plaques was determined by visual counting, with
samples diluted to obtain a countable number of plaques on each plate (typically from 5 to
200). Additional details on the handling and analysis of the φX174 are provided by Afzal
and Zydney [20].

2.3. Virus Filtration

Virus filtration was performed at both a constant filtrate flux, which was obtained
by connecting a peristaltic pump (Masterflex, Vernon Hills, IL, USA) between the feed
solution reservoir and the filter holder, and a constant transmembrane pressure, which was
provided by connecting the filter holder to an air-pressurized feed reservoir (SR-TEK Ltd.,
Milton Keynes, UK). Limited experiments were conducted with the virus filter directly fed
by a syringe pump (KD Scientific, Holliston, MA, USA) to maintain a constant flux.

The membranes were initially flushed with around 70 L/m2 of 100 mM PBS at pH 7.4
to thoroughly wet the pore structure. The membrane’s permeability was then evaluated
from the slope of experimental data for the filtrate flux as a function of transmembrane
pressure (TMP), using data at a minimum of three TMP, with the range of values for the
different membrane samples provided in Table 1.

The feed reservoir was then filled with the challenge solution: a suspension of bac-
teriophage φX174, an hIgG solution, or an hIgG solution spiked with φX174. The virus
retention data were typically reported in terms of the log reduction value (LRV):

LRV = −log10

(Cf iltrate

CFeed

)
(1)

where Cfiltrate and CFeed are the φX174 concentrations in grab samples of the filtrate and
feed solutions, respectively.

3. Results and Discussion

Figure 1 shows the data obtained during constant pressure filtration at 210 kPa (30 psi)
through the four virus removal filters for the φX174 challenges in PBS and 1 g/L hIgG
solutions, all at pH 7.4 with 150 mM ionic strength. The φX174 feed concentration was
106 pfu/mL for the Viresolve® NFP, Ultipor® DV20, and PegasusTM SV4 membranes, and
it was 108 pfu/mL for the Viresolve® Pro membrane; the higher phage concentration used
for the Viresolve® Pro membrane was required to obtain detectable phage concentrations in
the permeate samples obtained with this highly retentive virus filter. Limited data obtained
over a range of phage concentrations indicated that the measured virus retention was
independent of the phage concentration, in good agreement with previous results for the
Ultipor® DV20 membrane [19]. Repeat experiments showed good reproducibility, with
LRV values within ±0.5 and flux decline within ±10% (see Figure S1).

The filtrate flux remained nearly constant for the experiments using φX174 in PBS
with a less than 10% decline in flux (except for the Viresolve® NFP membrane, which
showed closer to a 20% flux decline). In contrast, there were significant flux declines for the
experiments with φX174 in the presence of hIgG, with a more than a 90% flux decline for the
two asymmetric membranes and a more than 50% flux decline for the two homogeneous
membranes. This behavior is discussed in more detail subsequently.
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Figure 1. Virus retention during constant pressure filtration at 210 kPa for single layers of the Ultipor®

DV20, PegasusTM SV4, Viresolve® NFP, and Viresolve® Pro membranes for φX174 challenges using
PBS or 1 g/L hIgG solutions. Data from single experiments; replicates are shown in Figure S1.

The measured virus retention in grab samples obtained over the course of the constant
pressure filtration is shown in Figure 1 as a function of the volumetric throughput, equal
to the cumulative filtrate volume divided by the filter area. The virus retention for the
commercial virus filters would all be significantly higher than the LRV shown in Figure 1
since the Ultipor® DV20, PegasusTM SV4, and Viresolve® Pro membranes are used as
two-layers membranes in series and the Viresolve® NFP membrane is sold in a three-layer
configuration. The decrease in LRV for the φX174 in PBS has previously been attributed to
the accumulation of mobile viruses within the filter, a phenomenon referred to as internal
polarization [15,19]. In all cases, the LRV obtained in the presence of hIgG was lower than
that obtained in PBS, similar to results reported previously for the Viresolve® NFP [9] and
PegasusTM SV4 membranes [15]. This effect was relatively small for the Viresolve® Pro
membrane, with the LRV in the presence of hIgG being about 1.3 logs smaller than that in
PBS, but it was much more pronounced for the relatively homogeneous membranes; the
LRV in the presence of hIgG approached zero for both the Ultipor® DV20 and PegasusTM

SV4 membranes, which is nearly 3 logs smaller than the values obtained in PBS. The φX174
retention for the Viresolve® NFP membrane showed an unusual behavior, with the LRV
rapidly dropping to a value of 0.45 after the filtration of only 5 L/m2 before increasing by
about 0.5 logs over the subsequent 5 L/m2. This may reflect the development of a filter
cake or extensive pore blockage at very high degrees of fouling, which would cause an
increase in φX174 retention during the latter stages of filtration. Khan et al. [18] presented
a similar hypothesis for the increase in virus retention observed with viral stock solutions
containing high levels of impurities.
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Bolton et al. [9] previously hypothesized that the decline in LRV observed for the
Viresolve® NFP membrane in the presence of proteins was directly related to the magnitude
of the flux decline caused by protein fouling. This was examined for the four virus filters
by replotting the data in Figure 1 as an explicit function of 1-J/Jo, where the values of
the initial filtrate flux for each membrane (Jo) were evaluated based on data for the buffer
flux at the same TMP. The results are shown in Figure 2; data from replicate experiments
are plotted in Figure S2. The data for the two relatively homogeneous membranes, the
Ultipor® DV20 and PegasusTM SV4 membranes, tend to collapse to nearly a single curve
when plotted in this fashion, although the virus retention decreased to nearly zero after
only a 40% flux decline. This decline in LRV was likely related to the accumulation of
φX174 in the capture zone of these homogeneous membranes in combination with the
elimination of capture sites within the filter by the hIgG, either due to protein adsorption
and/or the blockage of the size-restrictive pores. In contrast, the two highly asymmetric
membranes, the Viresolve® Pro and Viresolve® NFP membranes, both showed very high
degrees of fouling, but the virus retention for the Viresolve® Pro membrane remained at
LRV > 4 while that for the Viresolve® NFP membrane sharply decreased, with the latter
in good agreement with results obtained by Bolton et al. [9]. Note that the first data point
for the Viresolve® NFP membrane is plotted at a flux decay of 88%, reflecting the very
high degree of fouling that was obtained within the first grab sample (0.6 mL). The very
high degree of fouling for the Viresolve® Pro and Viresolve® NFP membranes was a direct
result of the highly asymmetric pore structure in these membranes, with all the protein
fouling localized to the region with the highly restricted pores near the filter exit [21]. Note
that the minimum in the LRV for the Viresolve® NFP membrane near the very end of the
experiment occurred at a flux decline of 99.3%, which is a much higher degree of fouling
than is typically studied in virus filter testing.
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Figure 2. LRV as a function of flux decline for the experimental data from Figure 1.

Although most previous studies have attributed reductions in virus retention in the
presence of proteins simply to the effects of protein fouling (and the resulting change in
filtrate flux and pore size distribution), Afzal and Zydney [15] recently showed that hIgG
could directly affect virus capture/retention by the PegasusTM SV4 membrane. This was
experimentally examined by performing virus challenge experiments at a constant filtrate
flux (to eliminate the effect of flux decline on virus retention) for (a) clean membranes using
φX174 in PBS, (b) membranes prefouled with hIgG and then challenged with φX174 in
PBS, and (c) membranes challenged with a mixture of φX174 and hIgG. Given the very
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different permeabilities and fouling characteristics for the virus filters, these experiments
were performed under slightly different conditions: the Ultipor® DV20 and PegasusTM

SV4 membranes were both operated at a flux of 20 LMH using 3 and 5 g/L hIgG solutions,
respectively, the Viresolve® Pro membrane was run at 100 LMH with 0.25 g/L of hIgG, and
the Viresolve® NFP membrane was run at 250 LMH with 0.05 g/L of hIgG. The prefouling
was performed until the transmembrane pressure increased by a factor of 4 (i.e., until
P/Po = 4) for the Viresolve® Pro membrane and by a factor of 2.5 for the PegasusTM SV4,
Ultipor® DV20, and Viresolve® NFP membranes. The lower degree of fouling used for
the experiments with the PegasusTM SV4 and Ultipor® DV20 membranes was required
because of the low permeability (and thus high initial transmembrane pressure) of these
membranes. The experiments with the Viresolve® Pro membrane were conducted with a
syringe pump to ensure that the filtrate flux remained constant.

The measured values of φX174 in the grab samples obtained at a throughput of
20 L/m2 are summarized in Figure 3. In all cases, the highest virus retention was obtained
for the clean membranes, while the lowest virus retention was obtained for the experiments
in which the φX174 challenge was performed in the presence of hIgG, even though the
experiments performed using the hIgG began with membranes that were “unfouled” and
the pressure at a throughput of 20 L/m2 was always less than or equal to that for the
corresponding prefouled membrane. The difference in LRV between that in the prefouled
membranes and that evaluated in the presence of hIgG was particularly pronounced
for the relatively homogeneous PegasusTM SV4 and Ultipor® DV20 membranes, with a
more than 0.7-log difference in LRV. These homogeneous membranes show virus capture
in a relatively larger portion of the filter depth [14,19,22], with the data suggesting that
hIgG may out-compete φX174 for these capture sites. In contrast, the LRVs for the highly
asymmetric Viresolve® NFP and Viresolve® Pro membranes were similar for the prefouled
membranes and that evaluated in the presence of hIgG, with the Viresolve® Pro membrane
showing robust virus retention for all three conditions. The origins of these differences in
behavior are discussed in more detail subsequently.

Figure 3. Virus retention for the different virus filtration membranes for single constant flux filtration
experiments performed with φX174 in PBS through both clean and prefouled membranes and with
φX174 in hIgG solutions. Prefouling was performed with the constant flux filtration of hIgG through
the filters until P/P0 = 2.5 for the Viresolve® NFP, PegasusTM SV4, and Ultipor® DV20 membranes
and to P/P0 = 4 for the Viresolve® Pro membrane. Error bars represent the range of values for
replicate experiments.
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Additional insights were obtained by challenging the membranes with φX174 in PBS
followed immediately by a virus-free 1 g/L hIgG solution, all at a constant pressure of 210
kPa. A trivalve was used to switch between the φX174 and hIgG to ensure that there was
no disruption in the pressure/flow while switching between the feed solutions. The results
from replicate experiments performed with each of the virus filters are plotted in Figure 4
as the normalized φX174 concentration, i.e., the ratio of the φX174 concentration in the
permeate grab sample to that in the initial feed used for the phage challenge. The phage
retention levels for the Ultipor® DV20, PegasusTM SV4, and Viresolve® NFP membranes
were nearly identical during the initial phage challenge, with the normalized φX174 con-
centration increasing by almost 1 log over the 35 L/m2. In contrast, the Viresolve® Pro
membrane had approximately 100-fold (2 logs) greater retention, although the normal-
ized φX174 concentration also increased by nearly 1 log for this filter during the initial
phage challenge.

 

Figure 4. Normalized φX174 concentration (permeate concentration/initial feed concentration) as a
function of volumetric throughput for replicate experiments involving different membranes for the
filtration of φX174 followed by a 1 g/L hIgG solution at a constant pressure of 210 kPa. The feed
was switched between φX174 and virus-free hIgG at 35 L/m2 through a trivalve, as indicated by the
dashed vertical line. Results from replicate experiments are shown by the shaded and filled symbols.

The introduction of hIgG caused a dramatic increase in the φX174 concentration in the
permeate samples obtained through the Ultipor® DV20, PegasusTM SV4, and Viresolve®

NFP membranes, even though the hIgG solution contained no virus. Data obtained
using the same experimental system but with PBS in the second half of the filtration
showed no increase in φX174 concentration after switching from the phage suspension
to pure buffer (shown subsequently in Figure 5). The increase in virus transmission upon
switching to a hIgG solution was discussed by Afzal and Zydney [15] for the PegasusTM

SV4 membrane and was attributed to the displacement of previously captured phages by
the hIgG. The φX174 concentration in the permeate samples for the Ultipor® DV20 and
PegasusTM SV4 membranes remained nearly constant during the hIgG challenge, with
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values that were approximately 100 times greater than that evaluated immediately before
the introduction of the hIgG solution. The behavior of the Viresolve® NFP membrane
was somewhat different, with an initial 1000-fold increase in the φX174 concentration
followed by a very significant decline in permeate concentration over the course of the
hIgG filtration. This reduction in phage concentration is likely related to the very rapid
fouling of the Viresolve® NFP membrane by the hIgG solution, with the flux decreasing
by more than 90% after only 3 L/m2. In contrast, the φX174 retention by the Viresolve®

Pro membrane was nearly unaffected by the switch to hIgG, with the φX174 concentration
in the permeate remaining relatively stable throughout the hIgG filtration. It is important
to note that the Ultipor® DV20, PegasusTM SV4, and Viresolve® NFP membranes are all
made of polyvinylidene fluoride (PVDF), while the Viresolve® Pro membrane is made of
polyethersulfone, suggesting that the differences seen in Figures 3 and 4 may be related, at
least in part, to the chemistry of the filters and the nature of the virus/protein/membrane
interactions.

Figure 5. Normalized φX174 concentration in permeate samples collected through the PegasusTM

SV4 (top panel) and Viresolve® NFP (bottom panel) membranes during a 3-stage filtration process in
which the filter was challenged first with φX174 in PBS followed by pure PBS (no phage) and then a
virus-free hIgG solution, all at a constant transmembrane pressure of 210 kPa. The feed was switched
between the different solutions through a trivalve, as indicated by the vertical dashed lines. Note the
broken x-axis.

The different behavior of the highly asymmetric Viresolve® NFP and the relatively
homogeneous PegasusTM SV4 membranes were further examined using a three-stage
filtration process in which the filters were first challenged with a suspension containing
106 pfu/mL φX174 in PBS for 35 L/m2 throughput, followed immediately by an extended
flush with just PBS and then a phage-free hIgG solution (1 g/L of hIgG for the Viresolve®

NFP membrane and 5 g/L of hIgG for the PegasusTM SV4 membrane). The switches in
feed were again performed using a trivalve to eliminate any flow disruptions, with the
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pressure maintained at 210 kPa throughout the experiment. The results are shown in
Figure 5. The extended buffer flush caused a gradual decline in the φX174 concentration
for the PegasusTM SV4 membrane, with the normalized phage concentration remaining
around 10−4 over more than 1400 L/m2 of filtration due to the very slow washout of
previously retained phage during the buffer flush [15]. The buffer flush caused a more
rapid initial decline in the φX174 concentration for the Viresolve® NFP membrane, with
the normalized concentration remaining at about 4 × 10−5 over the remainder of the buffer
flush. Although the extended buffer flush should have led to the removal of the large
majority of the mobile φX174 that was retained within the membrane during the initial
phage challenge [19], the switch to the hIgG solution still caused a rapid, nearly 4-log
increase in the normalized φX174 concentration for both membranes despite the very
different pore morphologies. This large spike in the φX174 transmission was likely due to
the displacement of previously captured phages (that were not removed by the extended
buffer flush) by the hIgG in the final stage of the filtration experiment, possibly reflecting
the presence of competitive adsorptive interactions between the φX174/hIgG and the
PVDF membranes, with adsorption of the hIgG leading to the desorption of the φX174.

The potential impacts of adsorptive interactions on φX174 retention were further
examined by challenging the Viresolve® NFP and PegasusTM SV4 membranes with φX174
at different solution pH values. Data were obtained for the Pegasus SV4 membrane
in 10 mM PBS solutions to increase the effect of electrostatic interactions, with the pH
adjusted by adding HCl or NaOH as needed. The results are summarized in Table 2. The
initial LRV after 10 L/m2 of throughput for the Viresolve® NFP membrane significantly
increased at low pH levels, i.e., under conditions where the φX174 and membranes had
opposite electrical charges. There was also a small increase in LRV with decreasing pH for
the PegasusTM SV4 membrane, although this effect was smaller than that seen with the
Viresolve® NFP membrane.

Table 2. Effect of solution pH on virus retention by the Viresolve® NFP and PegasusTM SV4 membranes.

pH
Viresolve® NFP

LRV
PegasusTM SV4

LRV

4.0–4.9 4.4 ± 0.2 3.1 ± 0.2
7.4 2.7 ± 0.2 2.8 ± 0.2
10 2.4 ± 0.2 2.4 ± 0.2

The effects of hIgG concentration on φX174 retention for the Viresolve® NFP and
PegasusTM SV4 membranes are examined in Figure 6. The experiments with the Viresolve®

NFP membrane were performed at lower hIgG concentrations due to the very high degree
of fouling observed with this filter. The φX174 retention by the Viresolve® NFP membrane
decreased with increasing hIgG concentration, similar to the results presented by Bolton
et al. [9], with the LRV decreasing to essentially zero for the experiments with 0.08 and
0.2 g/L hIgG solutions. Only the data at the highest hIgG concentration showed a minimum
in LRV at an intermediate throughput. The data for the PegasusTM SV4 membrane showed
only a 2-log reduction in LRV when the hIgG concentration was 0.2 g/L, but the LRV
decline was much more pronounced for the runs at hIgG concentrations of 1 g/L or higher.
In addition, the data at 7.5 and 10 g/L hIgG showed minima in the phage retention, similar
to the results for the Viresolve® NFP membrane at 1 g/L.
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Figure 6. Virus retention as a function of hIgG concentration for protein solutions with 106 pfu/mL
of phages. Data were obtained for single experiments at each hIgG concentration involving the
Viresolve® NFP (top panel) and PegasusTM SV4 (bottom panel) membranes, all at a constant pressure
of 210 kPa.

4. Conclusions

The results presented in this study provide detailed insights into the virus retention
performance of four different commercially available virus filtration membranes. Similar
to previously reported studies, virus retention was reduced in the presence of proteins
compared with that obtained in a protein-free buffer. The difference in LRV was nearly
3 logs for the relatively homogenous Ultipor® DV20 and PegasusTM SV4 membranes,
while the highly asymmetric Viresolve® Pro membrane had only about 1.3 logs lower
retention (even for the heavily fouled membrane). The Viresolve® NFP membrane also had
a lower LRV in the presence of hIgG, but in this case, the virus retention in the presence of
hIgG showed a distinct minimum, with the increase in virus retention at a very high flux
decline likely due to the blockage of the pore space within the depth of the Viresolve® NFP
membrane (upstream of the size-selective skin layer) that provides additional resistance to
transport. The LRV profiles for the Ultipor® DV20 and PegasusTM SV4 membranes were
well-correlated with the extent of flux decline, suggesting that this behavior is governed in
large part by the relatively homogeneous structure of these two filters.

Experiments performed with prefouled membranes at constant flux showed that only
part of the reduction in LRV was due to a change in the membrane pore size distribution
due to protein fouling; data for the Viresolve® Pro membrane showed nearly identical
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virus retention levels for the pristine and prefouled membranes. The different behavior
for the different virus filters is likely related to differences in the underlying pore struc-
ture/properties of the membranes, similar to the different effects of protein fouling on the
location of virus capture as examined by confocal microscopy [14] and the visualization
of gold nanoparticles by SEM [21]. Note that the Viresolve® Pro membrane is made of
polyethersulfone, while the other three virus filters examined in this work were all made of
PVDF, suggesting that the more robust virus retention for the Viresolve® Pro membrane
may be directly related to its surface chemistry.

Sequential filtration experiments in which the filters were first challenged with a virus
and then with hIgG (without virus) showed a sharp increase in virus concentration in
permeate samples obtained immediately after switching to the protein. This increase in
virus transmission was due to the displacement of viruses that were previously captured
within the membrane by the protein, a phenomenon that was first identified by Afzal
and Zydney [15] for the PegasusTM SV4 membrane. This effect was most pronounced
for the Viresolve® NFP membrane and least significant for the Viresolve® Pro membrane,
suggesting that this behavior is not related to the asymmetric (versus homogeneous)
structure of the membrane. This increase in virus transmission was also apparent even
after extensively flushing the virus filter with buffer (using more than 1000 L/m2 of buffer).
Thus, it is critically important that any pre-flushing of virus filters be performed with
completely virus-free buffer solutions to ensure that the product is not contaminated with
viruses that were captured during the filter preparation.

The large reduction in LRV for the Ultipor® DV20, PegasusTM SV4, and Viresolve®

NFP membranes in the presence of proteins raises concerns about the effectiveness of these
filters in providing the high level of virus removal required in bioprocessing. Similar effects
have been previously reported. For example, Lute et al. [12] reported an LRV ≤ 0.5 for
the Ultipor® DV20 membrane using both φX174 and PP7 in the presence of a 2.5 mg/mL
solution of a therapeutic protein, while Bolton et al. [9] found an LRV ≤ 1 for the Viresolve®

NFP using φX174 when measured in a 1 mg/mL solution of hIgG. However, it is important
to note that the data obtained in this study were for single layers of membrane, while the
commercially available flat-sheet virus filters typically use two or three layers of virus-
retentive membranes. Peles et al. [23] showed that the hIgG fouling of the Viresolve® Pro
membrane occurs almost entirely in the upper layer of the two-layer filter, suggesting
that virus retention by the lower layer(s) of membrane might be largely unaffected by
protein fouling (but might still be affected by the displacement of viruses in the presence
of proteins). In addition, the hIgG fouling of virus filters appears to be dominated by the
presence of irreversible aggregates [23,24], while many monoclonal antibodies show flux
decline due to the formation of reversible associations. Future studies will be required to
understand the magnitude of the effect of proteins on virus retention by these multilayer
filters using actual therapeutic proteins with different fouling characteristics to more fully
understand how the properties of the proteins and the key morphological features of the
virus filters, such as pore tortuosity, void volume fraction, pore size distribution, and pore
interconnectivity, govern virus filter performance.

Supplementary Materials: The following supporting information can be downloaded at: https://
www.mdpi.com/article/10.3390/membranes14070158/s1. Figure S1: Virus retention during constant
pressure filtration at 210 kPa for single layers of the Ultipor® DV20, PegasusTM SV4, Viresolve® NFP,
and Viresolve® Pro membranes for replicate experiments involving φX174 challenges using PBS or 1
g/L hIgG solutions. Results from replicate experiments are represented as filled and shaded symbols.
Figure S2: LRV as a function of flux decline for the replicate experiments involving phage in hIgG
from Figure S1.
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Abstract

This review highlights the growing relevance of ion-exchange nanofibrous membranes
(IEX-NFMs) in membrane chromatography (MC) for protein purification, emphasising their
structural advantages such as high porosity, tunable surface functionality, and low-pressure
drops. While the adsorption of IEX-NFMs in MC is expanding due to their potential
for high throughput and rapid mass transfer, a critical limitation remains: the precise
binding capacity of these membranes is not well understood. Traditional experimental
methods to evaluate protein–membrane interactions and optimise binding capacities are
labour-intensive, time-consuming, and costly. Therefore, this review underscores the
importance of computational modelling as a viable predictive approach to guide membrane
design and performance prediction. Yet major obstacles persist, including the challenge of
accurate representation of the complex and often irregular pore structures, as well as limited
and/or oversimplified adsorption models. Along with molecular-scale simulations such as
molecular dynamics (MD) simulations and quantum simulations, meso-scale simulations
can provide insight into protein–fibre and protein–protein interactions under varying
physicochemical conditions for larger time scales and lower computational burden. These
tools can help identify key parameters such as binding accessibility, ionic strength effects,
and surface charge density, which are essential for the rational design and performance
prediction of IEX-NFMs. Moreover, integrating simulations with experimental validation
can accelerate optimisation process while reducing cost. This technical review sets the
foundation for a computationally driven design framework for multifunctional IEX-NFMs,
supporting their use in next-generation chromatographic separations and broadening their
applications in bioprocessing and analytical biotechnology.

Keywords: protein binding; ion-exchange nanofiber membrane; computational approaches;
meso-scale simulations; CFD; DEM

1. Introduction

Membrane chromatography (MC) is an alternative process used in protein purification
based on affinity, ion exchange, and hydrophobic interaction separation. In MC, stacks of
microporous or macroporous functionalised polymeric membranes with larger pore sizes in
a range from 0.65 to 3 μm [1] are placed in the capsule as an adsorptive medium [2]. While
the stationary phase is the chromatographic medium or the adsorbent, the mobile phase
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is the solution that flows through the column [3,4]. MC can be operated in either batch or
flow-through modes. Continuous or flow-through adsorption provides higher productivity
and better quality compared to batch adsorption. The transition from batch to continuous
processing is relatively straightforward, requiring only minimal modifications like adjustments
in column size and flow rate [5]. Higher flow rates can be used due to the convective nature
of the mass transfer through membranes, resulting in almost flow-independent binding.

In the ion-exchange process, separation is governed by electrostatic interactions be-
tween proteins and charged groups on the membrane, depending on the pI value of the
protein [6]; cation-exchange membranes bind positively charged proteins, while anion-
exchange membranes bind negatively charged proteins [7]. Hydrophobic interaction mem-
brane chromatography relies on interactions between hydrophobic ligands (e.g., butyl, octyl,
phenyl) and non-polar regions on protein surfaces, typically under high salt conditions to
exclude polar impurities [8–10]. Affinity membrane chromatography utilises immobilised
ligands that selectively recognise and bind target proteins via specific biorecognition mech-
anisms [7]. Mixed-mode membrane chromatography combines multiple interaction types
such as ion-exchange, hydrophobic interactions, and hydrogen bonding. A combination
of ion exchange and hydrophobic interactions can usually achieve high selectivity and
sensitivity [9]. However, mixed-mode chromatography media preparation usually requires
a complex process and makes it difficult to control ligand density [11]. In Table 1, the most
common chromatography methods for protein separation can be found [3].

Table 1. Protein separation by various modes and their mechanisms.

Separation Type Method

Ion exchange

Reversible adsorption of a charged protein
to ion-exchange matrices containing

oppositely charged covalently attached
side groups [4]

Hydrophobic interaction

Adsorbents, which have covalently
attached hydrophobic groups

Hydrophilic region exposure is promoted
by decreased ionic strength [12]

Affinity

Specific interaction between the
immobilised ligand and the binding site

on the target molecule [13]
Selective and efficient target molecule

capturing [14]
Most selective chromatography types

among others [12]

Mixed-mode
Selective protein adsorption by the
combination of several separation

methods and membrane adsorbents [8]

The MC process has several distinctive advantages over the conventional packed
column, such as high flexibility, high flow rates, low-pressure drop, scalability, and potential
for high-throughput operation [15,16]. Disposable MC capsules are especially useful in
small- to preparatory-scale bioprocessing as they eliminate the need for column cleaning,
packing, and process revalidation, making them suitable for small-scale production in early
clinical studies [17–19]. Also, due to the high modularity of membrane-based systems,
large volumetric capacities and high velocities can be employed in MC [20,21].
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The mass transfer mechanism is the distinctive factor between column and membrane
chromatography. The solute transport in membrane chromatography mainly occurs through
convection to the membrane’s internal surface, which is a much faster mechanism compared
to the intraparticle diffusion of proteins through the pores in column chromatography [1,22].
This convective transport effect results in a much lower mass transfer resistance [22].

The main limitation to the large-scale industrial application of MC is its relatively
low binding capacity [23]. This issue arises primarily from restricted access to functional
sites, often caused by inadequate pore connectivity and flow maldistribution within the
membrane matrix [18]. Membranes with larger pore sizes generally possess smaller volume-
specific surface areas compared to those with smaller pores at the same porosity, which
reduces available binding sites. Nevertheless, in some cases, non-uniform porosity, mem-
brane thickness, and ligand grafting can lead to variable flow resistance within the porous
media, which could result in early saturation of binding sites in large pores and a decrease
in dynamic binding capacity. These properties should be treated carefully for the sake of
maintaining the high-throughput membranes in protein purification.

To maintain high throughput in protein purification, careful control of these structural
parameters is essential. Enhancing the binding capacity of adsorptive media, therefore, re-
quires material-level innovations. Recent developments include the use of next-generation
matrices such as hydrogels and nanofibres, which provide higher specific surface areas,
increased ligand densities, and optimised 3D binding environments [19]. Advances in
nanotechnology have further enabled the fabrication of nanofibrous membranes with
interconnected pore networks and high porosity, significantly improving mass transfer
and accessibility to active sites [18,19,24,25]. Owing to their exceptionally high specific
surface area (~10–40 m2·g−1), ion-exchange nanofibre membranes represent a promising
alternative for enhancing protein-binding performance in membrane chromatography [18].

Despite significant progress in ion-exchange nanofibre membranes for protein binding,
the field still lacks a unified framework that links membrane structure, transport phenom-
ena, and performance in a way that enables rational and predictive design. Several reviews
have provided valuable insights into ion-exchange nanofibre membranes, including a
comprehensive discussion on design principles, synthesis methods, and an application
performance study of electrospun nanofibrous membranes [15], as well as fundamental
aspects, scalable fabrication techniques, and broad application areas of IEX nanofibres [26].
More recently, reviews have provided innovative approaches for developing novel mem-
branes with properties tailored to the future needs of downstream processing [27], detailed
assessments of next-generation high-throughput ion-exchange membranes and the fac-
tors influencing their performance [1], and examined the rational selection of membrane
materials and structural properties for efficient bind-elute antibody capture [28].

As the field moves toward next-generation chromatographic membranes, optimis-
ing nanofibrous pore structures and surface functionalities will be crucial to enhancing
adsorption performance. A deeper understanding of how pore architecture, fibre morphol-
ogy, and surface modifications affect mass transport is essential [15]. As experimentally
evaluating all parameters that influence membrane performance is time-consuming and
resource-intensive, computational simulations offer a powerful alternative through mod-
elling flow, adsorption kinetics, and mass transport mechanisms and provide critical
insights into guiding membrane design. These simulations are particularly valuable for
understanding how pore structure and surface properties affect separation mechanisms
in ion-exchange processes, directly linking membrane characteristics to protein-binding
efficiency. Systematic studies of individual membrane characteristics and their impact on
binding capacity remain limited in the literature. This review, therefore, aims to establish a
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rational design framework in which computational approaches facilitate the development
of next-generation ion-exchange membranes tailored for efficient protein-binding and
chromatographic applications.

2. Protein Adsorption on Ion-Exchange (IEX) Nanofibre Membranes

Recently, modified polymeric membranes have gained prominence in downstream
processing, particularly in biological filtration units, due to their enhanced performance in
protein separation [29]. Among various fabrication methods, electrospinning has attracted
significant attention in protein purification for its precise control over fibre assembly and
morphology [15,30,31]. Electrospun nanofibrous membranes are especially promising in
ion-exchange membrane chromatography (IEMC) because of their high specific surface
area (SSA), highly tortuous porous structures, and robust mechanical stability, all of which
promote efficient protein adsorption [32]. Additionally, uniform nanofibres can be produced
in a continuous process with control over the structure [33]. Specifically, electrospun
nanofibre membranes enable chemical/physical functionalization that can result in high
separation efficiencies [34]. Because of functionalization, the majority of binding sites on
the surfaces of these nanofibres are accessible and external, resulting in a high adsorption
capacity. This leads to numerous accessible binding sites on the nanofibres, therefore
increasing the binding capacity of membranes.

Protein adsorption on the IEX nanofibre membrane occurs through static or dynamic
adsorption. In static adsorption, the membrane acts as an adsorbent, with surface area
being the key determinant of adsorption capacity. In dynamic adsorption, the membrane
integrates adsorption and filtration within a single-pass flow [26]. Reported dynamic
binding capacities (DBCs) for commercially available micron-size fibrous membranes range
from 29 to 70 mg/mL bovine serum albumin (BSA) for anion exchange membranes and
29 to 47 mg/mL Lysozyme for cation-exchange membranes [1]. In comparison, electro-
spun nanofibre membranes demonstrate notably higher binding capacities in membrane
chromatography, as summarised in Table 2.

Table 2. Performance of nanofibrous membranes in MC for the purification of targeted proteins
across various studies. “*” is for the unit of mg/mL. Unless it is marked “*”, it is mg/g.

Ref.
Nanofibrous
Membrane

Fibre
Diameter

(df)
(nm)

Water
Contact
Angle
(WCA)

(o)

Mean Pore
Size
(μm)

Specific
Surface Area

(SSA)
(m2/g)

Target
Protein

pH
Initial

Concentration
(mg/mL)

Binding
Capacity
(mg/g or
mg/mL *)

[35] PAN-pAQ 353 ± 69–673
± 36

115 ± 5–132
± 0.6

0.9 ± 0.1–1.7
± 0.2 4.4–9.3 BSA 7.5 - 98 ± 8–166 ± 2

(SBC)

[36]
PSf-GMA-

DEA
PAN-GMA-

DEA

2500 ± 460
(PSf)

150–340
(PAN)

128 ± 4.8
(PSf)

73.1 ± 3.5
(PAN)

- - BSA 7.0 0.5–3

201.3 ± 4.8 * (PSf)
87.2 ± 2.6 * (PAN)

(DBC)
260 * (PSf)

100 * (PAN)
(SBC)

[16] EVOH-CCA 562 120 - 2.52 Lysozyme 4–10 1 250 (DBC)

[37] SA-PEO 150 - 0.3–0.6 13.56
(g/m2) Lysozyme 3.18 0.4–2.0 805 (DBC)

1235 (SBC)

[38]
CA-DEAE

and
CA-COO

500 - - - Lysozyme
BSA

8.0/BSA5.5/
Lysozyme 2.0

COO-27 *
lysozyme (DBC)

&
DEAE-20 * BSA

(DBC)

[39] PVA-MAH
226-(30%

PVA)
284-(5%

PVA)
45 0.002–0.064 3.2–3.5

(g/m2) Lysozyme 6.0 0.1–1.2 159 (DBC)

[40] CMA 267 124 0.65 3.28
(g/m2) Lysozyme 4–8 1 160 (SBC)

118 (DBC)
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Functional ligands are attached to the internal pore surfaces throughout the membrane
structure and significantly enhance binding by increasing the number of accessible binding
sites [12]. The grafting of charged or ion-exchange groups, such as carboxyl, DEAE, COO−,
and CCA, enhances electrostatic interactions between the membrane and target proteins,
thereby improving binding efficiency [16,37,40]. This functionalization significantly im-
proves the overall binding capacity, as the modified surface provides a higher density of
accessible ligands for binding. For example, PAN-pAQ and PAN-GMA-DEA membranes
functionalized with quaternary amine groups achieved up to 260 mg/g static binding
capacity for BSA [35,36]. Notably, pH-responsive PVDF-g-PDMAEMA (poly(vinylidene
fluoride)-graft-poly(dimethylaminoethyl methacrylate) membranes with anion exchang-
ers achieved static and dynamic binding capacities of 318 mg/g and 210 mg/g, respec-
tively [41]. Moreover, hydrophilic modification, as reflected by lower water contact angles,
tends to promote protein accessibility and enhance binding. During functionalization, fibre
diameter might vary, which can cause the loss of SSA because of the direct correlation
between fibre diameter and SSA. Hence, variations in fibre diameter should be monitored
before and after the functionalization of the nanofibrous membranes [1].

A smooth fibre surface and uniform fibre radius can be achieved after electrospinning the
membrane, favouring higher throughput of the membrane during purification of proteins [42].
Tortuous micro channels also provide more available adsorption sites for the membranes [39].
For instance, the SA-PEO membrane, with fine nanofibrous networks and moderate pore sizes
(0.3–0.6 μm), achieved exceptional lysozyme-binding capacities [37]. PVA-MAH membranes
with different PVA content showed improved lysozyme adsorption due to their high spe-
cific surface area (3.2–3.5 g/m2) and relatively low hydrophobicity, which together increase
available binding sites and promote stronger protein–surface interactions [39]. These findings
highlight that optimising nanofibre diameter, pore connectivity, and surface chemistry is
crucial to balancing mass transfer and binding efficiency in next-generation ion-exchange
membranes. In protein purification, high permeance typically requires membranes with
porosity above 70%, and pores larger than 100 nm allow macromolecules to pass without
affecting separation, while pore size directly influences binding capacity and permeability.
Larger pores increase permeability but reduce specific surface area, whereas a narrow pore
size distribution promotes uniform flow and enhances dynamic binding [1].

Future membrane fabrication for chromatographic applications should prioritise
optimising nanofibrous membrane pore structures to enhance adsorption performance.
Understanding pore architecture and surface modification effects on mass transport is
essential for evaluating membrane-binding performance. Experimentally evaluating all
parameters influencing process performance is time-consuming and resource-intensive.
Computational simulations offer a powerful alternative by modelling flow and adsorption
kinetics, providing insights into mass transport mechanisms and guiding membrane design.
These simulations are particularly valuable for understanding how pore structure and
surface properties influence the separation mechanism in ion-exchange processes, linking
membrane characteristics directly to protein-binding efficiency.

2.1. Separation Mechanism of IEX Binding

In IEMC, the adsorption of protein on adsorbent membranes occurs via an ion-exchange
mechanism. Separation and purification occur because of electrostatic interactions between
the proteins and charged functional groups on the ion-exchange membrane [43]. Binding
efficiency can be determined based on the nature of the proteins, adsorbents, and process
conditions [44]. Ultimately, these factors affect the protein–adsorbent interactions, typically
with electrostatic interactions being recognised as the primary influence. The electrostatic in-
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teraction between the adsorbent (nanofibre surface) and the adsorbate (protein) plays a crucial
role in protein binding. An adsorbent surface with a charge opposite to that of the protein can
be more effective at adsorption compared to one with the same charge [29]. Additionally, the
magnitude of the charges plays a crucial role in determining protein binding [40,45]. There-
fore, for ion-exchange membranes, protein binding depends on the balance of electrostatic
attraction between the surface charge of the membrane and the protein [46].

2.2. Factors Impacting the Binding of Proteins on IEX Nanofibres

The adsorption mechanism of IEX nanofibres is influenced by factors related to the
surface of the adsorbent, protein characteristics, and solution conditions. The surface charge
of the nanofibre, as determined by its zeta potential, directly affects the strength of protein
attraction towards the surface. Similarly, the charge properties of the protein, governed by its
pI (isoelectric point), the point of zero net charge, and the pH of the surrounding medium
indicate whether the protein is negatively or positively charged [9]. Additionally, the ionic
strength of the solution plays a critical role by influencing the Debye length, which determines
the range of electrostatic forces [47]. Morphological properties related to both membranes,
such as specific surface area (SSA), pore size, and porosity [35], and the protein, such as
the size and shape [48], can also impact the magnitude of the electrostatic interactions. The
charge of the protein can be altered by adjusting pH. When the pH is below the protein’s
isoelectric point (pI), the protein carries a net positive charge, whereas at pH values above the
pI, the protein becomes net negative [49]. Since proteins exhibit varying electrical properties
in buffer solutions at different pH levels, protein purification can be achieved by exploiting
the controllable electrostatic interactions between the protein and the adsorbent [15].

2.2.1. Adsorbent Structural Effect

The ligand density can be correlated to the surface charge of the nanofibres [18].
Generally, as the ligand density increases, the binding capacity of the membrane also
increases, exhibiting a direct and linear correlation due to the promoted grafting area [36,50].
On the other hand, the binding capacity was compromised with ligand density content
as the adsorption capacity significantly reduced with a further increase in ligand content
(after 3% w% of BTCA (butane tetracarboxylic acid)) because of a decrease in the effective
adsorption area. This can refer to how the ligands are arranged or interact with each other,
potentially blocking or obstructing available space for binding [51]. Similarly, the ligand
density increased with pH (8.5 to 13), and IgG binding capacity increased from pH 8.5 to 10.
However, despite the increasing ligand density from pH 10 to 13, the IgG binding capacity
decreased during this range. This was linked to the limited accessibility of IgG to densely
packed ligand binding sites in the grafted layers [52]. Optimum binding can be achieved
by uniform ligand distribution on the IEX nanofibres [53]. Therefore, ligand density
optimisation is important to employ the modification without compromising the membrane
properties, such as porosity and fibre diameter. For instance, after functionalisation of the
membrane, the porosity was compromised in the range of 1.14–4.6% [50], and in most cases,
pore morphology was intact after the functionalization of the IEX membranes.

Besides grafting and modification, membrane and protein morphology are also crucial.
For example, pore connectivity determines how effectively the internal pore network is
interconnected, which directly affects intrapore diffusion and the accessibility of bind-
ing sites [54]. Highly interconnected pore networks facilitate uniform fluid pathways,
thereby enhancing membrane performance, offering practical insights for the design of
next-generation materials [55]. It can be assessed in a semi-quantitative manner through
techniques such as tracer diffusion, permeability measurements, or 3D imaging approaches
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(e.g., XCT, FIB-SEM) [56,57]. There is a complex trade-off relationship between surface
micro/nano-structure and, hence, distribution and/or density of functional groups [18].
Overall, it was concluded that the high SSA of the nanofibrous IEX membrane allows
a higher ligand density, thereby demonstrating a higher binding capacity. For instance,
a higher adsorption capacity was reached with a 270% smaller fibre diameter and 400%
higher SSA of the membrane in comparison to the study reported in [32]. Compared to the
macroporous microfibres, IEX nanofibres had more binding capacity, which can underline
the importance of the morphological properties of the membrane [18]. To understand the
correlations between membrane structure and binding performance, various membranes
were fabricated under varying electrospinning process parameters [35]. At a fixed pAQ
content (15 mol%), the fibre orientation and alignment significantly influenced the protein
binding capacity. Additionally, the binding with the well-oriented fibres increased by
45–66% compared to the randomly oriented fibres. Regarding protein morphology, studies
found differences in binding to the membranes due to their charge differences [51]. Besides
the isoelectric points and charge differences with the adsorbent surface, in some cases, the
surface of the nanofibres was more favourable for specific types of proteins, indicating their
distinctive nature for molecular weight [31,58].

The zeta potential of nanofibres and proteins plays an important role in ion-exchange
chromatography. The overall surface charge, in any suspension, can be determined by the zeta
potential values [59]. Zeta potential indicates the strength of surface charge on particles and
primarily influences adsorption processes at longer time scales. The maximum adsorption was
reached with the N-4ZH nanofibrous IEX membrane compared to the other membranes due to
its highest zeta potential and uniform distribution of 4ZH nanoparticles within the fibres [29].
The effects of zeta potential can be explained by DLVO theory to describe the stability of the
system by considering different forces acting on the particles [60]. High zeta potential, either
positive or negative, is generally required to ensure stability. Thus, systems with zeta potentials
> ± 30 mV are generally considered stable. The DLVO approach has been successfully used
for the evaluation of biological particle adhesion in the context of bioprocessing [61]. This
approach was found as appropriate to be used as the theoretical framework for protein
interaction studies to predict protein behaviour during binding [61]. With DLVO theory,
protein interactions with the surface can be described as colloidal representations. The DLVO
theory explains that the tendency of a colloidal particle to move toward or away from a
surface depends on the balance of attraction and repulsion forces acting on it [62].

2.2.2. Protein Properties

Protein characteristics such as its structure (e.g., dimension, stability), size, and net
charge affect the binding mechanism. The structure of proteins depends on the sequence of
amino acids, and it can vary among proteins. The structural stability of proteins indicates
the ease of undergoing conformational modification. Larger-sized proteins have more
binding sites to interact with the surface, thereby increasing the possibility of binding to
the surface. In certain instances, such as when the protein solution comprises a mixture
of hundreds of different proteins, e.g., blood plasma, the mass transfer rate of protein
molecules to the surface can be directly correlated with its concentration and inversely
related to its molecular weight [63]. Through experimental observations, proteins that
were at or near the isoelectric pH exhibited greater adsorption because of minimised
charge–charge repulsion among the adsorbed molecules.

The adsorption behaviour of proteins is also controlled by the stability of a protein,
which can be one of the driving forces during adsorption. The underlying reason for this
is that the conformation of a folded protein is highly constrained, resulting in relatively

https://doi.org/10.3390/membranes16010005119



Membranes 2026, 16, 5

low entropy. However, if the protein undergoes partial or complete unfolding upon
adsorption, this process can lead to an increase in conformational entropy, thereby acting
as a driving force. Additionally, the conformational stability of a protein plays a critical
role in determining the structure of the adsorbed protein. For example, soft proteins such
as bovine serum albumin (BSA) can have relatively low structural stability and undergo
extensive surface rearrangement. These can promote an increased number of interaction
points among the proteins and the surface and adsorbed proteins. Hard proteins such as
lysozyme and Chymotrypsin can be more resilient to major changes and can primarily
adsorb to hydrophobic surfaces unless electrostatically attracted [64–66].

Electrostatic interactions in proteins are complex due to the heterogeneous medium
surrounding protein charges. While water, the solvent in aqueous solutions, is highly polar
with a dielectric constant of nearly 80 at room temperature, the protein interior is largely
non-polar, with a dielectric constant typically ranging from 2 to 4, though values up to 40
have been reported. Charges within the protein interact with both the solvent and other
charges, with the solvent effectively screening these charge–charge interactions. These
charge–solvent interactions and the solvent’s screening effect play a crucial role in shaping
the electrostatic energies of proteins [67].

2.2.3. Solution Parameters

The pH value of the solution, as one of the crucial parameters for the performance of
protein adsorption, is a determinative factor for the surface potentials of both nanofibres
and protein molecules. While a lower pH may not be ideal for some proteins’ charge
magnitude for electrostatic interaction, it can be suitable for others. For example, pH 5.5 has
the highest binding for IgG (pI = 7.8), whereas it can result in lower binding for BSA and
lysozyme [42]. The reason behind this phenomenon is that when the pH is equivalent to
8.0, IgG is negatively charged, causing the electrostatic repulsion between the protein and
the adsorption ligand. Conversely, the adsorption capacity of lysozyme increased as the pH
decreased below the protein’s pI 10.8, reaching a maximum at pH 6 due to the enhanced
positive charge of lysozyme and negative charges on the PMA-functionalized nanofibres
at lower pH [32]. For membranes with quaternary amine groups, the nanofibre surface
charge remains positive and is substantially unchanged unless exposed to unrealistically
extreme pH values. In contrast, membranes functionalised with tertiary amines show a
strong pH-dependent surface charge, making pH the dominant factor governing their zeta
potential [41]. As a result, electrostatic interactions can be controlled with a pH-responsive
IEX membrane through switchable surface charges [68]. BSA adsorption was tuned by
varying pH values in the range of 3.6–9.0. BSA binding increased sharply when the pH
was increased from 3.6 to 6.4 and decreased sharply after pH 6.4. This is because at pH 3.6,
the BSA molecule was positively charged, resulting in charge repulsion, and at pH 6.4
the BSA molecule (pI 4.7–4.9) was negatively charged, leading to significant binding of
BSA. Additionally, a pH-controllable IEX nanofibrous membrane can be used for selective
protein adsorption by regulating buffer pH value based on the pI of the target protein [34].
The effect of pH on BSA colloidal stability does not directly correlate with surface charge,
as it reflects the interplay between van der Waals attraction and electric double-layer
repulsion [69]. The variation in zeta potential with pH was more significant at pH values
above 4.7 than at pH below 4.7 for BSA [70]. Therefore, it is important to understand the
impact of pH on the electrostatic interaction between the IEX nanofibres and the protein.

The ionic strength of the solution can be adjusted to maximise the binding of proteins
on IEX membranes. It can also be crucial during the elution of proteins by the electrostatic
interactions through increasing the ionic strength [40]. The maximum IgG binding capacity
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was reached at the lowest ionic strength (0 M KCl), and IgG binding capacity decreased
when the ionic strength increased [71]. This is because the Debye length decreases as ionic
strength increases, leading to a screening of the electrostatic forces. The Debye length is
inversely proportional to the square root of the ionic strength of the solution, which is
determined by the concentration and the valency of the ions present [72,73]. The ionic
radius of different ions, such as LiCl, NaCl, KCl, and MgCl2, can affect the adsorption
capacity of the membranes. With an increasing ionic radius, the adsorption capacity of
lysozyme gradually decreased, possibly due to stronger shielding effects of ions with larger
radii. A similar decrease in the adsorption capacity of the EVOH/BTCA nanofibrous
IEX membrane was observed across the same ions [58]. The order of the adsorption
capacities was LiCl > NaCl > KCl > MgCl2, which is consistent with the findings reported
in reference [74] for the same protein, lysozyme. Similarly, ions with larger radii caused
stronger shielding effects, hence reducing the binding capacity. Another study highlighted
that as the ionic strengths of buffer solutions significantly influences the electrostatic
interaction between nanofibre and biomolecules, as the Na2SO4 concentration increased
from 0.1 to 0.4 M, the adsorption capacity sharply decreased [31]. This resulted from
the gradually enhanced shielding effect on the electrostatic interaction between the IEX
nanofibre membrane and lysozyme molecules. Meanwhile, adsorption performance can be
further tailored by adjusting buffer properties and protein concentrations. This emphasises
the importance of identifying the optimal use for practical application.

3. Modelling Approaches for Protein Binding

Protein-binding models and computational tools vary substantially in their level of protein
representation and in the transport phenomena they are designed to investigate. Due to the
multi-scale nature of protein stability, it is computationally infeasible to employ a single model
to address both nanometre-scale phenomena (e.g., conformational changes, protein–protein
interactions) and macroscopic processes (e.g., aggregation, phase separation). Approaches to
studying protein interactions can be classified as atomistic models, coarse-grain models, and
continuum models [75]. Figure 1 illustrates these models and their time and length scales.

In atomistic models, each atom is represented as a single bead and an individual
interaction site (Figure 2a). The physical properties (mass, charge, etc.) of atoms and the
behaviour of the protein solution are described through the potential energy function [76].
This function incorporates bonded interactions such as bond stretching, angle bending,
and intra- and intermolecular non-bonded interactions such as electrostatic, van der Waals
forces, and hydrogen bonding across all molecular species. Molecular dynamics (MD) and
Monte Carlo simulations can be used to give molecular insights into protein adsorption to
understand the mechanisms and driving forces behind surface interactions, conformational
changes, and adsorption kinetics at the atomic level [77]. Monte Carlo (MC) simulation
employs repeated random sampling to produce numerical results and is particularly useful
for systems with high degrees of freedom that are challenging to model using other methods.
While Density Functional Theory (DFT) and molecular dynamics (MD) are widely applied,
linking atomic-scale data to experimentally observable macroscopic properties remains a
significant challenge. In such cases, coarse-grained (CG) and dissipative particle dynamics
(DPD) methods are employed to investigate interactions at the mesoscale [48].

Coarse-grained models are used when the degrees of freedom of a molecule are
reduced by grouping atoms into lumped/coarse-grained beads [78]. In addition to these
models, hybrid approaches can be employed to integrate the strengths of atomistic and
coarse-grained models while eliminating their limitations [78]. In CG models, larger time
and length scales can be simulated by the incorporation of fewer interaction sites [79].
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In DPD simulations, particles interact via a soft repulsive potential that permits overlap
between non-bonded particles. Consequently, oppositely charged point species may readily
form artificial ion pairs. To avoid this, a common approach is to smear the charges of DPD
particles using spatial distributions [80]. Coarse-grained molecular models can also be
defined on a lattice [81]. The Lattice Boltzmann Method (LBM) models fluid flow by
tracking the evolution of particle distribution functions over a fixed spatial lattice, as
governed by the discrete Boltzmann equations [82]. This method is a mesoscopic method
that bridges the gap between continuum-based methods and molecular dynamics by
modelling fluid behaviour at an intermediate scale [83]. Computational modelling becomes
crucial as it can provide thorough molecular-level information at a scale that can be difficult
to observe experimentally [84].

Figure 1. (a) Hierarchical classification of computational protein models by resolution level with
BSA molecule; (b) a schematic representation of temporal and spatial scales; (c) distribution of
charge on the BSA molecule surface coloured by residues’ total charge: positive—blue, negative—red,
neutral—white; (d) coarse-grained charge distribution of BSA at its isoelectric point, expressed in
units of the elementary charge; e (redrawn from [76–79]) reproduced from Ref. [76] with permission
from the Royal Society of Chemistry.

Continuum models offer a robust alternative for simulating protein adsorption that
occurs on time and length scales beyond seconds and micrometres, which are inaccessible to
atomistic and coarse-grained approaches [75]. The adsorption equilibrium of macromolecules
on a porous material is generally represented using empirical or semi-empirical models, such
as the Langmuir isotherm, the distributed pore model, or the Steric Mass Action (SMA) law,
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each offering varying levels of efficiency [85]. While these models can predict the salt effect,
they can lead to unreliable results at high protein concentrations. Compared to other adsorp-
tion isotherms, the SMA model offers the advantage of explicitly incorporating counterion
concentration while capturing both linear and nonlinear adsorption behaviours [86]. The
SMA model employs stoichiometric binding theory by coupling the system’s electrostatic and
equilibrium characteristics within a set of correlation parameters [87]. Nonlinear adsorption
behaviour up to adsorber saturation is explained by a reduction in available counter-ions
on the adsorber surface. This occurs as adsorbed proteins either displace counter-ions or
sterically shield them because of their size. Therefore, the model attributes adsorption limits
not to the physical surface area of the adsorber but to its ionic capacity.

3.1. Modelling Frameworks for Ion-Exchange Protein Binding

Building on the existing protein-binding models, ion-exchange systems can also be
analysed across different modelling scales, from molecular-level descriptions of electro-
static interactions to the macroscopic level used for parameter estimation and process
design. Figure 2 shows the common adsorption models of protein adsorption on the IEX
adsorber [88]. While stoichiometric adsorption models, such as the SMA model, offer a
straightforward framework for describing protein adsorption, their capacity to accurately
capture the electrostatic interactions between proteins and adsorbers is often debated [89].
Additionally, the SMA model requires prior information on three parameters for each
macromolecule in solution: the characteristic charge, the equilibrium constant, and the
steric factor. These parameters can be obtained through time- and resource-consuming chro-
matographic experiments involving gradient elution and breakthrough columns. As one of
the challenges of these models, protein–protein interactions cannot be fully understood [90].
The theoretical limitations of stoichiometric models in describing electrostatic interactions
between charged proteins and the charged adsorber surface, particularly concerning ionic
strength and pH, have led to the creation of non-stoichiometric adsorption models [75].

CFD has been used to examine how membrane structural features, such as channel
tortuosity, pore size, and connectivity and device design, have a significant influence
on fluid flow distribution, as poorly engineered configurations can lead to substantial
flow maldistribution that diminishes binding performance [55,91]. CFD tools enable the
optimisation of membrane structures by modelling fluid dynamics, thereby informing the
design of architectures that promote improved flow uniformity and performance. CFD
simulations offer high-resolution flow fields around fibres and can be integrated with
particle dynamics models, such as the discrete phase model (DPM) and discrete element
model (DEM), to enable detailed analysis of particle permeation and behaviour near the
fibres [92]. With CFD–DPM (discrete phase model) simulations, it is possible to track
particles within the fluid medium and to study deposition behaviour of these sub-micron
particles [93]. The CFD–DEM simulations predict colloid trajectories by computing the
net force on each particle, incorporating hydraulic forces from the surrounding fluid flow,
which can be gained through coupling with CFD [94]. Thus, using CFD coupled with
DEM (discrete element method) would enable us to study each particle interaction with
the surface as well as with the other particles and the surrounding medium [95]. Also,
DEM simulations can simulate the particle interaction in the range of 106–108 particles [96].
The population balance model (PBM) simulations can predict the particle size changes
in bulk-level growth to simulate particle aggregation during binding [97]. CFD–PBM
(population balance model) simulations enable the evaluation of population dynamics
governed by nucleation, growth, dispersion, dissolution, aggregation, and breakage by
studying particle size distribution (PSD) on surfaces [98]. PBM and DEM are capable
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of capturing aggregation dynamics of particles, with PBM focusing on population-level
characteristics through statistical approaches and DEM resolving particle-level interaction
in detail [99]. In contrast, DPM cannot provide key information such as collision frequency
and aggregation effects, limiting its suitability for studying particle aggregation [100].
Additionally, in DPM, the particles are treated as a dimensionless point mass; therefore,
monitoring the distance between the surfaces of the particle and fibre is necessary during
the trajectories [101]. While particle–particle (protein–protein) interactions during binding
can be studied with DEM, DPM, and PBM simulations, it is not possible to study these
interactions, which can limit their suitability for IEX binding prediction fully.

Figure 2. Commonly used binding models in ion-exchange: (a) the Langmuir model; (b) the
stoichiometric model; (c) the Steric Mass Action (SMA) model; (d) the colloidal particle adsorption
model. The BSA molecule is shown with its surface charge distribution coloured by the total charge
of individual residues (blue: positive, red: negative, white: neutral). The “+” and “−” symbols
represent mobile ions in the electrolyte surrounding the protein; the arrows illustrate electrostatic
interactions with the surface under each modelling framework (redrawn from Ref. [92]).

To improve the IEX binding and to design new high-throughput adsorptive mem-
branes, the adsorption process needs to be understood. However, since the process occurs
on a molecular level, it is not possible to observe the process through experimental tech-
niques. These alternative models offer a more fundamental understanding of electrostatic
interactions in ion-exchange (IEX) chromatography by using an idealised colloidal represen-
tation of the protein and analytical solutions to the linear Poisson–Boltzmann equation [102].
Theoretical modelling is required to obtain precise analytical expressions for the interaction
potential essential for deducing nanoparticle properties such as size or charge and for
computing phase behaviour or transport coefficients [48].

3.2. Application of DLVO Theory to Protein Binding on IEX Nanofibres

Colloidal interactions are often described by the DLVO theory, which is named after
Derjaguin and Landau and Verwey and Overbeek [103]. DLVO theory offers a conceptually
straightforward and accurate framework for describing interactions between surfaces sepa-
rated by a liquid, playing a crucial role in understanding colloidal system behaviour [104].
DLVO theory attributes surface interactions to the combined effects of van der Waals forces
and electrostatic double-layer interactions (Figure 3a).

At the primary minimum, interparticle interaction is strongest, leading to an unstable
suspension characterised by strong aggregation or irreversible aggregation. At the energy
barrier, repulsive forces dominate, resulting in a stable dispersion. The secondary minimum
reflects weaker attraction, allowing for reversible or weak aggregation (Figure 3b) [105].
The energy barrier height increases with decreasing ionic strength, increasing zeta potential,
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and larger particle size. Conversely, the secondary minimum increases with higher ionic
strength and particle size but lower zeta potential [60]. The DLVO model was used to
predict the structural behaviour of lysozyme solutions under various conditions of pH and
ionic strength [106]. It was found that DLVO theory generally captures the trend of protein
interactions becoming increasingly short-range and attractive with rising pH and ionic
strength. The DLVO theory also used another study to describe the interaction between
BSA and PES using zeta potential, surface charge density, and interaction energy [107]. In
the study, a secondary minimum of the interaction energy governed the binding of BSA on
PES. Additionally, the interaction energy decreased with increasing ionic strength, while
adsorption increased as the system pH decreased.

Besides DLVO theory, extended DLVO (xDLVO) theory was also used through the
surface energetics approach to explain the interaction behaviour of proteins with IEX chro-
matographic supports [59]. According to xDLVO theory, protein interactions are governed
by the combined effects of Lewis acid-base, van der Waals, and coulombic type forces [108].
xDLVO theory was used to explore the parameters used for the surface energetics approach
to calculate the interaction energy minimum of different proteins binding onto three dif-
ferent supports, e.g., glass, plastic, and membrane [108]. The interaction behaviour is
significantly influenced by ligand type (phenyl vs. butyl), ligand density (25–75%), and
lambda conditions (0.2–1.0 nm). The surface energy components can be calculated from two
experimental measurements: the contact angle, which helps to determine the Lifshitz van
der Waals and acid-base components, and the zeta potential, which is used to determine
the electrostatic component of surface energy [59].

Figure 3. (a) The occurrence of three interaction forces: when a protein molecule approaches a surface,
electrostatic attraction or repulsion, van der Waals attraction, and hydration repulsion; (b) description
of the stability of colloidal particles (redrawn from Ref. [109]).

3.3. Dynamics of Fibre–Protein Interactions

Understanding the interactions of proteins with the surfaces is based on the interaction
energies between the proteins and the fibre surface. Interaction energy calculations can be com-
monly used to predict situations as either favourable or unfavourable for colloid aggregation.
Protein binding on a surface is a complex process influenced by (1) protein properties, e.g.,
conformation, charge distribution, the strength of intramolecular bonds; (2) surface properties,
e.g., chemistry, charge, roughness, surface energy; and (3) solution conditions, e.g., pH, salt
concentration [109,110]. Because of these factors, the interactions are considered dynamic
processes that theoretically involve several potentially interchangeable steps [111].
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Surface morphology, besides the electrostatic interactions, can alter protein binding
on surfaces [112]. The interaction between the colloid and surface is highly dependent on
the nanoscale surface roughness properties of both surfaces. The influence of nanoscale
roughness is likely to change with the solution chemistry, the colloid size, the surface
charges, and the water velocity [111]. Roughness is a term used to characterise surface
irregularities. The artificial modification of surface roughness was achieved by increasing
the friction coefficient [113]. The interactions between particles and fibres were described
in terms of friction and restitution coefficients. Friction between particle and fibre was
found to influence particle behaviour during impact and adhesion [114]. The increase in the
particle–wall friction coefficient led to an increase in the charge magnitude of the surface,
as this allows a longer contact duration with the surface, causing more opportunities for
charge transfer [115]. Most colloidal particles in suspension (0.001–10 μm) tend to remain
suspended and settle very slowly in solution to maintain electrical neutrality due to the
presence of surface charge arising from isomorphic substitution, chemical reaction at the
interface, or preferential adsorption of ions on the particle surface from the surroundings
by excess of oppositely charged ions (counterions). The combined interactions of this
system of oppositely charged clouds are known as the electric double layer. The developed
electrostatic repulsive forces prevent particle aggregation in the colloidal system and, hence,
contribute to their stability in the dispersed system [116].

Surface energy is another important property that influences the interaction of a
protein with the surface. Since proteins are charged molecules, a charged surface will
impact their interactions [117]. At uncharged fluid interfaces, hydrophobic interactions
primarily govern the binding behaviour, whereas at charged surfaces, a combination of
hydrophobic and electrostatic interactions becomes more significant [84]. Hydrophobic
surfaces have the advantage of interacting with hydrophobic residues of proteins, and
water displacement from the surface is more favourable than on hydrophilic surfaces. On
the other hand, the hydrophilic membranes were generally found to be more advantageous
due to their possibility of reducing non-specific binding [1]. Wettability of surfaces not only
influences the total amount of proteins but also their spatial conformation. For example, it
was shown that the impact of surface wettability on protein confirmation during adsorption
for bovine serum albumin (BSA) demonstrates that proteins adsorbed on more hydrophobic
materials present a higher degree of denaturation. Usually, hydrophobic materials are non-
polar, while hydrophilic substrates present a distribution of charges on their surfaces [118].

3.4. Influence of Protein–Protein Interactions During Binding

Protein–protein interactions can lead to challenges, such as aggregation, liquid–liquid
phase separation, and increased solution viscosity, particularly at high protein concentra-
tions [119]. The aggregation tendency of proteins can be minimised by controlling several
factors such as temperature, pH, ionic strength, and protein concentration. When proteins
are more likely to form partially folded states that lead to aggregation, a high net charge re-
duces their tendency to aggregate. This can cause repulsive double-layer forces to increase
the colloidal stability of the protein. In solutions close to the protein’s isoelectric pH (pI),
strong and attractive electrostatic interactions between proteins have been associated with
enhanced aggregation tendencies [120]. Proteins at their pI lack net charge, weakening
electrostatic repulsion [119]. The reduction in the net energy barrier for protein–protein
interaction led to a loss of stability, thereby enhancing aggregation [121]. The aggregate
binding mechanism is predominantly driven by electrostatic interactions [122].

Colloidal protein–protein interactions, including attractive and repulsive nature, can be
decisive in protein’s solubility, aggregation, precipitation, and crystallisation. These interac-
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tions alone were not possible control or interfere with through observations or examinations
during the experiments. Hence, protein–protein interactions are commonly quantified using
the osmotic second virial coefficient (B22) or the diffusion interaction parameter (kD) [120].
There are a few models, such as Monte Carlo and molecular dynamics, that can be used
to estimate B22 [123]. Among these models, DLVO theory can also be used to calculate B22

coefficients to better understand protein–protein interactions to optimise process conditions
towards the stability of proteins [124]. Normally, the extended DLVO (xDLVO) model is used
to describe B22 in aqueous solution as a function of pH, salt type and concentration, and
temperature by fitting to experimental B22 data [124]. There are available coarse-grained simu-
lations to quantify the binding of proteins on the surfaces. Since the hardship of quantification
of such interactions, extended DLVO theory (xDLVO) can be used with a coarse-grained
model (xDLVO-CG) to extend the existing models by a coarse-grained representation of
protein and the inclusive additional ion–protein dispersion interaction term [124].

Generally, the adsorption of protein increases with the surface charge, but if the surface
charge is too high, protein adsorption decreases due to the flat orientation of the protein.
When increasing the charge of the surface, the adsorbed mass of a given charged protein
increases. However, the adsorption of protein is very low if the charge on the surface is very
high, probably due to the flat orientation of the protein [125]. A simplified protein–protein
interaction model was based on a Baxter adhesive potential and an electric double-layer
force to distinguish the contributions of longer-ranged electrostatic interactions from short-
ranged attractive forces. The DLVO theory was successfully adopted to accurately capture
the dependence of the ionic strength for solutions at pH 6.5 and below [119].

Multilayer adsorption is dependent on both the protein type and concentration. For
example, lysozyme binds to the surface due to its strong positive surface charge, showing
higher electrostatic interaction than α-chymotrpsin. In contrast, α-chymotrpsin can form
multilayer binding in both low and high concentrations, facilitated by its heterogeneous
charge distribution and limited surface area of adsorptive surface availability [85]. Protein
deposition on the surface of the fibre could change the dynamics of the adsorption and
corresponding governing equations, as shown in Figure 4.

 

Figure 4. (a) Schematic representation of flow field around the fibre without discrete particles;
(b) changed flow field due to deposited/bound particles on the fibre. The arrows represent the flow
direction around the fibre. (redrawn from Ref. [121]).
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Therefore, it is crucial to simulate the protein–protein interactions along with the
protein–surface interaction for studying the adsorption of proteins on electrospun nanofi-
bres. Binding energies can be studied in detail while accounting for van der Waals and
electrostatic repulsion (DLVO) forces between the proteins and the fibre surface. Addi-
tionally, the relationship between binding and membrane properties can also be studied
in detail.

4. Conclusions and Future Perspectives

Colloidal and meso-scale modelling approaches provide a powerful tool “sweet spot”
for analysing protein binding mechanisms, offering sufficient resolution to capture key
interaction dynamics with no need for the computational cost of fully atomistic simulations.
These methods bridge molecular interactions with macroscopic binding properties enabling
detailed visualisation and quantification of how pore geometry, surface charge distribution,
and local hydrodynamics influence protein transport and binding within nanofibrous or
porous membranes.

Protein binding is influenced by numerous factors, including adsorbent properties,
protein characteristics, and solution conditions. Experimentally evaluating each of these
individually can be time-consuming and resource-intensive. Therefore, computational
approaches allow systematic exploration of these parameters, providing predictive insights
into their effects on binding behaviour. When combined with theoretical frameworks such
as DLVO-based interaction energy calculations, they offer predictive insight into protein–
fibre interactions, binding propensity, and competitive adsorption effects under different
solution conditions. By capturing interplay between electrostatics, steric constraints, and
convective transport, such models directly support rational membrane design by identify-
ing optimal surface chemistries, pore architectures, and operating conditions required to
maximise binding efficiency, selectivity, and overall chromatographic performance.

Future membrane fabrication for chromatographic applications should prioritise opti-
mising the pore structures of nanofibrous membranes to enhance adsorption performance.
Understanding pore architecture and surface modification effects on mass transport is
essential for evaluating membrane binding performance. Overall, the concepts and mod-
elling frameworks summarised in this work not only enhance our understanding of protein
binding in membrane chromatography but also extend to broader applications in the
design of protein purification and antifouling membranes, where understanding protein–
surface interactions is crucial. This broader relevance highlights the wider impact of the
modelling frameworks and their potential to support future advances across membrane-
based separation technologies. Future research should extend these modelling frameworks
to more accurately represent flexible nanofibre systems, where dynamic processes can
be captured. Adopting colloidal-scale approximations of proteins offers a computation-
ally efficient yet physically meaningful route to study binding dynamics on nanofibrous
materials. By representing proteins as soft colloidal particles, such models can capture
essential features of adsorption and transport without the prohibitive cost of fully atomistic
simulations. This approach enables systematic exploration of critical process parameters
such as surface charge density, pore connectivity, and flow conditions that govern binding
performance. Consequently, colloidal-level modelling can accelerate and guide the design
of high-throughput and cost-effective ion-exchange membranes by providing insights that
bridge molecular detail with process-scale functionality.

The future of IEX-NFM design lies in the convergence of physics-based modelling and
data-driven intelligence. Machine learning models trained on experimental and simulated
datasets could rapidly predict protein-binding capacity, pressure drop, and mass transport
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behaviour from structural inputs such as fibre morphology and properties [126]. Coupled
with material informatics approaches for feature selection and design, this will allow
accelerated optimisation of membrane architectures. In the long run, integrating AI-guided
design and high-throughput characterisation could establish continuous improvement of
membrane materials [127].
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