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Continuous flow chemistry is radically changing the way of performing chemical synthesis, and
several chemical and pharmaceutical companies are now investing in this enabling technology [1].
From this perspective, the development of catalytic methods in continuous flow has provided a
real breakthrough in modern organic synthesis. In this Special Issue of Catalysts, recent results
and novel trends are reported in the area of catalytic reactions (homogeneous, heterogeneous, and
enzymatic, as well as their combinations) under continuous flow conditions. Contributions to this
Special Issue include original research articles, as well as a review from experts in the field of catalysis
and flow chemistry.

Two new technologies were developed, and compared, for the preparation of dialkyl succinates [2].
In particular, with the aid of homogenous acid catalysis, the trans-esterification of dimethyl succinate
was achieved by using a microwave-assisted flow reactor. The use of enzymatic catalysis (with lipase
Cal B) under flow conditions allowed for the preparation of dialkyl succinates by trans-esterification
of dimethyl succinate. The advantages of flow reactors compared to traditional batch settings were
demonstrated in this esterification process.

An innovative continuous flow process for the production of valuable 5-hydroxymethylfurfural
(HMF) from glucose was developed [3]. The process proceeds via enzymatic isomerization of glucose,
selective arylboronic acid-mediated fructose complexation/transportation, and a chemical dehydration
to HMF. Interestingly, the new reactor was based on two aqueous phases dynamically connected via
an organic liquid membrane, which enabled substantial enhancement of glucose conversion while
avoiding intermediate separation steps. The use of an immobilized glucose isomerase and an acidic
resin facilitated catalyst recycling.

Zirconium-based mesoporous materials were prepared and used as suitable catalysts for the
continuous flow hydrogenation of methyl levulinate [4]. The catalysts were accurately characterized
in order to ascertain the structure, texture, and acidic properties. All the prepared materials were
successfully employed, under flow conditions, for the hydrogenation of methyl levulinate using
2-propanol as the hydrogen donor. Better performance was observed with catalysts possessing higher
dispersion of ZrO2 particles.

Monolithic flow microreactors were employed for studying the kinetics of the Meerwein–Ponndorf–
Verley reduction of carbonyl compounds [5]. Zirconium-functionalized silica monoliths constituted
the core of the reactor and performed well in promoting the reduction of cyclohexanone and other
ketones and aldehydes using 2-butanol as the hydrogen donor. Important kinetic parameters and data
on the reaction rates were the main output of this study.

In the context of the treatment of wastewater containing chlorinated organic pollutants,
a continuous flow process for hydrodechlorination of chlorophenols was reported [6]. The process
relies on the use of a Pd/carbon nanotube (CNT)-Ni foam microreactor system and formic acid as the
hydrogen source. The catalytic system performed well in dechlorination reactions, and the catalyst
could be regenerated by removing the absorbed phenol from the Pd catalyst surface.

An oxidative process conducted under continuous flow conditions, the Mg-catalyzed Oppenauer
reaction was reported [7]. By using pivaldehyde or bromaldehyde as oxidants, and inexpensive

Catalysts 2019, 9, 663; doi:10.3390/catal9080663 www.mdpi.com/journal/catalysts1
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magnesium tert-butoxide as the catalyst, several primary and secondary alcohols underwent oxidation
reactions. A multigram continuous flow synthesis of the pheromone stemming from Rhynchophorus
ferrugineus was realized using this oxidation method.

An approach for improving the productivity of multiphase catalytic reactions conducted in flow
conditions was proposed [8]. A tube-in-tube membrane contactor (sparger) integrated in-line with the
flow reactor was used in the aerobic oxidation of benzyl alcohol to benzaldehyde with a packed bed
palladium catalyst. This technology was benchmarked in order to improve productivity, selectivity,
and safety.

In the field of computational fluid dynamics, a predictive model has been presented for the
simulation of the in situ Gasification Chemical Looping Combustion (iG-CLC) process in a circulating
fluidized bed (CFB) riser fuel reactor [9]. Interestingly, CLC was demonstrated as a promising
technology to implement CO2 capture.

Another prediction method for estimating the erosion evolution is also described in this Special
Issue [10]. The phenomenon of particle erosion is of great importance in industrial settings. The
dynamic mesh technology was used to demonstrate the surface profile of erosion, and mathematical
models were set up in order to consider gas motion, particle motion, particle-wall collision, and erosion.

A review dealt with catalytic methods for the production of biodiesel from renewable sources [11].
Titanium dioxide was targeted as the catalyst for the conversion, under batch and flow conditions,
of triglycerides into fatty acid methyl esters (FAME), the main components of biodiesel.

We believe that the reported contributions in this Special Issue will inspire all those involved in
the field of catalysis in flow conditions, providing useful hints for newcomers in this exciting and
progressing field of science.
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Abstract: Two new continuous flow systems for the production of dialkyl succinates were developed
via the esterification of succinic acid, and via the trans-esterification of dimethyl succinate. The first
microwave-assisted continuous esterification of succinic acid with H2SO4 as a chemical homogeneous
catalyst was successfully achieved via a single pass (ca 320 s) at 65–115 ◦C using a MiniFlow 200ss
Sairem Technology. The first continuous trans-esterification of dimethyl succinate with lipase Cal B
as an enzymatic catalyst was developed using a Syrris Asia Technology, with an optimal reaction
condition of 14 min at 40 ◦C. Dialkyl succinates were produced with the two technologies, but higher
productivity was observed for the microwave-assisted continuous esterification using chemical
catalysts. The continuous flow trans-esterification demonstrated a number of advantages, but it
resulted in lower yield of the target esters.

Keywords: continuous flow; dialkyl succinates; homogeneous catalysis; lipase Cal B; succinate

1. Introduction

With the depletion of oil-based resources, wood-based biomass and especially plant waste rich in
lignocellulosic feedstocks appear to be the main alternatives for the production of platform molecules.
Among them, succinic acid (SA) as a linear C-4 dicarboxylic acid is considered as one of the top 12
prospective building blocks derived from sugars by the US Department of Energy. SA is mainly
produced via a chemical catalytic route starting from maleic acid and maleic anhydride. The use of
furan-derived SA at laboratory-scale using chemical process, as well as via biotechnological process (i.e.,
by fermentation) have also been studied [1]. SA can be used as a precursor to produce different chemical
intermediates [2], such as tetrahydrofuran [3], γ-butyrolactone [4], and 1,4-butanediol [5]. Particularly,
SA ester products can be used in the chemical industry as a green solvent, or plastic and fuel additive,
as well as in the pharmaceutical and cosmetic industries [6]. Different processes using chemical
homogeneous catalysis [7–10], heterogeneous catalysis [11–21], and chemo-enzymatic reaction [22]
have been reported in batch process, but few reports have described continuous flow dialkyl succinate
synthesis [21,23]. Among the dialkyl succinates with value-added properties, dimethyl-, diethyl-,
di-isobutyl-, and dioctyl succinates can be used as green solvents; dibutyl-, didecyl-, diamyl-, and
diisoamyl succinates can be used as plastic and fuel additives; tocopherol, estriol, chloramphenicol, and
hydrocortisone succinates as pharmaceutical ingredients; and dipropyl, diethoxyethyl, or diethylhexyl
succinates in cosmetic application [1]. Processes for the production of dialkyl succinates in a batch

Catalysts 2019, 9, 272; doi:10.3390/catal9030272 www.mdpi.com/journal/catalysts4
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reactor were developed in 2010 (Table 1). Among them, the use of sulfonic acid was the most
described [8–11,14–17], followed by carboxylic acid [18] and phosphoric acid [19]. It is difficult
to compare each result since the processes were conducted in different conditions by different groups.
Nevertheless, the use of alcohol as both solvent and reagent was often in excess at temperature in
the range of 25–160 ◦C for 25 h. Dialkyl succinates were produced in yields higher than 66%. Al2O3

was described as a heterogeneous catalyst at 25 ◦C for 48 h for the synthesis of dimethyl ester 2b in
70% yield [20]. Among the recent reports, Zhang et al. described the continuous flow synthesis of
diesters 2a, 2b, and 2d in the presence of “man-made” heterogeneous catalyst in quantitative yield [21].
Moreover, Fabian et al. described the use of batch microwave radiation as alternative tool for the
esterification of SA [14]. To the best of our knowledge, the chemoenzymatic production of diesters 2a–i

using both pure SA (1) and pure dimethylester 2b as reactants has never been reported. Nevertheless,
Delhomme et al. used crude fermentation broths produced from recombinant Escherichia coli for the
synthesis of 2h in the presence of lipase Cal B [22].

Table 1. Selected catalysts reported for the conversion of succinic acid (1) to dialkylsuccinates 2.

 

Entry Reactor Catalyst
Reaction

Conditions a 2
Yield of 2

(%)
Ref

1 batch H2SO4 nd:2:110:18 2g 69 [8]
2 batch H2SO4 nd:2.3:110:18 2f 78 [9]
3 batch H2SO4 nd:2.3:110:18 2h 70 [9]
4 batch OPP-SO3H-1 10:50:70:6 2b 88 [15]
5 batch SS-0.010 10:2:100:6.5 2a 94 [16]
6 batch Glu-TsOH 100:80:80:4 2a 100 [17]
7 batch b CH3SO3H@Al2O3 332,000:2:80:8 2b 97 [14]
8 batch b CH3SO3H@Al2O3 332,000:2:80:8 2a 97 [14]
9 batch b CH3SO3H@Al2O3 332,000:2:80:8 2c 97 [14]
10 batch b CH3SO3H@Al2O3 332,000:2:80:8 2i 97 [14]
11 batch C2(Mim)2HSO4 2:3:60:3 2b 76 [10]
12 batch C3(Mim)2HSO4 2:3:60:3.5 2a 68 [10]
13 batch C4(Mim)2HSO4 2:4:60:4 2c 74 [10]

14 batch N-Butyl-2,4-dinitro-anilinium
p-toluenesulfonate 1:2:99:25 2h 93 [7]

15 batch nano-SO4 2-/TiO2 5:3:160:2 2g 97 [11]
16 batch TSA3/MCM-41 0.1:3:80:14 2a 66 [18]
17 batch TSA3/MCM-41 0.1:3:80:14 2d 90 [18]
18 batch TPA2/MCM-41 100:3:80:8 2d 68 [19]
19 batch TPA2/MCM-41 100:3:80:8 2f 68 [19]
20 batch TPA2/MCM-41 100:3:80:8 2h 73 [19]
21 batch Al2O3 50:1.6:25:48 2b 70 [20]
22 flow PIL-A 5:1.2:85:5 2b 100 [21]
23 flow PIL-A 5:1.2:87:4 2a 100 [21]
24 flow PIL-A 5:1.2:100:3.5 2d 100 [21]

a Reaction conditions: amount of catalysts (% w/w, in some cases unit is mg):mole ratio of alcohol/succinic
acid:reaction temperature (◦C):reaction time (h). b Microwave-assisted esterification. OPP-SO3H-1: organic knitted
porous polyaromatics with pyrene; SS-0.001: silica-supported sulfate with sulfate loading 0.001 mol; TSA3/MCM-41:
12-tungstosilicic acid (30 wt%) anchored to MCM-41; TPA2/MCM-41: terephthalic acid (20%) anchored to MCM-41;
PIL-A: acidic poly(ionic liquid).

Recently, the use of homogeneous and heterogeneous flow systems in organic chemistry have
been widely studied because of their highly efficient heat transfer compared with batch methodologies,
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good temperature monitoring, and enhanced mass transfer [24–33]. This innovative approach also
permits the time required to progress from research to pilot scale and production to be reduced. Due to
our interest in the topic of green chemistry and alternative technologies, two continuous-flow systems
for the production of dialkyl succinate were envisaged to develop an intensified process. Herein, we
report an efficient extension of this work in order to establish a comparison between the homogeneous
acid and the enzymatic continuous flow system for the production of selected dialkyl succinates.

2. Results and Discussion

Initial batch diesterification was performed using SA (1, 2 M) and ethanol (10 mL) in the presence
of H2SO4 (10 mol %) at 170 ◦C under microwave irradiation for the production of the corresponding
diester 2a (Table 2). In the presented work, the reaction time was determined by HPLC monitoring
either until no more conversion of the starting diacid 1 was observed, or within the maximum time
of one hour with magnetic stirring (600 rpm). The optimization of the reaction conditions for the
esterification of SA (1) with both acid catalysts and enzymes was first realized with a single-variable
strategy, by varying one variable at a time while keeping the others constant. For the present work,
error bars represent the standard deviation of five replicates. Different Bronsted acids, including
H2SO4, H3PO3, p-touluenesulfonic acid (PTSA) and 10-camphorsulfonic acid (CSA), were tested with
a concentration of 10 mol % (Table 2, entries 1–4). CSA and H2SO4 gave identical yields, and for
economic reasons, H2SO4 was selected for the following study. It should be pointed out that the use of
PTSA and H3PO4 as acid catalysts resulted in a lower yield (77% and 50%) for the same reaction time
(Table 2, entries 1 and 3). The experimental results with variation of H2SO4 (5–20 mol %) demonstrates
that the maximum yield was obtained in the presence of 20 mol % of the acid (Table 2, entry 5). Using
these conditions without catalyst, compound 2a was obtained in a low yield (9%). The acidity of the
catalysts used were different (PTSA pKa −6.5; H2SO4 pKa −3.0, 1.9; CSA pKa 1.2 and H3PO4 pKa 2.1,
7.0 and 12.0). The lack of reactivity of H3PO4 can be related to its low acidity compared with H2SO4

while PTSA with a strong acidity may favor the saponification of the ester 2a.

Table 2. Batch microwave-assisted diethyl succinate (2a) synthesis by varying the nature and the
amount of acid at 250 W.

Entry Acid
[Acid]

(mol %)
Yield of 2a

(%) a Error Bar

1 PTSA 10 77 1.48
2 CSA 10 84 1.09
3 H3PO4 10 50 1.52
4 H2SO4 10 84 0.55
5 H2SO4 20 87 0.84
6 H2SO4 30 82 1.14
7 H2SO4 5 70 3.36

a The diethyl succinate yield was calculated from gas chromatography analysis with a calibration curve. CSA:
10-camphorsulfonic acid; PTSA: p-touluenesulfonic acid.

Based on these previous results obtained in a batch reactor, the initial reaction using the microwave
continuous flow was conducted with SA (1, 0.15–0.27 M) in the presence of H2SO4 (5–20 mol %) in
ethanol. The molar concentration was more diluted in the flow device compared with the batch reactor
due to viscosity. Starting from SA (1, 0.22 M) and H2SO4 (20 mol %), the temperature was fixed close
to the boiling point of ethanol (75 ◦C) with a power input of 150 W, and the residence time was fixed
at 100 s for this mixture. Conversion of SA (1) and the yield of diethyl succinate (2a) were 45% and
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32%, respectively. In order to improve the process, residence times were increased from 100 to 400 s.
The optimal residence time was obtained at 320 s with a quantitative conversion of SA (1) and yield of
diethyl succinate (2a). Using a lower amount of H2SO4 (5 and 10 mol %) and variation of the amount
of SA (1, 0.15 and 0.27 M) resulted in lower yields of diethyl succinate (Table 3, entries 5–8). The use of
lower temperature (30 ◦C and 50 ◦C) did not lead to improvement in conversion and yield (Table 3,
entries 9 and 10).

Table 3. Continuous flow microwave-assisted diethyl succinate (2a) synthesis by varying the amount
of SA (1), H2SO4, the residence time, and the temperature at 150 W.

Entry
1

(mol L−1)
H2SO4

(mol %)
Temperature

(◦C)
Residence Time

(s)
Conversion

(%) a
Yield of 2a

(%) a Error Bar

1 0.22 20 75 100 45 32 0.71
2 0.22 20 75 180 60 48 1.30
3 0.22 20 75 320 100 99 0.45
4 0.22 20 75 400 100 99 0.55
5 0.22 10 75 320 85 82 0.89
6 0.22 5 75 320 75 68 0.89
7 0.27 20 75 320 95 90 2.17
8 0.15 20 75 320 82 78 1.52
9 0.22 20 50 320 73 68 1.52
10 0.22 20 30 320 35 16 2.41

a The diethyl succinate yield was calculated from gas chromatography analysis with a calibration curve.

Various primary and secondary alcohols having linear and branched carbon chains were subjected
to the continuous esterification under our optimized conditions (Figure 1). Due to viscosity, butan-1-ol
and alcohols with higher molecular weight were used at 0.18 M. Yields decreased proportionally with
the increase in the number of carbons in the chain. Using primary alcohols, the conversion of SA (1)
and yields of the selected dialkyl succinates (2a–e) were higher than 95% and 88%, respectively (Table 4,
entries 1–5). For those primary alcohols with more than six carbon atoms, productivity decreased with
yields between 65% and 80% (Table 4, entries 6–8). In contrast, the use of secondary alcohols gave
similar conversion (98%) and lower yields (36% for 2i and 89% for 2j) (Table 4, entries 9 and 10). To
the best of our knowledge, this is the first investigation which reports dialkyl succinates produced
in a continuous flow. More parameters can be explored, but the present yields were similar to those
obtained in the literature with batch process.

 

Figure 1. Selected dialkyl succinates 2a–j.
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Table 4. Scope of the microwave-assisted continuous flow dialkyl succinate 2a–j synthesis at 75 ◦C.

 

Entry
1

(mol L−1)
Temperature

(◦C)
Conversion

(%) a Diesters 2
Yield of 2a–j

(%) a Error Bar

1 0.22 65 100 2b 100 0.89
2 0.22 75 100 2a 99 0.55
3 0.22 95 95 2c 92 0.89
4 0.18 115 98 2d 89 0.55
5 0.18 115 98 2e 88 1.30
6 0.18 115 97 2f 78 1.30
7 0.18 115 98 2g 80 4.55
8 0.18 115 96 2h 65 0.84
9 0.22 80 98 2i 89 1.64
10 0.18 96 98 2j 36 1.95

a The dialkyl succinate yield was calculated from gas chromatography analysis with a calibration curve.

For fair comparison, compounds 2f–h were obtained by Stuart et al. [8,9] starting with a molar
ratio of alcohol:SA (2:1) in the presence of H2SO4 as a catalyst at 110 ◦C for 18 h in a batch reactor. The
yields of compounds 2f–h were 78%, 69%, and 70%, respectively. In our optimized microwave-assisted
flow synthesis, alcohols were used in large excess at similar temperature range (115 ◦C) for a residence
time of 320 s. In this study, the yields of diesters 2f–h were similar. It is obvious that the decrease in
residence time (18 h vs. 320 s) led to significant improvement in the synthesis of biobased chemicals
via esterification.

In order to explore high selectivity and smooth reaction conditions, continuous flow and
bioconversion with Novozymes® 435, the lipase B from Candida antarctica immobilized on acrylic resin
(Cal B) were studied in batch and flow reactors. The optimization of the reaction conditions for the
trans-esterification of dimethylester 2b with enzymes was realized as reported above with the acid
catalysts. To probe the scope of the methodology, the influence of thermal heating, the amount of
starting material 2b, and the amount of Cal B were examined (Table 5). Dimethyl ester 2b (50 mM) and
Cal B (270 g) in ethanol were mixed in a batch reactor for 24 h by varying the temperature. Whatever
the temperature used, the yield of diethyl succinate 2a was 60% except for temperature above 60 ◦C
due to the instability of the enzyme at high temperature (Table 5, entries 1–4). For these reasons,
temperature of 20 ◦C was chosen and variation of the amount of enzyme was studied. For a quantity
of 200 mg and 270 mg, the yields of the diesters 2a were similar while for smaller quantities the
yield of diethyl succinate 2a were too low (Table 5, entries 5–7). The use of concentrated solution
of dimethylester 2b were tested at 20 ◦C in the presence of Cal B (200 mg), but the yield of diethyl
succinate 2a decreased (Table 5, entries 8 and 9).

For the transfer of the enzymatic trans-esterification from batch to continuous flow, dimethyl ester
2b (50 mM) and Cal B (200 mg) were tested at 20 ◦C with different residence times (7, 2.3, and 1.2 min).
The longer the time, the better the yield, regardless of the amount of the diester 2b, enzyme dosage,
and temperature (Table 6). Only dimethyl ester 2b in the presence of a minimum amount of enzyme
(200 mg) at 40 ◦C with a time of 7 min allowed the production of diethyl ester 2a with a yield higher
than 20% (Table 6, entries 4 and 13). It should be noted that for a doubling time of 14 min, the diester
2a yield was 48% (Table 6, entry 23). In these optimized conditions, the use of Cal B (100 mg) resulted
in only 34% (Table 6, entry 24).
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Table 5. Batch chemoenzymatic synthesis of diethyl succinate (2a) by varying the concentration
and temperature.

Entry
2b

(M)
Cal B
(mg)

Temperature
(◦C)

Yield of 2a
(%) a Error Bar

1 0.050 270 20 60 0.89
2 0.050 270 40 60 1.22
3 0.050 270 60 60 0.55
4 0.050 270 80 20 2.51
5 0.050 40 20 30 1.30
6 0.050 130 20 55 1.73
7 0.050 200 20 60 1.09
8 0.10 200 20 50 1.30
9 0.20 200 20 45 1.30

a The yield of diethyl succinate was calculated from gas chromatography analysis with a calibration curve.

Table 6. Flow chemoenzymatic synthesis of diethyl succinate (2a) by varying the concentration,
temperature, and residence time.

Entry
2b

(M)
Cal B
(mg)

Residence Time
(min)

Temperature
(◦C)

Conversion of 2b
(%) a

Yield of 2a
(%) a Error Bar

1 0.050 200 7 20 90 7 1.00
2 0.050 200 2.3 20 79 1 0.55
3 0.050 200 1.2 20 76 1 0.45
4 0.050 200 7 40 99 23 1.30
5 0.050 200 2.3 40 73 3 0.89
6 0.050 200 1.2 40 73 2 0.84
7 0.050 200 7 60 95 18 1.22
8 0.050 200 2.3 60 78 5 1.41
9 0.500 200 1.2 60 73 2 1.00
10 0.050 100 7 40 60 14 1.09
11 0.050 100 2.3 40 68 6 0.89
12 0.050 100 1.2 40 63 traces 0.09
13 0.050 400 7 40 100 24 0.89
14 0.050 400 2.3 40 97 12 1.30
15 0.050 400 1.2 40 91 5 0.89
16 0.025 200 7 40 89 10 1.30
17 0.025 200 2.3 40 72 3 0.89
18 0.025 200 1.2 40 75 1 0.27
19 0.100 200 7 40 94 14 1.41
20 0.100 200 2.3 40 85 5 0.89
21 0.100 200 1.2 40 78 3 0.27
22 0.050 200 28 40 95 18 1.30
23 0.050 200 14 40 96 48 1.52
24 0.050 100 14 40 100 34 1.09

a The diethyl succinate yield was calculated from gas chromatography analysis with a calibration curve.

In order to expend the array of substrates, dimethyl ester 2b was coupled with a variety of primary
and secondary alcohols with linear and branched alkyl chains (Scheme 1). In general, the yields were
twice as low as those obtained during esterification in the batch reactor. Exceptions were observed for
diesters 2f, 2g, and 2h, which were obtained with much lower yields. Nevertheless, the variation in
yields according to the alcohol used was similar.
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Scheme 1. Scope of the flow chemoenzymatic synthesis of dialkyl succinates 2a and 2c–j at 40 ◦C.

The selectivity of the chemoenzymatic synthesis of dialkyl succinates 2a and 2c–j was low using
Cal B because the residence time was too low to have the second esterification. With a good conversion
of the dimethylester 2b, the first trans-esterification was obtained to furnish the intermediate and
then the second trans-esterification as a limiting step gave the target compounds 2a and 2c–j in
low-to-moderate 13%–54% yields.

3. Experimental Methods

3.1. Materials

Substrate alcohols (MeOH, EtOH, PrOH, iso-PrOH, BuOH, iso-BuOH, sec-BuOH, HexOH,
2-Et-HexOH, and OctOH) and succinic acid were purchased from Fisher Scientific (Leicestershire,
United Kingdom). Diethyl succinate (2a) was purchased from TCI Europe (Zwijndrecht, Belgium);
dimethyl succinate (2b), dipropyl succinate (2c), dibutyl succinate (2d), and diisopropyl succinate (2i)
were purchased from Sigma-Aldrich (Saint Louis, MO, USA). Diisobutyl succinate (2e) and di-sec-butyl
succinate (2j) were purchased from AKos Consulting & Solutions GmbH (Steinen, Germany). Dihexyl
succinate (2f), diethylhexyl succinate (2g), and dioctyl succinate (2h) were purchased from Hangzhou
DayangChem Co. Ltd. (Hangzhou, China), BOC Sciences (Shirley, NY, USA), and Carbosynth Europe
(Berkshire, United Kingdom), respectively. All materials were used without purification.

3.2. Microwave-Assisted Continuous Chemical Esterification

In a typical experiment, a 500-mL Erlenmeyer flask was first filled with succinic acid (1, 6.50 g,
55.1 mmol, 1 equiv.) and H2SO4 (1.08 g, 11.1 mmol, 0.2 equiv.) in alcohol (250–300 mL). The mixture
was stirred at room temperature for 10 min, and it was pumped with a peristatic pump (5 tr·min−1).
The solution was passed through a reactor under microwave activation (MiniFlow 200ss, Sairem®) at
65–115 ◦C (150 W) with a residence time of 320 s. Among the outlet solution, one milliliter of mixture
was collected, pH was adjusted to 7 by washing the mixture with 5% NaOH (0.5 mL), followed by
water (0.5 mL) and saturated aqueous NaCl solution (0.5 mL). Then, the organic layer was dried over
anhydrous Na2SO4 and the solvent was removed under reduced pressure. The aqueous phase was
analyzed by HPLC in order to determine the remaining succinic acid concentration, and the organic
phase was analyzed by gas chromatography to quantify the amount of esters produced.

3.3. Continuous Biochemical Trans-Esterification

In a typical experiment, a solution containing dimethyl succinate (2b, 200 mg, 1.37 mmol, 1 equiv.)
in alcohol (27 mL) was pumped at 0.05 mL min−1 using Syrris Asia equipment (Syrris, England). The
solution was passed through a cartridge filled with Cal B (200 mg) at 40 ◦C, leading to a residence time
of 14 min. Among the outlet solution, one milliliter of mixture was collected and saturated aqueous
NaCl solution (1 mL) was added. Then, the organic layer was dried over anhydrous Na2SO4 and the
solvent was removed under reduced pressure. The aqueous phase was analyzed by HPLC in order
to determine the remaining succinic acid concentration, and the organic phase was analyzed by gas
chromatography to quantify the amount of esters produced.
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3.4. Gas Chromatography (GC) Analysis

Gas chromatography analyses of the organic phase were performed by a Perkin-Elmer gas
chromatography instrument (Autosystem XL GC) (Perkin-Elmer, Singapore) using an Altech AT HT
column with a detector at 300 ◦C, an injector at 340 ◦C, and a constant flow of nitrogen of 1 mL
min−1. The column was heated at 150 ◦C for 2 min, and the column temperature was then raised to
350 ◦C with a temperature gradient of 15 ◦C min−1 before being held at this temperature for 4.67 min.
Succinic esters were identified and quantified by comparing GC retention time and peak area with
their respective calibration standards.

3.5. High-Performance Liquid Chromatography (HPLC) Analysis

Liquid chromatography analyses of the aqueous phase were performed by a Hewlett-Packard
1090 HPLC using a reversed phase C18 column (Novapak 3.9 mm × 150 mm) held at 40 ◦C.
Water/acetonitrile (ACN) mixture was used as the mobile phase (0.8 mL min−1) in a gradient mode
(0% ACN at t = 0 min to 60% ACN at t = 20 min to 90% ACN at t = 25 min to 0% ACN at t = 28 min).
The species were identified by UV detection (Hitachi L400H, San Diego, CA, USA) at a wavelength of
210 nm. Succinic acid was identified and quantified by comparing GC retention time and peak area
with their respective calibration standard.

4. Conclusions

In this study, two clean, mild, reproducible, and scalable continuous flow process for the
production of different dialkyl succinates using H2SO4 as the homogeneous catalyst and Cal B
as the heterogeneous catalyst were developed. A scope of different linear and branched alcohols
was successfully formulated based on the optimized protocols, leading to the target chemicals. The
homogeneous protocol furnished excellent yields (≥88%) when alcohols containing less than six carbon
atoms were used. One exception was observed with butan-2-ol as the reactant, which is probably
due to the hindered or solubility effects. For alcohols with higher molecular weight, productivities
decreased with yields between 65% and 80% even if the conversion of SA (1) was almost quantitative.
In comparison with chemical homogenous catalysis, the chemoenzymatic protocol resulted in lower
yields in the order of two at best with longer residence time (14 min vs. 5 min). The lack of reactivity
must be due to the lower temperature, which is related to the low thermal stability of the enzyme.
To the best of our knowledge, this is the first time that dialkyl succinates have been produced in
continuous flow either by chemical catalysis or enzymatic catalysis. The first method gave excellent
yields and it is possible on a larger scale. The second method requires optimization through the
screening of more effective enzymes.
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Abstract: Several Zr-based materials, including ZrO2 and Zr-SBA-15, with different silicon/zirconium
molar ratios, and ZrO2/Si-SBA-15 (where SBA-15 stands for Santa Barbara Amorphous material
no. 15), have been prepared as hydrogenation catalysts. The materials were characterized using
different characterization techniques including X-ray diffraction (XRD), N2 porosimetry, scanning
electron microscopy (SEM/EDX), diffuse reflectance infrared Fourier transform spectroscopy
(DRIFT) of pyridine adsorption and the pulsed chromatographic method using pyridine and
2,6-dimethylpyridine as probe molecules, mainly, have been employed for the characterization of the
structural, textural, and acidic properties of the synthesized materials, respectively. The catalysts have
been evaluated in the hydrogenation reaction of methyl levulinate using 2-propanol as hydrogen
donor solvent. The reaction conditions were investigated and stablished at 30 bar system pressure
with a reaction temperature of 200 ◦C using around 0.1 g of catalyst and a flow rate of 0.2 mL/min flow
rate of a 0.3 M methyl levulinate solution in 2-propanol. All catalysts employed in this work exhibited
good catalytic activities under the investigated conditions, with conversion values in the 15–89%
range and, especially, selectivity to Υ-valerolactone in the range of 76–100% (after one hour time on
stream). The highest methyl levulinate conversion and selectivity was achieved by ZrO2/Si-SBA-15
which can be explained by the higher dispersion of ZrO2 particles together with a highest accessibility
of the Zr sites as compared with other materials such as Zr-SBA-15, also investigated in this work.

Keywords: SBA-15; zirconium; methyl levulinate; Υ-valerolactone; flow chemistry

1. Introduction

The continuous growing demand on fuel and chemicals, which traditionally have been
obtained from petroleum, together with environmental and political factors, have promoted research
on alternative and renewable raw materials. In this regard, lignocellulosic biomass constitutes
and important renewable carbon source due to its worldwide availability and low price [1–4].
Such lignocellulosic biomass, whose main constituents are cellulose, lignin, and hemicellulose,
through different chemical transformations can be transformed into valuable chemicals with different
applications such as food additives, polymers, and fuels or fuels additives. Among such chemicals
γ-Valerolactone (GVL) is an important chemical easily obtained lignocellulosic biomass, specifically,
from the cellulose and hemicellulose fractions. Thus, GVL is an important chemical with many
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applications such as sustainable green solvent as well as being precursor of many important chemicals
used as intermediates for the production of fuels such as pentanoic or valeric acid, polymers, and fuel
additives [3].

The formation of GVL has been reported using homogeneous as well as heterogenous catalysts.
Among the homogenous catalysts, Ru-based, including Ru(acac)3 [5] and RuCl2(PPh3) [6] compounds
are predominantly used for the synthesis of GVL from different substrates such as levulinic
acid [5] and glucose [7] among others. Alternatively, the use of solid catalysts entails several
advantages such as easy handling and recyclability in addition to the benefits related with the
environment. Among the heterogeneous catalyst used to produce GVL via hydrogenation, ruthenium
catalysts, mainly Ru/C [8–10] have been the most widely among other noble metals typically used
as hydrogenation catalysts including Pt [11] and Pd [12] or bimetallic combinations of these metals
with others. Most of these approaches for the synthesis of GVL via hydrogenation are based on the
use of molecular hydrogen whose use give rise to several disadvantages such as the low solubility
of hydrogen in some solvents or the safety risks that involves the employment of high hydrogen
pressures [13]. Alternatively, the use of organic molecules, including, mainly, alcohols and formic acid
able to provide the reaction medium with hydrogen through the catalytic transfer hydrogenation (CTH)
process. Such approach has been employed in reactions related with biomass valorization process
such as the furfural hydrogenation or the conversion of levulinate esters into GVL. The previously
mentioned CTH process can be favored by Lewis acid sites including those generated by isomorphic
substitution of silicon by metals such as Sn, Zr and Ti in zeolites [14]. Alcohols are the solvents most
wide used as hydrogen donor due to their low price, green credentials, and safety in their use. There are
some factors that affect the alcohol hydrogen donor efficiency, for instance, secondary alcohols are
more capable to transfer hydrogen than a primary alcohol, in addition the alcohol chain length is
an important factor, thus, as longer is that chain more favored is the hydrogen transference to the
substrate. Such CTH process may take place through different mechanisms that is going to depend
on the catalytic species involved in the reaction: homogeneous vs. heterogeneous catalysts or which
acid-base or metal catalysts are used for the reaction [13]. In this sense, Zr-based materials represent an
efficient and cheap alternative to noble metals leading to high GVL yield comparable to that achieved
by more expensive metals such as ruthenium and palladium among others [15,16].

Zirconium loaded materials as well as bulk zirconia are materials widely used in catalysis.
Thus, our research group already reported the isomorphic substitution of silicon by zirconium
in an SBA-15 framework leading to materials with highly active Lewis acid sites very active in
Friedel-Crafts alkylation [17]. Similar approach has been reported for zeolites, where the replacing
of aluminum by zirconium give as result a zeolite with enhanced acidic properties and resistant to
aqueous environments [18]. In addition, ZrO2 either supported or bulk owns interesting catalytic
features, in addition to its ability of promoting CTH processes, including the combination of both
acid and basic properties that allow its participation in cascade processes such as the dehydration
of sugars into 5-hydroxymethylfurfural (HMF) [19] or many other applications related with biomass
valorization where the water tolerance plays an important role [20,21].

In addition, continuous-flow reactors offer several advantages as compared with traditional
batch reactors such the easier scaling up of the reaction conditions, possibility of testing the catalyst
along large periods of time on stream in addition other advantages already reported such the high
productivity, lower energy consumption, avoids the separation In this sense, continuous-flow processes
may offer an attractive option for biomass valorization and the study of the catalysts under certain
conditions that may occur including presence of water and moderate temperature and pressure.
Moreover, our research group has demonstrated in previous studies the continuous-flow approach is
successful alternative for the conversion of biomass derivatives into added value chemicals in biomass
valorization processes such as the hydrogenation of furfural [22] or the production of GVL [23,24] that
will be also addressed in this work. In addition to these applications, various other reactions have been
reported including the continuous hydrogenation of cinammaldehyde over Pt/SiO2 catalyst coated
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tube [25], alkynol semihydrogenation over Pd/ZnO [26] and the continuous gas phase hydrogenation
of CO2 into methanol by CuO/ZnO/ZrO2 systems [27].

In this work we report the preparation of different Zr-based materials including different phases
of ZrO2, Zr-SBA-15 materials with different Si/Zr ratio prepared by direct synthesis and, finally,
ZrO2 supported on Si-SBA-15 synthesized by wet impregnation with the same loading as the Zr-SBA-15
material with the highest zirconium content, this a 10 wt % metal loading. The different aspects
related with their physicochemical properties and the influence of these in the hydrogenation of
methyl levulinate under continuous-flow conditions. In addition, different parameters such as flow,
temperature and pressure will be optimized.

2. Results and Discussion

The textural properties of the Zr-based materials measured by nitrogen adsorption/desorption
measurements are shown in Table 1. As expected, SBA-15 materials own high specific surface while
ZrO2 exhibited lower surface, more specifically the material ZrO2(m) which showed the lowest surface
area (36 m2/g). The pore diameter measured for mesoporous materials was around 6.0 nm similar to
that found for the material ZrO2(m+c). By contrast, the pore size of the monoclinic zirconium oxide
was much higher, so much that this material can be considered more macroporous than mesoporous.
Regarding with the pore volume, as well as it happened for the specific surface, this was found higher
in the SBA-15 mesoporous materials with a noticeable decrease after the incorporation of ZrO2 due
to the pore blockage by metal oxide particle in a high loading around 10 wt % and the formation ink
bottle shaped pores [28].

Table 1. Textural properties of the different Zr-based materials synthesized in this work.

Material SBET (m2/g) VBJH (cm3/g) Vmeso (cm3/g) DBJH (nm)

Zr-SBA-15(20) 651 0.79 0.72 6.1
Zr-SBA-15(10) 832 0.95 0.60 5.7

ZrO2(m) 36 0.28 0.16 26.3
ZrO2(m+c) 104 0.22 0.15 7.3

ZrO2/Si-SBA-15 453 0.62 0.56 6.0

The SBA-15 materials showed isotherm plots type IV distinctive for ordered hexagonal SBA-15
materials with a hysteresis loop in a P/Po range between 0.5 and 0.8. The isotherm plot for
sample loaded with Pt present a certain deterioration degree as compared with the parent material.
The isotherm plots for all the synthesized materials can be found in the Supplementary Materials,
Figure S1.

Low angle XRD diffractograms (Figure S2) confirmed the hexagonal arrangement characteristic
for SBA-15 materials, showing peaks that can be indexed to diffraction planes 100, 110 and 200, typical
for the spatial group P6mm, while this arrangement cannot be observed for the zirconium oxide
materials. In addition, the wide-angle XRD of SBA-15 zirconium silicates confirmed the amorphous
nature of these materials. The crystallinity of the zirconium oxides samples was evaluated using
wide-angle XRD at 2θ between 10◦ and 80◦. The different phases either monoclinic or the mixture of
both monoclinic and cubic present in the zirconium oxide materials can be observed on Figure 1.

While the sample ZrO2(m) shows the characteristics diffraction lines that can be indexed
with zirconium oxide in the monoclinic phase, ZrO2(m+c) presents a mixture of diffraction lines
corresponding with both monoclinic and cubic phases. The phases ratio was also measured for the
material ZrO2(m+c), where it was found that approximately the 55% is corresponding with the cubic
phase and 45% with the monoclinic phase. The particle size calculated using the Scherrer equation
for ZrO2(m) was 11.6 nm quite similar to that one calculated for ZrO2(m+c) whose value was 12.1.
In the case of the material ZrO210%/Si-SBA-15, despite of the high Zr loading, any diffraction line
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could not be detected as consequence of the high dispersion and small particle size of zirconium on
the Si-SBA-15 support.
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Figure 1. Wide-angle X-ray diffractograms of the synthesized ZrO2 materials: (a) ZrO2/Si-SBA 15,
(b) ZrO2(m) and (c) ZrO2(m+c).

The surface acid properties in the zirconium loaded materials were evaluated by the
chromatographic pulse method as well as by DRIFT of pyridine adsorbed. The acidity is going
to be an interesting parameter to be evaluated, especially to discern the effect on the selectivity towards
GVL. As it can be observed on Table 2, the incorporation of Zr in the SBA-15 framework entails
and increase in total acidity, with the highest acidity value found for Zr-SBA-15(10), related with the
larger zirconium loading. The material ZrO2/Si-SBA 15 synthesized by impregnation owns higher
both Lewis and Brönsted acidity, which is relate to a better accessibility of the active sites by probe
molecules. This nonlinear increase in acidity is produced in Bronsted acidity while Lewis acidity
remained unaltered. As expected, in the case of the bulk zirconium oxides these materials showed,
mainly, Lewis acid properties together with a negligible amount of Brönsted acid sites.

Table 2. Surface acid properties of the investigated using the chromatographic pulse method.

Catalyst
Si/Zr Molar

Ratio *
Total Acidity
(μmol Py/g)

Brönsted Acidity
(μmol DMPy/g)

Lewis Acidity
(μmol/g)

B/L

Zr-SBA-15(20) 26.4 149 25 124 0.2
Zr-SBA-15(10) 12.7 223 101 122 0.8

ZrO2(m) - 112 <5 112 <0.1
ZrO2(m+c) - 149 <5 149 <0.1

ZrO210%/Si-SBA-15 12.7 271 120 151 0.8

* Determined by SEM-EDS.
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The surface acid properties were measured by pyridine adsorption DRIFT for the material
Zr-SBA-15(10) shows a continuous decrease in the interaction strength between pyridine moieties
and Brönsted as well as Lewis acid sites with temperature (Figure 2). The characteristics bands for
Brönsted and Lewis acid sites at 1550 cm−1 and 1442 cm−1, respectively, are distinguishable even at
the highest temperature measured, 300 ◦C. Noticeably, for the SBA-15 materials whose framework
has been modified with zirconium, Brönsted acidity remains almost unaltered along the experiment,
indicative of the strength of such acid sites.

Figure 2. DRIFT spectra of pyridine adsorption on Zr-SBA-15(10) acquired at: (a) 100 ◦C, (b) 150 ◦C,
(c) 200 ◦C, (d) 300 ◦C.

The catalytic activity of the Zr-based materials was evaluated in the conversion of methyl
levulinate (ML) into Υ-valerolactone using 2-propanol as H-donor solvent in a liquid-phase
continuous-flow reactor (Scheme 1). In general, all the catalysts investigated showed activity in
the transformation of ML into GVL. The optimum conditions were stablished for a ML concentration
of 0.3 M in 2-propanol with a flow of 2 mL·min−1 at 200 ◦C temperature and the pressure was fixed
at 30 bars, according to previously explored reaction conditions by our research group [23]. The first
sample was withdrawn after 60 min once the steady state was achieved. The hydrogen donor solvent
selected was 2-propanol that as compared with other secondary alcohols such as methanol and ethanol
because of its better performance and selectivity as a previous publication of our group shows [23],
that is due to the lower reduction potential of 2-propanol as compared with ethanol and methanol [29].

The results for the catalytic screening of the zirconium catalysts are shown in Figure 3. Firstly,
regarding with the conversion it can be observed two different performances, while the SBA-15
materials containing Zr in their framework showed conversions below 50 mol.%, a quantitative
conversion of ML for ZrO2 materials in both phases and supported ZrO2 on SBA-15 silicates was
achieved. Remarkably, the conversion for the zirconia catalyst in the monoclinic phase deactivates
continuously after the first 30 min of reaction. This deactivation may be caused by the coke deposition
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over the small surface of the catalyst. The results for the selectivity towards GVL for the different
catalysts investigated reveals, as it happened for the conversion, a smaller selectivity for the Zr-SBA-15
materials, while the highest selectivity to GVL was achieved by both zirconium oxides studied.
The decrease in selectivity for the SBA-15 zirconium silicates it is explained by the Brönsted acidity of
these materials that favors the transesterification of ML to isopropyl levulinate, the secondary product
detected for these catalysts as well as for the supported ZrO2 on Si-SBA-15.

Scheme 1. Methyl levulinate hydrogenation to GVL by Zr-based catalysts using 2-propanol as
hydrogen donor solvent. Reproduced from Ref. [30] with permission from The Royal Society of
Chemistry [30].

The differences found in terms of catalytic activity between zirconium oxide catalysts and
Zr-SBA-15 materials can be attributed to the differences on Zr available to catalyze the hydrogenation
step is going to be higher for ZrO2, independently on the investigated phase. More difficult to
explain are the differences found between ZrO2/Si-SBA-15 and Zr-SBA-15(10), whose Zr loadings,
theoretically, is the same. Even if it is considered that the theoretical amount of zirconium added
during the preparation of the Zr-SBA-15 materials is not completely incorporated into the materials
framework, the differences found in terms of conversion never could correlate with the differences in
metal loading.

Figure 3. Catalytic activity of the Zr-based materials evaluated in the hydrogenation of ML to GVL
expressed as: (a) conversion and (b) selectivity.

Apparently, ZrO2 materials are the most effective materials in the conversion of ML to GVL
with the highest selectivity towards the desired product. However, if the results are expressed as
productivity it is possible to reach a better insight in terms of the efficiency of each material to boost
the formation of GVL. Firstly, when Zr-SBA-15 materials are compared among them, the positive
effect of increasing Zr content in the material framework is clear. Secondly, ZrO2 catalyst showed
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similar GVL productivity to that found for Zr-SBA-15(10). Thus, the better metal dispersion expected
for Zr-SBA-15 materials as compared with bulk ZrO2 is going to play an important role in the ML
hydrogenation. Finally, the most remarkable result was found when it was compared the GVL
productivity (mmol of GVL produced per hour and gram of catalyst) obtained by Zr-SBA-15(10) and
ZrO2/Si-SBA-15, both with the same synthesized with the same metal loading. The GVL productivity
for ZrO2/Si-SBA-15 was almost 3 times higher the value achieved by the other materials (Figure 4).

Figure 4. GVL Productivity obtained using the different zirconium materials investigated in the
continuous ML hydrogenation. Reaction conditions: 0.1–0.2 g of catalyst, 0.2 mol/L ML in 2-propanol,
flow rate: 2 mL/min, 30 bar, 200 ◦C followed during 2 h.

The differences found between Zr-SBA-15(10) and ZrO2/Si-SBA-15 at first instance seem to be a
bit contradictory. Nevertheless, Zr loading in both materials is not the only parameter that should be
considered when compare the catalytic activity of both materials in the continuous ML hydrogenation.
While in the material synthesized by wet impregnation (ZrO2/Si-SBA-15) zirconium is expected to be in
the external face of Si-SBA-15 channels and fully accessible by the reactant molecules, in Zr-SBA-15(10)
catalyst, due to the nature of the material, an important fraction of Zr is going to be forming the walls.

Once selected the optimum catalyst for the transformation of ML to GVL over different Zr sites
the influence of different experimental parameters was studied (Figure 5). Among them, pressure
(10, 20 and 30 bar), temperature (120, 170, 200 bar) and flow rate (0.2, 0.5, 1 mL/min) were evaluated
leaving constant the concentration of ML in 2-propanol. Firstly, the influence of temperature in the
continuous hydrogenation of ML to GVL was investigated keeping constant the remaining reaction
conditions (0.3 M methyl levulinate solution in 2-propanol, 0.2 mL/min flow rate, 30 bar pressure).
At low temperature, 120 ◦C, any formation of GVL was detected while the minimum ML conversion
was attributed to the transesterification of ML to produce isopropyl levulinate. Such transesterification
reaction remained still important at higher temperature, 170 ◦C, where GVL becomes the main reaction
product. A new increase in the reaction temperature impact positively in the selectivity towards GVL
that is increased 95% when the reaction was performed at 200 ◦C as compared with the GVL selectivity
obtained for the reaction at 170 ◦C that was 73%. Following the pressure effect was evaluated at three
different pressure values (10, 20, 30 bar) controlling reaction temperature at 200 ◦C, 0.3 M solution
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of ML was introduced in the system with a speed of 0.2 mL/min. The maximum GVL productivity
was achieved when a pressure of 30 bar was used as compared with the other two pressures explored.
While diminishing the pressure at 20 bar leads to a slight decrease in ML conversion and GVL
selectivity, a further decrease at 10 bar leads to a lower GVL productivity and increased formation of
the transesterification product, isopropyl levulinate. Pressure values below 10 bar lead to low values
of GVL selectivity as well as ML conversion obtaining isopropyl levulinate as main product [23]. Thus,
keeping relatively high it is possible to favor the hydrogenation pathway over ML transesterification
with the solvent 2-propanol. Finally, the influence of ML 0.3 M solution flow rate was evaluated at
200 ◦C and 30 bars. Figure 5c clearly shows that an increase on the flow rate affects ML conversion
negatively, while selectivity towards GVL remained high. Thus, to achieve a good GVL productivity,
for ZrO2/Si-SBA-15, it is necessary to keep the flow rate low at 0.2 mL/min.

Figure 5. Catalytic performance of ZrO2/Si-SBA-15 in the liquid-phase continuous transformation
of ML into GVL under different reaction conditions: (a) temperature, (b) pressure, (c) ML solution
flow rate. Reaction conditions: 0.3 M ML solution, 0.1 g of catalyst were fixed for all the experiments,
(a) 0.2 mL/min flow rate, 30 bar pressure; (b) 0.2 mL/min flow rate and 200 ◦C reaction temperature
and finally, (c) 30 bar pressure and 200 ◦C reaction temperature. Time on stream 1 h.

Additionally, a long-term test of ZrO2/Si-SBA-15 for 24 h was carried out to test the catalyst
stability (Figure 6). At low times on stream, below one hour, it is observed an induction period before
achieving the maximum productivity. After 10 h on stream the performance of the catalyst decreased a
minimal amount and then remained practically constant as proof of the stability of the catalyst under
investigated conditions.

The results obtained in this research work were compared with other already published in
literature, leaving room for improvement if compared with GVL productivity achieved by UiO-66
(92.3 mmol/g h) [23]. On the other hand, long-term experiments of the best material studied in this
work showed a better stability with the time of ZrO2/Si-SBA-15 as compared with UiO-66. Similar
results were found by Rao et al. [31] who prepared several ZrO2/Si-SBA-15 materials with different
metal loadings using a higher amount of catalyst and harsher conditions (250 ◦C). Other Zr-based
materials such as Zr(OH)4 were evaluated in the hydrogenation of levulinate ester with poorer
selectivity towards GVL (84.5%) as compared with the results herein obtained [32].
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Figure 6. Long-term evaluation of ZrO2/Si-SBA-15 catalytic performance in the continuous
transformation of methyl levulinate into Υ-valerolactone. Reaction conditions: 0.3 M ML solution, 0.1 g
of catalyst, 0.2 mL/min flow rate, 30 bar, 200 ◦C. Time on stream up to 24 h.

3. Materials and Methods

3.1. Materials Preparation

3.1.1. Synthesis of Zr-SBA-15 Materials

Zr-modified SBA-15 materials were synthesized according to a protocol already described by
our research group [17], using ZrO(NO3)2·xH2O (Sigma-Aldrich, St. Louis, MI, USA) as metal salt
precursor. For the preparation of Zr-SBA-15 materials with Si/Zr molar ratio of 20 and 10, 8 g
of copolymer triblock PEO20PPO70PEO20, known as Pluronic P123, (Sigma-Aldrich, St. Louis, MI,
USA), used as surfactant, were dissolved in 300 mL HCl solution (pH ≈ 1.5) in a Teflon bottle.
After approximately 2 h, 18 mL of tetraethyl orthosilicate (Sigma-Aldrich, St. Louis, MI, USA), used as
silicon source, followed by the addition of the appropriate amount of the Zr precursor to achieve
the previously mentioned molar ratios. The mixture is kept under stirring for 24 h at 35 ◦C and,
subsequently, underwent hydrothermal treatment for 24 h. Once concluded the previous step, a white
solid is formed and separated by filtration. The final zirconium silicates were obtained after calcining
at 600 ◦C for 8 h and named as Zr-SBA-15(10) and Zr-SBA-15(20), where the numbers in brackets are
the Si/Zr ratio in the synthesized materials.

3.1.2. Synthesis of Supported ZrO2/Si-SBA-15

Same amount of Zr salt precursor as the used for the preparation of Zr-SBA-15(10) material was
dissolved in 3 mL of distilled water and then 1 g of Si-SBA-15 was added to the zirconium containing
solution. The mixture was stirred for 30 min and subsequently the water was removed using a rotary
evaporator (Heidolph Laborota 4000, Schwabach, Germany). The dried solid obtained was calcined at
400 ◦C during 4 h with a heating rate of 2 ◦C/min.

3.1.3. Synthesis of ZrO2

Two ZrO2 oxides were synthesized at different pH values. Both were prepared following the
same protocol described in Section 3.1. without adding TEOS. The samples were calcined at 600 ◦C
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for 8 h and named ZrO2(m) and ZrO2(m+c), where m stands for monoclinic and m+c for monoclinic
and cubic.

3.2. Materials Characterization

The nitrogen adsorption/desorption isotherm have been obtained at liquid nitrogen temperature
(77K) using a Micromeritics ASAP 2000 porosimeter (Micromeritics Instrument Corp., Norcross, GA,
USA). The amount of sample employed for each analysis was in a range 0.18–0.23 g, and prior to the
analysis all the solids were outgassed at 130 ◦C for 24 h. The specific surface area of the synthesized
materials has been calculated using the linear part (0.05 < Po < 0.22) of Brunauer, Emmett and Teller
(BET) equation. Pore size distribution have been calculated using the adsorption branch and the Barrett,
Joyner, and Halenda (BJH) equation (Barret-Joyner-Halenda). Pore volume have been calculated using
the BJH formula.

The crystallinity and the structure of the synthesized catalysts have been evaluated using the
X-ray diffraction technique. X-ray diffractograms were acquired using a Bruker D8D Discover (40 kV,
40 mA) diffractometer (Bruker AXS, Karlsruhe, Germany) using the Cu Kα radiation (λ = 1.54 Å).
The scan speed was 0.5 or 1 ◦/min in the interval 0.5◦ < 2θ < 5◦ for the low angle measurements and
10◦ < 2θ < 80◦ for the wide-angle acquisitions. This is instrument is fitted with the “Diffract.Suite EVA”
software version 3.1 (Bruker AXS, Karlsruhe, Germany) which allows particle size measurement and
phase ratio determination.

Elemental analysis of the synthesized materials was carried out using a JEOL JSM 7800F scanning
electron microscope (JEOL Ltd., Akishima, Tokio, Japón) fitted with a X-max150 microanalysis system,
window type detector SiLi, detection range: from boron to uranium, 127 eV resolution at 5.9 KeV.

The surface acid properties were evaluated using a chromatographic pulse method using pyridine,
which measures total acidity, and 2,6-dimethyl pyridine that interact, mainly, with the Brönsted acid
sites. Lewis acidity was obtained by difference between total and Brönsted acidity. The measurements
were carried out a gas chromatograph fit with a flame ionization detector (FID) detector and a
Chromosorb AW-MCS 80/100 packed column of 0.5 m length containing 5% wt. % in polyphenylether
(Supelco Analytical, Bellefonte, PA, USA). The operational conditions for the analysis were set up as
follows: inlet temperature 300 ◦C, FID detector at 250 ◦C, and oven temperature was stablished at
70 ◦C and 90 ◦C for pyridine and 2,6-dimethyl pyridine, respectively.

Additionally, the qualitative evaluation of the acidity has been analyzed using DRIFT of adsorbed
pyridine in the region between 1700 and 1400 cm−1. The spectra were recorded at 100, 150, 200 and
300 ◦C to assess the acidity strength. The vibration modes at 1545 cm−1 corresponds with the
interaction of the pyridinium cation with Brönsted acid sites, while at ca. 1442 cm−1 rise the band
corresponding with Lewis acid sites. An ABB 3000 instrument provided with a PIKE Technologies
DiffusIR (PIKE Technologies, Madison, WI, USA), a diffuse reflection accessory that can operate at
different temperatures and gas environments.

3.3. Catalytic Activity

The catalytic activity of the synthesized materials was investigated in the ML hydrogenation
using 2-propanol as hydrogen donor solvent. The amount of catalyst used was approximately 0.1 g,
(0.1 g for SBA-15 materials and 0.2 g for ZrO2 catalysts, based on material density). The optimum
conditions to perform this reaction were stablished at 200 ◦C, at 30 bar pressure, with a 0.2 mL/min
flow of a 0.3 M ML solution in 2-propanol. Additionally, different pressure, temperature, and ML
solution flow were evaluated to determine the best reaction conditions to perform this reaction under
continuous flow. Alicquots were collected one hour after the steady state conditions were reached in
the reactor to ensure that the entire line was filled with ML solution.

The samples were analyzed in a series II Agilent 5890 GC, provided with a SUPELCO EQUITY
TM-1 (60 m × 0.25 mm × 0.25 μm) column and an FID detector (Supelco Analytical, Bellefonte, PA,
USA). The temperature in the injector as well as in the reactor were 250 ◦C. The oven temperature
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program used was from an initial temperature of 60 ◦C for one minute that was increases up to 230 ◦C
with a heating rate of 10 ◦C/min and remained constant at that temperature for 5 min. Reaction
products were confirmed using a 7820A GC coupled with a 5977B mass spectrometer detector (Agilent
Technologies, Santa Clara, CA, USA) using same analysis conditions as above.

4. Conclusions

Several materials based on zirconium: two SBA-15 zirconium silicates with two different Si/Zr
molar ratio, two bulky ZrO2 with different phases and ZrO2 loaded on Si-SBA-15 (ZrO2/Si-SBA-15)
were investigated in the continuous ML hydrogenation to GVL using 2-propanol as hydrogen donor
solvent. Among them, ZrO2/Si-SBA-15 showed the best performance in terms of GVL productivity,
which can be explained by, firstly by the better dispersion of the ZrO2 particles as compared with the
bulky oxides in addition to an expected lower particle size and, secondly, the better accessibility of
the Zr sites in this material compared with the material Zr-SBA-15(10), with same Zr loading, where
the zirconium sites is going to be in the material framework forming the SBA-15 walls. In addition,
ZrO2/Si-SBA-15 have displayed a significant stability with time on stream keeping almost constant
GVL productivity with a slight decrease in selectivity and ML conversion. Also, it is noteworthy the
high selectivity towards GVL achieved by all the investigated materials, with a minimal amount found
of isopropyl levulinate, the transesterification product. Finally, the influence of several experimental
variable on the continuous hydrogenation of ML by ZrO2/Si-SBA-15 such as reaction temperature,
system pressure and methyl levulinate solution feeding have been investigated. It was observed
that high pressure and temperature affects GVL productivity positively while flow rates higher to
0.2 mL/min were too fast to convert ML efficiently.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/9/2/142/s1,
Figure S1: Nitrogen adsorption-desorption plots for the materials: (a) Zr-SBA-15(10), (b) ZrO2/Si-SBA-15, (c)
Zr-SBA-15(20), (d) ZrO2(m). Figure S2: Low-angle XRD for selected materials: ZrO2/Si-SBA-15, Zr-SBA-15(10),
ZrO2(m). Characteristics diffraction lines (100), (110), (200) corresponding with hexagonal arrangement are shown
for SBA-15 materials.
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Abstract: The application of flow reactors in multiphase catalytic reactions represents a promising
approach for enhancing the efficiency of this important class of chemical reactions. We developed
a simple approach to improve the reactor productivity of multiphase catalytic reactions performed
using a flow chemistry unit with a packed bed reactor. Specifically, a tube-in-tube membrane
contactor (sparger) integrated in-line with the flow reactor has been successfully applied to the
aerobic oxidation of benzyl alcohol to benzaldehyde utilizing a heterogeneous palladium catalyst in
the packed bed. We examined the effect of sparger hydrodynamics on reactor productivity quantified
by space time yield (STY). Implementation of the sparger, versus segmented flow achieved with
the built in gas dosing module (1) increased reactor productivity 4-fold quantified by space time
yield while maintaining high selectivity and (2) improved process safety as demonstrated by lower
effective operating pressures.

Keywords: flow chemistry; continuous reactor; tube-in-tube; multiphase catalysis; oxidation; aerobic

1. Introduction

Multiphase catalytic reactions (e.g., hydrogenation and oxidation) are important in the
production of petroleum-derived products, commodity and fine chemicals, and pharmaceuticals [1–3].
Such reactions using conventional reactors (e.g., trickle-beds, bubble columns) are challenging due to
insufficient heat- and mass transfer, low interfacial areas, and potential process safety concerns [3–6].
Flow reactor technology is a promising alternative to achieve safer and more efficient on-demand
manufacturing that can be scaled with parallel reactors [3–5,7–10]. Key benefits include (i) enhanced
heat and mass transfer due to inherently large surface area-to-volume ratios; and (ii) small volumes
which mitigate safety issues [3–5,7–11].

Performing aerobic, selective oxidation of alcohols to aldehydes using flow reactors could greatly
reduce economic and environmental costs associated with chemical processing [2,8,12]. Several factors
must be considered to acquire these benefits, including the type of oxidant and catalyst. Using catalytic
amounts of oxygen gas as the terminal oxidant, water is typically the only byproduct and it avoids the
use of stoichiometric amounts of harsh oxidizing agents [13]. Both homogeneous and heterogeneous
catalysts have the ability to facilitate selective oxidations using gas oxidants; however, heterogeneous
catalysts are advantageous due to the ease of product separation in continuous reactors [2,12,14–20].
In these solid-liquid-gas reactions, hydrodynamics and wetting are important considerations [5,21].

Hii and co-workers demonstrated selective oxidation of primary and secondary alcohols using
a commercially available catalyst and flow reactor [19]. Using 0.1–1 M substrate concentrations of
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benzyl alcohol, complete conversion and >99% selectivity was achieved [19]. However, the dilute
conditions inherently limited reactor productivity. Alternatively, Gavriilidis and co-workers built a
tube-in-tube membrane reactor for selective oxidation of neat benzyl alcohol to benzaldehyde [22].
The role of the tube-in-tube membrane reactor was to facilitate the gas oxidant diffusion into the
reacting liquid to feed to the catalytic packed bed [8,10,22–29]. They found that the tube-in-tube
reactor improved the catalyst contact with both benzyl alcohol and oxygen simultaneously, resulting
in increased conversion and selectivity. This result indicated that the reactor performance was limited
by oxygen permeation. Diluting the catalyst bed with silica beads to increase the catalyst contact
time also improved selectivity; however, the maximum selectivity obtained was less than 80% in
all cases [22]. From these studies, the authors indicated that improving reactor productivity while
maintaining selective oxidation was desirable.

We investigated the use of a tube-in-tube membrane contactor with a commercial continuous
reactor to improve reactor productivity of a multiphase (solid-liquid-gas) catalytic reactions.
Specifically, we introduced a tube-in-tube membrane contactor (sparger) to a flow reactor for
examination of the aerobic oxidation of benzyl alcohol by a heterogeneous palladium catalyst using
oxygen or air as a model reaction. It is important to note that the reactor is the specific focus of this
investigation, rather than the choice of substrate or catalyst. The effect of the sparger on hydrodynamics
and resulting selectivity and reactor productivity are discussed.

2. Results and Discussion

Selective aerobic oxidation of benzyl alcohol to benzaldehyde via a commercial palladium-based
catalyst was selected as a model system to examine the effect of gas-liquid contact in heterogeneous
catalytic reactions performed in flow. Figure 1 depicts the full reaction pathway for the oxidation
of benzyl alcohol. Use of noble metals such as palladium (Pd) were known to facilitate aerobic
oxidation of alcohols, and Pd has been shown to be more active than Pt or Ru for selective oxidation
of benzyl alcohol [30]. Furthermore, the mechanism of the reaction on the Pd surface has been well
characterized [16]. Even with an active Pd catalyst, achieving selective aldehyde production was
challenging since the thermodynamics favor the over-oxidized products [16,21]. The catalyst and
reactor conditions affected the conversion and selectivity to the desired aldehyde product [21].

Figure 1. Reaction mechanism for the oxidation of benzyl alcohol.

The reaction was first carried out continuously using the ThalesNano X-Cube™ reactor (Figure S1,
Budapest, Hungary). An external reciprocating syringe pump upstream of an HPLC pump was added
for the liquid stream to achieve precise residence times in the packed bed. The gas dosing module
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within the X-Cube™ maintained segmented flow with a fixed 1:19 volumetric gas bubble to liquid
slug ratio throughout the process. In these initial experiments, the oxidation of benzyl alcohol was
examined over 8 min of total residence time with 10 passes while monitoring the conversion of benzyl
alcohol and selectivity to benzaldehyde. With air as the oxidant, the highest conversion of benzyl
alcohol was 2.1% achieved after 8 passes with selectivity averaging 76% across the process (Figure S2).

To determine if availability of oxygen at the catalyst surface was limiting conversion, oxygen was
used as the oxidant in place of air. The conversion of benzyl alcohol using oxygen was 60% higher
than air: 3.4% compared to 2.1% after 6 min of residence time (Figure S2). Similarly, the conversion
increased with overall residence time when using oxygen; this increase in conversion was likely due to
the higher concentration of oxygen present in the liquid phase. Notably, the use of oxygen decreased
the selectivity by 25% compared to air. The observation of decreasing benzaldehyde selectivity with
increasing benzyl alcohol conversion can be attributed to over-oxidation to benzyl benzoate and was
consistent with previous reports for Pd catalysts [30].

Conversion in a three-phase packed bed reactor can be affected by fluid hydrodynamics, such as
fluid flow regime, on catalyst wetting. Increasing the oxygen-to-reagent ratio in such reactors could
improve conversion and selectivity [21]. Therefore, a tube-in-tube membrane contactor (sparger)
was introduced as an alternative to the gas dosing module of the X-Cube™ in order to increase the
oxygen-to-reagent ratio. The sparger contained a semipermeable inner tube constructed with Teflon
AF-2400, which was highly gas-permeable to facilitate transport of oxygen from the gas into the liquid
phase [31]. The sparger was configured such that the gas stream in the inner tube ran countercurrent to
the liquid stream in the outer PTFE shell (Figure 2). This configuration was chosen based on modeling
demonstrating a high saturation fraction [24]. The sparger was integrated in line with the existing
X-Cube™ between the syringe and HPLC pumps. The liquid feed containing dissolved gas from the
sparger was pumped directly into the X-Cube™.

(a) (b) 

Figure 2. (a) Diagram of the tube-in-tube membrane sparger. The gas, red arrows, flows through the
center tube counter-currently to the liquid fluid, blue arrows, in the shell. The gas diffuses through the
membrane dissolving into the liquid, the blue arrows transition to purple to indicate a gas rich liquid
stream. The gas rich liquid stream is fed to the packed bed. (b) Flow diagram of the continuous process
with the external syringe pump and sparger added to the X-Cube™.

The integration of the sparger unit resulted in a significant increase in conversion and selectivity.
The maximum conversion achieved after 10 passes was 10.9 ± 1.3% using air and 31.7 ± 6.1% using
oxygen (Figure 3). At 2.8 bar, the sparger exhibited a 5-fold improvement using air and a 9-fold
improvement using oxygen in conversion compared to the X-Cube™ gas dosing module with a fixed
1:19 volumetric gas to liquid ratio (dictated by the X-Cube™ system). The increase in conversion
of benzyl alcohol indicated that the sparger improved the effective oxygen supplied to the catalyst
surface compared to the gas dosing module. The maximum conversion of 31.7 ± 6.1% was consistent
with a gas-limited system described by Yang and Jensen based on mass transfer modeling [24].
This result confirmed that the sparger serves to facilitate oxygen solubilization into the liquid stream
according to Henry’s law, which is a similar result to previous reports for industrially relevant
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gas/liquid reactions [25,26,28,32]. Conversion can be increased by diluting the substrate; however,
dilution decreases the reactor productivity [10,26]. While conversion was an important metric for
evaluating the efficiency of a chemical process, productivity/space time yield (STY) was an important
consideration for reactor/process design. Reactor productivity/STY were especially relevant for
continuous processes that incorporate recycling unreacted materials. Often, there exists a trade-off
between selectivity/yield and productivity [33,34]. Practical examples include a time-dependent
racemization process [35] and vigorously exothermic reductions [36].

(a) (b) 

Figure 3. (a) Conversion of benzyl alcohol; (b) selectivity to benzaldehyde for the sparger modified
X-Cube™ and external pump system for both air (red circles) and pure oxygen (blue triangles) at
2.8 bar.

It should be noted that 10% conversion was achieved in only 8 min total residence time,
which equates to a STY of 22,000 g·L−1·h−1 with air and 64,000 g·L−1·h−1 with oxygen. Hii and
co-workers previously reported achieving 100% conversion using a ruthenium based catalyst.
To compare across different process conditions (2.5-fold higher pressure, ~50-fold lower benzyl
alcohol concentration, different temperature, and different catalyst) we use STY. We note they only
achieved a STY of approximately 1800 g·L−1·h−1, due in large part to the 50-fold lower benzyl
alcohol concentration [19]. This work focused on productivity rather than obtaining 100% conversion;
we were able to obtain a 10-fold higher STY using a different metal catalyst and increasing the
substrate concentration at lower overall operating pressure compared to previous work [19]. Therefore,
implementing the sparger in line with the X-Cube™ provided a straightforward approach to increasing
reactor productivity at lower operating pressures from 25 bar [19] to 2.8 bar (this work).

Additionally, use of the sparger increased the reaction selectivity to 100% for both air and pure
oxygen with no observable over-oxidation over ten passes (Figure 3). By comparison, over-oxidation
was observed with the gas dosing module at the same pressure (Figure S2). The improvement
in selectivity with the sparger was attributed to solubilization of the oxidant in the liquid phase.
Specifically, segmented flow at a fixed 1:19 gas-liquid ratio resulted in poor gas-liquid mass
transfer. Overall, this led to sequential presentation of the gas phase oxidant and then the reactant.
This sequential presentation promoted overoxidation due to high concentration of oxygen on the
catalyst surface [5,16,21,37]. In contrast with the segmented flow achieved by the X-Cube™ gas
dosing module, the sparger solubilized the gas in the liquid phase before entering the packed bed,
resulting in simultaneous presentation of the oxidant and reaction thus preventing overoxidation.
This simultaneous presentation achieved a higher selectivity to benzaldehyde, even at lower pressures.

Next, the effect of pressure using the sparger was examined. The reaction pressure was increased
to 9.7 bar and the conversion and selectivity were examined. At a residence time of four minutes,
the conversion was increased from 5.2% to 11.7% with air (Figure 4a); however, the selectivity decreased
to 84.8% (Figure 4b). The resulting STY was calculated to be 40,000 g·L−1·h−1. Similar results were
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observed using oxygen as well: conversion increased from 15.0% to 17.5% and selectivity decreased
to 90% with a calculated STY of 54,000 g·L−1·h−1 (Figure 4). These results suggested that at higher
pressure, the resulting higher solubilized oxygen content enhanced reaction kinetics which improved
conversion, but also promoted overoxidation which reduced selectivity. Therefore, operating pressure
with the sparger was an important consideration to achieving selective oxidation.

(a) (b) 

Figure 4. (a) Conversion of benzyl alcohol; (b) selectivity to benzaldehyde for the sparger modified
X-Cube™ and external pump system for both air (red circles) and pure oxygen (blue triangles) at
9.7 bar.

The selectivity with the sparger using air at low (2.8 bar) pressure was approximately 10% better
than the X-Cube™ at high (9.7 bar) pressures using oxygen as the oxidant (Table 1). Figure S3 contains
the data for the X-Cube™ at high (9.7 bar) pressure. At low (2.8 bar) pressure, the productivity of the
sparger with air increased 4-fold over the X-Cube™ with oxygen. Comparing the X-Cube™ at high
(9.7 bar) pressure with the sparger at low (2.8 bar) pressure, there was a trade-off between conversion
and selectivity indicated by the ~17% decrease in throughput and STY (Table 1). Importantly, using
the sparger at lower pressure was beneficial because (1) lowering the operating pressure mitigated
safety hazards and (2) improving the selectivity to 100% which reduced the complexity of separation.
Overall, this example of a tube-in-tube membrane sparger integrated in-line with the X-Cube™ offered
a simple alternative to the gas dosing module, with segmented flow, resulting in a significant increase
in STY as well as improved selectivity at low (2.8 bar) pressure.

Table 1. Conversion, selectivity, throughput, and space time yield (STY) of the sparged process with air
and non-sparged process with pure oxygen.

System Pressure (Bar) % Conversion % Selectivity Throughput (g/h) STY (g/(L*h))

X-Cube™ O2 9.7 17.5 ± 1.4 88.0 ± 1.8 60.3 77,000

Sparger O2
2.8 31.7 ± 6.1 100 ± 0.0 49.7 64,000
9.7 17.5 ± 3.8 90.1 ± 3.1 42.4 54,000

Sparger Air 2.8 10.9 ± 1.9 100 ± 0.0 17.1 22,000
9.7 11.7 ± 0.5 84.8 ± 1.2 31.1 40,000

3. Materials and Methods

Benzyl alcohol (99% pure) and triethylene glycol dimethyl ether (99% pure) were received from
Acros Organics. Toluene (99.9% pure) and palladium on activated carbon (10 wt% loading) were
received from Sigma-Aldrich (St. Louis, MO, USA) Oxygen (Ox R, 99.999% pure) and air (Ultra Zero,
21% pure) were supplied by Praxair (Danbury, CT, USA). For lower pressure reactions, house air was
used. All chemicals were used as received from commercial sources without any purification.
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A commercially-available reactor, the X-Cube™ (ThalesNano, Budapest, Hungary), was employed
to perform the reactions. An external reciprocating syringe pump (Chemtrix, Echt, The Netherlands)
was added in line as the primary pump in order to maintain consistent liquid flow. A catalyst cartridge,
packed with 100 mg of catalyst, was installed into the X-Cube™ mantle. Typically, the pump inlet
and the reactor outlet lines were placed in a 40 mL solution of 50 vol.% benzyl alcohol (4.8 M) and
10 vol.% triglyme (0.55 M, the internal standard) in toluene. Oxygen or air was introduced to the
reaction solution before entering the packed bed. The liquid flow rate into the system was 1 mL/min
and the reactor was set to 100 ◦C. The liquid back pressure was maintained by the X-Cube™ BPR valve.
The solution was then passed 10 times; each pass was characterized by gas chromatography (FID
detector, HP-5MS column, 6890N, Agilent, Santa Clara, CA, USA) and the identity of the constituents
in solution were confirmed with GC-mass spectroscopy (MS Detector 5973, HP-5MS column, 6890N,
Agilent, Santa Clara, CA, USA).

Gas introduction was controlled using the gas dosing module in the X-Cube™ or a tube-in-tube
membrane sparger depending on the experiment. The gas dosing module was set to maintain a 1:19
gas bubble to liquid ratio within the reactor. The membrane sparger was developed to increase the
oxygen available for reaction and integrated with the existing system (Figure 2), replacing the gas
dosing module. The sparger was configured with gas in the inner tube (Teflon AF-2400, Biogeneral,
San Diego, CA, USA) flowing counter-currently to the liquid stream in the outer shell (PTFE, Restek,
Bellefonte, PA, USA). The inner tubing had an OD and ID of 1.0 and 0.8 mm and the outer tubing
had an OD and ID of 0.125 and 0.063 inches, respectively. The tubing was joined by two 1/8-inch tee
joints (Swagelok, Solon, OH, USA) and the inner tubing was fitted into special 1/16” tubing with a
bore of 0.040” (VICI, Houston, TX, USA). The gas flow rate, measured at 1227 mL/min, was controlled
by a pressure differential between the cylinder regulator (Praxair, Danbury, CT, USA), and a back
pressure regulator (Swagelok, Solon, OH, USA) at the outlet of the inner tube. A pressure relief valve
(Swagelok, Solon, OH, USA) was added to prevent over pressurization of the sparger. The liquid from
the sparger was fed to the X-Cube™ and the oxidation reaction and characterization was carried out
as described above.

The system was characterized by benzyl alcohol conversion and selectivity. Conversion (Xi) was
based on the consumption of benzyl alcohol and was calculated according to Equation (1):

Xi =
Nalcohol, in − Nalcohol,out

Nalcohol,in
∗ 100% (1)

where Nalcohol,in and Nalcohol,out were the mols of benzyl alcohol at the inlet and outlet, respectively.
The selectivity (S) of the desired product, benzaldehyde, relative to the undesired side products,
typically benzyl benzoate, was calculated according to Equation (2):

S =
Naldehyde

Nproducts
∗ 100% (2)

where Naldehyde was the number of mols of benzaldehyde produced and Nproducts was the total moles
of all products. The amount of product produced, throughput (TH, g/h), was calculated based on
Equation (3):

TH =
Naldehyde ∗ MWaldehyde

trxn
(3)

where MWaldehyde represented the molecular weight of benzaldehyde and trxn was the overall reaction
time in hours. Space-time yield (STY, g/(L*h)) was calculated by Equation (4):

STY =
Naldehyde ∗ MWaldehyde

Vr ∗ trxn
(4)

where Vr is the packed bed reactor volume (0.78 mL, CatCart 4 mm × 62 mm).
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4. Conclusions

We have investigated a simple approach to improve multiphase catalytic reactions performed in a
flow chemistry unit. Specifically, we integrated a tube-in-tube membrane contactor (sparger) to the
X-Cube™ reactor and examined oxidation of benzyl alcohol using a heterogeneous palladium catalyst.
The sparger increased the conversion 9-fold using oxygen and 5-fold using air as the oxidant compared
to the gas-dosing module of the X-Cube™ at low (2.8 bar) pressure operation. Furthermore, the sparger
increased the reaction selectivity of benzaldehyde up to 100% compared to ~60–80% without the
sparger. The sparger facilitated these improvements by enabling the simultaneous addition of the
dissolved gas oxidant and the reagents to the catalyst in the same phase through facilitated gas
solubilization. The sparger also allowed for safer operation of these gas-liquid processes since the
sparged process was performed at lower pressure and achieved similar results, i.e. throughput within
20%, compared to the segmented flow process at higher pressures. Thus, sparger implementation
offered opportunities to improve process safety while also improving reactor productivity as the space
time yield increased by 4-fold using air with the sparger compared to oxygen with the X-Cube™ at
2.8 bar operation. Overall, we anticipated this approach can be broadly applied to other multiphase
catalytic reactions.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/9/1/95/s1,
Figure S1: The schematic diagram of the X-Cube™ reactor’s components (provided by ThalesNano), Figure S2:
(a) conversion of benzyl alcohol; (b) selectivity to benzaldehyde for the X-Cube™ and external pump system
for both air (red circles) and pure oxygen (blue triangles) at 2.8 bar, Figure S3: (a) Conversion of benzyl alcohol;
(b) selectivity to benzaldehyde for the X-Cube™ and external pump system for both air (red circles) and pure
oxygen (blue triangles) at 9.7 bar.
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Abstract: Catalytic hydrodechlorination (HDC) has been considered as a promising method for the
treatment of wastewater containing chlorinated organic pollutants. A continuous flow Pd/carbon
nanotube (CNT)-Ni foam micro reactor system was first developed for the rapid and highly efficient
HDC with formic acid (FA) as a hydrogen source. This micro reactor system, exhibiting a higher
catalytic activity of HDC than the conventional packed bed reactor, reduced the residence time and
formic acid consumption significantly. The desired outcomes (dichlorination >99.9%, 4-chlorophenol
outlet concentration <0.1 mg/L) can be obtained under a very low FA/substrate molar ratio (5:1) and
short reaction cycle (3 min). Field emission scanning electron microcopy (FESEM) and deactivation
experiment results indicated that the accumulation of phenol (the main product during the HDC of
chlorophenols) on the Pd catalyst surface can be the main factor for the long-term deactivation of
the Pd/CNT-Ni foam micro reactor. The catalytic activity deactivation of the micro reactor could
be almost completely regenerated by the efficient removal of the absorbed phenol from the Pd
catalyst surface.

Keywords: catalytic hydrodechlorination; micro reactor; chlorophenols; Pd catalyst

1. Introduction

Chlorophenols (CPs), existing widely in polluted groundwater and the wastewater effluents
of industry [1,2], have been listed as priority pollutants in many countries because of their high
toxicity, adverse environmental impacts and poor biodegradability [3–5]. For the safe disposal of these
highly toxic chlorinated organic pollutants, many detoxification techniques such as biodegradation [6],
photochemical degradation [5], advanced oxidation [7,8] and catalytic hydrodechlorination [9,10] have
been proposed. Among the available water treatment techniques mentioned above, hydrodechlorination
(HDC) presents the advantages of greater flexibility, low energy consumption and relatively safe
by-products, showing promising prospects in the treatment of wastewater containing chlorinated
organic pollutants [11–13].

Molecular hydrogen (H2) is the most widely employed hydrogen source for HDC [10,14–18].
However, the low H2 utilization efficiency caused by its very low solubility in water (0.84 mM, at 288
K and PH2 = 100 kPa) [19,20], and the low process safety associated with hydrogen gas usage [21,22],
may lead to some adverse influences during the treatment of wastewater on a large scale through HDC.
To overcome these drawbacks, other potential hydrogen sources, including isopropanol, hydrazine,
formic acid and formate, have been reported [19,20,23,24]. Formic acid, with high solubility in water,
has been proven to be a promising alternative hydrogen source of HDC [14,20].

The HDC of chlorinated organic compounds are generally performed in a conventional batch
reactor with a powder Pd catalyst [11,25–28]. A high formic acid (FA) consumption (FA/substrate
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molar ratio ≥35:1) and relatively long reaction time (tens of minutes or several hours) is required for a
high dechlorination of the substrate during HDC, as FA is utilized to provide hydrogen [14,19,20,23].
Furthermore, the inherent difficulty of scale-up is still a challenge during the industrial application of
a batch reactor system [29,30]. The application of a small-scale continuous flow reactor (micro reactor)
system may offer some advantages, especially for heterogeneous catalytic reactions such as HDC,
over a conventional batch reactor system [29]. The micro reactor, with short diffusion paths and large
interfacial areas, can provide efficient mixing and fast mass transfer during HDC, contributing to the
achievement of desired outcomes (e.g., high dechlorination, low FA consumption and short reaction
cycle) [30–32]. Scaling up a continuous reactor system is also generally easier than scaling up a batch
reactor system [30,33,34]. Thus, it is interesting to develop a new micro reactor system for HDC in
continuous flow.

A carbon nanotube (CNT)-Ni foam-supported Pd catalyst has been found to be an excellent
catalyst candidate for HDC [35]. Notably, this monolithic Pd/CNT-Ni foam composite catalyst can
also be utilized as a micro reactor, due to its highly porous channel with a micrometer size and
well-dispersed active Pd catalyst on the surface of the micro channel. Herein, we report the usage of a
micro reactor system for conducting HDC in continuous flow for the first time. Our aim is to develop
a new micro reactor system possessing a high catalytic HDC performance. The Pd/CNT-Ni foam
micro reactor system was configured and its HDC of CPs was evaluated in detail by using the safe and
efficient formic acid as a hydrogen source. Finally, the long-term deactivation and regeneration of the
Pd/CNT-Ni foam micro reactor were investigated.

2. Results and Discussion

2.1. Catalyst Characterization

Figure 1 presents Field emission scanning electron microcopy (FESEM) results of the Pd/CNT-Ni
foam micro reactor. A highly porous Ni foam skeleton with irregular micro channels of about
150–500 μm in size (Figure 1a) was found in this monolithic micro reactor. Uniformly dispersed
Pd nanoparticles were observed on the CNT surface of the fresh Pd/CNT-Ni foam micro reactor, and
their amount increased significantly with the Pd loading (Figure 1b,c). The micro reactors were used
for 76 h and deactivated with a high-concentration phenol solution, following which similar organic
layers were observed on the Pd catalyst surface (Figure 1d,e). After regeneration treatment, the organic
layer covered on the Pd catalyst surface disappeared (Figure 1f), indicating an efficient removal of the
absorbed organic layer from the catalyst surface during regeneration.

 

Figure 1. Field emission scanning electron microcopy (FESEM) images of 0.5 wt.% fresh (a,c),
0.2 wt.% fresh (b), 0.5 wt.% used (d), 0.5 wt.% deactivated with phenol (e) and 0.5 wt.% regenerated
(f) Pd/carbon nanotube (CNT)-Ni foam micro reactors. The inset in (a) is the photograph of the
Pd/CNT-Ni foam micro reactor.
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The fresh and used Pd/CNT-Ni foam micro reactors were also investigated by TEM/HRTEM.
Figure 2a shows that the Pd particles were well dispersed in a fresh Pd/CNT-Ni foam micro reactor,
which is consistent with the FESEM observation. The average particle size was about 2.68 nm
(Figure 2c). The nanoparticle composition was confirmed to be metal Pd by the HRTEM results
and the corresponding fast Fourier transform (FFT). The lattice plane with the interplanar distance
of 2.26 Å and its corresponding FFT pattern, assigned to the (111) plane of the face-centered cubic
(fcc) Pd, are presented in Figure 2e [36,37]. The Pd particle characteristics including dispersion, size
distribution and composition in the used micro reactor (Figure 2b,d,f) are almost the same as those
presented in the fresh micro reactor, revealing the excellent stability of Pd particles during HDC.

 

 

Figure 2. TEM (a,b) images and HRTEM (e,f) images of the fresh and used Pd/CNT-Ni foam micro
reactors, respectively. (c,d) The corresponding particle size distribution of (a,b). The insets in (e,f) are
the fast Fourier transform (FFT) patterns corresponding to the labeled regions.

2.2. HDC of 4-CP in Continuous Flow Micro Reactor and Packed Bed Reactor

For a comparison of the catalytic performance between the micro reactor and packed bed reactor,
the HDC evaluations were controlled at analogous reaction conditions, such as the same reactor volume
(about 4.8 mL), residence time and FA/substrate molar ratio. As shown in Figure 3, a significant
increase in dechlorination and decrease in 4-CP outlet concentration was observed when switching
from the packed bed reactor to the micro reactor. Desired outcomes (dichlorination >99.9%, 4-CP
outlet concentration <0.1 mg/L) of HDC was obtained in the micro reactor. With the reduction of the
FA/substrate molar ratio from 5:1 to 2:1, the enhancement of catalytic activity in the micro reactor
would be increased.

For HDC with the alternative hydrogen source of FA (a typical liquid–solid heterogeneous catalytic
process), the reaction rate depends on the concentration of the reactants (4-CP and FA) available on the
catalyst surface sites, which means that the observed catalytic activity is influenced by both the surface
hydrodechlorination reaction rate and the reactants’ mass transport rate from the liquid phase to the
catalyst surface [34,38]. In this work, the reaction scale is reasonable enough to be the main difference
between the micro reactor and packed bed reactor, because these two heterogeneous catalytic reactors
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possess the same catalyst characteristics, including active Pd loading (0.5 wt.%) and Pd particle size
(about 2.68 nm). Generally, the reduction of the reaction channel to a micro size is beneficial for
enhancing the mass transport rate of reactants significantly [29,31,32,39]. Therefore, a higher HDC
activity was exhibited by the micro reactor. In HDC, by using FA as a hydrogen source, a higher
FA concentration on catalyst surface sites is necessary to generate a sufficient Pd-H reactive species,
due to the incomplete FA decomposition during reaction [14,23]. A micro reactor with a very short
diffusion distance can undoubtedly improve the refill of FA on the catalyst surface, especially under
a low FA/substrate molar ratio. That is why the more obvious advantage of the micro reactor was
observed under a lower FA/substrate molar ratio.

 
Figure 3. Hydrodechlorination (HDC) performance under 2:1 formic acid (FA)/substrate molar ratio
(a) and 5:1 FA/substrate molar ratio (b) in different continuous flow reactors. Reaction conditions:
residence time (3 min), Pd loading (0.5 wt.%), 4-chlorophenol concentration (1 mmol/L).

2.3. HDC of 4-CP in Micro Reactor with Different Pd Contents

Figure 4 shows 4-CP dechlorination in a continuous flow Pd/CNT-Ni foam micro reactor with
different Pd contents. For the micro reactor without Pd, a very low dechlorination (<5%) of 4-CP was
found. A significant decrease of 4-CP dechlorination from 80.2% to 47.8% during the first 6 h was
presented by the micro reactor with 0.1 wt.% Pd. The catalytic activity and stability were obviously
enhanced by the increase of Pd loading from 0.1 to 0.5 wt.%. A very highly efficient and stable
HDC of 4-CP was exhibited by the micro reactor with 0.5 wt.% Pd. No significant changes of 4-CP
dechlorination and catalytic stability were observed with the further increase of Pd content in the
micro reactor from 0.5 to 2 wt.%.

Figure 4. Dechlorination of 4-CP during an HDC reaction in a Pd/CNT-Ni foam micro reactor with
different Pd loadings. Reaction conditions: residence time (3 min), FA/substrate molar ratio (5:1),
4-chlorophenol concentration (1 mmol/L).
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In the HDC mechanism (Scheme 1) [38], the CPs (4-CP) were adsorbed on the surface sites of
the Pd catalyst and consumed by the surface hydrodechlorination reaction, involving the adsorbed
atomic hydrogen and adsorbed CPs. The accumulation of 4-CP on the catalyst surface may occur,
as the surface reaction rate is very low. For the micro reactors with a lower Pd loading (less than
0.2 wt.%), the surface reaction rate is expected to be lower, due to the limited availability of active
Pd sites (Figure 1b). Jadbabaei et al. [38] reported the obvious catalytic deactivation caused by the
4-CP accumulation on the surface of a catalyst with a low Pd loading (<0.44 wt.%) during the HDC
of 4-CP. This phenomenon was also observed during our study. For the micro reactor with 0.1 wt.%
Pd, the 4-CP dechlorination decreased rapidly from 80.2% to 47.8%. The catalyst active surface sites
in the low Pd loading micro reactor were gradually covered by the accumulating 4-CP during the
reaction, resulting in the reduction of the HDC catalytic activity. Thus, the micro reactors with lower
Pd loadings (0.1 and 0.2 wt.%) present lower catalytic activity and stability. As the Pd loading in the
micro reactor increased, the surface reaction could be accelerated by the increase in active Pd sites
(Figure 1b,c) [40,41]. Additionally, the accumulation of 4-CP on the catalyst surface was alleviated or
even eliminated. Therefore, high catalytic activity (dechlorination >99.9%) and stability was exhibited
by the micro reactor with a relatively high Pd loading (≥0.5 wt.%).

 
Scheme 1. Mechanism of HDC on the Pd catalyst surface.

2.4. HDC of 4-CP in Micro Reactor under Different FA/Substrate Molar Ratios

The FA decomposition rate is considered to be slower than the hydrodechlorination rate
during HDC, although it can be stimulated by hydrodechlorination simultaneously [14,20]. A high
FA/substrate molar ratio is required to provide sufficient active adsorbed atomic hydrogen for a highly
efficient HDC process. The influence of the FA/substrate molar ratio on the dechlorination of 4-CP
during HDC in continuous flow Pd/CNT-Ni foam micro reactor was evaluated. As shown in Figure 5,
the catalytic activity and stability were enhanced significantly with the increase of the FA/substrate
molar ratio from 1:1 to 5:1. The lower activity and stability under low FA/substrate molar ratios
(1:1 and 2:1) may also be attributed to the low 4-CP consumption rate on the catalyst surface caused
by the insufficiently active adsorbed atomic hydrogen under these conditions [19,38]. Notably, the
FA/substrate molar ratio required for the almost complete dechlorination of 4-CP during HDC in our
study was far less than that reported in other works [20,23].

2.5. The Longevity, Deactivation and Regeneration of Pd/CNT-Ni Foam Micro Reactor

An HDC durability test was conducted for the evaluation of long-term catalytic stability in a
continuous flow Pd/CNT-Ni foam micro reactor. Figure 6a shows the 4-CP dechlorination as a function
of reaction time. The 4-CP dechlorination maintains a very high and stable value (≥99.9%) during the
initial 30 h. However, a gradual loss of catalytic activity with reaction time was observed after 30 h.
Only 60.9% dechlorination of 4-CP was found at the final 76th hour. The long-term deactivation of
HDC could occur in a continuous flow Pd/CNT-Ni foam micro reactor.

40



Catalysts 2019, 9, 77

Figure 5. Dechlorination of 4-CP during HDC reaction in a Pd/CNT-Ni foam micro reactor under
different FA/substrate molar ratios. Reaction conditions: residence time (3 min), Pd loading (0.5 wt.%),
4-chlorophenol concentration (1 mmol/L).

 

Figure 6. Dechlorination of 4-CP (a) and Pd outlet concentration (b) as a function of reaction time
during HDC reaction in a Pd/CNT-Ni foam micro reactor. Reaction conditions: residence time (3 min),
Pd loading (0.5 wt.%), FA/substrate molar ratio (5:1), 4-chlorophenol concentration (1 mmol/L).

HCl poisoning, which may induce severe Pd leaching and the alteration of Pd particles through
corrosive action, has been widely reported as an important factor of Pd catalyst deactivation during
HDC [12,38,42,43]. In our study, the continuous flow operation in the micro reactor achieved a more
effective removal of HCl from the Pd catalyst surface, limiting the influences of HCl by-products
during HDC [44]. Additionally, Pd particles with excellent stability, which may result from the
strong interaction between the transition metal (Pd) atoms and sp2-hybridized carbon atoms [12,45],
is expected to be resistant to HCl poisoning during the very short residence time (3 min). These
inferences were supported by the Pd leaching measurement and TEM/HRTEM analysis. As illustrated
in Figure 6b, Pd leaching in the effluents of the micro reactor was very low (<0.05 ppm) and almost
undetectable (<0.01 ppm) after the 10th hour. The dispersion, distribution and composition of Pd
particles were also largely unchanged during 76 hours of reaction time (Figure 2). Therefore, the
influence of HCl poisoning on the catalytic stability was not significant during HDC in the Pd/CNT-Ni
foam micro reactor.

The fresh and used Pd/CNT-Ni foam micro reactors were further investigated by FESEM.
It was found that the Pd catalyst surface in the Pd/CNT-Ni foam micro reactors was covered by
an organic layer after 76 h (Figure 1c,d). The used Pd/CNT-Ni foam micro reactor was soaked in
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ethanol for 4 h to perform an organics partial desorption test. Many phenols (about 37.8 mg/L
in solution), the main product for the HDC of 4-CP, were detected. To confirm the role of phenol
accumulation on the deactivation of the Pd/CNT-Ni foam micro reactor, a deactivation experiment
with a high-concentration phenol solution (1 mol/L) treatment was carried out for 4 h. A similar
organic layer to that caused by phenol accumulation was observed on the catalyst surface of the
deactivated micro reactor (Figure 1e). According to the HDC performance results shown in Figure 7,
serious deactivation of the Pd/CNT-Ni foam micro reactor was observed. The 4-CP dechlorination
decreased remarkably from almost 100% to a very low level, less than 15%. Serious deactivation of
HDC induced by phenol accumulation on the Pd catalyst surface was also observed in the work of
Jadbabaei et. al. [38].

Figure 7. Dechlorination of 4-CP during HDC reaction in fresh, used and deactivated Pd/CNT-Ni
foam micro reactors. Reaction conditions: residence time (3 min), Pd loading (0.5 wt.%), FA/substrate
molar ratio (5:1), 4-chlorophenol concentration (1 mmol/L).

Lastly, a deactivated Pd/CNT-Ni foam micro reactor was regenerated for 3 h in an argon
atmosphere (20 mL/min flow rate) at 250 ◦C. An almost complete recovery of the HDC catalytic
activity was presented by the regenerated micro reactor (Figure 7), due to the efficient removal of the
absorbed phenol layer from the Pd catalyst surface during the regeneration process (Figure 1f). This
result demonstrated that the Pd/CNT-Ni foam micro reactor system can be regenerated efficiently
through a simple heating process, facilitating its practical application significantly.

3. Materials and Methods

3.1. Preparation of Pd/CNT-Ni Foam Micro Reactor (Pd/CNT-Ni Foam Composite Catalyst)

A detailed preparation of the Pd/CNT-Ni foam micro reactor has been reported in the
literature [35]. The active Pd was introduced into the micro channel of a monolithic CNT-Ni
foam composite through the wetness incipient impregnation method. The pretreated CNT-Ni foam
composite (about 15 wt.% CNTs) was impregnated with an acetone solution, then calcined at 300 ◦C
for 2 h. Finally, the samples were reduced with 20 mL/min hydrogen flow at 300 ◦C for 2 h.

3.2. Catalytic Performance Evaluation

The HDC performance evaluations in micro reactors were carried out in a continuous flow
Pd/CNT-Ni foam micro reactor system (Figure 8a) at room temperature and atmospheric pressure.
Seven pieces of 65 × 6 × 1.8 mm (L × W × H) Pd/CNT-Ni foam micro reactor (about 1.5 g) were
embedded into the stainless steel reaction chamber (Figure 8b) to assemble the reactor system with
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two fixed stainless steel plates. The 4-CP (1 mmol/L) and FA aqueous solution with an appropriate
flow rate was made to flow into a micro reactor through a micro pump. The effluent liquid products of
the reactor were collected for further analysis.

 

Figure 8. Sketched configuration of the continuous flow Pd/CNT-Ni foam micro reactor system (a)
and the reaction chamber embedded with a Pd/CNT-Ni foam micro reactor (b).

We also evaluated the HDC performance in a continuous flow packed bed reactor with
a Pd/CNT-Ni foam composite catalyst. Small pieces of Pd/CNT-Ni foam composite catalysts
(3 × 3 × 1.8 mm) were packed into a 100-mm length of quartz tubing (8 mm I.D.) to assemble the
packed bed reactor. The reagents aqueous solution was then pumped into the reactor, and the effluent
liquid products of the reactor were collected for further analysis.

The effluent liquid samples were analyzed by high-performance liquid chromatography
(HPLC) with a Zorbax XDB-C18 column (Agilent, USA) [1,12,35]. Inductively coupled plasma
mass-spectrometry (ICP-MS) was employed to measure the Pd contents in the effluents.

3.3. Catalyst Characterization

A JSM-4800F electron microscope (JEOL Ltd., Tokyo, Japan) was employed for the field emission
scanning electron microcopy (FESEM) analysis. To carry out transmission electron microscopy (TEM)
and high resolution transmission electron microscopy (HRTEM) on A JEOL-2100F electron microscope
(JEOL Ltd., Tokyo, Japan), the powder Pd/CNTs sample was prepared by separating it from the Ni
foam skeleton through hydrochloric acid (0.1 M) immersion and ultrasonic treatment. The tests of
Pd concentration in the effluents were conducted through Agilent 7500a (Agilent, USA) inductively
coupled plasma mass-spectrometry.

4. Conclusions

The HDC of CPs using FA as a hydrogen source was investigated for the first time in a continuous
flow micro reactor. A continuous flow Pd/CNT-Ni foam micro reactor system was developed for the
rapid and highly efficient HDC of CPs. This micro reactor system, providing a micro size reaction
channel (100–500 μm) and well-dispersed Pd nanoparticles (2.68 nm), exhibited a higher catalytic
activity of HDC compared with the conventional packed bed reactor.

The influences of the Pd content and FA/substrate molar ratio on HDC performance in a
continuous flow micro reactor were discussed. A very low FA/substrate molar ratio (5:1) and short
reaction time (3 min) were required to obtain the desired outcomes (dichlorination >99.9%, 4-CP outlet
concentration <0.1 mg/L) for a micro reactor with 0.5 wt.% Pd loading. Moreover, the long-term
deactivation of HDC, which can be mainly attributed to the phenol accumulation on the Pd catalyst
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surface, was observed. The catalytic activity deactivation of this micro reactor system can be almost
completely recovered by the efficient removal of the absorbed phenol layer from the Pd catalyst surface,
making it a promising candidate for the HDC of wastewater containing highly toxic chlorinated organic
pollutants and other Pd-catalyzed hydrogenation reactions.

This work shows that the usage of a micro reactor system is practicable and highly efficient for
HDC in continuous flow. Future plans involve the development of a new Pd-based micro reactor
system with designable structures and unique physical and chemical properties, which could remove
target contaminants and enable the in situ regeneration of active components simultaneously.
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Abstract: The so-called OPPenauer oxidation is well known for its ability to oxidize valuable alcohols
into their corresponding aldehydes or ketones. In particular, it has proven to be extremely successful
in the oxidation of sterols. On the other hand, its application—in the original formulation—to
the obtainment of ketones outside the field of steroids met a more limited success because of less
favorable thermodynamics and side reactions. To circumvent these issues, the first example of
magnesium-catalyzed OPPenauer oxidation is described. The oxidation of primary and secondary
alcohol was performed using pivaldehyde or bromaldehyde as the oxidant and cheap magnesium
tert-butoxide as catalyst. Decent to excellent yields were obtained using reasonable catalytic charge.
The synthesis of a pheromone stemming from the Rhynchophorus ferrugineus was obtained by tandem
addition-oxidation of 2-methylpentanal and the process was successfully applied to continuous flow
on a multigram scale.

Keywords: Oppenauer oxidation; magnesium; catalysis; alcohols; aldehydes; ketones; pheromone;
Rhynchophorus ferrugineus

1. Introduction

OPPenauer (OPP) oxidation [1], the reverse process of the Meerwein-Ponndorf-Verley (MPV)
reduction [2,3] is a classical, well known yet useful method. Indeed, alcohol oxidation to carbonyl
constitutes one of the most important transformations in organic chemistry. However, despite the
first initial success of the OPP oxidation procedure in the oxidation of steroidal compounds, it did not
find widespread utility in the organic chemistry field outside of a few tuned and very specific natural
product syntheses [4–9]. This is mostly because over-stoichiometric amounts of aluminum reagents
were required to achieve good yields under reasonable reaction conditions [10–15]. To overcome
this sluggish activity, some typical procedures involving a broad range of organic oxidizing reagents
and metal-based systems have emerged. Simple salts as K [16,17] and Na [18,19] were first used in
respectively stoichiometric and catalytic quantities to promote the OPP oxidation while more complex
metal-based systems rapidly arose. Most of them were involving transition metals such as Ru [20,21],
Ir [22,23], Fe [24], Zr [25] or more recently Mn [26], used in catalytic amounts but also other elements
such as In [27,28], or Si [29]. These advances have contributed to the re-emergence of the OPP oxidation
as an attractive process. Nevertheless, all these procedures have disadvantages; they rely on expensive
metal complexes and/or elevated temperatures, are often toxic and eventually generate noxious wastes.
Among these metals, magnesium appears to be an extremely attractive candidate as it possesses many
properties appealing in catalysis such as low cost, high abundance, large possibilities of coordination
and easy treatment of the resulting salts.

The Mg-OPP oxidation was first explored as a stoichiometric process in 1987 by Brian Byrne
et al. using excess of magnesium under the form of Grignards [30], followed by numerous
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Knochel’s protocols which were considered to be the most advantageous as the in situ formed
magnesium alkoxides are intrinsically powerful promoters for the forthcoming hydride transfer [31–33].
Nevertheless, Grignard reagents should be accurately titrated beforehand and transferred carefully
in case over- or less-loading will lead to significant side reactions such as Aldol condensation
and Tishchenko esterifications [34]. Additionally, routes starting from Grignard reagents demand
low reaction temperatures, and sensitive functional groups are still found difficult to tolerate [35].
To circumvent these problems, we believe that a magnesium catalyzed variant of the well-known OPP
oxidation could be a good way to promote a more effective system to oxidize alcohols into carbonyls
without the disagreement of the other systems.

2. Results and Discussions

The oxidation of ferrugineol (1) (see Figure S1), to give the corresponding ketone ferrugineone (2)
was chosen to be our model substrate (see Figure S2). Indeed, this secondary alcohol is challenging
since it is sterically hindered, non-conjugated, and not easily enolizable; however, it can lead to
elimination reactions in basic medium which would give the corresponding alkene.

2.1. Preliminary Tests

Pivaldehyde [14] was selected as the first hydride acceptor owing to its low dielectric constant
and high oxidation potential (E0 = 211 mV) [19]. Different magnesium oxides and a magnesium salt
were studied to see if the OPP oxidation could be performed with catalytic amounts of these species
(Table 1).

Table 1. Screening of conditions for the Mg-catalyzed oxidation of ferrugineol (1) to ferrugineone (2).

Entry “Mg” (equiv) Temperature (◦C) Time (h)
1H NMR (%)
Conversion

entry 1 MgCl2 (0.4) 100 3 3
entry 2 Mg(OH)2 (0.4) 100 3 2
entry 3 Mg(OEt)2 (0.4) 100 3 31
entry 4 Mg(OEt)2 (0.4) 100 6 33
entry 5 MgO (0.4) 100 3 2
entry 6 Mg(OtBu)2 (0.3) 110 1 70
entry 7 Mg(OtBu)2 (0.3) 60 1 21
entry 8 Mg(OtBu)2 (0.3) 60 3 32

Reaction conditions: ferrugineol (1.0 equiv; 0.63 mmol), pivaldehyde (2.0 equiv), Mg catalyst (0.3 or 0.4 equiv), C6D6
(400 μL) under nitrogen. Note: Every bold used in tables highlight the best result.

Different catalytic charges were tested in deuterated benzene to evaluate the reaction efficiency
via NMR conversions. It clearly appeared that MgCl2, Mg(OH)2 and MgO as catalysts were not the
best candidates given that 3% conversion was the maximum obtained after 3 h heating (Table 1, entries
1, 2 and 5, Figures S3, S4 and S7).

Mg(OEt)2 gave average conversions (Table 1, entries 3 and 4, Figures S5 and S6) whereas
magnesium tert-butoxide appeared to be the most effective to catalyze the reaction (entry 6, Figures S8
and S9). It is noteworthy that the resulting tBuOH cannot be oxidized therefore limiting side reactions
(Figures S10, S11, S12 and S13). Reasonable NMR conversion was observed (70%) after only an hour
30% catalyst with a slight aldehyde excess at 110 ◦C. It seems likely that the reaction proceeds through
deprotonation, alcoholate-adduct formation via hydride transfer followed by classical OPP oxidation
(Scheme 1).
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Scheme 1. Proposed mechanism for the Mg-catalyzed OPP oxidation.

2.2. Optimization of the Reaction Conditions

2.2.1. Aldehyde and Temperature Studies

Magnesium tert-butoxide was thus chosen as the magnesium source whereas the aldehyde,
the solvent and temperature, and the alcohol nature were studied. Pivaldehyde was first chosen
as the hydride acceptor as described earlier but the influence of the aldehyde’s nature was also
studied (Table 2, entries 1 to 5). 2-methylpentanal and isobutyraldehyde are inexpensive, enolizable,
yet sterically hindered aldehydes preventing from side reaction. They both led to low conversions,
respectively 21 and 25% (Table 2, entries 2 and 3). Pivaldehyde and bromaldehyde were more efficient
than most of the other aldehydes (Table 2, entries 1 and 5) with respectively 70 and 84% conversions
after only one hour heating so they were both further studied.

Table 2. Aldehydes tests results.

Entry Aldehyde Temperature (◦C)
1H NMR (%)

Conversions 1

entry 1 Pivaldehyde 110 70
entry 2 2-methylpentanal 60 21
entry 3 isobutyraldehyde 100 25
entry 4 Cyclohexane carboxaldehyde 100 54
entry 5 Bromaldehyde 100 84

Reaction conditions: ferrugineol (1.0 equiv; 0.63 mmol), aldehyde (2.0 equiv), Mg (0.3 equiv), C6D6 (400 μL) under
nitrogen. 1 Conversions are calculated according to the starting material consumption related to the appearance of
product. Note: Every bold used in tables highlight the best result.
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2.2.2. Solvent Optimization

The optimal conditions of solvent and temperature were found by testing the oxidation of
both ferrugineol and cyclohexanol as they are illustrating different types of substrate (Table 3).
Unsurprisingly, considering the preliminary results in C6D6, non-polar, non-protic solvents such
as toluene led to the best results (up to 71%). Interestingly, undistilled solvent were giving higher
conversions than the distilled ones (Table 3, entries 4, 7 and 8), meaning that the presence of water
could have an influence on the reaction efficiency. Known quantities of water (0.5 to 2.0 equiv)
were then added to dry C6D6 to study this influence but it actually conducted to lower conversions
(Table 3, entries 12 to 14). Further measurement of water trace amounts in both non-distilled C6D6

and toluene using a Karl Fisher metrohm were also performed. Indeed, adding 0.5 to 2.0 equiv of
water actually meant 5.7 to 22 mg while we found that there were only 1.1 ppm (4.9 × 10−4 equiv)
and 1.9 ppm (8.4 × 10−4 equiv) of water in 400 μL of respectively C6D6 and toluene. These values tell
that traces amount of water are enough to increase the reaction conversion (probably involving the
establishment of hydrogen bonds) whereas too much water would actually be unfavorable. Knowing
that, the optimized reaction conditions were fixed with 30 mol% Mg(OtBu)2, 2.0 equiv of pivaldehyde
in C6D6 or toluene, according to the scale, for 1 h at 80 ◦C.

Table 3. Solvent optimization results.

Entry Alcohol Aldehyde Solvent
1H NMR (%)

Conversions 1

entry 1 Ferrugineol Pivaldehyde C6D6
a 70

entry 2 Ferrugineol Pivaldehyde Toluene b 54
entry 3 Ferrugineol Pivaldehyde DMF b 16
entry 4 Ferrugineol Pivaldehyde THF b 3
entry 5 Ferrugineol Pivaldehyde MeTHF b 16
entry 6 Ferrugineol Pivaldehyde DME b traces
entry 7 Cyclohexanol Pivaldehyde C6D6

b 62
entry 8 Cyclohexanol Pivaldehyde Toluene c 71
entry 9 Cyclohexanol Pivaldehyde Dry Toluene c 46

entry 10 Cyclohexanol Pivaldehyde DCE c 55
entry 11 Cyclohexanol Pivaldehyde MTBE c 57
entry 12 Cyclohexanol Bromaldehyde C6D6

d 60
entry 13 Cyclohexanol Bromaldehyde Dry C6D6

d 31
entry 14 Cyclohexanol Bromaldehyde Dry C6D6 + H2O d traces
entry 15 Cyclohexanol Bromaldehyde Toluene c 45
entry 16 Cyclohexanol Bromaldehyde DCE c 36
entry 17 Cyclohexanol Bromaldehyde MTBE c 38
entry 18 Cyclohexanol Bromaldehyde Dry THF c 3
entry 19 Cyclohexanol Bromaldehyde Dry DCM d 39
entry 10 Cyclohexanol Bromaldehyde Dry Toluene d 49

Reaction conditions: alcohol (1.0 equiv), aldehyde (2.0 equiv), Mg catalyst (0.3 equiv), heating 1 h under nitrogen.
a 110 ◦C, b 100 ◦C, c 80 ◦C, d 60 ◦C. 1 Conversions are calculated according to the alcohol consumption.

To demonstrate the generality and scope of this protocol we applied our conditions to different
types of alcohols for the preparation of aromatic, aliphatic and α-β-saturated ketones (Figure 1).
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Figure 1. Results for the Mg-catalyzed OPP oxidation of various ketones. General Reaction conditions:
Alcohol (3a) to (3l) (1.0 equiv), Mg(OtBu)2 (0.3 equiv), aldehyde (2.0 equiv) a Procedure A; results
reported as NMR conversions based on the starting alcohol. b Procedure B; results reported as isolated
yields after column chromatography on silica gel. c TON (turn over number) and TOF (turn over
frequency) were calculated using conversion values. d TON and TOF were calculated using isolated
yields values.

2.3. Batch Applications

Alcohols were oxidized into their corresponding ketones with decent to high conversions (up to
100%, with a TON of 3.3). When the ortho position was too hindered (4b) or involved in a strained
cycle (4h) the product was only observed as traces. Reaction was also limited by poor solubility (4c) or
high volatility of the product, sometimes lost during isolation (4f). Subsequent transformation of the
resulting products as hydrazones for low boiling points products was attempted but did not helped
for any isolation. A direct distillation from the reaction mixture could be envisioned as an alternative.
4d and 4i were isolated after purification via column chromatography on silica gel.

Overall, despite some limitations, this Mg-catalyzed method proved to be efficient on
different substrates.

2.4. Flow Application

2.4.1. Using nBuMgCl in Catalytic Amounts

One of the objectives of developing this procedure was to synthesize ferrugineone starting
from the corresponding alcohol ferrugineol. These natural pheromones from the Red Palm Weevil
(Rhynchophorus ferrugineus) are both used in biocontrol [36,37]. The sexual confusion applications
require a 90/10 mixture of ferrugineol and ferrugineone [38]. We envisioned preparing such a mixture
by tandem addition—oxidation using 2-methylpentanal and nBuMgCl. Using our oxidation conditions,
the resulting conversion of ferrugineol, close to 70%, is satisfying. However, in the tandem process
the system would be slightly different with alkylmagnesium alkoxide being produced in lieu of the
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dialkoxide. Therefore, a quick survey of nBuMgCl as catalyst was performed, rapidly screening
different solvents. It promptly appeared that a catalytic version of the reaction was not possible as the
best results obtained were around 20% conversion using 0.4 equiv of nBuMgCl (Table 4, entry 5) and
increasing this amount to 0.5 equivalents did not improve the conversion greatly. The best solvent
appeared to be C6D6 (Table 4, entry 5) but running the reaction neat gave similar conversion (Table 4,
entry 2).

Table 4. nBuMgCl used as catalyst of the ferrugineol/ferrugineone oxidation.

Entry nBuMgCl (equiv) Solvent
1H NMR (%)

Conversions 1

entry 1 0.1 to 0.3 neat NR
entry 2 0.4 neat 18
entry 3 0.5 neat traces
entry 4 0.4 THF NR
entry 5 0.4 C6D6 21
entry 6 0.4 CDCl3 traces
entry 7 0.4 DME traces
entry 8 0.4 DMF traces

Reaction conditions: ferrugineol (1.0 equiv), aldehyde (3.0 equiv), nBuMgCl (0.1 to 0.5 equiv), heating 1 h at 60 ◦C
under inert atmosphere. 1 Conversions are calculated according to the starting material consumption related to the
appearance of product.

2.4.2. Proposed Synthesis of the 90/10 Mixture

Flow chemistry is allowing for a better control of the reaction conditions, thus avoiding byproducts
resulting from elimination or crossed aldol reactions. It also prevents thermal runaway leading to
undesired side reactions. In our systems, we would easily separate the addition of nBuMgCl on the
aldehyde, and the subsequent oxidation of the resulting ferrugineol using the excess of aldehyde
injected in the system. In that case, 2-methylpentanal would serve as both the substrate and the oxidant
(Scheme 2).

Scheme 2. Tandem process of the in situ Oppenauer oxidation of ferrugineol.

Applying this synthesis in flow chemistry allowed us to quickly evaluate the correlation of
aldehyde excess and the alcohol/ketone ratio. However, the number of equivalents of nBuMgCl still
needed to be optimized, as well as the reaction conditions for flow application.

2.4.3. Optimization of Flow Conditions

A series of experiments using various temperatures or various amounts of nBuMgCl was
performed on an E-Series of Vapourtec. As decreasing the temperature below 60 ◦C led to lower
conversions while increasing the temperature to 70 or 80 ◦C did not show any evidence of improvement,
we decided to process with 60 ◦C for the rest of the optimization.
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Different amounts of nBuMgCl (from 0.70 to 1.10 equiv.) were tested in flow chemistry to demonstrate
which conditions would be the best to get to the expected 90/10 mixture of ferrugineol/ferrugineone.
The experiments were followed in GC/MS using a DB-1701 capillary column and a HP 5973 mass
selective detector (EI).

Decreasing the amount from 1.10 equiv to 0.90 equiv of nBuMgCl led to a mixture closed to the
right proportions of ferrugineol/ferrugineone (Table 5, entry 3). Finally, we found that 2-methylpentanal
(1.0 equiv), nBuMgCl (0.90 equiv), in the absence of solvent with a 4.54 mL tubing (3 min residence
time) heated to 60 ◦C led to the formation of the ferrugineol/ferrugineone as an 86/14 mixture in 91%
yield. Over the course of 8 h of operation and with a 3 min residence time, using relatively low flow
rates, 173 g of the ferrugineol/ferrugineone mixture were obtained (Figure 2).

Table 5. Optimization of flow synthesis conditions.

Entry
Aldehyde Flow

(mL/min)
nBuMgCl Flow

(mL/min)
nBuMgCl

Conc.
nBuMgCl

% (2)
(GC/MS)

% (1)
(GC/MS)

Yield
(%)

entry 1 0.281 1.22 2.04 1.10 0.7 99.3 60
entry 2 0.297 1.2 2.04 1.03 1.8 98.2 79
entry 3 0.329 1.17 2.04 0.90 14.0 86.0 91
entry 4 0.4 1.11 2.04 0.70 21.0 78.4 97

Reaction conditions: ferrugineol (1.0 equiv), aldehyde (3.0 equiv), nBuMgCl (0.70 to 1.10 equiv.), heating 8 h 30 at 60
◦C with a residence time of 3 min. (1) is for ferrugineol and (2) is for ferrugineone.

Figure 2. Flow chemistry process for the synthesis of a 90/10 ferrugineol/ferrugineone mixture.
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3. Materials and Methods

All reagents and solvents were purchased from Sigma-Aldrich, (Sigma-Aldrich Chimie SARL,
Tharabie France). Tribromoacetaldehyde was purchased from TCI (TCI Europe N.V., Zwijndrecht,
Belgium). THF, dichloromethane, toluene and C6D6 were dried over sodium/benzophenone and
freshly distilled under an atmosphere of argon before use. All commercially available solvents and
reagents were use directly as received unless specified. All the laboratory glassware was dried in oven
and cooled under vacuum before use.

Analytical thin layer chromatography (TLC) was carried out using 0.25 mm silica plates purchased
from Merck. Eluted plates were visualized using aqueous KMnO4 (KMnO4 3 g, K2CO3 20 g, aqueous
5% NaOH 5 mL, H2O 300 mL). Silica gel chromatography was performed using 230–400 mesh silica
gel purchased from Merck (Merck, Darmstadt, Germany) and more precisely from the supplier Sigma
Aldrich (Sigma-Aldrich Chimie SARL, Tharabie France).

GC-MS analysis was performed with a HP 6890 series GC-system equipped with a J&W Scientific
DB-1701 capillary column from Agilent (Agilent Technologies France, Les Ulis, France) and a HP 5973
mass selective detector (EI) also from Agilent (see above) using the following method: the temperature
was held at 70 ◦C for 1 min, then the temperature increased till 230 ◦C with a heating rate of 20 ◦C/min
and kept for 6 min at 230 ◦C.

1H NMR was recorded on a 300 MHz, 400 MHz, and 600 MHz using Bruker Advance 300,
Advance 400, and Advance 600, respectively (Bruker France S.A.S., Palaiseau, France). Chemical shifts
(δ) are given in ppm relative to tetramethylsilane (external standard). 13C NMR was recorded on
a 300 MHz, 400 MHz, and 600 MHz using Brucker Advance 300, Advance 400, and Advance 600,
respectively. Chemical shifts (δ) are given in ppm relative to tetramethylsilane (external standard).

Water traces amounts were measured using a TitroLine® 7500 KF trace from Thermo Fisher
Scientific (Fisher Scientific SAS, Illkirch, France) with three injections using 400μL of the solvent
studied each time and the average value was reported.

A Vapourtec E-series (V-3 perilstatic pumps) flow reactor was used for flow chemistry experiments
(Vapourtec Ltd., Bury St Edmunds, Suffolk, UK). The reactor consists of a 4.54 mL 1/16” PTFE tubing
(0.81 mm I.D.) heated at 60 ◦C followed by a 1 mL 1/16” PTFE tubing (0.81 mm I.D.). The E-Series come
with a touchscreen interface, mounted at an ergonomically optimal height with full tilt adjustment.
It allows to easily set the key flow rates but also the temperature parameters which can be accurately
controlled (± 1 ◦C), through a feedback system, in the range of room temperature −150 ◦C. (https:
//www.vapourtec.com/products/e-series-flow-chemistry-system-overview/).

In a typical calculation, the NMR conversion of alcohol in ketone was evaluated using the
following equation and the error of measurement of the NMR is supposed to be ±5%:

Conversion % =

Iketone
number of protons considered

Iketone+Ialcohol
number of protons considered

× 100

where I is the integral value of protons from alcohol and ketone in the spectrum of reaction mixture.

4. Conclusions

Overall, we developed an efficient and selective method for the oxidation of various alcohols to
the corresponding aldehydes and ketones under mild conditions. This unprecedented Mg-catalyzed
OPP oxidation highlights the efficiency and importance of the OPP method for the oxidation of primary
and secondary alcohols and in the same time illustrates interesting versatile reactivity of magnesium
derivatives. This protocol has notable advantages as it mostly uses common and inexpensive chemicals,
operates with short reaction times especially using flow systems, gives good yields, lack of usual
byproducts and can be applied to the oxidation of many alcohols. In addition, studying the reactivity
of Grignard’s reagents associated with the main advantages of continuous flow chemistry led to the
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development of a new procedure to selectively synthesize more than 170 g of a natural pheromone
mixture with a perfect control of the ratio owing to the flexibility of the system.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/8/11/529/s1,
Figure S1: 1H NMR of pure Ferrugineol (1), Figure S2: 1H NMR of pure Ferrugineone (2), Figure S3: 1H NMR
of Table 1 Entry 1. MgCl2 (0.4 equiv), 100 ◦C, 3 h, Figure S4: 1H NMR of Table 1 Entry 2. Mg(OH)2 (0.4 equiv),
100 ◦C, 3 h, Figure S5: 1H NMR of Table 1 Entry 3. Mg(OEt)2 (0.4 equiv), 100 ◦C, 3 h, Figure S6: 1H NMR of
Table 1 Entry 4. Mg(OEt)2 (0.4 equiv), 100 ◦C, 6 h, Figure S7: 1H NMR of Table 1 Entry 5. MgO (0.4 equiv), 100 ◦C,
3 h, Figure S8: 1H NMR of Table 1 Entry 6. Mg(OtBu)2 (0.3 equiv), 110 ◦C, 1 h, Figure S9: 1H NMR of Table 1
Entry 6—Zoom from 5ppm to 0ppm—Protons attribution, Figure S10: 1H NMR of Table 1 Entry 7. Mg(OtBu)2
(0.3 equiv), 60 ◦C, 1 h, Figure S11: 1H NMR of Table 1 Entry 8. Mg(OtBu)2 (0.3 equiv), 60 ◦C, 3 h, Figure S12:
1H NMR of (4j). Mg(OtBu)2 (0.3 equiv), 60 ◦C, 1 h, Figure S13: 1H NMR of (4l). Mg(OtBu)2 (0.3 equiv), 60 ◦C, 1 h.
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Abstract: Chemical Looping Combustion (CLC) has been considered as one of the most promising
technologies to implement CO2 capture with low energy penalty. A comprehensive three-dimensional
numerical model integrating gas–solid flow and reactions, based on the authors’ previous work
(Energy Fuels 2013, 27, 2173–2184), is applied to simulate the in-situ Gasification Chemical Looping
Combustion (iG-CLC) process in a circulating fluidized bed (CFB) riser fuel reactor. Extending from
the previous work, the present study further validates the model and investigates the effects of several
important operating conditions, i.e., solids flux, steam flow and operating pressure, on the gas–solid
flow behaviors, CO2 concentration and fuel conversion, comprehensively. The simulated fuel reactor
has a height of 5 m and an internal diameter of 60 mm. The simulated oxygen carrier is a Norwegian
ilmenite and the simulated fuel is a Colombian bituminous coal. The results of this simulation work
have shown that an increase in the solids flux can promote CO2 concentration, but may also have a
negative effect on carbon conversion. A decrease in the steam flow leads to positive effects on not
only the CO2 concentration but also the carbon conversion. However, the reduction of steam flow
is limited by the CFB operation process. An increase in the operating pressure can improve both
the CO2 concentration and carbon conversion and therefore, the CFB riser fuel reactor of a practical
iG-CLC system is recommended to be designed and operated under a certain pressurized conditions.

Keywords: chemical looping combustion; numerical prediction; CO2 capture; fuel reactor; circulating
fluidized bed

1. Introduction

Chemical Looping Combustion (CLC) is one of the most promising technologies to implement
CO2 capture with low energy penalty [1–3]. Since the introduction of CLC, numerous CLC studies
on gaseous fuels have been conducted [4–11]. However, the more abundant reserves and higher
carbon intensity of coal compared to gaseous fuels make the adoption of coal in the CLC system more
attractive [12–17].

At present, the application of coal-fueled CLC mainly involves two possible options. The first
approach is the so-called in-situ Gasification Chemical Looping Combustion (iG-CLC) which is usually
based on the concept of Dual Interconnected Fluidized Bed (DIFB), as shown in Figure 1 [16,17].
Specifically, in the fuel reactor, the particles of the oxygen carrier are mixed with the coal particles and
react with the gas products from coal pyrolysis and gasification. With a high conversion of combustion
gases, the flue gas leaving the fuel reactor would mainly contain CO2 and H2O. For the particles
(i.e., reduced oxygen carrier and unreacted char) entrained by the flue gas, they are directed into
the separation system (including separators and a carbon stripper) to achieve the solid–solid and
gas–solid separations. Through the separation process, the char particles are sent back to the fuel
reactor while the particles of oxygen carrier are sent to the air reactor for re-oxidation. Thus, by virtue
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of the circulation of oxygen carrier particles to transport oxygen from the air reactor to the fuel reactor,
the direct contact of coal and air can be avoided during the combustion process, and hence, highly
purified CO2 can be easily acquired at the outlet of the fuel reactor via the condensation of steam.
The second possibility can be accomplished by a process integrating coal gasification and chemical
looping combustion (IGCC-CLC) [18–21]. In this process, the syngas produced from coal gasification is
used as the fuel of the downstream CLC system for power generation with CO2 capture. Nevertheless,
the defect of this approach is that the addition of a gasifier will increase system complexity and
decrease efficiency. As mentioned by Spallina et al. [20] and Hamers et al. [21], a kind of packed-bed
CLC reactor, which enables more operation flexibility and has no need for gas–solid separation, should
be a potential candidate of this approach.

Figure 1. Schematic diagram of in-situ Gasification Chemical Looping Combustion system. Reprinted
with permission from references [16,17]. Copyright 2013 Elsevier.

During the iG-CLC process, the oxygen carrier may suffer deactivation due to the presence of
organic sulfur in the solid fuel and mass loss from elutriation, agglomeration and mixing with the
coal ash [22,23]. Hence, it is very important to search for low-cost and long-lasting oxygen carriers.
In this respect, natural iron ores, owing to their low-cost, adequate oxygen transport capacity, favorable
reactivity and environmental friendliness, together with good mechanical stability, have been regarded
as one of the most feasible oxygen carrier candidates for the iG-CLC [24–28].

Currently, the iG-CLC approach has been investigated in some pilot-scale units with different
reactor designs, preliminarily demonstrating the feasibility and potential of iG-CLC [16,18,29–36].
However, in view of the gathered results, there are still several challenges affecting the development of
this technology: (1) The existence of unburned gaseous compounds at the outlet of fuel reactor results
in unsatisfactory combustion efficiency, and CO2 capture concentration [37–39]. (2) The conversion
of char is unfavorable due to the slow gasification rate under the operating temperatures of the fuel
reactor (usually 800–950 ◦C). Thus, a part of unreacted char particles off the fuel reactor may enter
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and burn in the air reactor, which will lead to the reduction of carbon capture efficiency [39–41].
It can be found that both of the two issues are directly related with the fuel reactor. Hence, a feasible
iG-CLC system should have a good selection of its fuel reactor type/structure which can promise
smooth operations and efficient fuel conversions. In this respect, circulating fluidized bed (CFB)
reactors, owing to their inherent advantages in terms of favorable gas–solid contacts over the whole
reactor height with a relatively lower solids inventory, are becoming a competitive candidate for
the fuel reactor of iG-CLC [16,17,31–33,35,36]. A deep understanding of the effects of operating
conditions on the flow and reaction performance of the CFB fuel reactor allows for the optimization
of the system operations to achieve the best whole-system fuel conversion, and the highest CO2

concentration and carbon capture efficiency at the outlet of the fuel reactor. However, some important
operational information, such as the effects of operating conditions on instantaneous flow behaviors
and heterogeneous reaction characteristics, is still largely missing and rarely available for the iG-CLC
process with a CFB fuel reactor.

With the advancement of computer hardware and numerical methods, Computational Fluid
Dynamics (CFD) modeling is now able to predict fairly accurate gas–solid flow behaviors and chemical
reactions. Therefore, it has been accepted as a reliable technique to make up for the disadvantages
of experimental methods (e.g., instantaneous gas–solid hydrodynamics and reaction dynamics), and
further give some forward guidance for deeper experimental studies [42–47]. Previous publications on
the simulation studies of CLC mainly focused on CLC of gaseous fuels [48–53] and few were on the
CLC performance of solid fuels. Mahalatkar et al. [54] spearheaded a 2D model to simulate the flow
and reaction process in a bubbling fluidized bed (BFB) fuel reactor. Su et al. [55] simulated the iG-CLC
process in a dual circulation fluidized bed system, where the gas leakage, flow pattern and combustion
efficiency were obtained and analyzed. Shao et al. [56] developed a 3D full-loop iG-CLC model which
successfully predicted some important flow behaviors of the whole system. However, the coupling of
the reaction model into the hydrodynamics model had not been achieved in their work, and hence,
only cold-state flow characteristics were presented. Alobaid et al. [57] and May et al. [58] developed
3D models for fuel and/or air reactor of the world’s second largest CLC pilot plant at Technische
Universität Darmstadt, enabling scale-up investigations for the optimization of process and solid–fluid
interactions. Besides, an in-house thermochemical reaction model was successfully combined with
the Euler–Euler model in their work. Generally speaking, by far, the simulation studies on iG-CLC
technology mainly concentrated on the model feasibility tests, but the in-depth investigations of flow
and reaction mechanisms in the fuel reactor are still lacking.

In our previous work, we successfully developed a comprehensive 3D numerical model of a CFB
fuel reactor based upon the experimental system of others [59] to study the fundamental performance
of iG-CLC, including fuel conversions and reaction rates [22]. With the present work, aiming to
improving the existing problems, in terms of insufficient combustion efficiency, CO2 concentration,
and carbon capture efficiency, in the iG-CLC process, we have conducted in-depth simulations of
the effects of the important operating conditions, i.e., solids flux, steam flow and operating pressure,
on the iG-CLC performance. The main contributions of this simulation work are listed as follows:
(1) further validation of a three-dimensional numerical model, including the kinetic theory of granular
flow and complicated heterogeneous reactions, for the simulation of the iG-CLC system with a CFB
as the fuel reactor; (2) predictions of detailed flow dynamic characteristics in the fuel reactor under
different hot-state conditions; (3) in-depth study of the effects of important operating parameters on
the reaction performance by integrating the gas–solid flow mechanisms; (4) effective complement
of the limitations of current experimental conditions on flow and reaction mechanisms, and further
offering valuable guidance for the design and operation of future iG-CLC plants.
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2. Results and Discussion

Table 1 lists the main operating parameters in this simulation work, except for the three variables
to be mentioned below.

Table 1. Main operating parameters used in simulations.

Parameters Value

Reactor diameter (mm) 60
Reactor height (m) 5

Coal feeding rate (kg/h) 10
Thermal Power (kWth) ~60

Reactor temperature (K) 1273

Nine different cases were simulated to study the effects of operating conditions including solids
flux, steam flow and operating pressure on the flow behavior and reaction performance in the fuel
reactor. Here, CO2 concentration and single-loop conversion of carbon are the two main research
objects to reflect the reaction performance. A high CO2 concentration at the exit of the fuel reactor
means high combustion efficiency with efficient CO2 capture. The higher the single-loop conversion
of carbon in the fuel reactor, the higher the carbon capture efficiency and the thermal power that
could be achieved. In order to investigate the effect of each parameter on the reaction performance
more rationally, all other parameters of the cases to be compared had been kept constant when the
parameter to be investigated was changed. Table 2 lists the nine simulation cases with the specified
operating conditions, where case 1 is selected as the reference condition for the analysis of basic flow
and reaction behaviors.

Table 2. Simulation cases and operating conditions.

Case Solids Flux, Gp (kg/m2·s) Steam Flow, Qh (m3/h) Operating Pressure, P0 (MPa)

1–3 100–200–300 7.5 0.55
4–6 220 6–8–10 0.6
7–9 200 7 0.4–0.6–0.8

2.1. Further Validation of the Hydrodynamics and Reaction Models

Before carrying out the comprehensive modeling of iG-CLC, a further validation of the
hydrodynamics model was carried out by comparing the model predictions with the experimental
data of a different CFB [60] from that used for validation of hydrodynamics model with our previous
study [22,59]. The dimensions of the modeled CFB were the same as those of the experimental facility
used by Jin et al. [60], except for a small difference in the exit geometry. The simulation parameters
were also set accordingly to their experimental conditions. Figure 2 shows the comparison between
the computed and experimental axial pressure gradient profiles. The modeling results were very close
to the experimental data, and the maximum relative error between the simulation and the experiment
was less than 12%. Additionally, our calculations were also close to the previous simulation predictions
by Jin et al. [60]. Hence, the hydrodynamics model adopted in this study can be considered suitable
for the simulation of gas–solid flow in the CFB fuel reactor.
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Figure 2. Comparisons of axial pressure gradient profiles between the experiment and simulation.

In order to verify the reaction model adopted in this study, we carried out a comparison of
reaction performance in a BFB fuel reactor between the simulation using our reaction model and
the previous experimental data [28]. The simulation conditions were set to be consistent with the
experimental operation conditions (temperature-1163 K, the steam flow-190 LN/h, and the coal feeding
flow-62 g/h). Figure 3 shows the comparison of dry basis gas concentrations at the fuel reactor outlet
between the experimental data and our simulations. It shows that the simulation results were generally
in agreement with the experimental data, indicating that the reaction model is valid. A similar
validation of the reaction model using the experimental data obtained under different conditions
(temperature-1163 K, the steam flow-190 LN/h, and the coal feeding flow-83 g/h) from the same
literature [28] had also been performed in our previous work [22].

Figure 3. Comparison of dry basis gas concentrations at the fuel reactor outlet between the experiment
and simulation.

From the above, we can conclude that both the hydrodynamics model and the reaction model
which make up the comprehensive model of this study have been further validated in advance of the
present simulation studies. Therefore, the simulated results on the gas–solid flow patterns and reaction
performance in the coal-fired CFB fuel reactor using the comprehensive model can be considered to
be valid.
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2.2. Distributions of Solids Holdup and Gas–solid Components

Figure 4a displays the distribution of solids holdup with the reactor height at the quasi-equilibrium
state (here, the time of 70 s was selected as a representative) under the reference condition. To enhance
the clarity of presentation, the colored contours of the solids holdup in three 0.1 m-long sections
of the reactor at different height levels (0.5–0.6 m, 2.5–2.6 m, 4.5–4.6 m) are shown in Figure 4a.
Similar approaches have been adopted for other colored contours in Figure 4b–f. It can be seen that the
solids holdup keeps decreasing along with the bed height in general, except a slight increase near the
top of riser due to the effect of the L-shaped exit configuration [61]. The volume averages of solids
holdup and axial solid velocity in the fuel reactor are about 0.07 and 0.70 m/s, respectively. Accordingly,
the solids inventory and residence time in the fuel reactor can be calculated as 60.3 kg/MWth and
7.1 s, respectively.

Figure 4. Axial (x = 0) distributions of solids holdup and gas–solid components along the bed height at
70 s with the reference condition: Gp = 100 kg/m2·s, Qh = 7.5 m3/h, P0 = 0.55 MPa. (a) solids holdup;
(b) mass fraction of char in solid phase; (c–f) molar fractions of gas species in gas phase.

The patterns of the char mass fraction in the solid phase and the gas concentrations in the gas
phase at 70 s under the reference condition are presented in Figure 4b–f. At the bottom of the reactor,
the rapid reaction of coal pyrolysis leads to the generation of char in abundance so that the mass
fraction of char in the solid phase reaches the peak in this section. Then, the mass fraction of char
begins to decrease along with the reactor height due to the continuing consumption of char from the
gasification reactions. Similarly, H2 is generated from coal pyrolysis and gasification, but is quickly
consumed through the combustion reactions of intermediate gasification products and oxygen carrier.
Thus, we could observe a decreasing concentration of H2 along with the reactor height. The trends of
CO and CH4 are consistent with that of H2. Figure 4f presents the distribution of CO2 concentration
in the fuel reactor. As the product gas, the distribution of CO2 is almost opposite to that of reactant
gases (i.e., H2, CO and CH4). The more detailed discussions about the flow patterns and component
distributions in the bed could be found in our previous preliminary study [22].

It should be noted that the single-loop conversion of carbon and CO2 dry-basis concentration at
the outlet under the reference condition reach 65.6% and 90.2%, respectively, which are comparable
to the previous experimental results by Berguerand and Lyngfelt [12]. In their 10 kWth system, the
single-loop conversion of carbon was in the range of 50–80% while the CO2 dry-basis concentration
ranged between 78% and 81%. This indicates the CFB riser with high solids flux is a potential
candidate for the fuel reactor of iG-CLC [23,36,62], and the operating conditions adopted in this study
are appropriate and feasible.
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2.3. Effect of Solids Flux

Because a higher solids flux can enhance the solids holdup and heat carrying capacity, CFBs with
high solids mass fluxes (Gp ≥200 kg/m2·s) are considered as promising reactors for some special
processes such as the production of maleic anhydride, combustion and gasification [63–65]. In the
future commercial operation of iG-CLC, it is more important to achieve high CO2 concentration than
to acquire low solids inventories when the cheap oxygen carriers with a relatively low reactivity are
used. Hence, it is very interesting to study the iG-CLC performance under the condition of a high
solids flux. Simulations with Cases 1–3 have been performed with different solids fluxes ranging from
100 kg/m2·s to 300 kg/m2·s to investigate the effect of solids flux on the performance of iG-CLC when
the steam flow and operating pressure are kept at constant values of 7.5 m3/h (under the operating
temperature and pressure) and 0.55 MPa, respectively. In these cases, the steam to the fixed carbon
ratio (H2O/C) is kept at the value of 0.85. With the coal feeding rate being kept at a constant value of
10 kg/h, changing the solids flux from 100 kg/m2·s to 300 kg/m2·s results in a change of the mass
flow ratio of oxygen carrier to coal from about 101.7–305.2.

Figure 5 shows the apparent solids holdups (i.e., volumetric solids fraction) along the fuel reactor
height as a function of solids flux. It can be seen that the range of solids holdup is much wider
in the lower region than that in the upper region at a given solids flux, implying that the particle
concentration distribution is more uniform in the upper dilute region. Meanwhile, we can observe a
significant increase of solids holdup with the increasing solids flux. Moreover, the increase of solids
flux promotes the realization of a fully/largely high-density CFB (αp ≥ 0.1). When the solids flux
increases from 100–300 kg/m2·s, the height of the high-density solids flow region increases from 0.9 m
to about 1.8 m. These computational results are consistent with the experimental results of several
groups of researchers [22,23,61,66,67].

 α

Figure 5. Mean solids holdups in different heights as a function of solids flux.

Figure 6 presents the CO2 concentration (dry basis) at the outlet vs. time curves with different
solids fluxes. The concentration of CO2 at a given solids flux has a slight oscillation around a constant
value after reaching the quasi-equilibrium state (t ≥30 s). We can observe that the increase of solids
flux results in an increase in the CO2 concentration at the fuel reactor outlet. The average dry basis
concentration of CO2 is about 90.2% for the solids flux of 100 kg/m2·s and increases to 96.3% for the
solids flux of 300 kg/m2·s. The increase in the CO2 concentration at the outlet of the reactor is believed
to be the results of higher solids holdups (Figure 5) and better gas–solid contacts which promote the
gas–solid reactions, according to reactions (8)–(10) (see Section 3.2).
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Figure 6. Effect of solids flux on the CO2 concentration (dry basis) at the outlet of the fuel reactor.

Figure 7 shows the profiles of the mean axial velocities of the solids along the reactor height with
different solids fluxes. It can be observed that the particles are generally accelerating along with the
riser, which is largely due to the drive of gases. At the same time, the axial solids velocities increase
with the solids flux. This can be explained by the fact that the gas phase is accelerated with higher
solids fluxes and holdups, which further leads to higher particle velocities. These modeling results are
consistent with the experimental observations of Pärssinen and Zhu [59].

 

Figure 7. Distribution of mean axial solids velocities as a function of height with different solids fluxes.

Figure 8 shows the effect of the solids flux on the single-loop conversion of carbon in the fuel
reactor. The conversion of carbon decreases from 65.6% to 50.1% with the increase of solids flux from
100 kg/m2·s to 300 kg/m2·s. As mentioned above, the increase in the solids velocity with a higher
solids flux would result in a decrease in the solids residence time, which leads to a reduction of char
conversion. On the other hand, according to reactions (6)–(7) (see Section 3.2), the increases in the
fuel gas conversion and CO2 concentration with a higher solids flux will promote the gasification of
char, i.e., the conversion of char. Hence, the net effect of the solids flux on the single-loop conversion
of carbon is a combination of the positive (due to the increased gasification reactions (6)–(7) and the
negative (due to the reduced solids residence time) effects. In the end, under the modeling conditions of
this study, higher solids fluxes have been found to have some negative effects on the carbon conversion,
indicating that the change of solids velocity with different solids fluxes may play a leading role in the
carbon conversion.

65



Catalysts 2018, 8, 526

 

Figure 8. Effect of solids flux on the single-loop conversion of carbon in the fuel reactor.

2.4. Effect of Steam Flow

Steam (H2O) plays a very important role in the iG-CLC process. It is not only the fluidizing gas
but also the main gasification agent. Hence, it is necessary to understand the effect of steam flow on
the iG-CLC performance. Cases 4–6 are designed to study the influence of steam flow on the flow
patterns and reaction characteristics. The steam flow selected is in the range of 6–10 m3/h (under the
operating temperature and pressure) with the solids flux, coal feeding rate and operating pressure
being fixed at values of 220 kg/m2·s, 10 kg/h and 0.6 MPa, respectively. Thus, in these cases, the steam
to the fixed carbon ratio (H2O/C) ranges from 0.74 to 1.23, whereas the mass flow ratio of the oxygen
carrier to the coal feeding rate is kept at a constant value of 223.8.

Figure 9 presents the profiles of the apparent solids holdups along the fuel reactor height as a
function of steam flow. The solids holdup generally increases with the decreasing steam flow at a
given height [23], and the variation of solids holdup is smaller in the higher riser region. These results
illustrate that a higher steam flow has a negative effect on the formation of high-density flow structure,
which agrees with the experimental observations of Wang et al. [23], Wang et al. [61] and Li et al. [66].

 
α

Figure 9. Mean solids holdups as a function of steam flow in different heights.
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Figure 10 shows the mean axial velocities of solids with different steam flows as a function of the
fuel reactor height. As expected, the axial velocity of the solids decreases with the decreasing steam
flow at a specified height. The axial velocity profiles of Wang et al. [61] and Pärssinen and Zhu [59]
agree well with the results of our simulation but with higher particle velocities due to the higher gas
velocities used in their studies.

 

Figure 10. Solids axial velocities in different steam flow as a function of height.

Figure 11 shows the effect of the steam flow on the CO2 concentration (dry basis) at the outlet of
the fuel reactor. Decreasing the steam flow gives rise to an increase in CO2 concentration at the outlet.
The average concentration of CO2 (dry basis) is 93.7% for the steam flow of 10 m3/h and increases to
96.1% when the steam flow is decreased to 6 m3/h. The increase of CO2 concentration with a reduced
steam flow is believed to be related to the higher solids holdup and the lower gas velocity, which
further enhance the gas–solid contacts and the residence time, promoting gas–solid reactions (8)–(10).

 

Figure 11. Effect of steam flow on the CO2 concentration (dry basis) at the outlet of the fuel reactor.

Figure 12 presents the influence of steam flow on the single-loop carbon conversion in the fuel
reactor. The carbon conversion increases from 56.0% to 65.3% when the steam flow decreases from
10 m3/h to 6 m3/h. When the steam flow is reduced, the solid residence time is increased, and the char
gasification can be enhanced due to the increases in the fuel gas conversion and CO2 concentration
(according to reactions (6)–(7)), leading to an increase in carbon conversion.

67



Catalysts 2018, 8, 526

 

Figure 12. Effect of steam flow on the single-loop conversion of carbon in the fuel reactor.

However, although a decrease in the steam flow can be beneficial to the CO2 concentration at
the exit and the carbon conversion, lower steam flow would go against the rapid circulation of the
particles, which would lead to an increase in the solid inventory and a reduction in the heat transfer
efficiency of the oxygen carrier. Moreover, too low steam flow cannot even drive the particle flow
for circulating. Hence, in order to ensure the proper circulation and fluidization of the particles, the
reduction in the steam flow needs to be limited by the operation process.

2.5. Effect of Operating Pressure

Because coal gasification is the rate-controlling step in the process of iG-CLC, an increase in
the partial pressure of the gasification agent can have a significant influence on the performance of
iG-CLC [13,68]. Meanwhile, in a pressurized CLC system, electric power can be saved to compress
the CO2 flow to the high pressure needed for transportation and storage [7,51]. Hence, a study on
the pressurized iG-CLC performance is necessary. Simulations with Cases 7–9 have been performed
with different operating pressures ranging from 0.4 MPa to 0.8 MPa to investigate the effect of the
operating pressure on the gas–solid flow and reaction behaviors with the solids flux, coal feeding
rate and steam flow being kept at constant values of 200 kg/m2·s, 10 kg/h and 7 m3/h (under the
operating temperature and pressure), respectively. In these cases, the steam to the fixed carbon ratio
(H2O/C) is in the range of 0.14–1.15, whereas the mass flow ratio of the oxygen carrier to the coal
feeding rate is kept at a constant value of 203.5.

Figure 13 shows the effect of the operating pressure on the distribution profiles of the apparent
solids holdups along the fuel reactor height. Generally, the solids holdup goes up with the increasing
operating pressure at a given height. An increase in the operating pressure also leads to an increase
in the height of the high-density flow region, indicating the active effect of pressure on the forming
of a fully high-density CFB [69]. Figure 14 displays the mean axial velocities of solids with different
operating pressures as a function of height. It can be observed that the axial solid velocity decreases
with the increasing pressure at a specified height.

68



Catalysts 2018, 8, 526

 α

Figure 13. Effect of operating pressure on the profile of the solids holdups along the reactor height.

 

Figure 14. Distribution of axial velocities of solids with different pressures as a function of height.

Figure 15 presents the influence of pressure on the CO2 concentration (dry basis) at the outlet of the
fuel reactor. An increase in operating pressure leads to an increase in CO2 concentration. The average
concentration of CO2 (dry basis) increases from 93.9% to 95.4% when the pressure rises from 0.4 MPa to
0.8 MPa. According to the chemical reactions of iG-CLC, particularly, reactions (8)–(10), the increase of
CO2 concentration under a higher pressure condition may be attributed to the following three factors.
Firstly, the concentrations of gasification intermediates are increased at elevated pressures, and this
promotes the reduction reactions (8)–(10) with the oxygen carrier. Secondly, as shown in Figure 13,
the increased operating pressure augments the solids holdup, which further enhances the gas–solid
contact and promotes gas–solid reactions. Finally, the gas residence time is longer in the pressurized
condition [13,68].

Figure 16 shows the influence of the operating pressure on the single-loop conversion of carbon in
the fuel reactor. The carbon conversion goes up substantially from 48.4% to 70.8% with the operating
pressure increasing from 0.4 MPa to 0.8 MPa. The elevated steam partial pressure and longer gas
residence time facilitate char gasification according to reactions (6)–(7) [68]. Moreover, the elevated
pressure leads to a decrease in solids velocity, thus, longer solid residence time and higher char
conversion. The predicted results shown in Figure 16 are consistent with the experimental observations
of Xiao et al. [26] who conducted their experiments with a fixed bed reactor.
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Figure 15. Effect of pressure on the CO2 concentration (dry basis) at the outlet of the fuel reactor.

 

Figure 16. Influence of operating pressure on the single-loop carbon conversion in the fuel reactor.

Several researchers (e.g., García-Labiano et al. [7]) found the negative effect of the increasing
total pressure on the reduction reaction performance of oxygen carrier. However, for iG-CLC, the
rate-controlling step of the whole reaction process is the gasification reactions (6)–(7) of char instead
of the subsequent reduction reactions of oxygen carrier [22,39–41]. In addition, the possible negative
effect for the ilmenite adopted in this study has not been mentioned in the experimental research
by Abad et al. [24] and Cuadrat et al. [70] Therefore, the possible negative effect of high operating
pressures on the reduction reactions of the oxygen carrier was neglected in this study.

3. Materials and Methods

The comprehensive hydrodynamics and reaction models adopted in this study are based on our
previous study [22]. But in order to carry out further and independent validations, we selected a
new CFB fuel reactor with a different bed height and diameter from that simulated previously [22,59].
As shown in Figure 17, the fuel reactor simulated in this study is a circulating fluidized bed (CFB) riser
with a height of 5 m and an internal diameter of 60 mm by reference to the previous experiments [60,61].
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Figure 17. Sketch and grids of the CFB fuel reactor.

3.1. Governing Equations

In this study, a Euler–Euler model is used to simulate the hydrodynamics of gas–solid flow in the
fuel reactor, coupled with chemical reaction models. The standard k–ε model is applied to simulate the
gas phase turbulence and the kinetic theory of granular flow (KTGF) is adopted to simulate the solid
phase. The mass, momentum and energy conservation equations are applied to both gas and solid
phases. The species conservation equations are solved for individual species in each phase. Here, the
conservation equations for gas phase (i.e., Equations (1)–(3)) and the species transport equation for gas
species (i.e., Equation (4)) are given as the representatives [22,47]. Meanings of the symbols can be
found in the nomenclature.
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The closure models applied in this simulation to describe constitutive relations are given in Table 3.

Table 3. Closure models used in simulations.

Description Model References

Turbulence model standard k–ε model [60,71]
Drag model Gidaspow [72]

Granular viscosity Gidaspow [72]
Granular bulk viscosity Lun et al. [73]
Granular temperature Algebraic [51]

Solids pressure Lun et al. [73]
Radial distribution Lun et al. [73]

In this study, considering the small bed temperature variation along the whole reactor height and
the excellent performance of interphase heat transfer in the circulating fluidized bed, the reactor is
assumed to be isothermal and the differences of temperature between gas–solid phases are ignored
for simplification. The detailed descriptions of governing equations can be found in our previous
publication [22].

3.2. Chemical Reactions

As part of the comprehensive numerical model, the complex homogeneous and heterogeneous
chemical reactions are considered and coupled into the solver by setting the source terms of continuity,
momentum and species transport equations. On this basis, the consumption of the reactants and the
harvest of the products during the reaction processes can be calculated in real time [49].

The reactions occurring in the fuel reactor involve the coal pyrolysis (5), the gasification of char (6)
and (7), and the oxidation reactions of the intermediate gasification products with the oxygen carrier
(8)–(10). All these reactions are included by user defined functions (UDF). The detailed reaction steps
are summarized below.

First, coal pyrolysis occurs through reaction (5):

Coal(s) → aCO(g) + bH2(g) + cCH4(g) + dCO2(g) + eH2O(g) + fChar(s) (5)

The char is gasified with H2O and CO2 by reactions (6)–(7):

C(s) + H2O(g) → CO(g) + H2(g) ΔHθ
1273 K = 135.6 kJ/mol (6)

C(s) + CO2(g) → 2CO(g) ΔHθ
1273 K = 167.8 kJ/mol (7)

As shown in Reaction (5), the volatile matter in coal was assumed to be released in the form of
H2, CO, CH4 and CO2. Other small amounts of light hydrocarbons and tars in the volatiles were not
considered in this study [22,70].

The main active components of the Norwegian ilmenite, adopted as the oxygen carrier in this
study, include Fe2TiO5 and Fe2O3. Here, the Integrated Rate of Reduction (IRoR) model was adopted,
with which the Fe2TiO5 was considered as a mixture of Fe2O3 and TiO2; FeTiO3, a mixture of FeO and
TiO2; Fe3O4, a mixture of Fe2O3 and FeO; and TiO2, as an inert material [22,24,74]. Thus, the reduction
reactions of ilmenite can be simplified as the following reactions (8)–(10):

4Fe2O3(s) + CH4(g) → 8FeO(s) + CO2(g) + 2H2O(g) ΔHθ
1273 K = 268.9 kJ/mol (8)

Fe2O3(s) + H2(g) → 2FeO(s) + H2O(g) ΔHθ
1273 K = 18.4 kJ/mol (9)

Fe2O3(s) + CO(g) → 2FeO(s) + CO2(g) ΔHθ
1273 K = −13.7 kJ/mol (10)
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The reaction rates are represented by the Arrhenius law with the pre-exponential factors and
activation energies obtained from the previous literatures [25,70,75]. Further details on the reaction
kinetics and the model can be found from our previous publication [22].

Figure 18 shows the standard Gibbs free energy changes for the main reactions (6)–(10) in the
fuel reactor calculated over a wide range of operating temperatures. It can be seen that the Gibbs free
energy decreases with an increase in the reaction temperature for all of these reactions. As the reaction
affinity is enhanced with a decrease in the Gibbs free energy [76], high temperatures favor the reactions
in the fuel reactor. Therefore, we selected a relatively high temperature of 1273 K as the temperature of
the fuel reactor to be simulated.

 

Δ

Figure 18. Standard Gibbs free energy changes for reactions in the fuel reactor.

3.3. Data Evaluation

The dry basis component concentration (fi) in the exhaust gas is calculated as follows [22]:

fi =
xi

xCO + xCO2 + xCH4 + xH2

× 100% (5)

where xi is the molar fraction of species i (e.g., CO, CO2, CH4 or H2) in the gas phase.
The single-loop conversion of carbon (XC) is calculated as [22]:

XC = (1 − QC,out

QCoal,inYC
)× 100% (6)

where YC is the mass fraction of carbon in the original coal, QCoal,in is the mass flux of coal at the solids
inlet and QC,out is the mass flux of unreacted char at the outlet.

The solids flux (i.e., solid circulation rate) Gp is calculated as:

Gp = Up, f αp, f ρp
A f

As
(7)

where Up,f is the particle velocity at the feed inlet, αp,f is the particle volume fraction at the feed inlet,
Af is the sectional area of the feed inlet, and As is the sectional area of the steam inlet (i.e., the sectional
area of the fuel reactor).
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3.4. Numerical Considerations

In this study, simulations were carried out in three-dimensional (3D) domains. The pressure-based
solver was employed for solving the governing equations. The phase-coupled semi-implicit method
for pressure-linked equations (PC-SIMPLEs) algorithm was applied to deal with the pressure–velocity
coupling. After mesh independence analyses, the hexahedral grids were applied in the dilute zone
and tetrahedral grids were applied in the dense region near the inlets. The total mesh number is about
51,000. After the time step-independence analysis, a time step of 1 × 10−3 s with the convergence
criterion of 1 × 10−4 was set for this study.

As shown in Figure 17, the velocity inlet boundary condition was adopted at both of the steam
inlet and feed inlet. The outflow boundary condition was used at the outlet. At the walls, the no-slip
wall condition was assumed [22,45,48]. The maximum particle packing was limited to 0.64. Physical
parameters of the gas and solid mixtures obeyed the volume/mass-weighted-mixing law. The fuel
reactor was initially filled with steam (H2O), the solid particles of coal and oxygen carrier were then
fed into the reactor at the beginning of a simulation.

The oxygen carrier material used in the simulations was assumed to be the Norwegian
ilmenite [22,24,25]. The particle diameter of the ilmenite was assumed to be uniform (150 μm).
The fuel adopted for the simulation was a Colombian bituminous coal [22,70] with a uniform diameter
of 200 μm. Further details on the properties of the Norwegian ilmenite and the Colombian coal can be
found from our previous publication [22].

4. Conclusions

A comprehensive three-dimensional numerical model including the kinetic theory of granular
flow and complicated gas–solid reactions was developed to simulate the iG-CLC process in a circulating
fluidized bed (CFB) fuel reactor. Extending from the previous basic simulations and after further
validations, the model has been used to study the effects of some important operating conditions,
i.e., solids flux, steam flow and operating pressure, on the gas–solid flow behaviors, CO2 concentration
and fuel conversion. The following conclusions can be drawn from the present study:

(1) The single-loop conversion of carbon and CO2 dry-basis concentration at the fuel reactor outlet
under the reference condition are comparable to those from the previous experimental system,
demonstrating the CFB riser with high solids flux is a potential candidate for the fuel reactor
of iG-CLC.

(2) An increase in the solids flux results in an increase in the CO2 concentration at the outlet, which
is believed to be mainly due to the increased solids holdup and better gas–solid contacts that
promote gas–solid reactions. However, a higher solids flux has a slightly negative effect on the
single-loop carbon conversion. This is mainly due to the decrease in the solids residence time.

(3) A decrease in the steam flow gives rise to an increase in CO2 concentration at the fuel reactor
outlet because of the higher solids holdup and the lower gas velocity, which further enhances the
gas–solid contacts and the residence time of gas for reactions. In addition, a decrease in the steam
flow promotes the single-loop conversion of carbon mainly as a result of the increased solids
residence time. However, in order to ensure the circulation and fluidization of the particles, there
exists a minimum requirement for the steam flow under the conditions of the given operating
temperature, pressure and particle flows.

(4) An increase in the operating pressure leads to an increase in the CO2 concentration at the outlet
of the fuel reactor due to the higher concentrations of gasification intermediates, higher solids
holdup and the lower gas velocity, which promote the reduction reactions (8)–(10) with the
oxygen carrier. The elevated steam partial pressure and longer gas residence time facilitate the
char gasification. Moreover, the elevated pressure leads to a decrease in solids velocity, thus
longer solids residence time and higher carbon conversion. Therefore, it should be beneficial
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for a practical CFB fuel reactor of iG-CLC system to be designed and operated under a certain
pressurized conditions.
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Nomenclature

Af sectional area of the feed inlet [m2]
As sectional area of the fuel reactor [m2]
fi dry basis concentration of gas component
→
g acceleration due to gravity [m/s2]
Gp solids flux [kg/(m2·s)]
H specific enthalpy [J/kg]
Ji diffusion flux of species i [kg/(m2·s)]
p pressure [Pa]
P0 operating pressure [MPa]
QC,out mass flux of unreacted char at the outlet [kg/h]
QCoal,in mass flux of coal at the solids inlet [kg/h]
Qh steam flow under the operating temperature and pressure [m3/h]
.

m mass source term [kg/(m3·s)]
Si net rate of production of species i [kg/(m3·s)]
Up,f particle velocity at the feed inlet [m/s]
v velocity [m/s]
xi molar fraction of species i in the gas phase
XC single-loop conversion of carbon [%]
Y mass fraction
α volume fraction
β drag [kg/(m3·s)]
λ thermal conductivity [W/(m2·K)]
ρ density [kg/m3]
τ stress-strain tensor [Pa]
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Abstract: Particle erosion is a commonly occurring phenomenon, and it plays a significantly
important role in service life. However, few simulations have replicated erosion, especially the
detailed evolution process. To address this complex issue, a new method for establishing the solution
of the erosion evolution process was developed. The approach is introduced with the erosion model
and the dynamic mesh. The erosion model was applied to estimate the material removal of erosion,
and the dynamic mesh technology was used to demonstrate the surface profile of erosion. Then,
this method was applied to solve a typical case—the erosion surface deformation and the expiry
period of an economizer bank in coal-fired power plants. The mathematical models were set up,
including gas motion, particle motion, particle-wall collision, and erosion. Such models were solved
by computational fluid dynamics (CFD) software (ANSYS FLUENT), which describes the evolution
process of erosion based on the dynamic mesh. The results indicate that: (1) the prediction of
the erosion profile calculated by the dynamic mesh is in good agreement with that on-site; (2) the
global/local erosion loss and the maximum erosion depth is linearly related to the working time at
the earlier stage, but the growth of the maximum erosion depth slows down gradually in the later
stage; (3) the reason for slowing down is that the collision point trajectory moves along the increasing
direction of the absolute value of θ as time increases; and (4) the expiry period is shortened as the ash
diameter increases.

Keywords: erosion evolution; erosion rate; dynamic mesh; CFD; economizer; expiry period

1. Introduction

Erosion is mechanical damage resulting from the impact of particles carried by fluid [1]. When a
particle with a certain speed strikes a solid surface, the impact region of the surface will be deformed [2–4].
Subsequently, the surface deformation translates into material removal, which shortens the service life,
such as the SCR (selective catalytic reduction) catalyst and the economizer in Figure 1, among others.
Erosion is a complex problem caused by numerous factors, such as particle velocity, impact angle,
particle size, and particle shape.

Catalysts 2018, 8, 432; doi:10.3390/catal8100432 www.mdpi.com/journal/catalysts80
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(a) (b) 

Figure 1. Particle erosion. (a) SCR catalyst; (b) economizer (reprinted with permission from
reference [5]. Copyright 2018 ELSEVIER).

Considerable studies have been performed on erosion. Finnie [6,7] and Bitter et al. [8,9] presented
the earliest work focusing on theoretical erosion mechanism. Finnie’s erosion model was based on the
experimental phenomenon of erosion and the models of the micro-cutting mechanism. However, at the
impact angle of 90◦, it predicted no erosion rate at all, and the analyzed data clearly indicated that it is
incorrect. Bitter’s erosion model was proposed with respect to deformation and cutting wear, despite
lacking the support of any physical models. Huang et al. [10] addressed these shortages, deriving a
phenomenological erosion model by analyzing the normal and tangential forces acting on the abrasive
particle. Huang’s erosion model has been increasingly acknowledged by researchers. In addition to the
theoretical erosion model, numerous erosion equations have been developed based on experimental
tests. Most of these erosion equations have been presented regarding the function of the velocity
exponent and the impact angle. Grant and Tabakoff [11] developed an empirical erosion equation.
This model pointed out that the coefficient of restitution should be incorporated into the equation,
owing to multiple times of impingement by the particle. Okal et al. [12,13] conducted erosion tests
for a wide range of materials and erodent particles, considering both material hardness and the load
relaxation ratio. Many parameters were involved in this model, although the parameters are hard
to acquire. Besides these, Haugen [14], Ahlert [15], Mclaury [16], and Zhang [17] at E/CRC of the
University of Tulsa also proposed different empirical erosions, and Shamshirband et al. [18] adapted
the ANFIS (adaptive neuro-fuzzy inference system, a type of neural network) model to precisely
predict the total and maximum erosion rate.

The aforementioned work focused on the erosion ratio. However, the evolution process of erosion
has been little studied in the research, mainly because no methods or models have described long
periods of erosion or shape evolution, except for the experiments. However, such experiments take too
much time and material power. If feasible methods or models were available to describe the evolution
process, the research would make progress.

In this study, the material removal of erosion was investigated by CFD (computational fluid
dynamics software) coupled with the UDF (user defined function) of the particle motion and erosion
model. It is worth highlighting that the detailed evolution process of erosion will be realized by
the dynamic mesh technique. This DPM (discrete phase model) approach, coupling the erosion
model and dynamic mesh, combines the material removal and the mesh deformation quantitatively,
which can demonstrate the node displacement of the mesh in the erosion region and the new flow
field. Accordingly, the flow field and the particle trajectory are transformed at all times. Based on
those concepts, the evolution of the erosion loss and erosion depth was investigated by the CFD-DPM
approach firstly. The erosion profile was achieved secondly.

Moreover, this paper applies the method to discuss the expiry period of the economizer in modern
coal-fired power plants. The economizer is used to improve the overall thermal efficiency in the
gas-water exchangers, exacting residual heat energy from the flue gas and transferring the energy to
the feed water [19]. However, the flue gas includes ash particles, corrosive gas, temperature oscillation,
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and so on. Those factors respectively contribute to ash erosion, corrosion fatigue, thermal fatigue,
and so forth, which may ultimately lead to bursting of economizer tubes [20]. Among these, ash erosion
plays a significantly important role in the expiry period of the economizer. Therefore, this work will
benefit the design of the economizer and guide the boiler operation.

2. Method Description

Figure 2 demonstrates the calculative process of erosion evolution. The process includes the flow
calculation, particle tracking, material removal calculation coupled with the UDF of the erosion model,
erosion profile calculation with the UDF of the dynamic mesh, and the ALE (arbitrary Lagrange–Euler)
calculation. ANSYS FLUENT calculates the trajectory of the discrete particle by integrating the
force balance on the particle, which is done in the Lagrangian frame. Then, the collision point of the
particle-wall collision is tracked, and the particle-wall collision is translated into the material removal in
the UDF of the erosion model. Then, the material removal is converted to wall-mesh deformation in the
UDF of the dynamic mesh. Dynamic mesh is universally applied for the fluid–structure interaction [21],
flapping flight [22] and so forth. However, this dynamic mesh technology is rarely introduced to the
erosion profile that is formed by wall-mesh deformation. Figure 3 shows the mesh deformation before
and after the particle-wall collision by the dynamic mesh. The value of the material removal is stored
in the center of the boundary mesh. However, the dynamic mesh moves the node of the boundary
mesh, and the value in the node is interpolated by the value in the center. In this interpolation, this
paper keeps the elementary volume constant, as follows:

hi,j =

1/4Δt
1
∑

k=0

1
∑

l=0
Qn

i−1/2+k,j−1/2+l

1/4ρm
1
∑

k=0

1
∑

l=0
An−1

i−1/2+k,j−1/2+l

(1)

Qi−1/2,j−1/2 is the rate of the material removal, the function of the particle mass flow rate mp

and the erosion rate Er in the [i − 1/2, j − 1/2] element mesh; Ai−1/2,j−1/2 is the area of the [i − 1/2,
j − 1/2] element mesh; n is the time step; Δt is the time step size.

The ALE calculation is used to correct the flux after the mesh deformation. In the ALE description,
the nodes of the computational mesh may be moved with the continuum in a normal Lagrangian fashion,
or be held fixed in a Eulerian manner [23,24]. At last, this paper adopts the unsteady calculation, and
the erosion effect of the time step amounts to 1day. It is possible to regard the erosion rate Er as the
constant during 1day. Additionally, when computation time t is at the maximum time tmax (2 years in
this paper) given, the calculation is terminated.

 

Figure 2. Calculativeprocess of erosion evolution.

82



Catalysts 2018, 8, 432

 

 

(a) (b) 

Figure 3. Erosion profile calculation with dynamic mesh: (a) before collision; (b) after collision.

When the erosion profile is transformed, the flow field, especially the boundary layer, will be
changed also. The specific mathematical relation between the material removal and the wall-mesh
deformation is in Formula (1). The wall-mesh deformation leads conversely to the modification of the
particle trajectory. This is the coupled calculation of multi-physics, including the flow, particle motion,
and erosion.

3. Application

3.1. Mathematical Model

3.1.1. Flow Configuration

The economizer of a 600MW coal-fired power plant was studied in this work. It is composed of
135 rows of S-shaped circular tubes and made from SA 210 GRA1(N); the other detailed parameters
are shown in Table 1. Considering the periodic distribution of the tube bank in Figure 4, this paper
takes the shaded region as the research unit.

Figure 5 gives the three-dimensional diagram of the research unit and the boundary conditions.
Boundary conditions were set as follows: velocity-inlet, pressure-outlet, and wall. As mentioned
earlier, there exists periodicity in the Y direction. Meanwhile, along the tube (Z direction), the flow is
similar. Thus, the periodic boundary is loaded onto the Y direction and the Z direction.

Figure 4. Schematic diagram of the economizer tube bank.
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Table 1. Structural parameters of the economizer tube [25].

Material Rows Diameter/mm
Transversal
Pitch a/mm

Longitudinal
Pitch b1/mm

Longitudinal
Pitch b2/mm

SA 210 GrA1(N) 135 Φ51×6 144 102 69

The velocity is selected at 8.12 m/s, which represents 100% of the boiler THA (turbine heat
acceptance) load. The diameters of the particles are selected at 50 μm, 100 μm, and 250 μm, with the
same mass flow. The mass flow of ash is set to 1.52 × 10−2 kg/s, equal to 32 g/m3 of the gas.

Figure 5. Three-dimensional diagram of the economizer unit.

Considering the effect of the boundary layer on the flow computation, the grid of the tube wall is
refined in Figure 6 (enlarged from the red frame of Figure 5). Then it will capture the internal flow
field information on the boundary layer. Moreover, the grid-independency study gives the appropriate
grid number, whose mean error is controlled at less than 2%. The grid number ensures the accuracy
and rapidity of the calculation.

 
Figure 6. Grid refinement of the tube wall.

3.1.2. Governing Equations

Gas Motion Model

Gas from the furnace flows around the tube bank of the economizer. The flow field changes,
but it meets Navier–Stokes equations. Considering the flow as a turbulent flow, the two-equation
turbulent model (standard k-ε model) is introduced. The Navier–Stokes equations coupled with the
standard k-ε turbulence model is employed to solve the gas motion. Navier–Stokes equations of gas are
as follows [26,27]:

∂(ρ f ui)

∂xi
= 0 (2)
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∂(ρ f uiuj)

∂xj
= ρ f g − ∂p

∂xi
+

∂τij

∂xj
(3)

∂
(

ρ f eui

)
∂xi

= −∂(ui p)
∂xi

+
∂

∂xi

(
k

∂T
∂xi

)
+

∂
(
uτij

)
∂xi

(4)

τij is the stress tensor, excluding the surface pressure. The stress tensor is calculated as:

τij = μ

(
∂ui
∂xj

+
∂uj

∂xi

)
− 2

3
μ

∂uk
∂xk

δij (5)

e is the total energy, consisting of the internal and kinetic energy. The total energy is calculated as:

e = CpT +
1
2

V2
f (6)

The standard k-ε turbulence model is as follows [28]:

∂(ρk f ui)
∂xi

= ∂
∂xj

((
μ + μt

σk

)
∂k
∂xj

)
+ Gk + Gb − ρε

−YM + Sk

(7)

∂(ρεui)
∂xi

= ∂
∂xj

((
μ + μt

σε

)
∂ε
∂xj

)
+C1ε

ε
k f
(Gk + C3εGb)− C2ερ

ε2

k + Sε

(8)

where:

μt = ρCμ

k2
f

ε
(9)

Lagrangian Formulation for Particle Motion Model

The particle motion is traced by Newton’s Second Law in Formula (10), driven by the drag force
FD, thermophoretic force FT , gravity FG, and Saffman lift force FSL [29].

dup

dt
= FD + FT + FG + FSL (10)

where,

FD =
18μ

ρpd2
p

CDRe
24

(
u f − up

)
(11)

FT = −
6πdpμ2CS

(
k f /kp + CtKn

)
ρ(1 + 3CmKn)

(
1 + 2k f /kp + 2CtKn

) 1
mpT

∇T (12)

FG =
g
(

ρp − ρ f

)
ρp

(13)

FSL =
2Kv1/2ρdij

ρpdp(dlkdkl)
1/4

(
u f − up

)
(14)

Particle-Wall Collision Model

In particle motion, the particle–particle collision and the particle-wall collision change the motion
state, including velocity and direction of motion. In consideration of the economizer bank in the
tail shaft flue and low concentration of ash, there are relatively few possibilities of particle–particle
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collision. This research mainly focuses on the particle-wall collision, neglecting the particle–particle
collisions. Therefore, this study adopted the DPM approach instead of the DEM (discrete element
method) approach. In the particle-wall collision, the normal and tangential components of reflected
velocity are achieved by the coefficient of velocity restitution. The coefficient of velocity restitution is
caused by kinetic energy loss, a function of the incidence angle α in the particle-wall collision model,
as follows [30]:

en = 0.993 − 1.76α + 1.56α2 − 0.49α3 (15)

et = 0.998 − 1.66α + 2.11α2 − 0.76α3 (16)

Erosion Model

Particle-wall collision not only changes the motion state, but also removes the material. Huang’s
erosion model was adopted to estimate the abrasion loss from the following Formula (17). Huang’s
erosion model includes mechanisms of deformation damage removal and cutting removal [10].
This model also demonstrates the effect of particle size on erosion. The erosion rate Er is the ratio of
abrasion loss and particle mass.

Er = Cρ0.15
p

(
Vp sin α

)2.3
+ Dm0.1875

p d−0.0625
p V2.375

p (cos α)2(sin α)0.375 (17)

Numerical Procedures

The spatial discretization applies the second-order upwind scheme to discretize the whole
convective terms. In addition, the numerical calculation adopts the Eulerian–Lagrangian frame, and the
SIMPLEC algorithm (a semi-implicit algorithm) is applied to pressure/velocity coupling in the Eulerian
frame. This paper is divided into two numerical procedures, as follows:

1. Step 1: Verification of erosion model on SA210 GrA1(N);
2. Step 2: Erosion calculation of economizer unit.

3.2. Verification of Erosion Model

C and D are related to the properties of the particle and economizer material in Formula (17).
C and D are determined by fitting the curve. By comparing with the erosion experimental data by
the ASTM standard-tested bed in the India National Institute of Technology [31,32], the accuracy of
Huang’s erosion model was verified and found to be appropriate for SA 210GrA1(N) in Figures 7
and 8. Figure 7 gives the relation between the incidence angle and the erosion rate Er. Compared to
Finnie’s erosion model, Huang’s erosion model can not only estimate the effect of the small impact
angle, but also the large angle. Figure 8 shows the relation between the particle diameter dp and
the erosion rate Er. From Figures 7 and 8, the predicted results obtained are consistent and in good
agreement with experimental results reported elsewhere. For the erosion curve of the impact angle or
the ash size, the mean relative error is less than 5%, which satisfies the research requirements.

Figure 7. Erosion curve of impact angle on SA 210GrA1.
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Figure 8. Erosion curve of ash size on SA 210GrA1.

4. Results and Discussion

4.1. Erosion Loss

4.1.1. Global Erosion Loss

Figure 9 shows the global erosion loss under different ash sizes. From Figure 9, the global
erosion loss is linearly related to the working time. Meanwhile, as the ash size increases, the growth
amplification of global erosion loss decreases (Δ1 > Δ2). This coincides with the fact that it is hard
to change the motion of the larger particle, which has the larger inertia. In other words, the motion
of the larger particle becomes smaller, and the collision point of a single particle from the injection
changes little. Thus, the mass flow of ash impacting the economizer increases slowly and becomes
stable gradually, which contributes to the slow growth amplification. In addition, the particle rebound
or collision also impacts the global erosion loss, illustrated in Section 4.1.2.

Figure 9. Global erosion loss under different ash sizes.

4.1.2. Local Erosion Loss

Figure 10 shows the local erosion loss of different rows under various ash sizes. From this figure,
the local erosion loss is consistent with the global erosion loss. The local erosion loss is approximately
linear to the working time. The erosion loss of the first row occupies more than half of the global
erosion loss. Ash impacts the first rows, and the kinetic energy decreases. Then most of the ash
particles follow the gas flow, which hinders the particle collision in the other rows.

Similarly, as the ash size increases, the growth amplification of local erosion loss decreases in the
first row. Meanwhile, with the ash size increased, the mass flow of ash impacting the economizer rises
in the first row, which raises the probability of particle rebound and collision in other rows (compared
with Figure 10a–h). For an ash particle diameter of 200 μm, these rebound phenomena occur in all rows.
Second place is 150 μm, and 100 μm is the least. The probability of the particle rebound ultimately
influences the growth amplification of global erosion. As the ash size increases to a certain numerical
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value, the probability of the particle rebound reaches the limit, which leads the growth amplification
to decrease.

 

(a) First row (b) Second row 

 

(c) Third row (d) Fourth row 

 

(e) Fifth row (f) Sixth row 

 

(g) Seventh row (h) Eighth row 

Figure 10. Local erosion loss under different ash sizes.
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4.2. Evolution Process of Erosion

4.2.1. Maximum Erosion Depth

Figure 11 shows the maximum erosion depths of the different rows under various ash sizes. The
maximum erosion depth is defined as the most critical region, as it represents the thinnest location of
the tube wall. From this figure, the maximum erosion depth depends linearly on the working time at
the initial time. However, compared to the linear trend (gray dashed line in Figure 11a,b), the growth
of the maximum erosion depth slows down gradually. This growing trend forms a favorable flow
passage, which prolongs the service life of the economizer effectively.

Since maximum erosion depth in the first row is maximal, this row is the most dangerous and of
the greatest concern. Maximum erosion depth of the first row is double or even several times that of
other rows. Moreover, not in all rows, the 200 μm ash particle impacts the most powerfully, and the
maximum erosion depth is maximal. In the third, fourth, fifth, and eighth row, the maximum is under
an ash particle diameter of 150 μm. In the sixth row, the maximum appears under an ash particle
diameter of 100 μm. This is mainly caused by particle rebound in the first row, which drives other
rows to remove more material as the rebounded particles impact them with different kinetic energies
and incidence angles.

 

(a) First row (b) Second row 

 

(c) Third row (d) Fourth row 

Figure 11. Cont.
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(e) Fifth row (f) Sixth row 

 

(g) Seventh row (h) Eighth row 

Figure 11. Maximum erosion depth under different ash sizes.

4.2.2. Erosion Profile

Considering that erosion in the first row is the most serious, this paper focuses on the evolution
process of the erosion profile for the first row. Figure 12 shows the evolution process of the erosion
profile with different ash sizes in the first row. From this figure, as time proceeds, a “V-shape” is
gradually formed, which is similar to the erosion profile in Figure 1. This confirms that the dynamic
mesh technology is advisable to describe the erosion of economizer tubes.

In addition, θ is introduced as the angle between the position of the erosion profile and the
reverse direction of incoming flow, and θmax represents θ in the location of maximum erosion depth in
Figure 12a. From Figure 12, larger ash impacts the first row with a smaller angle of θmax. As mentioned
earlier, larger ash has greater inertia and less motion, ensuring that the location of the maximum
erosion rate appears with a smaller θ.
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(a)  

   

    

(b)  

   

    

(c)  

Figure 12. Evolution process of erosion profile in the first row.

4.3. Evolution Process of Particle Motion

Figure 13 shows the particle motion from the specific position in the inlet. From this figure, the
particle collision point obviously moves to the center of the economizer tube over time. Meanwhile,
due to more material loss with a larger particle, the larger particle moves across a longer distance. In
order to describe the particle motion along the radial and tangential direction, Figure 14 is adopted
to illustrate the collision point trajectory from the specific position in the inlet, which is the top view
of Figure 13a. From this figure, with time increasing, the collision point trajectory moves along the
increasing direction of the absolute value of θ. Just because of this, the probabilities of impingement
and the growth of the maximum erosion depth slow down gradually in later stages. Although the
trend of erosion loss is unlike the maximum erosion depth after 2 years, the erosion loss based on this
result is predicted to slowly increase in the future.
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(c) μ=pd
 

Figure 13. Particle motion.
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Figure 14. Collision point trajectory (dp = 100 μm).

4.4. Expiry Periods

In Figure 11a, the safe region is defined as the value below 1.99 mm (equal to the critical value
of 4.01 mm in wall thickness [25], which is the minimum wall thickness by the specific theoretical
calculation). When the maximum erosion depth is up to 1.99 mm, the first row of the economizer tube
easily bursts. From this figure, the expiry periods are respectively 710, 530, and 440 days with 100 μm,
150 μm, and 200 μm. These data indicate the expiry period is shortened as the ash diameter increases.
Moreover, as the ash size increases, the declining amplification of expiry periods is retarded.

5. Conclusions

The present research aims to investigate a novel method for the solution of the evolution process
and its applications to the expiry period of an economizer bank. The CFD-DPM approach coupled
with the UDF of the erosion model and the dynamic mesh technology is utilized to solve this complex
issue. Based on the results of the applications, the following conclusions are made:

(1) The CFD-DPM approach coupled with the UDF of Huang’s erosion model and the dynamic
mesh technology can describe the evolution process of erosion on an economizer bank, especially
the erosion profile; by comparing the simulation results with the erosion profile on-site, the
correctness is verified for this proposed CFD-DPM approach.

(2) The global/local erosion loss and the maximum erosion depth are linearly related to the working
time, but the growth of the maximum erosion depth slows down gradually in the later stage; as
the ash size increases, the growth amplification of global erosion loss, local erosion in the first
row, and the maximum erosion depth decrease.

(3) With increasing time, the collision point trajectory moves along the increasing direction of the
absolute value of θ in the first row, which explains why the growth of the maximum erosion
depth slows down in later stages.

(4) The expiry period is shortened as the ash diameter increases; moreover, as the ash size increases,
the declining amplification of expiry periods is retarded.
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Nomenclature

Ai area of grid element [m2] K model constant
C model constant k f fluid thermal conductivity [W/(m·K)]
C1ε model constant Kn Knudsen number
C2ε model constant mp particle mass [kg]
C3ε model constant p gas pressure [pa]
CD drag coefficient Re Reynolds number

Cm model constant Sk
turbulence kinetic energy source term
[kg/(m·s3)]

Cp specific heat [J/(kg·K)] Sε
turbulence dissipation rate source term
[kg/(m·s4)]

CS model constant T gas temperature [K]
Ct model constant u f gas velocity vector [m/s]
Cμ model constant ui gas velocity of i-direction [m/s]
dij deformation tensor up particle velocity vector [m/s]
dp particle diameter [m] xi the coordinate of i-direction [m]
D model constant Vp particle velocity magnitude [m/s]
e total energy [J/kg] Vf gas velocity magnitude [m/s]

en normal coefficient of velocity restitution YM

contribution of the fluctuating dilatation in
compressible turbulence to the overall
dissipation rate [kg/(m·s3)]

et tangential coefficient of velocity restitution α incidence angle

Er
ratio of abrasion loss and particle mass
[g/kg]

ρ f gas density [kg/m3]

FD drag force [N] ρm density of economizer material [kg/m3]
FG gravity [N] ρp particle density [kg/m3]
FT thermophoretic force [N] τij Gas stress tensor [pa]
FSL Saffman lift force [N] δij Kronecker tensor
g acceleration of gravity [m/s2] δm erosion loss [kg/m]

Gb
generation of turbulence kinetic energy due
to buoyancy [kg/(m·s3)]

Δt time interval [s]

Gk
generation of turbulence kinetic energy due
to the velocity gradients [kg/(m·s3)]

μ gas viscosity [pa·s]

h erosion depth [mm] μt gas second viscosity [pa·s]
hi,j erosion depth of grid element [mm] σk turbulent Prandtl number for k
kp particle thermal conductivity [W/(m·K)] σε turbulent Prandtl number for ε
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Abstract: Notably available from the cellulose contained in lignocellulosic biomass, glucose
is a highly attractive substrate for eco-efficient processes towards high-value chemicals. A
recent strategy for biomass valorization consists on combining biocatalysis and chemocatalysis
to realise the so-called chemo-enzymatic or hybrid catalysis. Optimisation of the glucose
conversion to 5-hydroxymethylfurfural (HMF) is the object of many research efforts. HMF can
be produced by chemo-catalyzed fructose dehydration, while fructose can be selectively obtained
from enzymatic glucose isomerization. Despite recent advances in HMF production, a fully integrated
efficient process remains to be demonstrated. Our innovative approach consists on a continuous
process involving enzymatic glucose isomerization, selective arylboronic-acid mediated fructose
complexation/transportation, and chemical fructose dehydration to HMF. We designed a novel
reactor based on two aqueous phases dynamically connected via an organic liquid membrane, which
enabled substantial enhancement of glucose conversion (70%) while avoiding intermediate separation
steps. Furthermore, in the as-combined steps, the use of an immobilized glucose isomerase and an
acidic resin facilitates catalyst recycling.

Keywords: (bio) catalysis; biomass; glucose; 5-hydroxymethylfurfural (HMF); chemo-enzymatic
catalysis

1. Introduction

In a context of the fast depletion of fossil resources, lignocellulosic biomass possesses a high
potential as a sustainable raw material for fuels [1] and fine chemicals [2,3] production in industrially
significant volumes. Upon specific physical, chemical and/or biological treatments of lignocellulose,
access can be gained to monomeric sugars [4] like glucose as its main saccharidic component. Glucose
is, as a result, currently considered as one of the most promising starting materials for the conversion
of biomass into drop-in or new high-value platform chemicals [5].
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Efficient and eco-responsible valorization routes for this new renewable carbon source are highly
desirable, and every field of catalysis should be mobilized as the key to success for a selective
valorization of such a polyfunctional substrate. Biocatalytic processes are already or are about to be
industrialized [6] and heterogeneous or homogeneous catalysis, alone or in combination, have shown
high efficiency for biomass valorization, but lack of selectivity still causes problems in the products’
separation steps [7]. In the last few years, a new paradigm of catalysis has emerged to answer the
challenges of selectivity and productivity by combining biocatalysis and chemocatalysis [8–10]. This
combination is known as chemo-enzymatic catalysis or hybrid catalysis [11,12].

In the field of sustainable and biosourced chemistry, glucose conversion to
5-hydroxymethylfurfural (HMF) deserves specific attention as a platform molecule [13]. Its
hydrogenation, for instance, can lead to 2,5-dimethylfuran (2,5-DMF), a new fuel additive [14] and
a precursor of terephthalic acid after dehydrative Diels–Alder reaction with ethylene to p-xylene
and subsequent oxidation [15,16]. HMF oxidation is also envisioned to obtain 2,5-furandicarboxylic
acid (FDCA), a biosourced alternative to terephthalic acid in polyester plastic production with a
high market potential [17,18]. Unfortunately, abundant glucose is not the substrate of choice for
efficient dehydration to HMF compared to its more expensive fructose isomer. The latter presents a
fructofuranose mutamer more prone to dehydration to a furanic ring with lower energetic barriers [19].
Isomerization of glucose to fructose thus appears as a key step that can hardly be circumvented.
A well-known transformation of glucose to fructose is the enzymatic glucose isomerization,
employed in the industrial production of high-fructose corn syrup “HFCS” [20]. Despite the need
for expensive high-purity glucose, for buffers and multiple ion-exchange resins to get rid of all
the metallic residues in alimentary HFCS, enzymatic isomerization remains the preferred process
compared to chemical isomerization, even if the latter receives a recent renewed interest [21–25].
The aforementioned enzymatic reaction reaches a thermodynamic equilibrium (Keq~1), which
limits glucose conversion [26–28]. Whereas this equilibrium is particularly well-adapted for HFCS
production involving glucose/fructose mixtures, HMF synthesis requires a pure fructose feed
for the subsequent dehydration step, where compatibility issues between catalysts arise: Huang
et al. indeed shown incompatibility between a thermophilic glucose isomerase immobilized
on aminopropyl-functionalized mesoporous silica (FMS) and a heterogeneous Brønsted acid
propylsulfonic-FMS-SO3H in a THF:H2O (4:1 v/v) mixture [29]. Isomerization is carried out at 363 K
to reach 61% fructose yield, and then the temperature has to be increased to 403 K to reach a 30% HMF
yield. In the meantime, glucose isomerase is fully denatured.

Strategies have thus been adopted to combine enzymatic isomerization of glucose to fructose
and chemical by separating bio- and chemo-catalysis involving fructose transportation between the
isomerization aqueous phase and an organic phase for subsequent reactivity. Huang et al. [30] describe
this concept for the first time by adding sodium tetraborate in the aqueous isomerization medium to
form a fructoborate compound by complexation with fructose. Transportation of this complex to a
separated organic phase is assisted by a cationic quaternary ammonium and enables enhanced glucose
conversion by shifting the isomerization equilibrium towards fructose. The separate dehydration of
fructose in the organic phase gives an increase in HMF yield up to 63% compared to a yield of 28%
HMF without borate addition, associated to a glucose conversion of 88% instead of 53%. However, in
this work, the complexation selectivity between glucose and fructose was not satisfactory and was thus
further improved by Palkovits et al. who optimized the chemical nature of the complexing boronate
species [31]. A global process exploiting this concept for glucose to HMF production has concomitantly
been proposed by Alipour et al. [32] Therein, fructose is complexed with phenylboronic acid and
transferred to an organic phase, which is separated and contacted with an acidic ionic liquid phase
to promote the release of free fructose. This fructose-rich ionic liquid is further used for dehydration
to HMF in a biphasic medium. The produced HMF is then back-extracted to a last low-boiling
point organic phase. This method involves the use of four different media with intermediate phase
separations. Inspired by these sequential processes, we propose here to circumvent this drawback by
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setting up an innovative integrated implementation minimizing the number of steps and preventing,
among other things, the use of costly and hard-to-recover ionic liquids.

Herein, we highlight an efficient and fully-integrated cascade reactions process to convert
glucose to HMF using an organic liquid membrane separating two aqueous phases for fructose
transportation. This approach that we first proposed as a concept exemplifying the potential of
hybrid catalysis [33] is based on continuous aqueous glucose isomerization, fructose complexation,
extraction and transportation towards an intermediate organic phase. Fructose is then released at
the interface with the second aqueous phase (aqueous receiving phase), where it is subsequently
dehydrated to HMF. This integrated process without intermediate phase recovery, separation and
recycling is presented in Figure 1. Before fully designing the entire process, where all the reactions
are carried out simultaneously, we separately investigated each reaction to notably determine their
respective optimal ranges of conditions before combination: (1) glucose isomerization to fructose
occurs in a primary aqueous feed phase; (2) the as-formed fructose transportation is then made
possible through selective complexation with phenylboronic acid as a carrier associated to a quaternary
ammonium into an organic solvent (4-methyl-2-pentanone “MIBK”); (3) eventually, the fructoboronate
complex is hydrolyzed by acidic conditions in a receiving aqueous phase containing an acidic resin,
which also promotes dehydration of fructose to HMF. MIBK was chosen among different solvents,
such as methyl-tert-amyl-ether, 5-methyl-2-hexanone, dimethyl carbonate, etc. . . . but the study
is not presented here. Our criteria were the solubility, toxicity, boiling point. With MIBK and
methyl-tert-amyl-ether, we have obtained the best results in terms of fructose extraction yield but we
have chosen MIBK (117 ◦C) due to its higher boiling point than that of methyl-tert-amyl-ether (86 ◦C).
This criterion was important for the implementation of the chemical catalysis step at 80–90 ◦C. Finally,
our approach was not only focused on the compatibility issues of bio- and chemocatalytic reactions
with the aim of overcoming the isomerization equilibrium limitation, but also pays particular attention
to integrating all the steps to minimize separation and recycling burdens, which can be detrimental
for the overall economics and efficiency of the process. The methodology envisioned to move from a
sequential approach towards an integrated continuous process is schematized in Figure 2.

 

Figure 1. Hybrid catalysis simultaneous process applied to the transformation of glucose to HMF
(D-Glc = D-glucose, D-Fru = D-Fructose, HMF = 5-hydroxymethylfurfural).
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Figure 2. Methodology from a sequential approach towards an integrated continuous process.

2. Results and Discussion

2.1. Study of D-Glucose Enzymatic Isomerization in the Aqueous Feed Phase

The optimal temperature of use ranges from 333 to 353 K and the optimum pH ranges from pH
7.0 to 9.0 [34]. We first checked the influence of pH and temperature using the lot of Immobilized
Glucose Isomerase (IGI) received from our supplier. A glucose solution at pH 7.5 (Tris-HCl buffer, 100
mM) was prepared and isomerized from 323 K to 363 K. The relative enzymatic activity is presented in
Figure 3, which highlights a maximal enzymatic activity at 343 K. A glucose solution of a pH from
4.5 to 9 (Tris-HCl buffer, 100 mM from pH 7 to 9; sodium phosphate buffer, 100 mM pH 6.5; sodium
citrate buffer, 100 mM pH 4.5) was thus prepared and isomerized at 343 K. The relative enzymatic
activity presented in Figure 4 shows a maximal IGI activity at a pH around 7.5. It is noteworthy that
the IGI maintained more than 80% of its optimal activity between pH 7 and 9. Below a pH of 6.5,
the IGI lost more than 50% of its activity. The pH and the temperature chosen must both allow the
optimal functioning of the enzyme but also promote the extraction phenomenon by maintaining a pH
larger than the pKa of boronic acid. Indeed, the extraction of D-fructose by formation of a complex
[D-fructose-boronic acid]− is favored if the pH of the aqueous solution containing D-fructose is larger
than the pKa of boronic acid [22]. The pKa of the main boronic acids are less than 8.5. In this context,
we chose pH 8 that makes it possible to overcome the pKa-related lock of the selected boronic acid to
transport fructose to the organic phase while maintaining a relative activity of more than 80% of IGI.
A D-glucose enzymatic isomerization was then performed in the selected conditions (Tris-HCl 100
mM, pH 8.5, 343 K). The results are presented in Figure 5 as a function of time. A blank reaction (grey
dots) was run in the absence of IGI and showed the absence of D-glucose isomerization or degradation
in the chosen experimental conditions. When IGI was present in the system, the D-fructose amount
increased from 0% to 42% during the first 30 min. From 30 to 60 min, the D-glucose conversion was
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slower, while the D-Fructose amount increased from 42% to 55%. A maximum D-glucose conversion of
55% was finally reached in agreement with the glucose-fructose thermodynamic equilibrium expected
at this temperature (Keq = 1.23), as already observed by McKay et al. [35].
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Figure 3. Relative enzymatic activity of IGI in D-glucose isomerization at pH 7.5 as a function
of temperature.
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Figure 4. Relative enzymatic activity of IGI in D-glucose isomerization at 343 K as a function of pH.
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Figure 5. D-glucose consumption during the isomerization step as a function of time; (Δ), D-fructose
formation (�), D-glucose amount in the blank experiment at pH 8.5 (�). Initial conditions: D-Glucose
(100 mM), IGI (0.5 g), Tris-HCl 100 mM, pH 8.5, V = 100 mL, 343 K, 750 rpm.

2.2. Organic Liquid Membrane for D-Fructose Complexation/Transportation

In order to enhance the isomerization yield, simultaneous isomerization and
complexation/transportation of D-fructose in a liquid/liquid aqueous/organic biphasic system
was further studied. The temperature was set at 343 K and the pH was chosen as a trade-off to
simultaneously maximize the enzymatic activity (7 < pH < 9); to avoid monosaccharide degradation,
and to enhance the extraction process as reported previously [36], the pH was thus kept at a value of
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8.5 by using a Tris-HCl 100 mM buffer. The extraction was conducted in an organic solvent with low
water miscibility (MIBK) containing a lipophilic arylboronic acid (carrier) and a quaternary ammonium
salt (Aliquat336®) as a phase transfer agent [37]. At pH 8.5, aryl boronic acid ArB(OH)2 was actually
present under its hydroxylated anionic form, as a tetrahedral aryltrihydroxyborate ArB(OH)3

− [38]. At
the interface between the aqueous and organic phases, D-fructose further reacts with the arylborate
to form a tetrahedral fructoboronate ester (Figure 6) [38]. The fructoboronate complex then forms an
intimate ion pair with Aliquat336®, which enables its transportation to the organic phase [39].

Figure 6. Fructoboronate complex formation at the interphase between the first aqueous phase and the
organic liquid membrane.

2.2.1. Influence of the Boronic Acid Structure

The influence of the boronic acid structure was investigated in order to optimize kinetics
and maximize the selectivity of D-fructose complexation/transportation. Seven arylboronic acids
differing by the electronic properties of their substituents and thus by their pKa were screened in the
complexation reaction with D-fructose (Figure 7): 2,3-DCPBA, 2,4-DCPBA, 3,4-DCPBA, 3,5-DCPBA,
PBA, 4-TBPBA, 4-TFMPBA. The complexation/transportation, which will be referred to as “extraction”
in the following sections, was carried out in a biphasic system, as described before. The pKa of the
different boronic acids and the relative extraction yields are summarized in Table 1 and reported in
Figure 8.

  
 

PBA 2,3-DCPBA 3,4-DCPBA 

Figure 7. Cont.
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Figure 7. Structures of the arylboronic acids used for extraction of fructose.

Table 1. Influence of the boronic acid structure on the extraction yield and rate.

Boronic Acid pKa
Extraction

Yield %
Extraction Rate

μmol/min

4-TBPBA 9.3 8.3 ± 5.6 0.52 ± 0.08
PBA 9.1 32.4 ± 0.3 1.27 ± 0.39

2,4-DCPBA 8.9 43.3 ± 1.6 1.56 ± 0.34
3,4-DCPBA 7.4 46.5 ± 4.9 1.48 ± 0.23
2,3-DCPBA 7.4 49,2 ± 1.6 1.99 ± 0.17
4-TFMPBA 9.1 50.3 ± 2.2 1.26 ± 0.12
3,5-DCPBA 7.4 55.3 ± 0.9 1.94 ± 0.20
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Figure 8. Influence of the arylboronic acid structure on the complexation/transportation process after
45 min. [D-Fructose]i = 100 mM, [Boronic acid] = 100 mM, [Aliquat336®] = 200 mM, Tris HCl 100 mM
pH 8.5, MIBK, 343 K, 750 rpm.

A group composed by 2,4-DCPBA, 3,4-DCPBA, 2,3-DCPBA, 4TFMPBA and 3,5-DCPBA showed
the best results with extraction yields between 43% and 55%, while with 4-TBPBA and PBA only 8%
and 32% were achieved, respectively. These results also show that the D-fructose extraction yield
increases when the pKa of the boronic acid used decreases. Better extraction yields were observed
when the pKa of the boronic acid was lower than (or close to) the pH of the aqueous feed phase (8.5).
This analysis supports the hypothesis from Morin et al. [36] and Karpa et al. [37] indicating that higher
extraction yields are obtained when pH ≥ pKa, favoring a predominant tetrahedral anionic borate
form of the complex, which enables its transportation by association with the ammonium carrier. An
exception was, however, observed with 4-TFMPBA with a pKa of 9.1. This might be due to the fact
that 4-TFMPBA has a higher dipolar moment (2.90 D, against 0.43 D to 1.86 D for the other used
boronic acids) that could increase the reactivity. The extraction rates and the pKas (Table 1) seem to be
correlated. A higher pKa of the boronic acid was linked with a lower initial extraction rate. Among the
most effective boronic acids, 3,4-DCPBA was selected for further studies.

2.2.2. Influence of the Boronic Acid: Aliquat336® Molar Ratio

With 3,4-DCPBA as the selected boronic acid, the influence of the molar ratio between the boronic
acid and the ammonium salt Aliquat336® in the organic solvent was investigated. Figure 9 shows
the evolution of D-Fructose concentration in the aqueous phase as a function of time for different
Aliquat336® concentrations (from 0 to 400 mM). D-Fructose and 3,4-DCPBA were initially introduced
at concentrations of 100 mM. In the first 15 min of reaction, the concentration of D-Fructose decreased
irrespective of the Aliquat336® concentration with various initial rates. An equilibrium seemed to be
progressively reached between 15 and 45 min, as no more evolution of the D-Fructose concentration
was then observed. A blank reaction (blue dots) without Aliquat336® nor 3,4-DCPBA was also
tested, which showed no evolution. From these observations, it can be considered that the molar
ratio 3,4-DCPBA:Aliquat336® is a relevant parameter to control the initial D-fructose extraction rate.
Figure 10 shows the evolution of the initial extraction rate and of the D-fructose extraction yield for
different 3,4-DCPBA:Aliquat336® molar ratios (from 1:0.5 to 1:4).The initial extraction rate continuously
increased when the 3,4-DCPBA:Aliquat336® molar ratio increased from 1:0.5 to 1:2 with respectively
0.37 μmol/min and 1.50 μmol/min. Above a 1:2 molar ratio, no further kinetic benefits could be clearly
observed from such an excess of Aliquat336® in the reaction medium. This result is consistent with an
ion-pairing phenomenon between the fructoboronate complex and the Aliquat336® occurring at the
interphase enabling D-fructose transportation. The D-fructose extraction yield increased when the
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3,4-DCPBA:Aliquat336® molar ratio increased from 1:0.5 to 1:2 with respectively 21.5% and 50.0%. As
in the case of the initial extraction rate, above a 1:2 molar ratio no further benefits on the extraction
yield were displayed by using an excess of Aliquat336®. Therefore, in order to maximize the initial
extraction yield and the initial rate while optimizing the quantity of ammonium salt added, an
arylboronic acid:Aliquat336® ratio of 1:2 was selected for the following studies.
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Figure 9. Evolution of [D-fructose] in the aqueous phase as a function of time for different
3,4-DCPBA/Aliquat336® ratios. [D-fructose]i = 100 mM, [3,4-DCPBA] = 100 mM, [Aliquat336®]
= X mM (X varies from 0 to 400 mM), Tris-HCl 100 mM pH 8.5, MIBK, 343 K, 750 rpm.
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Figure 10. Initial extraction rate in aqueous phase (blue rods) and extraction yield (red dots) in function
of 3,4-DCPBA:Aliquat336® molar ratio. [D-Fructose]i = 100 mM, [3,4-DCPBA] = 100 mM, [Aliquat336®]
= X mM (X varies from 0 to 400 mM), Tris-HCl 100 mM, pH 8.5, MIBK, 343 K, 750 rpm.

2.2.3. Influence of Boronic Acid and Aliquat336® Concentrations

Keeping a molar ratio of arylboronic acid: Aliquat336® equal to 1:2 and at fixed initial
D-Fructose amount, both 3,4-DCPBA and Aliquat336® concentrations were varied, considering the
best compromise between component concentrations and costs (Figure 11). From 0 to 15 min, the
D-Fructose extraction yield increases rapidly and then stabilizes for lowest 3,4-DCPBA concentrations
less than 100 mM. The best extraction yields are thus obtained for higher 3,4-DCPBA concentrations,
the final yield being the highest at 300 mM. The slight difference in extraction yields between 100
mM and 300 mM 3,4-DCPBA concentration does not justify the use of such a concentrated solution.
From Figure 12, the initial extraction rate values for different 3,4-DCPBA:Aliquat336® concentrations
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have been calculated (Table 2). Two behaviors can be observed, the first one for the 25:50 ratio and
the second one for all the other ratios, namely from 50:100 to 300:600. We observed that the larger
the 3,4-DCPBA amount, the higher the initial extraction rate. However, after a certain amount of
3,4-DCPBA, the interface seems to be saturated by 3,4-DCPBA:Aliquat336® complexes and then the
initial rate does not increase anymore. Therefore, further optimization steps considered a concentration
of 100 mM while keeping a molar ratio of 1:2 with Aliquat 336®.

Table 2. Initial extraction rates for various concentrations in the system. [D-Fructose]i = 100 mM,
[3,4-DCPBA] = Y mM (Y varies from 25 to 300 mM), [Aliquat336®] = Yx2 mM, Tris-HCl 100 mM, pH 8.5,
MIBK, 343 K, 750 rpm.

[3,4-DCPBA] Extraction Rate
(mM) (μmol/min)

25 0.89 ±0.15
50 1.37 ±0.41
150 1.45 ±0.05
100 1.22 ±0.15
200 1.40 ±0.21
300 1.33 ±0.14

0%

20%

40%

60%

80%

100%

0 15 30 45 60

D-
Fr

uc
to

se
 e

xt
ra

ct
io

n 
pe

rc
en

ta
ge

times (min)

[3,4-DCPBA]=300mM [3,4-DCPBA]=200mM [3,4-DCPBA]=150mM

[3,4-DCPBA]=100mM [3,4-DCPBA]=50mM [3,4-DCPBA]=25 mM

Figure 11. Evolution of the D-Fructose extraction yield for different 3,4-DCPBA and Aliquat336®

concentrations for a 1:2 molar ratio. [D-Fructose]i = 100 mM, [3,4-DCPBA] = Y mM (Y varies from 25 to
300 mM), [Aliquat336®] = Y × 2 mM, Tris-HCl 100 mM, pH 8.5, MIBK, 343 K, 750 rpm.

2.2.4. Influence of the D-Fructose: Boronic Acid Molar Ratio

The influence of the D-Fructose: 3,4-DCPBA molar ratio was further investigated. Figure 12
shows the D-fructose extraction yield as a function of this molar ratio. The yield ranged between 40%
and 60%, for ratios from 0.25:1 to 1:1 and between 18% and 28% for ratios from 2:1 to 10:1. When the
3,4-DCPBA was introduced in excess or stoechiometrically compared to D-Fructose (red rods), the
extraction yield was larger than 40%, reaching a maximum of 60% for a two-fold excess of boronic
acid. However, when it was introduced in default (blue rods), the extraction yield did not exceed 35%
without any significant further evolution between a molar ratio of 2:1 to 10:1.

105



Catalysts 2018, 8, 335

0%

20%

40%

60%

80%

100%

D-
Fr

uc
to

se
 e

xt
ra

ct
io

n 
yi

el
d

[D-Fru]:[3,4-DCPBA]

Figure 12. Influence of the initial D-Fructose:3,4-DCPBA molar ratio on the the extraction yield.
[D-Fructose]i = X mM, [3,4-DCPBA] = 100 mM, [Aliquat336®] = 200 mM, Tris-HCl 100 mM, pH 8.5,
MIBK, 343 K, 750 rpm.

2.2.5. Influence of D-fructose and Boronic Acid Concentrations

The evolution of the extracted D-fructose concentration as a function of the initial D-fructose
concentration, for the same 3,4-DCPBA concentration, is shown in Figure 13. Logically, when the initial
concentration of D-fructose increased from 25 mM to 1000 mM, the extracted concentration linearly
increased, according to a straight correlation between the initial amount of D-fructose and the amount
of extracted D-fructose. Keeping a molar D-fructose:boronic acid ratio equal to 1:1 and a molar ratio
of arylboronic acid:Aliquat336® equal to 1:2, a benchmark experiment was set up with the following
parameters: T = 34 K, [D-Fructose]i = 100 mM, [3,4-DCPBA] = 100 mM, [Aliquat 336®] = 200 mM. The
other experiments have been set up by doubling all concentrations. Table 3 presents the extraction
yields and initial extraction rates depending on the variation of the initial D-fructose concentration
while keeping all the molar ratios relative to 3,4-DCPBA and Aliquat336® as constant. An increase
in the concentrations (D-Fructose, 3,4-DCPBA and Aliquat336®) led to a decrease in the D-Fructose
extraction yield. Indeed, at 100 mM of D-Fructose, 43.3% of the fructoboronate complex were extracted
whereas only 32.7% and 27.3% were respectively extracted at 200 mM and 300 mM of D-fructose.
Therefore, the optimal conditions ([D-Fru]/[3,4-DCPBA]/[Aliquat336] ratio of 100/100/200 mM) were
kept for the following studies.
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Figure 13. Influence of the initial D-Fructose concentration on the amount of D-fructose extracted.
[D-Fructose]i = X mM (X varies from 25 to 1000), [3,4-DCPBA] = 100 mM, [Aliquat336®] = 200 mM,
Tris-HCl 100 mM, pH 8.5, MIBK, 343 K, 750 rpm.
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Table 3. D-fructose extraction yield and initial extraction rate for different concentrations.

[D-Fru] [3,4-DCPBA] [Aliquat336®] Extraction Yield

mM mM mM %

100 100 200 43.3 ± 4.22
200 200 400 32.6 ± 1.22
300 300 600 27.3 ± 4.6

2.2.6. Hydrolysis of the Fructoboronate Complex for D-Fructose Release in the Second Aqueous Phase

The further stage of the D-fructose transportation is the fructoboronate complex hydrolysis for
D-fructose release in the second aqueous phase (the aqueous receiving phase). This hydrolysis step
allows the release of D-fructose in this phase. The influent parameter for the hydrolysis reaction is the
pH of the aqueous solution which will be the “reservoir” of the H+ ions necessary for hydrolysis of the
fructoboronate complex. Therefore, the influence of the pH of the second aqueous phase on the release
yield was investigated. pHs of 1, 3, 5 and 8 were tested by using with H2SO4 for pH 1, citrate buffer for
pH 3 and 5 and Tris HCl buffer for pH 8. Prior to these experiments, a D-fructose extraction experiment
was performed complexation/transportation in the optimized conditions (100 mM D-fructose and a
D-fructose: 3,4-DCPBA:Aliquat336® molar ratio of 1:1:2). The organic phase was then recovered and
contacted with the second aqueous phase for the release step. As observed by Paugam et al. [40] and
keeping in mind the final objective of this work that is the obtaining of a simultaneous process, the
saccharide flow from the basic aqueous donor phase to the acidic receiving phase through an organic
phase is favored when a pH gradient is applied between the two phases. Figure 14 shows the evolution
of the D-fructose release yield as a function of time for different pH of the aqueous receiving phase.
In the cases of pH 8 and pH 1, an increase was observed until 30 min (with an initial rate of about
0.6 and 1.8 μmol/min, respectively, Table 4) and a steady-state was reached for a yield of 22.7% and
54.5% for pH 8 and pH 1, respectively. Concerning pH 3 and pH 5, an increase was observed up to 60
min (with an initial rate of 1.5 μmol/min, Figure 14) to obtain respectively 91% and 100% of release.
Considering that the pKa of 3,4-DCPBA is around 7.4, when the pH of the receiving aqueous phase is
8, the pH is then superior to pKa. Then, the release mechanism is unfavorable [40]. With pH 3 and 5,
more than 90% of the extracted D-Fructose were released. Moreover, the experiment with H2SO4 at
pH 1 shows full hydrolysis of the fructoboronate complex followed by conversion of D-Fructose to
HMF, levulinic and formic acid, which explains the high release rate and the decrease in the actual
D-fructose concentration after 15 min.

Table 4. Transport yield and extraction rate of D-fructoboronate hydrolysis to D-fructose and D-fructose
release in the aqueous phase as a function of its pH.

pH Transport Yield Extraction Rate
(%) (μmol/min)

5 100 ± 4.2 1.58 ± 0.14
3 91.5 ± 6.3 1.53 ± 0.13
1 54.5 ± 3.7 1.84 ± 0.09
8 22.7 ± 5.2 0.63 ± 0.14
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Figure 14. Influence of the pH of the aqueous receiving phase on the D-fructose complex transportation.
Extraction process: Tris-HCl 100 mM pH 8.5, [D-Fru]i = 100 mM, [3,4-DCPBA] = 100 mM, [Aliquat336®]
= 200 mM, MIBK, 343 K. Receiving phase: Citrate buffer 100 mM pH 3 and 5, Tri-HCl pH 8, H2SO4 for
pH 1.

2.3. Study of D-Fructose Dehydration in the Receiving Aqueous Phase

D-Fructose dehydration to HMF was carried out in the receiving aqueous phase. We observed
previously when studying fructoboronate complex transportation and hydrolysis in a highly acidic
aqueous phase the formation of formic and levulinic acids. This confirmed that solutions to minimize
HMF degradation by rehydration in the aqueous phase are required. An alternative to strong
homogeneous acid has been to use an acidic resin containing strong sulfonic groups. its supported
character facilitating a potential regenerability and recyclability of the catalyst. The use of solid acid
catalysts prevented the problems of recycling, waste treatment and the risks of use and heating strong
acids in liquid form. The type of dehydration catalyst selected for this study was an acidic resin,
more particularly a sulfonic resin grafted onto a solid support. Then we have studied the effect of
temperature (70 ◦C, 80 ◦C and 90 ◦C) on the yield and the selectivity of the reaction to determine the
mass ratio of H+(resin)/D-fructose (1/1, 2/1 and 3/1). Finally, we have studied the effect of pH on the
reaction efficiency. The results are not presented because we have logically observed that the HMF
yield increases with the increase of temperature and the H+/D-fructose ratio. However, until 80 ◦C no
humins are detected but brown colored resin is observed when the temperature is at 90 ◦C, indicating
the formation and adsorption of humins. Therefore, we chose a temperature of 80 ◦C and a ratio of 3/1
for the following studies (sequential approach).

2.4. Study of Sequential Process

In the formerly optimized conditions, a sequential process was tested. The first step consisted
on a simultaneous D-glucose isomerization and D-fructose transportation through a fructoboronate
complex, followed by the second step characterized by the hydrolysis of the fructoboronate complex
to D-fructose and release of D-fructose in the aqueous receiving phase, and finally by the dehydration
of fructose to HMF by heterogeneous catalyst in the third step (Figure 15).
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Figure 15. Illustration of the sequential process with isomerization and complexation/transportation
step, hydrolysis/release step and dehydration step.

2.4.1. D-Glucose Isomerization and D-Fructose Complexation/Transportation

The aqueous feed phase contained Tris-HCl buffer 100 mM at pH 8.5, D-Glucose and immobilized
glucose isomerase at the required amount. The organic layer contained the system determined by
the previous study: [3,4-DCPBA] = 100 mM, [Aliquat336®] = 200 mM. The initial aqueous D-glucose
concentration was 100 mM. The system was mixed in a reactor where the enzyme was placed in a basket
to avoid any contact with the organic layer. Moreover, the use of MIBK, with low solubility in water,
as an organic solvent contributed to making the contact between MIBK and enzyme negligible. The
system was heated at 343 K for 3 h. The amount of D-glucose and D-fructose were chromatographically
determined in the aqueous phase during the process. Table 5 shows the performance of each step. An
interesting isomerization yield of 74.5% was obtained showing the actual shifting of the equilibrium of
the enzymatic catalysis (55%) by fructose elimination from the media through complexation with the
boronic acid. Moreover, according to the extraction yield of D-fructose and D-glucose, 56.5% and 1%,
respectively, a very high selectivity of the complexation reaction with the chosen boronic acid towards
the D-fructose was actually demonstrated. The partial D-fructose extraction yield of 56.5% showed
that the reaction conditions could be still improved.

Table 5. Results obtained from sequential process. The D-Fructose released yield was calculated using
the amount of D-Fructose in the organic phase at the end of the 1st transport. The fructose conversion
yield was calculated using the amount of fructose in the aqueous receiving phase at the end of the 2nd
transport. The HMF total amount was calculated using the initial amount of glucose in the aqueous
donor phase.

1st step 2nd step 3rd step

Isomerization
D-Fructose
Extracted

D-Glucose
Extracted

D-Fructose
Released

Fructose
Conversion

HMF
Yield

HMF
Total

% 74.5 56.5 1.56 57.4 52 21.9 5.3
time 3 h 3 h 35 h 41 h
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2.4.2. Fructoboronate Complex Hydrolysis, Release of D-Fructose and Dehydration to HMF

The basket of IGI was removed and the aqueous feed phase was discarded and replaced by the
receiving aqueous phase with a citrate buffer at 100 mM keeping a pH 3. The system was heated at
343 K for 3 h. In these conditions, the hydrolysis step led to 63% of fructose release in the aqueous
phase. Then, after 3 h at 343 K, the organic layer was discarded and the acidic resin was introduced.
The system was heated at 363 K. The dehydration step led to a HMF yield of 20% after 10 h. The total
HMF yield was 5%.

2.5. Study of Continuous Process

In the best conditions previously determined, a continuous integrated process was tested [33].
The reactor, phases and matter flows are presented in Figure 16. The “coaxial” reactor is composed of
two cylinders coaxially placed, a cover enabling introduction of the stirring system and a refrigerant for
temperature control. The inner cylinder contains the donor aqueous phase and has a height less than
that of the outer cylinder which contains the receiving aqueous phase, which allows the organic phase
to be in contact with both aqueous phases. The experiment was conducted with a donor aqueous phase
formed by 50 mL of 100 mM Tris-HCl pH 8.5 containing 100 mM of D-glucose, 200 mg IGI, 20 mM
MgSO4, 8 mM Na2SO3. The receiving aqueous phase was formed by 55 mL of 100 mM sodium citrate
buffer, pH 3. The organic phase consisted of 100 mL of MIBK containing 100 mM of 3,4-DCPBA and
200 mM of Aliquat336®. All the phases were maintained at 343 K. The stirring was carried out at 180
rpm, which is the maximum rate to avoid the mixing of the phases, thanks to a stirring blade immersed
in the organic phase. This “coaxial” reactor was used to simultaneously perform the isomerization,
extraction, hydrolysis and dehydration steps. The monitoring of the D-fructose concentration in the
aqueous phases was carried out, making it possible to calculate the efficiency of the continuous process
for the simultaneous isomerization, fructose extraction and dehydration. The results are shown in
Table 6.

 

Figure 16. Illustration of the continuous process.

Table 6. Results obtained by continuous process.

Isomerization
Fructose

Extraction
HMF Selectivity

Yield (%) 70.1 50.2 4.1 70.4

The D-glucose isomerization yield was 70%, with 50% of the formed D-fructose transported and a
global HMF yield of 4% (Table 6). Those results are comparable to those obtained by the sequential
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process. Therefore, this process demonstrates the efficiency of using a cascade chemo-enzymatic
catalysis to continuously obtain HMF from D-glucose. However, insufficient agitation of each phase
seems to be the main limitation of this reactor configuration. Further improvements of this proof of
concept towards enhanced HMF yields and global performances will be reported in due course.

3. Materials and Methods

3.1. Chemicals and Reagents

D-Glucose (≥99.5%), D-Fructose (≥99%), N-methyl-N,N,N-trioctylammonium chloride
(Aliquat336®), 3,4-dichlorophenylboronic acid (3,4-DCPBA), 3,5-dichlorophenylboronic acid
(3,5-DCPBA) (98%), 2,4-dichlorophenylboronic acid (2,4-DCPBA), 2,3-dichlorophenylboronic acid
(2,3-DCPBA), 4-tert-butylphenylboronic acid (4-TBPBA) (≥95%), 4-(trifluoromethyl)phenylboronic acid
(4-TFMPBA), Trizma base (≥99.9%), hydrochloric acid (36.8–38%), sulfuric acid (95–97%), Sweetzyme
IT®Extra (IGI) (≥350 U/g), Dowex monosphere 650C, levulinic acid (LA) (98%), formic acid (FA) (95%),
trisodium citrate (≥99%), 5-hydroxymethylfurfural (HMF) (99%) were purchased from Sigma Aldrich
Co. (St. Louis, MO, USA). Phenylboronic acid (PBA) (95%) and 4-methyl-2-pentanone (MIBK) (≥99%)
were purchased from Sigma-Fluka (Sigma-Aldrich, St. Louis, MO, USA). Citric acid (≥99%) was
purchased from Merck (Merck KGaA, Darmstadt, Germany). Distilled-deionized water (Mili-Q) grad
was used whenever necessary, obtained from a MilliQ water purification system (Millipore, Molsheim,
France).

3.2. Statistical Analysis

The experiments were performed in triplicate each time. The standard deviation for each
experimental result was calculated using Microsoft Excel and reported. The standard deviation
for each value was ≤5%.

3.3. Characterization

In the conversion/complexation experiments, the determination of reactants, intermediates and
products quantities was carried out using a Shimadzu high-performance liquid chromatography
(HPLC) (Shimadzu Europa, Duisburg, Germany) instrument equipped with a LC-20ADXR pump, a
DGU-20A5R degasser, a SIL-20ACXR autosampler, a SPD-MD20A diode array detector, a CTO-20AC
oven and a CBM-20A communicator module piloted by a LabSolution software (LC Driver Ver1.0,
Shimadzu Europa, Duisburg, Germany). The column was an Aminex HPX-87H (300 mm × 7.8 mm, 9
μm; Bio-Rad, Hercules, CA, USA). The mobile phase was 5 mM H2SO4, using isocratic mode with 0.4
mL.min-1. The chosen wavelength for HMF and levulinic acid detection were 284 nm and 266 nm,
respectively. The chosen wavelength for detection of formic acid, D-Glucose and D-Fructose was 195
nm. In the case of monosaccharides, a refractive index detector was also used.

3.4. Aqueous Phase D-Glucose Isomerization (Aqueous Feed Phase) and D-Fructose
Complexation/Transportation

3.4.1. D-Glucose Isomerization in Aqueous Feed Phase

We used one of the commercial enzymes most commonly used for the conversion of starches to
high fructose syrup, namely immobilized glucose isomerase (IGI, Sweetzyme®IT extra) [31]. D-glucose
solution (1 mL) was prepared by mixing D-glucose (100 mM), Na2SO3 (8 mM) and MgSO4 (20 mM) in
a buffer solution (100 mM) at a selected pH (Tris-HCl buffer for pH 7, 7.5, 8, 8.5, 9, phosphate buffer
for pH 6.5, or citrate buffer for pH 4.5) and then introduced in an Eppendorf tube. The solution was
incubated at the desired temperature (323 to 363 K) in a Mixing Block (BIOER-102 Thermocell) at 900
rpm. After rehydration in water for 12 h, IGI (10 mg) was put in contact with the aforementioned
prepared D-glucose solution. The reaction time was set at 90 min.
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3.4.2. D-Fructose Transport in the Organic Phase

First, a D-fructose/D-glucose (25 to 600 mM) solution was prepared in Tris-HCl buffer (100 mM).
A volume (600 μL) of this solution was introduced in an Eppendorf tube (solution 1). Aliquat336®

(25–300 mM), and arylboronic acid (25–300 mM) were dissolved in MIBK as a solvent to prepare
solution 2. Then, 600 μL of the solution 2 were introduced in a second Eppendorf tube. Solutions 1
and 2 were incubated at the desired temperature in a mixing block (BIOER-102 Thermocell) at 750 rpm.
After 5 min, both solutions were mixed in an Eppendorf tube placed in the Mixing Block in the same
conditions. After D-fructose transport, the aqueous and organic phases were separated by pipetting.

3.4.3. Aqueous Phase D-Fructose Complex Hydrolysis in Receiving Aqueous Phase

Citrate buffer (600 μL) were introduced in an Eppendorf tube and incubated at the required
temperature (343 K) in a mixing block at 750 rpm. After 5 min, 600 μL of the organic phase obtained
after the extraction procedure and containing the fructoboronate complex were introduced in the tube.
After a reaction time of 45 min, the aqueous and organic phases were separated by pipetting.

3.4.4. Study of Sequential Process from Glucose Isomerization to Fructose Dehydration

A 250 mL vessel (Reactor-ReadyTM Lab Reactor, Radley, Figure 15) equipped with a temperature
control system (Ministat, Huber temperature control system, HUBER, Chippenham, UK) was used for
these experiments.

• Simultaneous D-glucose isomerization by enzymatic catalysis in the aqueous feed phase and
D-fructose complexation/transportation in the organic phase.

IGI (0.5 g) was loaded in a stirring basket introduced in a first reactor (Figure 15—left) with 100 mL of a
aqueous solution containing D-Glucose (100 mM), Na2SO4 (8 mM), MgCl2 (20 mM), in Tris-HCl buffer
(100 mM, pH 8.5) at 343 K. Then, 100 mL of MIBK containing 3,4-DCPBA (100 mM) and Aliquat336®

(200 mM) were introduced in the reactor. The mixture was stirred via the stirring basket at 200 rpm,
with the temperature kept at 343 K for 180 min, before discarding the aqueous feed phase.

• D-fructose complex hydrolysis in the aqueous receiving phase.

The organic phase (100 mL) issued from the first reactor and containing the fructoboronate complex
were transferred in a second reactor (Figure 15—middle) and heated at 343 K. Then, 100 mL of a citrate
buffer solution (100 mM, pH 3) were introduced. The mixture was stirred with a turbine stirring shaft
at 200 rpm and set up at 343 K for 180 min.

4. Conclusions

In this work, we have first provided the conditions of the key parameters (temperature, pH,
arylboronic acid structure and concentrations, Aliquat336® concentrations) applied for a sequential
process from glucose to HMF through fructose transportation in an organic liquid membrane. The best
conditions have been then applied to an unprecedented integrated process in a specifically designed
reactor. Therein, enzymatic glucose isomerization and fructose dehydration to HMF, involving an
intermediate fructose transportation by complexation with an aryboronic acid-Aliquat336® complex,
could be carried out simultaneously in independent aqueous phases. These phases were both in
contact with a single organic phase enabling the transportation of fructose from the first aqueous
phase to the second. In this process, we thus succeeded in simultaneously enzymatically isomerizing
glucose to fructose and dehydrating fructose to HMF by minimizing the number of reaction media
and separation steps. Indeed, no intermediate product or phase isolation was necessary. The use of
numerous organic solvents or ionic liquid, as previously described in the literature, is limited to a
unique organic phase used for fructose transportation. Improvement of performances in terms of HMF
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yields implying better diffusion of species between the different phases by improving the conception
of new reactor systems will be reported in due course.
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Abstract: In this work, the kinetics of Meerwein–Ponndorf–Verley chemoselective reduction of
carbonyl compounds was studied in monolithic continuous-flow microreactors. To the best of
our knowledge, this is the first report on the MPV reaction kinetics performed in a flow process.
The microreactors are a very attractive alternative to the batch reactors conventionally used in
this process. The proposed micro-flow system for synthesis of unsaturated secondary alcohols
proved to be very efficient and easily controlled. The microreactors had reactive cores made of
zirconium-functionalized silica monoliths of excellent catalytic properties and flow characteristics.
The catalytic experiments were carried out with the use of 2-butanol as a hydrogen donor. Herein,
we present the kinetic parameters of cyclohexanone reduction in a flow reactor and data on the
reaction rate for several important ketones and aldehydes. The lack of diffusion constraints in
the microreactors was demonstrated. Our results were compared with those from other authors
and demonstrate the great potential of microreactor applications in fine chemical and complex
intermediate manufacturing.

Keywords: Meerwein–Ponndorf–Verley reduction; kinetics; flow microreactor

1. Introduction

A reduction of carbonyl bond is a widespread route for the synthesis of alcohols. However,
the reaction, classically catalyzed by noble metals and carried out in the presence of molecular
hydrogen, reveals significant limitations, including low selectivity, high sensitivity to sulfur-containing
substrates, and high-pressure requirements. The pharmaceutical industry is concerned with the purity
of its products. The Meerwein–Ponndorf–Verley (MPV) reaction is an attractive method of synthesizing
unsaturated alcohols from ketones or aldehydes using secondary alcohols instead of gaseous hydrogen.
According to a generally accepted mechanism of the MPV reaction, the carbonyl group acts as a
hydrogen acceptor and alcohol as a hydrogen source. The hydrogen transfer occurs when both
substrates are simultaneously coordinated to the same Lewis acidic site (Scheme 1). The formation of a
six-membered transition state ring is considered to be a determining step in the reaction rate.
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Scheme 1. The mechanism of Meerwein–Ponndorf–Verley (MPV) reduction.

Inexpensive and non-toxic hydrogen donors and catalysts, mild reaction conditions,
and exceptional chemoselectivity render this method of reduction favorable over alternatives. Among
many active species, such as Zr [1,2], Al [3,4], Mg [3,5], and B [6,7], which are considered to be
active catalysts for MPV reduction, zirconium has been shown to be one of the most promising.
In the literature, batch processes are predominantly described with the use of numerous catalysts,
e.g., homogeneous alkoxides [8,9], zeolites [10,11], mesoporous sieves [12–14], and hydrotalcite [15].
Nevertheless, the tedious separation of homogenous catalysts at the end of the process leads to its
deactivation and non-reusability. Powdered catalysts ensure significant benefits over its homogeneous
counterparts. However, filtration is an additional time- and cost-consuming step in the technological
line. Flow microreactors allow one to overcome these drawbacks and have additional advantages,
i.e., high surface-to-volume ratio, improved reaction parameter control, a small equipment size, and a
flexibility of module arrangement.

Flow chemistry is perspective and still not explored field in the area of chemoselective MPV
reduction. Battilocchio et al. reported the protocol for synthesizing various alcohols from aromatic and
aliphatic carbonyl compounds using a packed-bed reactor filled with zirconium hydroxide catalyst [16].
In our previous works [17–19], we demonstrated excellent activity of zirconium-doped silica monolithic
microreactors in cyclohexanone reductions and their improved performance compared with the batch
process. It was shown that zirconium species terminated with propoxy ligands featured the highest
activity in MPV reduction among various Lewis centers immobilized onto monoliths’ surfaces used
as reactive cores in microreactors. Extensive studies of structural, physicochemical, and catalytic
properties revealed the high efficiency of the proposed microreactors.

In this work, we present the kinetic studies of MPV reduction with the use of various carbonyl
compounds and 2-butanol as a hydrogen donor. The experiments were performed in continuous-flow
zirconium-propoxide-functionalized microreactors of different lengths.

We determined the kinetic parameters, hardly presented for the MPV reduction process carried
out in a flow regime. The results of the flow and batch reactors were compared with those of other
authors. The kinetic data are crucial to determine the optimum process conditions through the selection
of appropriate catalysts and reaction parameters. The knowledge of basic issues related to the course of
reactions allows one to set new, more effective paths for conducting processes. Despite the possibility of
theoretical computer simulation of the behavior of the reaction system, the experimental determination
of the kinetic equation parameters is still necessary for the development of the reactor model.

2. Results

The characterization of siliceous monolithic microreactors functionalized with zirconium species
and their catalytic properties were described in our previous papers [17,18]. Kinetic studies were
performed in the microreactors featured by the exceptionally low back-pressure. It resulted from
the unique structure of cylindrical-shape monoliths applied as reactive cores [20]. Briefly, monoliths
were characterized by a continuous, macroporous flow-through structure (macropores in the range of
30–50 μm), extended with mesopores of bimodal size distributions (3/20 nm) and a high surface area
(340 m2·g−1) (Figure 1). The monoliths were functionalized with zirconium propoxide to obtained
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Lewis acid sites on the silica surface. The zirconium cations were terminated by propoxy/hydroxo
ligands, which appeared to be very active catalytic centers [18,19]. The concentration of zirconium,
determined by ICP MS analysis, was 7.03 wt % (in relation to the mass of silica support) in all
studied microreactors.

Figure 1. (a) SEM image of silica monolith structure; (b) nitrogen adsorption/desorption isotherm and
pore size distribution (insert).

Material functionalization with zirconium precursor did not considerably influence the structural
properties of the support. Only a small decline of the surface area and mesopore volume was observed.
All features have been preserved after multiple reaction cycles.

Detailed studies of the kinetic experiment were performed for the MPV reduction of
cyclohexanone with 2-butanol. First, we checked whether diffusion or activation controls the reaction
rate. External mass transfer limitations are a common phenomenon in porous materials. To exclude the
impact of diffusional effects on the reaction kinetics, the performance of microreactors with monolithic
cores of different lengths were compared with respect to the same residence time, equal to 5 min.
Similar conversions of cyclohexanone, about 40%, were achieved in all microreactors of a 1–8 cm
length, which evidenced the lack of transport constraints (Figure 2).

Figure 2. Conversion of cyclohexanone in microreactors of different lengths for a residence time of
5 min.

The results of kinetic experiments for cyclohexanone reduction are depicted in Figure 3. Figure 3a
shows the single experimental run carried out for 6 h at 95 ◦C in a 6 cm long microreactor. The reaction
rate constant (Figure 3c) was determined by assuming the first order kinetics and was calculated using
Equation (1):

ln(C0/C) = kτ (1)
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where C0 [mmol·cm−3] is the initial concentration of ketone, C [mmol·cm−3] the substrate
concentration after the reaction in the microreactor of a fixed length, k [min−1] the rate constant,
τ [min] the residence time.

Figure 3. (a) Conversion of cyclohexanone in the 6-cm-long microreactor. (b) Catalytic results for MPV
reduction at 65 ◦C ( ), 75 ◦C ( ), 85 ◦C ( ), and 95 ◦C (�) in the microreactor (points—experiments,
lines-model). (c) Plot of ln (C0/C) versus contact time.

Figure 3b confirms good agreement between the experimental data and the model prediction of
the first-order kinetics for the MPV process carried out at different temperatures and contact times in
the range of 5–40 min. Each point corresponds to the average conversion obtained in microreactor
during 6-h-long tests.

The linear relationship rate constant vs. the contact time was observed through the whole
temperature range used in the experiments. The experimental data are in line with those calculated
from first-order kinetics equation.

Temperature dependence of the rate constant was examined in the range of 65–95 ◦C and is shown
in Figure 4. The activation energy was estimated from linear regression analysis, and it appeared to be
52 kJ·mol−1, and frequency factor k∞ = 2.69 min−1.

Figure 4. Arrhenius plot for the MPV reduction of cyclohexanone.

The studies of the MPV reduction in the flow process were extended to other ketones and
aldehydes, and the results, i.e., the conversion, productivity, and reaction rate constant are summarized
in Table 1. Analysis of these data shows that aldehydes are easier to be reduced than ketones.
The reaction rate constant of benzaldehyde reduction was 0.212 min−1, while that for cyclohexanone
was twice lower. Battilocchio et al. also found that aldehydes, compared with aliphatic ketones,
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required a shorter reaction time for complete conversion to alcohols [16]. Steric hindrance is a prevalent
factor that affects the reactivity of the substrates. Citral is a mixture of cis- and trans-isomers signified
as neral and geranial, respectively. The MPV reduction of citral reveals the preferential formation of
its trans product. The yield of geraniol was 20% higher than nerol. The orientation of the carbonyl
group to the molecular chain in geranial reduces steric limitations for binding between the Zr center
and C=O.

Table 1. Data from catalytic experiments.

Substrate K 1 [min−1]
Conversion 1,*

[%]
Productivity 1,*

[mmol·gcat
−1·h−1]

Productivity 2

[mmol·gcat
−1·h−1]

Productivity 3

[mmol·gcat
−1·h−1]

 

0.106 88 2.22 - 2.28 [21]

0.021 35 0.9 - 0.11 [15]

0.212 99 2.64 1.14 [16] 0.36 [10]

0.081 80 1.92 0.66 [16] 0.48 [5]

0.031/0.047 4 46/61 0.48/0.9 - 0.54 [5]

0.026 40 0.96 0.48 [16] 0.12 [22]

0.08 80 2.1 - -

0.041 56 1.32 - 0.72 [23]

1 this work (reaction temp. 95 ◦C), 2 in the flow process (data form literature), 3 in the batch process (data form
literature); 4 nerol/geraniol; * data for the 4-cm-long microreactor.

The impact of both the steric and electronic effect can be observed in the case of cinnamaldehyde
reduction. The low activity can be attributed to the presence of a bulky chain in this substrate and
double bond. The productivity in the reduction process of cinnamaldehyde was significantly lower
than that for benzaldehyde. The reduction of unsaturated ketone, 2-cyclohexen-1-on, is difficult
without affecting the conjugated C=C bond. A significant decrease in conversion was observed
compared to the saturated cyclic carbonyl compound (cyclohexanone); nevertheless, the product was
obtained with 100% selectivity. Aromatic ketones, compared with cyclic ketones, are more difficult to
reduce due to the resonance and inductive effect of the benzene ring [22]. It explains the difference
in conversions of cyclohexanone and acetophenone. No products arising from the Tischenko cross
reaction or from the aldol condensation [24], were detected for any of the investigated substrates.
This evidenced the excellent selectivity of the proposed catalyst.

It should furthermore be highlighted that alcohols produced by the selective hydrogenation of
carbonyl-bearing substrates are fine chemicals of primary interest. They are used as flavor additives,
and intermediates in drug production. Products of the esterification of cinnamyl alcohol, indole-3-acetic
acid, or α-lipoic acid were studied for their antioxidant and anti-inflammatory activity [25], and graniol
was checked in colon cancer chemoprevention and treatment [26].

120



Catalysts 2018, 8, 221

Our results were compared to the literature data for flow and batch processes. To the best of
our knowledge, the MPV process using heterogeneous powdered catalyst at flow conditions has
only been published in one paper [16]. The productivities of ZrO2-based reactors toward benzyl
alcohol, cinnamyl alcohol, and 1-phenylethanol are nearly 4 times lower than those achieved in the
studied monolithic microreactors. Table 1 shows the productivities from batch reactors obtained
by other research. They are significantly lower than those obtained in the proposed flow system
(except one case). It was due to excellent mixing and mass transfer conditions, offered by innovative
monolithic microreactor characterized by high surface-to-volume ratios. Application of the proposed
continuous-flow microreactor for the MPV process offers not only enhanced productivity, but also
facilitates process handling by excluding contact with reaction media. The latter is of importance when
working with dangerous substances.

3. Materials and Methods

Microreactors were fabricated using silica monoliths as cores. The monoliths were obtained by
combined sol-gel and phase separation methods described in details in [20]. Briefly, polyethylene
glycol (PEG 35 000, Sigma-Aldrich, St. Louis, MO, USA) was dissolved in 1 M nitric acid
(Avantor, 65%, Gliwice, Poland). The mixture was cooled in the ice bath and subsequently
tetraethoxysilane (TEOS, ABCR, 99%, Karlsruhe, Germany) was added dropwise. After 30 min
of stirring, cetyltrimethylammonium bromide (CTAB, Sigma-Aldrich) was added. After complete
dissolution, the sol was transferred to the polypropylene molds and stored at 40 ◦C for 8 days for
gelation and aging. Next, rod-shaped monoliths were washed with deionized water and treated with
1 M ammonia solution (Avantor, 25%) for 8 h at 90 ◦C. Afterward, the materials were washed, dried at
40 ◦C for 3 days, and finally calcined at 550 ◦C for 8 h to remove organic templates. The prepared
monoliths of diameter 4.5 mm were put into heat-shrinkable tubes and equipped with connectors to
obtain flow microreactors.

Zirconium propoxide moieties were grafted onto silica carriers, maintaining Zr/Si ratio fixed at
0.14 and using a solution of zirconium(IV) propoxide (Sigma Aldrich, 70% in 1-propanol) in anhydrous
ethanol (Avantor, 99.8%). Reactive cores were impregnated with the solution and kept for 24 h at 70 ◦C.
Finally, they were washed with ethanol and dried at 110 ◦C in nitrogen flow conditions.

Structural properties were analyzed by electron microscopy (TM 30000, Hitachi, Chiyoda, Tokyo,
Japan) and adsorption–desorption measurements (ASAP 2020, Micromeritics, Norcross, GA, USA).

The continuous-flow microreactors were tested in the MPV reduction of various carbonyl
compounds (cyclohexanone: Sigma Aldrich, 99%, benzaldehyde: Sigma-Aldrich, 99%, acetophenone:
Acros, Geel, Belgium, 98%, cinnamaldehyde: Acros, 99%, citral: Roth, 95–98%, Karlsruhe, Germany,
hexanal: Aldrich, Saint Louis, MO, USA, 98%, nonanal: Aldrich, 95%, 2-cyclohexen-1-one: Acros, 97%)
with 2-butanol (Avantor 99%). The molar ratio of substrates was 1:52. The flow rate was changed in
the range of 0.03–0.24 cm3·min−1. The progress and selectivity of the reaction were monitored by gas
chromatography (FID detector, HP-5 column, 7890A, Agilent, Santa Clara, CA, USA).

The kinetic experiments were carried out in setup shown in Figure 5 for a flow rate fixed at
0.03 cm3·min−1, at the temperature range of 65–95 ◦C. The mass of the 1-cm-long microreactor was
0.0375 g. The length of reactive cores was changed from 1 to 8 cm (weight form 0.0375–0.3 g) and
enabled the obtainment of data for different residence times, calculated using Equation (2):

τ =
mk·l·VT

F
=

0.0375·l·VT
F

(2)

where mk is the mass of monolith per length unit [g·cm−1], l is the microreactor length [cm], VT is
the total pore volume, equal to −4 [cm3·g−1] (data from mercury porosimetry), and F is the flow
rate [cm3·min−1].
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Figure 5. Scheme of the reaction setup.

4. Conclusions

The outstanding potential of continuous-flow microreactors in the area of selective reduction of
carbonyl compounds was demonstrated. Broad-range and long-term experiments were conducted
to determine the kinetics of the MPV reaction of cyclohexanone in the zirconium-functionalized flow
microreactors. The lack of diffusion constraints in the microreactors was shown. The activation energy
was calculated to be 52 kJ·mol−1. Moreover, reaction rate constants for several ketones and aldehydes
were collected. The rate of the process is necessary to design the apparatus and reaction systems.
Significant differences in process efficiency were recorded for various carbonyl compounds. They were
assigned to steric effects caused by bulky chains, electronic effects of an additional double bond, and an
inductive effect of the benzene ring. We believe that the proposed system can be effectively exploited
for fine chemical and pharmaceutical production.
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Abstract: The discovery of alternative fuels that can replace conventional fuels has become the goal
of many scientific researches. Biodiesel is produced from vegetable oils through a transesterification
reaction that converts triglycerides into fatty acid methyl esters (FAME), with the use of a low
molecular weight alcohol, in different reaction conditions and with different types of catalysts.
Titanium dioxide has shown a high potential as heterogeneous catalyst due to high surface area,
strong metal support interaction, chemical stability, and acid–base property. This review focused on
TiO2 as heterogeneous catalyst and its potential applications in the continuous flow production of
biodiesel. Furthermore, the use of micro reactors, able to make possible chemical transformations
not feasible with traditional techniques, will enable a reduction of production costs and a greater
environmental protection.

Keywords: titanium dioxide; heterogeneous catalyst; biodiesel; continuous flow

1. Introduction

Public attention to energy consumption and related emissions of pollutants is growing.
The constant increase in the cost of raw materials derived from petroleum and the growing concerns of
environmental impact have given considerable impetus to new products research from renewable raw
materials and to technological proposal solutions that reduce energy consumption, use of hazardous
substances and waste production, while promoting a model of sustainable development and social
acceptance [1–3].

In recent years, titanium complex catalytic systems consisting of several catalysts or containing
one catalyst with functional additives have found wide applications [4–6]. This application is very
promising, since it appreciably widens the possibility of controlling the activity and selectivity
of catalysts.

Titanium containing catalysts can be divided into organic, inorganic, mixed, and complex catalysts.
Both organic and inorganic titanium compounds represent the main components of the complex
catalysts for esterification and transesterification reactions [7].

Recently, titanium oxide (TiO2) was introduced as an alternative material for heterogeneous
catalysis due to the effect of its high surface area stabilizing the catalysts in its mesoporous structure [8].

Titania-based metal catalysts have attracted interest due to TiO2 nanoparticles high activity for
various reduction and oxidation reactions at low pressures and temperatures. Furthermore, TiO2 was
found to be a good metal oxide catalyst due to the strong metal support interaction, chemical stability,
and acid–base property [9].

This review focuses on TiO2 as an excellent material for heterogeneous catalysis, with potential
applications in biodiesel production. Applications of titanium dioxide as heterogeneous catalyst for
continuous flow processes have been considered.

Catalysts 2019, 9, 75; doi:10.3390/catal9010075 www.mdpi.com/journal/catalysts124
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2. Titania-Based Catalysts in Transesterification Reaction

Homogeneous basedcatalysts in the transesterification reaction have some disadvantages, among
which are high energy consumption, expensive separation of the catalyst from the reaction mixture,
and the purification of the raw material. Therefore, to reduce the cost of the purification process,
heterogeneous solid catalysts such as metal oxides were recently used, as they can be easily separated
from the reaction mixture and reused.

Titanium dioxide used as a heterogeneous catalyst shows a wide availability and economical
synthesis modalities.

2.1. Sulfated TiO2

A solid superacidic catalyst used in the petrochemical industry and petroleum refining process
was sulfated doped TiO2 [10,11]. This catalyst showed better performances compared to other sulfated
metal oxides due to the acid strength of the TiO2 particles which further enhanced with loading of
SO4

2− groups on the surface of TiO2. The higher content of sulfate groups determined the formation
of Brönsted acid sites which caused the super acidity of the catalyst [12]. Some studies reported that
the enhancement of the acidic properties after the addition of sulfate ions to metal oxides, caused less
deactivation of the catalyst [13,14].

2.1.1. SO4
2−/TiO2

Hassanpour et al. described sulfated doped TiO2 as a solid super-acidic catalyst which is also
used in the petrochemical industry and petroleum refining process and shows better performances
compared to other sulfated metal oxides [15,16]. This is due to the acid strength of the TiO2 particles
which further enhanced with loading of SO4

2− groups on the surface of TiO2. The synthesized
nano-catalyst Ti(SO4)O (Figure 1) is used for the production of biodiesel deriving from used cooking
oil (UCO).

 

Figure 1. TEM images of (a) TiO2 and (b) Ti(SO4)O (Copyright of Elsevier, see [15]).

The esterification of free fatty acids (FFAs) and transesterification of oils were conducted
simultaneously using the titanium catalyst (1.5 wt.%), in methanol/UCO in 9:1 ratio, a temperature
reaction of 75 ◦C, and a reaction time of 3 h, yielding 97.1% of fatty acid methyl esters.
The authors investigated the catalytic activity and re-usability of the Ti(SO4)O for the
esterification/transesterification of UCO. After eight cycles under optimized conditions the amount of
SO4

2− species in the solid acid nano-catalyst slowly decreased and this data resulted higher compared
to other functionalized titania reported in the literature. The formation of polydentate sulfate species
inside the structure of TiO2 enhanced the stability of synthesized Ti(SO4)O nanocatalyst and also
presented a higher tolerance to ≤6 wt.% percentage of free fatty acids in raw material for biodiesel
production (Table 1).
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Table 1. The effect of free fatty acid (FFA) in feedstock on the percentage of fatty acid methyl esters
(FAME) yield.

Oleic acid to oil, wt.% 0.5 1 2 3 4 5 5.5 6 6.5 7
FAME yield% 97.1 97 97.1 97.01 96.14 95.69 93.42 91.37 75.39 64.5

Zhao and co-workers have recently studied the catalytic activity of sulfated titanium oxide
(TiO2-SO4

2−). The authors reported that the high surface acidity of titanium dioxide increased the
yield of butyl acetate to about 92.2% in esterification reaction, and the selectivity of the catalyst mostly
depended on the degree of exposure of reactive crystal facets [17]. In this paper, a high-surface-area
mesoporous sulfated nano-titania was prepared by a simple hydrothermal method without any
template followed by surface sulfate modification (Figure 2). Acid sites with moderate- and superacidic
strength formed in the sulfated titania catalyst. Also, the prepared sulfated sample possessed both
Lewis and Brønsted acid sites. The catalytic activity of sulfated nano-titania with exposed (101) facets
was evaluated using the esterification reaction between acetic acid and n-butanol. Compared with
the exposed (001) facets, the exposed (101) facets showed better catalytic activity of sulfated TiO2

in esterification. Additionally, the as-prepared sulfated sample could be efficiently recycled and
regenerated by simple soaking in sulfuric acid followed by calcination.

 

Figure 2. (a) TEM and (b) HRTEM images of TiO2-SO4
2− (Reproduced by permission of The Royal

Society of Chemistry, see [17]).

Furthermore, Ropero-Vega et al. investigated the effect of TiO2-SO4
2− on the esterification of oleic

acid with ethanol [18]. The maximum conversion of oleic acid was 82.2%, whilst a 100% selectivity
of the catalyst on oleic acid to ester was reported at 80 ◦C after 3 h. Sulfated titania was prepared
by using ammonium sulfate and sulfuric acid as sulfate precursors. Depending on the sulfation
method, important effects on the acidity, textural properties as well as on activity were found. After
ammonium sulfate was used, a large amount of S=O linked to the titania surface was observed and the
acidity strength determined with Hammett indicators showed strong acidity in the sulfated samples.
The presence of Lewis and Brönsted acid sites in the sulfated titania with sulfuric acid catalyst, were
observed (Figure 3). The sulfated titania showed very high activity for the esterification of fatty acids
with ethanol in a mixture of oleic acid (79%). Conversions up to 82.2% of the oleic acid and selectivity
to ester of 100% were reached after 3 h of reaction at 80 ◦C.

Figure 3. Schematic representation of the Brönsted and Lewis acid sites in the sulfated titania.
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The results showed that sulfated titania is a promising solid acid catalyst to be used in the
esterification of free fatty acids with 2-propanol (Table 2).

Table 2. Conversion of 2-propanol and oleic acid esterification on sulfated titania.

Catalyst 2-Propanol Oleic Acid

[TiO2-HNO3] 0 3.1
[TiO2/SO4

2−-H2SO4-IS] 0.5 2.1
[TiO2/SO4

2−-(NH4)2SO4-IS] 10.54 47.0
[TiO2/SO4

2−-(NH4)2SO4-I] 46.06 82.2

Three sulfated titania-based solid superacid catalysts were prepared by sol-gel and impregnation
method by Huang and coworkers [19]. Sulfated titania derived gel was dried at 353 K for 24 h and
then calcined in air at 773 K for 3 h and milled into powders (this sample was labeled as ST). Another
sulfated titania was prepared with HNO3 instead of H2SO4 solution (this sample was labeled as HST).
Sulfated titania-alumina was labeled as STA. The synthesis of biodiesel was performed from rap oil, at
353 K, after 6–12 h, under atmospheric pressure, with a 1:12 molar ratio of oil to methanol. The highest
yield was obtained using HST catalyst probably due to its stronger surface acidity. The yields of HST
and STA increased with prolonged reaction time, while the optimum reaction time of ST was 8 h
(Figure 4).
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Figure 4. Influence of reaction time on the yield of FAME.

Superacid sulfated titania catalyst, TiO2/SO4 (TS-series), have been prepared by de Almeida et al.
via the sol-gel technique, with different sulfate concentrations [20]. The relation of structure and
catalytic activity of the prepared material have been evaluated. The catalyst that exhibited the highest
catalytic activity in the methanolysis of soybean and castor oils at 120 ◦C, for 1 h (40% and 25%,
respectively) was that which displayed the highest specific surface area, average pores diameter and
pore volume, and highest percentage in sulfate groups TS-5 (Figure 5).
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Figure 5. Percentage of FAMEs formed in the methanolysis reaction of soybean and castor oils.

Chen, et al. reported the transesterification reaction of cottonseed oil at 230 ◦C for 8 h, using a
molar ratio of 12:1 between methanol and oil and an amount of catalyst of 2 wt.%, with a biodiesel
conversion of 90% (Table 3) [21]. The solid acids as heterogeneous catalysts showed high activity
for the transesterification and better adaptability compared to solid base catalysts in presence of a
high acidity of the oil. The solid acid catalysts were prepared by mounting H2SO4 on TiO2·nH2O and
calcinated at 550 ◦C.

Table 3. Effect of temperature on the transesterification with catalyst TiO2/SO4
2− (%, w).

Temperature (◦C) Triglycerides Diglycerides Monoglycerides Methyl Esters

200 4.7 4.8 4 86.5
210 3.2 3.7 3.1 90
220 2.3 2.5 2 93.2
230 1 1.8 1.2 96

2.1.2. SO4
2−/TiO2-ZrO2

Oprescu et al. reported an alternative source for biodiesel production, using microalgae as source
of oil and an amphiphilic SO4

2−/TiO2-ZrO2 superacid catalyst and transesterification over KOH [22].
The extracted oil presented high free fatty acids (FFA) and required pre-treatment, if homogeneous
catalysts were used due to saponification phenomenon and post-production processes. The biodiesel
was obtained by transesterification over KOH and esterification of FFA with methanol using the
amphiphilic SO4

2−/TiO2-ZrO2 superacid catalyst. SO4
2−/TiO2-ZrO2 was prepared with an alkylsilane

to modify the surface of the catalyst. The attachment of alkylsilane on the surface of SO4
2−/TiO2-ZrO2

support was confirmed by FT-IR and thermo gravimetric analysis. The authors evaluated the
catalytic performance varying reaction parameters such as amount of catalyst, reaction time and
algal oil/alcohol molar ratio (Table 4). To reduce algae oil acidity to less than 1% the acid esterification
was carried out and, after transesterification with KOH, the yield of biodiesel was over 96%.

Table 4. Parameters optimization for esterification reaction over SO4
2−/TiO2-ZrO2.

Time Reaction (h) Catalyst Loading (wt.% Algae Oil) Molar Ratio Algae Oil:Methanol Acidity

5 6 1.3 4.98
5 6 1.6 2.23
5 6 1.9 1.57
5 6 1.12 1.60
5 2 1.9 5.40
5 4 1.9 3.34
5 6 1.9 1.57
5 8 1.9 1.61
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Table 4. Cont.

Time Reaction (h) Catalyst Loading (wt.% Algae Oil) Molar Ratio Algae Oil:Methanol Acidity

1 6 1.9 3.78
2 6 1.9 2.55
3 6 1.9 2.09
4 6 1.9 1.89
5 6 1.9 1.57
6 6 1.9 1.58

Boffito et al. described the preparation of different samples of sulfated mixed zirconia/titania,
with traditional- and ultrasound (US)-assisted sol-gel synthesis, and the corresponding properties in
the free fatty acids esterification [23]. The acidity and the surface area of sulfated zirconia was increased
through the addition of TiO2 and the same properties with the continuous or pulsed US were also
tuned (Table 5). Furthermore, specific values of acidity and surface area were combined to demonstrate
which kind of active sites were involved to obtain better catalytic performances in the free fatty acids
esterification. SZ and SZT, referred to SO4

2−/ZrO2 and SO4
2−/80%ZrO2-20%TiO2, were synthesized

using traditional sol-gel method and both traditional and US assisted sol–gel techniques, respectively,
while samples named USZT referred to US obtained sulfated 80%ZrO2-20%TiO2 (Figure 6).

Table 5. List of all samples and of employed synthesis parameters (maximum power = 450 W).

Sample Synthesis Time Sonication Time
Acid Capacity

(meq H+/g)
Specific Surface
Area (m2 g−1)

SZ 123′0′ ′ 0′ ′ 0.30 107
SZT 123′0′ ′ 0′ ′ 0.79 152

SZT_773_6h 123′0′ ′ 0′ ′ 0.21 131
USZT_20_1_30 43′0′ ′ 43′0′ ′ 0.92 41.7

USZT_40_0.1_30 43′0′ ′ 4′18′ ′ 1.03 47.9
USZT_40_0.3_30 43′0′ ′ 12′54′ ′ 1.99 232
USZT_40_0.5_7.5 17′30′ ′ 8′45′ ′ 1.70 210
USZT_40_0.5_15 26′0′ ′ 13′0′ ′ 2.02 220
USZT_40_0.5_30 43′0′ ′ 21′30′ ′ 2.17 153
USZT_40_0.5_60 77′0′ ′ 38′30′ ′ 0.36 28.1
USZT_40_0.7_30 43′0′ ′ 30′6′ ′ 1.86 151
USZT_40_1_15 26′0′ ′ 26′0′ ′ 3.06 211
USZT_40_1_30 43′0′ ′ 43′0′ ′ 1.56 44.1
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Figure 6. Conversions obtained after 6 h of reaction, 336 ± 2 K, slurry reactor, initial acidity: 7.5 wt.%
(oleic acid), MeOH:oil = 16:100 wt, catalyst:oleic acid = 5:100 wt.
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2.1.3. SO4
2−/TiO2-SiO2

Wang et al. reported a study on the use of SO4
2−/TiO2-SiO2 as a solid acid catalyst for

the simultaneous esterification and transesterification of low cost feedstocks with high FFA [24].
The authors reported that with a mixed oil (50% refined cottonseed oil and 50% oleic acid), under 9:1
methanol to oil moral ratio, 6 h reaction time, 3% catalyst loading, and reaction temperature of 200 ◦C,
a yield of 92% can be achieved. It was also reported that the SO4

2−/TiO2-SiO2 catalyst can be re-used
up to 4 times without reducing the catalytic activity (Figure 7).

Figure 7. Stability of the solid acid catalyst.

Recently, an inexpensive precursor was used in the synthesis of SO4
2−/TiO2-SiO2 catalyst by

Shao and co-workers [25]. They reported 88% yield for biodiesel production under 20:1 methanol to
UCO molar ratio, 10 wt.% catalyst and 3 h reaction time at 120 ◦C with constant stirring at 400 rpm.
A sulfated titania–silica composite (S-TSC) was obtained through surface modification of mesoporous
titania–silica composite synthesized using less expensive precursors; titanium oxychloride and sodium
silicate as titania and silica sources respectively. A preformed titania sol facilitated the synthesis of a
mesoporous composite, suitable for surface modification using sulfuric acid to improve its catalytic
performance. FT-IR analysis showed the vibration band, not prominent, of the TiAOASi bond at
943 cm−1, suggesting the incorporation of titania into silica to form a composite. This vibration band
was substantially shifted to 952 cm−1 after the attachment of the sulfate group (Figure 8a). In the
FT-IR spectrum of sulphated titania, calcined at 450 ◦C, new peaks were observed at 1043–1125 cm−1

attributable to the presence of the sulfate group (Figure 8b).

Figure 8. FT-IR spectra of the pure and sulfated titania–silica catalysts (a) titania–silica composite (TSC)
(i), sulfated titania–silica composite (S-TSC) (ii), S-TSC-450 (iii), S-TSC-550 (iv). (b) The FT-IR spectra of
pure and calcined sulfated titania (Copyright of Elsevier, see [25]).
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The catalytic activity of a series of as-prepared TSC, S-TSC calcined samples and pure H2SO4

were evaluated for esterification of oleic acid and transesterification of waste oil with methanol to yield
methyl esters (Table 6). It was observed that at these reaction conditions, S-TSC-450 and S-TSC-550
possessed high catalytic activity comparable to that of pure H2SO4 implying that surface modification
of the titania–silica composite improved its acidic properties.

Table 6. Reaction of different catalyst in oleic acid esterification and waste oil transesterification.

Catalyst 10% (wt) Conversion % OA Conversion % WO

H2SO4 91.6 94.7
TSC-550 29.6 2.6

S-TSC-450 93.7 77
S-TSC-550 93.8 70.4
S-TSC-650 37.3 12.2
S-TSC-800 9.8 Not active
S-TT-450 93.4 88.1

Reaction conditions: 120 ◦C, 3 h, molar ratio MeOH/reagent 20/1.

Maniam et al. have recently used SO4
2−/TiO2-SiO2 catalyst for the transesterification of decanter

cake produced from waste palm oil into biodiesel. It was found that 120 ◦C reaction temperature,
1:15 oil to methanol ratio, 5 h transesterification time, and 13 wt.% catalyst loading, yielded a 91% of
biodiesel [26]. Decanter cake (DC) was a solid waste produced after centrifugation of the crude palm
oil. The pure palm oil was the supernatant while the decanter cake was the sediment. A high free fatty
acids (FFA) content of DC-oil can be subjected to esterification, together with the transesterification
of triglycerides.

2.1.4. SO4
2−/TiO2/La3+

A solid acid catalyst SO4
2−/TiO2/La3+ catalyzed both the esterification and transesterification of

waste cooking oil with high content of free fatty acids (Figure 9) [27].

Figure 9. The framework structure of SO4
2−/TiO2/La3+ catalyst.

Under the optimized conditions (catalyst amount 5 wt.% of oil, 10:1 molar ratio methanol to oil,
temperature 110 ◦C and reaction time of 1 h) biodiesel was obtained with more than 90% of yield.
The catalyst exhibited high activity after five cycles by activation and the content of fatty acid methyl
esters was 96.16% (Table 7).

Table 7. FAMEs yield (%) with various catalyst reused times over catalysts.

Catalyst RT1 a RT2 b RT3 c RT4 d RT5 e

SO4
2−/TiO2 (ST) 73.3 57.1 39.5 Trace Trace

SO4
2−/TiO2-SiO2 (STS) 80.1 78.6 75.0 70.8 61.6

SO4
2−/TiO2/La3+ (STL) 92.3 92.1 91. 7 91.1 90.2

a reused one time; b reused two times; c reused three times; d reused four times; e reused five times.
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A new SO4
2−/TiO2-ZrO2 solid superacid catalyst loaded with lanthanum was prepared by

Li and coworkers [28]. They studied the catalytic performance for the synthesis of fatty acid methyl
ester from fatty acid and methanol. The optimized conditions for the preparation of the catalyst were
0.1 wt.% amount of La(NO3)3, 0.5 mol−1 of the concentration of H2SO4 and 550 ◦C of calcination
temperature. A conversion yield of 95% was reached after 5 h at 60 ◦C, with a catalyst amount of
5 wt.% and methanol amount of 1 mL/g fatty acid (FA). After five cycles the catalyst can be reused
without any treatments and the conversion efficiency remained still at 90% (Table 8).

Table 8. Stability of the catalyst.

Catalyst
Reaction Cycles

1 (%) 2 (%) 3 (%) 4 (%) 5 (%)

SO4
2−/TiO2-ZrO2/La3+ 97.8 95.9 95.8 95.1 93.6

SO4
2−/TiO2-ZrO2 86.9 82.5 80.7 73.1 65.2

2.1.5. SO4
2−/TiO2/Fe2O3

Viswanathan and coworkers synthesized sulfated Fe2O3/TiO2 (SFT) calcinated over
300–900 ◦C [29]. The authors studied the transesterification of soybean oil with methanol varying
sulfate contents over unsulfated and sulfated Fe2O3/TiO2 catalysts and evaluating the acidity
(Figure 10).

 

Figure 10. Mechanism of transesterification over sulfated Fe2O3-TiO2.
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The catalysts calcinated below 500 ◦C showed higher conversion of vegetable oil and significant
yield of biodiesel probably due to the greater affinity of hydroxyl groups of methanol on Fe2O3/TiO2.
The removal of sulfate groups during calcination over 500 ◦C probably decreased the yield of biodiesel
(Table 9).

Table 9. Products and yields of reactions with unsulfated and sulfated Fe2O3/TiO2 catalyst.

Sample
Soybean Oil

Conv. (%)
Monoglyceride
Fatty Acids (%)

Diglyceride (%) Triglyceride (%) Biodiesel (%)

FT-500 a 23.6 4.20 16.6 76.4 2.80
SFT-300 100 7.54 1.06 Traces 91.4
SFT-500 98.3 5.11 1.01 1.68 92.2
SFT-700 76.5 15.5 18.3 20.5 45.7
SFT-900 65.7 11.3 24.2 34.3 30.2

Reaction conditions: sample 1.5 g; methanol to oil ratio 1:20; temperature 373 K; time 2 h. a Time 5 h.

2.2. TiO2-Supported-ZnO4

Afolabi and coworkers studied the catalytic properties of 10 wt.% of mixed metal oxide
TiO2-supported-ZnO catalyst. The conversion of waste cooking oil into biodiesel was investigated at
100, 150, and 200 ◦C, after 1 h, in the presence of methanol and hexane as co-solvent, with hexane to oil
ratio of 1:1 [30]. Reaction time and temperature increased the biodiesel conversion from 82% to 92%
while using hexane as co-solvent increased the rate of transesterification reaction producing higher
biodiesel yields in shorter time.

Piraman and coworkers used mixed oxides of TiO2-ZnO and ZnO catalysts as active and stable
catalysts for the biodiesel production [31]. 200 mg of TiO2-ZnO catalyst loading exhibited good
catalytic activities, a 98% conversion of fatty acid methyl esters was achieved with 6:1 methanol to oil
molar ratio, in 5 h, at 60 ◦C. The catalytic performance of TiO2-ZnO mixed oxide was better compared
to ZnO catalyst, and this catalyst can be used for the large-scale biodiesel production (Figure 11).
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Figure 11. Effect of experimental parameters on FAME conversion: (a) catalyst loading, (b) temperature,
(c) time and (d) methanol/oil molar ratio.
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2.3. TiO2-MgO

Kalala and coworkers reported the preparation of titania supported MgO catalyst samples (10 and
20 wt.% MgO loading) tested as catalyst for the conversion of waste vegetable oil to biodiesel in
presence of methanol, with an alcohol to oil molar ratio of 18:1 [32]. The effects of reaction temperature
and reaction time increased the oil conversion while the effect of MgO loading on the waste oil
conversion depended on the operating temperature. After 1 h, at 60, 150, 175, and 200 ◦C the resulting
conversion yields were 42, 55, 86, and 89% respectively, using a 20 wt.% of MgO loading.

In another work, nano-MgO was deposited on titania using deposition-precipitation method and
its activity was tested on the transesterification reaction of soybean oil to biodiesel [33]. The catalyst
activity was improved increasing the reaction temperature from 150 and 225 ◦C while increasing the
reaction time over 1 h significant conversion was not observed. The authors investigated the stability of
MgO on TiO2 and they observed a MgO loss during the reaction between 0.5 and 2.3 percent, without
correlation between the reaction temperature.

Wen et al. used mixed oxides of MgO-TiO2 (MT) produced by the sol-gel method to convert waste
cooking oil into biodiesel [34]. The best catalyst was MT-1-923 comprising a Mg/Ti molar ratio of 1 and
calcined at 650 ◦C. The authors investigated the main reaction parameters such as methanol/oil molar
ratio, catalyst amount and temperature. The best yield of FAME 92.3% was obtained at a molar ratio of
methanol to oil of 50:1; catalyst amount of 10 wt.%; reaction time of 6 h and reaction temperature of
160 ◦C. They observed that the catalytic activity of MT-1-923 decreased slowly in the recycle process.
To improve catalytic activity, MT-1-923 was regenerated by a two-step washing method (the catalyst
was washed with methanol four times and subsequently with n-hexane once before being dried at
120 ◦C). The FAME yield slightly increased to 93.8% compared with 92.8% for the fresh catalyst due to
an increase in the specific surface area and average pore diameter. Titanium improved the stability of
the catalyst because of the defects induced by the substitution of Ti ions for Mg ions in the magnesia
lattice. The best catalyst was determined to be MT-1-923, which is comprised of an Mg/Ti molar ratio
of 1 and calcined at 923 K, based on an assessment of the activity and stability of the catalyst. The main
reaction parameters, including methanol/oil molar ratio, catalyst amount, and temperature, were
investigated (Table 10).

Table 10. Effects of reaction parameters on the performance of the MT-1-923.

Methanol/Oil (Molar Ratio) Catalyst Amount (wt.%) Temperature (K) Biodiesel Yield a (%)

20 5 423 52
30 5 423 79.9
40 5 423 83.5
50 5 423 85.6
60 5 423 85.3
50 6 423 86.9
50 8 423 86.9
50 10 423 91.2
50 12 423 91.2
50 15 423 89.3
50 10 403 22.3
50 10 413 67.6
50 10 433 92.3
50 10 443 91.6

a Reaction conditions: reaction time 6 h, stirring speed 1500 rpm.

2.4. CaTiO3

Kawashima and coworkers investigated the transesterification of rapeseed oil using heterogeneous
base catalysts [35]. They prepared different kinds of metal oxides containing calcium, barium or
magnesium and tested the catalytic activity at 60 ◦C, a reaction time of 10 h and with a 6:1 molar
ratio of methanol to oil. The calcium-containing catalysts CaTiO3, CaMnO3, Ca2Fe2O5, CaZrO3, and
CaCeO3 showed high activities and yields of biodiesel conversion (Table 11).
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Table 11. Surface area and catalytic activities of metal oxides.

Sample Surface Area (m2/g) Methyl Ester Yield (%)

CaTiO3 4.9 79
CaMnO3 1.5 92
Ca2Fe2O5 0.7 92
CaZrO3 1.8 88
CaCeO3 2.9 89
BaZrO3 3.3 0.4
BaCeO3 2.8 -
MgZrO3 7.4 0.5
MgCeO3 7.7 0.4

2.5. K-Loading/TiO2

Guerrero and coworkers studied the transesterification reaction of canola oil on titania-supported
catalysts with varying loadings of potassium [36]. In a previous work they investigated 20% K-loading
catalyst under air conditions and without any treatment before reaction, which achieved the total
conversion to methyl esters (Figure 12).
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Figure 12. Conversion of canola oil to methyl esters with (a) K/TiNT and (b) K/TiO2 catalysts.

Afterwards they studied the transesterification reaction of canola oil for the biodiesel production
using a hydrotreated TiO2 supported potassium catalyst, K/TiHT [37]. The calcination at different
temperatures led to the transformation of the supported potassium catalyst into a titanate form of
oxide and this increased the activity of the catalyst. The recovery of the catalyst was then used in
successive reactions leading to stable conversions and a maximum conversion was achieved with the
optimum reaction conditions using a catalyst loading of 6% (w/w), a methanol to oil ratio of 54:1, and
a temperature of reaction of 55 ◦C, with a catalyst calcined at 700 ◦C.

In a work by Klimova et al., sodium titanate nanotubes (TNT) doped with potassium were
synthesized by the Kasuga method and tested as catalysts for biodiesel production [38]. To increase
the basicity of the catalyst, potassium was added to the nanotubes and the efficiency in the
transesterification of soybean oil with methanol was improved. To increase potassium loadings
in the nanotubes the NaOH/KOH molar ratio was turned from 9:1 to 7:3. Sodium trititanate
nanotubes containing 1.5 wt.% of potassium were obtained using a NaOH/KOH molar ratio of
9:1, with a 10 M alkali solution. Titanate nanotubes with larger potassium loadings (3.2 and 3.3 wt.%)
were obtained increasing the proportion of KOH to 20 and 30 mol.% in the NaOH/KOH solutions.
Potassium-containing nanotubes showed higher catalytic activity in the transesterification reaction
compared to the pure sodium used as a reference. The best results were obtained at 80 ◦C, after 1 h with
the samples containing 3.2–3.3 wt.% of potassium obtaining a biodiesel conversion yield of 94–96%
(Table 12).
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Table 12. Catalytic activity of the NaK(X)TNT (X refers to the percentage of the potassium loaded) samples.

Sample NaTNT NaK(10)TNT NaK(20)TNT NaK(30)TNT

Conversion to biodiesel (%) 58.4 74.3 96.2 94.3
Kinematic viscosity (mm2/s) 7.8 6.0 4.3 4.5

Table 13 summarized the data previously reported.

Table 13. Use of titanium dioxide as catalyst in batch production of biodiesel.

Oil Source Catalyst Reactor Conditions Yield % Ref.

Waste [Ti(SO4)O] glass batch
75 ◦C, 3 h,

methanol/oil 9:1
catalyst 1.5 wt.%

97.1 [15]

Acetic
acid,n-butanol TiO2-SO4

2− flask
120 ◦C, 150 min
methanol/oil 1.2

catalyst 1.8 g
92.2 [17]

Oleic
[TiO2/SO4

2-(NH4)2SO4]
[TiO2/SO4

2-H2SO4]
[TiO2/SO4

2-(NH4)2SO4-IS]

reflux
condenser

80 ◦C, 3 h
methanol/oil 10:1

catalyst 2 wt.%
82.2 [18]

Rapeseed TiO2-SO4
2− flask

353 K, 6–12 h,
methanol/oil 12:1

catalyst 1.2 g
51 [19]

Soybean
Castor TiO2/SO4

2− stainless steel
batch

120 ◦C, 1 h
methanol/oil/catalyst 120:20:1

40
25 [20]

Cottonseed TiO2-SO4
2− autoclave

230 ◦C, 8 h
methanol/oil 12:1

catalyst 2 wt.%
90 [21]

Microalgae SO4
2−/TiO2-ZrO2 flask

5 h,
methanol/oil 9:1
catalyst 6 wt.%

96 [22]

Rapeseed SO4
2−/80%ZrO2-20%TiO2 oil bath

6 h at 336 ± 2 K,
methanol/oil 4.5:1

catalyst 5 wt.%
42.4 [23]

Waste SO4
2−/TiO2-SiO2 autoclave

200 ◦C,
methanol/oil 9:1
catalyst 3 wt.%

92 [24]

Waste
Oleic acid

TiO2-SiO2
SO4

2−/TiO2-SiO2
autoclave

120 ◦C, 3 h
methanol/oil 20:1
catalyst 10 wt.%

94.7
93.8 [25]

Waste SO4
2−/TiO2-SiO2 reaction flask

120 ◦C, 5 h
methanol/oil 15:1
catalyst 13 wt.%

91 [26]

Waste SO4
2−/TiO2/La3+ autoclave 110 ◦C, 1 h

methanol/oil 10:1 catalyst 5 wt.% 96.16 [27]

Rapeseed SO4
2−/ZrO2-TiO2/La3+ flask

60 ◦C, 5 h
5 wt.%, methanol 1 mL/g fatty acid

(FA)
95 [28]

Soybean sulfated Fe2O3/TiO2 autoclave
100 ◦C, 2 h,

methanol/oil 20:1
catalyst 15 wt.%

92.2 [29]

Waste TiO2-ZnO pressurized
reactor

200 ◦C, 1 h,
methanol/oil 18:1
catalyst 10 wt.%

82.1 [30]

Palm TiO2-ZnO flask
60 ◦C, 5 h

methanol/oil 6:1
catalyst 200 mg

98 [31]

Waste TiO2-MgO stainless steel
batch

225 ◦C, 1 h
methanol/oil 18:1
catalyst 20 wt.%

100 [32]

Soybean Nano-MgO TiO2
stainless steel

batch

225 ◦C, 1 h
methanol/oil 18:1

catalyst 5 wt.%
84 [33]
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Table 13. Cont.

Oil Source Catalyst Reactor Conditions Yield % Ref.

Waste TiO2-MgO stainless steel
batch

423 K, 6 h,
methanol/oil 30:1

catalyst 5 wt.%
92.3 [34]

Rapeseed CaTiO3 flask 60 ◦C, 10 h
methanol/oil 6:1 90 [35]

Canola K/TiNT
K/TiO2

glass batch
70 ◦C, 5 h

methanol/oil 36:1
catalyst 20 wt.%

100 [36]

Canola K/TiHT glass batch
55 ◦C, 3 h

methanol/oil 54:1
catalyst 20 wt.%

>90 [37]

Soybean NaK(20)TNT stainless steel
batch

80 ◦C, 1 h
NaOH/KOH 7:3
catalyst 3.2 wt.%

96.2 [38]

3. Titania-Based Catalysts in Continuous Flow Microreactors

Flow chemistry is currently widely applied in the preparation of organic compounds, drugs,
natural products and materials in a sustainable manner. Microreactors and streaming technologies
have played an important role in both academic and industrial research in recent years, offering
a viable alternative to batch processes [39–42]. The use of continuous processes, within “micro or
meso-reactors”, allowed access to a wider profile of reaction conditions not accessible through the use
of traditional systems. The microfluidic systems allowed an optimization of the reaction parameters,
such as mixing, flow rate, and residence time. Furthermore, pressure and temperature can be easily
controlled, in parallel with other conditions such as solvent, stoichiometry and work-up operations.

Most efforts in this area focused on the selection of effective catalysts for biodiesel conversion
via transesterification. However, to scale up the biodiesel production, many researchers utilized
continuous-flow regime to continuously convert lipids to biodiesel with preferable process design to
solve the problems encountered during continuous operation [43,44].

The advantages and limitations of using catalyzed transesterification in conventional
continuous-flow reactors could minimize mass transfer resistance and improve biodiesel conversion.
Conventionally, due to the presence of multiple phases during the catalytic reaction, the mass transfer
between reactants and catalysts, as well as the type of catalyst used are the two major factors that
should be considered during the design of the reactor applied for the targeted conversion [45].

Joshi and coworkers outlined the catalytic thermolysis of Jatropha oil using a model fixed
bed reactor (Figure 13), in a range of temperature between 340 and 420 ◦C and at liquid hourly
space velocity (LHSV) of 1.12, 1.87, and 2.25 h−1 (Table 14) [46]. They synthesized Amorphous
Alumino-Silicate heterogeneous catalysts, separately loaded with transition metal oxide such as titania
(SAT). The distillation over the temperature range of 60–200 ◦C of the crude liquid mixture produced
four fractions. The boiling point, specific gravity, viscosity and calorific value of the first fraction
resembled the properties of petrol while the second and the third fractions resembled diesel.

Figure 13. Schematic diagram of lab scale fixed bed reactor.
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Table 14. Experimental results of Jatropha oil cracking over titania (SAT).

Temperature
(◦C)

LHSV (h−1)
Liquid Crude

(vol.%)
Gaseous Product

(per L of Feed)
Distilled Biofuel

(vol.%)
Condensed

Water (vol.%)

340 1.12 1.87 2.25 77 80 84 85 88 76 57 55 58 1.5 0.9 1.3
380 1.12 1.87 2.25 79 85 87 90 78 95 55 59 51 2.1 1.6 1
420 1.12 1.87 2.25 75 77 80 102 98 105 52 54 50 1.1 0.7 0.9

McNeff and coworkers developed a novel continuous fixed bed reactor process for the
biodiesel production using a metal oxide-based catalyst [47]. Porous zirconia, titania and alumina
micro-particulate heterogeneous catalysts were used in the esterification and transesterfication
reactions under continuous conditions, high pressure (2500 psi) and elevated temperature (300–450 ◦C).
The authors described a simultaneous continuous transesterification of triglycerides and esterification
of free fatty acids, with residence times of 5.4 s (Table 15). Biodiesel was produced from soybean oil,
acidulated soapstock, tall oil, algae oil, and corn oil with different alcohols and the process can be
easily scaled up for more than 115 h without loss of conversion efficiency.

Table 15. Biodiesel production condition for base modified titania catalysts.

Catalyst BMT BMT BMT UMT None

Reactor volume (mL) 23.55 23.55 23.55 23.55 2.49
Preheater T (◦C) 363 370 340 350 455

Column inlet T (◦C) 348 359 343 353 445
Column outlet T (◦C) 339 325 344 355 462

Initial T (◦C) 209 184 247 247 203
Final T (◦C) 94 63 76 76 57

Initial P (psi) 3.65 3.1 2.5 2.5 3.05
Final P (psi) 2.7 2.7 2.3 2.3 2.7

Molar ratio (alcohol/oil) 32.7 32.7 32.7 50.0 32.7
Total flow rate (mL/min) 15.904 15.904 15.904 15.904 17.808

Residence time (s) 56.9 56.9 56.9 56.9 5.4

BMT: Base Modified Titania, UMT: Unmodified Titania.

The biodiesel plant based on the Mcgyan process is reported in Figure 14. The use of two high
pressure HPLC pumps was shown. The oil feedstock was filtered under high pressure before entering
the heat exchanger and combining with methanol. Both the alcohol and lipid feedstock were pumped
into a stainless steel heat exchanger. Afterwards the reactant streams were combined using a “T” and
preheated before entering the thermostated fixed bed catalytic reactor. The temperature was controlled
and the backpressure of the system was maintained through the use of a backpressure regulator.

In another work of the same authors a highly efficient continuous catalytic process to produce
biodiesel from Dunaliella tertiolecta, Nannochloropsis oculata, wild freshwater microalgae, and
macroalgae lipids was developed [48]. Porous titania microspheres and supercritical methanol were
used as heterogeneous catalyst in a fixed bed reactor to catalyze the simultaneous transesterification
and esterification of triacylglycerides and free fatty acids, into biodiesel (Table 16). The authors used a
feedstock solution of algae, hexane-methanol (97:3 w/w) as carrier solvent. The solution was pumped
with high pressure HPLC through an empty stainless steel reactor and the reactant stream passed
through a heat exchanger. The reactants were pumped across the reactor with a 30 s residence time,
at 340 ◦C, with 2250 psi front pressure and the backpressure of the system was maintained through the
use of a backpressure regulator.
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Figure 14. Process flow diagram of a biodiesel plant based on the Mcgyan process (Copyright of
Elsevier, see [47]). EFAR: Easy Fatty Acid Removal.

Table 16. A comparison of the supercritical fixed–bed continuous flow process (the Mcgyan process) to
the conventional homogeneously base catalyzed batch system.

Mcgyan Process Homogeneous Process

Consume of the catalyst No Yes
Large amounts of H2O No Yes

Waste products No Yes
Soap byproducts No Yes

Glycerol as byproduct No Yes
Large footprint No Yes

Sensitive to H2O No Yes
Sensitive to FFA No Yes

Large quantities of strong acid/base No Yes
Conversion rate Sec h/d

Variety of feedstocks Yes No
Continuous process Yes No

Aroua and coworkers described the production of biodiesel in a TiO2/Al2O3 membrane reactor
(Figure 15) [49]. The effects of reaction temperature, catalyst concentration and cross flow circulation
velocity were investigated. Biodiesel was obtained through alkali transesterification of palm oil
and separated in the ceramic membrane reactor at 70 ◦C, with 1.12 wt.% catalyst concentration and
0.211 cm s−1 cross flow circulation velocity. Palm oil and methanol were pumped into the system
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using two separate ways, with a methanol to oil ratio of 1:1 and various catalyst amounts were used in
the packed membrane reactor. Methanol was charged and heated continuously into the reactor using
a circulating pump afterwards the reactor was filled with palm oil. Pressure inside the membrane
was monitored and after 60 min the circulating pump and heat exchanger were switched off and the
products were collected into a separating funnel to separate biodiesel from glycerol. The ceramic
membrane has shown an excellent chemical and physical stability even after one year of operation and
contact with methanol and solid alkali catalyst.

Figure 15. Combination of heterogeneous base transesterification and triglyceride separation in the
packed bed membrane reactor (Copyright of Elsevier, see [49]).

Wang and coworkers proposed also a continuous process for biodiesel production from cheap
raw feedstocks with high FFAs by solid acid catalysis (Figure 16) [24]. The production process was
carried out pretreating the raw feedstocks by filtration and dehydration to remove impurities and
water. In a series of three reaction boilers, part of the methanol reacted with oils as a reactant, and
excess methanol removed water from the system as a solvent, which increased the esterification
conversion substantially and effectively decreased the acid value. Finally, excess methanol was
purified in a methanol distillation tower for recycling, while the oil phase was refined at a biodiesel
vacuum distillation tower to give the biodiesel product. The proposed continuous process produced a
10,000-tonnes/year industrial biodiesel. The use of cheap feedstocks with high FFAs such as waste
cooking oils, soapstocks, and non-edible oils, instead of refined vegetable oil, decreased the cost greatly.
The solid catalyst SO4

2−/TiO2-SiO2 had high catalytic activity, easy separation, and catalyzed biodiesel
production by simultaneous esterification and transesterification.
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Figure 16. Process flow diagram of biodiesel production by solid acid catalysis (Copyright of Elsevier,
see [24]).

The most abundantly produced waste of the biodiesel industrial production was glycerol
and several studies of the continuous flow transformation of glycerol were reported in literature
(Figure 17) [50].

 

Figure 17. Roadmap of selected glycerol valorization reactions in continuous flow.

Chary and co-workers studied the hydrogenation of glycerol to 1- and 2-biopropanols under
ambient condition and continuous process over a platinum catalyst supported on titanium phosphates
(TiP) as supports (Figure 18) [51]. This heterogeneous catalyst shown excellent results as a steady
97% selectivity toward propanol (87:10 1-/2-propanol). Quantitative glycerol was recovered after
15 h of operation. The influence of reaction temperature on glycerol hydrogenolysis over the 2Pt/TiP
catalyst was shown in Table 17. At 220 ◦C reaction temperature the maximum glycerol conversion and
selectivity was obtained.

Figure 18. Hydrogenolysis of glycerol to produce 1- and 2-propanols.
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Table 17. Effect of reaction temperature on glycerol hydrogenolysis over 2Pt/TiP catalyst.

Temperature
(◦C)

Conversion
(%)

Total PO 1-PO a 2-PO b 1,2-PD 1,3-PD Acrolein Others c

180 70 74 59 15 9.0 3.2 9.3 4.5
200 82 80 67 13 5.4 2.2 8.7 3.7
220 100 97 87 10 – – 02 01
240 100 88 80 08 – – 4.2 7.8
260 100 84 76 08 – – 01 15

a 1-propanol, b 2-propanol, c ethanol, ethylene glycol, hydroxyl acetone, methanol and acetone.

Paul and co-workers reported the dehydration of glycerol into acrolein using an alternative
process using a flow sequence operating at high temperatures (280–400 ◦C) and atmospheric pressure
(Table 18) [52]. The first step of dehydration of glycerol to acrolein was performed over WO3/TiO2

catalyst and the injection of molecular oxygen avoided the catalyst deactivation. The optimized
conditions were a reaction temperature of 280 ◦C, a catalyst amount of 5.0 g; 11.33 mL/min O2; contact
time: 0.36 s; gas phase composition at 280 ◦C: 92.74% H2O, 2.72% O2, 4.54% glycerol.

Table 18. Catalytic performance of WO3/TiO2.

Time (h) Glycerol (%) Acrolein (%)
Hydroxyacetone

(%)
Acetaldehyde (%)

Propionaldehyde
(%)

1 97 40 1.1 1.7 7.2
2 98 61 1.1 1.9 1.1
3 97 82 1.9 1.3 0.5
4 93 84 1.6 1.5 0.6
5 95 81 2.2 1.2 0.5

Average 96 70 1.6 1.5 2.0

The indirect ammoxidation of glycerol was schematized in Figure 19. The reactions were
performed under atmospheric pressure in continuous plug flow fixed-bed reactors, connected to
a stainless steel evaporator used to vaporize the liquid reactants before contacting the catalytic bed,
filled with granulated catalysts. In the ammoxidation of acrolein and glycerol, the products were
condensed in an acidic solution to neutralize unreacted ammonia and to suppress polymerization of
acrolein. The mass-flow controllers checked the flow rate of the gaseous reactants.

 

Figure 19. Reactor setup for the tandem process (Copyright of Elsevier, see [52]).

The results previously described are reported in Table 19.
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Table 19. Use of TiO2 as catalyst in continuous flow production of biodiesel and glycerol recovery.

Oil Sources Catalyst Reactor Condition Ref

Jatropha Alumino-Silicate
TiO2

fixed bed 340 and 420 ◦C
LHSV (1.12, 1.87, 2.25 h−1) [46]

Soybean, tall, algae,
acid soapstock,corn TiO2 fixed bed 2500 psi, 300–450 ◦C

residence time 5.4 s [47]

Dunaliella
tertiolecta,

Nannochloropsis
oculata

TiO2 fixed bed 2500 psi, 340 ◦C
residence time 30 s [48]

Palm TiO2/Al2O3 packed membrane 70 ◦C, 1.12 wt.%
0.211 cm s−1 [49]

Source Catalyst Reactor Condition Ref

Glycerol WO3/TiO2 plug flow fixed-bed
280 ◦C, WO3/TiO2 15 wt.%
glycerol flow rate 23 g/h
O2 flow 11.33 mL/min

[52]

4. Titania-Based Additives to Biodiesel

The introduction of titanium dioxide nanoparticles as additive in biodiesel production has been
less explored compared to the use of TiO2 as catalyst. Nevertheless, the performances of biodiesel
additivated with nano titania resulted increased and variations in properties such as kinematic viscosity,
heating value, cetane number, specific fuel consumption, break thermal efficiency, indirect injection,
smoke emissions, flash and fire point could be observed.

Jeryrajkumar investigated the effect of titanium dioxide nanoadditives on the performance
and emission characteristics of Calophyllum innophyllum biodiesel (B100) in a single cylinder, four
strokes, water cooled, compression injection diesel engine [53]. The nanoparticles were prepared by
hydrothermal process with a size range of 100 nm. These additives reduced the fuel consumption,
particulate matter (PM), carbon monoxide (CO) and unburned hydrocarbons (UHC) emissions while
increased the nitrogen oxides (NOx) emission, the engine combustion, the thermal efficiency and
performance characteristics. The performance and emission characteristics of a single cylinder, water
cooled, compression ignition diesel engine with calophyllum inophyllum methyl ester using B100TiO2

additives were investigated and compared with diesel. The nano additives blended biodiesel increased
the brake thermal efficiency while the specific fuel consumption decreased. Titanium dioxide blended
biodiesel increased gradually NOx emission at all loads, increased CO emission of 25% at the full
load condition and reduced hydrocarbon (HC) emission of 70% at 75% of loading as compared with
pure biodiesel.

Venu and coworkers investigated the biodiesel-ethanol (BE) blends in a compression ignition
engine using a blend of BE with 25 ppm TiO2 nanoparticle additives (denoted as BE-Ti). The addition
of nanoparticles created large contact surface area with the base fuel, increased the combustion with
minimal emissions and the oxidation rate while reduced the light-off temperature. The addition of
titanium nanoparticles increased NOx, HC and smoke emissions while decreased Break Specific Fuel
Consumption (BSFC) and CO emissions. Diethyl ether addition to BE blends increased improved the
heat release rate, HC, CO emissions while decreased BSFC, NOx and smoke [54].

Binu and coworkers used titanium dioxide nanoparticles as fuel additive in a C.I. Engine.
The nanoparticles were dispersed in B20 methyl ester of pongamia pinnata oil using a probe sonicator.
The addition of titanium dioxide nanoparticles enhanced performance and emission characteristics of
the fuel samples tested in C.I. Engine test. The use of TiO2 nanoparticles in B20 blend increased brake
thermal efficiency of the engine of 2% and reduced the BSFC value of 6% and smoke emission of 16%
compared to plain B20 [55].

Prabhu and coworkers investigated the effect of titanium oxide (TiO2) nanoparticle as additive
for diesel-biodiesel blends on the performance and emission characteristics of a single cylinder diesel
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engine at different load conditions. Titanium oxide nanoparticles (250–500 ppm) were blended with
20% biodiesel–diesel (B20). Carbon monoxide (CO), hydrocarbon (HC) and smoke emissions were
decreased while the brake thermal efficiency and the NO emissions were increased marginally for
250 ppm nano particle added with B20 blends when compared with B20 and 500 ppm added with B20
fuel at full load conditions [56].

Fangsuwannarak conducted a comparative study of palm biodiesel properties and engine
performance efficiency with the addition of TiO2 nanoparticles. The various palm oil fractions of
2, 10, 20, 30, 40, 50 and 100% in the rest of ordinary diesel fuel were denoted as B2, B10, B20, B30,
B40, B50, and B100, respectively. The addition of nano-TiO2 additive of 0.1 and 0.2% by volume was
evaluated and it was found that the quality of the modified fuel with 0.1% TiO2 increased cetane
number, lower-heating value, and flash point while reduced kinematic viscosity. The performance
of an indirect injection (IDI) engine and the control of carbon monoxide (CO), carbon dioxide (CO2),
and oxides of nitrogen (NOx) emissions were enhanced. The nano-TiO2 additive of 0.1% by volume
had the most effective performance of the tested engine for biodiesel blended fuel between B20 and
B100 fuels. The additive 0.1% TiO2 biodiesel fuel revealed the higher level of brake power, wheel
power, and engine torque. Meanwhile, the level of specific fuel consumption significantly decreased.
The effect on CO, CO2, and NOx was also investigated in this study and it was demonstrated that 0.1%
TiO2 reduced the exhaust emissions and it is the most effective in B30 fuel [57].

Umashankar presented the effect of titanium oxide coating on the performance characteristics
of the bio-diesel-fueled engine. The layer of thermal coating was characterized by alumina-titania
(Al2O3/TiO2) plasma coated on to the base of NiCrAl. The experiments were conducted with a
single cylinder, four stroke, and direct injected diesel engine and the results showed an increase in
brake thermal efficiency and a decrease in brake specific fuel consumption for titanium oxide coated
piston [58].

Ravikumar and Senthilkumar investigated radish (Raphanus sativus) oil Methyl Ester in a single
cylinder DI diesel engine with and without coating. The effect of biodiesel in a thermal barrier coating
engine was studied comparing diesel and radish oil methyl ester used as fuels. In this study the piston
crown surface, valves and cylinder head of a diesel engine were coated with a ceramic material-TiO2

(Figure 20). The application of TiO2 coating slightly increased Specific Fuel Consumption (SFC),
emissions of CO, smoke density, HC and NOx and decreased brake thermal efficiency. From the above
experimental results, it was demonstrated that B25 with TiO2-coated mode of engine operation gave
better performance and lower emission characteristics including NOx, without requiring any major
modification of engine [59].

 

Figure 20. Photographic view of 450 lm TiO2 coated piston, valves, and cylinder head (Reproduced
from [59], with the permission of AIP Publishing).

5. Conclusions

This work has been useful in assessing the possible catalytic pathways in the production of
biodiesel, exploring particularly the use of titanium dioxide as catalyst. By evaluating the different
parameters, among them type and percentage of titania-based catalyst, temperature, time and
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alcohol/oil ratio, it was possible to evaluate the optimized conditions leading to the best conversion
yields, in batch conditions.

Furthermore, this work focused on the study of the different strategies to conduct the
transesterification reaction mediated by titanium dioxide as catalyst within microreactors.

Optimized conditions in continuous flow, resulted improved by modifying parameters such as
temperature, pressure, and residence time and also allowed a possible recovery and reuse of glycerol.

The use of micro-technologies in biodiesel production and the development of micro-reactors,
capable of making possible unpracticable chemical transformations using traditional techniques, allows
a reduction in production costs and a greater protection of the environment.
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