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Preface to ”Catalysts for Syngas Production”

Synthesis gas (or syngas) is a mixture of hydrogen and carbon monoxide, with different chemical

composition and H2/CO molar ratios, depending on the feedstock and production technology used.

Syngas may be obtained from alternative sources to oil, such as natural gas, coal, biomass, organic

wastes, etc. Syngas is a very good intermediate for the production of high value compounds

at the industrial scale, such as hydrogen, methanol, liquid fuels, and a wide range of chemicals.

Accordingly, efforts should be made to co-feed CO2 with syngas, as an alternative for reducing

greenhouse gas emissions. In addition, more syngas will be required in the near future, in order

to satisfy the demand for synfuels and high value chemicals.

New research for syngas production is essential for reducing operating costs, improving the

thermal efficiency of the process, and preserving the environment. Advances should be made in the

following areas:

(1) The development of new catalysts and catalytic routes for syngas production;

(2) The optimization of the reaction conditions for the process;

(3) The use of biomass, as a promising raw material for syngas production, due to its renewable

character and potential for zero CO2 emissions.

Further steps should be made to advance the catalytic processes for saving energy and capital

costs, and for optimizing the quality and properties of syngas, such as H2/CO molar ratio and

absence of contaminants.

Javier Ereña Loizaga

Special Issue Editor
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Synthesis gas (or syngas) is a mixture of hydrogen and carbon monoxide, that may be obtained
from alternative sources to oil, such as natural gas, coal, biomass, organic wastes, etc. [1–3] Biomass is
a promising raw material for syngas production, due to its renewable character and potentially zero
CO2 emissions [4]. Syngas is an excellent intermediate for the production of high value compounds at
the industrial scale, such as hydrogen, methanol, liquid fuels, and a wide range of chemicals.

This Special Issue on “Catalysts for Syngas Production” shows new research about the development
of catalysts and catalytic routes for syngas production, and the optimization of the reaction conditions
for the process.

This issue includes ten articles. Yu et al. analyze the performance of Ni-Co bi-metallic catalysts in
n-decane steam reforming [5]. The addition of Co to the catalyst improves the hydrogen selectivity
and anti-coking ability compared with the mono-Ni/Ce-Al2O3 catalyst. A synergistic effect between
Ni and Co is observed, with 12% Co showing the best catalytic activity in the series Co-Ni/Ce-Al2O3

catalysts. In situ regeneration of a spent alumina-supported cobalt-iron catalyst for catalytic methane
decomposition is reported by Fakeeha et al. [6] The main factors responsible for the catalyst deactivation
are coke deposition and weak sintering of the metallic active phase (Co-Fe), which occur during the
catalytic methane decomposition reaction and regeneration process. A facile fabrication of supported
Ni/SiO2 catalysts for dry reforming of methane is developed by Xu et al. [7] Due to the formation of
much smaller Ni nanoparticles, this Ni/SiO2 catalyst exhibits excellent coke-resistance performance and
effectively suppresses the side reaction toward RWGS compared to that prepared with the conventional
wetness impregnation method. The dry reforming of methane over combined magnesia, ceria and
nickel catalysts, supported on γ-Al2O3 and doped with TiO2, is investigated by Al-Fatesh et al. [8]
The addition of CeO2 and MgO to the catalyst enhances the interaction between the Ni and the support,
and improves the activity of the solid. Liu et al. describe a novel one-step conversion of CO2 and H2S
to syngas induced by non-thermal plasma, with the aid of Ni-Mo sulfide/Al2O3 catalyst under ambient
conditions [9]. The optical and structural properties of the synthesized catalysts are significantly
influenced by the Ni/Mo molar ratio. Moreover, the Ni-Mo sulfide/Al2O3 catalysts possess excellent
catalytic activities for CO2 and H2S conversion, compared to the single-component NiS2/Al2O3 and
MoS2/Al2O3 catalysts. The paper by Park et al. describes the effect that reaction parameters have
on hydrogen production via steam reforming of methane, using lab- and bench-scale reactors to
identify critical factors for the design of large-scale processes [10]. The temperature at the reactor
bottom is crucial for determining the methane conversion and hydrogen production rates when a
sufficiently high reaction temperature is maintained (above 800 ◦C). However, if the temperature of
one or more of the furnaces decreases below 700 ◦C, the reaction is not equilibrated at the given space
velocity. Liu et al. study a novel sulfur tolerant water gas shift catalyst (SWGS) developed for the
applications under lean (low) steam/gas ratio conditions [11]. The adoption of the lean steam/gas SWGS
catalyst significantly improves the plant efficiency and safety, and remarkably reduces the actual steam
consumption for H2 production, decreasing CO2 emission. The paper by Fasolini et al. summarizes
the synthesis, characterization and catalytic behavior of Rh-based catalysts, obtained by using the
Rh4 (CO)12 neutral cluster as the active-phase precursor [12]. The preparation method allows the

Catalysts 2020, 10, 657; doi:10.3390/catal10060657 www.mdpi.com/journal/catalysts1
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deposition of the cluster on the surface of Ce0.5Zr0.5O2 and ZrO2 supports, which are synthetized
by the microemulsion technique, being the catalysts active in the low-temperature steam reforming
process for syngas production. Methane and ethane steam reforming over MgAl2O4-supported Rh
and Ir catalysts is analyzed in the paper by Lopez et al. [13] The Rh- and Ir-supported catalysts exhibit
higher activity than Ni catalysts for steam methane reforming. Catalyst durability studies reveal
the Rh catalyst to be stable under steam methane reforming conditions. The results of this study
conclude that a Rh-supported catalyst enables very high activity and excellent stability, for both the
steam reforming of methane and other higher hydrocarbons contained in natural gas, and under
conditions of operation that are amendable to solar thermochemical operations. In the paper by Azara
et al., iron-rich mining residue is used as a support to prepare a new Ni-based catalyst for C2H4 dry
reforming and catalytic cracking [14]. The deposited carbon is found to be filamentous and of various
sizes (i.e., diameters and lengths). The analyses of the results show that iron is responsible for the
growth of carbon nanofilaments and nickel is responsible for the split of C-C bonds.

In summary, these ten papers clearly show the relevance of obtaining syngas for further
applications, such as the production of hydrogen, methanol, liquid fuels, and a wide range of
chemicals. Nowadays, efforts are being made on the co-feeding of CO2 with syngas, as an alternative
for reducing greenhouse gas emissions. I would like to thank all the authors of this Special Issue.

I am honored to be the Guest Editor of this Special Issue. I would like to thank the reviewers
for improving the quality of the papers with their comments. I am also grateful to all the staff of the
Catalysts Editorial Office.

Conflicts of Interest: The authors declare no conflict of interest.
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Abstract: Co-Ni bi-metallic catalysts supported on Ce-Al2O3 (CA) were prepared with different
Co ratios, and the catalytic behaviors were assessed in the n-decane steam reforming reaction
with the purpose of obtaining high H2 yield with lower inactivation by carbon deposition.
Physicochemical characteristics studies, involving N2 adsorption-desorption, X-ray diffraction
(XRD), H2-temperature-programmed reduction (H2-TPR), NH3-temperature-programmed desorption
(NH3-TPD), SEM-energy dispersive spectrometer (EDS), and transmission electron microscope
(TEM)/HRTEM, were performed to reveal the textural, structural and morphological properties
of the catalysts. Activity test indicated that the addition of moderate Co can improve the
hydrogen selectivity and anti-coking ability compared with the mono-Ni/Ce-Al2O3 contrast catalyst.
In addition, 12% Co showed the best catalytic activity in the series Co-Ni/Ce-Al2O3 catalysts.
The results of catalysts characterizations of XRD and N2 adsorption-desorption manifesting the
metal-support interactions were significantly enhanced, and there was obvious synergistic effect
between Ni and Co. Moreover, the introduction of 12% Co and 6% Ni did not exceed the monolayer
saturation capacity of the Ce-Al2O3 support. Finally, 6 h stability test for the optimal catalyst
12%Co-Ni/Ce-Al2O3 demonstrated that the catalyst has good long-term stability to provide high
hydrogen selectivity, as well as good resistance to coke deposition.

Keywords: x%Co-Ni/Ce-Al2O3; steam reforming; regeneration; thermal stability; anti-coking ability

1. Introduction

Nowadays, hydrogen is recognized as a clean fuel and energy carrier since its combustion
produces only water as product [1,2]. However, how to produce hydrogen from primary energy
sources (such as hydrocarbons) in an efficient and economic way should be further researched and
developed [3–6]. In the past few decades, the most effective approach was catalytic reforming of
hydrocarbons. Currently, over 50% of the world’s hydrogen supply is from steam reforming of
hydrocarbons [7].

Nowadays, H2 is mainly produced by steam reforming of CH4 and other high-energy density
liquid fuels, including ethanol, gasoline, diesel, or jet fuel [8–10]. An interesting option is hydrogen
production from diesel steam reforming. n-decane, one of the main components of diesel, is considered
as an ideal source of hydrogen since its availability, easy handling and storage and, relatively high
H/C ratio (produce 31 mol of H2 per mole of reacted n-decane) [11,12]. However, the n-decane

Catalysts 2018, 8, 518; doi:10.3390/catal8110518 www.mdpi.com/journal/catalysts4
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steam reforming reaction is different with CH4, CH3OH, C2H5OH etc., and always accompanied by
other side effects (cracking, isomerization, hydrogen transfer reaction). More so, the catalysts used in
n-decane steam reforming reaction are easily to lose activity caused by carbon deposition, especially at
higher temperatures [13–15]. Therefore, the catalysts use in n-decane steam reforming reaction are put
forward higher requirements.

C10H22 + 20H2O → 31H2 + 10CO2

Hydrocarbons steam reforming reactions have been extensively investigated over noble and
transition metals (Pt, Pd, Rh, Ni, Co, etc.) and several oxide supports (Al2O3, CeO2, MgO, ZrO2,
zeolite, etc.) [16–23], so as to develop excellent catalysts to obtain hydrogen as high yield as possible
together with high resistance of coke deposition. Transition metals (especially Ni-based) catalysts,
which have the high C–C and C–H bonds breaking activity, have been proved to be very effective for
hydrocarbons steam reforming reactions as noble metal catalysts [16–18]. Moreover, the lower cost
improved its applicability. Therefore, more and more researchers focused on studying hydrocarbon
steam reforming over Ni-based catalysts [16–21]. However, coking is easily deposited on the surface of
the active phase Ni, which can lower the catalytic activity [24–27]. Therefore, various promoters were
introduced into Ni-based catalysts to improve catalytic activity and coking resistance. Lanthanide
metals (La, Ce), alkali metals (Na, K), and alkali earth metals (Mg, Ca, Sr, Ba) promoters [28–33],
have been found to be effective for improving coking-resistant capacity. However, the addition of
these additives influenced Ni dispersion, due to a part of the promoter is in an intimate contact with
nickel [34–36].

In order to improve the anti-coking ability of Ni-based catalyst, and have a slight influence
on catalytic activity, many scholars introduced another active metal into Ni-based catalyst to form
bi-metallic catalysts [37–42]. Wang et al. [37] introduced Pd into Ni-alumina catalysts, the catalytic
activity and stability was obviously improved. Vizcaino et al. [43] found that Cu modified Ni-based
catalyst showed better anti-coking ability. The addition of Cu is helpful for the process of eliminating
the deposited carbon. In our previous work [44], we have added M (Fe, Co, Cu, Zn) as a promoter into
the Ni/Ce-Al2O3 catalyst in order to improve the anti-coking ability. Clearly, Co doped Ni/Ce-Al2O3

showed an excellent coking-resistant effect. But, the catalytic activity have a slightly reduction at
high temperature (650~800 ◦C). In another study [45], we added Co as another active species into
Ni/Ce-Al2O3 to form Ni-Co bi-metallic catalyst and investigated the catalytic activity, stability and
coking inhibition effect during n-decane reforming. The results showed that the introduction of Ni and
Co synchronously can effectively suppress carbon deposition and obviously improve catalytic activity.
There was obvious synergistic effect between Ni and Co. However, the difference among different Co
content on the Co-Ni/Ce-Al2O3 bi-metallic catalyst has not been discussed. Consequently, it would be
valuable to investigate the influence of the content of Ni on n-decane steam reforming.

In this paper, the steam reforming experiments of n-decane over x%Co-Ni/Ce-Al2O3 catalysts
with different Co loading were carried out. The effect of different Co loading on catalytic activity
and the amount of deposited carbon were discussed. The purpose of this work is screening the
suitable catalysts for steam reforming process in order to maximize n-decane conversion and H2 yield,
and minimize the formation of byproducts and carbon deposition. This work provided some positive
suggestions for catalysts preparation and optimization by studying the structure-activity correlations.

2. Results and Discussion

2.1. Catalytic Performance

2.1.1. n-Decane Conversion and H2 Selectivity

n-decane steam reforming is used as the probe reaction. The initial activity tests over the series
catalysts were performed from 650 to 800 ◦C in order to examine the influence of temperature and
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different promoters on catalytic performance. n-decane conversion and H2 selectivity are considered
the main parameters to check the advantages and disadvantages of the catalysts, and the results
are shown in Figure 1a–d. The catalytic activities over these catalysts gradually increase with
the temperature. Obviously, the presence of Ni or/and Co can effectively promote the rate of
the steam reforming reaction, as well as the selectivity of H2 and n-decane conversion. Moreover,
the synchronous introduction of Co and Ni further enhanced the catalytic activity compared with the
6%Ni/Ce-Al2O3(NCA) catalyst. This demonstrates that the addition of Co could provide sufficient
Ni active sites for the reactants. In addition, the catalytic activity of x%Co-Ni/Ce-Al2O3 (CNCA)
bi-metallic catalysts with different Co content increases firstly and then decreases with Co addition.
The catalytic activity reaches the best when the Co content is 12%. This indicated that moderate Co is
favor for promoting the activity. There is a synergistic effect between Co and Ni.

 

Figure 1. n-decane conversions and H2 selectivity over the series catalysts at 650 ◦C (a), 700 ◦C (b),
750 ◦C (c), and 800 ◦C (d).

2.1.2. Thermal Stability and Regeneration of C12-NCA

To better understand the effect of the ordered co-modification in n-decane steam reforming,
the 12%Co-Ni/Ce-Al2O3 (C12-NCA) catalyst was screened out with a 6 h stability test at 750 ◦C and
800 ◦C, and the results are displayed in Figure 2a. It can be seen in Figure 2a that the H2 selectivity
and n-decane conversion have a slightly change within 6 h. The C12-NCA catalyst has a good thermal
stability. The C12-NCA catalyst also screened out for regeneration experiment. Carbon deposition
on used C12-NCA catalyst was removed by oxygen enriched calcinations at 650 ◦C. The regenerative
C12-NCA catalyst was carried out again in the same reactor as the fresh ones, and the contrast
results are presented in Figure 2b. It is found that the n-decane conversions and H2 selectivity over
the reused-1(-2) C12-NCA catalyst are approximately equal to the results of fresh one. Therefore,
the C12-NCA catalyst is renewable.

6
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Figure 2. Thermal stability (a) and regeneration (b) over the C12-NCA catalyst.

2.2. Fresh Catalyst Characterization

2.2.1. N2 Adsorption-Desorption Measurements

Table 1 shows the results of N2 adsorption-desorption results of the fresh and used catalysts.
The surface areas of different samples in this work are in the range of similar CA support, even if the
introduction of Ni and Co species by impregnation method. The value has a slightly decrease with the
addition of Co and Ni, and gradually drops with the increase of Co. The loss can be attributed to the
fact that the internal surface area of the CA pore system is progressively covered by Ni, Co species
forming a layer [45–47].

Table 1. The textural properties of the fresh and used catalysts.

Catalysts
Textural Properties

Surface Area *(m2/g) Pore Volume (mL/g) Mean Pore Diameter (nm)

CA 155.9 (69.3) * 0.49 5.42
NCA 150.2 (83.6) 0.47 5.35

C3-NCA 149.3 (89.1) 0.47 5.32
C6-NCA 147.6 (88.6) 0.47 5.34
C9-NCA 143.9 (92.3) 0.45 5.28
C12-NCA 140.5 (96.7) 0.44 5.26
C15-NCA 136.9 (92.4) 0.44 5.26

* The numbers in the parentheses represent the surface area of used catalysts.

On the other hand, the surface areas of all catalysts used decrease with different levels after
n-decane reforming reactions. CA and NCA catalysts decreased by 56% and 44% respectively compared
with the fresh ones. Fortunately, the falling range gradually reduced with the addition of Co. Co as the
active species showed a better carbon-resistant ability. The results are consistent with the results of the
catalyst characterization.

2.2.2. X-ray Diffraction (XRD) Analysis

Figure 3 depicts the X-ray diffraction analysis of the fresh CA, NCA and bi-metallic CNCA
catalysts. All the samples present similar characteristic features of γ-Al2O3 at 2θ = 45.7◦, 66.8◦; cubic
fluorite structural CeO2 at 2θ value of 28.5◦, 56.3◦; and the Ce crystallite at 2θ = 34.7◦, 49.8◦ and 59.2◦

by Bragg’s refections [44,48]. For all the catalysts, there was no CoOx, CoAl2O4, NiO, or NiAl2O4

diffraction peaks detected. This was probably due to the highly dispersion of CoOx and NiO particles
are not easy to be detected by XRD [49]. Moreover, the synchronous addition of Co and Ni did not form
Ni-Co alloy phase. This indicated that active species were strongly interacted with CA support, and all
of the as-prepared have a good thermal stability. It also can be seen that the degree of crystallization
of all the fresh catalysts are smaller, suggesting that these catalysts are stable at high temperatures,
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which is coincides with the surface area analysis [50,51]. This is in agreement with the XRD analysis
previously shown and with the observations made in other studies.

Figure 3. X-ray diffraction (XRD) diffraction spectrum of the series catalysts.

2.2.3. H2-Temperature-Programmed Reduction (H2-TPR) and NH3-Temperature-Programmed
Desorption (NH3-TPD) Analysis

Figure 4 shows the reduction profiles of the CA, and Co, Ni modified CA. It can be seen that
there is one or two H2 consumption peaks for CA support at the region of 250~350 ◦C, which could be
assigned to the reduction of a small amount of CeO2 to CeOx [28,29]. For NCA catalyst, reduction peaks
of ~460 ◦C and ~823 ◦C which are attributed to the reduction of NiO and NiAl2O4 [40]. The highest
reduction temperature is between 780 and 900 ◦C indicate the existence of species of NiO with strong
interaction with Al2O3, resulting from the formation of the NiAl2O4 [42]. For CNCA catalysts with
different Co loading, two reduction peaks around ~300 ◦C and ~610 ◦C are ascribed to the reduction
of Co2O3 and CoO, respectively [41]. Significantly, the reduction temperatures differences of NiO
and Co2O3 between these CNCA catalysts can be attributed to the existence of different interaction
between Co and Ni. It is noteworthy that Co addition can obviously promote the reduction of NiO,
and reach the optimal effect at 12% Co loading. There was obvious synergistic effect between Ni and
Co, which is consistent with the results of the work reported by Jiao et al. [48,52–56].

NH3-TPD technology was used to investigate the acidities of the series catalysts, such as total
amount, nature, and strength distribution, in order to look for the possible interpretation for the above
experimental results, and the profiles are shown in Figure 5. The area of desorption peak goes hand in
hand with the total amount of surface acid sites, while the peak temperature is closely related to the
strength of individual acid site. The peak temperature in the range of 80 to 200 ◦C is regarded as weak
acid sites, and the desorption temperature between 200 to 400 ◦C is considered the medium acid sites,
while the peak temperature locates at 400 to 700 ◦C corresponds to strong acid sites. Figure 5 shows
that CA and NCA catalysts have three desorption peaks at the region of 100~500 ◦C, which is regarded
as the desorption peak of the weak and medium acid. Moreover, all the Co doped NCA catalysts
have one strong desorption peak at 100~400 ◦C. Obviously, the desorption peak temperature moves
to a low temperature area by adding Co, suggesting that the amount of acid sites decrease with the
introduction of Co. In our previous studies [12,18], we found that the larger acidity and active strong
acid centers are easy to give rise to rapid deactivation of the catalyst due to carbon deposition. It is
noteworthy that the addition of Co modifier increases the basicity of the NCA catalyst. This process
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will result in preventing alkenes further reacting into aromatic or heavier products, which is beneficial
to reduce the carbon deposition over catalysts and prolong the work life of catalysts.

Figure 4. H2-temperature-programmed reduction (H2-TPR) results of the series catalysts.

Figure 5. NH3-temperature-programmed desorption (NH3-TPD) results of the series catalysts.

2.2.4. Transmission Electron Microscope (TEM) Analysis

In this work, the catalytic activity over the C12-NCA catalyst is better than C15-NCA. However,
there is somewhat different texture and structural properties between the two. In order to further
study the difference between C12-NCA and C15-NCA, the TEM analysis was used to find the influence
of microscopic appearance and dispersion on catalytic activity. Figure 6 shows TEM images and Ni
or/and Co particle size distributions of C12-NCA and C15-NCA catalysts. It is found that the Ni
or/and Co particle size over C12-NCA is mainly focused on 11–20 nm, while the value for C15-NCA is
about 16–25 nm. The average particle size of Ni or/and Co of C15-NCA is significantly larger than
C12-NCA. Obviously, poor Ni or/and Co distribution over C15-NCA are observed. It may be the
reason of the weaker catalytic activity of C15-NCA catalyst. The results indicate that 6% Ni and 15%
Co loading is easy to aggregate after 800 ◦C calcination, which may be due to redundant Co enriching
on the catalyst surface and exceed the monolayer saturation capacity of the CA support.
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Figure 6. Transmission electron microscope (TEM) micrographs of the C12-NCA (a) and C15-NCA
(b) catalysts.

In order to further understand the Ni dispersion, the energy dispersive spectrometer (EDS) mappings
of C12-NCA and C15-NCA catalysts were examined. As shown in Figure 7, the red sections correspond
to Co, the blue sections correspond to Ce, the green sections correspond to Ni, while the yellow sections
correspond to Al. Obviously, Ni and Co particles evenly dispersed on the surface of the CA support
over C12-NCA. However, some regions overlap each other for C15-NCA. This may be caused by the
partial sintering of 6% Ni and 15% Co loading, and form bigger crystallite and lower metal dispersion.
Poor nickel dispersion not only notably impact the physiochemical properties of the catalyst, but also
impact the catalytic performance in steam reforming of reactions. Therefore, the dispersion state of active
species is one of the main reasons of the activity difference among these catalysts.

Figure 7. Energy dispersive spectrometer (EDS) mappings of the C12-NCA and C15-NCA catalysts.
(a–f) belongs for C12-NCA catalyst; (a1–f1) belongs for C15-NCA catalyst.

10
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2.3. Carbon Deposition

Table 2 presented the amount of carbon deposition over the series catalysts determined by the
temperature programmed oxidation (TPO)-infrared spectrum (IR) analysis. It can be seen that the
amount of carbon deposition is varied with the introduction of Ni and Co. Clearly, the amount of
carbon deposition over CA catalyst is larger than others, and the values drop off with the Co content
increased. For the bi-metallic C12(C15)-NCA catalyst, the amount of carbon deposition (<4.0 mg/g-fuel)
is much less than conventional Ni-alumina catalysts. The possible reasons are that the addition of Co
reduces the acidity of the CA catalyst and carbon dioxide adsorption, and decreases carbon deposition
generation during n-decane steam reforming process [48]. According to the literature [57], Co addition
can increase the dispersion state of Ni, prevent metal sintering, and inhibit carbon deposition, which is
consistent with our results in this work.

Table 2. The amount of carbon deposition over used catalysts.

Catalysts
Carbon Deposition

[mg/(gCat·h)] [mg/gCFeed]

CA 258.9 11.6
NCA 194.3 8.55

C3-NCA 178.8 7.87
C6-NCA 143.2 6.30
C9-NCA 114.1 5.02
C12-NCA 88.6 3.90
C15-NCA 75.0 3.30

2.4. Used Catalyst Characterization

The formation of carbon deposition on the used catalyst was also evidenced by SEM observations.
In Figure 8a–g, the micrographs of used catalysts are presented. Carbon deposition grows on the surface
of catalysts in different range. It is observed from Figure 8h that the Ni species is occupied at the tip of
the filamentous carbon and the Ni metal particle size is found to be ca. 30 nm. This can demonstrate
that active metal has removed from the surface of catalyst with the generation of filamentous carbon.
The results are consistent with the mechanisms of filamentous carbon growth in literature [58].
In addition, the C content over the used CA, NCA, C3-NCA, C6-NCA, C9-NCA, C12-NCA, C15-NCA
catalysts are 91.14%, 63.90%, 56.46%, 49.89%, 34.79%, 14.94% and 8.31%, respectively. It clearly indicates
that the C content over the used catalysts has a close relationship with the surface area. Obviously,
the Brunauer–Emmett–Teller (BET) specific surface area decrease caused by the formation of the carbon
deposition is another main reason of the activity difference among these catalysts.

Figure 8. Field emission scanning electron microscopy (FESEM) micrographs of the used catalysts:
CA (a), NCA (b), C3-NCA (c), C6-NCA (d), C9-NCA (e), C12-NCA (f), C15-NCA (g) and C15-NCA (h).
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3. Experimental Section

3.1. Catalysts Preparation

Ce-Al2O3 composite oxides (5 wt.% Ce) support was prepared by coprecipitation method, and the
complete experimental procedure is detailed in references [8,44]. The catalysts were prepared by
incipient wetness impregnation using Ni(NO3)2·6H2O and Co(NO3)2·6H2O as the precursors of Ni
and Co, respectively. After impregnation and drying (120 ◦C, 3 h), the samples were calcined in air at
800 ◦C for 4 h. Finally, the mono-metallic Ni catalyst (Ni/Ce-Al2O3, 6 wt.% Ni), and Co-Ni bi-metallic
catalysts {Co-Ni/Ce-Al2O3, 6 wt.% Ni, x wt.% Co (x = 3, 6, 9, 12, 15)} were made into columnar particles
(length of 5 mm, diameter of 5 mm), and marked as NCA, C3-NCA, C6-NCA, C9-NCA, C12-NCA and
C15-NCA, respectively.

3.2. Catalysts Characterization

Surface area and pore volume were obtained from N2 adsorption-desorption isotherms at 77 K
performed on a Quanta chrome autosorb-1 analyzer. Before analysis, the samples were dried at room
temperature and then vacuum degassed at 300 ◦C for 5 h. X-ray diffraction (XRD) patterns were
obtained on a Bruker D8 Advance diffractometer with a copper Kα radiation source operated at 40 kV
and 40 mA. During the analysis, the catalysts were scanned from 20◦ to 80◦ at a speed of 5 ◦/min.
Furthermore, temperature-programmed reduction (TPR) profiles of fresh catalysts under H2-blanket
were carried out using a TP-5076 TPR instrument. The samples (100 mg) were heated to 400 ◦C at
a heating rate of 8 ◦C/min in a flow of Ar, kept for 45 min, and then cooled to 30 ◦C. The flow gas
was switched to H2 (5%) in Ar (25 mL/min). The reduction was carried out from 30 ◦C to 920 ◦C,
at a heating rate of 8 ◦C/min. NH3-temperature-programmed desorption (NH3-TPD) experiments
were performed in a TP-5076 TPD instrument (Tian Jin Xian Quan Instrument Co., Ltd., Tianjin, China)
equipped with a thermal conductivity detector (TCD) to investigate the surface acidity of catalysts.
Prior to analysis, catalysts were pretreated at 400 ◦C for 1 h in a flow of N2 to clean the catalyst surface
and then cooled to room temperature. After the pretreatment, a 2% NH3/N2 gas mixture was passed
through the sample at 20 mL/min and the temperature was raised from 50 to 750 ◦C at a heating rate
of 8 ◦C/min. In addition, morphological characterization was examined by field emission scanning
electron microscopy (FESEM) using a Quanta 600FEG Field emission scanning electron microscope
(FEI, Hillsboro, OR, USA) and coupled with Oxford-IE-250 energy dispersive spectrometer (EDS) for
local elemental composition determination.

Transmission electron microscope (TEM) analysis was obtained using a FEI titan themis
200 transmission electron microscope (FEI, Hillsboro, OR, USA) equipped with Bruker super-X
energy-dispersive spectrometer (EDS). Prior to measurement, the samples were dispersed in ethanol at
first and then collected on a Cu grid which was covered with carbon film.

3.3. Catalytic Performance Test

n-decane steam reforming reaction was carried out in a fixed-bed stainless steel tubular reactor
(i.d. = 12 mm) at atmospheric pressure. 3.0 g catalyst diluted with equi-volume quartz particles was
charged for each catalytic assessment. The schematic diagram was shown in Figure 9. In each run,
water and n-decane were pre-mixed quantitatively at 350 ◦C and the mixture vapor was fed into the
reactor. The volumetric feed flow of water and n-decane are both 2.5 mL/min. The reactor was set at
650 ◦C, 700 ◦C, 750 ◦C or 800 ◦C respectively for evaluating the catalysts’ activity.
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Figure 9. Schematic diagram of apparatus. 1-feed tank; 2-water tank; 3-high pressure metering
pump; 4-filter; 5-check valve; 6-mass flow meter; 7-heating system; 8-mixer; 9-reactor; 10-cold trap;
11-gas-liquid separator; 12-gas chromatograph; 13-liquid receiver; 14-wet gas flow meter.

The reaction effluents were on-line analyzed by Gas Chromatography with FID detector (GC-2010,
SHIMADZU Co., Ltd., Kyoto, Japan) equipped with HP-Al/S separation capillary column (CH4,
C2H4, C2H6, C3H8, C3H6, C4); and TCD detector with TDX-01 packed column (H2, CO and CO2).
Solid products deposited covering the catalysts were investigated by temperature programmed
oxidation (TPO), and the characteristics signals of CO and CO2 were tested by IR analyzer.

Activity data were reported as n-decane conversion XA (%), and H2, CO and CO2 selectivity (Si),
which are defined as follows:

XA(%) =
ΔmA
mA,in

=
mA,in − mA,out

mA,in
× 100 (1)

Si =
molesPi

∑n
i=1 molesPi

× 100% (2)

where i represents the different gas products detected.

4. Conclusions

Series Co-Ni bi-metallic catalysts supported on Ce-Al2O3 (CA) with different Co ratios are
prepared for n-decane steam reforming towards H2 preparation, so as to screen appropriate Co content.
N2 adsorption-desorption, XRD, NH3-TPD, SEM-EDS, and TEM were used to explain the relationship
between catalytic activity and textural-structure properties, microscopic appearance and dispersion
state of the catalysts. The activity test indicated that the addition of Co resulted in higher selectivity
of hydrogen compared with NCA contrast catalyst. The results indicated that 12% Co showed better
hydrogen selectivity (74%), n-decane conversion (100%), and anti-carbon ability (3.90 mg/g-fuel).
Moreover, thermal stability and regeneration performance were also tested, and the results showed
that reforming activity over C12-NCA catalyst was stable in 6 h, and the hydrogen selectivity and
n-decane conversion over regenerated catalysts were almost close to the fresh ones.

The results were mainly interpreted on the basis of characterization studies, which revealed the
significant role of textural and structural properties, microscopic appearance and dispersion state on
reforming performance. Obviously, the dispersion state and the BET-specific surface area decrease
caused by the formation of the carbon deposition are the main reasons for the activity difference among
these catalysts.
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Abstract: A novel approach to the in situ regeneration of a spent alumina-supported cobalt–iron
catalyst for catalytic methane decomposition is reported in this work. The spent catalyst was
obtained after testing fresh catalyst in catalytic methane decomposition reaction during 90 min.
The regeneration evaluated the effect of forced periodic cycling; the cycles of regeneration were
performed in situ at 700 ◦C under diluted O2 gasifying agent (10% O2/N2), followed by inert
treatment under N2. The obtained regenerated catalysts at different cycles were tested again in
catalytic methane decomposition reaction. Fresh, spent, and spent/regenerated materials were
characterized using X-ray powder diffraction (XRD), transmission electron microscopy (TEM), laser
Raman spectroscopy (LRS), N2-physisorption, H2-temperature programmed reduction (H2-TPR),
thermogravimetric analysis (TGA), and atomic absorption spectroscopy (AAS). The comparison
of transmission electron microscope and X-ray powder diffraction characterizations of spent and
spent/regenerated catalysts showed the formation of a significant amount of carbon on the surface
with a densification of catalyst particles after each catalytic methane decomposition reaction preceded
by regeneration. The activity results confirm that the methane decomposition after regeneration cycles
leads to a permanent deactivation of catalysts certainly provoked by the coke deposition. Indeed, it is
likely that some active iron sites cannot be regenerated totally despite the forced periodic cycling.

Keywords: carbon; combined Co–Fe species; deactivation; hydrogen production; methane
decomposition; regeneration

1. Introduction

The reduction of catalytic activity over time is an issue of considerable and continuing concern
in industrial practices of catalytic processes. Catalyst replacement and process shutdown could cost
the industry very large financial resources every year. The catalyst deactivation changes extensively;
for example, in the case of catalytic methane decomposition, catalyst deterioration may be on the
scale of seconds, whereas in NH3 synthesis the Fe-catalyst may stay for 5–10 years. Nevertheless, it is
unavoidable that all catalysts drop their activities.

Hydrogen is a pure fuel source which can replace fossil fuels. It can be utilized to run numerous
devices like fuel cells, engines, vehicles, and electric devices [1]. Subsequently, the attention given
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to hydrogen production has been progressively growing these past years. H2 can be obtained from
several sources and methods, for example, reforming of hydrocarbons, biomass, electrolysis, and
photo-splitting of water, in addition to water-gas shift reaction [2–6]; however, the steam reforming
reaction is the main conventional method for hydrogen production. The high H2/CO ratio of the
saturated hydrocarbons, particularly CH4, makes them the major feedstock for H2 production by
reforming reactions. For example, partial oxidation, if properly controlled, is a more suitable method
to produce hydrogen than the dry-reforming process because the H2/CO ratio is 2 and the reaction
is mildly exothermic, whereas dry-reforming being endothermic is energy-intensive with a low
ratio: H2/CO = 1 [7]. The graphene hydro/dehydrogenation process might be used as an active
and eco-friendly device to yield and store hydrogen from water. Its mechanisms involve water
decomposition at the graphene/metal interface at room temperature to hydrogenate the graphene sheet,
which is buckled and decoupled from the metal substrate. Likewise, thermal programmed reaction
experiments demonstrate that molecular hydrogen can be released upon heating the water-exposed
graphene/metal interface above 400 K [8].

The endothermic catalytic methane decomposition (CMD) reaction [9] could provide a promising
substitute for the conventional processes, like steam reforming, partial oxidation, and autocatalysis
of methane, used for hydrogen production [10–12]. The CMD process produces pure hydrogen and
valuable carbon (i.e., free carbon nanotubes) [13–16]. The formation of carbon nanotubes (CNT) can be
of high economic interest; it enjoys many applications, such as catalysts, catalyst-support, H2 storage,
electronic components, and polymer additives [17–20]. Transition metals such as Ni, Co, and Fe
supported on different oxides, such as MgO, Al2O3, and SiO2, are often used for CMD reaction [21–24].
Furthermore, it has been stated that the properties of a single metal catalyst can be improved by
introducing a second metal to form a bimetallic catalyst [24–28]. Numerous articles have been lately
published on bimetallic catalytic systems for CMD reaction [29–34].

The utilization of supported bimetallic Ni–Fe, Ni–Co, and Fe–Co catalysts was examined for
catalytic methane decomposition by several researchers such as Awadallah et al. [35]. The catalytic
data showed that the bimetallic catalyst exhibited remarkably higher activity and stability and a higher
yield of multi-walled carbon nanotubes. The Fe and Co play the role of active metal in the catalyst;
they are cheap and abundant compared to noble metals and Ni. The catalytic activity of 30 wt %
Fe and 15 wt % Co bimetallic catalyst, reduced at 500 ◦C and operated at 700 ◦C, showed excellent
performance among all the tested catalysts which comprised Fe/Al2O3, Co–Fe/Al2O3, Ni–Fe/Al2O3

with different amounts of Co and Ni loading [13]. The present work underscores the features of catalyst
regeneration performance in activity and stability.

Pudukudy et al. [34] investigated the direct decomposition of CH4 over SBA-15-supported Ni-,
Co- and Fe-based bimetallic catalysts. Their results specified that all of the bimetallic catalysts were
highly active and stable for the reaction at 700 ◦C even after 300 min of time on stream. Co–Fe/SBA-15
catalyst revealed high catalytic stability [34]. Bimetallic Ni–Fe, Ni–Co, and Fe–Co supported on MgO
catalysts with a total metal content of 50 wt % were examined for CMD by Awadallah et al. [35].
The catalytic data exhibited that the bimetallic 25%Fe–25%Co/MgO catalyst displayed remarkably
higher activity and stability up to ~ 10 h of time on stream and a higher yield of multi-walled carbon
nanotubes [35]. The deactivation of heterogeneous catalysts due to carbon deposition is a global issue
that causes a reduction in catalytic activity with time. Various types of carbon and coke that change in
morphology and reactivity are created. The more reactive, amorphous forms of carbon created at low
temperatures are transformed into less reactive, graphitic forms at high temperatures over a period
of time [36]. Normally, catalyst regeneration is considered to restore catalytic activity by removing
carbon, poisons, and site blockage [37]. Hazzim et al.; studied the regeneration for CMD using an
activated carbon catalyst [38]. They found that the activity at the start and the final mass gain of the
catalyst increased as the reaction temperatures rose from 850 to 950 ◦C. However, at 850 and 950 ◦C
reaction temperatures, the activity and mass gain declined after each regeneration step. The decrease
was slower under severe regenerating conditions [38].
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In this work, a cobalt–iron supported on alumina catalyst (noted 15%Co–30%Fe) was synthesized
for catalytic methane decomposition (CMD) reaction (CH4 → C + 2H2:ΔH◦ = 75:6 KJ/mol). The effect
of the catalyst regeneration was evaluated by using different oxidizing forced periodic cycling.
The regenerated catalysts were tested again in CMD reaction for coproduction of hydrogen and
carbon nanomaterials. This study focused on identifying the nature of the carbon deposits formed
after each CMD testing that precedes the regeneration cycles; also in addition, the obtained yields of
hydrogen were quantified to understand the reaction’s mechanism.

2. Results and Discussion

Because of the materials’ complexity, structural and textural properties and morphology
of spent/regenerated catalysts (referred to as SP-180 min, SP-360 min, and SP-720 min) were
examined using X-ray diffraction (XRD), transmission electron microscopy (TEM), laser Raman
spectroscopy (LRS), N2-physisorption, hydrogen temperature programmed reduction (H2-TPR),
and thermogravimetric analysis (TGA), and the carbon amount was evaluated by atomic absorption
spectrometry (AAS). For each of these three samples, the oxidative regeneration process was performed
every 90 min of the test. For comparison, the un-regenerated SP-90 min was used as a reference.

2.1. Structure and Morphology

XRD patterns of fresh catalyst (15Co–30Fe/Al2O3), SP-90 min, and three spent/regenerated
samples are shown in Figure 1. As mentioned previously [39], the diffractogram of the fresh solid
showed the presence of γ-Al2O3 phase at 2θ ca. 40◦, 49◦, and 64◦ in accordance with (ICDD# 004-0875)
lines. In this sample, additional peaks related to Fe3O4 magnetite were found at 2θ ca. 32◦, 35.5◦,
45◦, 55◦, and 60◦ according to (ICDD# 04-006-6550), whereas Fe2O3 hematite was not observed at 2θ:
32◦, 35◦ (most intense) and 25◦, 50◦, 54◦ (less intense) in accordance with (ICDD# 089-0598). Peaks
observed at 2θ ca. 32◦, 37◦, 45◦, 56◦, 59◦, and 66◦ correspond to CoAl2O4 spinel (ICDD#44-0160).
The formation of CoAl2O4 was ascribed to the strong interactions between cobalt species and γ-Al2O3

lattice during the synthesis process. No peak corresponding to Co–Fe mixed oxides like CoFe2O4

spinel was observed; this was plausibly due to a stronger interaction between cobalt and alumina
which have more pronounced acidic properties than that of iron oxides.

The XRD pattern of spent SP-90 min was completely different from that of the fresh catalyst;
it was dominated by the reflection of (200) planes observed in 2θ = 20◦–30◦ range, attributed to
carbon species with a graphite-like structure. No reflections corresponding to CoAl2O4 spinel, Fe3O4

magnetite, or Fe2O3 hematite phases were detected. The presence of γ-Al2O3 phase was not clearly
ascertained. However, a close inspection of this diffractogram revealed the presence of the common
reflection of cobalt and iron chemically in the oxidation state zero, indicating the reduction under the
reaction mixture. Part of CoAl2O4 and Fe3O4 directly forms Co and Fe metallic species or probably
Co–Fe alloy. The authors supposed that the reduction of CoAl2O4 and Fe3O4 was incomplete under
CH4 atmosphere. The presence of unreduced species CoAl2O4 spinel and Fe3O4 could not be clearly
checked because their lines are probably overlapped by those of the Co and Fe metallic species.

In the case of the SP-180 min sample, the pattern performed after the oxidative regeneration
process was similar to that of SP-90 min, but the intensity of the peaks was different. The SP-180 min
pattern revealed the presence of graphitic carbon with very low-intensity peaks due to the removal of
surface carbon in the form of CO2. Cobalt and iron were always observed in the metallic form, that is,
no cobalt and iron oxides were observed after oxidative treatment. From these results, it might be
inferred that filamentous carbon stabilized the cobalt and iron in oxidation state zero.

In the SP-360 min and SP-720 min samples, the intensity of the carbon lines increased with the
time of CMD reaction due to an additional deposit of carbon in well-structured forms that is difficult to
eliminate during the regeneration process. The presence of Fe0 metallic species was always ascertained,
but that of Co0 is unlikely. However, the diffractogram revealed the presence of a new phase attributed
to CoC2 cobalt carbide and identified after Rietveld refinement; this identification is observed by a
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slight peak splitting situated at 2θ ≈ 45◦ (ICDD#44-0962). No reflections corresponding to iron carbide
species (like Fe5C2 or Fe3C) could be observed in these samples.

Nevertheless, with a refinement scan, some traces of Fe3O4 magnetite and Fe2O3 hematite
were identified indicating the re-oxidation of iron during the regeneration process. Unlike the
spent/regenerated sample SP-180 min, the SP-360 min and SP-720 min samples revealed the presence
of a new phase recorded as θ-Al2O3 observed at 2θ positions of 29.8◦, 41.0◦, 44.2◦, 50.81◦, 61.8◦, 67.9◦,
and 79.1◦ in accordance of (ICDD#086-1410). From these results, it could be inferred that the θ-Al2O3

would probably help to make and stabilize more iron species at the surface of SP-360 min and SP-720
min samples [40,41].

Figure 1. X-ray diffraction (XRD) patterns of fresh, spent, and spent/regenerated catalysts.

Transmission electron microscopy (TEM) was performed in order to get more information on the
carbon morphology detected by XRD. TEM micrographs of the spent and spent/regenerated catalysts
are shown in Figure 2. In all cases, the formation of filamentous-type carbon was confirmed. It is
known that the fibers of carbon nanotubes (CNTs) are composed of two kinds: (1) single-walled carbon
nanotubes (SWCNTs) which consist of a single tube of graphite and (2) multi-walled carbon nanotubes
(MWCNTs). Generally, in TEM analysis, it is difficult to establish the length of nanotubes to compare
them. However, it is well known that nanotube diameters can range from just a few nanometers for
SWCNTs to several tens of nanometers for MWCNTs. In their study, Jorio et al. [42] demonstrated by
TEM that diverse SWCNT diameters varied between 0.7 and 3.0 nm. On the other hand, Hou et al. [43],
using the same technique, found that MWCNT were generally in the diameter range from 10 to 200 nm.
In this work, only MWCNT fibers with 27–53 nm diameters were identified (Figure 2). Similarly, in an
earlier report [39] of CMD on SP-90 min, the lengths of the produced carbon (CNT) at 90 min of CMD
(observed by TEM) varied between 14.09 and 72.0 nm, which were the characteristics of MWCNTs.
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Figure 2. Top surface transmission electron microscopy (TEM) micrographs of spent and
spent/regenerated 15Co–30Fe/Al2O3 catalysts obtained after different times (90, 180, 320, and 720 min).

For all spent and spent/regenerated samples, TEM micrographs showed large amounts of
graphitic carbon layers around the Co metal particles. In fact, these Co particles were mostly
encapsulated within CNTs; on the other hand, the Fe particles clung to the CNT surface in accordance
with XRD analysis, which showed, after oxidative regeneration, a re-oxidation of iron metallic species
in Fe3O4 magnetite or in Fe2O3 hematite (according to XRD observations); it however showed no
oxidized form of cobalt which was encapsulated and stabilized with filamentous carbon. According
to the literature [44], a metal encapsulated into the CNTs was not very accessible to reactants and
therefore resistive to any oxidative regeneration process. Besides metal particles encapsulated (Co) and
metallic particles located on top of nanocarbons (Fe), all TEM images (Figure 2) showed agglomerate
black particles clearly observed in the tips of MWCNTs and dispersed on the CNT surface. These
black particles are more numerous on the unregenerate sample (SP-90 min) and are attributed to
condensation of carbon nanoparticles. These black particles could be easily removed in CO2 form
(C → CO2 ) during the regeneration process.

Table 1 summarizes the average size of carbon crystallites determined by XRD and obtained
by TEM. The crystallite size (XRD) was estimated using the Debye–Scherrer formula [45] for the most
intense (002) peak of carbon and using the equation τ = 0.94 × λ

FWHM × Cos( 2θ
2 )

, where λcu = 1.5406 Å, τ (Å) is

the carbon crystallite size, 2θ (radian) is the diffraction peak position, and Full width at half maximum
(FWHM) (radian) is full width at half maximum describing the width measurement of carbon peak.
In TEM, the calculation of sizes was realized using the ImageJ software package (1.52 h, National
Institutes of Health, Madison, WI, USA, 2018). Except for SP-720 min (with instrumental broadening
×50 against ×200), the TEM investigation displays homogeneous distribution of carbon species with a
particle size 52.31, 49.28, and 53.23 nm for 90, 180, and 360 min samples, respectively. Similar trends
were observed by XRD for these three samples (49.74 and 42.63 Å). In the case of the SP-720 min,
the crystallite sizes (XRD or TEM) were the smallest as compared to those of other catalysts because of
the removal of amorphous carbon species from the MWCNT surface (loss of carbon C → CO2) [46].
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Table 1. Estimation of carbon crystallite size using XRD and TEM techniques.

Samples (SP)
Crystallite Size (*)

of Carbon Graphite (Å)
Average Size (**)

of Carbon Particles (nm)

90 min 49.7 52.3
180 min 42.6 49.3
360 min 59.6 53.2
720 min 39.7 27.5

(*): XRD calculations with Debye–Scherrer formula on the (002) most intense reflection; (**): TEM calculations from
05–08 zones of each micrograph.

As a conclusion, XRD and TEM measurements are complementary techniques, but not comparable:
XRD involves some heterogeneity properties such as crystalline structures, types (carbon, carbide,
etc.), and amorphous regions, whereas TEM gives information on the particle organization of carbon
(homogeneous distribution), dispersion, and distribution of metals.

To confirm the carbon nature and structure observed by XRD, laser Raman spectroscopy (LRS)
was applied to provide useful information about material crystallinity, phase transition, and structural
disorder. The spectra of the spent and spent/regenerated samples are shown in Figure 3. The single
band observed between 1000 and 2000 cm−1 could be associated with different carbon bonds;
it revealed the presence of a carbon graphite structure on the molecular level. According to previous
reports [47], this band with a maximum at 1363.6 cm−1 was attributed to the D-band of sp2 carbon
material. Deconvolution of this band revealed two components (Figure 3); the second component,
centered at 1580.54 cm−1 is associated with the G-band. According to Ferrari [48], the Raman G-band
was a characteristic of graphite with high crystallinity and the D-band was attributed to defects and
lattice distortions in the carbon structures; an increase in the intensity of the D-band reflected an
increase in the disorder of the carbon atoms and thus a restructuring of the nanotubes. Therefore,
the ratio of D-band intensity on G-band intensity (ID/IG) gave an indication of defects or graphitic
order. In Figure 3, the ratio ID/IG was calculated after deconvolution. The ID/IG ratios, which varied
in the order of 1.84 (360 min) > 1.75 (180 min) >1.66 (720 min) > 1.51 (90 min), indicated the formation
of new phases detected by XRD in spent/regenerated samples, which could be directly responsible
for the higher level of lattice distortion in the carbon graphite structures. However, the values
(ID/IG = 1.66–1.84), obtained after regeneration, had slightly increased compared to that of SP-90 min
(ID/IG ~ 1.51), which means that with the oxidative treatment, the structure of the nanotubes was
disturbed but not totally damaged.

Figure 3. Laser Raman spectra of SP samples (90, 180, 360, and 720 min).
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2.2. Surface Characterization

The Brunauer–Emmett–Teller BET surface areas were determined by nitrogen
adsorption-desorption at 77 K. All nitrogen adsorption–desorption isotherm curves and variations
of the specific surface areas are depicted in Figure 4. According to the International Union of Pure
and Applied Chemistry (IUPAC) standard, the catalysts exhibited the IV type isotherm showing
that the materials were essentially mesoporous. The fresh sample exhibited H4 hysteresis loop
which corresponded to the narrow slit-like pores, whereas the hysteresis loops of spent (90 min)
and spent/regenerated (SP-180, 360, and 720 min) samples had the characteristic of a type H3 loop.
Compared to fresh and not regenerated samples, the spent/regenerated samples showed a lower
amount of nitrogen adsorbed at the high relative pressure (P/P0 = 1), which suggests a strong decrease
in the mesoporosity because of the aggregated pores between the CNTs. In addition, as is shown in
Figure 4, the displacement of the hysteresis loops toward the lower partial pressures is an indication of
the porosity’s evolution.

 
Figure 4. N2 adsorption-desorption isotherms and variation of specific surface areas for fresh, spent,
and spent/regenerated catalysts at different reaction times.

BET surface areas of spent and spent/regenerated samples were relatively small compared to that
of the fresh sample. They decreased linearly with the time of CMD reaction in the following order:
fresh-sample (122 m2/g) > SP-90 min (109 m2/g) > SP-180 min (74 m2/g) > SP-360 min (64 m2/g) >
SP-720 min (61 m2/g). During the CMD reaction or oxidative regeneration process, the formation of
new phases (such as Co and Fe metallic species, CoCx, carbon, and θ-Al2O3, etc.) caused the blocking
of the pores with the subsequent loss of surface area as evidenced by XRD analysis. This result was
consistent with AAS findings, which showed an increase in the mass of carbon deposited with the
number of reaction cycles. The decline in catalyst activity might be related to the reduction in porosity
which occurred during the decomposition process.

2.3. H2-TPR and TG Analysis

Hydrogen temperature programmed reduction experiments were carried out in 100 to
1000 ◦C temperature range under a hydrogen atmosphere. H2-TPR profiles of fresh, spent,
and spent/regenerated 15Co–30Fe/Al2O3 samples are shown in Figure 5a,b. Figure 5a is for fresh
catalyst, whereas Figure 5b is for the spent catalyst. The reduction profiles can be classified into three
regions. In region I (200–450 ◦C), the reduction of hematite (Fe2O3) to Fe3O4 and the reduction of
Co3O4 to CoO take place. In region II (450–710 ◦C), the reduction of Fe3O4 to FeO and the reduction of
CoO to Co occur. In region III (710–900 ◦C), the reduction FeO to Fe happens. Similar results were
observed by other investigators [49–51].
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Figure 5. (a) H2-TPR for fresh catalyst, (b) H2-TPR for used catalyst, and (c) thermogravimetric (TG)
profiles, of 30Fe-15Co/Al2O3 catalysts at different regeneration temperatures.

From the XRD analysis, the possible reducible phases in fresh sample were the following: Fe3O4,
CoAl2O4 spinel, and probably some amorphous (or highly dispersed) Fe2+ and Co2+ species which
could not be detected easily by XRD. Al2O3 was non-reducible under this work’s conditions due to
the high binding energy between Al and O. Large differences in H2-TPR profiles were observed that
depended on the time of reaction and the number of decomposition-oxidation cycles. However, for all
samples, the reduction peaks observed below 450 ◦C were ascribed to the reduction of Co2+ species to
nanoparticles of metallic cobalt, whereas the peaks observed between 450 and 900 ◦C were ascribed to
the reduction of Fe3+ species of metallic iron. In the case of the SP-360 min and SP-720 min samples
compared to other samples, several reduction peaks were observed at low and high temperatures;
they could be ascribed to successive steps of the reduction to cobalt and iron species and/or to the
presence of various types of Co and Fe species of different interactions with the support or with
different particle size. Indeed, it is well known that the increase in the degree of the agglomeration and
consequently the size of metal oxide particles could cause a decrease in the metal-support interaction
and make reduction easier. From H2-TPR results, it should be pointed out that the H2 consumption
decreased with the increasing reaction time (or the number of decomposition-regeneration cycles),
probably because of the increase in the encapsulation rate of metallic particles in a zero-valence state
that makes their oxidative regeneration difficult due to their inaccessibility to hydrogen molecules.
This could justify the lower reducibility of both SP-360 min and SP-720 min samples. During the
H2-TPR process, a hydrogasification of carbon deposits could also happen at temperatures above
700 ◦C by releasing methane (C(s) + 2H2 → CH4). An analysis of gaseous effluents (using, for example,
mass spectrometry) is however necessary to assess this hypothesis.
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TGA results of spent and spent/regenerated catalysts are shown in Figure 5c that shows a weight
change in the temperature range 100–850 ◦C. All samples displayed weight loss (WL) from 500 to 850 ◦C
which was related to the combustion of different kinds of carbon (cobalt carbide amorphous carbon and
carbon nanotubes). The TGA curves showed that the weight loss decreased in the order WL(SP-90 min)
> WL(SP-720 min) > WL(SP-360 min) > WL(SP-180 min). As expected, the highest weight loss was
observed in the spent and not regenerated sample (SP-90 min). Comparing the regenerated samples,
it was found that SP-180 min exhibited the lowest weight loss, indicating that the accumulation
of encapsulating carbon deposition (difficult to remove) increased with the increasing number of
decomposition-oxidation cycles. This result corresponded to the XRD finding which exhibited a more
intense peak of carbon for samples having undergone several decomposition–regeneration cycles.
In the case of SP-720 min, a change was noticed in the slope of the TGA curve, which suggested two
kinds of coke deposit may be related to the more abundant presence of cobalt carbide over this catalyst.

2.4. Catalysts Behavior under CMD-Regeneration Cycles

In most cases, during CMD reaction, carbon encapsulates the active sites and this carbon
accumulation is responsible for catalyst deactivation. To increase the catalyst lifetime, regeneration
cycles by gasification using oxygen as an oxidizing agent was introduced as has been described
before. The regeneration step obviously required the interruption of the production process for 10 min.
The catalytic activity of catalysts was determined by evaluating methane conversion and hydrogen
yield obtained during the CMD process. In the present work, Weight hourly space velocity (WHSV) is
calculated from the feed gas consisting of 15 mL/min of CH4 and 10 mL/min of N2 and weight of
catalyst 0.3 g, as follows:

WHSV =
(15 + 10) mL/min × 60 min/h

0.3 g-cat
=

25 × 60 mL/ (h)
0.3 (g-cat)

= 5000 mL/(h·g-cat.)

The methane conversion obtained here for regenerated catalysts is above 60%. Zhou et al.
conducted an Fe catalyst for CMD and investigated the effect of space velocity on the methane
conversion. When a space velocity (3750 mL/g-cat/h), close to the one used in the present work
(5000 mL/g-cat/h), was considered, they found a methane conversion of about 38% [52].

Figure 6 compared the evolution, with time of stream (TOS), of the methane conversion obtained
over the fresh catalyst and the spent catalysts subjected to successive cycles of CMD/regeneration.
As can be seen, the results were not the same after the regeneration cycles. Only the points on the curve
at 90, 180, 360, and 720 min corresponding to the samples SP-(90, 180, 360, 720 min) were considered.
As is shown, the methane conversion decreased, as the reaction time was increased, in the order of
68% (90 min, zero cycle) > 63% (180 min, after two cycles) > 62% (360 min, after four cycles) > 56%
(720 min, after eight cycles). This degradation of catalytic activity and loss of stability of the catalysts
(about Δ% = 12% from 90 to 720 min of TOS) was due probably to irreversible deactivation caused
by covering and encapsulating of active sites by deposited carbon. The same trend was observed in
the BET surface area which decreased when the number of decomposition/regeneration cycles was
increased, as is shown in Figure 3. On the other hand, it was shown that the reducibility of catalysts
decreased when the number of decomposition/oxidation cycles was increased; this was attributed to
the blocking of metallic particles (in the oxidation state zero) by the formation of encapsulating carbon
species, consequently leading to the loss of active sites and catalyst deactivation. From these results,
it could be concluded that the degradation of physicochemical and catalytic properties was essentially
related to carbon formation that was not completely removed after repetitive oxidative regeneration
steps. Therefore, the higher the amount of carbon deposited, the lower the catalytic activity.

Through this study’s experiments, the authors were able to verify that significant catalyst
deactivation occurred toward higher regeneration times (involving a succession of cycles) despite a
very interesting catalytic formulation. The formation of cobalt carbide CoC2 may then complicate the
regeneration of metal catalysts (Figure 1), as reported in the literature [52].
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Figure 6. Time on stream (TOS) yield of hydrogen versus different regeneration times with
15%Co–30%Fe/Al2O3 spent-catalyst. TOS conditions: Tregeneration-activation = 500 ◦C; Treaction = 700 ◦C;
(WHSV = 5000 mL/H·g-cat), total flow rate = 25 mL/min and CH4/N2 = 1.5.

Figures 6–8 present, respectively, the evolution with time on stream (TOS) of H2 yield and the
coproduced carbon on SP-(90, 180, 360, 720 min) samples. The hydrogen production by 67.8% (90 min)
> 66.8% (180 min) > 63.7% (320 min) > 57.7% (720 min) followed the same evolution as the methane
conversion. Similar to the conversion of methane, the hydrogen yield was affected by the number of
regeneration cycles. It decreased with the increase in the regeneration number, but to a lesser extent.
On the other hand, in the case of the carbon deposit, an increasing trend of carbon with the increase in
the regeneration number was observed: 1.2 (180 min) < 1.5 (320 min) < 3.2 (720 min).

As reported by some authors [53], the catalyst deactivation mechanism rests on progressive pore
blocking by carbon deposition. The carbon formation involved in the first step is the dissociative
adsorption of methane on the metal surface (iron and cobalt) producing hydrogen and carbon atoms.
The adsorbed carbon atoms could dissolve and diffuse through the metal. Those on the surface form,
thereby encapsulating carbon, blocking the access of methane to the active sites, and causing a
reduction of activity, as proposed by the following steps. During CMD reaction, the carbon may
chemisorb firmly as a monolayer or physically adsorb in multilayers while releasing hydrogen [54].
In either case, this blocks the reactants from reaching the metal surface. The behavior is complex,
because the carbon threads may grow from the top surface of the metal particles or the carbon may
spread into the metal and form bulk carbides (e.g., formation of CoC2), as observed in the study’s XRD.
According the H2-TPR conclusions, it can be stated that methane molecules may be formed through
the reaction between carbon encapsulating particles and chemisorbed hydrogen gases.

The formation of encapsulating carbon on the metallic surface could be limited by Cads + H2 →
CH4 reverse reaction (with H2 produced by reaction or added to the feed). This step was favored in
the presence of a high hydrogen concentration in the feed which depended on the methane conversion.
Besides coke deposition, the sintering of metallic active phase (Co, Fe) occurred during CMD reaction
and oxidative regeneration process and was the second factor responsible for catalyst deactivation.
Similar to carbon deposition, sintering brings about the loss of surface area and porosity. Despite the
coke deposits and many oxidative treatments, the present catalysts remained active with a methane
conversion and hydrogen yield exceeding 56% and 58%, respectively (after eight reaction cycles).
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Further tests were needed to optimize the regeneration step to eliminate quantitatively the carbon
deposits and improve the catalytic performance.

 
Figure 7. Comparison of different H2 yields (%) obtained from 90, 180, 360, and 720 min of reaction
(the white bar is a limit between each regeneration cycle).

 
Figure 8. Carbon yields obtained after 90, 180, 360, and 720 min of reaction.

3. Experimental Section

3.1. Preparation of Fresh Catalyst

A wet-impregnation technique was used to prepare a combined 15%Co–30%Fe supported on
alumina catalyst. The synthesis steps are described as follows:

Alumina (γ-Al2O3; SA6175) were obtained from Norton Chemical Company (Short Hills, NJ,
USA). The alumina were disintegrated into tiny particles before being employed as a ultimate
support material. A first solution was prepared from a certain volume of double-distilled water
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and stoichiometric ferric nitrate amount (Fe(NO3)3·9H2O, Ass. ≥ 99%, Sigma-Aldrich, Taufkirchen,
Germany). Dissolving a certain mass of cobalt nitrate (Co(NO3)3·9H2O, Ass. ≥ 99%, Sigma-Aldrich,
Taufkirchen, Germany) in double-distilled water, a second solution was obtained. As in a typical
wet-impregnation procedure, the two solutions of Co2+ and Fe3+ were simultaneously impregnated
on the γ-Al2O3 support. The mixture was stirred at 80 ◦C for 3 h. After the stirring/heating step,
more than 50% of the water contained in the mixture–solution evaporated. The final mixture was
dried at 120 ◦C for 12 h (without washing) and followed by calcination at 450 ◦C for 3 h under air
atmosphere. The mixed catalyst was designated as 15Co–30Fe/Al2O3.

3.2. Characterization Methods

XRD: X-ray powder diffraction (XRD) was carried out using a Rigaku (Miniflex) diffractometer
(Rigaku, Bahrain, Saudi Arabia). The unit was set, using a Cu Kα radiation run at 40 kV and 40 mA,
to investigate the diffraction peaks of the catalysts before and after the reaction. The 2θ step and the
scanning range were set at 0.02◦ and 10–85◦, respectively. The instrumental raw data was analyzed via
X’pert HighScore Plus software (3.0.5, Malvern Panalytical Ltd, Malvern, UK, 2017). An ASCII file
of the peak intensity was produced at granularity 8, bending factor 5, minimum, peak significance
1, minimum peak width 0.40, maximum tip width 1, and peak base width 2 by minimum second
derivatives. Additional dissimilar phases with their marks were accorded using the JCPDS data bank
(N.B.S*AIDS83, International Center for Diffraction Data, Newtown Square, PA, USA, 1980) and X’pert
HighScore Plus software.

TEM: Samples were arranged for transmission electron microscopy (TEM) investigation by
crushing the powders between clean glass slides and then scattering them onto a lacey carbon film
held on a Cu mesh grid. Bright-field transmission electron microscopy (BF-TEM) and selected area
electron diffraction (SAED) experiments were performed using a JEOL 2000FX microscope (JEOL,
Peabody, MA, USA) fitted with a thermionic LaB6 source working at 200 kV.

LRS: Laser Raman spectroscopy apparatus was represented by a highly sensitive CCD Q15
spectrograph (Thorlabs, Munich, Germany) having two 215 excitation lasers of 532 and 785 nm with
CCD cooling temperature reaching up to 60 ◦C and high-throughput laboratory fiber optic probes.
Moreover, the scanning was fixed between 250 and 2350 cm−1.

N2-physisorption: The distribution of the pore size and the specific surface area of the catalysts
were computed from N2 adsorption–desorption data. Measurements of the BET surface area were
conducted by nitrogen adsorption at −196 ◦C using a Micromeritics Tristar II 3020 (Micromeritics,
Riyadh, Saudi Arabia) surface area and porosity analyzer. In each test, 300 mg of catalyst was degassed
at 300 ◦C for 3 h to remove the wetness and adsorbed gases from the catalyst surface. Pore size
distribution was computed via the Barrett-Joyner-Halenda (BJH) technique.

H2-TPR: Micromeritics Auto Chem II apparatus (Micromeritics, Riyadh, Saudi Arabia) was
employed in the temperature programmed reduction (TPR) to examine the reducibility by taking
0.07 g for each test. High purity argon flow was first passed thought the samples at 150 ◦C for 30 min.
Then, the samples were brought to 25 ◦C. Lastly, the furnace temperature was set to 1000 ◦C at a
10 ◦C/min rate while running 40 mL/min flow rate of H2/Ar mixture that had 10 vol % of H2.
A thermal conductivity detector (TCD) checked the H2 consumption signals.

TGA: The quantitative investigation of coke formation on the used catalysts after the duration
of 90, 180, 360, and 720 min reaction at 700 ◦C was conducted using thermogravimetric analysis (TGA)
in the presence of air via a Shimadzu TGA (Thermo-gravimetric/Differential) analyzer (Shimadzu,
Jebel Ali Free Zone, Dubai). The temperature of the spent catalysts weighing 10–15 mg was increased
from 25 ◦C to 1000 ◦C at a heating rate of 20 ◦C/min, and the mass reduction was recorded.

AAS: Atomic absorption spectrometry was employed to examine samples of Fe and Co
components in the catalysts. The AAS analyses were conducted using a Model 951 AA/AE (Berkeley
Nucleonics corporation, San Rafael, CA, USA) spectrophotometer with graphite furnace and Model
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254 Auto sampler. The composition of Co and Fe in catalysts were theoretically determined and
compared to those experimentally obtained by AAS.

3.3. Activity Test (Regeneration Procedure)

CMD activity tests were done in a fixed-bed quartz reactor (id = 9 mm). Before the CMD reaction,
0.3 g of the catalyst was reduced in situ under hydrogen flow (40 mL/min) at 500 ◦C for 60 min.
Then 20 min of N2 flushing was carried out. Subsequently, the reactor temperature was raised to
700 ◦C under N2. For all runs, a fixed feed gas composed of 15 mL of CH4 and 10 mL of N2 was used.

The regeneration cycles were performed in situ at 700 ◦C under diluted O2 gasifying agent
(10%O2/N2), followed by inert treatment under N2. The obtained regenerated catalyst was tested again
in CMD reaction. First, the CMD reaction was carried out for 90 min in CMD reaction. Then, the spent
catalyst (labeled SP-90 min) was removed for characterization as a reference. Then, the reactor was
charged with fresh catalyst and the above steps were repeated for each of the following experiments:

In the first regeneration experiment: the CMD reaction was performed for 90 min. At this point,
10 mL/min of O2 was added to the system for 10 min. Then, the reactor was fed with N2 at a rate
of 20 mL/min for 20 min and the CMD reaction was continued for another 90 min to finally obtain
180 min (= 2 × 90 min). Then, the spent/regenerated catalyst (noted as SP-180 min) was removed
for characterization.

In the last regeneration experiment: the reactor was again recharged with a fresh catalyst.
The CMD reaction was allowed to run for 90 min. Then, 10 mL/min of O2 was used to regenerate the
catalyst for 10 min. Then, 20 mL/min of N2 was used to flush the reactor for 20 min and the reaction
was continued for another 90 min. After that, the above addition of O2 and N2 was periodically
repeated for eight cycles to give a total time of reaction/regeneration of 720 min (= 8 × 90 min). Then,
the spent/regenerated catalyst (labeled as SP-720 min) was removed for characterization.

Finally, in this work, three regenerations of periodic cycling (with 2×, 4×, and 8× of 90 min) were
chosen and the spent samples at 180, 360, and 720 min were removed for characterizations.

The CH4 reactant and H2 product were evaluated using an online GC (Alpha MOS PR 2100,
Alpha MOS, Toulouse, France,) fitted with a sampling valve and two thermal conductivity detectors
for examining heavier and lighter gases. CH4 conversion and H2 yield were computed using
Equations (1) and (2):

CH4 conversion(%) =
CH4in − CH4out

CH4in
× 100, (1)

H2Yield(%) =
H2out

2 × CH4 converted
× 100. (2)

4. Conclusions

In this work, an alumina-supported cobalt–iron sample (15Co–30Fe/Al2O3) was prepared and
used in the catalytic methane decomposition and regeneration process. In situ regeneration of spent
catalysts was performed with different oxidizing forced periodic cycling at 180, 360, and 720 min.
The X-ray powder diffraction results showed the presence of γ-Al2O3 phase, Fe3O4 magnetite and
CoFe2O4 spinel in fresh catalyst, whereas SP-90 min spent catalyst provided only graphite, Fe0 and
CoC2 reflections. The X-ray powder diffraction profile of SP-720 min spent/regenerated catalyst
exhibited a new allotropic phase identified as θ-Al2O3. Transmission electron microscopy of spent and
spent/regenerated samples indicated the formation of filamentous multi-walled carbon nanotubes;
these nanotubes were formed by large amounts of encapsulating carbon on the surface which played
an important role in the explanation of the reaction mechanism. Furthermore, different carbon bonds,
detected by laser Raman spectroscopy, revealed the presence of graphite carbon structure on the
molecular level. The reduction peaks were ascribed to the reduction of Co2+ species to nanoparticles
of Co0 (below 450 ◦C) and Fe3+ → Fe2+ → Fe0 (between 450 and 900 ◦C). The catalytic activities of
spent/regenerated catalysts exhibited lower activity at a higher cycle number. Hydrogen yield was
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affected by the oxidizing regeneration number (same trend as methane conversion); on the other hand,
carbon deposit (calculated by atomic absorption spectroscopy) followed the reverse trend. Indeed,
the formation of carbon encapsulating on the metallic surface could be limited by the Cads + H2 →
CH4 reverse reaction. This observation has been confirmed by the hydrogasification of carbon deposit
(in H2-TPR toward 700 ◦C) by releasing methane (C(s) + 2H2 → CH4). The authors believe that the
main factors responsible for the catalyst deactivation are coke deposition and weak sintering of the
metallic active phase (Co–Fe) which occurred during the catalytic methane decomposition reaction
and regeneration process.
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Abstract: Ni catalysts supported on SiO2 are prepared via a facile combustion method. Both glycine
fuel and ammonium nitrate combustion improver facilitate the formation of much smaller Ni
nanoparticles, which give excellent activity and stability, as well as a syngas with a molar ratio
of H2/CO of about 1:1 due to the minimal side reaction toward revserse water gas shift (RWGS) in
CH4 dry reforming.
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1. Introduction

The availability of natural gas (or shale gas) in large reserves makes CH4 serve as a suitable
feedstock used in C1 chemistry to produce desired fuels and chemicals [1]. Unfortunately, the chemical
inertness of CH4 results in direct conversion, which constitutes a great challenge for highly efficient
utilization [2]. Ideally, the best use of CH4 occurs when it is converted into syngas, which can facilitate
further downstream conversion [3] by means of the methanol route [4] and Fischer–Tropsch synthesis
(FTS) [5–12] due to good reactivity, unlike the CH4 which has a high dissociation energy C–H bond [1].
Among the most widely investigated technologies, there are comparable advantages associated with
the dry reforming of CH4 (DRM) with CO2 for producing syngas [13]. On the one hand, compared to
the other reforming processes, there is a 20% lower operating cost for DRM [14]; on the other hand,
the reforming of CH4 using CO2 not only produces high purity syngas [15,16] but also reduces the
emissions of two abundantly available greenhouse gases to alleviate global climate change [17–20].

In spite of the above-mentioned merits, DRM suffers from serious carbon deposits on the surface of
Ni nanoparticles, which leads to a remarkable loss of active sites [21–25]. Recently, DRM research efforts
have resulted in strategies to improve the stability of the catalyst [26]. Based on the fact that smaller
Ni nanoparticles efficiently improve catalytic performance by avoiding carbon accumulation [27–32],
the general concept is to develop the catalyst preparation protocol to obtain small Ni nanoparticles
encapsulated in the support or confined by the stable porous oxide layer to prevent sintering [33,34].
For example, Tomishige et al. reported that the solid solution catalyst of nickel–magnesia, which was
prepared by the co-precipitation method, showed high and stable activity without carbon deposits for
100 days [35,36]. Kawi et al. synthesized a Ni-yolk@Ni@SiO2 nanocomposite with a yolk-satellite shell
structure to efficiently inhibit the sintering of Ni, which resulted in negligible carbon deposition, and the
CH4 conversion was 10% after the first 2 hours of reaction under the conditions of 800 ◦C, a gas hourly
space velocity (GHSV) of 1440 L·g−1cat·h−1, a Wcat of 0.01 g, and a CO2:CH4:N2 ratio of 1:1:1 [37].
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Catalysts 2019, 9, 183

Similarly, Wang et al. pointed out that the Ni nanoparticle cores encapsulated by the mesoporous
Al2O3 shells show superior coke resistance because of the confinement effects which prevent the Ni
nanoparticles from agglomeration at high temperatures, and the CH4 and CO2 conversions under
the reaction conditions of 800 ◦C, CO2/CH4 of 1/1, and a weight hourly space velocity (WHSV) of
36 L·h−1·gcat−1 were about 88% and 92%, respectively [38].

Herein, different from the above-mentioned encapsulated Ni catalysts with relatively complicated
preparation procedures, we propose a facile one-step strategy to prepare the SiO2 supported Ni
catalysts toward the controlled formation of nanoparticle size and Ni-support interaction, which
could lead to high activity and stability. Following the conventional impregnation method, glycine
(C2H5NO2) and ammonium nitrate (NH4NO3) were introduced into the impregnated solution of
nickel precursor (Ni(NO3)2·6H2O), as shown in Scheme 1. It was expected that the mixed materials
with C2H5NO2 as fuel and NH4NO3 as combustion improver reacted exothermically after ignition
which finished within a short time-frame with a very high temperature and release of a large quantity
of gases, such as CO2, water, and N2. We thought this process might facilitate the formation of
smaller crystalline materials and regulate the metal-support interaction, resulting in improved catalytic
performance in the DRM reaction. To demonstrate the effects of the above combustion process on the
catalytic performance, several characterizations, such as Brunauer-Emmett-Teller (BET), transmission
electron microscopy (TEM), X-ray diffraction (XRD), H2 temperature-programmed reduction (H2-TPR)
and thermogravimetric (TG), were employed to characterize the catalyst.

2. Results and Discussion

2.1. Characterization of the Catalyst Sample

As shown in Figure S1, all the fresh Ni/SiO2 catalysts exhibit apparent diffraction peaks at
2θ values of 37.3◦, 43.2◦, 63.0◦, 75.4◦, and 79.4◦ assigned to the NiO (JCPDS 22-1189). For the
reduced catalysts (Figure 1a), Ni/SiO2-0/0 prepared by the conventional wetness impregnation
method displayed the most intensive diffraction peaks at 2θ values of 44.5◦, 52.2◦, and 77.0◦, which
are the characteristic peaks of metallic Ni (JCPDS 1-1206). According to Figure S1, the peak at 37.3◦

should be assigned to NiO. As the NH4NO3 was introduced into the impregnated solution with nickel
nitrate, the resulting catalyst (Ni/SiO2-0/1) exhibited almost the same diffraction peak intensity at
44.5◦. However, for the case of C2H5NO2, Ni/SiO2-2/0 displays a much weaker diffraction peak.
Interestingly, the addition of both C2H5NO2 and NH4NO3 results in almost no detectable diffraction
peaks for Ni nanoparticles (Ni/SiO2-2/1), suggesting that smaller Ni nanoparticles can be obtained
by synergistic effects of fuel and combustion improver in the combustion process, as presented in
Scheme 1.

 

Scheme 1. One-step facile synthesis of Ni catalysts supported on silica (SiO2) prepared by the
combustion of Ni(NO3)2–C2H5NO2–NH4NO3 impregnated in the porous SiO2.
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TEM images of the reduced catalysts are depicted in Figure 1b,c. The Ni/SiO2-2/1 displays
an average Ni nanoparticle size of only 6.1 ± 2.7 nm which is significantly smaller than that for
Ni/SiO2-0/0 (31.3 ± 13.5 nm). The significant difference in the Ni nanoparticle size further confirms
the synergistic effects of C2H5NO2 and NH4NO3 in reducing the Ni nanoparticle size. The combustion
process between N2O and NH3 is highly exothermic. The decomposition of nickel nitrate produces
N2O gas at 250 ◦C, while the decomposition of C2H5NO2 gives NH3 along with CO2 and H2O.
The combustion process is triggered by the reaction between N2O and NH3 to form N2 and H2O [39].
When NH4NO3 is further added, NH3 and N2O can be formed via its decomposition at a low
temperature of about 200 ◦C, thereby promoting combustion. The high-temperature stage in a
short-duration favors the formation of ultra-small nanoparticles in a short time which may be in
the order of seconds [40].

Figure 1. (a) XRD patterns of reduced Ni/SiO2 catalysts prepared with the combustion method by
using different ratios of C2H5NO2 to NH4NO3. (b,c) TEM images and Ni size distribution of the
reduced Ni/SiO2-0/0 and Ni/SiO2-2/1 catalysts, respectively. (d) H2-TPR profiles of the fresh Ni/SiO2

catalysts prepared with the combustion method.

Figure 1d exhibits the reduction behavior of fresh Ni/SiO2 catalysts with different molar ratios of
C2H5NO2 to NH4NO3. As expected, NH4NO3 does not obviously change the H2-TPR profile compared
to the case of Ni/SiO2-0/0, as both catalysts show a strong reduction peak at 300–450 ◦C with a small
right shoulder peak at 450–510 ◦C. However, C2H5NO2 only (Ni/SiO2-2/0) notably weakens the peak
at lower temperatures, accompanied by a shift in the right shoulder peak to the higher reduction
temperature with enhanced intensity. For Ni/SiO2-2/1, the high temperature reduction peak is further
intensified and shifts to a higher reduction temperature range. This result suggests that the smaller Ni
nanoparticle size results in a more difficult reduction owing to a stronger metal-support interaction [41].
The reduction profiles correspond to the XRD and TEM results.

2.2. Activity Evaluation

Figure 2 shows the catalytic performance in the CH4 dry reforming reaction with CO2 over the
as-prepared catalysts. In the case of catalytic activity, the CH4 conversion over Ni/SiO2-0/0 exhibits a
rapid drop from 78.3% to 53.0% in the early ten hours and then gradually becomes stable. In contrast,
Ni/SiO2-0/1 gives a milder and continuous decrease in CH4 conversion until the end of the reaction.
Surprisingly, Ni/SiO2-2/0 exhibits a stable and higher CH4 conversion over the whole reaction period
of 50 hours. Furthermore, Ni/SiO2-2/1 displays a more stable and even higher CH4 conversion.
The CO2 and CH4 conversions are similar for all Ni/SiO2 catalysts. However, in the corresponding
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reaction period, the CO2 conversion is always slightly higher compared to the CH4 conversion.
When the DRM reaction over Ni/SiO2-2/1 is stable, the conversion rates of CH4 and CO2 are 83.6%
and 90.6%, respectively, which are slightly lower than their equilibrium conversion rates at 91%
and 95% calculated by HSC chemistry 6.0 (Table S1). Also, in the case of the H2/CO molar ratio,
it follows the same trend as that for CH4 conversion over all the Ni/SiO2 catalysts. Specifically, for the
Ni/SiO2-2/1 catalyst, the desired H2/CO molar ratio at the value of 1/1 is obtained, which results
from the efficiently suppressed reverse water gas shift (RWGS) reaction. How the Ni/SiO2 morphology
affects the catalytic performance is discussed briefly in the following part.

Figure 2. CH4 conversion (a), CO2 conversion (b), and H2/CO molar ratio (c) as a function of time
on stream for Ni/SiO2 catalysts prepared with the combustion method at different molar ratios of
C2H5NO2 to NH4NO3 (black line: conventional wetness impregnation method; purple line: NH4NO3

only; blue line: C2H5NO2 only; red line: 2/1 ratio of C2H5NO2 to NH4NO3). The reaction was carried
at 800 ◦C with 200 mg of catalyst and a molar ratio of CH4/CO2/N2 = 9/9/2 with 160 mL/min.

The DRM reaction is extremely endothermic. Equation (1) shows that the DRM process
can produce a syngas with an H2/CO ratio of 1:1. During the DRM process, several reactions
simultaneously occur, like CH4 dissociation (Equation (2)), reduction of CO2 to CO (Equation (3)),
and the RWGS reaction (Equation (4)).

CH4 + CO2 = 2CO + 2H2 (ΔH298K = +247 kJ mol−1) (1)

CH4 = C(s) + 2H2 (ΔH298K = +75 kJ mol−1) (2)

C(s) + CO2 = 2CO (ΔH298K = +171 kJ mol−1) (3)

CO2 + H2 = CO + H2O (ΔH298K = +41.2 kJ mol−1) (4)

The driving force for Equations (2)–(4) strongly depends on the temperature, reactant partial
pressure and catalyst structures. In the investigated Ni/SiO2 catalysts, both activation of CH4 and CO2

can occur on the active Ni surface since SiO2 support is inert material. It is believed that CH4 activation
tends to form an intermediate, like CHx or a formyl group, but dissociates directly to C species and H2

at high temperature. Essentially, the DRM reaction of Ni catalysts might follow a dynamic redox type
mechanism as the CO2 oxidizes Ni0 to Ni+δ to give CO, and the oxidative state Ni+δ is reduced to Ni0

by C species as a result of CH4 dissociation. As seen from the above reaction cycle, it is clear that the
presence of O from CO2 helps the dissociation of CH4. To avoid the catalyst deactivation resulting
from carbon accumulation, the C species from CH4 dissociation must react timely with CO2 to give
CO. The reaction rate of this step is closely related to the Ni nanoparticle size, as the larger Ni surface
favors the formation of multicarbon Cn species, which are potential precursors of carbon deposits such
as coke. The smaller Ni nanoparticles allow a smaller amount of carbon species on the Ni nanoparticle
surface. Thus, it is easier to keep the monoatomic C species isolated, and in time, they are oxidized
by CO2 to CO. By minimizing the rate of C species combination, the carbon accumulation could be
effectively suppressed. Indeed, as shown in Figure 3, Ni/SiO2-0/0, with an average nanoparticle size
of 31.3 ± 13.5 nm, gives the highest amount of carbon deposits with 2.7 mg carbon deposits gCH4

−1
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as the BET surface area is decreased to the largest extent (Table S2). In contrast, the Ni/SiO2-2/1 with
a smaller nanoparticle size of 6.1 ± 2.7 nm is significantly coke-resistant, as the amount of carbon
deposits decreases to 0.9 mg carbon deposits gCH4

−1. The above experimental results reflect that the
smaller Ni nanoparticle size is favorable to lower carbon deposits and thereby improve the catalyst
stability, as shown in Figure S2. It should be noted that, in spite of the significant decrease in carbon
deposits over Ni/SiO2-2/1 catalyst, a considerable amount of coke is still formed during the DRM
reaction of 50 hours. It can be deduced that most of the carbon deposits might not locate on the Ni
nanoparticle surface but are located on the SiO2 support since the catalytic activity is quite stable. It is
reasonable for us to imagine that the Ni nanoparticles are lying on the SiO2 support and not confined
by porous layer material, which provides a chance for the carbon species to grow continuously along
the SiO2 support surface initiated by the Ni nanoparticle and finally form strips of nanofiber.

Figure 3. TG patterns of spent Ni/SiO2 catalysts after the dry reforming (DRM) reaction of 50 hours.
The catalytic results are shown in Figure 2.

As seen from Figure 2, the H2/CO molar ratio is highly dependent on the CO2 conversion.
A lower CO2 conversion can cause a decrease in the molar ratio of H2/CO to a large extent as a
result of the RWGS reaction, as the higher concentration of CO2 drives the reaction to the right side
(Equation 4). At 800 ◦C, the standard free energy for the RWGS reaction (ΔG0 = –8545 + 7.84T) and
the reduction of CO2 to CO (ΔG0 = 39810 − 40.87T) [13] is −132.68 kJ mol−1 and −4043.51 kJ mol−1,
respectively. It can be speculated that the reduction of CO2 to CO, C(s) + CO2 = 2CO, occurs more
easily as a result of the lower ΔG. Comparing the value of ΔG in the RWGS reaction, the CO2 that
oxidizes the C species to CO is more thermodynamically favored than its RWGS reaction. As the lower
CO2 conversion corresponds to lower CH4 conversion, the C(s) species dissociated from CH4 is not
sufficient for its reaction with CO2. Therefore, the CO2 reacting with H2 toward the RWGS reaction is
promoted. In order to minimize the side reaction toward the RWGS, it is necessary to operate the DRM
reaction with a high CO2 conversion rate.

3. Materials and Methods

3.1. Catalyst Preparation

The supported Ni catalysts were prepared with SiO2 support (Tosoh Kabushiki-gaisha, Tokyo,
Japan) by the combustion method, and the combustible materials contained hydrate glycine
(C2H5NO2), ammonium nitrate (NH4NO3) and nickel nitrate (Ni(NO3)2·6H2O) with different
C2H5NO2/Ni(NO3)2·6H2O and NH4NO3/Ni(NO3)2·6H2O molar ratios. Briefly, the aqueous solution
of the desired amounts of C2H5NO2, NH4NO3 and Ni(NO3)2·6H2O was added into the SiO2 support
at room temperature by incipient wetness impregnation, followed by drying with a rotary evaporator
for 2 hours at 80 ◦C, and then overnight at 120 ◦C. Afterwards, the dried solid materials were calcined
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in air for 1 hour at 300 ◦C with a heating rate of 1 ◦C/min and another 3 hours at 550 ◦C with a heating
rate of 2 ◦C/min. The calcined samples were denoted as Ni/SiO2-x/y, where x and y indicate the
molar ratio of C2H5NO2/Ni(NO3)2·6H2O and NH4NO3/Ni(NO3)2·6H2O, respectively. The metallic
Ni loading was 10 wt%. The samples were then crushed and sieved into a 40–60 mesh size for
subsequent catalytic tests.

3.2. Catalyst Characterization

Fresh, reduced and spent samples were characterized by several techniques to identify and infer
the effects of combustible materials such as C2H5NO2 and NH4NO3 on the catalyst morphology
and the resulting catalytic performance. N2 adsorption-desorption isotherms for each sample were
collected on a Micromeritics ASAP 2020 system (Micromeritics, Norcross, GA, USA). The surface
area, pore size and pore volume were calculated with the N2 adsorption-desorption isotherms via the
conventional Barrett–Joyner–Halenda (BJH) and Brunauer–Emmett–Teller (BET) methods. Prior to the
measurements, the samples were outgassed under vacuum for 5 hours at 200 ◦C. The X-ray diffraction
(XRD) patterns of each reduced sample were obtained with a Bruker AXS D8 Advance diffractometer
(Bruker AXS, Karlsruhe, Germany) with Cu Kα radiation (λ=1.5406 Å) at a scanning rate of 6◦/min with
the 2θ range of 10–90◦. The reducibility of the catalyst was studied by the H2 temperature-programmed
reduction (H2-TPR) in an auto-controlled flow reactor system of TP-5076, which is equipped with a
thermal conductivity detector (TCD, Tianjin Xianquan Co., China). The sample of 50 mg was pretreated
in N2 stream at 200 ◦C for 1 hour. Additionally, when the temperature cooled down to 30 ◦C, the sample
was heated to 950 ◦C at a heating rate of 10 ◦C/min in the H2/N2 flow (5 vol.% H2 in N2) of 30 mL/min.
The H2-TPR spectra were obtained at the temperature range of 50–950 ◦C. The carbon accumulation in
spent samples after reaction for 50 hours was determined by thermogravimetric (TG) analysis on a
Mettler–Toledo TGA-1100SF thermogravimetric analyzer (Mettler-Toledo, Greifensee, Switzerland).

3.3. Catalytic Test

The dry reforming of CH4 with CO2 was performed at atmospheric pressure in a continuous-flow
fixed bed quartz tube reactor with an inner diameter of 9 mm. For the typical experiment, 200 mg
of shaped catalyst was filled into the center of the reactor. Before starting the reforming reaction,
the catalyst was pre-reduced to 750 ◦C and atmospheric pressure for 2 hours in an H2 flow of
60 mL/min with a heating rate of 10 ◦C/min. After that, the reactor temperature was elevated
to 800 ◦C, and then a flow of gas mixture with a molar ratio of CH4/CO2/N2 = 9/9/2 was fed with
a flow rate of 160 mL/min. The products were analyzed by online gas chromatography (Agilent
GC 7820A, Agilent, USA). CH4, CO2, H2, N2 and CO were measured by a TCD detector with a 5A
molecular sieve column and a Porapak Q column. Additionally, 10% of N2 was employed as an
internal standard. The conversions of CH4 and CO2 were calculated with the following formulas:

XCH4 = (FCH4-in − FCH4-out)/FCH4-in × 100% (5)

XCO2 = (FCO2-in − FCO2-out)/FCO2-in × 100% (6)

where X and F indicate the conversion and flow rate of i gas in the feed or the effluent, respectively.

4. Conclusions

In summary, the combustion method was applied to prepare SiO2 supported Ni catalysts which
showed remarkably smaller Ni nanoparticle sizes due to the synergistic effects of C2H5NO2 and
NH4NO3 in the combustion process. This kind of Ni/SiO2 catalyst exhibits excellent coke-resistance
performance and effectively suppresses the side reaction toward RWGS compared to that prepared
with the conventional wetness impregnation method. As a result, there is almost no loss of activity
with the H2/CO molar ratio close to the theoretical value at 1/1 after a 50-hour stability test over the
Ni/SiO2-2/1 catalyst.
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ratios of C2H5NO2 to NH4NO3, Figure S2: TEM images of spent Ni/SiO2-0/0 catalyst ((a) and (b)) and
Ni/SiO2-2/1 catalyst ((c) and (d)) after 50-hours of reaction, Table S1: The equilibrium conversions of CH4
and CO2, H2/CO molar ratio, and selectivity to H2O calculated by HSC chemistry 6.0, Table S2: BET surface area
of as-prepared Ni/SiO2 catalysts.
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Abstract: This study investigated dry reforming of methane (DRM) over combined catalysts
supported on γ-Al2O3 support doped with 3.0 wt. % TiO2. Physicochemical properties of all
catalysts were determined by inductively coupled plasma/mass spectrometry (ICP-MS), nitrogen
physisorption, X-ray diffraction, temperature programmed reduction/oxidation/desorption/pulse
hydrogen chemisorption, thermogravimetric analysis, and scanning electron microscopy. Addition
of CeO2 and MgO to Ni strengthened the interaction between the Ni and the support. The catalytic
activity results indicate that the addition of CeO2 and MgO to Ni did not reduce carbon deposition,
but improved the activity of the catalysts. Temperature programmed oxidation (TPO) revealed the
formation of carbon that is mainly amorphous and small amount of graphite. The highest CH4 and
CO2 conversion was found for the catalyst composed of 5.0 wt. % NiO-10.0 wt. % CeO2/3.0 wt.
%TiO2-γ-Al2O3 (Ti-CAT-II), resulting in H2/CO mole ratio close to unity. The optimum reaction
conditions in terms of reactant conversion and H2/CO mole ratio were achieved by varying space
velocity and CO2/CH4 mole ratio.

Keywords: CH4; CeO2; dry reforming; MgO; Ni; TiO2

1. Introduction

Global warming has become an alarming issue. Emissions of greenhouse gases including carbon
dioxide (CO2) and methane (CH4) actively contribute to global warming. Methods of transforming
these CO2(g) and CH4(g) into useful products are an important area of study to generate industrially
important fuels and chemicals [1–3]. In this context, numerous reforming reactions of CH4 have been
employed using several oxidants (e.g., H2O, CO2, O2, etc.) to produce H2(g) or synthesis gas (syngas,
a mixture of H2(g) and CO(g)) with an equimolar ratio of H2(g)/CO(g). Methane reforming processes
include steam reforming, auto thermal reforming, tri-reforming, etc. [4–11]. Methane reforming using
CO2, known as dry reforming (DRM), is attractive because it mitigates the emission of CH4 and
CO2, produces syngas, the starting material in the Fischer-Tropsch process to generate hydrocarbons
and oxygenates, and generates clean energy through the combustion of hydrogen [12]. CH4 is a
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cost-effective feedstock for syngas production. The primary reaction that governs the process is
as follows:

CH4 + CO2 → 2H2 + 2CO ΔH298 = +247 kJ mol−1 (1)

The reaction is energetically unfavorable, thus requiring high temperatures to achieve acceptable
conversion. Both noble metals (i.e., Ru, Rh, or Pt) and first-row transition metals (i.e., Ni, Fe, Co)
are common active elements in that catalyze CO2 reforming of CH4. Although noble metals display
high activity and stability, their limited availability and high price have rendered them inappropriate
for industrial use [13,14]. On the other hand, the first-row transition metals are cheaper and possess
similar activity, but their stability is hampered by carbon deposition and particle sintering [15–18].
Therefore, development of Ni-based catalysts with high activity and resistance to deactivation due to
carbon formation and metal sintering is essential for DRM. Catalytic performance can be influenced by
many factors such as the active metal, support type, and texture. The support can enhance the catalyst
selectivity, activity, and stability by increasing the surface area and dispersion of the active metal [19].
For example, Ni deposited on alumina supports result in high catalytic activity, but rapidly deactivates
due to sintering, coke deposition, and formation of surface nickel aluminate phase. To increase the
catalytic performance of Ni/γ-Al2O3, various parameters can be incorporated in the catalyst.

Titania (TiO2) is characterized by low specific surface area and poor mechanical strength, and
undergoes a phase transformation from anatase to rutile at high temperatures, making it unsuitable for
high temperature reactions [20]. Previous studies have shown enhanced thermal stabilization of TiO2

by introducing a thermally stable second metal oxide (i.e., SiO2, Al2O3, etc.) [21,22]. Incorporation
of TiO2 in Al2O3 supports can improve metal dispersion, reduce particle sintering, increase thermal
stability, and enhance oxygen storage capacity to assists in gasifying carbon produced in reforming
reaction [23]. Tauster et al. investigated the effects of support modification on the oxidation state of Ru
and the catalytic performance of Ru/TiO2 catalysts under conditions of partial oxidation of methane.
It was found that doping of TiO2 with small amounts of WO3 favored oxygen adsorption on Ru under
reaction conditions, resulting in a stabilization of a fraction of the catalyst in its oxidized form [24].
Addition of metal oxide promoters has been used to improve Ni metal catalysts. For instance, Shamskar
et al. investigated the addition of CeO2, La2O3, and ZrO2 to Ni/Al2O3 catalyst used for DRM and
found that ceria-promoted catalyst reduced the carbon formation [25]. Ni-MgO-Al2O3 catalysts were
used for steam reforming of methane by Jang et al. [26]. Al-Fatesh et al. studied the promotional effect
of ceria in the catalytic DRM and found that the Ni doping with ceria resulted in an excellent activity
and lowered coke formation [27]. MgO promoters enhance CH4 conversion and mitigated the effect
of the potassium poisoning of the Ni-based catalyst. The MgO promoter is beneficial in suppressing
carbon formation.

In the present work, supported combinations of MgO, CeO2 and NiO catalysts were developed
to retain high activity and stability while reducing the formation of coke during DRM. The effect of
using MgO and CeO2 as separate and combined promoters, for 5.0 wt. % NiO supported over γ-Al2O3

doped with 3.0 wt. % TiO2 was studied. We determine the impact of each modifier on observed
catalytic performance.

2. Results and Discussion

2.1. X-ray Powder Diffraction (XRD)

The XRD patterns of all the fresh catalysts are displayed in Figure S1 in the electronic
supplementary information (ESI). All the patterns consisted of various metal oxides, where the presence
metal oxide phases depended on the added components used to prepare the catalysts. Three metal
oxides existed in all catalysts, where these metal oxides were the component of the support: cubic
gamma-aluminum oxide, γ-(Al2O3)1.333 (PDF 01-075-0921), cubic synthesized honguiite titanium
oxide, (TiO0.8)0.913 (PDF 01-085-1380), and aluminum silicate, Al0.5Si0.75O2.25 (PDF 00-037-1460).
Rhombohedral nickel oxide, NiO (PDF 00-044-1159) was found in Ti-CAT-I, Ti-CAT-II, Ti-CAT-III, and
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Ti-CAT-V (these notations are defined in Section 3.2). When magnesium was added, cubic magnesium
nickel oxide, MgNiO2 (PDF 00-024-0712) formed. Cubic synthesized cerianite (Ce) (ceria), CeO2 (PDF
00-034-0394), was detected in Ti-CAT-I, Ti-CAT-II, Ti-CAT-IV, and Ti-CAT-VI. Addition of magnesium
strongly influenced the interaction of cerium with the other components of the catalyst. Monoclinic
magnesium cerium oxide, MgCeO3 (PDF 00-004-0641), and cubic magnesium cerium titanium oxide,
Mg2CeTiO6 (PDF 00-058-0550) were present in Ti-CAT-I and Ti-CAT-IV. Cubic periclase magnesium
oxide, MgO (PDF 01-071-1176) was detected in Ti-CAT-I, Ti-CAT-III, and Ti-CAT-IV.

2.2. Inductively Coupled Plasma Mass Spectroscopy (ICP-MS)

ICP-MS analysis was carried out to quantify the metallic components as metal oxides for the best
two catalysts. The results are shown in Table 1a,b.

Table 1 summarizes the results of ICP analysis of the metallic components in the prepared catalysts
and compares it with the theoretical values. The experimental results were found to be in excellent
agreement with the nominal values.

Table 1. ICP metal oxide microanalysis of Ti-CAT.

(a)

Catalyst Ti-CAT-I
Component NiO CeO2 MgO TiO2 SiO2 Al2O3

Theoretical, wt/wt. % 5.00 10.00 1.00 3.00 2.00 79.00
Experimental, wt/wt. % 5.21 9.91 1.02 2.86 1.93 78.05

(b)

Catalyst Ti-CAT-II
Component NiO CeO2 MgO TiO2 SiO2 Al2O3

Theoretical, wt/wt. % 5.00 10.00 0.00 3.00 2.00 79.00
Experimental, wt/wt. % 4.98 10.11 0.00 2.92 2.07 81.03

2.3. Temperature Programmed Desorption (CO2-TPD)

The CO2-TPD experiment was performed to study the basicity of the catalysts. The results
obtained are shown in Figure 1. The basicity of the catalyst has a paramount influence on the catalytic
performance in DRM due to the acidic nature of CO2. Thus, strong basic sites can enhance catalytic
activity and increase the chemisorption and reaction of reacting gases [28]. Distribution of basic sites
on the catalyst (i.e., weak, intermediate, strong, and very strong) correspond to the different desorption
peaks in the temperature ranges of 20–150, 150–300, 300–450, and >450 ◦C, respectively, in the CO2-TPD
profile [29,30].

All catalysts, except Ti-CAT-V and Ti-CAT-VI, showed the same basic site classification, because
the CO2 desorption peaks appeared at almost the same different temperature ranges (Figure 1).
Both Ti-CAT-V and Ti-CAT-VI have basic sites correspoding to site of high and strong basicity centered
at a temperature around 310 ◦C.

For the peaks appearing at different temperature ranges, peaks in the temperature range of
50–125 ◦C correspond to weak basic sites, peaks at 160–185 ◦C fall under the category of intermediate
strength basic sites, while the peaks at 260 ◦C correspond to strong basicity sites. An elbow peak was
observed for all of the samples, except for Ti-CAT-V and Ti-CAT-VI, at temperature centered around
500 ◦C. This peak had no significant CO2 uptake.
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Figure 1. CO2-TPD profiles of the synthesized catalysts.

2.4. Surface Characterization

The textural properties of the fresh catalysts were studied using nitrogen adsorption-desorption
isotherms. The results obtained from the N2 physisorption are shown in Table 2 and that of the
isotherms are presented in Figure 2. The results give an insight into the variations in the activities of
the catalysts. In accordance to IUPAC classifications of isotherms, the isotherms in Figure 2 fall under
the category of type II, with an H3-type hysteresis loop, which results from capillary condensation and
evaporation at high relative pressures [31].

Table 2. N2 physisorption results for the different catalysts.

Catalyst BET Surface Area (m2/g) Av. Pore Diameter (nm) Pore Volume (cm3/g)

Ti-CAT-I 284 11.5 0.40
Ti-CAT-II 283 12.4 0.43
Ti-CAT-III 326 11.8 0.43
Ti-CAT-IV 256 12.3 0.39
Ti-CAT-V 334 12.4 0.43
Ti-CAT-VI 299 12.5 0.40

Figure 2. Cont.

45



Catalysts 2019, 9, 188

 
Figure 2. N2 adsorption-desorption isotherms and BJH desorption pore size distribution curves for
Ti-CAT samples.

Type II isotherms constitute macroporous adsorbents, and for detailed study, the BJH pore
size distribution is represented in Figure 2. All the Ti-CAT samples displayed a bimodal
mesoporous/macroporous distribution curve with average pore size in the range 11.5–12.5 nm, typical
for macroporous adsorbents with large surface area. For example, Jiang et al. [32] and Zhao et al. [33]
synthesized macro-mesoporous bimodal titania with high surface areas. Here, the effect of surface area
variation is observed when Mg, Ce, and Ni were combined. Table 2 shows that surface areas of the
combined metal catalysts are reduced in relation to single-metal component catalysts. This observation
is due to the combined metal deposition on the porous structure of the support and filling pores [34].

2.5. H2-TPR

The reduction behavior of the different catalyst samples was investigated using H2-TPR and
the profiles are presented in Figure 3. The nickel reduction peaks for Ti-CAT-x (x = I, II, III) samples
containing Ni combined with other metals, are characterized by three reduction regions at low, medium
and high temperature ranges. Their ranges are dependent on the degree of dispersion and interaction
of the active metal with the support. The nickel phase reducibility was influenced by the combination
of the metal oxides. The reduction peak in the temperature range of 280–380 ◦C is assigned to the
reduction of NiO having weak interaction with the support. Higher temperature peaks (600–700 ◦C) are
likely due to the reduction of NiO species having strong interactions with the support. The reduction
peak of Ni2+ derived from spinel is found at around 810 ◦C [35].

For Ti-CAT-V (the catalyst with only Ni), the NiO reduction peaks appeared narrower and more
intense in temperature ranges lower than those of combined metal counterparts.

Only two reduction peaks are observed for Ti-CAT-VI at temperature ranges centered at 260 and
325 ◦C. Similar reduction peaks are expected for CeO2 promoted samples, but appear to have merged
with the peaks for NiO that appeared around that temperature range.
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Figure 3. TPR profiles of the promoted and un-promoted catalysts.

2.6. Effect of MgO and CeO2 Combination on the Catalytic Performance

The effects of combining CeO2 and MgO on Ti-CAT-V and their catalytic performance were
studied by comparing the activities of Ti-CAT-V catalyst with that of Ti-CAT-I, Ti-CAT-II, and Ti-CAT-III.
CH4, CO2 conversions, H2/CO mole ratio, and their selectivity at 700 ◦C, for 7.0 h time-on-stream
for DRM were calculated and plotted as shown in Figure 4. All the promoted catalysts have CH4

and CO2 conversions higher than that of the Ti-CAT-V catalyst except for Ti-CAT-VI and Ti-CAT-IV,
which showed no sign of reaction during the DRM. Ti-CAT-II had the highest CH4 conversion at
the start of the reaction (~55%) and maintained stability at around 52%. The high specific surface
area of the catalyst (283 m2/g) enhanced the adsorption, diffusion, and contact of the reactant gases.
The high average pore diameter and pore volume of Ti-CAT-II is a likely factor for the best-in-class
performance. The Ce and Mg promoted catalysts enhanced the activity. The improvement of the
activity is accompanied by the formation of graphitic carbon in comparison with the unpromoted
catalysts, as depicted in the TG analysis.

 

 
Figure 4. Catalytic performance of Ti-CAT-I, Ti-CAT-II, Ti-CAT-III, and Ti-CAT-V (a) CH4 conversion
(b) CO2 conversion and (c) H2/CO ratio and (d) H2, CO selectivity.

The same trend was observed for CO2 conversion, with the Ti-Cat-V catalyst showing the least
conversion. For all the catalysts under investigation, CO2 conversion was observed to be higher than
CH4 conversion, which is suggestive of the occurrence of reverse water gas shift (RWGS) reaction.
Wang et al. gave the same observation in their study on catalytic hydrogenation of carbon dioxide [36].
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H2 + CO2 → CO + H2O ΔH298 = +41.2 kj/mol

In addition, the H2/CO mole ratio showed values less than 1 for all the catalysts. The deviation
from the stoichiometric ratio is also suggestive of the occurrence of RWGS reaction. Ti-CAT-II appeared
to be the most selective towards H2 (~48%) and least selective towards CO (~52%), while Ti-CAT-V
has the least H2 selectivity (~45%) but the highest CO selectivity (~55%). In all cases, the as-prepared
catalysts showed higher CO selectivity than H2.

Ti-CAT-II catalyst resulted in a H2/CO mole ratio value closest to 1, compared to the tested
catalysts. The desirable value of the syngas ratio suitable for downstream Fischer-Tropsch synthesis is
unity [37], thus making it the best option for the dry reforming.

2.7. H2-Pulse Chemisorption

To understand the effect of the active Ni component on the catalytic performance of the best two
catalysts, Ti-CAT-I and Ti-CAT-II, we carried out H2 pulse chemisorption to determine the degree
of Ni dispersion on the surface of the support and Ni metallic surface area. The results of H2-pulse
chemisorption are displayed in Table 3. We found that both catalysts had high Ni metallic surface
areas of ~90% and good dispersion of ~13%, which is responsible for the good catalytic performance
of the two catalysts. The small relative higher catalytic performance of Ti-CAT-II than that of Ti-CAT-I
could be attributed to the slightly higher Ni metallic surface area and dispersion of Ti-CAT-II.

Table 3. Ni metallic surface area and dispersion obtained by H2 chemisorption.

Catalyst Ni Metallic Surface Area, m2/g Ni Dispersion, %

Ti-CAT-I 89 13.3
Ti-CAT-II 91 13.6

2.8. Temperature Programmed Oxidation (TPO) of the Spent Catalysts

TPO is a useful technique that can be employed to determine the nature of the carbon deposited
onto the surface of the catalysts. Several forms of carbon deposition have been reported in dry
reforming reactions—ranging from atomic carbon, to graphitic, and amorphous carbon. The carbon
can undergo gasification to form CO2 under oxidative atmosphere and at different temperature ranges.
The atomic carbon, amorphous, and graphitic carbon can be gasified at temperatures less than 250,
250–600, and >600 ◦C, respectively [38]. The TPO profiles of Ti-CAT-I and Ti-CAT-II spent catalysts
are shown in Figure 5. Each of the catalysts exhibited a broad peak near 600 ◦C and a low-intensity
shoulder at 100–250 ◦C. According to the TPO results, the carbon deposited on both Ti-CAT-I and
Ti-CAT-II spent catalysts revealed the formation of carbon atoms, mostly amorphous carbon, and a
small amount of extent graphitic carbon.

 
Figure 5. TPO profiles for both Ti-CAT-I and Ti-CAT-II.
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2.9. SEM and TG Analysis

We used scanning electron microscopy (SEM) to determine the change in morphology of the spent
catalysts. Figure 6 shows the SEM micrographs for the best two catalysts: Ti-CAT-I and Ti-CAT-II.
Similar morphology, based on agglomerated, spherical nanoparticles, was observed for both fresh
catalysts (Figure 6A,B). Such an observation was expected, because both catalysts were synthesized
using an identical preparation procedure and had similar components.

g p p p p

 

 

Figure 6. SEM micrographs for fresh catalysts (A) Ti-CAT-I, (B) Ti-CAT-II, and spent catalysts
(C) Ti-CAT-I, (D) Ti-CAT-II. White circles are for some areas where CNTs are present.

The morphology of the spent catalysts was similar to that one of the fresh samples, except for the
presence of carbon nanotubes (CNTs) on the surface of the spent catalysts (Figure 6C,D). Detection
of CNTs on the surface of the spent catalyst is in agreement with the TPO results (c.f. Figure 5) and
confirms the results of TGA of spent catalysts (Figure 7). The presence of CNTs on the surface of the
spent catalysts could be attributed to Boudouard reaction, which in turn would be responsible for
reducing the catalytic performance.

 
Figure 7. TGA profiles for the spent catalysts.
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After the 7 h reaction, we analyzed the used catalysts by thermal gravemetric analysis (TGA), a
quantitative analysis that determines the amount of carbon deposition. Figure 7 shows the result of the
analysis. Catalysts that showed no sign of reaction were not reported. The weight loss (%) for virtually
all the catalysts began at around 620 ◦C. The TGA profiles revealed that both Ti-CAT-V and Ti-CAT-III
catalysts had the lowest weight loss, ~15.0%, while the two most reactive catalysts (Ti-CAT-II and
Ti-CAT-I) had the highest amount of carbon deposition, corresponding to a weight loss of 25.0%.

From these TGA results of spent catalysts, it can be inferred that the combined metal catalysts,
namely Ti-CAT-II and Ti-CAT-I, enhance the feed conversion capacity of the catalysts and gasify the
carbon deposited over the surface to a considerable extent.

2.10. Effect of Space Velocity

The effect of gas hourly space velocity (GHSV) was studied on the catalyst that showed
the best performance in the previous section (i.e., Ti-CAT-II catalyst). GHSV of 19,500 and
78,000 feed flow rate

mass of cat.

(
mL
g· h

)
were considered at 700 ◦C and time-on-stream over 7.0 h for DRM, while

keeping the mass of the catalyst constant. These GHSV values are half and twice as much as the initial
GHSV of 39,000 mL g−1 h−1, respectively. The results, in terms of CO2 and CH4 conversions, as well
as H2/CO mole ratio, were calculated and plotted in Figure 8A,B. As the GHSV increased, the CH4

and CO2 conversions decreased, with the highest conversions for both CH4 and CO2 being obtained at
a GHSV of 19,500 feed flow rate

mass of cat.

(
mL
g· h

)
. The decrease in conversions can be attributed to the feed having

less residence time at higher GHSV [39]. A similar trend was observed with H2/CO mole ratio, where
it decreased from a ratio of 1 to ~0.8. However, the results at GHSV of 39,000 were the most stable in
comparison to those obtained at other GHSV values.

(A)                                          (B) 

Figure 8. (A) CO2 conversion for Ti-CAT-II at different gas hourly space velocity (B) CH4 and H2/CO
ratio for Ti-CAT-II catalyst at different space velocities.

2.11. Effect of GHSV on Carbon Deposition

Quantitative analysis of carbon deposition was performed on the catalyst Ti-CAT-II used in
methane dry reforming at 3 different space velocities 19,500, 39,000 and 78,000 mL g−1 h−1.

The results obtained after the completion of the reactions are shown in Figure 9. The analysis for
the reaction performed at 19,500 mL g−1 h−1 showed the least amount of carbon deposition of about
18%, which shows that, relatively, more contact time between the catalyst and the feed stream was
allowed at this space velocity, giving room for gasification of the coke that was deposited during the
reaction. The reactions carried out at 39,000 and 78,000 mL g−1 h−1 showed higher carbon deposition
of about 26 and 25%, respectively. This is an indication that at the higher space velocities, the residence
time was not enough for the gasification of the carbon deposit, which variably continued to pile up.
Lalit et al. reported similar findings in their study of the effect of GHSV on the conversion of CH4 and
CO2 [39].
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Figure 9. TGA curves for Ti-Cat-II at 19,500, 39,000 and 78,000 mL/(g·h) GHSV values.

From the results of the investigation, it can be inferred that deactivation is expected at all the
space velocity investigated, since carbon deposit was evident; however, at 19,500 mL/(g·h) space
velocity, the catalyst will stay active for a longer time than at 39,000 and 78,000 mL/(g·h).

2.12. Effect of Different CO2/CH4 Ratios

The mole ratio of CO2 to CH4 was changed at a fixed total flow rate to study the performance of
Ti-CAT-II catalyst when CH4 was supposed to act as the limiting reagent in excess of CO2 at 700 ◦C
and 39,000 mL g−1 h−1 GHSV. The results are shown in Figure 10a–c. The highest CH4 conversion
of about 78% was obtained when CO2 was 20% in excess of CH4, while the least conversion of CH4

(~43%) resulted when the amount of CO2 was 50% of the required stoichiometric amount in the feed.
This observation was expected, as CH4 would have enough CO2 to undergo dry reforming. On the
other hand, the highest CO2 conversion of (~90%) was observed when CO2 was the limiting reagent.
This observation could be due to excess CH4 present in the feed. The CO2 conversion was reduced
with the reaction time-on-stream. Such observation could be ascribed to the disproportionation of
carbon monoxide into CO2 and graphite, a transformation known as the Boudouard reaction:

2CO(g) = CO2(g) + C(s)

Comparing the different CO2/CH4 ratios, it was observed that CH4 conversion increased with
the ratio up to 1.2 (i.e., 0.5 < 1.0 < 1.2) and then declined slightly at 1.5. However, the conversion for
CO2 was observed to decrease as the ratio increased (i.e., 1.5 < 1.2 < 1.0 < 0.5).

Figure 10c displays the H2/CO mole ratio results. It was observed that at the lowest CO2/CH4

mole ratio, the H2/CO mole ratio was greater than one. This observation could be owing to the
insufficient amount of CO2 for complete dry reforming of the available CH4 and to the thermal
decomposition of unreformed CH4, giving more H2 than the stoichiometric amount. Moreover, the
Boudouard reaction might contribute to the increase of hydrogen production, because the formed CO2

from Boudouard reaction would shift the DRM equilibrium to the product side.
On the other hand, H2/CO mole ratio was close to one of the cases where CO2 was in excess

of CH4, where it was noticed that the H2/CO mole ratio increased with the reaction time-on-stream.
Once again, the Boudouard reaction might be responsible for such observation.
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Figure 10. (a) CH4 (b) CO2 conversions, and (c) H2/CO ratio for different CO2/CH4 ratio
over Ti-CAT-II.

3. Experimental Section

3.1. Materials

Nickel nitrate hexahydrate [Ni(NO3)2.6H2O, 98%, Alfa Aesar], cerium nitrate hexahydrate
[Ce(NO3)3.6H2O, 99.0% assay on Ce basis, general purpose reagent, BDH], magnesium acetate
tetra-hydrate [Mg(O2CCH3)2.4H2O, 99.5-102.0%, Merck & Co., Inc., Kenilworth, NJ, USA] were
commercially available and were used without further purification. γ-Alumina doped with titania
(3.0 wt. % TiO2/γ-Al2O3) in the shape of pellets, was a gift from Tiancun Xiao, Senior Research Fellow,
Inorganic Chemistry Laboratory, Oxford University. Ultrapure deionized water (18.2 MΩ.cm) was
obtained from a Milli-Q water purification system (Millipore, Burlington, MA, USA).

3.2. Catalyst Preparation

The required amounts of Ni(NO3)2.6H2O, Ce (NO3)3.6H2O, Mg (O2CCH3)2.4H2O, and support
were mixed and were ground together to fine powder by pestle and mortar. A small amount of
ultrapure water was used to convert the solid mixture into a paste, which was spun mechanically until
dryness. The paste and spinning process was repeated three times. The final solid was calcined in a
digital, programmed muffle furnace at 600 ◦C for three hours by ramping temperature from room
temperature by a rate of 3.0 ◦C/min. The notation of the prepared catalyst samples and their wt. %
loadings of nickel oxide, ceria, and magnesia at 600 ◦C calcination are given below in Table 4.
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Table 4. Prepared catalyst samples and the wt. % of their composition.

Catalyst
Concentration, wt. %

NiO CeO2 MgO

Ti-CAT-I 5.0 10.0 1.0
Ti-CAT-II 5.0 10.0 0.0
Ti-CAT-III 5.0 0.0 1.0
Ti-CAT-IV 0.0 10.0 1.0
Ti-CAT-V 5.0 0.0 0.0
Ti-CAT-VI 0.0 10.0 0.0

3.3. Catalyst Characterization

The metallic component composition of all catalysts was determined by an Agilent 7800
inductively coupled plasma mass spectrometry (ICP) at the laboratory of IDAC Merieux NutriSciences,
Riyadh, Saudi Arabia. Carbon deposition on the used catalysts was measured by thermogravimetric
analysis (TGA) under air by using a Shimadzu TGA-51(Shimadzu Corp., Kyoto, Japan). A certain
amount from the spent catalyst (10 mg) was subjected to heat treatment within the temperature range
25 ◦C–1000 ◦C. Ramping temperature was maintained at 20 ◦C/min. Temperature programmed
oxidation (TPO) was performed in an oxidative atmosphere to determine the kind of carbon deposited
over the surface of the catalyst using Micromeritics AutoChem II over a temperature range of 50–800 ◦C
under a flow of 10% O2/He mixture at 40 mL/min. The spent catalyst was first pretreated in the
presence of high purity Argon at 150 °C for 30 min and subsequently cooled to room temperature.
The Brunauer-Emmet-Teller technique was adopted in calculating the surface area per unit mass
of the samples using a device that analyses surface area and porosity, i.e., Micromeritics Tristar
II 3020 (Micromeritics Instrument Corporation, Norcross, GA, USA). For nitrogen physisorption
measurements, an amount of 0.20–0.30 g weighed from the catalyst was subjected to degassing at
300 ◦C for three hours prior to analysis. The reducibility of the fresh catalysts was determined by the
Micromeritics AutoChem II (Micromeritics Instrument Corporation, Norcross, GA, USA). A sample
weight of 75.0 mg was analyzed. Samples were first heated under argon (99.9%) at 150 ◦C for 30 min,
thereafter cooled to 25 ◦C. Afterwards, samples were heated to 1000 ◦C at 10 ◦C/min by allowing
the flow of 10% H2/Ar gas at 40 mL/min. A thermal conductivity detector (TCD) was used to
follow the H2 consumption. Temperature programmed desorption of carbon dioxide (CO2-TPD) and
CO pulse chemisorption measurements were obtained from an automatic chemisorption equipment
(Micromeritics AutoChem II 2920) with a TCD. At the start, a 70 mg sample was heated at 200 ◦C for
1 h under helium (He) flow to remove adsorbed components. Then, CO2 adsorption was carried out
at 50 ◦C for 60 min in the flow of He/CO2 gas mixture (90/10 L/L) with a flow rate of 30.0 mL/min.
Afterwards, a linear temperature rise at a rate of 10 ◦C/min until 800 ◦C was registered by the TCD
of CO2 desorption signal. The nickel metallic surface area and dispersion were determined by H2

pulse chemisorption by using Micromeritics AutoChem II. A sample of 50.0 mg was heated to 150 ◦C
under vacuum for sixteen hours. The sample was then transferred to the sample tube and was heated
at temperature rate of 10.0 ◦C/min to 400 ◦C under flow rate of 10.0 mL/min of 10%H2/Ar for one
hour. The sample was then flushed with highly pure Ar for one hour at 400 ◦C. The temperature was
then reduced to 70.0 ◦C and pulses of H2 gas were introduced for one hour for determining the H2

uptake. X-ray powder diffraction patterns for the samples were recorded on a Bruker D8 Advance
(Bruker, Billerica, MA, USA) XRD diffractometer by using Cu Kα radiation source and a nickel filter,
operated at 40 kV and 40 mA. The step size and scanning range of 2θ for analysis was set to 0.01◦

and 5–100◦, respectively. The present phases were documented using standard powder XRD cards
(JCPDS). Catalyst morphology was studied using JEOL JSM-7100F (JEOL, Tokyo, Japan) (field emission
scanning electron microscope, equipped with energy-dispersive X-ray spectroscopy (EDXS) for surface
elemental analysis.
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3.4. Catalytic Perfromance

Methane reforming reaction was accomplished in a fixed-bed tubular stainless-steel micro-reactor
(ID = 9 mm) at atmospheric pressure. The reactor system was provided by Process Integral
Development (Process Integral Development Eng & Tech SL, Madrid, Spain). Before performing
the DRM reaction, a 0.10 g catalyst was activated by H2 flow of 40 mL/min at 700 ◦C for 60 min. N2

gas was then admitted to the reactor for 20 min to remove adsorbed H2 while the catalyst was kept at
reaction temperature (700 ◦C). Afterwards, feed gases of CH4, CO2, and N2 were injected at flow rates
of 30, 30 and 5 mL/min, respectively. The temperature, pressure and reaction variables were inspected
through the reactor panel. A GC (Shimadzu Corp., Kyoto, Japan) unit having a thermal conductivity
detector and two columns, Porapak Q and Molecular Sieve 5A, was connected in series/bypass
connections in order to have a complete analysis of the reaction products. The following equations
were used to calculate the CH4 and CO2 conversions respectively.

%CH4 conversion =
CH4 in − CH4 out

CH4 in
× 100

%CO2 conversion =
CO2 in − CO2 out

CO2 in
× 100

4. Conclusions

This paper investigated the dry reforming of methane, CH4, over Ti-CAT-V catalyst, and the
effects of promoters such as CeO2 and MgO, on the catalytic activity and stability of the catalyst.
The promoter loading was 10.0 wt. % and 1.0 wt. % for CeO2 and MgO, respectively. Promoted
Ti-CAT-V catalyst showed better conversion of both CH4 and CO2 than the un-promoted counterpart.
Ti-CAT-II had the highest CH4 and CO2 conversion of about 55% and 64% respectively, while no
reaction was observed for Ti-CAT-VI and Ti-CAT-IV. It can be inferred from the improved performance
of the promoted catalysts that the promoters had a positive influence on the textural properties, metal
support interaction and reduction behavior of the catalyst. These impacts of promoters were well
shown by the characterization techniques used. From the thermogravimetric analysis, un-promoted
catalyst gave the lowest carbon deposition. The promoted catalyst, especially by Ce, with higher
amounts than 10% was found to have the highest carbon formation. This result implied that the
promoters enhanced the activity performance of the catalyst, resulting in the formation of graphitic
carbon, and hence, were not effective in boosting the stability via reduction of carbon deposition
relative to the un-promoted catalyst. The TPO investigation indicated the types of carbon formed,
which include atomic, amorphous, and graphitic carbon.

Ti-CAT-V was selected for further investigation at different GHSVs and subsequently at various
CO2/CH4 ratios. An inverse relationship between GHSV and catalytic activity was observed. A GHSV
of 19,500 feed flow rate

mass of cat.

(
mL
g· h

)
and CO2/CH4 ratio of 0.5 gave the best results.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/9/2/188/s1,
Figure S1: XRD patterns of fresh catalysts.
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Abstract: Carbon dioxide (CO2) and hydrogen sulfide (H2S) ordinarily coexist in many industries,
being considered as harmful waste gases. Simultaneously converting CO2 and H2S into syngas
(a mixture of CO and H2) will be a promising economic strategy for enhancing their recycling
value. Herein, a novel one-step conversion of CO2 and H2S to syngas induced by non-thermal
plasma with the aid of Ni-Mo sulfide/Al2O3 catalyst under ambient conditions was designed. The
as-synthesized catalysts were characterized by using XRD, nitrogen sorption, UV-vis, TEM, SEM,
ICP, and XPS techniques. Ni-Mo sulfide/Al2O3 catalysts with various Ni/Mo molar ratios possessed
significantly improved catalytic performances, compared to the single-component catalysts. Based
on the modifications of the physical and chemical properties of the Ni-Mo sulfide/Al2O3 catalysts,
the variations in catalytic activity are carefully discussed. In particular, among all the catalysts,
the 5Ni-3Mo/Al2O3 catalyst exhibited the best catalytic behavior with high CO2 and H2S conversion
at reasonably low-energy input in non-thermal plasma. This method provides an alternative route
for syngas production with added environmental and economic benefits.

Keywords: syngas production; hydrogen sulfide; carbon dioxide; Ni-Mo sulfide semiconductor;
non-thermal plasma

1. Introduction

Carbon dioxide (CO2) and hydrogen sulfide (H2S) are often considered as harmful waste gases,
coexisting in many industries. These massive acid gases must be harmlessly treated for environmental
improvement. Particularly, converting CO2 and H2S acid gases into value-added products will bring
about more environmental and economic benefits. However, CO2 is an extremely stable molecule
that commonly needs to be activated at high temperature. Hence, converting CO2 into valuable
products, such as chemicals and fuels, is a global challenge [1]. Several methods for CO2 conversion
have been reported. Traynor et al. [2] revealed that using solar energy could directly reduce CO2.
They found that the high-temperature solar irradiance system provided strong heating of CO2 with
the resultant dissociation. Huh [3] reported the catalytic cycloaddition reaction of CO2 into organic
epoxides to produce cyclic carbonates using MOFs material as efficient catalysts for this reaction.
Furthermore, in recent years, photocatalytic reduction of CO2 has been also an attractive approach [4–6].
A series of new transition-metal-centered electrocatalysts has been developed for the electrocatalytic
reduction of CO2 to produce value-added C1 or C2 chemicals [7]. Among the aforementioned methods,
the catalytic CO2 conversion seems to be a promising process for its utilization due to the ambient
operating conditions.
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Hydrogen sulfide is a highly toxic pollutant, and a major source of acid rain when oxidized in
the atmosphere. In industry, H2S is usually removed by the Claus process, in which it is partially
oxidized to produce water and elemental sulfur [8]. Additionally, Li et al. [9] studied the oxidation
process of H2S on activated carbon (AC) to simultaneously capture H2S and SO2. The results indicate
that H2S was adsorbed on the AC surface and combined with oxygen-containing functional groups to
form sulfate (SO4

2−) in the absence of O2. Palma et al. [10] investigated the H2S thermal oxidative
decomposition at different operating conditions. The results show that the reaction temperature of
1100 ◦C and a O2/H2S ratio equal to 0.2 allowed to achieve the highest H2S conversion and the lowest
selectivity to SO2. They also prepared cordierite-honeycomb-structured catalysts for H2S oxidative
decomposition at high temperature. It revealed that the optimal washcoat percentage of 30 wt% for
the catalysts could obtain high H2S conversion and H2 yield [11]. Previously, we demonstrated that
the semiconductor catalysts synergistically working with non-thermal plasma could exhibit excellent
performance in H2S decomposition [12–14]. The photons and electric fields generated by the plasma
could excite the semiconductor catalyst to generate electron–hole pairs, which dramatically enhanced
H2S decomposition.

The above-mentioned studies have been reported for the separate conversion of H2S or
CO2. The one-step conversion of CO2 and H2S acid gas to syngas (a mixture of CO and H2) is
expected to provide an alternative route to reduce CO2 emissions and detoxify H2S with added
environmental and economic benefits. In the present work, we demonstrated a low-temperature and
novel non-thermal plasma method aided by Ni-Mo sulfide/Al2O3 catalysts for syngas production
from the simultaneous conversion of CO2 and H2S. A series of Ni-Mo sulfide/Al2O3 catalysts with
different Ni/Mo molar ratios was prepared. The effects of the chemical and physical properties
on the catalytic behaviors of the as-prepared catalysts were carefully investigated by various
characterization methods such as XRD, nitrogen sorption, UV-vis, TEM, SEM, ICP, and XPS. Some
intensive understandings for the optimizations and designs of catalysts were also provided through
studying the structure–performance correlations.

2. Results and Discussion

2.1. XRD Analysis

Figure 1a shows the XRD patterns of the Ni-Mo sulfide/Al2O3 catalysts with different Ni/Mo
molar ratios. The characteristic diffraction peaks of each catalyst observed at 2θ about 14.4◦, 32.7◦,
and 58.4◦ were attributed to the (0 0 2), (1 0 0), and (1 1 0) planes of MoS2 (JCPDS#65-1951), respectively.
Similarly, the peaks located at 2θ of 27.2◦, 31.5◦, 35.3◦, 38.8◦, 45.1◦, 53.5◦, 56.1◦, 58.6◦, and 61.0◦ were
assigned to the (1 1 1), (2 0 0), (2 1 0), (2 1 1), (2 2 0), (3 1 1), (2 2 2), (0 2 3), and (3 2 1) crystal surfaces of
the NiS2 phase (JCPDS#65-3325), respectively. Meanwhile, the diffraction peaks of Al2O3 were also
detectable. Especially, the XRD patterns also exhibited a variation trend correlated to the chemical
compositions. With an increase in the Ni/Mo molar ratio, the diffraction peaks shifted to slightly higher
2θ values, as seen in Figure 1b. The Ni2+ ions replaced the position of Mo ions or entered the gap
position of MoS2 to form the Ni-Mo-Sx phase [15]. Since the radius of Ni2+ ion is bigger than the radius
of Mo4+ ion, the lattice parameters of Ni-Mo sulfides increased with increasing Ni content. Therefore,
it can be deduced that the weak diffraction peaks of MoS2 with an increase in the content of Ni may
be related to the formation of the Ni-Mo-Sx phase. In addition, the other Ni and Mo species were in
the states of NiS2 and MoS2, respectively. These sulfides were uniformly mixed, owing to the metal
ions being uniformly dispersed on the support. In other words, Ni-Mo-Sx, NiS2, and MoS2 were well
mixed and highly dispersed on the support.

In addition, the weak and broad peaks illustrate that the sulfide particles were highly dispersed
with particles in small nanoscale size. Based on the Scherrer equation, the average particle sizes of
the Ni-Mo sulfide/Al2O3 catalysts were calculated. As shown in Table 1, the average particle sizes
were estimated to be 7.8, 9.1, 10.2, 11.5, and 13.9 nm for the Ni-Mo sulfide/Al2O3 catalysts of which
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Ni/Mo molar ratios were 2/6, 3/5, 4/4, 5/3, and 6/2, respectively, which is agreement with the sizes of the
nanoparticles in the TEM analysis. Moreover, as the Ni/Mo molar ratio increased, the average particle
sizes gradually increased. The change in the average particle size can be explained by an increase in the
Ni content. In addition, the surface areas of the various Ni-Mo sulfide/Al2O3 catalysts are compared in
Table 1. It seems that the Ni/Mo molar ratio did not significantly affect the surface areas.

Figure 1. The XRD patterns of the Ni-Mo sulfide/Al2O3 catalysts with different Ni/Mo molar ratios (a)
scanning angle of 10–90◦; (b) scanning angle of 30–32.8◦.

Table 1. BET surface areas, particle sizes, and band gaps of the various Ni-Mo sulfide/Al2O3 catalysts.

Catalyst
BET Surface Area

(m2/g)
Particle Size

(nm)
Band Gap

(eV)

NiS2/Al2O3 243 14.3 1.01
6Ni-2Mo/Al2O3 248 13.9 1.30
5Ni-3Mo/Al2O3 250 11.5 1.56
4Ni-4Mo/Al2O3 253 10.2 1.81
3Ni-5Mo/Al2O3 259 9.1 2.00
2Ni-6Mo/Al2O3 261 7.8 2.17

MoS2/Al2O3 265 6.2 2.32

2.2. UV-Visible Analysis

Figure 2a shows the UV-visible spectra of the Ni-Mo sulfide/Al2O3 catalysts with different Ni/Mo
molar ratios, compared with NiS2 and MoS2. From the UV-visible spectra, the band edge of MoS2

was located around 600−800 nm, which belonged to the absorption of visible-light. Compared with
MoS2, with increasing the Ni/Mo molar ratio, the absorption boundaries of the Ni-Mo sulfide/Al2O3

catalysts were gradually red shifted. Continuous shift of the absorption boundaries suggests that the
band gaps of the Ni-Mo sulfide/Al2O3 catalysts can be controllably adjusted through changing the
Ni/Mo molar ratio. The relationship between the incident photon energy and the absorption coefficient
of a semiconductor can be determined by the Kubelka–Munk equation [16,17]:

α(hν) = C(hν − Eg)n/2, (1)

where α is the absorption coefficient and its value can be achieved by the equation: α = (1 − R)2/2R; R is
the diffuse reflectance and its relationship with absorbance can be defined by R = 10−A; A is absorbance.
ν is frequency, h is Planck’s constant, and C is a constant. For a direct transition semiconductor, n = 1;
for an indirect transition semiconductor, n = 4. The nature of transition is possible to be determined
through plotting the graph of (αhν)2 versus hν; therefore, the band gap energies can be deduced by
extrapolating the straight-linear portions of the plot to intersect the photon energy axis. As shown in
Figure 2b and Table 1, the band gaps obtained in such a way were 2.17, 2.00, 1.81, 1.56, and 1.30 eV
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for the Ni-Mo sulfide/Al2O3 catalysts, of which Ni/Mo molar ratios were 2/6, 3/5, 4/4, 5/3, and 6/2,
respectively. For all the catalysts, the influence of the chemical compositions of the Ni-Mo sulfide/Al2O3

catalysts on the band gap can be observed. When the Ni/Mo molar ratio increased, the band gap
decreased gradually. This indicates that changing the Ni/Mo molar ratio can significantly adjust the
band gaps of the Ni-Mo sulfide/Al2O3 catalysts. Meanwhile, the changes in band gaps also illustrate
that the relative redox abilities of the Ni-Mo sulfide/Al2O3 catalysts were effectively changed.

Figure 2. UV-vis diffuse reflection spectra for the Ni-Mo sulfide/Al2O3 catalysts with different Ni/Mo
molar ratios (a) relationship of absorbance and wavelength; (b) relationship of absorption coefficient
and incident photon energy.

2.3. TEM Analysis

The morphologies and microstructures of the Ni-Mo sulfide/Al2O3 catalyst with Ni/Mo of 5/3
are presented in Figure 3. The TEM images suggest that the highly distributed nanoparticles were
dispersed on the supports, which can prevent their grain growth. Furthermore, it also reveals that the
average particle size was about 10 nm, which was in agreement with the particle size estimated from
Scherrer equation (shown in Table 1). As shown in Figure 3d, the observed interlayer spacing of 6.1 Å,
which was identical to the lattice fringe of Ni-Mo-Sx, was bigger than that of the (0 0 2) plane of MoS2

(6.0 Å) [18]. It can be attributed to the bigger radius of Ni2+ ions. Meanwhile, the interplanar spacings
were about 2.8 and 3.2 Å, which correspond to the (2 0 0) and (1 1 1) planes of NiS2, respectively [19,20].
These results of TEM analysis are in good agreement with the XRD analysis.

In addition, the porosity of the catalyst also plays an important role in the generation of an electric
field in non-thermal plasma. As shown in Table 1, the obtained Ni-Mo sulfide/Al2O3 catalysts had
high surface areas (>200 m2/g). As pointed by Fridman [21], the porous material in the gap refracts the
electric field, enhancing the local field by a factor of over 10 depending on the porosity of the materials.
The electric field can excite the Ni-Mo sulfide semiconductor to generate electron–hole pairs, which
plays an extremely important role in converting CO2 and H2S. Simultaneously, the strong electric field
is beneficial for delaying the recombination of electron–hole pairs, thereby extending their lifetime.
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Figure 3. TEM and HR-TEM images of the 5Ni-3Mo/Al2O3 catalyst (a) scaleplate of 100 nm; (b)
scaleplate of 50 nm; (c) scaleplate of 20 nm; (d) scaleplate of 10 nm.

2.4. XPS Analysis

X-ray photoelectron spectroscopy (XPS) analysis was carried out to study the chemical state and
surface ratio of MoS2, NiS2, and Ni-Mo sulfide/Al2O3 catalysts with different Ni/Mo molar ratios.
Figure 4 shows the Mo 3d and Ni 2p spectra of the various catalysts. For Mo element, as shown in
Figure 4a, the observed binding energy (BE) of Mo 3d5/2 was about 229.0 eV, indicating that the Mo
species were Mo4+ [22]. In Figure 4b, for the case of Ni, the main peaks at the BE of about 855.0 eV can
be attributed to the Ni 2p3/2 peaks of Ni2+ [22]. However, as the Ni/Mo molar ratio increased, the peak
position of Mo 3d5/2 gradually shifted toward the peak position of the lower BE, accompanied by the
BE shift of Ni 2p3/2. This phenomenon indicates the increased electron density in Mo 3d5/2, resulting
from the electron donating property of Ni 2p3/2. Therefore, a strong electron interaction between Ni
and Mo occurs on the catalyst surface, wherein electrons likely transfer from the Ni species to the Mo
species in the Ni-Mo sulfide/Al2O3 catalysts.

Figure 4. XPS spectra of the Ni-Mo sulfide/Al2O3 catalysts with different Ni/Mo molar ratios: (a) Mo
3d, (b) Ni 2p.
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Table 2 shows the surface and total Ni/Mo ratio of Ni-Mo sulfide/Al2O3 catalysts with different
Ni/Mo molar ratios. As presented, the total Ni/Mo molar ratio was consistent with the theoretical ratio.
However, these total Ni/Mo ratios (0.31İ2.97) were higher than the surface Ni/Mo ratio (0.18-2.41). This
is because Ni2+ ions were intercalated into the gap position of the MoS2 lattice, and a large number of
Mo vacancies could be generated. Therefore, the surface of the Ni-Mo sulfide/Al2O3 catalysts became
slightly Ni-depleted.

Table 2. The surface and total Ni/Mo atomic ratios of the Ni-Mo sulfide/Al2O3 catalysts with different
Ni/Mo molar ratios.

Sample
Surface and Total Ni/Mo Atomic Ratios

Surface Ni/Mo Atomic Ratio 1 Total Ni/Mo Atomic Ratio 2

6Ni-2Mo/Al2O3 2.41 2.97
5Ni-3Mo/Al2O3 1.37 1.74
4Ni-4Mo/Al2O3 0.78 0.95
3Ni-5Mo/Al2O3 0.49 0.63
2Ni-6Mo/Al2O3 0.18 0.31

1 By XPS. 2 By ICP.

2.5. Catalytic Evaluation for the One-Step Conversion of CO2 and H2S to Syngas

The catalytic performances of the various Ni-Mo sulfide/Al2O3 catalysts were evaluated through
converting CO2 and H2S into syngas in non-thermal plasma. For comparison, the performances of
NiS2/Al2O3 and MoS2/Al2O3 were also investigated. As seen in Figure 5a,b, all the Ni-Mo sulfide/Al2O3

catalysts possessed better activities in CO2 and H2S conversion than NiS2/Al2O3 and MoS2/Al2O3

catalysts, and the CO2 and H2S conversions could reach high levels. The experimental results show
that the Ni/Mo molar ratio had a great influence on the conversion of CO2 and H2S. As the Ni/Mo
molar ratio increased, the catalytic activity presented a primary enhancement followed by a decline.
The CO2 and H2S conversions were strongly dependent on the SEI (Specific energy input). At SEI
of 60.0 kJ/L, CO2 conversions were 25.1%, 45.0%, 46.2%, 46.9%, 47.7%, 56.3%, and 49.0%, and H2S
conversions were 87.8%, 93.7%, 94.8%, 95.7%, 96.4%, 98.9%, and 97.3% when NiS2/Al2O3, MoS2/Al2O3,
2Ni-6Mo/Al2O3, 3Ni-5Mo/Al2O3, 4Ni-4Mo/Al2O3, 5Ni-3Mo/Al2O3, and 6Ni-2Mo/Al2O3 were filled in
the gap, respectively. Especially, the 5Ni-3Mo/Al2O3 catalyst exhibited the best catalytic performance
and achieved relatively high CO2 and H2S conversions with the lowest SEI.

Figure 5. The conversions of CO2 (a) and H2S (b) as a function of SEI on the Ni-Mo sulfide/Al2O3

catalysts with various Ni/Mo molar ratios. Reaction conditions: feed: H2S/CO2 molar ratio = 20:15;
flow rate: 35 mL/min; catalyst bed volume: 15.0 mL.
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In addition, as seen in Figure 6a,b, the major products were CO and H2 in the CO2 and H2S
conversion. CO and H2 concentrations were in line with SEI, which indicates that the behavior for
CO2 and H2S conversion had relatively stronger dependence on the energy input. An increase of
SEI could generate more active H species and obviously promote CO2 activation and CO production,
together with the decrease in H2 yields. Meanwhile, very small amounts of light hydrocarbons (others:
CH4, C2H4, and C2H6) were also generated. The selectivity to light hydrocarbons was very low
(<2%) during the reaction. Furthermore, there were not any C3+ hydrocarbons. Therefore, this novel
method may produce clean syngas. Additionally, it was also found that SEI strongly affected the
H2/CO ratio. In Figure 7, when SEI was changed from 20 to 110 kJ/L, the H2/CO ratio considerably
decreased from about 4.5 to 1.0, which illustrates that the H2/CO ratio strongly depends on the energy
input. An increase of SEI could induce the decrease in the H2/CO ratio. Hence, the H2/CO ratio can be
controllably adjusted on a large scale through varying SEI by this method.

Figure 6. CO concentration (a) and H2 concentration (b) in gas product as a function of SEI in the
plasma-induced CO2 and H2S conversion on the Ni-Mo sulfide/Al2O3 catalysts with various Ni/Mo
molar ratios. Reaction conditions: feed: H2S/CO2 molar ratio = 20:15; flow rate: 35 mL/min; catalyst
bed volume: 15.0 mL.

Figure 7. H2/CO molar ratio as a function of SEI in the plasma-induced CO2 and H2S conversion on the
Ni-Mo sulfide/Al2O3 catalysts with various Ni/Mo molar ratios. Reaction conditions: feed: H2S/CO2

molar ratio = 20:15; flow rate: 35 mL/min; catalyst bed volume: 15.0 mL.

A series of characterizations of the Ni-Mo sulfide/Al2O3 catalysts displays that the Ni/Mo molar
ratio had a significant effect on the physical and chemical properties of the catalyst. We have
reported that the synergistic effects of semiconductor catalyst and non-thermal plasma in the H2S
decomposition [12]. In the present work, the Ni-Mo sulfide/Al2O3 catalyst in non-thermal plasma
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can be excited by both the strong electric field and UV-visible light irradiation, and thus generate
highly active hole–electron pairs. The hole–electron pairs will react with the adsorbed surface species,
thereby accelerating the conversion of CO2 and H2S. Hence, since the generated hole–electron pairs
are sufficiently reactive to convert CO2 and H2S to H2 and CO, the rate of CO2 and H2S conversion
depends on the number of electron–hole pairs generated on the surface of the Ni-Mo sulfide/Al2O3

catalyst. A higher number of hole–electron pairs may be linked to the relatively higher behavior
on CO2 and H2S conversion. From the results of UV-vis spectra (shown in Figure 2 and Table 1),
the change in the Ni/Mo molar ratio affects the optical properties of the Ni-Mo sulfide/Al2O3 catalyst.
With increasing the Ni/Mo molar ratio, a monotonous variation in the absorption in visible light region
and band gap of Ni-Mo sulfide could be clearly found. For a semiconductor catalyst with a narrower
band gap, less energy for electrons is required to jump from valence band (VB) to conduction band
(CB). Therefore, a decrease in band gap can lead to the increase in the amount of hole–electron pairs.
Moreover, the other optical properties of semiconductor catalyst, such as conduction band position
and valence band position, are also related to its chemical compositions. According to the XRD and
TEM results, the Ni-Mo sulfide possessed the layer structure, the Ni2+ ions can replace the position
of Mo ions or enter the gap position of MoS2 to form Ni-Mo-Sx phase. Hence, the suitable impurity
energy level could be provided through a proper doping amount of Ni2+ ions into MoS2. The presence
of impurity levels leads to the easy injection of the excited electrons from VB to CB of MoS2.

In addition, all the Ni-Mo sulfide/Al2O3 catalysts exhibited relatively high BET surface areas
(shown in Table 1). The high surface area facilitates photon absorption, provides more active sites,
and reduces the distance of generated carriers from the catalyst surface [23]. Moreover, the average
particle size was around 10 nm. The small nanoparticles with low crystallinity are favorable for the
fast electron transportation from bulk to surface, which prevent the recombination of the generated
electrons and holes of the catalyst [24]. Therefore, the reduction in the particle size of the Ni-Mo
sulfide/Al2O3 catalyst also contributes to the improvement of the catalytic activity.

Additionally, the Ni2+ ions can be evenly incorporated into the MoS2 lattice to form Ni-Mo-Sx

phase, which would bring about the Mo vacancies formation. Ideally, the incorporation of two Ni2+

ions may generate one Mo vacancy. Therefore, the incorporation of Ni2+ ions can produce a large
amount of Mo vacancies. Mo vacancies favor the separation of the energy-induced electrons and
holes, which induce the high catalytic performance in CO2 and H2S conversion, compared to the
MoS2/Al2O3 catalyst. Nevertheless, the 6Ni-2Mo/Al2O3 catalyst with higher Ni content possessed
relatively stronger visible light absorption capacity than other Ni-Mo sulfide/Al2O3 catalysts, but the
CO2 and H2S conversions were lower. The reason for the low catalytic activity over the 6Ni-2Mo/Al2O3

catalyst may be that the excessive amount of Ni would result in the unevenly distributed Ni2+ ions.
Owing to the higher concentration of Ni, the probability of electron–hole recombination was regarded
to become comparably high. Consequently, a superfluous increase in the Ni/Mo molar ratio not only
encumbered the light absorption, but also offered more recombination sites for hole–electron pairs,
so the catalytic activity was repressed. In particular, when the Ni/Mo molar ratio was 5/3, the Ni-Mo
sulfide/Al2O3 catalyst exhibited the best catalytic activity for CO2 and H2S conversion with the most
proper optical and structural properties.

Figure 8 presents the CO2 and H2S conversion, and H2/CO molar ratio variations over
5Ni-3Mo/Al2O3 during the long-term test. The results demonstrate that the catalytic activity did not
exhibit loss in the runs. The XPS spectra and SEM images were taken before and after evaluation,
as shown in Figures S1 and S2 (Supplementary Materials), respectively. There was no obvious
difference detected in the spent 5Ni-3Mo/Al2O3 catalyst after the reaction test. Moreover, Figure S3
(Supplementary Materials) shows a comparison between the fresh 5Ni-3Mo/Al2O3 catalyst and the
spent one after reaction tests in the XRD patterns. According to the Scherrer equation, the average
particle size of the 5Ni-3Mo/Al2O3 catalyst increased from 11.5 to 13.2 nm after the 50 h long-term
test, proving high stability of the active phases on the 5Ni-3Mo/Al2O3 catalyst in the CO2 and H2S
conversion process. Furthermore, the surface area decreased only from about 250 to 231 m2/g. The
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active phases were highly dispersed in Al2O3 support, which could also prevent the agglomeration
formation and inhibit the growth of the particles. Hence, it is clear that Ni-Mo sulfide underwent no
variation in non-thermal plasma and can maintain stable structures in the plasma-induced CO2 and
H2S conversion.

Figure 8. Variations of CO2 and H2S conversion and H2/CO molar ratio with time in the plasma-induced
conversion over 5Ni-3Mo/Al2O3. Reaction conditions: H2S/CO2 molar ratio = 20:15; flow rate:
35 mL/min; catalyst bed volume: 15.0 mL; SEI: 50.0 kJ/L.

3. Materials and Methods

3.1. Catalyst Preparation

A series of Al2O3 supported Ni-Mo sulfide catalysts with different Ni/Mo molar ratios was
synthesized. Al2O3 with surface area about 310 m2/g was grinded and then sieved to 40−60 mesh.
In order to prepare the precursors of Ni-Mo sulfide supported on Al2O3, Al2O3 was impregnated by a
mixed solution of nickel nitrate and ammonium molybdate at room temperature. The total loading
of the oxide precursor was 5 wt%. After the impregnation, the samples were dried at 120 ◦C for 8 h,
and then calcined at 500 ◦C for 3 h. After calcination, the samples were sulfided in 60 vol% H2S/H2

flow (80 mL/min) for 3 h. The catalysts were denoted as xNi(8 − x)Mo/Al2O3, where x/(8 − x) was the
Ni/Mo molar ratio.

3.2. Catalyst Evaluation for Plasma-Induced CO2-H2S Conversion

A dielectric barrier discharge (DBD) reactor was used to generate non-thermal plasma at
atmospheric pressure in this work. The configuration of reactor has been illustrated in detail in
our previous study [12,13]. A high voltage generator was applied to supply a voltage from 0 to 20 kV
with a sinusoidal waveform at a frequency of about 10 kHz. This reactor consisted of one quartz tube
and two electrodes. The discharge volume of DBD reactor is 15 mL. The stainless-steel rod was used as
a high voltage electrode on the axis of the tubular reactor and connected to the plasma generator. The
aluminum foil was used as a grounding electrode, and wrapped around the quartz tube and grounded
by wires. An amount of 15 mL of the Ni-Mo sulfide/Al2O3 catalyst with 40–60 mesh was placed in the
gap between the quartz tube and the high voltage electrode. The discharge power was determined
by the Q-V Lissajous pattern, which was measured by the digital oscilloscope. In the conversion of
CO2 and H2S to syngas, elemental sulfur was produced. In order to prevent sulfur deposition on the
catalyst surface, the reactor was immersed in the oil bath at 120 ◦C to turn the generated sulfur into
liquid phase and out of the catalyst bed. The feed gas was flowed through the catalyst bed while the
non-thermal plasma was generated by high-voltage discharge.
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A cold trap was placed at the exit of the DBD reactor for the condensation of any liquid products.
The gas products were analyzed by a two-channel gas chromatography equipped with two thermal
conductivity detections (TCD). The first channel contained a Porapak Q column for the measurement
of CO2, H2S, and C2−C4 hydrocarbons, while the second channel was equipped with a Molecular
Sieve 5A column for the separation of H2, CO, and CH4. The gas chromatography was calibrated for
a wide range of concentrations for each gaseous component using reference gas mixtures from the
calibrated gas mixes.

For the H2S and CO2 conversion, the conversions of H2S (xH2S) and CO2 (xCO2) were defined as:

xH2S =
H2S converted

H2S input
× 100%, (2)

xCO2 =
CO2 converted

CO2 input
× 100%, (3)

The H2/CO molar ratios were defined as:

H2/CO =
H2 produced
CO produced

, (4)

The gas product distributions (C, %) were calculated by the selectivity (S, %) of the products:

SCO =
CO produced

CO2 converted
× 100%, (5)

SH2 =
H2 produced

H2S converted
× 100%, (6)

SCxHy =
x × CxHy produced

CO2 converted
× 100%, (7)

CH2 =
H2 produced

H2 produced + CO produced× (1 +∑ SCxHy
x×SCO

)
× 100%, (8)

CCO =
CO produced

H2 produced + CO produced× (1 +∑ SCxHy
x×SCO

)
× 100%, (9)

Cothers =
CO produced×∑ SCxHy

x×SCO

H2 produced + CO produced× (1 +∑ SCxHy
x×SCO

)
× 100%, (10)

The sulfur and carbon balances were defined as:

Bsulfur =
[H 2 S]out+[Sulphur]out

[H 2 S]into
× 100%, (11)

Bcarbon =
[CO 2]out+[CO]out+[C xHy

]
out

[CO 2]into
× 100%, (12)

The sulfur and carbon balances were based on sulfur-atom and carbon-atom, respectively. The
error of the balances were within 5% and typically better than this.

The area of the Lissajous diagram measures the energy dissipated in the discharge during one
period of the voltage. The charge was determined by measuring the voltage across the capacitor
of 0.47 μF connected in series to the ground line of the plasma reactor. The discharge power was
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calculated from the area of charge–voltage parallelogram and the frequency of discharge. Specific
energy input (SEI, J/L), which measures the energy input in the plasma process, was calculated by:

SEI =
P
V

, (13)

where P is the discharge power (W), and V is the gas flow rate (L/s).

3.3. Catalyst Characterization

The X-ray diffraction (XRD) profiles of the catalysts were recorded using a Rigaku D/Max-RA
diffractometer (Tokyo, Japan) with Cu Kα radiation operated at 40 kV. The specific surface areas
of the catalysts were carried out on a Micromeritics ASAP-2000 instrument (Norcross, GE, USA).
UV-visible spectroscopy was obtained on a Jasco V-550 spectrophotometer (Tokyo, Japan). Transmission
electron microscope (TEM) images were conducted by a Tecnai G2 F20 S-Twin microscope operating
(Hillsboro, OR, USA) at 200 kV. The morphology of the catalyst was investigated using a JEOL
JSM-7001F scanning electron microscope (SEM). The total chemical compositions of the catalysts
were determined using inductively coupled plasma-atomic emission spectroscopy (ICP-AES) with an
Optima 2000 DV spectrometer (PerkinElmer, Waltham, MA, USA). X-ray photoelectron spectroscopy
(XPS) was performed using a Thermo VGESCALAB250 X-ray photoelectron spectrometer (Waltham,
MA, USA) with an Al Kα source. All binding energies were referenced to the C 1s peak at 284.6 eV.

4. Conclusions

In summary, a series of Ni-Mo sulfide/Al2O3 catalysts with different molar ratios of Ni/Mo were
prepared and applied for the one-step conversion of CO2 and H2S into syngas in non-thermal plasma.
According to the characterization results, the optical and structural properties of the as-synthesized
catalysts were significantly influenced by the Ni/Mo molar ratio. The Ni/Mo molar ratio can effectively
adjust the particle size and band gap. Additionally, the generated Mo vacancies are also favorable
for the transfer and separation of holes and electrons. The experimental results indicated that the
Ni-Mo sulfide/Al2O3 catalysts possessed excellent catalytic activities for CO2 and H2S conversion,
compared to the single-component NiS2/Al2O3 and MoS2/Al2O3 catalysts. In particular, the Ni-Mo
sulfide/Al2O3 catalyst with Ni/Mo molar ratio of 5/3 showed relatively higher CO2 and H2S conversions,
and exhibited good stability in the long-term test for CO2 and H2S conversion to syngas.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/9/6/525/s1,
Figure S1: XPS spectra of Mo 3d (a) and Ni 2p (b) for the 5Ni-3Mo/Al2O3 catalyst before and after reaction; Figure
S2: SEM images of the 5Ni-3Mo/Al2O3 catalyst before (a) and after (b) reaction; Figure S3: XRD patterns of the
5Ni-3Mo/Al2O3 catalyst before and after reaction.
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15. Hillerová, E.; Sedláček, J.; Zdražil, M. Bimetallic sulphide catalysts Ni-MSx/SiO2 prepared by unconventional
method involving thiourea complexes. Collect. Czech. Chem. Comm. 1987, 52, 1748–1757. [CrossRef]

16. Butler, M.A. Photoelectrolysis and physical properties of the semiconducting electrode WO2. J. Appl. Phys.
1977, 48, 1914–1920. [CrossRef]

17. Domen, K.; Kudo, A.; Onishi, T. Mechanism of photocatalytic decomposition of water into H2 and O2 over
NiO-SrTiO3. J. Catal. 1986, 102, 92–98. [CrossRef]

18. Nath, M.; Govindaraj, A.; Rao, C.N.R. Simple synthesis of MoS2 and WS2 nanotubes. Adv. Mater. 2001, 13,
283–286. [CrossRef]

19. Wu, X.-L.; Yang, B.; Li, Z.-J.; Lei, L.-C.; Zhang, X.-W. Synthesis of supported vertical NiS2 nanosheets for
hydrogen evolution reaction in acidic and alkaline solution. RSC Adv. 2015, 5, 32976–32982. [CrossRef]

20. Yin, L.-S.; Yuan, Y.-P.; Cao, S.-W.; Zhang, Z.-Y.; Xue, C. Enhanced visible-light-driven photocatalytic hydrogen
generation over g-C3N4 through loading the noble metal-free NiS2 cocatalyst. RSC Adv. 2014, 4, 6127–6132.
[CrossRef]

21. Fridman, A. Plasma Chemistry; Cambridge University Press: New York, NJ, USA, 2008.
22. Wagner, C.D.; Riggs, W.M.; Davis, L.E.; Moulder, J.F.; Muilenberg, G.E. Handbook of X-ray Photoelectron

Spectroscopy; Perkin-Elmer Corporation Physical Electronics Division: Eden Prairie, MN, USA, 1978.
23. Hu, J.-S.; Ren, L.-L.; Guo, Y.-G.; Liang, H.-P.; Cao, A.-M.; Wan, L.-J.; Bai, C.-L. Mass production and high

photocatalytic activity of ZnS nanoporous nanoparticles. Angew. Chem. Int. Ed. 2005, 44, 1269–1273.
[CrossRef] [PubMed]

68



Catalysts 2019, 9, 525

24. Anpo, M.; Shima, T.; Kodama, S.; Kubokawa, Y. Photocatalytic hydrogenation of CH3CCH with H2O on
small-particle TiO2: size quantization effects and reaction intermediates. J. Phys. Chem. 1987, 91, 4305–4310.
[CrossRef]

© 2019 by the authors. Licensee MDPI, Basel, Switzerland. This article is an open access
article distributed under the terms and conditions of the Creative Commons Attribution
(CC BY) license (http://creativecommons.org/licenses/by/4.0/).

69



catalysts

Article

Bench-Scale Steam Reforming of Methane for
Hydrogen Production

Hae-Gu Park 1,2, Sang-Young Han 1,3, Ki-Won Jun 1,3, Yesol Woo 4, Myung-June Park 4,5,* and

Seok Ki Kim 1,3,*

1 Carbon Resources Institute, Korea Research Institute of Chemical Technology, Daejeon 34114, Korea
2 Department of Chemical and Biomolecular Engineering, Korea Advanced Institute of Science and

Technology (KAIST), Daejeon 34141, Korea
3 Advanced Materials and Chemical Engineering, School of Science, Korea University of Science and

Technology (UST), Yuseong, Daejeon 305-333, Korea
4 Department of Energy Systems Research, Ajou University, Suwon 16499, Korea
5 Department of Chemical Engineering, Ajou University, Suwon 16499, Korea
* Correspondence: mjpark@ajou.ac.kr (M.-J.P.); skkim726@krict.re.kr (S.K.K.);

Tel.: +82-31-219-2895 (M.-J.P.); +82-42-860-7530 (S.K.K.)

Received: 5 July 2019; Accepted: 17 July 2019; Published: 20 July 2019

Abstract: The effects of reaction parameters, including reaction temperature and space velocity,
on hydrogen production via steam reforming of methane (SRM) were investigated using lab- and
bench-scale reactors to identify critical factors for the design of large-scale processes. Based on
thermodynamic and kinetic data obtained using the lab-scale reactor, a series of SRM reactions
were performed using a pelletized catalyst in the bench-scale reactor with a hydrogen production
capacity of 10 L/min. Various temperature profiles were tested for the bench-scale reactor, which
was surrounded by three successive cylindrical furnaces to simulate the actual SRM conditions.
The temperature at the reactor bottom was crucial for determining the methane conversion and
hydrogen production rates when a sufficiently high reaction temperature was maintained (>800 ◦C)
to reach thermodynamic equilibrium at the gas-hourly space velocity of 2.0 L CH4/(h·gcat). However,
if the temperature of one or more of the furnaces decreased below 700 ◦C, the reaction was not
equilibrated at the given space velocity. The effectiveness factor (0.143) of the pelletized catalyst was
calculated based on the deviation of methane conversion between the lab- and bench-scale reactions
at various space velocities. Finally, an idling procedure was proposed so that catalytic activity was
not affected by discontinuous operation.

Keywords: methane steam reforming; hydrogen production; bench scale; effectiveness factor

1. Introduction

The demand for hydrogen has traditionally been high because hydrogen has been widely used
as a chemical raw material in various refineries, as it is essential for the Fischer–Tropsch process
and methanol synthesis [1,2]. Hydrogen is also expected to play an important role as a carbon-free
energy carrier in the future [3,4]. Various methods for producing hydrogen with renewable energies
have been proposed over the past few decades [5–13]. However, large-scale commercialization of
hydrogen production using renewable energy to meet the massive demand for hydrogen remains
challenging [14–16]. Until hydrogen production technology using renewable energy is sufficiently
mature to facilitate the implementation of a sustainable hydrogen economy, a large amount of hydrogen
is required to construct and operate the infrastructure for its storage, transportation, and utilization.
Currently, steam reforming of fossil fuels or biomass is the most realistic option for producing large
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amounts of hydrogen [17]. Among various resources, natural gas is abundant and inexpensive
compared to other sources, and its reforming technologies are widely used on commercial scales [18].

Methane constitutes the majority of natural gas, but it is very stable and requires a significant
energy input for utilization. The steam reforming of methane (SRM 1 and 2) is a strongly endothermic
reaction, as shown in the reaction Equations (1) and (2), and it is usually operated at ≥800 ◦C. Here,
the ratio of steam/methane is stoichiometrically 1, but steam is practically supplied at a ratio of ≥2.5 to
prevent carbon deposition and improve the long-term stability of the catalyst. In addition, if excess
water is supplied, a water–gas shift (WGS, Equation (4)) occurs despite its moderately exothermic
nature, resulting in additional hydrogen production. As can be seen from Equations (1) and (2),
the SRM is a volumetric expansion reaction, so the process is often operated at low pressure as it is
thermodynamically preferred. However, to reduce the size of the reactor and facilitate the overall
operation, the reactor is operated at a pressure of >0.5 MPa. Therefore, it is necessary to derive the
optimal operating conditions according to the composition, amount of the desired product, and the
process scale. Due to the small amount of CO2 produced during the reaction, dry reforming of methane
(DRM, Equation (3)) can also occur.

SRM1 (Steam reforming of methane): CH4 + H2O -> CO + 3H2 (ΔH298K = 205.9 kJ/mol), (1)

SRM2 (Steam reforming of methane): CH4 + 2H2O -> 2CO2 + 4H2 (ΔH298K = 164.7 kJ/mol), (2)

DRM (Dry reforming of methane): CH4 + CO2 -> 2CO + 2H2 (ΔH298K = 247.0 kJ/mol), (3)

WGS (Water-gas shift) CO + H2O -> CO2 + H2 (ΔH298K = -41.1 kJ/mol). (4)

To date, most studies on SRM catalysts have focused on their activity and stability, which include
studying the effect of the type and amount of active metal on catalyst performance and identifying
the causes of deactivation, which include sintering of metallic species and coke deposition [19,20].
These studies have been performed in lab-scale reactors using powdered catalysts from a microscopic
point of view. However, to increase the scale of the process, the catalyst must be pelletized to a certain
size and shape considering the heat and mass transfer as well as the pressure drop in the reactor.
Accordingly, the reactor and operating conditions must be properly engineered [21]. For catalysts used
in commercial-scale reactors, their physicochemical properties must be first evaluated in a bench-scale
process (or larger), and appropriate operating conditions must be derived. However, few studies have
been performed on bench-scale reactions [22]. Herein, a commercial Ni-based catalyst was tested
in lab- and bench-scale reactors, wherein powder- and pellet-type catalysts were used, respectively.
We focused on determining the crucial factors of reactor design, especially for commercializing methane
reforming reactions, by conducting a series of experiments under various conditions, including idling
for intermittent operations.

2. Results and Discussion

2.1. Methane Steam Reforming Reaction in a Lab-Scale Reactor

Preliminary lab-scale reactions were performed using a powder-type catalyst obtained by grinding
a commercial pellet-type catalyst and sieving it through a 16–20 size mesh. In the lab-scale reactor,
the effects of reaction temperature, steam/methane ratio, and reaction pressure on SRM performance
were studied. It should be noted that the temperature at the catalyst bed reported here was somewhat
underestimated compared to the overall reactor system, so the experimental values could exceed the
equilibrium values calculated based on the temperature of the catalyst bed. Figure 1a shows the effect
of reaction temperature on methane conversion. For this reaction, the gas-hourly space velocity (GHSV)
was fixed at 4.8 L CH4/(h·gcat), the pressure was fixed at 1 MPa, and the steam/methane ratio was fixed
at 3. As expected from the highly endothermic nature of the SRM (Equation (1)), methane conversion
increased with reaction temperature. The experimental values of methane conversion were close to
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equilibrium, indicating that the SRM reaction rate was not limited by the kinetics of the catalyst, but by
the overall system thermodynamics.

Figure 1. Effect of (a) reaction temperature, (b) steam/methane ratio, and (c) reaction pressure on
methane conversion in the lab-scale reactor.

The effect of the steam/methane ratio on the methane conversion is shown in Figure 1b. For this
reaction, the reaction temperature, pressure, and GHSV were fixed at 830 ◦C, 1 MPa, and 4.8 L
CH4/(h·gcat), respectively. If the SRM is the only reaction taking place in the reactor, excessive steam
does not necessarily affect methane conversion according to Equation (1). However, the increase in
methane conversion as a function of steam/methane ratio suggests that an additional WGS (Equation (2))
also occurs, resulting in a shift in the SRM equilibrium so that methane consumption is accelerated at a
higher steam/methane ratio [23].

Figure 1c shows the effect of the reaction pressure on methane conversion. For this reaction,
the reaction temperature was fixed at 830 ◦C, the steam/methane ratio was fixed at 3, and GHSV was
fixed at 4.8 L CH4/(h·gcat). The decreased methane conversion with increasing reaction pressure was in
good agreement with the thermodynamic equilibrium conversion, indicating that the reaction rate was
thermodynamically limited under the reaction conditions tested herein.

2.2. Methane Steam Reforming Reaction in a Bench-Scale Reactor

2.2.1. Effect of Reaction Temperature

The bench-scale SRM reaction was performed using a fixed-bed reactor, as shown in Figure 2.
The reactor temperature was controlled by three heaters placed continuously. The inner diameter and
length of the reactor were 32.52 mm and 110 cm, respectively. The temperature gradient along the
vertical distance of the reactor was monitored using five thermocouples (TCs). The position of the TCs
are shown in Figure 3.

Figure 2. Bench-scale reaction system for the steam reforming of methane (hydrogen production rate
of 10 L/min): (a) photograph of the unit and (b) schematic diagram of the unit.
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Figure 3. Temperature gradient along the catalyst bed depending on the third heater temperature
(catalytic layer: 93 cm length, 96 g catalyst weight, 1386 g dilution agent weight, physical mixing).
Schematic diagram of the reactor with the thermocouple (TC) positions (yellow bars) shown on the
right-hand side.

The bench-scale reaction conditions were designed based on the lab-scale reaction results.
The reaction was performed at a heater temperature of 800 ◦C, steam/methane ratio of 3, reaction
pressure of 0.6 MPa, and GHSV of 2.0 L CH4/(h·gcat). To confirm whether the reaction set was close to
the equilibrium state of the reforming reaction, the temperature of the bottom heater was changed to
800, 780, and 750 ◦C. The temperature profiles along the reactor distance and corresponding methane
conversions are shown in Figure 3 and Table 1, respectively.

Table 1. Catalyst bed temperature gradient and CH4 conversion at various third heater temperatures.

(a) Experimental Value

Temperature (◦C)
CH4

Conversion (%)

Hydrogen Production
Rate (L/min)3rd

Heater
4th
TC

5th
TC

Mean Value (between the
4th and 5th TC)

800 822 783 802.5 94.07 10.76
780 807 764 785.5 92.43 10.68
750 785 738 761.5 89.63 10.53

(b) Thermodynamic Equilibrium Value

Temperature (◦C)
CH4

Conversion (%)

750 87.10
760 89.00
770 90.67
780 92.16
790 93.46
800 94.57

Reaction conditions: steam/methane ratio = 3, feed composition of CH4/H2O/N2 = 1/3/1, reaction pressure = 0.6 MPa,
and gas-hourly space velocity (GHSV) = 2.0 L CH4/(h·gcat).
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The results show that methane conversion decreased with decreasing bottom heater temperature.
When the temperature of the bottom heater was maintained at 800, 780, and 750 ◦C, the methane
conversions were 94.07%, 92.43%, and 89.63%, respectively. Accordingly, the hydrogen production rates
were 10.76, 10.68, and 10.53 L/min, respectively. The methane conversion obtained for each condition is
similar to the equilibrium conversion calculated based on the mean value of the temperature measured
between the 4th and 5th TCs. For instance, when the mean temperature of 4th and 5th TCs was
802.5 ◦C, the bench reaction exhibited a methane conversion of 94.07% (Table 1a), which is close to the
equilibrium conversion calculated at 800 ◦C (94.57%, in Table 1b). These results indicated that the SRM
reaction rate was limited by the thermodynamic state that can be determined under the bench-reaction
conditions. In addition, these results highlight the importance of the temperature at the bottom part of
the reactor when the reaction is close to equilibrium.

The above reaction results were obtained under conditions that were sufficient to reach system
equilibrium. However, in a commercial process, a more rapid temperature gradient would be expected
depending on reactor design and climate conditions. Herein, two cases for the rapid temperature
gradients that could be caused by heater malfunction were tested. In the first case, heat was assumed
to be intensively supplied at the middle of the reactor. This is a typical scenario that can occur when
the commercial side-fired reactor is operated in cold regions. The heater temperatures of those located
at of the top, middle, and bottom were set to 600, 800, and 600 ◦C, respectively. In the second case, only
the bottom heater was heated intensively, but the temperatures of the top and middle heaters were
lowered to simulate another abnormal situation, where the extensive endothermic reaction takes place
beyond the capacity of heaters. The temperatures of the top, middle, and bottom heaters were set to
500, 650, and 800 ◦C, respectively, for this scenario. These temperature profiles along with the catalyst
bed distances are shown in Figure 4.

Figure 4. Temperature gradient along the catalyst bed under two abnormal conditions (catalytic layer:
93 cm length, 96 g catalyst weight, 1386 g dilution agent weight, and physical mixing).

The reaction results obtained under the two abnormal conditions are listed in Table 2. Methane
conversion in the second scenario was 57.27%, which was ~7% lower than that obtained in the first
scenario (64.13%). Given that the temperature of the bottom heater in the second scenario was higher
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than that of the first, both SRM reactions were not under equilibrium conditions. This is in contrast to
the cases listed in Table 2, where the SRMs were under equilibrium conditions as the top and middle
heater temperatures were maintained at 800 ◦C.

Table 2. Catalyst bed temperature gradient and CH4 conversion under abnormal conditions.

(a) Experimental Value

Temperature (◦C)
CH4 Conversion (%)

1st Heater 2nd Heater 3rd Heater

500 650 800 57.27
600 800 600 64.13

(b) Thermodynamic Equilibrium Value

Temperature (◦C) CH4 Conversion (%)

620 53.40
630 56.30
640 59.20
650 62.20
660 65.20
670 68.20

Reaction conditions: steam/methane ratio = 3, feed composition of CH4/H2O/N2 = 1/3/1, reaction pressure = 0.6 MPa,
and GHSV = 2.0 L CH4/(h·gcat).

The higher methane conversion in the first scenario was due to the wider region of the effective
catalyst bed, which sufficiently maintained the reaction rate (>600 ◦C). However, in the second scenario
where only the bottom heater temperature increased, the allowance for maintaining rapid catalysis
was reduced. As a result, the space velocity was increased in the effective catalyst layer, consequently
preventing the system from reaching equilibrium. To summarize, operation of the SRM reaction under
equilibrium conditions can be achieved when supplying sufficient heat to the catalyst bed in as wide a
manner as possible.

2.2.2. Effect of Space Velocity

As shown above, the reaction could not reach equilibrium if the reactor exhibited a sufficiently
large temperature gradient because the space velocity was too fast for the catalyst to participate in
the reaction. The effects of space velocity for different types of catalysts for the SRM reaction were
investigated using lab- and bench-scale reactors, as shown in Figure 5. First, 0.15 g of a powdered
catalyst 850 to 1250 μm in size was used in the lab-scale reactor, while 12 catalyst pellets (7.34 g) were
used in the bench-scale reactor. For the latter reactor, the catalyst pellets were evenly distributed with
1440 g of alumina balls, and the length of the catalyst bed was 93.5 cm. The reaction was performed
under various GHSV conditions at 800 ◦C for the three heaters, steam/methane ratio of 3, and reaction
pressure of 0.6 MPa.

For both lab- and bench-scale reactions, methane conversion decreased with increasing space
velocity, but the latter showed a larger decrease. That is, at a GHSV of 2.0 L CH4/(h·gcat), both
experiments showed similar methane conversions (94.73% for the lab-scale and 91.52% for the
bench-scale), but at a GHSV of 7.5 L CH4/(h·gcat), while the lab-scale reaction still showed a comparable
methane conversion of 89.33%, that of the bench-scale reaction significantly decreased to 53.58%.
This indicates that when the GHSV is ≥2.0 L CH4/(h·gcat), penetration of the reaction gas through the
wall of the catalyst pellet does not occur to a sufficient extent, and the active component of the catalyst
is not fully utilized, compared to the powdered catalyst. Accordingly, we suggest that the appropriate
space velocity for hydrogen production in the bench-scale reaction should be ≤2.0 L CH4/(h·gcat).
Based on the above results, the effectiveness factors of the pelletized catalysts were derived and the
results reported in Section 2.2.3.
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Figure 5. Methane conversion as a function of space velocity in the lab-scale and bench-scale reactors
(reaction conditions: steam/methane ratio = 3, feed composition of CH4/H2O/N2 = 1/3/1, reaction
pressure = 0.6 MPa, and GHSV = 2.0–40.0 L CH4/(h·gcat).

2.2.3. Determination of the Effectiveness Factor

Determining an optimal catalyst loading in the reactor to maximize participation in the reaction
is important when designing a large-scale reactor using pelletized catalysts. The effectiveness factor
is defined as the ratio of the apparent reaction rate of the catalyst pellet to the intrinsic reaction rate,
which provides information on the fraction of the catalyst pellet that participates in the reaction [24].
Based on experimental results for the lab- and bench-scale reactions, the effectiveness factor for the
pelletized catalyst was determined. Instead of deriving all effectiveness factors for each individual
reaction, the overall effectiveness factor (ηoverall), as well as CO (SRM1) and CO2 (SRM2) production
from methane by steam reforming, dry reforming of methane (DRM), and the water–gas-shift reaction
(WGS) were calculated as follows:

(
rapparent

)
i
= ηoverall(rintrinsic)i i = SRM1, SRM2, DRM, WGS. (5)

To calculate the reaction rates for the commercial catalysts,
(
rapparent

)
i
, the reaction rates and kinetic

parameters from our previous work were used without modification [25]:

rSRM 1 =
kSRM1

(
fCH4 fH2O − f 3

H2
fCO/KpSRM1

)
/ f 2.5

H2[
1 + KCO fCO + KH2 fH2 +KCH4 fCH4 + KH2O

(
fH2O/ fH2

)]2 ; (6)

rSRM 1 =
kSRM1

(
fCH4 fH2O − f 3

H2
fCO/KpSRM1

)
/ f 2.5

H2[
1 + KCO fCO + KH2 fH2 +KCH4 fCH4 + KH2O

(
fH2O/ fH2

)]2 ; (7)

rDRM =
kDRM

(
fCH4 fCO2 − f 2

H2
f 2
CO/KpDRM

)
(
1 + KCH4 fCH4 + KCO fCO

)(
1 + KCO2 fCO2

) ; (8)
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rWGS =
kWGS

(
fCO fH2O − fH2 fC02 /KpWGS

)
/ fH2[

1 + KCO fCO + KH2 fH2 +KCH4 fCH4 + KH2O
(

fH2O/ fH2

)]2 ; (9)

where ki and Ki denote the reaction rate constant and adsorption equilibrium constants, respectively,
for species i. Fugacity ( f ) was calculated using the generalized correlations for the fugacity coefficient,
as described in the literature [26]. The symbol Kp represents the reaction equilibrium constant, which
was obtained from the process simulator UniSim Design Suite R400 (Honeywell Inc., Charlotte,
NC, USA)

Because the inert fraction of the catalyst bed was extremely high (7.34 g of catalyst pellet and
1440 g of inert materials) in the bench-scale reactor, a catalyst pellet was considered to be a single reactor
module in the process simulator, as shown in Figure 6a, 12 of which were connected consecutively over
the entire packing of the reactor. Figure 6b shows a comparison of the methane conversion between the
experimental data and simulated results, where the simulated values coincide with the observed data
satisfactorily (mean of absolute relative residuals (MARRs) and relative standard deviation were 26.7%
and 2.23%, respectively, for GHSV values of 7.5 and 15.0 L CH4/(h·gcat), when the value at 40.0 mL
CH4/(h·gcat) was excluded as an outlier).

Figure 6. (a) Schematic of the bench-scale reactor (hydraulic diameter of the catalyst pellet was
used in the Cat-bed module), (b) comparison of the CH4 conversion for various space velocities [mL
CH4/(h·gcat)], and (c) temperature profile in the reactor at 7.5 L CH4/(h·gcat). Wall temperature =
800 ◦C, pressure = 0.6 MPa, overall heat transfer coefficient =100 W/(m2·K), and feed composition of
CH4/H2O/N2 = 1/3/1.

For the lab-scale reactor, a single plug flow reactor (PFR) was used in the simulator, and a reaction
rate of (rintrinsic)i =

(
rapparent

)
i
/ηoverall was used. Figure 7a shows the MARR values for CH4 conversion

as a function of ηoverall, where the optimal value of ηoverall was 0.143 for the minimum MARR (18.8%).
Figure 7b shows that the simulated values of CH4 conversion agreed well with the experimental
data for various space velocities. The temperature profile was also estimated, as shown in Figure 7c.
The reaction temperature decreased to ~600 ◦C at the initial part of the catalyst bed and increased
gradually due to heat transfer from the wall, resulting in the exit temperature being close to that of
the wall.
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Figure 7. (a) Mean of absolute relative residuals (MARRs) values with respect to the overall effectiveness
factor, (b) comparison of CH4 conversion for various space velocities [mL CH4/(h·gcat)], (c) temperature
profile in the reactor at 7500 mL CH4/(h·gcat). Wall temperature = 800 ◦C, pressure = 0.6 MPa, overall
heat transfer coefficient = 100 W/m2·K, and feed composition of CH4/H2O/N2 = 1/3/1.

2.3. Idling Conditions

In addition to the extreme temperature gradient of the heaters, a stable idling condition was also
simulated under the assumption of discontinuous power supply. The activity of the catalyst can be
maintained by maintaining stable idling conditions. By applying an effective idling operation to the
process, the reaction may not be completely terminated, which would shorten the preparation time for
restarting the operation.

Figure 8 shows temperatures recorded along the SRM reaction followed by idling operation and
the restart process. In a typical starting procedure, the reactor containing a reduced catalyst was
heated to the reaction temperature (800 ◦C, region (1) in Figure 8b) prior to feeding the reactants.
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After stabilizing the reactor temperature, the SRM reaction was initiated by feeding the reactants
(region (2)). After completion of the reaction, the three heaters were maintained at 500 ◦C, and nitrogen
flowed inside the reactor at a rate of 1 L/min (region (3)). When the reforming reaction proceeded
again, the reactor temperature was heated (region ((4)) followed by feeding of the reactants (region (5)).
As shown in Table 3, no significant changes in catalytic performance were observed before or after the
idling operation.

Figure 8. (a) Schematic of a catalytic layer for idling operation, (b) temperature recorded before (1, 2),
during (3), and after idling (4, 5).

Table 3. Comparison of temperature, methane conversion, and hydrogen production before and
after idling.

Temperature (◦C) CH4

Conversion (%)

Rate of Hydrogen
Production (L/min)1st TC 2nd TC 3rd TC 4th TC 5th TC

Before
idling 478 682 766 826 781 92.95 6.67

After
idling 469 677 767 825 782 92.81 6.65

Reaction conditions: steam/methane ratio = 3, feed composition of CH4/H2O/N2 = 1/3/1, reaction pressure = 0.6 MPa,
GHSV = 2.0 L CH4/(h·gcat), catalytic layer = 82 cm length, catalyst weight = 80 g, dilution agent weight = 1220 g,
and physical mixing.

3. Materials and Methods

3.1. Catalyst Characterization

As a preliminary study for applying a pelletized catalyst to a commercial process, reactions
were performed using a commercial Ni-based catalyst suitable for mass production of hydrogen.
The textural properties and composition of the catalyst are listed in Table 4.
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Table 4. Textural properties of the catalyst used herein.

Parameters Data

Shape 1–hole cylinder
Size O.D. 8.17 mm, I.D. 2.85 mm, Height 7.21 mm

Composition Ni 20 wt.%, CaO-Al2O3 80 wt.%
Density 1.80 g/cm3

Packing Density (in bench reactor) 0.718 g/cm3

Surface Area 21.26 m2/g
Micropore Area 13.07 m2/g

Pore Volume 0.033 cm3/g
Pore Size 111 Å

For structural characterization, the commercial catalyst was ground and meshed to a size of
≤250 μm. The Brunauer–Emmett–Teller (BET) specific surface area, micropore area, pore volume, and
pore size distribution of the powdered catalyst were estimated from the N2 adsorption and desorption
isotherm obtained at −195.7 ◦C using a constant-volume adsorption apparatus (Micromeritics,
ASAP-2020, Norcross, GA, USA). The pore volumes were determined at a relative pressure (P/Po) of
0.99. The catalyst was degassed at 300 ◦C for 4 h before the measurements. The pore size distributions
of the samples were calculated using the Barrett–Joyner–Halenda (BJH) model.

3.2. Steam Reforming Reaction

3.2.1. Methane Steam Reforming Reaction in the Lab-Scale Reactor

The catalytic activity of the powdered catalyst for the methane steam reforming reaction was
tested in a fixed-bed tubular Inconel reactor (ID = 10 mm). Prior to feeding the reactants, the catalyst
was activated by flowing H2 at a rate of 50 mL/min at 800 ◦C for 120 min. A TC was placed at the center
of the catalyst bed to monitor the reaction temperature, and the feed flow was controlled using a mass
flow controller (Brooks, 5850E, Hatfield, PA, USA). The gas products were analyzed using an online gas
chromatograph (GC) (Young Lin Acme 6000, Gyeonggi-do, Korea) with a 40/60 carboxen-1000 column
(2.0 ft × 1/8 in. × 2.1 mm) and a thermal conductivity detector (TCD). Nitrogen was used as an internal
standard gas to verify the composition of the analytical gas (methane) as a volume or half volume.

The activity data shown in Figure 1 were collected by varying the reaction temperature (500
to 850 ◦C), steam/methane ratio (2 to 3.3), and reaction pressure (0.2 to 1 MPa). The methane
conversions shown in Figure 5 (lab-scale) were evaluated under the following reaction conditions:
heater temperature = 800 ◦C; pressure = 0.6 MPa; steam/methane ratio = 3; feed composition of
CH4/H2O/N2 = 1/3/1; and gas hourly space velocity (GHSV) = 2.0–40.0 L CH4/(h·gcat).

The equilibrium conversion was calculated using “HSC chemistry” software (Outotec,
Espoo, Finland).

3.2.2. Methane Steam Reforming Reaction in the Bench-Scale Reactor

The bench-scale reactor consisted of three heaters, a stainless-steel reactor with an inner diameter
of 32.52 mm and length of 110 cm, and five TCs. Figure 9 shows the bench reactor in detail. The TCs of
the three heaters were located 22, 55, and 88 cm from the reactor inlet. Five TCs were located inside
the reactor to monitor the temperature of the catalyst bed, at positions of 10, 21, 54, 87, and 103 cm.
To prevent localization of heat and mass, the reactor was filled with a mixture of a pellet-type catalyst
and spherical diluent (alpha-alumina). Prior to the SRM reaction, the catalyst mixture was activated
by flowing H2 at a rate of 1 L/min at 800 ◦C for 120 min. The experiment was conducted under the
conditions mentioned above, and the analysis method was the same as that of the lab-scale reaction.
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Figure 9. Detailed position of the heaters and TCs in the bench-scale reactor.

4. Conclusions

A series of lab- and bench-scale SRM experiments were performed to identify and solve the
problems that could occur during scale-up. In the lab-scale reaction, the effects of temperature,
pressure, and steam/methane ratio on methane conversion were investigated in comparison to the
corresponding equilibrium conversion. Based on the lab-scale experiments, a bench-scale reaction
was designed. The methane conversion in the bench-scale reactor was >90%, and the hydrogen
production was >10 L/min if the three consecutive heaters sufficiently supplied the heat required to
reach the equilibrium (>800 ◦C). Under these conditions, the heater temperature positioned at the
bottom of the reactor (outlet side) largely governed the methane conversion. Under abnormal reactor
temperature conditions, where the catalyst bed was not heated sufficiently (<650 ◦C), the reaction
was not equilibrated simply by maintaining the temperature of the bottom heater at 800 ◦C. This is
similar to the case where the space velocity is relatively high (>10.0 L CH4/(h·gcat)). Using kinetic
data obtained from the lab- and bench-scale reactions, the effective factor (0.143) for the pelletized
catalysts was calculated. Finally, we proposed effective idling operating conditions that prevented
catalyst deactivation during process downtime and reduced the time and costs involved in restarting
the process.
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Abstract: A novel sulfur tolerant water gas shift (SWGS) catalyst has been developed for the
applications under lean (low) steam/gas ratio conditions, which has been extensively used for H2/CO
adjustment of syngas and H2 enrichment in the world since 2000s with safer operation and lower steam
consumption. Technology design and catalyst performances under different lean steam/gas conditions
were comprehensively reported. Industrial data were collected from several large scale running
plants with a variety of served catalysts characterized and precisely re-examined in the laboratory.
It is shown that the developed Mo–Co/alkali/Al2O3 SWGS catalyst can operate very steadily even
with the steam/gas ratio as low as 0.2–0.3, and the main deactivation factors are accidental caking,
sintering, as well as poisoning impurities, such as As or Cl. The adoption of lean steam/gas SWGS
catalyst can significantly improve the plant efficiency & safety and remarkably reduce the actual
steam consumption for H2 production, which can decrease CO2 emission correspondingly. The work
helps to evaluate how specially designed SWGS catalysts performed under applied lean steam/gas
conditions, providing important references for researchers and industry.

Keywords: Sulfur tolerant water gas shift catalyst; steam/gas ratio; Mo–Co/alkali/Al2O3 catalyst;
catalyst deactivation; syngas; H2 production

1. Introduction

Water gas shift (WGS) reaction is a key step of hydrogen (H2) enrichment in many important
industrial sectors where syngas (CO +H2) is routinely generated from biomass, residue oil, coal and
natural gas [1,2]. Such a process plays a unique role in the adjustment of syngas CO/H2 ratio, syngas
quality upgrade by H2 enrichment, and more importantly bringing in a diversity for downstream
productions [1–4]. The reaction stands on a mars-van Krevelen mechanism according to which one
oxygen atom is transferred from H2O to CO leading to the liberation of H2 and the formation of CO2 [5].

Explorations on WGS never stopped with many new catalysts continuously developed in the
laboratory, such as the recent advances in supported gold catalyst for low-temperature WGS [6–10].
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However, the huge cost of noble metal inevitably limits the scaling up of such novel catalysts [6,8].
In fact, as the purification of syngas, e.g., sulfur removal, is always expensive, Mo–Co/Al2O3-based
catalysts with sulfur-tolerance are still being used as the major industrial WGS catalyst, especially for
sulfur-containing syngas, referred as sulfur tolerant (sour) water gas shift (SWGS) catalyst [11,12].

Reaction conditions are undoubtedly crucial for the industrial SWGS process leading to many
important improvements in technology to decrease the actual production costs, e.g., water usage,
and corresponding changes in the designed catalysts. In this work, the application of newly developed
lean (low) steam/gas (ratio) technology for SWGS as well as the performance of designed catalysts are
comprehensively reported, as one of the most important recent advances in the syngas industry [13,14].

2. Lean Steam/gas (Ratio) Sulfur Tolerant Water Gas Shift

The WGS system mainly contains five general compounds, i.e., CO, CO2, H2, H2O and CH4,
which are supposed to maintain a balance under given reaction conditions. Two reactions proceed in a
parallel way to decide the final product composition.

(1) Water gas shift as the main reaction

CO (g) + H2O (g)↔ CO2 (g) + H2 (g) (ΔH = − 41.1 kJ/mol)

(2) Methanation of CO as the core side reaction

CO (g) + 3H2 (g)↔ CH4 (g) + H2O (g) (ΔH = − 206.3 kJ/mol)

WGS reaction is mildly exothermic while methanation is commonly known as strongly exothermic.
Intensive methanation consumes H2; in addition, it often leads to an unpredictable, suddenly raised
catalyst bed temperature which causes the damage of catalyst structure. In the real industrial process
of syngas refining, to obtain a satisfied CO/H2 ratio, methanation should be strictly avoided in the WGS
section [1,2,15,16]. One useful method is to overfeed the content of water (steam) in the reactant stream
which helps to selectively promote the WGS main reaction while effectively suppressing methanation
with the reaction equilibrium; thus, a high steam/gas (dry syngas without water) ratio should be
applied. For SWGS in the coal/natural gas industry, the steam/gas ratio employed by a pre-reactor (R1)
is routinely 1.6 or higher [12,13,17].

Water (steam) consumption became another challenge when a high steam/gas ratio was applied.
On the other hand, the overfed steam used to avoid methanation may also overpromote WGS reaction
with an equilibrium temperature interval up to several hundred degrees. In such case, the control of
WGS reaction depth became undesirably difficult and therefore the catalyst bed temperature rapidly
went up. The only way to avoid superfluous heat was reducing the actual catalyst loading for each
reactor [13,17].

With modified anti-methanation and water-capture features, SWGS catalysts can be used under lean
(lower) steam/gas ratio (0.5 or lower) conditions. It was until 2003 that the world’s first industrialization
of SWGS with a lean steam/gas ratio was successfully applied in China [13,14]. Some plants have been
smoothly running for more than 10 years with an average catalyst lifetime of 3–4 years. The adoption
of such catalysts requires changes in technological process as explained in Figure 1 [17].
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Figure 1. High (1.6 or higher) steam/gas ratio WGS (top) vs. Low steam/gas ratio WGS (bottom).
E1 preheater; E2 medium pressure waste heat boiler; E3 preheater of medium pressure boiler
water; E4 low pressure waste heat boiler; E5 desalted water preheater; E6 recycling water cooler;
P1 condensation pump; V1–V4 separators; R1 pre WGS reactor; R2 the 1st WGS reactor; R3 the 2nd
WGS reactor; figures adjusted from other researchers’ work [17].

When applied in the SWGS process (Figure 1), high steam/gas ratio technology (HSGRT) does
not require water complementation before a 2nd WGS reactor (R3); however, medium pressure steam
used for a reaction will be added into the pre WGS reactor (R1) and 1st WGS reactor (R2), respectively.
Instead of steam, lean steam/gas ratio technology (LSGRT) possesses three quench water injections in
front of R1, R2 and R3, respectively. In each reactor quench, water vaporized into steam with heat is
released from the reaction (there is no need to use out heat), and such improvement has been proven to
effectively reduce the actual plant steam consumption and energy cost with the WGS (SWGS) reaction
rate being better controlled by the injected quench water amount [17].

Table 1 presents the real industrial data obtained from a 0.5 million ton/year methanol synthesis
project (Zhong Yuan Da Hua Coal Chemistry Group, Henan Province, China) employed Shell
gasification for syngas production.

As the original steam/gas ratio (~0.3 or higher) of crude syngas had already satisfied the requirement
for LSGRT, there was no water complementary, either in terms of steam or quench water. The steam
cost (35–60 ton/hour) fell to nearly zero by technological upgrade from HSGRT to LSGRT. On the other
hand, the condensed water generation correspondingly reduced from 30–55 ton/hour to 0–5 ton/hour.
Noteworthily, with no extra steam added, the steam/gas ratio of each reactor could be maintained at
a uniform (0.23–0.26) by LSGRT as a significant advance. At the same time, with the steam (water)
amount inside SWGS system steadily controlled, methanation was effectively suppressed and the
undesired catalyst bed temperature ‘flying away’ (the suddenly occurred temperature increasement
due to methanation) was also prohibited.

Industrial data from the SWGS plants of a 4 million ton/year Coal-to-Liquid project (Shenhua
Ningxia Coal Industry Group, Ningxia Province, China) are more encouraging. The project employed
GSP gasification (pressurized pulverized coal gasification) to give an initial steam/gas ratio of ~1.0 for
the raw syngas, which already exceeded the steam usage requirement for LSGRT. After upgrading
to LSGRT, there was no need to add extra steam into the SWGS process; for a single SWGS reactor
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R2, the overall saved cost on steam was approximately 1.04 × 109 RMB, equivalent to 1.52 × 108 USD
every year.

Table 1. Industrial data from SWGS plants of a 0.5 million ton/year methanol synthesis project
(Zhong Yuan Da Hua Coal Chemistry Group, Henan Province, China);. Catalytic performances were
compared between the high (1.6 or higher) steam/gas ratio technology and low (0.3 or lower) steam/gas
ratio technology.

SWGS Rector
Steam/Gas Temperature, ◦C Steam Cost

t/h
Condensed Water

t/hInlet Outlet Inlet Hot Spot

HSGRT
R1 1.82 0.79 286 502

35–60 30–55R2 0.79 0.49 260 373
R3 0.49 0.35 240 336

LSGRT
R1 0.26 0.03 210 417

0 0–5R2 0.23 0.04 210 371
R3 0.26 0.03 200 317

Data were collected by the catalyst inventors from Qingdao Lianxin Catalyst Company who are the co-authors of
the current work.

3. Catalysts Used for Lean Steam/Gas (Ratio) Sulfur Tolerant Water Gas Shift

Syngas from the gasification and partial oxidation of heavy oil, tar sands, coal, coke or biomass
contain much larger concentrations of CO (up to 50 mol%) and sulfur levels of 5–50 ppm, as a
result of which both sulfur tolerance and effective CO activation are crucial for conventional SWGS
catalysts. A standard commercial SWGS catalyst composition is based on Co (Ni)-Mo/alumina,
here the core catalytic function relies on the effective CO activation of sulfurized Mo sites while
other metal species, e.g., Cobalt, are co-catalytic sites or promoters helping in the effective electron
transportations [10,11,18–20]. The accelerated CO conversion requires more water molecules to finish
the reaction. It is, hence, necessary to either operate at higher steam/gas (or H2O/CO) ratios or use
extra volume of catalysts to support the desired CO conversion [10,11,18–21].

One question is to what extent the water molecules used by high steam/gas conditions are utilized
to successfully convert CO into CO2, or whether the enriched water concentration would affect the
WGS reaction in practice. Herein, the interaction between catalytic sites and water molecules becomes
a key point. The secret behind LSGRT for SWGS is its enhanced water (steam) capture by employed
catalyst [13]. It is well known that the WGS catalyst promotes both water gas shift and methanation
reactions. In a closed system reaction equilibrium works to draw the final product composition;
however, in a constant flow system, e.g., the WGS reactor, the utilization of catalytic sites by different
reactants dominates the product output [12,18,21]. By applying a specially designed SWGS catalyst
with better water-capture ability, H2O molecules were selectively enriched on/near the catalytic sites to
meet the requirement of accelerated CO conversions, while the H2 adsorption on catalytic sites was
effectively weakened. The first effect greatly promotes the WGS reaction and enables step-wised control
of WGS reaction depth with even very limited water amount; the second effect better suppresses the
methane formation.

Inclusion of alkali oxides into the Mo–Co/alumina composition brings the above enhanced water
capture ability to LSGRT SWGS catalysts. The increase of K2O content in MgAl2O4 spinel modified
alumina supported CoMoOx catalyst (general form of conventional Mo–Co/Al2O3 catalyst for SWGS)
led to higher CO conversions under the lean steam/gas conditions while effectively suppressing the
formation of CH4 [13,14]. It was thought that K2CO3 helped in the capture of water molecules while
the alkalinity of K2CO3 also effectively depressed methane formation over the MoS2 active sites.

A general composition of industrial Mo–Co/alkali/Al2O3 catalyst for LSGRT is given as below
(based on the evaluation of X-ray fluorescence spectroscopy, atom weight):

Na 1–3%, Mg 0–1%, Al 65–80%, K 0–15%, Ca 0–5%, Mo 5–10%, and Co 0–5%.
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In this paper, we have selected representative samples of a laboratory-developed LSGRT SWGS
catalyst (marked as CAT) that has been and is being employed in the SWGS plant of many large
scale coal/natural-gas chemistry projects in the Chinese industry. Samples of different running time,
and various deactivations were characterized and re-evaluated in laboratory.

4. Catalyst Performances and Characterizations

Residual catalytic properties of served/deactivated samples were measured by rationally designed
laboratory experiments using as-prepared (sulfurized in factory) CAT for reference. The experimental
system (Figure 2) employed two fixed-bed reactors connected in series in order to better simulate the
real SWGS process (R1 used for pre-sulfurization was removed to show the authentic residual catalytic
property of served/deactivated industrial samples, all samples were vacuumed immediately at the
time of unloading; the reactor 1 and reactor 2 in Figure 2 simulated the R2 and R3 SWGS reactors in
Figure 1, respectively). Each time, 0.3 ml catalysts ground and sieved into 40–60 mesh were loaded
in the isothermal zone of each reactor (quartz wool and quartz sand were used for protection and
supporting). N2 (100 ml/min) was used as a carrier gas to bring steam into the reactors. Water was
vaporized in the calibrated two-stage evaporators, and the steam/gas ratio was precisely set at 0.7,
a bit higher than the real LSGRT to guarantee the CO conversion over served/deactivated samples.
The inlet dry gas (50 ml/min) contained CO of 45 vol%, CO2 of 5 vol%, H2 ~50 vol% and H2S 3000
ppm to make sure a syngas GHSV of 10000 h–1. It should be noted that the composition of industrial
syngas as raw materials to SWGS plants does vary a lot due to many issues, such as the coal type,
employed gasifiers and the exact gasifying technologies [21–23]. The syngas composition employed
in this research, especially the CO content has considered the suggestions from field experts, plant
designers, and more importantly the practical CO vol% of several representative commercialized
gasifications (typical slurry feed entrained-flow gasifier, e.g., Chevron Texaco Gasifier, gives 30–45 vol%
CO; dry feed entrained-flow gasifier, e.g., Shell Gasifier, may give CO percentage of ~60 vol%) [22–25].
In order to extend the catalytic lifetime for deactivated samples and for a safety consideration, industrial
3Mp pressure was not employed and all samples were tested under atmosphere pressure; however,
as the reaction is volume constant, the current system causes very limited discrepancy in the catalytic
property evaluations.

Figure 2. System of laboratory SWGS test: (a) N2 for catalyst stabilization (b) Dry gas; (c) N2;
(d) evaporator 1; (e) evaporator 2; (f) reactor 1; (g) reactor 2; (h) gas-liquid separator; (i) outlet to GC.

Catalytic performances of different samples at three temperature points (265 ◦C, 350 ◦C and 450 ◦C)
are presented in Figures 3 and 4, respectively. At each temperature, the catalyst samples were stabilized
in N2 for 1h ahead of test. The reactor outlet flow was analyzed with on-line gas chromatography
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(Agilent 7890, packed column 1.5 m Φ 3 mm, TCD, FID and FPD). The catalytic performance was
measured by CO conversion:

XCO% = (Y0
CO − YCO)/(Y0

CO) × 100

Y0
CO - CO inlet vol%; YCO - CO outlet vol%

Figure 3. Laboratory test of CO conversion achieved by CATs served in industry for different years:
(a) CAT as-prepared; (b) 1 year served; (c) 2 years served; (d) 3 year served; (e) 4 years served.

Figure 4. Laboratory test of CO conversion achieved by CATs deactivated for different reasons: (f) As
poisoned; (g) caking 1; (h) water soaking; (i) caking 2; (j) Cl poisoned; (k) sintering by hot spot.

It is clearly shown in Figure 3, longer-time served CAT always led to a lower CO conversion in the
same laboratory experiment, which is an intuitionistic sign of catalyst ‘aging to deactivate’. All samples
exhibited very low CO conversion at 265 ◦C which implies a higher temperature is required for the
sufficient catalytic activation. At 450 ◦C, all samples achieved CO conversion of 10 mol% or much
higher (70 mol%). Interestingly, CO conversion at 350 ◦C showed a huge difference between samples
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used for 3 and 4 years, while at 450 ◦C, the difference between these two samples was less. To answer
the above question, two notes could be addressed: 1) 310–450 ◦C is the proper temperature range of
industrial High-Temperature WGS (HTS). For HTS, a higher temperature, i.e., 450 ◦C, possesses more
influence on the reaction rate, which could minimize the actual CO conversion difference between
differently aged catalysts especially in a stream reactor (*It should be noted that raising catalyst bed
temperature is a common way to extend the lifetime of less catalytic, aged catalysts in the chemistry
industry although coke formation may also be fastened at the same time) [1,4,12,16,18]. 2) WGS
at 350 ◦C or below relies more on the reserved intrinsic properties of the employed catalyst, thus,
the poorer performance of 4 years served CAT was amplified. The above results support recent studies
focusing on the development of a lower temperature WGS catalyst; the aim of such exploration is
to speed up catalytic performance at 300 ◦C or lower while taking the advantage of WGS reaction
equilibrium (WGS process is moderately exothermic) [1,6–8].

In Figure 4, a series of CAT samples accidentally deactivated were evaluated. We carefully selected
samples from several large scale Coal-to-Methanol/Liquid oil/Hydrocarbons industrial plants to make
sure they are referential. Except one sample deactivated by caking (~45 mol% CO conversion at 450 ◦C),
most of them were not completely deactivated but quite close to the status of CAT 3–4 years served.
Their morphology was presented by scanning electron microscopy (SEM) as shown in Figure 5.

Caking is an early-stage deactivation of alumina-based catalysts serving for years due to which the
catalyst particles became loose (not very obviously), further compressed or agglomerated. A general
reason for caking could be the high-pressure hydrothermal working conditions, e.g., 3 Mpa for SWGS.
As caking is a more ‘physical’ property change, no obvious morphological difference was found
between CATs used for 4 years (Figure 5a), CATs used for 3 years (Figure 5b), CATs deactivated
by caking 1 (Figure 5c) and CATs deactivated by caking 2 (Figure 5d). Water soaking accidently
occurs between the WGS plant operating cycles. There are various reasons for the local enrichment of
water/steam in a WGS plant, which leads to the catalyst surface being oversaturated with H2O which
could be another important reason for catalyst caking. From SEM results (Figure 5e), the water-soaked
CATs showed very similar morphology as compared to CATs served for years or caked, with only
a small difference on the catalyst surface (more obviously seen in Figure 5e3, the surface of CATs
presented special ‘washing’ appearance). CATs deactivated by sintering exhibited the worst catalytic
performance (Figure 4k) in terms of the lowest CO conversions at the selected three temperatures,
indicating the most severe damage of catalytic sites. This is more evidenced by the SEM results
(Figure 5f); the apparent crystallization reflected in the picture brought in the dramatic and irreversible
reducing of catalyst surface and active sites. It should be mentioned that there were in fact very
unusual catalyst deactivations by ‘poisoning’ in which case poisonous elements (e.g., As and Cl),
even in very small amounts, deposited over the catalyst surface (Figure 6). By far, no strong links were
found between the cause of WGS deactivation and the above catalyst poisoning. Such accident rarely
occurred and could be attributed to the unsuccessful coal preparation before gasification.

More information about the surficial elemental compositions of different samples are listed in
Tables 2 and 3. Trends have been found for the 1–4 years served CATs. Fresh (as-prepared) CAT
possessed the highest Mo level and Al level, which fell gradually as the serving years increased. The 1
year served CAT became sulfurized, then the sulfur level decreased at a faster rate than Mo and Al.
As more Mo elements were continuously lost from the catalyst surface, the surface level (concentration)
of Co elements accordingly increased implying they were comparably more stable in the LSGRT SWGS
process. No Cl or As was observed on the surface of as-prepared CAT, but their concentrations went
up gradually with the time on stream of WGS increasing. For the industrial SWGS process, it was
difficult to completely avoid the accumulation of unexpected poisoning elements over the catalyst
surface especially during a long-time plant running.
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Figure 5. SEM images of CATs unloaded after time on stream for 3–4 years or deactivated for other
reasons: (a) 4 years; (b) 3 years (c) caked 1; (d) caked 2; (e) water soaked (f) sintered.
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(a) 

 
(b) 

Figure 6. Elemental mapping results of CATs poisoned by As (a) and Cl (b).

CaO was introduced in the preparation of CAT as a common method to improve the catalyst
mechanical strength. As shown in Table 2, even in a very small amount, Ca content over the catalyst
surface fell gradually with time on stream extending. However, as shown in Table 3, the sintered CAT
and caked CATs exhibited much higher Ca levels than all other samples. The accumulation of Ca
over CAT surface might be a direct reason of catalyst particle growth and aggregation, which led to
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the final deactivation by caking [12,26,27]. In some cases, the slow caking of catalyst particles could
be accelerated by high temperatures and finally evolved to the sintering deactivation: 1) The WGS
reaction is exothermic, more exothermic is due to higher accompanied methanation side reaction which
might occur at aggregated catalyst particles causing locally over-heated sites (hot spot). 2) The local
high temperature further accelerates the metal particle growth and finally the aggregation (sintering).
3) The observed high Ca levels of caked and sintered samples supported the above explanations.

Table 2. Elemental distributions of different CATs (fresh–used), the standard deviation of the measured
value is set as unity in the last decimal.

Composition CAT 1 year 2 years 3 years 4 years

Mo (MoO3) 7.856 6.905 6.885 6.803 6.628
Co (Co3O4) 1.985 1.898 2.326 2.659 3.436
Al (Al2O3) 75.349 73.334 71.005 70.804 68.801

S(SO3) 0.222 16.015 13.309 10.315 9.655
Ca (CaO) 0.582 0.565 0.456 0.408 0.249

Cl (Cl) 0 0.22 0.203 0.237 0.274
As (As2O3) 0 0.01 0.01 0.01 0.028
C (Organic) 0 0.022 0.035 0.05 0.063

Table 3. Elemental distributions of different CATs deactivated by other reasons, the standard deviation
of the measured value is set as unity in the last decimal.

Composition. Caked 1 Caked 2 Sintered Cl As

Mo (MoO3) 8.323 8.571 9.216 6.905 6.322
Co (Co3O4) 2.865 2.015 1.893 1.934 1.751
Al (Al2O3) 70.085 72.86 69.008 60.104 71.521
S (SO3) 10.223 9.05 8.61 14.732 9.772
Ca (CaO) 0.603 0.721 0.859 0.228 0.303
Cl (Cl) 0.15 0.215 0.429 0.725 0.642
As (As2O3) 0.01 0.01 0 0.05 0.101
C (Organic) 0.037 0.082 0.097 0.052 0.041

All unloaded CATs showed different levels of carbon deposition over the catalyst surfaces as a
straightforward evidence of coking deactivation. However, even the sintered CAT and caked CATs
have more cokes; coke formation was still not regarded as the main reason for WGS deactivation;
a possible reason could be the H2 generated in the WGS reaction suppressed the development of
catalyst coking.

Crystal structures of different samples were analyzed with X-ray diffraction (XRD) as shown in
Figures 7–9. The sharper diffraction peaks of γ-Al2O3 in Figure 7 indicate all CATs served for different
years have developed further crystalized alumina structures as compared with fresh CAT, which is a
common result for alumina supported catalysts long-term served with steam. Diffraction (a peak at
~61◦) from the 008 plane of crystal MoS2 was clearly observed on the 1 year served CAT, as an early
sign of the irreversible loss of mono-layer dispersed MoS2 which is the active sites for catalytic CO
conversion [28]. Diffractions from the 105 plane (a peak at ~50◦) and 002 plane (a peak at ~14◦) of
crystal MoS2 were continuously found on CATs served for 3 years and 4 years [28]. The above results
reflected an evolution of the MoS2 phase supported on CAT when served in the industrial WGS plant
under a lean steam/gas ratio, which is supposed to start from a mono-layer distribution and gradually
develop into a complex crystal structure. Crystal phases of CaMoO4 and MgAl2O4 were also found to
be present on all served CATs indicating an effective alkali modification.

By comparison (Figure 8), the crystallinity of γ-Al2O3 was noted to be less developed on Cl and
As poisoned, caked and steam-soaked CATs, which is more similar to the as-prepared CAT. These
observations match the fact that CATs in Figure 8 were not used for a long time due to the deactivation.
On the other hand, these XRD observations also indicate caking, as the early stage of alumina supported
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catalyst blocking or sintering, did not show apparent impact on crystallization. Besides, crystal phases
of boehmite (precursor of alumina support) were noted to be formed in the caked and Cl poisoned
CATs all pointing to an undesired catalyst structure damage.

Figure 7. XRD patterns of CATs served for different time (a) 4 years; (b) 3 years; (c) 2 years; (d) 1 year;
(e) as-prepared.

Figure 8. XRD patterns of CATs deactivated for different reasons (a) Cl; (b) As; (c) caking 1; (d) caking
2; (e) steam-soaked; (f) as-prepared.

In operating catalyst beds both sintering and caking could lead to block formation or aggregation
of alumina supported catalyst. However, as seen in our results (Figure 9), for CATs served in LSGRT
SWGS, only sintering leads to very distinguished and complicated crystalline structures. This is further
supported by our SEM images (Figure 5f) since the crystallization of sintered CATs is so apparent and
uncontested. In Figure 8 we also noted the formation of crystallized MoS2 on the caked CAT sample
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(Figure 8d, caking 2), which implies that caking might be another reason leading to the loss of mono
layered MoS2 and, therefore, the dramatic reduction of catalytic sites for SWGS.

Figure 9. XRD patterns of CATs deactivated by sintering vs. by caking 2.

For further analyses, Raman spectroscopy (Figure 10) is employed to draw the surficial properties
of different CATs. MoO3 species (Raman shifts at ~320, ~910 and 1050 cm−1) are only observed on
the as-prepared (un-sulfurized) CAT. All served CATs have formed MoS2 species on their surface as
clearly evidenced by the featured Raman shifts at ~380 and ~410 cm−1, respectively. The MoS2 signals
gradually drop as the serving time of CAT increases. Both the loss of sulfur contents and the MoS2

crystallization could lead to a reduced MoS2 catalyst surface dispersion in a long term SWGS process,
which can be reflected by the gradually weakened MoS2 Raman signals.

Figure 10. Laser Raman spectra of CATs at different status and coke formations (a) served 1 year;
(b) served 2 years; (c) served for 3 years; (d) served for 4 years; (e) as-prepared; (f) caked; (g) water soaked;
(h) sintered; (i) Cl; (g) As; (k) coke-caked; (l) coke-water soaked; (m) coke-sintered; (n) coke-served for
4 years; (o) coke-served for 3 years; (p) coke-served for 2 years; (q) coke-served for 1 year. For D/G
ratio the standard deviation of the measured value is set as unity in the last decimal
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Caked, Cl-poisoned, As-poisoned CATs also exhibit clear MoS2 signals in a strong contrast to
the sintered CAT which shows only very faint MoS2 Raman bands. For the sintered CAT, a group of
unidentified Raman shifts between 800 and 950 cm−1 are observed possibly attributed to the complex
interactions between catalyst surface Mo species. Raman shifts between 140 and 150 cm−1 only present
in the spectra of as-prepared CAT, 4 years served CAT, and those accidentally deactivated CATs (except
sintered CAT). A possible reason could be the variational interactions between the catalyst surface
Mo species and support alumina; on the other hand, these signals might be part of the background
when there is very weak MoS2 signal. Notably, Cl-poisoned, As-poisoned and water-soaked CATs also
exhibited Raman shift of MoO3 at ~1050cm−1. It is assumed that for these CATs, the sulfurization of
MoO3 was unpredictably disturbed.

Carbon bands (the D peak around 1350 cm−1 and the G peak around 1580–1600 cm−1) are also
clearly detected by Laser Raman for the caked CAT, water-soaked CAT, sintered CAT and served CATs
(Figure 10 k–q). The D/G ratio of carbonaceous species was calculated for each sample to describe
the extent of carbon formation [29,30]. The D/G ratio lies between 0.6 and 0.7 for CATs served for 1–3
years indicating a comparably uniform carbonaceous distribution on the catalyst surface. The 4 years
served CAT possesses more diamondlike (DLC) carbons of SP3 bonding which also implies that more
hydrogen contents could exist in the deposited carbon compounds. Unlike carbon deposition obtained
in a zeolite catalyzed acidic reaction, where the catalyst surface carbonaceous species are normally
deeply dehydrogenated, the WGS reaction generates rich amounts of H2 with steam which might
possess an inverse role to hydrogenate the cokes. The D/G ratio of accidentally deactivated CATs varies
in the range of 0.47–1.59; the exact reason may require a future investigation with the help of catalyst
accidental deactivation simulation in laboratory conditions. Infrared spectroscopy was employed as a
complement to the above Raman studies where comparisons were made with the previous IR studies
on supported MoS2 catalysts or others [31,32]. As seen in Figure 11, the as-prepared CAT without
sulfur presented apparently divergent spectra in a stark contrast to the served, sulfurized CATs; for this
sample (Figure 11a) IR bands only appeared at 1600, 1380, 1280 and 1000 cm−1. The above bands (IR
peaks) became eroded (1380, 1280 and 1000cm−1) or slightly shifted (1600 cm−1) in the spectra of served
CATs, as a good sign of sulfurization. Meanwhile, new bands at 1450, 1100 (there was even a small peak
at 1050 cm−1 in the spectra of CAT served 1 year which was ‘just sulfurized’ compared with the other 3
served CATs) and 890 cm−1 appeared; the first two bands were so strong in the spectra that could be
a most straightforward evidence showing the occurrence of successful sulfurization. As the serving
years of CAT increased (Figure 11b–e), the bands at 1450 and 1100 cm−1 became gradually weakened
with the WGS catalytic ability accordingly lowered; the 1450 cm−1 band completely disappeared in the
spectra of 4 years served CAT which was the most severely served CAT.

Figure 11. FT-IR spectra of CATs used for different years (a) as-prepared; (b) served for 1 year; (c) served
for 2 years; (d) served for 3 years; (e)served for 4 years.
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In the spectra of accidently deactivated CATs, 1450 and 890 cm−1 (there was a shift to 840 cm−1 in
the spectra of sintered CATs) bands were still missing; however, the band at 1100 cm−1 was clearly
shown despite that signals were much weaker for the As-poisoned CAT (Figure 12f).

Figure 12. FT-IR spectra of CATs deactivated for different reasons (f) As; (g) Cl; (h) water soaked;
(i) sintered; (j) caked 1; (k) caked 2.

Despite the poor resolution in coke analysis, for each sample attempts were also made to capture
the possible IR bands of carbonaceous compounds deposited. However, in the commonly used coke
domains both aromatic CH stretching modes (2800–3200 cm−1) and paraffinic carbon CH stretching
modes (3000–3200 cm−1) were not confidentially detected, whereas the observed bands at 2850, 2925,
2960 and 3080 cm−1 are possibly attributed to the catalyst support frameworks [30].

The above IR discussions indicated that CATs in a good sulfurized condition mainly possessed
two bands at 1450 and 1100 cm−1, respectively. Both bands might be responsible for the effective
sulfur tolerant WGS. However, only the change of 1450 cm−1 band was noted more sensitive for those
deactivated CATs, and therefore, it is more important to assess the remaining catalytic properties.
Notably, this new finding was not reported in the previous studies of high steam/gas ratio sulfur
tolerant WGS. Compared with the IR results, although more intensive in signals, Raman spectra only
indicated an overall reduction of catalyst surface MoS2 species on the deactivated CATs (Raman shifts
at ~380 and ~410 cm−1).

5. Experimental

The CAT samples (Figure 13) were precisely unloaded from the plant and packed in vacuum at
the same time. CATs served 1–4 years (Figure 13 c–f) were selected, and all accidentally deactivated
CATs (Figure 13 g–l) only served for less than two years.

Experimental sets employed for laboratory sulfur tolerant WGS reaction over selected CATs were
discussed in the above.

Scanning electron microscopy (SEM) were taken with a JEOL 840F scanning microscope instrument
(JEOL, Peabody, USA). Elemental mapping employed a GeminiSEM 300 scanning microscope
instrument (Zeiss, Jena, Germany). Samples were deposited onto dust free platform and treated with
gold-spray to enhance the signal before analysis.

X-ray diffraction results were obtained with a PANalytical X’Pert PRO diffractometer (Malvern
Panalytical, Royston, UK) using Cu Kα1 radiation in diffraction angle from 5◦ to 90◦ (2 theta angular
range) and a scan rate of 0.8◦ min−1 in 2θ.

Laser Raman spectra were recorded with a Perkin-Elmer Raman Station 400F Raman Spectrometer
(Perkin Elmer, Waltham Mass, USA). Raman shifts were recorded between 50cm and 1250cm−1 for all
CATs or 1000 and 2050cm−1 for selected coked CATs. Powder samples were hold with a piece of clean
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glass during scan. For D/G ratio calculation LapSpec (Version 5.58, Horiba, Kyoto, Japan) software was
used in the peak matching and integration (Gaussian method).

Figure 13. CATs samples investigated (samples in photo were broken into powders for characterizations):
(a) γ-Al2O3; (b) as-prepared; (c) 1 year served; (d) 2-years served; (e) 3-years served; (f) 4-years served;
(g) As; (h) Cl; (i) water-soaked; (j) caked 1; (k) caked 2; (l) sintered.

Infrared spectra were obtained by a Bruker Tensor II FTIR spectrometer (Bruker, Santa Barbara,
USA) in the wavenumber range of 4000–400 cm−1. Samples were mixed with KBr (sample/KBr = 1:50
in weight) and then pressed into pellets for measurements.

6. Summary

The latest development in sulfur-tolerant water gas shift catalysts and its application in low/lean
steam/gas ratio technology (LSGRT) in industrial operation were comprehensively reported in this
work. LGSRT possessed many improvements as compared with the traditional high steam/gas ratio
technology. The LSGRT catalyst does not need extra steam adding in the WGS process; it just requires
adding liquid water directly to the raw syngas stream to effectively control the hot spot and reduce
the energy input. This can also help to control the WGS reaction depth, as well as the suppression of
methanation side reactions.

Catalysts based on Mo–Co/alkali/Al2O3 composition were successfully developed and applied
to the LSGRT water gas shift process, and a series of industrial samples (CATs) used under different
conditions and lifetime stage were collected, laboratory tested and characterized with the techniques
of XRD, SEM and Laser-Raman.

From the above works, many important findings were made: 1) The CO conversion of Mo–Co/
alkali/Al2O3 catalyst (CATs in the above discussions) gradually fell after 1–4 years time on stream
under the conditions of LSGRT while the difference between medium temperature (350 ◦C) and high
temperature (450 ◦C) catalytic performances became less as the catalyst was being used. 2) Caking,
water-soaking and sintering led to negative effects on the catalytic performance of LSGRT catalysts,
whereas sintering gives the most severe damage to catalyst in terms of changes in catalyst crystal
structure and surface properties as reflected by the characterizations. 3) Cl and As could be poisonous
for LSGRT catalysts and were supposed to disturb the catalyst sulfurization. On the other hand,
water-soaking might also lead to a similar result. 4) New spectroscopy evidence was found in the
characterizations of served and deactivated LSGRT SWGS catalysts which together with the above
experimental results could be a good reference for researchers and industry.

7. Expanded Discussion

Even though LSGRT SWGS catalysts have been successfully employed in many important WGS
plants in the past years, there is still an urgent demand for the continuous study and more tests,
especially in the real field conditions.

98



Catalysts 2019, 9, 772

One would argue how the ‘accidentally deactivated’ samples discussed in this work could
be representative for researchers and field experts; besides, these deactivation approaches might
be random and therefore, the results only teach less. To make sure our results are representative
and referential, one would apply their WGS catalyst under a similar condition, i.e., reaction with
a lower steam/gas ratio; the accidental deactivations described in this work have encompassed as
many originally unexpected deactivations as the catalyst inventers (part of our authors) could record,
since the LSGRT SWGS catalysts were extensively applied:1) LSGRT SWGS catalyst in one plant could
be accidentally caked, water-soaked, sintered, Cl poisoned or As poisoned; however, yet no other
major reason was reported as newly found accidental deactivation. 2) One type of LSGRT SWGS
catalyst accident could occur several times, or in different plants; however, these changes are significant
deactivations. Although the exact mechanism of these accidental deactivations is not completely
clear, we have given as much reliable explanations (e.g., a general reason for caking could be the
high-pressure hydrothermal condition) as the current work could support and we do appeal for more
researchers seeking future explorations.

Another discussion could be over a long time period in an environment that is lacking in the
normal control which one would use in a lab setting, to which extent we could assure that something
besides the operating conditions did not affect the LSGRT SWGS catalytic performance. This question
points to not only WGS catalysts but also all other industrially employed catalysts, e.g., zeolites,
as the amplification of catalytic performance from a laboratory reaction to industrial plant application
does bring in many uncertainties. However, the potential risks could be effectively prohibited and
controlled in many ways, such as rational catalytic design, long-term laboratory experiments, pilot
test, the real monitoring of plants and more importantly, a continuous study on employed catalysts
to further improve its performance [33,34]. While the practical WGS reaction occurring in a plant is
a heterogenous, multi-direction process with several side reactions, e.g., methanation, it is first and
foremost a chemical phenomenon that can be effectively controlled with the help of plant-integrated
monitoring systems [18,21]. The above accidental deactivations may have not been found by the
previous WGS laboratory studies, but observed and recorded by the practical plant monitoring; in this
work, their significance on real WGS performance was firstly reported with a preliminary evaluation
on the causes, which is of great importance to prohibit future deactivations and helps to effectively
control plant operating conditions.
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Abstract: Syngas and Hydrogen productions from methane are industrially carried out at high
temperatures (900 ◦C). Nevertheless, low-temperature steam reforming can be an alternative for
small-scale plants. In these conditions, the process can also be coupled with systems that increase
the overall efficiency such as hydrogen purification with membranes, microreactors or enhanced
reforming with CO2 capture. However, at low temperature, in order to get conversion values close
to the equilibrium ones, very active catalysts are needed. For this purpose, the Rh4(CO)12 cluster
was synthetized and deposited over Ce0.5Zr0.5O2 and ZrO2 supports, prepared by microemulsion,
and tested in low-temperature steam methane reforming reactions under different conditions.
The catalysts were active at 750 ◦C at low Rh loadings (0.05%) and outperformed an analogous
Rh-impregnated catalyst. At higher Rh concentrations (0.6%), the Rh cluster deposited on Ce0.5Zr0.5

oxide reached conversions close to the equilibrium values and good stability over long reaction time,
demonstrating that active phases derived from Rh carbonyl clusters can be used to catalyze steam
reforming reactions. Conversely, the same catalyst suffered from a fast deactivation at 500 ◦C, likely
related to the oxidation of the Rh phase due to the oxygen-mobility properties of Ce. Indeed, at 500 ◦C
the Rh-based ZrO2-supported catalyst was able to provide stable results with higher conversions.
The effects of different pretreatments were also investigated: at 500 ◦C, the catalysts subjected to
thermal treatment, both under N2 and H2, proved to be more active than those without the H2

treatment. In general, this work highlights the possibility of using Rh carbonyl-cluster-derived
supported catalysts in methane reforming reactions and, at low temperature, it showed deactivation
phenomena related to the presence of reducible supports.

Keywords: Hydrogen; Low Temperature Steam Reforming; Rh4(CO)12 cluster; microemulsion
synthesis; CeZr oxide; Zr oxide

1. Introduction

Methane steam reforming (SR) is a leading reaction in syngas production with a wide employment
on an industrial scale [1–6]. However, in order to allow high conversions of methane, very high
temperatures (900 ◦C) are employed, and this requires feeding the reactor with a large amount of heat,
which is provided by burning part of the methane reagent in an external furnace. Therefore, in some
conditions, lower operative temperatures (400–500 ◦C) may be advisable, for instance when very high
H2/CO ratios are required, in what is called Low Temperature Steam Reforming (LTSR) [7–9]. In cases
of excess of steam in the process feed, with the right catalyst the two SR and WGS (Water Gas Shift)
reactions take place consequently in the same reactor [10,11]. This allows for a drastic decrease in CO
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content with respect to the classical steam reforming reaction, providing an outlet gas with a high
H2/CO ratio. Moreover, the temperatures employed are compatible with special applications such as
use of microreactors, CO2 capture enhanced reforming, and Pd membrane reactors for pure hydrogen
production [12–15]. In the latter case, the steam reforming occurs inside a tubular membrane from
which hydrogen is separated. The employment of a membrane requires high operative pressures that
reduce the methane conversion. However, the hydrogen removal from the retentate allows to increase
the hydrogen yield and methane conversion with regard to a classical reactor, allowing to realize an
effective process [11,12]. For these reasons, very active, selective, and stable catalysts are required to
efficiently perform LTSR in a membrane reactor. In fact, these must be able to activate methane at low
temperatures, thus improving the performances with respect to high active SR and CPO (catalytic
partial oxidation) catalysts [16]. Moreover, active-phase stability is important for the application cited
above, in order to minimize the operations related to catalyst replacement. For this reason, Rh was
selected as active phase rather than the mostly used Ni. In fact, Rh was reported to have both higher
activity and stability in steam reforming than other active phases [17–21].

The Rh4(CO)12 cluster [22] had been studied almost 30 years ago for catalyzing different reactions,
such as the hydrosilylation of isoprene, cyclohexanone, and cyclohexenone [23], or, more recently,
the hydroformylation of cyclopentene co-promoted by HMn(CO)5 [24], all in homogeneous catalysis.
Rh4(CO)12-derived catalysts, supported on Al2O3, MgO, and CeO2, had also been tested in 2001 in the
CPO process for syngas production [25–27]. However, the CPO conditions and the related generated
hot spot do not allow a simple comparison among catalysts. Furthermore, no tests on heterogeneous
supported catalysts based on the Rh4(CO)12 cluster have been reported yet.

This work describes the preparation of Rh-based oxide-supported catalysts by exploiting the
Rh4(CO)12 carbonyl cluster as source of active phase, as well as their performances on low-temperature
methane steam reforming reactions, with the aim of developing a suitable catalyst for future membrane
reactor operations. The Rh4(CO)12 cluster was deposited on two different supports, namely Ce0.5Zr0.5O2

and ZrO2, which were obtained by microemulsion synthesis. Notably, this method gave rise to an
improved Rh-supported CeZr-oxide catalyst with respect to classical CeZr ones, in terms of activity
and stability in the oxy-reforming reaction [28–31].

The effect of the presence of Ce in the support and its influence on the catalyst deactivation were
also investigated. Noteworthy, no deactivation studies of Rh4(CO)12-derived catalysts for syngas
production have been reported thus far.

2. Results

2.1. Preparation and Characterization of the Supported Catalysts

The CeZr and Zr oxide supports were synthetized by w/o microemulsion technique [28] followed
by calcination at 750 ◦C, and were characterized by XRD (X-Ray Diffraction) analyses (Figure 1).
The diffractogram of the former showed reflections ascribable to the Ce0.5Zr0.5O2 (CZOm) phase,
which is not easy to obtain with other synthetic methods in terms of composition homogeneity and
structure. This specific phase possesses higher oxygen mobility and storage properties that enhance
the activity in reforming reactions [28]. Debye Scherrer calculations on the peak at lower 2θ showed an
average crystallite dimension of 8 nm.

The XRD analysis on the zirconium oxide sample, ZrO2 (ZOm), showed the formation of the
sole tetragonal phase of zirconia, while the pattern related to the monoclinic phase, associated with a
lower surface area [32–35], was not present. Debye Scherrer calculations gave an average crystallite
dimension of 10 nm.

Table 1 shows the surface area, volume of the pores, and average pore diameter of the CZOm and
ZOm samples, determined through Barrett-Joyner-Helenda (BJH) analysis.
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Figure 1. X-Ray Diffraction (XRD) spectra of the Ce0.5Zr0.5O2 (CZOm) and ZrO2 (ZOm) samples
synthetized by microemulsion and followed by calcination at 750 ◦C.

Table 1. Surface area, pore volume, and average pore diameter of the CZOm and ZOm.

Surface Area (m2/g) Pore Vol. (cm3/g) Avg. Pore Diam (nm)

CZOm 48.8 0.08 5.8

ZOm 40.7 0.07 10.8

The Ce-containing sample showed a higher surface area and a smaller average pore diameter.
This is related to the smaller average particle dimension that was obtained for the Ce-containing
sample (8 nm) compared to the zirconium oxide one. In any case, high surface and small particles were
obtained thanks to the microemulsion technique, in which micelles, used as microreactors, helped
to module the crystallite dimensions during the synthesis. Nevertheless, the total pore volume was
similar for the two samples, suggesting that a higher number of smaller pores was found in the
CZOm sample.

The two supports were also analyzed through IR (Infrared) spectroscopy in the solid state, in nujol
mull between NaCl plates, both before and after the deposition with the Rh4(CO)12 cluster, in order to
verify that this actually occurred. Initially, both spectra showed peaks at ca. 2100 (w), 2031 (s) and
1892 (w) cm−1, typically associated to the sole supports. The cluster compound was then deposited on
CZOm and ZOm (Rh loading of 0.6% wt/wt). The preparation was carried out by mixing a n-hexane
solution of Rh4(CO)12 with a slurry of the desired support in the same solvent for 24 hours, under
CO atmosphere because of the instability of the neutral cluster in air. In the end, the IR spectra of
the n-hexane solutions showed a complete absence of any residual Rh4(CO)12, as indicated by the
disappearance of its typical νCO absorptions. Moreover, both supports changed their colors from white
to light burgundy after the treatment with the cluster and their IR spectra showed significant changes
with respect to the initial ones. More specifically, the spectrum recorded on CZOm exhibited νCO peaks
at 2078 (sh), 2051 (s), 2043 (m), 2019 (sh), 1803 (sh) and 1797 (w) cm−1, while the one of ZOm showed
νCO peaks at 2068 (w), 2038 (s), 1990 (sh) and 1774 (w) cm−1. These experimental evidences consistently
indicate that the cluster deposition on the CZOm and ZOm supports occurred. Figures 2 and 3 show
the solid-state IR spectra of the bare and Rh-deposited CZOm and ZOm supports, respectively.
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Figure 2. Solid-state infrared (IR) spectra of the bare (left) and Rh-deposited (right) CZOm support.

Figure 3. Solid-state IR spectra of the bare (left) and Rh-deposited (right) ZOm support.

Subsequently, both catalysts were pelleted and treated under N2 at 500 ◦C, and new nujol mull
spectra were recorded. As illustrated in Figure 4, the ZOm-supported catalyst exhibited residual νCO
peaks at 2023 (w) and 1874 (w) cm−1, while the CZOm-supported one displayed the same peaks shown
by the support before the deposition [26].

Figure 4. Solid-state IR spectra of the Rh-deposited CZOm (left) and ZOm (right) supports after
treatment under N2 at 500 ◦C.
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A possible explanation for this different behavior could be that, in the CZOm support, the high
mobility of oxygen atoms linked to the Ce(IV)/Ce(III) couple favored the complete oxidation of the Rh
carbonyls [36]. After treatment under hydrogen flow at 500 ◦C, both catalysts only showed IR bands
associated to the sole supports.

2.2. Catalytic Tests on Cluster-Derived Catalysts

2.2.1. Cluster-Based Catalyst with High Rh Loading

The cluster-based catalyst with a metal loading of 0.6% deposited on Ce0.5Zr0.5O2 (Rh0.6-CL-
R-CZOm) was tested in different conditions, and the effects of the S/C (Steam/Carbon) ratio, temperature,
pressure and GHSV (Gas Hourly Space Velocity) were studied. The precursor was charged in the
reactor and heated under N2 at 500 ◦C, and after cooling down to 200 ◦C, the sample was heated at
500 ◦C under H2 to obtain the final active catalyst. The analyses of the reaction parameters have been
carried out with the aim of studying the conditions with which the catalyst could maximize both
syngas and hydrogen productions.

At 500 ◦C, the increase of the S/C ratio had a positive effect on the methane conversion (X CH4),
as shown in Figure 5. In particular, at low S/C ratios, the methane conversion was 19% at S/C 1 and 22%
at S/C 1.5, very close to the equilibrium values (19% and 24%, respectively). A further increase in S/C
up to 2 and 3 resulted in higher conversions of 23% and 26%, though not enough to meet the increase
of the equilibrium values (29% and 36%, respectively), deriving from higher steam concentration,
showing a kinetic limitation of the steam reforming reaction. The H2/CO ratio was also considered to
analyze the contribution of the water gas shift reaction (WGSR). In all conditions, the ratio was higher
than the stoichiometric value of 3, due to the occurrence of the WGSR. Thus, an advantage of low
temperature steam reforming is the possibility of carrying out the two reactions together, as opposed of
conducting them in three different reactors (one for steam reforming, a high-temperature shift reactor
and a low-temperature shift one), which is the usual procedure. For instance, a H2/CO ratio of 28 was
obtained at S/C 1. When the S/C ratio increased, the H2/CO raised thanks to an augmented contribution
of the WGSR, reaching the values of 35, 43, and 63 at S/C 1.5, 2 and 3, respectively. Indeed, the high
amount of steam reacted with CO and produced a major amount of hydrogen. This was also confirmed
by the CO selectivity (sCO), which decreased when increasing S/C, falling from 13 (at S/C 1) down to
6 at S/C 3.

Figure 6 highlights the effect of the temperature on the catalytic conversion of methane at
30,000 h−1, S/C 3 and atmospheric pressure. In all conditions, the methane conversions were far
from the equilibrium values (indicated by the empty bars). In general, experimental and equilibrium
methane conversions increase with temperature as both steam reforming thermodynamics and kinetics
are favored at high temperature. In fact, a conversion of 4% was observed at 350 ◦C, far from the
equilibrium value of 11%, which increased to 9% and 17% at 400 and 450 ◦C, but they were both still far
from the equilibrium conversions (18% and 26%, respectively). The equilibrium value was not reached
even at 500 ◦C, where the observed experimental conversion was 26% and the equilibrium one 36%.
However, a sharply decreasing trend was observed for the H2/CO ratio. The WGS and SR reactions
are favored in opposite conditions; therefore, at 350 ◦C water gas shift was predominant, and the
as-produced CO was directly converted into hydrogen, resulting in a final gas composition with CO
concentration of 75 ppm. Conversely, at 500 ◦C the water gas shift is less favored, and an increased rate
of steam reforming consumed water, further depressing the WGSR. Overall, this resulted in a decrease
of the H2/CO ratio from 1700 at 350 ◦C to 63 at 500 ◦C, and in an increase of the CO selectivity with
temperature up to 6%.

An increase of the GHSV caused a decrease in the methane conversion from 23% at 30,000 h−1,
to 17% at 50,000 h−1 and 13% at 100,000 h−1, which also resulted in lower hydrogen production
(Figure 7). Moreover, the conversion values were far from the equilibrium ones, which were set at 29%,
28%, and 25%, respectively. This was due to the minor contact time between the gas stream and the
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catalyst. In these conditions, in fact, the reaction appeared to be strongly limited by kinetics, and the
catalyst gave conversion results that were far from the thermodynamic equilibrium. The lower methane
conversion is accompanied by a higher water partial pressure, which decreased the CO amount due
to WGSR and, overall, increased the H2/CO ratio from 43 at 30,000 h−1, to 66 at 50,000 h−1 and 91 at
100,000 h−1. This catalyst behavior showed the predominance of the WGSR in determining the H2/CO
ratio, suggesting a faster kinetics for the WGS reaction over the steam reforming one. However, it is
difficult to offer a complete comparison among the different tests as lower catalytic bed temperatures
are developed at higher GHSV, due to decreased conversions. In fact, lower temperatures decrease the
equilibrium conversion and steam reforming activities.

Figure 5. Comparison among tests carried out on Rh0.6-CL-R-CZOm at 30,000 h−1, 1 atm and 500 ◦C.
The graphs report the methane conversion (blue) with respect to the equilibrium values (white bars
with black frames), H2/CO ratio (red), and CO selectivity (yellow) versus different S/C ratios.

Figure 6. Comparison among tests carried out on Rh0.6-CL-R-CZOm at 30,000 h−1, 1 atm and S/C 3.
The graphs report the methane conversion (blue) with respect to the equilibrium values (white bars
with black frames), H2/CO ratio (red), and CO selectivity (yellow) versus different T. The Y scale related
to the H2/CO-ratio graph is very different from the others due to the large values.
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Figure 7. Comparison among tests carried out on Rh0.6-CL-R-CZOm at 1 atm, S/C 2 and 500 ◦C.
The graphs report the methane conversion (blue) with respect to the equilibrium values (white bars
with black frames), H2/CO ratio (red) and CO selectivity (yellow) versus different Gas Hourly Space
Velocity (GHSV).

At higher pressure, lower methane conversions were observed (from 29% at 1 atm, to 20%, 17%,
and 13% at 3, 5, and 10 atm, respectively) (Figure 8), owing to a decreased thermodynamic equilibrium
of the SR reaction. However, the equilibrium conversion was close to the experimental conversion at
5 atm (17%) and reached it at 10 atm (13%). In analogy with what observed above, a lower methane
conversion is associated with a higher residual amount of water, which enhances the WGSR and,
in turn, the H2/CO ratio, which raised from 43 at 1 atm to 108 at 10 atm.

Figure 8. Comparison among tests carried out on Rh0.6-CL-R-CZOm at 30,000 h−1, S/C 2 and 500 ◦C.
The graphs report the methane conversion (blue) with respect to the equilibrium values (white bars
with black frames), H2/CO ratio (red) and CO selectivity (yellow) versus different GHSV. The Y scale
related to the H2/CO-ratio graph is slightly different from the others due to higher values.
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The effect of the S/C ratio was investigated at 500 ◦C and 10 atm (Figure 9). In these conditions,
the methane conversion increased with S/C, reaching the equilibrium values up to S/C 2 (9% at S/C 1,
11% at S/C 1.5 and 13% at S/C 2), and the experimental conversion (15%) close to equilibrium value
(17%) at S/C 3. The highest conversion was observed at S/C 3 thanks to the increased equilibrium
values at higher S/C ratios.

Figure 9. Comparison among tests carried out on Rh0.6-CL-R-CZOm at 30,000 h−1, 10 atm and 500 ◦C.
The graph reports the methane conversion (blue) with respect to the equilibrium values (empty bars
with black frame) versus different S/C ratios.

The same tests were also conducted at lower temperature, namely 450 ◦C (Figure 10). In these
operative conditions, the experimental methane conversion was close to the equilibrium values up
to a S/C ratio of 2, however, it remained distant from it a S/C 3 due to the lower catalytic activity at
this temperature. In particular, conversions of 5%, 6%, 7%, and 8% were, respectively, observed by
increasing the S/C, while equilibrium conversions concurrently increased from 5% to 7%, then 9%
and 12%.

Figure 10. Comparison among tests carried out on Rh0.6-CL-R-CZOm at 30,000 h−1, 10 atm and 450 ◦C.
The graph reports the methane conversion (blue) with respect to the equilibrium values (empty bars
with black frames) versus different S/C ratios.

Finally, in order to evaluate the stability of the catalysts in the operative conditions, a test with the
same parameters as the first one (500 ◦C, 30,000 h−1, 1 atm and S/C 1.5, Figure 11) was periodically
conducted after every three tests carried out in different conditions, giving rise to the so-called return
tests. The results indicate a rather high catalyst stability towards methane conversion. However,
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a conversion drop of 4% was observed in the last return test, which was carried out after those
conducted at low temperature and high pressure.

Figure 11. Methane conversion in deactivation tests carried out at 500 ◦C, 1 atm, 30,000 h−1 and S/C 1.5.

This deactivation could be due to the formation of carbon on the active site, owing to Boudouard
reaction, which in fact is favored at low temperature and high pressure. The Raman analysis on the
spent Rh0.6-CL-R-CZOm catalyst (Figure 12) showed two very small peaks related to the presence
of carbon. In particular, the bands detected at 1350 and 1580 cm−1 could be attributed to the D-band
and G-band of carbon, respectively [37–39]. In general, the G-band derives from the stretching of sp2

carbon bonds in planes of graphene type [28], while the D-band is caused by the vibrations of carbon
atoms in disordered species, such as amorphous carbon [40]. Both bands are rather broad and weak
even after a long time on stream and different reaction test conditions, demonstrating the properties
of the Ce0.5Zr0.5O2 support synthetized by microemulsion in retarding carbon formation, which was
also reported previously [28]. Considering the weakness of the bands, other phenomena, such as the
re-oxidation of the catalyst during high-pressure tests, where high water partial pressure is present,
need to be taken into account. In those conditions, especially in the first part of the catalytic bed where
the presence of hydrogen is still very low, the gas mixture had a higher oxidative potential that could
affect the oxidation state of the Rh.

Figure 12. Raman analysis carried out on the used Rh0.6-CL-R-CZOm catalyst. The two bars indicate
the presence of carbon.
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2.2.2. Catalytic Tests with Low Rh Loading

The catalysts with a lower Rh loading were prepared diluting the 0.6% sample down to 0.05%
wt/wt for further tests, to allow a better evaluation of the activity in a kinetic regime and a better
understanding of the deactivation phenomena and metal support effects. Furthermore, the study
of catalysts with low amounts of active phase is interesting for some specific applications, such as
structured catalysts, membrane reactors, and microreactors, where the active phase may be deposited
or coated in thin layers or on low-surface-area supports.

Catalysts with a low % of active phase (0.05% wt/wt) on the two different supports (CZOm and
ZOm) were prepared and treated in two different ways: either just heated under N2 or treated firstly
under inert gas and then hydrogen. The four produced catalysts were named as follows:

• Rh0.05-CL-N-CZOm (the cluster-based catalyst deposited on CZOm was heated under nitrogen
before the tests).

• Rh0.05-CL-R-CZOm (like the previous catalyst, also treated under H2).
• Rh0.05-CL-N-ZOm (the cluster-based catalyst deposited on ZOm was heated under nitrogen

before the tests).
• Rh0.05-CL-R-ZOm (like the previous catalyst, also treated under H2).

Tests were carried out at fixed experimental conditions (GHSV = 30,000 h−1, P = 1 atm, T = 500 ◦C,
S/C 1.5) to compare the different catalysts’ performances.

Before the catalytic tests, a preliminary screening was carried out to compare the Rh-particle
size and distribution on the not-reduced (only heated under nitrogen) CZOm- and ZOm-supported
catalysts. The TEM (Transmission Electron Microscopy) analyses performed on both supports
evidenced the presence of small Rh particles (1-2 nm) with narrow size distribution (Figure 13).
However, it is important to note that the identification of particles below 1 nm is difficult and may be
strongly underestimated.

 

Figure 13. Rh particle-size distribution of the Rh cluster deposited on CZOm support determined by
Transmission Electron Microscopy (TEM) analysis.

Figure 14 shows the results obtained with the cluster-based catalysts deposited on CZOm in tests
carried out at high temperature. An initial conversion around 35% was observed for the catalyst not
treated in hydrogen, with a decreasing trend in the first hour and an almost constant value of 30%
during the reaction time. This result is in agreement with the fact that, when using such cluster-derived
samples, active species are obtained even without the need of a reduction step (hydrogen treatment).
The deactivation of the first part was probably due to the fast sintering of the reactive small particles
evidenced by TEM analysis. The sample treated under H2 was able to produce a higher conversion
(40%) with stable results over 300 minutes.
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Figure 14. Methane conversion and hydrogen dry outlet percentage obtained on Rh0.05-CL-N-CZOm
(left) and Rh0.05-CL-R-CZOm (right) tested at 750 ◦C, 30,000 h−1, 1 atm and S/C 1.5.

The same test was conducted on an Rh-impregnated catalyst on the same CeZr oxide and reduced
at 500 ◦C (Rh0.0.5-IWI-R-CZOm), which represents the best catalyst in oxy-reforming reaction [19]
(Figure 15). This test showed an initial methane conversion of 36% with a slightly deactivation trend
towards 34%. These results were lower than those obtained with Rh0.05-CL-R-CZO, indicating a
higher activity for the cluster-derived catalyst and a readily stable conversion. This could be related to
a better dispersion of the Rh cluster on the oxide support.

Figure 15. Methane conversion and hydrogen concentration in the dry gas obtained on
Rh0.0.5-IWI-R-CZOm tested at 750 ◦C, 30,000 h−1, 1 atm and S/C 1.5.

The same test was also conducted on the cluster-based catalyst supported on zirconia
(Rh0.05-CL-R-ZOm, Figure 16) and treated under H2, which gave a lower methane conversion
(around 33%) with respect to the analogous cluster on CZOm. This is probably related to the effect of
the Ce(IV)/Ce(III) couple in the sample that acts as steam-dissociating site, and by the higher oxygen
mobility in the Ce0.5Zr0.5O2 phase obtained with the microemulsion synthesis [28,41–44].

Figure 16. Methane conversion and hydrogen dry outlet percentage obtained on Rh0.05-CL-R-ZOm
tested at 750 ◦C, 30,000 h−1, 1 atm and S/C 1.5.

112



Catalysts 2019, 9, 800

Having assessed the higher conversion of the cluster-based catalysts at 750 ◦C, the tests were
also conducted at 500 ◦C. Figure 17 highlights the methane conversion and hydrogen dry outlet
concentration versus the reaction time on the two CZOm-supported catalysts.

Figure 17. Methane conversion and hydrogen dry outlet percentage obtained on Rh0.05-CL-N-CZOm
(left) and Rh0.05-CL-R-CZOm (right) tested at 500 ◦C, 30,000 h−1, 1 atm and S/C 1.5.

The unreduced catalyst provided an initial conversion of circa 9%, while the reduced one gave
an initial lower conversion (3%). It has been experimentally demonstrated that hydrogen treatment
favors the formation of larger particles [26], and this phenomenon could explain the lower activity of
the reduced catalyst with respect to the not-reduced one.

In order to explain the deactivation phenomena that took place in both catalysts, it is important
to consider that the reaction environment at low temperature is an oxidizing one due to: i) the low
amount of produced hydrogen related to lower kinetics of the catalyst, and also related to the low
amount of active phase; ii) the high concentration of water. All this could favor the oxidation of Rh,
which is faster when small particles are present, i.e., in the unreduced sample. The oxidation is very
likely favored by the presence of Ce(IV) and the high oxygen mobility. The possibility to ascribe the
deactivation to sintering of the active phase during reaction can be excluded, since small Rh particles
were still found on the unreduced spent catalyst, as evidenced by TEM, where it is clear that the Rh
metal particles are only slightly larger (centered between 1.5 and 2.5 nm, Figure 18) than those found
on the fresh catalyst.

 

Figure 18. Particle size distribution of the spent Rh0.05-CL-N-CZOm determined via TEM analysis.

The catalytic performances of the Rh cluster deposited on ZOm, both not reduced and reduced
(Rh0.05-CL-N-ZOm and Rh0.05-CL-R-ZOm), are shown in Figure 19.
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Figure 19. Methane conversion and hydrogen dry outlet percentage obtained on Rh0.05-CL-N-ZOm
(left) and Rh0.05-CL-R-ZOm (right).

The initial conversion of the not-reduced catalyst (10.2%) was higher than the one reached with
the CZOm-deposited cluster. Moreover, the fast deactivation that characterized the CZOm-based
catalysts was not observed in this case, indicating that the presence of Ce favors the oxidation of the
Rh. The reduced catalyst was stable too, but produced a lower conversion than the unreduced one,
owing to the larger particles formed during the reduction step [26].

Table 2 reports the turnover frequency (TOF) values of the investigated catalysts at 500 ◦C. In the
case of the CZOm samples, they were calculated on the initial conversion as those catalysts showed
deactivation. Their comparison with TOF values of some other Rh-containing catalysts reported in the
literature [45–47], however, is not always suggestive, because of the different supports, active-phase
loadings, and operative conditions of the latter.

Table 2. Turnover frequency of the catalysts investigated in this work. * Calculated on the initial conversion.

Catalyst T (◦C) S/C GHSV (h−1) P (atm) TOF [molCH4/(molRh*s)]

Rh0.05-CL-N-ZOm 500 1.5 30,000 1 1.47
Rh0.05-CL-R-ZOm 500 1.5 30,000 1 0.70

Rh0.05-CL-N-CZOm 500 1.5 30,000 1 1.32*
Rh0.05-CL-R-CZOm 500 1.5 30,000 1 0.73*

2.2.3. Investigation on Deactivation

It is particularly interesting to elucidate the mechanism of catalyst deactivation, since no such
investigation on carbonyl cluster-derived catalyst is reported in literature, as very few low-temperature
studies have been carried out. Having observed that the deactivation was related to the presence
of Ce and the oxidizing environment, its cause was further investigated by TEM and EDS (Energy
Dispersive X-ray Spectrometry) analyses. Having also excluded deactivation by sintering, and assessed
the absence of carbon formed over the surface, it was hypothesized that the deactivation was caused by
the oxidation of the active particles favored by Ce, which is able to provide oxygen to the active phase
thanks to its redox properties, enhanced by the oxygen mobility of the microemulsion catalyst [19].

This phenomenon benefits from the oxidizing environment found in the low-temperature SR
conditions, in which a relatively low amount of hydrogen is produced together with high concentrations
of unreacted steam. SAED (Selected Area Electron Diffraction) analyses were carried out during TEM
on the Rh particles of the unreduced CZOm- and ZOm-supported catalysts, after reaction at low (500 ◦C)
and high (750 ◦C) temperature with the same Rh loading (0.05% wt/wt). In all samples, the presence of
Rh in the analyzed particles was evidenced by the EDS analyses. The spent ZOm-supported samples,
both at 500 ◦C and 750 ◦C, showed the presence of metallic Rh, as well as the CZOm-supported
catalyst after reaction at high temperature (Figure 20). Experimental d-values of 2.25 and 1.84 Å, in fact,
could be attributed to the metallic Rh phase, while those at 3.10 and 2.61 Å are related to the support.
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Figure 20. Selected Area Electron Diffraction (SAED) and TEM analyses carried out on a Rh containing
area of the spent not-reduced CZOm supported catalyst after reaction at high temperature.

However, no such phase was observed in the spent CZOm-supported catalyst after reaction at low
temperature (Figure 21); the measured d-values of 2.65 and 3.05 Å were attributed to the tetragonal
phase of Ce0.5Zr0.5O2. It was not possible to detect the presence of Rh oxide because its reflexes
overlapped those of the support. Nonetheless, all these evidences can be confidently seen as an indirect
confirmation that oxidation of Rh only occurred on the CZOm-supported catalyst after reaction at low
temperature, which is the only one that showed deactivation.

 

Figure 21. SAED and Energy Dispersive X-ray Spectrometry (EDS) analyses carried out on a Rh
containing area of the spent not-reduced CZOm supported catalyst after reaction at low temperature.

The hypothesis of the oxidation of Rh is also substantiated by a computational study on metallic
Rh clusters on CeO2, which showed that they are stable in reducing conditions such as those obtained
in the high temperature steam reforming, but that the relative oxide is formed in oxidizing ones [36].

3. Materials and Methods

3.1. Catalysts Synthesis

Two supports, namely Ce0.5Zr0.5O2 (CZOm) and ZrO2 (ZOm), were prepared by w/o microemulsion
technique as described elsewhere [28] and were calcined at 750 ◦C for 5 h with a heating ramp of
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2 ◦C/min. In the case of ZrO2 support, the microemulsion was heated to 70 ◦C for 30 min at the end of
the synthesis in order to destroy the micelles.

The catalysts were prepared by reactive deposition of the Rh4(CO)12 cluster over the selected
supports, namely CZOm and ZOm. In a typical experiment, the required amount of carbonyl cluster
(0.6% of atomic Rh wt/wt of support) was dissolved in degassed n-hexane (10 mL) and added dropwise
to a degassed n-hexane slurry of the desired support kept under CO atmosphere; the obtained slurry
was then stirred for 24 h. The completion of the synthesis was evidenced by the discoloration of the
solution and its IR analysis, which showed no peaks related to Rh4(CO)12 (νCO at 2075 (vs), 2069 (vs)
2044 (m) and 1885 (s) cm−1 in n-hexane).The solvent was thus removed in vacuum at room temperature.
The catalyst was then stored under CO atmosphere and removed only to be pelletized and charged
in the reactor, then readily kept under nitrogen flow and heated up to 500 ◦C. In order to provide a
catalyst with a lower amount of Rh, the sample was diluted with bare CZOm or ZOm by 12 times,
obtaining a catalyst with a loading of Rh of 0.05% (wt/wt of catalyst). In the case of reduced catalysts,
the temperature was lowered to 200 ◦C then hydrogen (10% in nitrogen) was fluxed over the catalysts,
while the temperature was again increased to 500 ◦C. After 15 h the hydrogen flux was stopped,
and reactivity tests were carried out.

3.2. Catalyst Characterization

X ray diffraction analyses were carried out using a PW1050/81 diffractometer (Philips/Malvern,
Royston, UK) equipped with a graphite monochromator in the diffracted beam and controlled by a
PW1710 unit (Cu Kα, λ = 0.15418 nm). A 2θ range from 20◦ to 80◦ was investigated at a scanning speed
of 40◦/h. Nitrogen adsorption-desorption isotherms were determined at liquid nitrogen temperature
(−196 ◦C), using an automatic ASAP 2020 absorptiometer (Micromeritics, Norcross, GA, USA) and
analyzed using a software operating standard Brunauer–Emmett–Teller (BET) and BJH methods.
Raman analysis was carried out with a micro-spectrometer Raman RM1000 (Renishaw/Thermo
Fisher, New Mills, Wotton-under-Edge, Gloucestershire, UK) interfaced to a microscope Leica DMLM
(objective 5×, 20×. 50×). The available sources were an Ar+ laser (λ = 514.5 nm; Pout = 25 mW) and a
diode laser (λ = 780.0 nm; Pout = 30mW). In order to eliminate the Rayleigh scattering, the system was
equipped with a notch filter for the Ar+ laser and an edge filter for the diode one. The network was a
monochromator with a pass of 1200 lines/mm. The detector was a CCD one (Charge-Coupled Device)
with a thermo-electrical cooling (203 K). TEM analyses were carried out using a TEM/STEM TECNAI
F20 microscope (FEI, Hillsboro, OR, USA) combined with Energy Dispersive X-Ray Spectrometry
(EDS), at 200 keV. The sample preparation was carried out by suspending the powder in ethanol and
treating it with ultrasound for 15 min. The suspension was deposited on a “multifoil-carbon film”
sustained by a Cu grid. Then the so-prepared system was dried at 100 ◦C.

3.3. Catalytic Tests

The catalysts were tested in a tubular INCOLOY800HT reactor (Meccanica Padana, San Nicolò
(PI), Italy) (length 500 mm; internal diameter 10 mm) placed in a furnace as reported elsewhere [28,48].
The bed temperature was controlled with a thermocouple. 1.0 g of catalyst (30–60 mesh) was loaded
into the reactor where the pretreatment and eventual reduction of the active phase were conducted
by fluxing a 500 mL flow of N2 or of an H2/N2 (10:90 v/v) gas mixture at 500 ◦C. Deionized water
was fed by a HPLC pump (JASCO, Easton, MD, USA) and vaporized. The outlet gas (H2, CO, CO2,
non-converted CH4 and vapor) was condensed in order to eliminate water. The dry gas mixture
was analyzed by a 490 micro gas chromatograph (Agilent Technologies, Cernusco sul Naviglio (MI),
Italy) with two different columns. Hydrogen was separated through a MS5A 20 m long (carrier: N2),
while CH4, CO, and CO2 were separated with a COx column 1 m long (carrier: He). Both modules were
equipped with a Thermal Conductivity Detector TCD. The CEA-NASA software was used to calculate
the outlet composition of the stream at the thermodynamic equilibrium. The software gave the molar
gaseous outlet composition (non-converted CH4, non-converted H2O, CO, CO2, H2, and deposited
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carbon if present), based on the feed composition in terms of molar percentage, reaction temperature,
and pressure. Methane conversion was taken as reference in order to evaluate the catalytic activities
of the tested samples and was compared with the one calculated at the thermodynamic equilibrium.
Methane conversion accuracy was evaluated by calculating standard deviation. This resulted to be
lower than ±0.9% for the tests at 750 ◦C and lower than ±0.7% in the tests at 500 ◦C; in a conservative
way, we considered accuracy to be ±1% for the test at high temperature and ±0.8% for those at
low temperature.

4. Conclusions

This paper describes the synthesis, characterization and catalytic behavior of Rh-based catalysts,
obtained by using the Rh4(CO)12 neutral cluster as the active-phase precursor. In particular,
the preparation method allowed the deposition of the cluster on the surface of Ce0.5Zr0.5O2 and
ZrO2 supports, which were synthetized by w/o microemulsion technique. The catalysts were found
to be active in the low-temperature steam reforming process for syngas production. At high Rh
loadings (0.6%) the CZOm-supported catalyst was active at 350 ◦C and was able to reach the
equilibrium conversion, especially at low S/C ratio or at high pressures at 450 and 500 ◦C. It showed
good stability, and this opens the possibility of employing such catalyst in membrane reactors,
enhanced reformers or chemical loop based on reforming. At lower concentrations (0.05%) and
high temperature, the CZOm-supported cluster sample showed better results with respect to the
analogous ZOm-supported one and to a classical Rh-impregnated CeZr catalyst. At low temperature,
a deactivation effect was observed for the CZOm-supported catalyst, which could be overcome by
employing a ZOm support. A detailed analysis provided evidences that the oxidation of the Rh
promoted by Ce and high oxygen mobility was responsible for the fast deactivation. In these conditions,
it was also observed that the cluster-based catalyst which had not been treated with hydrogen at 500 ◦C
was more active than the treated one, due to the sintering of the Rh particles. Finally, the unreduced
0.05% Rh cluster deposited on the ZrO2 support showed significant activity at 500 ◦C.
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Abstract: Solar concentrators employed in conjunction with highly efficient micro- and meso-channel
reactors offer the potential for cost-effective upgrading of the energy content of natural gas, providing
a near-term path towards a future solar-fuel economy with reduced carbon dioxide emissions. To fully
exploit the heat and mass transfer advantages offered by micro- and meso-channel reactors, highly
active and stable natural gas steam reforming catalysts are required. In this paper, we report the
catalytic performance of MgAl2O4-supported Rh (5 wt.%), Ir (5 wt.%), and Ni (15 wt.%) catalysts
used for steam reforming of natural gas. Both Rh- and Ir-based catalysts are known to be more
active and durable than conventional Ni-based formulations, and recently Ir has been reported to be
more active than Rh for methane steam reforming on a turnover basis. Thus, the effectiveness of all
three metals to perform natural gas steam reforming was evaluated in this study. Here, the Rh- and
Ir-supported catalysts both exhibited higher activity than Ni for steam methane reforming. However,
using simulated natural gas feedstock (94.5% methane, 4.0% ethane, 1.0% propane, and 0.5% butane),
the Ir catalyst was the least active (on a turnover basis) for steam reforming of higher hydrocarbons
(C2+) contained in the feedstock when operated at <750 ◦C. To further investigate the role of higher
hydrocarbons, we used an ethane feed and found that hydrogenolysis precedes the steam reforming
reaction and that C–C bond scission over Ir is kinetically slow compared to Rh. Catalyst durability
studies revealed the Rh catalyst to be stable under steam methane reforming conditions, as evidenced
by two 100-hour duration experiments performed at 850 and 900 ◦C (steam to carbon [S/C] molar
feed ratio = 2.0 mol). However, with the natural gas simulant feed, the Rh catalyst exhibited catalyst
deactivation, which we attribute to coking deposits derived from higher hydrocarbons contained
in the feedstock. Increasing the S/C molar feed ratio from 1.5 to 2.0 reduced the deactivation rate
and stable catalytic performance was demonstrated for 120 h when operated at 850 ◦C. However,
catalytic deactivation was observed when operating at 900 ◦C. While improvements in steam
reforming performance can be achieved through choice of catalyst composition, this study also
highlights the importance of considering the effect of higher hydrocarbons contained in natural
gas, operating conditions (e.g., temperature, S/C feed ratio), and their effect on catalyst stability.
The results of this study conclude that a Rh-supported catalyst was developed that enables very high
activities and excellent catalytic stability for both the steam reforming of methane and other higher
hydrocarbons contained in natural gas, and under conditions of operation that are amendable to solar
thermochemical operations.

Keywords: heterogeneous catalysis; syngas production; solar thermochemical; iridium catalyst;
rhodium catalyst

Catalysts 2019, 9, 801; doi:10.3390/catal9100801 www.mdpi.com/journal/catalysts121



Catalysts 2019, 9, 801

1. Introduction

Approximately 95% of industrial hydrogen in the United States is currently produced through
natural gas reforming [1,2]. The product of natural gas reforming is a mixture of H2, CO, and CO2,
(referred to as syngas), which is a versatile and useful feedstock for producing a number of industrially
relevant chemical commodities such as methanol, dimethyl ether [3], and Fischer-Tropsch products [4,5].
Natural gas reforming involves a series of reactions:

CH4 + H2O↔ CO + 3H2 (1)

CnHm + nH2O→ nCO +
(m + 2n

2

)
H2 (2)

CO + H2O↔ CO2 + H2 (3)

Reaction 1 is the steam methane reforming (SMR) reaction, which is endothermic and therefore
requires high temperatures (e.g., 600–850 ◦C) for operation. Reaction 2 is the reaction for steam
reforming of higher hydrocarbons (C2+). Both the SMR (Reaction 1) and water-gas-shift (Reaction 3)
reactions are subject to thermodynamic equilibrium. Supported metal catalysts (e.g., Rh, Ru, and Ni
metals supported on alumina or alumina spinel type formulations) are typically employed for steam
reforming reactions [6,7].

Solar concentrators are a prospective method to provide the thermal requirements necessary to
carry out the reforming process, with the added advantage of reduced carbon dioxide emissions since
fossil fuel is not used to generate process heat [8–10]. Pacific Northwest National Laboratory has
demonstrated an integrated solar thermochemical reaction system that combines solar concentrators
with micro- and meso-channel reactors and heat exchangers that accomplish more than 20% solar
augment of methane higher heating value. Further, a solar-to-chemical energy conversion efficiency
slightly over 70% has been achieved [8]. At PNNL, the solar concentrators being utilized include those
that provide concentration ratios high enough to achieve the temperatures required for methane steam
reforming. These include parabolic dish concentrators and central receivers [8]. PNNL solar reformers
typically operate in the 700–800 ◦C temperature range—with some portions of the reactor falling to less
than 700 ◦C near the entry point to the reaction channel. PNNL solar reformers start reacting at modestly
high temperatures (>600 ◦C) and exit the catalyst zone at substantiality at higher temperatures [8].
Typical steam/carbon (S/C) molar feed ratios utilized are in the 2.5–3.0 range. We routinely achieve
90% or greater conversion in on-sun testing under these conditions [8]. Catalysts used in these highly
efficient compact reactors must meet the following requirements:

• They must be active over a wide range of operating temperatures, which are largely dictated by
efficiency of the solar collector and local solar irradiance.

• To facilitate small reactor footprints, they must operate at high throughput rates.
• They must work under continuous shutdown cycles (i.e., sun/shade).
• To reduce energy requirements for steam vaporization, they must operate with reduced steam

concentrations (e.g., low S/C molar ratios).
• They must tolerate temperature and gas composition changes caused by abrupt variations in

local conditions.

Conventional Ni-based steam reforming catalysts have drawbacks pertaining to activity and
durability that make them unsuitable for solar-driven applications. Noble metal-based catalysts, while
generally more expensive than Ni-based catalysts, offer higher catalytic activities that enable faster
throughput rates and smaller reactor hardware [11]. Furthermore, catalyst durability is improved,
with reduced sintering and deactivation by coke when operating at the high temperatures required for
typical operation [9]. Additionally, we note how, unlike with conventional fixed-bed reactor systems,
with microreactors the use of more expensive precious metal catalysts may be made economical.
Monolith-type substrates utilizing highly active catalysts are integrated in microreactors to minimize
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heat- and mass-transfer resistances and maximize catalyst efficiency. The use of smaller, more efficient
systems may compensate for the higher cost of the catalyst material [12].

SMR catalysts commonly employ Ni or Rh metals and use alumina or alumina spinel (e.g.,
MgAl2O4) type supports [13–15]. SMR is a structure-sensitive reaction in which turnover rates
increase with decreasing metal particle size [16,17]. The support choice influences both the resulting
metal particle size and catalyst stability [17,18]. Facilitating increased metal dispersion and enabling
improved stability are among the reasons for using MgAl2O4 over other common supports (e.g., Al2O3,
SiO2, and ZrO2). Noble metal based catalysts are known to be more resistant to carbon fouling and
metal sintering compared to Ni [19–21]. We have previously reported MgAl2O4-supported Rh and Ir
catalysts to have improved activity and stability compared to Ni and other metals (e.g., Pd, Pt) [20].
Catalysts with very well dispersed Rh (2 nm) and Ir (1 nm) metal clusters were obtained with the use
of a MgAl2O4 support. High dispersion was maintained even after high temperature operation (e.g.,
850 ◦C) and with the use of high metal loadings (e.g., 5–10 wt.%). Taken together, well dispersed Rh
and Ir catalysts with high metal loadings were previously reported by our group to be highly active
and stable for the SMR reaction.

While methane is the predominant compound in natural gas, natural gas also contains up to 20 vol.%
higher C2+ constituents, with the exact composition depending on the source [22,23]. The activation of
methane requires a higher temperature than required for activation of C2+ natural gas components [24].
Thus, C2+ hydrocarbons are typically converted more readily when compared to methane. However,
C2+ hydrocarbons facilitate coke formation [25,26]. Regardless of the hydrocarbon used, upon reaction
the metal and metal oxide support surfaces are populated by a variety of reactive species (e.g., C*, H*,
CHx*, CO*, O*, OH*) [8,27–33]. While SMR has been studied extensively, relatively few studies have
been dedicated to studying its reaction mechanism when higher hydrocarbons are present in the feed,
which would be more representative of real feed mixtures [19,21,31,34,35]. The presence of higher
hydrocarbons facilitate catalyst deactivation [25,26]. Previously, we investigated steam reforming
of biomass gasifier-derived hydrocarbons, which includes tar (polyaromatic hydrocarbons) species.
We evaluated steam reforming of benzene, as a model tar species, over MgAl2O4-supported Rh and Ir
catalysts. The Rh catalyst was more active than Ir on a turnover basis due to differences in the C–C
bond breaking step (which was found to be rate limiting) [19].

The objective of this study is to assess the catalytic performance of Rh-, Ir-, and Ni-supported
catalysts for steam reforming of natural gas. Both Rh- and Ir-based catalysts are known to be more
active and durable than conventional Ni-based formulations, and recently Ir has been reported to be
more active than Rh for methane steam reforming on a turnover basis [20,36]. Thus, the effectiveness of
all three metals to perform natural gas steam reforming was evaluated in this study. Steam reforming
kinetic and mechanistic comparisons were elucidated using both discrete methane and ethane feeds.
While the catalytic performance of various precious metal based catalysts (i.e., Rh, Ir, and Ni) have been
widely studied for the methane steam reforming reaction, we are not aware of any studies focused
on their comparison when under ethane steam reforming conditions. Finally, we comparatively
assess both activity and stability when using a simulant natural gas feedstock that was a mixture of
methane and C2+ hydrocarbons. We note that in order to investigate the kinetics of the catalysts we
are operating at higher throughputs and lower conversions than what are typically utilized in solar
thermochemical application.

2. Results and Discussion

The performance of MgAl2O4-supported Rh, Ir, and Ni catalysts was investigated for steam
reforming of natural gas under industrially relevant conditions. The methods explored included the
use of (1) simulated natural gas feedstock, (2) separate methane and ethane model feeds to elucidate
contributions from each, (3) catalyst durability tests, and (4) evaluation over a wide temperature range.
These conditions are all of particular interest for solar thermochemical applications where highly active
and durable catalysts are required for a range of conditions.
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2.1. Catalyst Characterization

Catalyst physical characterization details are presented in Table 1. These MgAl2O4-supported
metal catalysts have been characterized in our previous publications, and used as catalysts for steam
reforming of methane [20], gasifier-derived hydrocarbons including benzene [19] and complex mixtures
including tar [21], and biomass-derived ethylene glycol [37] and aqueous products produced via
fast pyrolysis [38]. It was reported that the metals form small and stable clusters when supported
on MgAl2O4 (approximately 1, 2, and 7 nm Ir, Rh, and Ni median cluster sizes, respectively) even
under steam reforming conditions at 850 ◦C [20,21]. In this study, we report additional catalyst
characterization include TPR as well as the hydrogen adsorption over the temperature range of interest
for natural gas steam reforming (i.e., 600–850 ◦C).

Table 1. Catalyst physiochemical characterization. Scanning transmission electron microscopy (STEM)
images for the Ir and Rh catalysts are included in the supplementary information (Figure S1).

Catalyst Metal Loading
(wt.%)

Metal Particle Size
TEM (nm)

Catalyst Surface Area
BET a (m2/g)

5Ir/MgAl2O4 [20] 5.0 1.0 133
5Rh/MgAl2O4 [20] 5.0 2.0 117
15Ni/MgAl2O4 [21] 15.0 6.6 86

a Brunauer–Emmett–Teller method.

Figure 1 shows TPR profiles for the Rh-, Ir-, and Ni-supported catalysts used in this study. Results
indicate an easier reduction for Rh with a single reduction peak at 112 ◦C. Ni requires the highest
temperature to reach a similar reduction level (peak centered at 725 ◦C) and shows evidence of at least
two reduction stages (shown by overlapping peaks). The Ir catalyst shows several reduction stages at
168, 220, 253, and 613 ◦C. For all the three catalysts (Rh, Ir, and Ni) after 800 ◦C was reached, no further
hydrogen was chemisorbed, indicating a total (or near total) reduction of the metal clusters. However,
the temperature needed to produce reduced metal clusters (measured by hydrogen consumption)
varied significantly. Results in the literature suggest Rh disperses very well on a wide variety of
supports, with low temperature single peaks being characteristic for Rh [39,40], thus corroborating our
results. The several reduction stages required for Ir can be ascribed to a broader particle size distribution
or a broad distribution of oxidation states. Reports in the literature indicate that smaller Ir particles
require a higher reduction temperature compared to those for larger particles [41,42]. Nevertheless,
the reduction of Ir-based catalysts is a relatively complex phenomenon that largely depends on the
processing conditions and thermal history of each sample (Ir reduction is an autocatalytic process
and IrOx are volatile species detrimental to metal dispersion) [43]. The Ni catalyst TPR profile also is
consistent with literature results for catalysts with a similar particle size (6 nm) [44,45]. Before reaction
catalysts are reduced at 850 ◦C for 16 h in order to ensure a degree of reduction for the metal clusters.
We note that in our prior reports we have shown how the MgAl2O4-supported Ir, Rh, and Ni clusters
are fully reduced when the catalyst was reduced under hydrogen at 850 ◦C. However, we note that the
total reduction cannot be determined, especially for Ni (because of its lower dispersion), when under
operando conditions.

H2 activation, adsorption strength relative to carbon, and coverage on metal surfaces are important
metrics for steam reforming relevant reactions [33,41,46]. However, obtaining accurate characterization
under operando conditions presents technical and experimental challenges. In an attempt to study H2

adsorption capacity relative to metal active area, we combined volumetric H2 adsorption at 600 ◦C
(as representative of reforming conditions) with metal dispersion, as determined from metal particle
sizes revealed by the STEM imaging (2 nm, 1 nm, and 7 nm for the Rh, Ir, and Ni, respectively) [20,21].
The H2 adsorption data presented in Figure 2 was calculated as H-coverage evolution (molH/molMsurf,
M= Rh, Ir, Ni) for accumulated H2 added (by pulses) into the adsorption cell (μmol). These adsorption
results indicate that bare Rh and Ir surfaces adsorb H2 completely until saturation, which is indicated
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by the inflexion point and the asymptotical part of the plots (after adding ~40 and ~20 mmol of H2,
respectively). Saturation is reached at coverages of H-Msurf of 1 and 0.7 for Rh, and Ir, respectively,
which indicates a surface stoichiometry of 1:1 (H:Rhsurf) and 0.7:1 (H:IrSurf). In the case of Ni, the
adsorption pattern is dissimilar in three main aspects: (1) H-uptake is low (0.2 molH/molNisurf)
compared to Rh or Ir, (2) there is no clear inflexion point for the adsorption curve, and (3) the calculated
stoichiometry H-Nisurf is low (only 20% of surface nickel atoms adsorb hydrogen). H2-uptake at 800 ◦C
is lower compared to the uptake at 600 ◦C (data shown Figure S2). At 800 ◦C, hydrogen saturates the
metal surfaces at 1:1 (Rh), 0.5:1 (Ir), and 0.08:1 (Ni).

Figure 1. Temperature programmed reduction (TPR) profiles for MgAl2O4-supported Ir, Rh, and Ni
catalysts. Prior to TPR the catalysts were calcined at 500 ◦C for 4 h. TPR conditions were 50 mg of
catalyst, temperature ramping rate 5 ◦C/min, feed rate of 50 mL/min of 5% H2/Ar gas.

Figure 2. Hydrogen surface saturation curves over MgAl2O4-supported Rh (blue), Ir (green), and Ni
(red) catalysts at 600 ◦C. Coverage was calculated using accumulated H2-uptake and metal dispersion
data obtained from STEM imaging (Table 1). 50 mg of catalyst was calcined before analysis and reduced
at the conditions used in the catalytic experiments (16 h at 850 ◦C, 100 mL/min, 10% H2 in N2). H2 was
pulsed using a 100 μL gas loop.
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The physicochemical characterizations of the catalysts shown in this section are significant for the
following reasons:

• STEM characterization shows that high dispersion that can be achieved with Rh and Ir catalysts
supported on MgAl2O4 compared to Ni.

• TPR characterization showed that, associated with a greater dispersion, reducibility is enhanced,
particularly for Rh where TPR profiles indicate a narrower particle size distribution and full
reduction at low temperatures (broad single peak centered at 112 ◦C).

• H2 adsorption demonstrated that surface stoichiometry for H2 on metal surfaces can vary greatly
under reforming conditions.

We found that while full surface coverage with a stoichiometry 1:1 H-Rhsurf can be achieved at
reforming temperatures in the 600–800 ◦C range for the Rh catalyst, this coverage is significantly lower
for Ir (0.7:1 H-Irsurf) and even lower for Ni (0.2:1 H-Nisurf).

2.2. Steam Reforming Activity Comparison Using Natural Gas Simulant

Steam reforming using a simulant gas mixture representative of natural gas (94.5% methane,
4% ethane, 1% propane, 0.5% butane) was performed over MgAl2O4-supported 5% Ir and 5% Rh
catalysts. Conversion of methane and ethane is plotted separately and shown in Figure 3 (propane
conversion in Figure S3). Short contact times (τ = 4.5 ms) favor low conversion levels. In the 600–875 ◦C
temperature range, methane conversion follows a linear trend for both catalysts (Figure 3a). In spite of
similar methane conversion, conversion of ethane (Figure 3b) and propane (Figure S3) is significantly
lower for the Ir catalyst in the lower temperature range (<750 ◦C). These differences in activity are
important for two main reasons: (1) gas feeds with higher concentration of C2+ hydrocarbons lower
the overall performance of Ir-based catalysts (more hydrocarbons remain unreacted) and (2) hampered
hydrocarbon hydrogenolysis/reforming activity is an indication that the underlying mechanism is
different for Ir compared to Rh in spite of similar methane reforming activity. We note that the methane
conversions presented in Figure 3a are below those of equilibrium (with the equilibrium conversions
indicated with the dotted line). We also note that the equilibrium ethane conversion shown in Figure 3b
is near completion for the entire range of conditions investigated.

Figure 3. Comparison of (a) methane conversion and (b) ethane conversion for the Rh and Ir catalysts
when steam reforming using natural gas simulant feedstock (S/C = 1.5 mol, τ = 4.5 ms).
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We note that H2/CO ratio is an important metric for reforming catalysts when the steam reforming
reaction is integrated to downstream processes. In practice, several strategies can be used to tune
the H2/CO ratio of the reforming product (e.g., decreased S/C ratio during SMR, CO2 recirculation,
incorporating an additional WGS step) towards reactions of interest (e.g., Fischer–Trospch). The H2/CO
ratio for RhMgAl2O4 was evaluated over a wide range of conversions (20%–100%) at the range
of operative temperatures of SMR in solar thermochemical applications (600–800 ◦C) by changing
the contact time of the methane stream (for τ values from 1.2 to 10 ms) at a constant S/C ratio
(S/C = 3). Results for conversion vs. temperature, and H2/CO ratio vs. conversion are presented in
the supplementary information as Figure S8. Interestingly, Figure S8 shows that independently on
the temperature, H2/CO ratio decreases exponentially with methane conversion reaching a minimal
value of 5 at the highest conversion (ca. 100%). This will lead to the conclusion that WGS equilibrium
determines the resulting H2/CO ratio. As the H2 partial pressure increases as an effect of higher
reforming conversion, more CO is formed through the reverse water gas shift reaction (RWGS, CO2 +

H2→CO + H2O).

2.3. Methane and Ethane Steam Reforming Activity Comparison

Based on the results described above, the Ir catalyst shows lower activity than Rh towards
the steam reforming of higher hydrocarbons. With the aim of gaining knowledge on fundamental
differences between the different hydrocarbon constituents, we performed a set of separate experiments
using either methane or ethane feed. Figure 4 shows the metal surface normalized catalytic rate
(molesCH4/molmetal*s) for the steam reforming of methane and ethane for the Rh, Ir, and Ni supported
catalysts as a function of temperature. These results show that for the Ir catalyst, the ethane steam
reforming rates (Figure 4b) are significantly lower compared to methane steam reforming rates
(Figure 4a). For the Rh and Ni catalysts, ethane conversion is more facile than methane conversion.

Figure 4. Comparison of turnover steam reforming rates for the Rh, Ir, and Ni catalysts using (a)
methane, and (b) ethane feeds (S/C = 3, τ = 30 ms; methane feed = 15.9 vol%, ethane feed = 14.8 vol%).

Over typical metal supported catalysts activation of the initial C–H bond of methane is more
difficult than for ethane [47]. Dehydrogenation of the initial C–H and the creation of C radical +
H for ethane is slightly more favorable than for methane (C–H bond strength 101 vs. 105 kcal/mol,
respectively). Further, the C–C bond of ethane is much weaker (90.1 kcal/mol) [48]. These differences
between methane and ethane typically make ethane more reactive than methane. Few literature studies
can be used to make a direct comparison or to determine trends with respect to reactivity of methane

127



Catalysts 2019, 9, 801

vs. ethane reforming because most studies use methane as the only model reactant. Specific studies
on ethane reforming have yielded contradictory results depending on the metal used as the catalyst.
On one hand, Schädel et al. [35] showed that over Rh, ethane reacts faster than methane, which is
consistent with our findings for Rh and Ni catalysts. On the other hand, Graf et al. [34] reported that
over Pt, methane reforming occurs the fastest, which is similar to our findings for Ir. Similar trends,
where ethane reactivity is higher compared to methane, have been found in other metal-catalyzed
reactions such as ethane combustion [49] and ethane hydrogenolysis over Pt and Pd [50]. Interestingly,
Figure 3b also shows that the Ir catalyst is relatively inactive at low temperatures but then the catalytic
rates quickly accelerate at higher temperatures (>750 ◦C). This rapid transition from ‘inactive’ to ‘active’
prompted our study to pursue a more detailed understanding for ethane reactivity over Ir catalyst.
The following section is dedicated to hypothesizing the possible reason(s) behind the low reactivity of
ethane over Ir catalysts at temperatures lower than 750 ◦C.

2.4. Ethane Steam Reforming over Rh vs. Ir: Mechanistic Insights

Results shown in Figure 4 indicate that over Ir catalyst at 600 ◦C, surface normalized ethane
reforming rates (0.6 s−1) are much slower compared to methane reforming rates (3 s−1). This difference
in catalytic rate could be attributed to several factors: (1) potential formation of carbon deposits over
Ir surface when ethane is fed, (2) decreased number of active sites due to competitive adsorption
(e.g., ethyl, O, OH, H, C1, and C2 species), and the (3) chemical identity of the metal and its bonding
characteristics. To compare hydrocarbon reactivity over metal surfaces, catalytic measurements should
be performed under the same coverage [51]; however, this comparison is not always easy to achieve.
As a simplified approach to compare ethane reforming activity over Ir vs. Rh, we performed catalytic
measurements at 600 ◦C using the same concentration of ethane in the gas over similar amounts of
metal exposed (Table 2). The average Rh cluster size (2 nm) was twice that of the Ir cluster (1 nm);
however, the Ir molecular weight (192 g/mol) is twice that of Rh (103 g/mol). Thus, the amount of
exposed metal is similar for both catalysts on a molar basis. With similar number of exposed metal sites,
the observed product selectivity and associated reaction rates should be determined by the underlying
chemical reaction mechanism.

Table 2. Catalytic results for ethane steam reforming over MgAl2O4-supported Rh and Ir catalysts at
600 ◦C (S/C = 2.75 mol, τ = 28.3 ms).

Condition 5%Rh/MgAl2O4 5%Ir/MgAl2O4

Metal on catalyst surface (μmol) a 23.5 25.2
Conversion after 1 h 60.0 8.3
Conversion after 2 h 58.9 8.1
Deactivation rate (%) 1.8 2.4
ppm ethylene formed 50 2000

Selectivity towards methane (mol C %) 32 9.6
Carbon on spent catalyst (wt.%) bdl b 2.8 c

a Based on TEM particle size measurements. b Below limit of detection of CNHS elemental analysis instrument
(0.3%). c 0.28% measured for the dilution of 1:10 catalyst:Al2O3.

Shown in Table 2 are ethane steam reforming results using the Rh- and Ir-supported catalysts.
For both catalysts steady state is reached after 15 min, and catalytic activity is reported after 1 h and 2
hours’ time-on-stream (see Figure S4). The main reaction products detected by gas chromatography
analysis include H2, CO2, CO, methane, and ethylene. Reactivity of ethane over Rh is different than
Ir in four main aspects: (1) conversion is significantly higher (60% vs. 8%), over a similar exposed
metal surface area, (2) ethylene formation is markedly lower (50 ppm vs. 2000 ppm), (3) post mortem
analysis showed significant less accumulated carbon, and (4) methane is the main reaction product
(methane selectivity of 32% vs. 9.6%).
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Methane is the primary hydrocarbon product over Rh when under ethane steam reforming
conditions. Methane can be formed as a hydrogenation product of CO or CO2 [33] or as a product
of ethane hydrogenolysis (according to the Sinfelt–Taylor mechanism) [52,53]. These two reactions
are related and depend on the metal’s carbon/hydrogen adsorption characteristics and its ability to
breakdown adsorbed C2 radicals [54]. In Section 3.1 we reported marked differences in H2 adsorption
and coverage for the Rh catalyst vs. Ir or Ni. Although the H2 adsorption experiment does not
allow comparison for H/C adsorption, they demonstrate improved H retention for the Rh catalyst.
This is a particularly useful property that favors the aforementioned methane formation mechanisms
(hydrogenation of CO/CO2 species and hydrogenolysis of ethane) under reforming conditions. Parallel
to methane formation, the presence of ethylene product is an indicator of formation (and slow
decomposition) of ethyl radicals on the catalyst surface. Higher formation of ethylene over the Ir
catalyst is a strong indicator that the overall catalytic ethane reforming rate is hampered by a slow C–C
bond scission capacity compared to Rh.

The marked difference in conversion for the Ir and Rh catalysts shown in Table 2 makes it difficult
to fairly compare product selectivity. Conversion for the Ir catalyst was increased, by increasing the
contact time (from 28 to 166 ms), to compare product selectivity at similar conversion levels. As shown
in Figure 5, under these conditions methane is the main reaction product for both catalysts (60% vs.
30% methane selectivity for Ir and Rh, respectively), with CO and CO2 also being produced as main
products, and ethylene being produced via incomplete decomposition of ethane. Figure 5c shows
changes in selectivity as a function of change in contact time over the Ir catalyst. Methane selectivity
increases as ethane conversion increases (selectivity towards methane increases from 8 to 31% for
ethane conversion increasing from 8 to 50%). Interestingly, selectivity towards ethylene formation
decreases as the conversion increases (2 to 0.6%), which is significantly higher than selectivity towards
ethylene over the Rh catalyst at a similar conversion (0.02%, Insert in Figure 5c). These changes in
product selectivity—increased methane and decreased ethylene—at higher ethane conversion levels
can be explained in a scenario where C–C bond scission forming methane is the main and primary
route for ethane decomposition before reforming reactions (CO and CO2 formation) take place, and is
similar for both metals (Figure S5).

Figure 5. Product selectivity for ethane steam reforming at 600 ◦C (S/C = 2.75 mol, τ = 28 ms [Rh];
τ = 167 ms [Ir]; ethane feed = 16 vol %) over Ir/MgAl2O4 catalyst at 50% ethane conversion (A),
over Rh/MgAl2O4 catalyst at 59% ethane conversion (B). Variation of carbon selectivity with ethane
contact time over Ir/MgAl2O4 catalyst (C).

These observations for ethane reforming over Ir compared to Rh (higher ethylene formation,
lower selectivity towards methane) can be combined to suggest that hydrogenolysis of ethane is
relatively slow over Ir and facile over Rh. This hypothesis is additionally supported with several
control experiments performed over Ir catalyst and summarized into the following four main points:
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(1) Ethane steam reforming rate does not increase with higher S/C ratios. A wide range of S/C ratios
were used to eliminate oxidation (reforming steps) as being responsible for the lower reaction rate
on Ir (S/C up to 10). This is illustrated in Figure 6. This result is consistent with kinetic literature
studies reporting that the reforming reaction is independent of the partial water pressure (zero
order with respect to water) [36].

(2) Low activity over Ir catalyst is not caused by coke formation. In spite of higher carbon content
on Ir spent catalyst (Table 2), coke (or at least hard coke) is not formed. A series of control
experiments showed that high activity is consistently low for ethane reforming after repeated
methane/ethane cycles (see Table S1).

(3) Lower ethane partial pressure increases catalytic conversion. This is consistent with hydrocarbon
hydrogenolysis literature reporting that hydrocarbons equilibrate with metal surfaces by
sequential dehydrogenation steps. As a consequence, a lower ethane partial pressure (from 14 to
8 mol %) causes a lower coverage that increases the number of active sites (ethane conversion
increases from 10 to 47%).

(4) Ethane reforming over Ir supported on Al2O3 shows similar trends. Ir supported by Al2O3 is active
for methane reforming; however, ethane steam reforming is severely hampered. Ir supported on
alumina has a bigger particle size (4 nm) [20].

Figure 6. Logarithmic plot for catalytic rate vs. partial pressure of (a) ethane and (b) water.

2.5. Ethane Reforming Kinetic Measurements

Methane reforming kinetics have been extensively reported in the literature. Results indicate
that methane decomposition and reforming rates are first order in methane; C–H activation is the
rate limiting step and occurs on metal surfaces similar to conventional hydrocarbon chain reaction
mechanism [32,55]. Ethane activation over metal surfaces is more complex, involving a series of
partially dehydrogenated intermediates that lead to C–C bond breaking [41,56]. Strongly adsorbed H is
considered to be competitive with hydrocarbon adsorption and limits its reactivity (in general, and over
metal surfaces, the ethane hydrogenolysis rate is inhibited by excess H2) [50,57,58]. One might think
that interaction of highly dehydrogenated species in the absence of active hydrogen could lead to a
higher coke formation; however, there is limited experimental evidence that shows that co-feeding
hydrogen prevents coke formation better than water does [59]. Regarding the activation of the oxidant
(e.g., steam), it is been largely reported that methane has zero order dependence on water (or CO2).
This indicates that after C–H activation, all the catalytic steps, including dehydrogenation of CHx

species, CO/CO2 formation, and WGS reaction, should have no kinetic relevance.
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To study the influence that the concentrations of reactants have in catalytic rate, we varied
ethane and water concentrations in the gas feed at 600 ◦C. Kinetic results for catalytic rate vs. partial
pressure are shown in Figure 6. Calculated reaction orders for both ethane and water and activation
energies are shown in Table 3. The reation order to ethane is less than one and zero or near zero
to water. For methane steam reforming, the reaction is first order to methane, and the rate limiting
steps have been found to be adsorption and activation of the C–H bond [36]. Thus, there is less
dependance of hydrocarbon partial pressure on reaction rate for ethane steam reforming than for
methane steam reforming.

Table 3. Kinetic parameters calculated for ethane steam reforming reaction at 600 ◦C.

Catalyst nEthane nwater Ea(kJ/mol) a

Rh/MgAl2O4 0.79 0 26.8
Ni/MgAl2O4 0.76 0 79.1
Ir/MgAl2O4 0.29 −0.3 95.7

a Measured at 550, 600, and 650 ◦C.

The results presented in Table 2 indicate that the Ir catalyst accumulated more carbon on the surface
than Rh after the ethane reforming reaction at 600 ◦C; this presumably is due to a slower C–C scission
rate. Analysis of the hydrogenolysis mechanism suggests that if a surface step is hampering the catalytic
cycle, the initiation step (adsorption/activation of C–H bond) loses kinetic importance (resulting in a
lower reaction order). Our low reaction orders for the Ir catalyst (nethane = 0.29 and nwater = −0.3) are
consistant with high carbon coverage of the catalyst surface; in this catalyst, the reaction of adsorbed H
with C2 species occur before the C–C bond breaking step, causing formation of ethylene gas. In the
ethane hydrogenolysis reaction, the hydrogen adsorption capacity of the metal (M–H coordination),
its adsorption strength, and the coverage relative to other species (C2, C1) are important factors in
overall catalytic rate and coke formation. The initiation and termination reactions in hydrocarbon
chain mechanisms on metals require a high affinity of the metals for H. Our previous analysis in
this section indicate that the slowest step is related to the creation (and accumulation) of adsorbed
carbon species (C1 and C2); these results might be related to a poor capacity to activate and retain
H. The low reaction order found for ethane reforming (0.29), a higher ethylene formation level, and
higher carbon accumulation (Table 2) support the conclusion that surface ethyl decomposition (part of
ethane hydrogenolysis reaction) is superseding the global reaction order.

Ethane steam reforming studies at 600 ◦C on Rh performed by Graf et al [59] indicated that in the
presence of H2, ethane reacts to form methane at a much higher rate than towards the formation of
reforming products; additionally, their analysis of reaction products suggests that ethane reforming
and hydrogenolysis proceed in a parallel fashion. Our analysis of reforming products differs in two
important key aspects from the conclusions by Graf et al. First, by changing the contact time, we found
that a higher ethane conversion is accompanied by a higher selectivity towards methane and a lower
formation of ethylene (Figure 5c, Figure S5). This indicates that hydrogenolysis reaction proceeds
reforming reactions; in other words, reforming steps are sequential to ethane hydrogenolysis. Second,
the amount of H available and its adsorption strength to hydrogenolysis reaction becomes critical,
more than what it is the presence of oxidant species [41,58]. In this scenario, surface active hydrogen is
necessary to hydrogenate C1 species on catalyst surface that will cause excessive carbon buildup if
they don’t undergo reforming reactions. Several key factors for improved catalysis are (1) an optimal
amount of steam, (2) a fast C–C bond scission rate, and (3) a high H retention capacity by the catalyst.
These key factors will avoid the accumulation of highly dehydrogenated carbon species (especially C
and CH [80 kcal/mol]) that promote coke formation.
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2.6. Catalyst Stability

Catalyst longevity is one of the cornerstones in the study of reforming catalysts. Sintering of metal
particles, loss of support surface area, and extensive coke formation can cause catalyst fouling at the
harsh conditions necessary to perform reforming reactions. Spinel supported metals (especially Ir and
Rh) have been shown to maintain physical stability under these harsh reaction conditions with minimal
coke formation [20,21]. In this section, we analyze the effect that the use of a simulant natural gas has
in catalyst performance, focusing on longer term stability. In the prior sections we demonstrated that
C2+ steam reforming activity is limited over Ir-based catalysts, presumably due to a reduced capacity
of breaking ethane’s C–C bond becoming rate limiting at low reaction temperatures. In the following
section, we present results for the Rh catalyst (chosen as benchmark) and evaluate the influence that
reaction conditions have on catalyst performance. The aim is to find reaction conditions that allow
stable catalytic operation even with fast throughputs and relatively low S/C ratios.

For the reforming experiments shown in Figure 3, methane was fed at a rate of 5.3 mmol/min and
the reaction was carried out on similar metal surfaces (23.5 and 25.2 μmol of Rh and Ir respectively).
The catalytic rate was reported for each temperature after 1 h where steady state was reached. Using
these reaction conditions, especially with short reaction times (1 h time on stream [TOS]), no deactivation
was seen; however, if the reaction was allowed to proceed for longer times, deactivation was evident.
The results shown in Figure S6 (for the reaction at 850 ◦C) show how conversion starts to decline
slightly after 8 h of reaction. Under ethane reforming conditions, a more pronounced deactivation was
found after a few hours on stream for the reaction at 600 ◦C (see Table 1). It is clearly evident that the
presence of C2+ hydrocarbons, and especially at a high carbon throughput, has a negative effect on
catalyst life, which largely depends on the reaction temperature and feed rate.

Catalyst durability experiments for methane steam reforming over the Rh catalyst are presented
in Figure 7a. After over 100 h at both 850 and 900 ◦C (τ = 2.3 ms, S/C = 2), no deactivation was
observed. Figure 7b depicts results when using a simulated natural gas feed mixture containing
methane, ethane, propane, and butane. For simplicity, only methane conversion results are shown in
Figures 7b and 8. After 100 h, catalysts showed continued deactivation and retention of only part of
the initial activity (91%, 78%, and 53% activity retained for the Ir, Rh, and Ni catalysts, respectively).
These results illustrate how the presence of C2+ hydrocarbons are detrimental to catalyst durability.
However, we note that these results were obtained at a very low molar S/C ratio of 1.5. We attribute
catalyst deactivation to increased carbon fouling (coke buildup) of the higher hydrocarbons on the
catalyst surface. As shown in Figure 7c when the molar S/C feed ratio was increased to 2.0 the catalyst
was quite stable at 850 and even 900 ◦C for 120 h duration. Although we note that prolonged duration
testing at 900 ◦C revealed some deactivation, at 850 ◦C the reaction was quite stable.

Figure 7. Methane conversion vs. time on stream (TOS) using (a) pure methane feed over Rh at 850
and 900 ◦C (S/C = 2.3 ms, τ = 2.3 ms), and using natural gas simulant feed over (b) Rh, Ir, and Ni at
850 ◦C (S/C = 1.5 ms, τ = 2.3 ms), and (c) Rh at 850 and 950 ◦C (S/C = 1.9 ms, τ = 2.0 ms).
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Figure 8. Methane conversion vs. TOS over Rh/MgAl2O4 catalyst as a function of steam/carbon molar
feed ratio at 850 ◦C (A), and at 750 ◦C for 500 h TOS (B).

There are two common strategies for avoiding/suppressing coking on reforming catalysts: (1)
increase the amount of steam fed and (2) conduct the reaction at lower temperatures. On one hand,
increasing the amount of steam increases the formation of oxidation products (CO, and CO2), while
hydrocarbon adsorption/activation rates remain unaffected. On the other hand, the main effect of a
lower reaction temperature is a decrease in the rates of hydrocarbon activation; as a result, reforming
reaction rates supersede the coke rate formation, finally leading to a more stable long-term operation.
Results for these two situations are presented in Figure 8 for the Rh catalyst. At 850 ◦C, the S/C molar
feed ratio was varied. Increasing the S/C ratio enhanced catalyst durability. Figure 8a shows how
running with an S/C molar feed ratio of 3 catalytic activity was largely maintained after 100 h of testing
(some initial deactivation appeared to have occurred). By comparison, only 78% of catalytic activity
was maintained with a lower S/C molar feed ratio of 1.5. Thus, increasing the S/C ratio improves
catalyst durability. Figure 8b shows that a reduced operation temperature has a beneficial effect on
catalyst life. Even after a 500 h test duration, the Rh catalyst retained its activity when operated at
750 ◦C.

3. Experimental Methods

3.1. Catalyst Preparation

As reported elsewhere [20], a series of catalysts were prepared by incipient wetness impregnation
of MgAl2O4 (Puralox 30/140 from Sasol) with a solution of Rh nitrate (10 wt.% Rh in nitric acid),
Ir nitrate (19.3 wt.% Ir in nitric acid), and Ni nitrate hexahydrate salt (Sigma-Aldrich, St. Louis, MO,
USA). The resulting metal loadings were 5 wt.% Rh, 5 wt.% Ir, and 15 wt.% Ni. After impregnation,
the catalysts were dried at 120 ◦C for 8 h and calcined at 500 ◦C for 4 h under static air.

3.2. Catalyst Characterization

Scanning transmission electron microscopy (STEM) measurements over reduced samples (850 ◦C,
16 h, 10% H2/N2) were conducted with a FEI Titan 80–300 microscope (Hillsboro, OR, USA) operated
at 300 kV. The FEI Titan is equipped with a CEOS GmbH double-hexapole aberration corrector
(Heidelberg, Germany) for the probe-forming lens, which allows imaging at ∼0.1 nm resolution in
STEM mode. The STEM images were acquired on high angle annular dark field with an inner collection
angle of 52 mrad. In general, sample preparation involved mounting powder pre-reduced samples on
copper grids covered with lacey carbon support films and then loading them immediately into the
instrument airlock to minimize an exposure to atmospheric O2.

Nitrogen adsorption was measured at 77 K with an automatic adsorptiometer (Micromeritics
ASAP 2000, Norcross, GA, USA). The samples were pre-treated at 383 K for 12 h under vacuum.
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The surface areas were determined from adsorption values for five relative pressures (P/P0) ranging
from 0.05 to 0.2 using the Brunauer–Emmett–Teller method.

Temperature programmed reduction (TPR) and H2 chemisorption experiments were performed
using an AutoChem II 2920 automated chemisorption analyzer (Micromeritics, Norcross, GA, USA).
Metal reducibility was determined by TPR using changes in a thermal conductivity signal of the
effluent gas. Samples (100 mg) were heated to 800 ◦C at 5 ◦C/min in a gas stream of 5% H2 in Ar
(50 sccm). Volumetric pulse H2 adsorption measurements were carried out at 600 ◦C and 800 ◦C. First,
50 mg of the sample was reduced at 850 ◦C for 16 h using H2 (10% in N2, 100 mL/min) and purged for
4 h in pure N2. After ramping to the adsorption temperature, 5% H2/Ar was pulsed using a 100 μL
loop with 1 min intervals between injections.

The amount of solid carbon deposited on the spent catalysts was measured by a Shimadzu Total
Carbon Analyzer (TOC-5000A with a SSM-5000A Solid Sample Module, Shimadzu, Kyoto, Japan).
A 1% O2/Ar mixture was blown through the sample starting from 40 ◦C until the temperature reached
900 ◦C. The temperature ramping rate was 10 ◦C/min.

3.3. Activity Measurements

Catalytic activity tests were conducted in an 8 mm inner diameter Inconel fixed-bed reactor.
For each test, the catalyst (9 mg, 60–100 mesh), diluted with α-Al2O3 (90 mg, 60–100 mesh), was loaded
between two layers of quartz wool inside the reactor. Temperature was monitored with a thermocouple
placed in the middle of the catalyst bed. Before reaction, the catalyst was reduced at 850 ◦C for 16 h
using H2 (10% in N2, 100 mL/min).

Methane, ethane and natural gas simulant (94.5% methane, 4% ethane, 1% propane, 0.5% butane)
gases were supplied by Matheson (Longview, WA, USA). Deionized water (18.6 mΩ) was introduced
using a high-performance liquid chromatography pump (ChromTech series 1500, Bad Camberg,
Germany) through 1/16 inch stainless steel tubing into a vaporizer where the temperature was set at
250 ◦C. The catalysts were tested at atmospheric pressure at temperatures ranging from 550–900 ◦C,
over a range of gas-hour-space-velocities (22,000–356,000 h−1). Note that we commonly refer to
throughput in terms of contact time (τ) which ranges from 10–170 ms. Flow rates of dry gas products
in the effluent gases were monitored by a digital flow meter (DryCal) (Mesa Labs, Butler, NJ, USA).
Gas products were analyzed online using a two-channel Agilent Micro GC (3000A series) (Santa Clara,
CA, USA) equipped with thermal conductivity detector.

In a typical experiment, a mass of 9 mg of catalyst was loaded to the reactor, 220 sccm of gas
was fed down flow to the catalytic bed (80 sccm of N2, 35 sccm of methane, 105.8 sccm of H2O [0.085
mL/min]). Under those conditions, the calculated space velocity (GHSV) was 119,223 h−1, which
corresponds to a τ of 30.2 ms and an S/C molar ratio of 3.0. For ethane reforming experiments, changes
in space velocities were achieved with changes in gas flow (3.5–35 sccm of ethane for the Ir catalyst
case, 35–100 sccm of ethane for Rh catalyst case) while concentrations (14.8 mol% ethane) and S/C
ratios were maintained constant (S/C = 2.75).

4. Conclusions

This study compares MgAl2O4-supported Rh and Ir catalysts for the reforming reaction of
methane, ethane, and natural gas simulant (a C1-C4 mixture) under industrially relevant conditions.
In reforming of a natural gas simulant mixture, the Ir catalyst showed a lower capacity for converting
C2+ hydrocarbons compared to Rh in the lower 600–700 ◦C range of reforming temperatures. At higher
temperatures (700–900 ◦C), there is no real distinction in the activity for the two metals. In a
more detailed study of the reaction at 600 ◦C, the Ir-based catalyst showed a limited capacity for
ethane reforming compared to methane. Additionally, the formation of ethylene as a byproduct was
accompanied by a higher amount of carbon deposited on the catalyst when ethane is used as a reactant.
On the contrary, the reforming rate of ethane was faster over the Rh catalyst. Less carbon was deposited
and a negligible amount of ethylene was formed. A lower reaction rate of ethane over Ir is likely
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related to a lower C–C scission rate. Literature reports for ethane hydrogenolysis explain how this
decreased rate depends on the nature of the metal. The kinetic study found there to be a lower reaction
order for ethane reforming over Ir compared to Rh and Ni (0.29, 0.79, 0.76, respectively), which is
consistent with a higher coverage of the catalysts by carbon deposits. Calculated activation energies
also were found to be higher for Ir compared to Rh and Ni (95, 26, 79 kJ/mol, respectively) in the lower
temperature reforming range.

Adsorbed hydrogen assists hydrocarbon reactions on metal supported catalysts by hydrogenating
C1 species to form methane. In an attempt to extend the analysis that H adsorption has on Ir and
Rh reforming catalysts, we performed H2 adsorption measurements on Ir, Rh, and Ni at reforming
reaction temperatures (600 ◦C). Results indicate that hydrogen saturates the Rh surface in a ratio 1:1
with respect to metal atoms on the surface. Coverages over Ir and Ni were found lower (0.7:1 for Ir,
and 0.2:1 for Ni). A summary of main findings is presented in Table 4.

Table 4. Summary of key findings.

Catalyst
Metal

Loading
(wt.%)

Metal
Dispersion

(%)

Metal
Particle

Size
(nm)

H
Stoichiometry

H/Msurf

(mol/mol)

nEthane nwater
Ea

(kJ/mol)

5Rh/MgAl2O4 5 50 2.0 1:1 0.79 0 26.8

5Ir/MgAl2O4 5 100 1.0 0.7:1 0.29 −0.3 95.7

15Ni/MgAl2O4 15 15.4 6.5 0.2:1 0.76 0 79.1

Given the low capacity of Ir to reform ethane and higher hydrocarbons, Rh was chosen for
additional catalyst durability studies. Long-term stability tests revealed the Rh catalyst to be very
stable under SMR conditions, and under relatively harsh conditions (up to 900 ◦C and with S/C molar
feed ratios up to 1.5). However, when a more complex mixture of hydrocarbons was added to the
methane feed, catalyst stability was adversely affected. Here, the S/C molar feed ratio and operating
temperature can be adjusted to extend catalyst life. Stable catalyst operation was observed for the Rh
catalyst when using a natural gas simulant and operating under a relatively low S/C ratio of 2.0 and at
850 ◦C. Thus, we note that improvements in catalyst life can be achieved through both proper choice of
the catalyst material and operational conditions. In addition, temperature and S/C molar feed ratio are
critical processing variables to consider when optimizing catalyst performance. The results of this study
conclude that a Rh-supported catalyst was developed that enables very high activities and excellent
catalytic stability for both the steam reforming of methane and other higher hydrocarbons contained in
natural gas, and under conditions of operation that are amendable to solar thermochemical operations.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/9/10/801/s1,
Figure S1. (A) TEM analysis of 5Ir/MgAl2O4 (top) and 5Rh/MgAl2O4 (bottom) catalysts used in this study. (B)
Effect of ageing on Rh/MgAl2O4 catalyst. (950 ◦C) under H2. Figure S2. Hydrogen uptake at 600 and 800 ◦C.
Evolution of hydrogen uptake is calculated as H coverage (per mole of metal surface) vs H2 pulsed. Volumetric
pulse hydrogen adsorption measurements were carried out at 600 ◦C and 800 ◦C. First, 50 mg of the sample
was reduced at 850 ◦C for 16 h using H2 (flow 10% in N2, 100 mL/min) and purged for 4 in pure N2. After
ramping at the adsorption temperature, 5% Hydrogen/Ar is pulsed using a 100 μL loop with 1 minute intervals
between injections. Figure S3. Conversion of the individual components of a simulant natural gas mixture. Butane
conversion was complete. Reaction conditions: S/C:1.5, t = 4.5 ms, 1h TOS, Simulant gas feed (94.5%v methane,
4% ethane, 1% propane, 0.5% butane) was supplied by Matheson. Figure S4. Ethane reforming conversion vs time
on stream at 600 ◦C. Reaction conditions: S/C = 2.75, 9 mg of catalyst. τ = 28.3 ms, 35 sccm ethane, 80 sccm N2, 9
mg of catalyst. Table S1. Deactivation check experiments for the Ir catalyst under ethane reforming experiments
shown in Figure S4. Fresh catalyst was tested for methane activity before (“initial”) and after reaction with ethane
to check for deactivation (“final”). Figure S5. Ethane reforming conversion and carbon selectivity vs contact
time (ms) for the reforming of ethane at 600 ◦C over MgAl2O4-supported Ir and Rh catalysts (A-top), ethylene
selectivity (mol %) vs contact time (ms) (B-middle), and linear correlation for ethane conversion vs contact time.
Reaction conditions: S/C = 2.75, 9 mg of catalyst. Changes in contact time were achieved by changing gas flow
over the same mass of catalyst in a continuous experiment. Each point corresponds to a steady state measurement
after stabilizing for 1h. Ethane over iridium catalyst was changed from 35 to 3.5 sccm. For the case of Rh, ethane
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flow was varied from 35 to 100 sccm. Figure S6. Ethane reforming conversion over 5Ir/MgAl2O4 catalyst at 600 ◦C.
(A) Ethane conversion vs time on stream at increase carbon/steam ratio (10 for empty symbols) at two different
concentration of ethane in the gas (8 and 14 vol %). (B) Ethane conversion vs time on stream comparing Ir activity
over two different supports, MgAl2O4 (red) and Al2O3 (blue). Figure S7. (A) Product selectivity for ethane steam
reforming over Ir at 600 ◦C (8.2% conversion). (B) Ethane conversion over Rh and Ir catalysts at 600◦C (S/C =
3 mol, τ = 28 ms (Rh), τ = 167 ms (Ir)). Figure S8. Conversion vs time on stream for methane steam reforming
over the Rh and Ir supported catalysts at 850 ◦C (S/C = 3 mol, τ = 12.4 ms; Methane feed = 22.6 vol. %). Figure
S9. Methane conversion (A) and H2/CO ratio for methane steam reforming products (B) over benchmark 5%
Rh/MgAl2O4 catalyst. CH4, S/C = 3, 9 mg of catalyst. 5% Rh MgAl2O4 catalyst reduced in-situ at 850 ◦C for 16 h
under flowing 10% H2 in N2.
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Abstract: In this study, iron-rich mining residue (UGSO) was used as a support to prepare a new
Ni-based catalyst via a solid-state reaction protocol. Ni-UGSO with different Ni weight percentages
wt.% (5, 10, and 13) were tested for C2H4 dry reforming (DR) and catalytic cracking (CC) after
activation with H2. The reactions were conducted in a differential fixed-bed reactor at 550–750 ◦C
and standard atmospheric pressure, using 0.5 g of catalyst. Pure gases were fed at a molar ratio of
C2H4/CO2 = 3 for the DR reaction and C2H4/Ar = 3 for the CC reaction. The flow rate is defined by a
GHSV = 4800 mLSTP/h.gcat. The catalyst performance is evaluated by calculating the C2H4 conversion
as well as carbon and H2 yields. All fresh, activated, and spent catalysts, as well as deposited carbon,
were characterized by Brunauer–Emmett–Teller (BET), X-ray diffraction (XRD), scanning electron
microscopy (SEM), energy dispersive X-ray spectrometry (EDX), transmission electron microscopy
(TEM), temperature programmed reduction (TPR), and thermogravimetric analysis (TGA). The results
so far show that the highest carbon and H2 yields are obtained with Ni-UGSO 13% at 750 ◦C for the
CC reaction and at 650 ◦C for the DR reaction. The deposited carbon was found to be filamentous and
of various sizes (i.e., diameters and lengths). The analyses of the results show that iron is responsible
for the growth of carbon nanofilaments (CNF) and nickel is responsible for the split of C–C bonds.
In terms of conversion and yield efficiencies, the performance of the catalytic formulations tested is
proven at least equivalent to other Ni-based catalyst performances described by the literature.

Keywords: dry reforming; catalytic cracking; ethylene; carbon nanofilaments; hydrogen

1. Introduction

Hydrogen is an energy vector and is mainly used in the synthesis of several chemicals such as
methanol, ammonia, and liquid hydrocarbons via the Fischer–Tropsch process. Concerning carbon
nanofilaments (CNF), several studies have shown that they have noteworthy properties, including
high surface area, high mechanical resistance, and high electrical and thermal conductivities [1]. This is
why research efforts have focused on optimizing and controlling the formation of these types of carbon
structures, instead of inhibiting their growth [2]. Although, usually, carbon formation on catalysts
causes the deactivation of the catalyst [3], CNF are shown to grow in such a way that the catalytically
active sites maintain their activity [4]. CNF properties make them a good substitute to high-cost
materials used currently in various applications such as reinforcement of composites [5], manufacturing
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of double-layer condensers [6], fabrication of anodes in lithium batteries [7,8], adsorption [9], support
for catalysts [10], or catalysts themselves [11].

H2 is generated mainly from hydrocarbons via thermocatalytic processes such as steam reforming
(SR), autothermal reforming (ATR), partial oxidation (POX), dry reforming (DR), and catalytic
decomposition or cracking (CC) [12]. However, methane SR is the only industrial production technology
used so far [13]. SR is an endothermic reaction and requires a high energy input. Temperatures as high
as 950 ◦C and relatively high steam/C ratios are required to reach high H2 yields and avoid carbon
formation and, consequently, premature catalyst deactivation. In the last decade, many researches
have focused on DR that uses CO2 instead of H2O to produce not only H2 but also CNF. Hence, DR
reaction has not only economic interests but also an environmental interest, which is the contribution
on the sequestration of CO2—a greenhouse gas [14–17].

The feedstock composition, the choice of catalysts including the support and active metals, as well
as the operating conditions, especially the temperature, are the main elements that have been largely
studied to optimize H2 and CNF production [18]. Methane [19–21], n-octane [22], ethanol [15], and
biogas [23] are the main reactants used. The use of pyrolytically-produced gases has rarely been cited
in the current literature. Arena et al. [24] have developed an innovative process for mass production of
multiwall carbon nanotubes (MWCNT) by pyrolysis of virgin or recycled polyolefins. Regarding CNF
production, the literature is rather scarce. Svinterekos et al. [25] used lignin (a natural polymer found
in plants) combined with recycled polyethylene terephthalate (PET) to make precursor fibers that are
used for the electrospinning of CNF. The work presented here is part of a larger research endeavor
aimed at the conversion of waste plastic streams into added plus-value products such as CNF. Since
the gases produced by plastic pyrolysis are composed mainly of unsaturated hydrocarbons, the first
step of this study is focused on using C2H4 as a surrogate molecule. The dry reforming reaction of
ethylene is not yet well reported in the literature; the products of this type of reaction are considerably
dependent on the nature of the catalyst used. In the presence of a transition metal catalyst, carbon
and synthesis gas are the products obtained from ethylene DR [26]. However, the Mn and Cr oxides
convert ethylene to butadiene and propylene. For example, with a MnO/SiO2 catalyst at 850 ◦C, the
products obtained are C4H6 with a selectivity of 25%, C3H6 with a selectivity of 18%, and traces of
CH4, C3H8, and C4H8 [26].

The theoretical reaction of ethylene DR is given by Equation (1) below [26]:

C2H4 + 2CO2 → 4CO + 2H2 (ΔH◦298 = 292.5 MJ/kmol) (1)

Other known reactions that take place during ethylene DR are Equations (2)–(5):

Ethylene decomposition: C2H4→ 2C + 2H2 (ΔH◦298 = −52.5 MJ/kmol) (2)

Reverse water gas shift reaction (RWGS): CO2 + H2 � CO + H2O (ΔH◦298 = 41.0 MJ/kmol) (3)

Boudouard reaction: 2CO� CO2 + C (ΔH◦298 = −172.0 MJ/kmol) (4)

Carbon gasification: C + H2O→ CO + H2 (ΔH◦298 = 131.3 MJ/kmol) (5)

In general, at the temperatures used for these reactions and in the presence of the chosen catalysts,
hydrocarbon molecules (HC) are converted into free radicals in the gas phase or at the catalyst’s
surface (intermediates). The reforming agent, CO2 in the case of DR, is also dissociated into oxygen
intermediates (O *) and CO. Oxygen-containing intermediates oxidize HC intermediates to produce
CO and subsequently produce CO2 and carbon via the Boudouard reaction (Equation (4)). The atomic
carbon formed during the Boudouard reaction first diffuses and dissolves into the metal particles until
saturation is reached and then the graphitic carbon starts precipitating to form CNF [27]. For the CC
reaction, HC intermediates self-decompose to produce H2 and carbon [28] and the atomic carbon
formed follows the same process of diffusion, saturation, and finally precipitation [29].
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Transition metal-based catalysts, particularly iron and nickel, are recognized for their ability
to decompose carbonaceous gases into filamentous carbon and hydrogen. This capacity for carbon
formation is due to the high diffusion rate of carbon in these metals at high temperatures.

The coefficients of diffusion of carbon into transition metals at 550 ◦C are 1.2 × 10−7, 0.8 × 10−7,
and 0.2 × 10−7 cm2/s, for Ni, Fe, and Co, respectively [29]. Consequently, the carbon yield would
increase as follows: Ni-based catalyst > Fe-based catalyst > Co-based catalyst. This order, however,
was not confirmed by Romero et al. [29], who studied the influence of these active metals (Co, Ni, Fe)
and the influence of the zeolite type support on the synthesis of highly graphitized carbon nanofibers
produced from the catalytic decomposition of ethylene. They found that the order is rather Ni > Co >
Fe. They affirmed that this difference is due to the zeolite support that has a different synergistic effect,
which explains the important role played by the support, on the activity of the catalyst.

Recently, our research group (GRTP-C & P) collaborated with Rio Tinto Iron and Titanium (RTIT)
for the valorization of a mining residue (upgraded slag oxide (UGSO)) of the upgraded slag (UGS)
process to produce titanium slag from ilmenite. Since UGSO is largely composed of iron oxides, in
addition to Mg and Al oxides, it has been used to produce an effective Ni-functionalized spinel catalyst
tested in methane DR, methane mixed reforming [30], and pyrolytic oils SR [31]. In this work, we
investigate the efficiency of this new catalyst in ethylene DR and CC reactions to produce H2 and CNF.

2. Results and Discussion

2.1. Fresh Catalyst Characterization

Table 1 illustrates the BET surface area, average pore volume, and average pore diameter for
UGSO and Ni-UGSO with different Ni wt.%. We can observe that Ni-UGSO has a smaller BET surface
area, smaller pore volume, and smaller pore diameter than UGSO; this is due to the formation of other
phases (spinels) as shown on the XRD pattern (Figure 1) that cause a rearrangement of UGSO structure
(the signification of each symbol in XRD patterns are presented in Table 2). Regarding the effect of Ni
wt.%, no statistically significant change was found. Generally, Ni addition leads to the reduction of
specific surface area, pore volume, and pore size of the catalyst.

Table 1. Textural properties of Ni-UGSO with different Ni contents (5, 10, and 13 wt.%).

Catalyst
BET Surface

Area (m2·g−1)

Average Pore
Volume (cm3·g−1) a

Average Pore
Diameter (nm) b

FWHM
(nm)

Ni spinel Crystal
Size (nm) c

UGSO 4.96 0.0256 20.1 − −
Ni-UGSO 5% 2.91 0.0134 18.2 0.429 3.38
Ni-UGSO 10% 2.66 0.0126 19.2 0.426 3.41
Ni-UGSO 13% 2.87 0.0132 17.7 0.429 3.38

a Pore volume was obtained from P/P0 = 0.97. b Pore diameter was obtained from Barret–Joyner–Halenda (BJH)
desorption method. c Ni crystallite size was calculated from Scherrer Equation.

Table 2. XRD phase legend.

Symbol Phase Symbol Phase

MgFeAlO4, MgFe2O4,
Fe3O4, AlFe2O4, (FeNi)O

 NiFe2O4, FeNiAlO4  Fe
NiO Ni

 MgO FeNi3

Carbon  Fe2O3 
Fe3C FeO
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Figure 1. XRD analysis of Ni-UGSO with different Ni contents (0, 5, 10, and 13 wt.%).

We can also observe that the NiFe2O4 crystal sizes are nanometric and there is no difference in the
crystal size in function of wt.% of Ni on the catalyst.

XRD patterns of fresh catalysts with different wt.% of Ni are shown in Figure 1, which shows that
the patterns of the three catalysts are identical. The same family phases have been detected whatever
the Ni percentage. In summary, the catalysts are mainly composed of two phases: spinels, in the most
probable order of formation (figure of merit (FOM) smallest); MgFeAlO4, MgFe2O4, Fe3O4, NiFeAlO4,
AlFe2O4, NiFe2O4; and monoxides (NiO, MgO), which coexist in their solid solution. When comparing
to the pattern of fresh UGSO, the new crystalline phases are a clear indication that the Ni has been well
integrated into the structure of the UGSO.

According to the TEM images (Figure 2a,c), the catalyst particles are faceted and have a size
distribution ranging between 70 nm and 355 nm.

SAED patterns (Figure 2b,d) indicate that the catalyst is composed of the spinels NiFe2O4 and
Fe3O4, and oxides NiO and (MgFe)O (Table 3). These results corroborate the XRD analysis results.

Table 3. Indexation of d-spacing measured by SAED.

Measured D-Spacing (A◦) Indexation Theoretical D-Spacing (A◦)
1.48 and 1.46 (4 4 0) (MgFe)O/NiO 1.47

1.67 (4 2 2) NiFe2O4/Fe3O4 1.7
2.03 and 2.06 (4 0 0) (MgFe)O/NiO 2.08
2.47 and 2.41 (3 1 1) NiFe2O4/Fe3O4 2.51

2.9 (2 2 0) NiFe2O4/Fe3O4 2.94
4.61 (1 1 1) NiFe2O4/Fe3O4 4.8
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Figure 2. TEM analysis of Ni-UGSO 13% (a,c) and its corresponding selected area electron diffraction
(SAED) (b,d).

2.2. Catalyst Activation and Characterization before DR and CC Reactions

Before the DR and CC reactions, Ni-UGSO was activated by H2. Concerning structural properties,
we notice that the activation has increased the BET surface area, pore volume, and pore diameter
(Table 4). The effect of the activation is the reduction of metal oxides into metal particles as we can
see in XRD pattern (Figure 3), especially into Ni and Fe metal and their alloys, which leads to a pore
enlargement and a BET increase due to the nanometric size of the metallic species proved by TEM
(Figure 4).

Table 4. Textural properties of Ni-UGSO 13% before and after activation.

Catalyst
BET Surface

Area (m2·g−1)

Average Pore
Volume (cm3·g−1) a

Average Pore
Diameter (nm) b FWMH

Ni Crystallite
Size (nm) c

Fresh Ni-UGSO 13% 2.87 0.0132 17.7 0.43 3.4

Activated Ni-UGSO 13% 4.81 0.0238 19.1 1.39 1.2
a Pore volume was obtained from P/P0 = 0.97. b Pore diameter was obtained from Barret–Joyner–Halenda (BJH)
desorption method. c Ni crystallite size was calculated from Scherrer Equation.
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Figure 3. XRD analysis of Ni-UGSO 13% before and after activation.

 

a b 

Figure 4. TEM analysis of activated Ni-UGSO 13%, (a) support particle size and (b) crystallite size.

When comparing the XRD patterns of the catalyst structure before and after activation by H2, we
can observe the appearance of peaks attributed to the metallic phases Ni, Fe, and their alloys. Yu et
al. [32] have shown that the reduction of catalysts containing Ni and Fe leads to the formation of their
alloys such as tarnite and kamacite, and the proportion of Ni:Fe on the alloy after reduction depends
on their initial mass ratio. We can also observe the presence of FeO, which means that the magnetite
has been reduced partially into wüstite and iron.

TPR analysis was used to determine the reduction temperatures of the different metal species
present in the catalyst. The TPR profiles for the three different catalysts with different wt.% (Figure 5)
have the same shape with three distinctive peaks. The difference is in the amount of H2 consumed,
which, as expected, increases with the wt.% of Ni in the catalyst.
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Figure 5. TPR analysis for Ni-UGSO with different Ni contents (5, 10, and 13 wt.%).

In fact, the reduction temperature of metals depends on their interaction with the support and
their location, as well as the structure to which it belongs (oxide or spinel). The reduction of Ni-UGSO
by H2 essentially leads to the formation of metallic Fe and Ni particles in addition to their solid solution.
Al and Mg are resistant to reduction and remain in their oxidized state.

The analysis of the Ni-UGSO 13% TPR pattern depicts the main reduction peak (the one in the
middle) and two others. The first peak can be attributed to the reduction of free NiO (not in interaction
with all other phases) and the reduction of Fe3+ to Fe2+. The second peak can be assigned to the
reduction of both Fe3+ species to Fe2+ and Fe, and Ni2+ to Ni (NiO moderately interacting with other
phases). The third peak can be attributed to the reduction of NiO strongly interacting with MgO or
having a strong interaction with spinel MgFeAlO4 [30].

As shown in Figure 4, the reduction of the catalyst by H2 led to the formation of metal crystallites
with different sizes on the surface of crystals that have not been reduced (Al and Mg oxides). Similar
results were found by Romero et al. [29], who studied the reduction of zeolite-supported Ni- and
Fe-based catalysts. They observed Fe and Ni crystallites with different distributions formed on the
surface of the zeolite. In fact, the activation of catalysts by H2 led to the reduction of oxides into small
metallic particles, which are the active phase for the growth of CNF.

As depicted in Figure 4b, the crystallite sizes are in the range of 10–30 nm. Yu et al. [32] have found
that the reduction of the Ni:Fe (6:1) catalyst has an average crystallite size of 6 nm with a Gaussian-like
distribution. The difference observed when comparing our results with those in the literature might be
due to a different Ni:Fe ratio and/or to the reduction conditions (nature of the substrate and rate of
heat and mass transfer). Some sintering seems to have taken place due to reduction because, if we
compare Figures 4a and 2, we notice that the support particle size has increased (100–400 nm).

The EDX pattern (Figure 6) shows that these crystallites are composed mainly of Ni and Fe and
no O has been detected. This proves that these crystallites are metallic and they are Ni, Fe, and/or
Ni–Fe alloys, thus corroborating the already presented XRD results.
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Figure 6. EDX analysis of activated Ni-UGSO 13%.

2.3. Ni-UGSO Catalyst Performance

2.3.1. Thermodynamic Investigation

FactSage software was used to study the thermodynamic equilibrium of the C2H4 CC and DR
reactions at different conditions of temperature (450–850 ◦C) and molar ratios C2H4/CO2 (1/1-3/1) at
atmospheric pressure. Equilibrium composition, heat, and enthalpy of the reaction, as well as the
amount of deposited carbon, were studied during this research. This investigation allowed us to
choose the experimental conditions. The results are shown in Figures 7–9.

Figure 7. Thermodynamic study of DR reaction at different temperature at ratio 1/1.

ΔH is negative for the CC reaction, which means that the reaction is exothermic, and it increases
with the increase of temperature (Figure 9). The ΔH of the DR reaction is negative for temperatures
below 600 ◦C for both ratios. This means that at temperatures higher than 600 ◦C the reaction is
endothermic. The heat of this reaction increases with the increase of the amount of ethylene in
the feedstock.

The decline of ΔG with temperature illustrates that the equilibrium is displaced toward the
products. For the CC reaction, at temperatures below 700 ◦C, ΔG is positive and, therefore, the reaction
is not taking place. For the DR reaction, ΔG is higher at higher C2H4/CO2 ratios, which means that
conversion is favored.
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Figure 8. Thermodynamic study of DR reaction at different temperature at ratio 3/1.

 
Figure 9. Thermodynamic study of CC reaction at different temperature.

For the CC reaction, H2 and carbon amounts at the equilibrium increase with temperature
(Figure 9). However, for the DR reaction, the H2 amount increases with the temperature for both ratios,
while the C amount decreases with the temperature at ratio 1/1 and reaches its maximum at 650 ◦C at a
ratio of 3/1.

Based on these results, the three following temperatures have been chosen to be studied
experimentally: 550 ◦C, 650 ◦C, and 750 ◦C. Since we want to maximize carbon and H2 production, a
3/1 ratio of C2H4/CO2 was chosen.

2.3.2. Study of CC Reaction

The effect of temperature and Ni percentage on CNF and H2 yields, as well as carbon growth rate,
are presented in Figure 10 and Table 5, respectively.

Table 5. Carbon growth rate for the CC reaction using Ni-UGSO with different Ni wt.% (5, 10, and 13)
at T = 550 ◦C, 650 ◦C, and 750 ◦C for 2 h TOS.

Catalyst
Carbon Growth Rate (gC·gcat

−1·h−1) At

550 ◦C 650 ◦C 750 ◦C
Ni-UGSO 5% 1.42 1.7 1.78
Ni-UGSO 10% 1.78 1.82 1.94
Ni-UGSO 13% 2.1 2.2 2.8

Yu et al. [32], who used a bimetallic catalyst of Ni–Fe with different Ni loading levels, found that
productivity is higher for higher T and higher Ni loading. This work shows that C and H2 yields

148



Catalysts 2019, 9, 1069

increase with temperature (Figure 10). This is in accordance with the previously reported literature [32].
Moreover, the carbon growth rate increases with T because the solubility and diffusion of the carbon
in the solid metallic phases also increases with T [33]. This effect is even more pronounced at higher
percentages of Ni in the catalyst.

Figure 10. Carbon and H2 yields for the CC reaction using Ni-UGSO with different Ni wt.% (5, 10, and
13) at T = 550 ◦C, 650 ◦C, and 750 ◦C for 2 h time-on-stream (TOS).

Since the highest carbon and H2 yields were observed at T = 650 ◦C and wt.% of Ni = 13%, the
reaction results at these conditions are presented in detail in Table 6 and Figure 11.

Table 6. General experimental results for CC reaction using Ni-UGSO 13% at 750 ◦C for 2 h TOS.

C2H4 (mL/min) 30
Ar (mL/min) 10
Catalyst weight (g) 0.5
TOS (min) 120
GHSVSTP (mL·h−1. g) 4800
C2H4/Ar 3
Ar/C2H4 0.33
Carbon (g) 2.8
Carbon production rate (gC·gcat

−1·min−1) 0.047
Carbon production rate (gC·gcat

−1·h−1) 2.8
Carbon yield (%) 76.25
Total H2 yield (%) 74.46
Total C2H4 conversion (%) 92.24
Mass balance error for C (%) 3.31
Mass balance error for H (%) 0.08
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Figure 11. Experimental results for CC reaction using Ni-UGSO 13% at 750 ◦C.

Overall, the highest carbon and H2 yields, YH2 = 74.46% and YC = 76.25%, respectively, are
observed at T = 750 ◦C and 13% of Ni. Thus, the carbon turnover frequency (TOF) expressed per
mass of catalysts was 2.8 gC·gcat

−1·h−1 at a flow rate of 30 mL/min (Table 6). When compared to the
catalysts used in the literature, this catalyst has shown similar to better performance. Yu et al. [32] have
produced 3 gC·gcat

−1·h−1 and 2.55 gC·gcat
−1·h−1 using bimetallic catalysts Ni–Fe(6-1) and Ni–Fe(5-5),

respectively, with a feed of C2H4/CO/H2 (30/10/10). Diaz et al. [34] studied Ni-SiO2 catalyst for the
catalytic decomposition of ethylene to produce carbon, between 600 ◦C and 700 ◦C. They obtained the
maximum of carbon at 600 ◦C with 2 gC·gcat

−1·h−1 for 60 mL/min of C2H4.
Figure 11 shows that the steady-state has been reached very fast during the first 20 min of TOS.

The conversion of C2H4 is nearly 100% and starts slightly decreasing in the last 20 min. The hydrogen
yield is also constant around 80% for 120 min while the rate of carbon formation is also high and equal
to 2.82 gC.gca

−1.h−1. The observed high and constant rates of carbon and H2 formation are due to the
high activity of the catalyst at the beginning of the reaction; moreover, even though carbon was formed,
the catalyst did not show any deactivation during the TOS of operation. The latter can be explained by
the type of carbon formed. Indeed, the carbon formed was analyzed by SEM and it has been proven
that it was under the form of CNF (Figure 12), which was not affecting considerably the access of the
reactants at the surface of the catalyst.
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Figure 12. SEM analysis of CNF produced at 750 ◦C using Ni-UGSO 13% for CC reaction.

2.3.3. Study of DR Reaction

The effect of temperature and Ni percentage on CNF and H2 yields, as well as carbon growth rate,
are illustrated in Figure 13 and Table 7, respectively.

Figure 13. Carbon and H2 yield for the DR reaction using Ni-UGSO with different Ni wt.% (5, 10, and
13) at T = 550 ◦C, 650 ◦C, and 750 ◦C for 2 h TOS.
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Table 7. Carbon growth rate for the DR reaction using Ni-UGSO with different Ni wt.% (5, 10, and 13)
at T = 550 ◦C, 650 ◦C, and 750 ◦C for 2 h TOS.

Catalyst
Carbon Growth Rate (gC·gcat

−1·h−1) At

550 ◦C 650 ◦C 750 ◦C
Ni-UGSO 5% 1.1 1.96 1.83
Ni-UGSO 10% 1.7 2.05 1.9
Ni-UGSO 13% 0.9 2.25 1.96

Figure 13 shows that the carbon yield for all Ni contents has a maximum at 650 ◦C. Although
it seems that the same applies to the H2 yield, the latter keeps increasing in the case of the 10% Ni
content catalyst. The amount of Ni active sites is a parameter that plays a significant role in terms
of catalytic activity. The BET results in Table 1 show that the specific surface and the average pore
volume is not a function of the Ni content in the range between 5 and 13 wt.%. The small difference
observed in the case of 10 wt.% Ni catalyst is within the experimental error and cannot be used as a
differentiation argument. In light of the above, the difference in H2 yield observed in the case of the 10
wt.% Ni catalysts might be explained in the following way:

(a) As expected by thermodynamic calculations, the temperature around 600 ◦C is optimal for carbon
production and this is clearly shown by the experiments in Figure 13;

(b) At higher temperatures (i.e., 750 ◦C), carbon production decreases, but the H2 yield must increase.
Although this is the trend observed with the 10 wt.% Ni catalyst, in the case of 5 wt.% Ni, this
increase is nil. In the case of 13 wt.% Ni, we observe the opposite. The most plausible speculation
is that, at 5 wt.% Ni, the active catalytic sites are low, while, at 13 wt.% Ni, the Ni distribution is
less than optimal. It is well known that in almost all heterogeneous catalysts there is an optimal
active metal content below which and above which the catalytic activity decreases.

Since the target of the manuscript is the comparison of two regimes with a number of Ni-UGSO
formulations, there are no available surface data to support further discussion. Our continuous efforts
are now focusing namely on these aspects.

Both carbon and hydrogen yields are maximal at 650 ◦C. This behavior can be explained by carbon
and H2 formation and consumption reactions. In fact, carbon is produced from C2H4 decomposition
and Boudouard reaction and consumed by the gasification reaction, while H2 is produced by C2H4

decomposition and consumed by RWGS reaction. C2H4 decomposition and RWGS reactions are
favored by high temperatures. Boudouard has a thermodynamic maximum of carbon formation
around 550 ◦C. At T lower than 650 ◦C, the formation rate exceeds the consumption rate

Concerning the effects of Ni, the yield of carbon and H2 increases with the increase of the Ni
weight percentage in the catalyst, and this is attributed to the higher catalytic activity at higher Ni
loading levels and consequently faster reaction rates. We can notice an exception for Ni-UGSO 13% at
T = 550 ◦C where the yields are very low. This could be explained by the fact that the catalyst at such a
low T with such a high load of Ni has not reached its highest activity within 2 h.

Since the highest carbon and H2 yields were observed at T = 650 ◦C and wt.% of Ni = 13%, the
reaction results at these conditions are presented in detail in Table 8 and Figure 14.

Ni-based catalysts have been used in the past for DR reactions, especially for methane and ethanol,
but there are few studies on ethylene dry reforming. Jankhah et al. [15] examined in detail the dry
reforming reaction of ethanol using activated stainless-steel strips as a catalyst (strip surface of 0.04 m2).
Experiments have shown that the results that give the best yields of carbon and H2 are obtained at a
temperature of 550 ◦C. They have obtained a carbon rate equal to 3.6 g·h−1 and an H2 yield of 76.33%.
Since this catalyst is 2D and not 3D, the equivalent carbon TOF is related to the catalyst surface and not
to the weight and is equal to 90 g·h−1·m−2.
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Table 8. General experimental results for the DR reaction at 650 ◦C and Ni-UGSO 13% for 2 h TOS.

C2H4 (mL/min) 30
CO2 (mL/min) 10
Catalyst weight (g) 0.5
TOS (min) 120
GHSVSTP (mL·h−1·g−1) 4800
C2H4/CO2 3
CO2/C2H4 0.33
Carbon (g) 2.25
Carbon production rate (gC·gcat

−1·min−1) 0.0375
Carbon production rate (gC·gcat

−1·h−1) 2.25
Carbon yield (%) 53.57
Total H2 yield (%) 67.47
Total C2H4 conversion (%) 91.29
Total CO2 conversion (%) 88.48
Mass balance error for C (%) 9.16
Mass balance error for H (%) 1.46
Mass balance error for O (%) 8.81

 

Figure 14. Experimental results for DR reaction using Ni-UGSO 13% at 650 ◦C for 2 h TOS.

We observed that, during the first 100 min, the conversion of C2H4 is near 100% and starts slightly
decreasing during the last 20 min. Hydrogen yield is constant for 120 min and equal to 65% (Figure 14),
and the rate of carbon formation is high and equal to 2.25 gC·gcat

−1·h−1. These high and constant rates
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of carbon and H2 formation are due to the high activity of the catalyst and can be explained by the
following: the H2 formed contributes to the additional activation of the catalyst through the reduction
of iron oxides. This is proven by the presence of Fe and Ni metal peaks and the disappearance of iron
oxide peaks on used catalyst XRD (Figure 15). It has been demonstrated that the carbon under the
form of catalytically induced CNF itself has catalytic properties [4]. Although the activity measured
through carbon TOF per mass of CNF is lower, if the TOF is calculated per mass of carbides content of
the CNF, it is shown to be higher. This explains, at least partially, why the catalytic activity remains
high even when the catalyst surface is covered by CNF.

Figure 15. XRD analysis of Ni-UGSO 13% after the CC reaction at 750 ◦C and after the DR reaction at
650 ◦C for 2 h TOS.

The carbon formed was analyzed by SEM and it has been proven that it is mainly under the form
of CNF (Figure 16).

 

Figure 16. SEM analysis of CNF produced at 650 ◦C using Ni-UGSO 13% for DR reaction for 2 h TOS.
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2.4. Characterization of CNF and Spent Catalyst

2.4.1. XRD Analysis

Figure 15 shows the XRD of deposited carbon on the used catalyst after the DR and CC reactions.
The peak at 2θ = 26◦ confirms that the carbon formed is graphitic, no peaks of oxides have been
detected, and only Ni and Fe were present in the patters, which proves that their oxides were reduced
during the reactions. Carbide formation was expected because carbides are known to be the precursor
of CNF especially with iron-based catalysts. Fe3C is metastable under the reaction conditions so it is
decomposed to CNF and α-Fe [35]. Nickel plays a key role in the formation of CNF because, when
UGSO was used alone, catalyst activity was low [30]. When nickel was added, the quantity and quality
of CNF were found to have improved. Nickel catalyzes the C–C bond cleavage, thus producing carbon
species radicals and atomic carbon that diffuses and dissolves in the iron to form a solid solution of
iron carbides [36].

2.4.2. TGA

Figure 17 shows the results of TGA analysis. For the DR sample, at T up to 450 ◦C, a mass gain of
0.25% was detected. Between 450 ◦C and 765 ◦C, there was a mass loss of about 60%; finally, between
765 ◦C and 890 ◦C, a mass gain of 0.05% was observed.

Figure 17. TGA analysis of Ni-UGSO 13% after CC reaction at 750 ◦C and after DR reaction at 650 ◦C
for 2 h TOS.

For the CC sample, up until 500 ◦C, a mass gain of 0.23% was measured. From 500 ◦C to
750 ◦C, there was a mass loss of 88.62% and, finally, between 750 ◦C and 900 ◦C, a mass gain of 0.05%
was observed.

The higher the temperature of oxidation, the higher the degree of structural order. Thus, as
can be seen in Figure 17, the oxidation of CNF produced by DR (CNF-DR) begins at a temperature
lower than that in the case of CNF formed by CC (CNF-CC) (450 ◦C vs. 500 ◦C). In the literature,
it has been reported that the oxidation of graphite and C60 in TGA occurs at 645 ◦C and 420 ◦C,
respectively [37]. The oxidation temperature of CNF-CC is similar to that reported for CNT [38] and
higher than that reported by Sui et al. [39]. They are all lower than the graphite oxidation temperature.
Serp et al. [40] have confirmed that CNT and CNF are more reactive than graphite. They have shown
that CNF samples with 10% of remaining metal (produced from ethylene on Fe/SiO2 catalysts) present
a maximum gasification rate at 650 ◦C. The single-wall carbon nanotube (SWCNT), which is the carbon
nanostructure that has the least remaining metal percentage (less than 1% of metal) and the least
defects on its surface, presents a maximum gasification rate at 800 ◦C. MWCNT, with 3% and 7.5%
of residual metal, presents a maximum rate at 650 ◦C and 550 ◦C, respectively. According to these
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findings, the presence of defects on the CNF surface and the presence of residual metal within the
carbon nanostructures that can catalyze carbon gasification cause a shift to lower temperatures. While
the oxidation resistance of the DR carbon and the CC carbon is different, we can say that either CNF-DR
carbon is more structured than CNF-CC, or that it contains more metal, or even that their surfaces
are not the same, which means that they are two distinct types of CNF. The TEM analyses reported
below help us to identify the type of CNF produced. It is well known that there are different types of
CNF depending on the arrangement of the graphene plans. Accordingly, CNF are classified into three
categories: platelets, fishbone, and stacked-cup CNF [2].

2.4.3. SEM-EDX Analysis

SEM images have shown that, in this experiment, the carbon is under the form of filaments of
varying diameters. For CNF-DR, the diameter range is 15–50 nm (Figure 18) and for CNF-CC it is
25–75 nm (Figure 19). Using backscattered electron imaging (Figure 20), we can see that the metal
particles are located on the top of the nanofilaments.

 

Figure 18. SEM analysis of carbon deposited on Ni-UGSO 13% after DR reaction at 650 ◦C for 2 h TOS.

 

Figure 19. SEM analysis of carbon deposited on Ni-UGSO 13% after the CC reaction at 750 ◦C for 2
h TOS.
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Figure 20. SEM analysis (using backscattered electron imaging) of carbon deposited on Ni-UGSO 13%
after DR reaction at 650 ◦C for 2 h TOS.

The EDX images presented in Figures 21 and 22 give a chemical analysis of the spent catalyst and
carbon deposited. We notice on the spectrum that the peaks of carbon are intense for both reactions,
which proves the existence of carbon corresponding to CNF, as we can see on the SEM images.

 
Figure 21. EDX analysis of carbon deposited on Ni-UGSO 13% after the DR reaction at 650 ◦C for
2 h TOS.
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Figure 22. EDX analysis of carbon deposited on Ni-UGSO 13% after the CC reaction at 750 ◦C for
2 h TOS.

2.4.4. TEM-EDX Analysis

• DR Reaction Sample

Examination of the carbon formed in TEM demonstrated that the carbon formed consists entirely
of cylindrical and straight CNF. However, all CNF produced are of the fishbone type (graphene sheets
at a certain angle relative to the hollow core fiber main axis). Romero et al. [29] have indicated in
their article that Fe-based catalysts are responsible for the growth of two types of CNF, tubular (sheets
parallel to fiber axis), and platelets; while Ni-based catalysts are responsible for the growth of fishbone
type CNF only. However, in an earlier work of our research group [15] where steel was used as a
dry reforming catalyst to produce CNF, it has been found that different forms of CNF were formed
during the reactions, including fishbone ones. Yu et al. [32] have done a study in conditions similar to
ours, which consists of decomposing a C2H4/H2/CO mixture with a Ni–Fe bimetallic catalyst and have
found that the CNF formed during their study were of the fishbone type. They have reported that the
fishbone is probably formed when a Boudourd reaction took place. In light of these results, we can
deduce that the catalyst is not the only factor that influences the type of carbon formed; other factors,
such as the type of gas supplied and the temperature, also have an influence as discussed further in
Section 2.5.

When the graphitic sheets stack with one another, the angle formed between the sheets and the
fiber axis was not always the same for all of the produced CNF. Different angles (11◦, 17◦, 23◦) are
observed. It also seems that the diameter of the hollow core depends on this angle: the bigger the
angle, the smaller the diameter (Figure 23). Since the catalyst’s structure changes over TOS, it is rather
impossible to control the width of the CNF as it is also discussed further on (Section 2.5).
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a b 

d c 

Figure 23. TEM analysis of carbon deposited on Ni-UGSO 13% after the DR reaction at 650 ◦C for 2
h TOS, (a) CNF with d = 30 nm, (b) CNF with d = 36.7 nm, (c) CNF with d = 26 nm, (d) CNF with
d = 53 nm.

The distance between the graphitic sheets is 0.340 nm (Figure 24), which is higher than the
corresponding distance of graphite (0.335 nm). This means that CNF have structural defects and their
structure is only ordered locally, not globally [29]. These defects are shown in as waved lines. The fact
that the CNF are less ordered and have defects has been verified by TGA profiles (Figure 17), where
the latter demonstrates that lower temperatures are necessary to oxidize CNF. Some zones that are
darker than others can also be observed; they are due to layers not being stacked identically, and
whose local density is different. The degree of graphitization (g) is calculated using this Equation:
dhkl = 3.354 + 0.086 (1− g), where dhkl is the interplanar distance [41]. Thus, the g -value of the
CNF produced in this study is g = 46.5%. Romero et al. [29] have found that CNF produced from
ethylene decomposition over a Fe-Ni-based catalyst have an interplanar distance of 3.42 Å, therefore
g = 23%, which means that they are less graphitized than those obtained in this work.
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Figure 24. Interplanar distance of graphene sheets.

SAED analysis confirmed that the interplanar distance of CNF is 0.340 nm. The second dhkl can
be attributed to planes (102), (220), and (031) of Fe3C according to JCPDF File # 35-0772, or to planes
(111) and (110) of Ni and Fe, respectively. From the presence of Fe3C, it can be deduced that CNF have
grown on Fe. The existence of the Ni atoms in the metallic particles at the bottom of the CNF, as it
is proven by SAED (Figure 25) and confirmed by the EDX analysis (Figure 21), confirms that the Ni
has mainly participated in one of the stages of the growth of the CNF, which is the decomposition
of the HC, while the iron is the main contributor in the second and third stages (dissolution and
precipitation). In fact, it is known that Ni and Fe differ in their ability to decompose HC and solubilize
carbon. Ni rapidly dehydrogenates the adsorbed HC while Fe is slower, and iron solubilizes carbon
better than Ni. Indeed, the solubility of the carbon in the Ni in the range of temperature at which
we worked is very low. Lander et al. [42] have experimentally developed an Equation that gives the
solubility of carbon in nickel between 700 ◦C and 1300 ◦C, which is as follows: lnS = 2.48– 4.880

T ,
where S is the solubility in grams of carbon per 100 gr of nickel and the temperature is in ◦C. The S
value at 700 ◦C is relatively low (2.5%). This will also be discussed further in Section 2.5.

 

a b 

Figure 25. (a) Metallic particle at the tip of CNF. (b) SAED of this particle.
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• CC Reaction Sample

For the CC reaction, we observed that there are different types of CNF, such as the tubular shape
(layers are parallel to fiber axis like MWCNT) with a hollow core (Figure 26b,d), where we can also
observe that some layers have torn ends. It seems that the sheets tended to connect to fill the inside of
the CNF structure. Another type of structure is the bamboo type (Figure 26c). We were also able to
observe that CNF formed with irregular stacking of graphene planes (Figure 26a), and we can observe
that the graphene planes started out parallel to one another and that the angle of inclination with the
fiber axis subsequently changed. The appearance of these CNF is quite similar to those formed by the
decomposition of C2H4/H2 over Fe:Ni catalyst studied by Park and Baker [43].

 

a b 

c d 

Figure 26. TEM analysis of carbon deposited on Ni-UGSO 13% after CC reaction at 750 ◦C for 2 h TOS,
(a) CNF formed with irregular stacked graphene planes, (b) and (d) tubular CNF with hollow core, (c)
bamboo CNF.

In Figure 27, we observe that the metal particle is not on the tip of the filament contrary to what was
found in DR, but it is encapsulated inside the filament. This could be explained by the fragmentation of
the main particle, as its fragments could have been entrained within the body structure of the filament
during the growth phase. The same behavior was found by Park and Baker [43] who worked in
conditions similar to those used for this work (decomposition of C2H4 over Ni–Fe catalyst). The metal
particle that was encapsulated by the CNF during the CC reaction appears to have a smooth globular
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morphology, in contrast to the structure of the catalyst particles at the end of the CNF produced in the
DR reaction, which have more angular forms.

 

a b 

Figure 27. TEM analysis showing a catalyst particle inserted in two different nanofilaments.

The EDX analysis presented in Figure 28 shows Fe and Ni peaks in the pattern as well as C peak,
which proves that the metallic particle is composed of both metals and encapsulated by carbon.

 

Figure 28. EDX analysis of carbon deposited on Ni-UGSO 13% after CC reaction at 750 ◦C for 2 h TOS.

2.5. Mechanistic Understanding for the Growth of CNF

The results of this study, which aimed to test the catalytic performance of a new catalyst derived
from a mining residue (Ni-UGSO), have shown that Ni-UGSO is also a good catalyst for CNF production
from ethylene cracking and dry reforming.

The influence of the catalyst composition as well as of the precursor gas composition and reaction
conditions are discussed below.

2.5.1. Influence of the Catalyst on the Growth of CNF

The effects of Ni and Fe on the growth of CNF is different depending on whether it is a CC reaction
(decomposition of C2H4) or a DR reaction (decomposition of C2H4 and disproportionation of CO).
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Park et al. [43] have mentioned in their work that Ni-based catalysts are good for the decomposition of
ethylene but were not as potent for catalyzing the Boudouard reaction, whereas Fe-based catalysts
exhibited the opposite behavior. This fact was verified by our work, where we found that Ni is
responsible for ethylene decomposition while Fe is responsible for the growth of CNF. They studied a
bimetallic Ni–Fe catalyst for the decomposition of C2H4 and CO in the temperature range 600–725 ◦C,
and they proved that increasing the ambient temperature improves the decomposition of C2H4 while
the Boudouard reaction is favored thermodynamically by temperatures of around 550 ◦C.

It has also been found that the crystallographic orientation of the metal atoms plays an important
role in the ability of the catalyst to decompose the reactive gases [44]. Zhu et al. [45] showed that the
Ni (111) plane adsorbs ethylene and acetylene dissociatively, which was proven in this work by SAED
results where the Ni (111) facet was found on the metal particle on the top of CNF (Figure 25). Their
calculations show that the rate of diffusion of carbon on the Ni (110) plane is the fastest step. However,
the carbon deposited on the facet (110) is poorly crystallized because the distance of this plane does
not correspond to that required for forming a graphite network. To form a good crystalline carbon
structure, the atoms resulted from the decomposition of HC must first diffuse through Ni to dissolve
and then precipitate onto the adequate Fe (110) facet (Table 9), which is required to form a graphite
network. The energy difference between poor and well-crystallized carbon is the driving force that
leads to transfer from one side of a metal to another [44].

Table 9. Indexation of D-spacing measured by SAED.

Measured D-Spacing (Å) Indexation [43] Theoretical d-Spacing (Å) [43]

2.05

(111) Ni 2.03
(110) Fe 2.04

(102) Fe3C 2.07
(220) Fe3C 2.03
(031) Fe3C 2.01

3.40 (200) carbon 3.35

2.5.2. Influence of Catalyst Particle Sizes on the CNF Diameter

Rodriguez [46] has studied the interaction between a metallic surface and carbon. Figure 29 is
a schematic representation of the forces involved in the interaction of a metal catalyst particle with
a graphite support in the presence of a gaseous environment. The contact angle θ is determined
by the surface energy of the graphite support (YSG), the surface energy of the metal (YMG), and the
metal-graphite interfacial energy (YMS), and is expressed in terms of Young’s Equation:

YSG = YMS + YMG cos θ

Figure 29. Interaction between surface metal and graphite [46].

It presents changes in the shape of the metal particles as a function of the catalyst wetting degree
on the graphite:
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(a) When weak forces occur between the metal and the graphite, the resulting contact angle is higher
than 90◦ and there is no wetting;

(b) When strong forces occur between the two components, the contact angle is lower than 90◦ and
wetting occurs;

(c) When the adhesion exceeds the cohesion inside the particle (YMS > YSG + YMG), the metal spreads
over the graphite support surface [46].

Two forms of catalyst particles associated with nanotubular carbon products, which are clearly
different from one another, are commonly observed and presented in the literature [47]: one is conical
and the other one is spherical. The conical particles are usually found at the end of the nanofilaments,
as it was proven in this work (Figure 25), and the almost spherical particles are observed at the end of
the nanotubes [48]. For conical particles, the adhesion exceeds the cohesion inside the particle, which
leads the metal to spread on the graphite surface and, after precipitation, the carbon takes the form of
piled up stacked cones from the particle, determining the shape of the particle’s bottom (Figure 30). In
addition, when weak forces occur between the metal and the graphite and the contact angle is >90◦,
nanotubes are formed (Figure 30).

Figure 30. Conical and spherical metal particles on the top of CNF and CNT, respectively.

A sequence of “stop-action” images [48] shows that after a few seconds of initial growth, the
particle is pushed upward by the carbon flux and lengthens. As growth continues, the surface in
contact with the carbon begins to tilt upward until it forms a conical or tear-shaped form, the tip of the
cone being oriented toward the growing carbon nanostructure and pointing in the direction of carbon
diffusion. This observation leads to the conclusion that the commonly accepted belief that the catalyst
particle determines the size and shape of the product is false. It is more likely the opposite [49].

2.5.3. Influence of Gas Composition on CNF Growth

The type of CNF formed is different for DR reactions and CC reactions; nevertheless, it also
depends on other factors, namely the metal type and temperature. Luo et al. [50] have used Ni–La2O3

in a flow of CH4/N2, CO/N2, and CO2/CH4/N2, and they observed the production of both encapsulating
carbon and CNF. The former was mostly formed in a CH4/N2 atmosphere whereas the latter was
formed in a CO/N2 or CO2/CH4/N2 atmosphere. These results are in accordance with our findings.
When using only C2H4, CNF with irregular forms as well as encapsulated carbon was formed; while,
during DR reactions (where CO is present), only fishbone-type CNF were formed.

In fact, the composition of the gas affects the composition of the surface of metal particles because
of the preferential segregation behavior of one of these components, which affects the arrangement of
the atoms in the crystallographic face. This critical characteristic determines the mode of adsorption
and decomposition of the reactive gas [51]. It has been found that when CO is present in the reactive
gas, particles tended to have a faceted form, which leads to the formation of fishbone CNF [51].

2.5.4. CNF Precursor

As it appeared on the images of the TEM analysis (Figure 25), the metal is located in the tip of
carbon nanofilaments, which indicates that carbon has grown in a crystallographic face of the metal.
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Several authors have tried to find which phase is the one responsible for CNF growth. First, Baker et
al. [52] report an activation energy that suggests that carbon diffuses through the reduced metal and,
therefore, they indicate that the reduced metal is the growth crystal. Subsequently, Oberlin et al. [53]
studied CNF growth on iron. They used TEM to identify growth crystals and reported that cementite
and alpha iron were the only ones present in their work, which led them to conclude that not only
is the active metal responsible for the growth of CNF but that it also contributed to the formation of
metal carbides. In other research, in order to confirm which solid phase of iron is the most catalytic for
carbon formation, Sacco et al. [36] worked on phase diagrams. They experimented by heating iron foils
under a stream of hydrogen at 900 K, then fed hydrocarbon gas mixtures of different compositions into
the reactor for each experiment. They had a mass gain that corresponds to carbon formation only in the
area where Fe3C is thermodynamically favored. Mass gain does not occur in α-Fe region, which proves
that carbides, at least initially, are needed for carbon formation. In another study, it was shown that
Fe3C supported on graphite and exposed to acetylene did not catalyze carbon formation [27]. There
are two assumptions to explain this: Fe3C does not catalytically break up acetylene, or it is necessary
to have a Fe3C/Fe dual phase metal interface to provide the solubility difference needed for carbon
diffusion and thus the growth of the nanofilament. The results found in this work, which confirm the
presence of the Fe3C peaks in the XRD pattern and SAED, confirm the assumption that the Fe3C is the
responsible growth crystal for CNF.

3. Experimental

3.1. Materials

The targeted feedstock was gases derived from plastic pyrolysis, which are largely composed
of unsaturated HC. The initial step, which is presented in this work, was the use of ethylene as a
representative molecule.

UGSO—upgraded slag oxide—is a residue of the UGS process, which has been developed by
RTIT to produce, from ilmenite, the world’s richest titanium slag (95% of TiO2). This mining residue
is composed largely of Fe, Al, and Mg oxides as determined by inductively coupled plasma mass
spectrometry (ICP-MS) elemental analysis shown in Table 10. To produce a reforming catalyst, the
UGSO is doped with Ni [30]. Blank experiments have shown that UGSO itself has no significant
catalytic activity [30].

Table 10. Average elemental analysis of the upgraded slag oxide (UGSO) residue [30].

Component Fe Mg Al Ca Mn V Ti Cr Na Si K P Zr Zn

(wt.%) a 31.26 17.49 5.35 1.07 1.01 0.90 0.60 0.51 0.17 0.08 0.02 0.004 0.01 0.01
a The balance is oxygen.

3.2. Set-Up

Reactions (DR, CC, and activation reaction) were conducted in a differential fixed-bed reactor,
which is a quartz tube of approximately 25 cm of length and 15 mm of internal diameter, put in an oven
with temperature control. The catalyst was deposited at the bottom of the tube between two pieces
of quartz wool and placed in the oven. Gases were fed from commercial gas (supplied by Praxair)
cylinders: C2H4 (99%), CO2 (99%) for the DR reaction, C2H4 (99%), Ar (99%) for CC reaction, and
H2 (99%) and Ar (99%) for the activation reaction. Three AALBORG mass flow meters were used to
control the gas flow at the inlet (Figure 31). The flow rate of the products was measured using a bubble
flow meter and its composition was analyzed by gas chromatography (GC Varian CP-3800) with a
measurement error varying between 1% and 2.5% depending on the analyzed gases (i.e., H2 had the
highest error proven during calibration tests).
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Figure 31. Reaction set-up [30].

3.3. Experimental Methodology

3.3.1. Preparation of Ni-UGSO

Ni-UGSO is prepared via a solid-state reaction developed by Chamoumi et al. [16]. In summary,
UGSO was first milled and sieved in a 53 μm sieve, which was the smallest size obtained with our dry
powder sieving equipment. Nitrate hexahydrate Ni(NO3)2·6H2O was used as a Ni precursor; the latter
was mixed with the UGSO in the targeted proportion. A small quantity of water was added, and the
mixture was then milled and homogenized softly in a mortar at ambient temperature. The resulting
milled mixture was oven-dried at 105 ◦C for 4 h and then calcined at 900 ◦C for 12 h. After calcination,
the catalyst was sieved down to 53 μm and was used in the catalytic tests as powder dispersed in the
quartz wool placed in the differential reactor.

3.3.2. Activation of Ni-UGSO

The Ni-UGSO was activated by H2. The evolution of the catalyst structure was studied using
TPR, TEM and XRD analysis. The catalyst was activated under a flow of 75% H2 and 25% Ar for a
time-on-stream (TOS) of 2 h. Table 11 shows the activation test conditions.

Table 11. Activation test conditions.

Catalyst
H2 Flow Rate

(mL/min) a
Ar Flow Rate
(mL/min) a

Catalyst
Weight (g)

TOS (h)
GHSV

(mL·h−1·g−1)
T (◦C)

Ni-UGSO
(wt.% = 5, 10, 13) 30 10 0.5 2 4800 650

a Gases are fed at atmospheric pressure.

3.3.3. Dry Reforming (DR) and Catalytic Cracking (CC) Reactions

Ni-UGSO was used as a catalyst for ethylene DR and CC. The influence of two factors was studied:

• Temperature;
• Weight percentage of Ni in the catalyst (wt.%).

In order to choose the temperature range for the tests, a study of thermodynamic equilibrium was
done at temperatures ranging from 350 ◦C to 850 ◦C (Section 2.3.1). The wt.% of Ni in the catalyst, 13%,
was chosen because the theoretical calculations based on the average UGSO composition show that
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this Ni content is necessary if all available Fe and Al oxides form spinels with Ni [30]. Nevertheless,
since the catalytic activity comes from the local reduction of Ni and Fe into their metallic forms, as well
as the concentration of these species at the surface of their support, lower Ni percentage were tested as
well. Therefore, 10% and 5% were chosen arbitrarily as intermediate and lower wt.% of Ni.

A 32 fully reproduced factorial design of experiments (18 runs) were conducted for each study
(nine tests with their duplicates). The experiments were conducted at atmospheric pressure after the
activation step. Reaction conditions are summarized in the Tables 12 and 13.

Table 12. Ethylene dry reforming (DR) reaction conditions.

Catalyst
C2H4 Flow Rate

(mL/min) a
CO2 Flow Rate

(mL/min) a
Catalyst

Weight (g)
TOS (h)

GHSV
(mL·h−1·g−1)

T (◦C)

Ni-UGSO
(wt.% = 5, 10, 13) 30 10 0.5 2 4800 550, 650, 750

a Gases are fed at atmospheric pressure.

Table 13. Ethylene catalytic cracking (CC) reaction conditions.

Catalyst
C2H4 Flow Rate

(mL/min) a
Ar Flow Rate
(mL/min) a

Catalyst
Weight (g)

TOS (h)
GHSV

(mL·h−1·g−1)
T (◦C)

Ni-UGSO
(wt.% = 5, 10, 13) 30 10 0.5 2 4800 550, 650, 750

a Gases are fed at atmospheric pressure.

3.4. Characterization Techniques

Several techniques were used to characterize fresh, activated, and spent catalysts. The information
derived from the results of these techniques allows the understanding and interpretation of the
phenomena that occur during the activation, DR, and CC reactions.

3.4.1. XRD

XRD analysis was used to identify fresh catalyst crystalline structure and to study transformations
that might have occurred on this crystalline structure during and after activation, DR reactions, and
CC reactions. The diffractometer used was Philips X’Pert PRO equipped with a Cu tube as its X-ray
source and a Ni filter that was used to only let through Kα1 radiations from Cu (1.5418 Å) produced at
40 kV and 50 mA. The anti-dispersion slit was set at 1/2 and the diverged slit at 1/4. The analysis was
carried out with a scanning angle of 2θ ranging from 15◦ to 90◦.

Crystallite size can be calculated using Scherrer Equation:

Lc =
K × λ

d × cos θ

Lc—crystallite size (nm);
K—0.9;
λ—1.5418 (Å) for Cu Kα1;
d—FHMW (full width at half maximum) calculated using Origin software (nm);
θ—angle (rad).

3.4.2. SEM and EDX

Scanning electron microscopy was used to characterize CNF and to study their morphology.
The microscope used was a Hitachi Cold FE SU-823000 characterized by a 0.5 nm resolution at 30
kV and 3 nm resolution at 0.05 kV. It was equipped with a secondary electron (SE) lower detector,
an SE/backscattered electron (BSE) upper detector, an SE/BSE top detector with energy filtration of
BSE, a five quadrant BSE detector, a STEM (scanning transmission electron microscopy) detector
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for bright/dark fields, and a drift silicon detector energy dispersive X-ray spectrometry (SDD-EDS)
detector, which was used to study the elemental composition and mapping of the sample.

3.4.3. TEM Coupled with EDX and Selected Area Electron Diffraction (SAED)

The microscope used was the Jeol JEM-2100F analytical transmission electron microscope equipped
with a field effect gun operating at an acceleration voltage of 200 kV. Capable of imaging resolutions of
0.1 nm, this microscope was also equipped with an EDX spectrometer for chemical analysis. It also
allowed the evaluation of crystallography using electron diffraction.

3.4.4. TPR

TPR was performed using a Chemisorb 2750 system (Micrometrics) equipped with a thermal
conductivity detector (TCD). Tests were done after calibration of H2 consumption. Fifteen milligrams
of the studied catalyst were put on quartz wool and deposited in the tube reactor. A gas mixture
consisting of 10% v/v of H2 in Ar was fed in the TPR apparatus at a controlled flow rate of 40 mL/min.
The sample was heated up to 1000 ◦C at a ramp rate of 2 ◦C/min in a temperature-controlled oven.
The sensor was put in a cold trap Dewar flask containing isopropanol in liquid nitrogen in order to
protect it from H2O formed during reduction. ChemiSoft TCx software (Micromeritics) was used to
calculate the peak area which is proportional to H2 consumption.

3.4.5. TGA

TGA was done using a Setaram Setsys 24 analyzer under 20% O2 and 80% Ar in a temperature
range between 20 ◦C and 1000 ◦C. For carbon deposited quantification, the TGA was carried out at a
heating rate of 10 ◦C/min.

3.4.6. BET

Specific surface area, pore volume, and pore average size were calculated by multipoint BET method.
It was performed using an Accelerated Surface Area and Porosimetry System (ASAP 2020 V4.01).

3.5. Reaction Metrics

The performance of the catalyst was evaluated by calculating: C2H4 conversions (XC2H4), H2

yield
(
YH2

)
, carbon yield (YC), and carbon growth rate (gC·gcat

−1·h−1) in accordance with Algorithm
1 below:

Algorithm 1

XC2H4 (%) = (FC2H4,in − FC2H4,out)
FC2H4,in

YH2 (%) =
FH2 ,

2 × FC2H4 in × 100

YC (%) =
mCdeposit
mC,in

× 100
mCdeposit = mcatalyst,t0 − mcatalyst,t f

For DR: mC,in = ((2* FC2H4,in*time + FCO2,in*time)) *MC
For CC: mC,in = ((2* FC2H4,in*time)) *MC

Carbon growth rate (gc·gcat
−1·h−1) =

mCdeposit
t × mcatalyst,t0

where:

FC2H4,in and FC2H4,out respectively denote the molar flow rates of C2H4 at the inlet and the outlet of the reactor,
FH2 the molar flow rates of H2 at the outlet of the reactor
mC,in the mass of carbon fed.
mCdeposit the mass of solid carbon deposit on the catalyst
MC the molar mass of C = 12.0107 g/mol
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4. Conclusions

Ni-UGSO was prepared from a mining residue UGSO and then used to produce CNF and H2 via
CC and DR reactions. When mining residues are involved in formulations, there is a concern regarding
the variability of its composition. Prior to the present study and the ones published previously [30], four
different batches of UGSO have been used to prepare the same catalytic formulations. The elemental
analyses of the UGSO have shown that the variations were typically lower than 5% and the subsequent
tests demonstrated that the observed conversion and yields deviations were lower than the overall
experimental error and, consequently, not statistically significant.

Ni-UGSO 13% at 750 ◦C for the CC reaction and at 650 ◦C for the DR reaction exhibited the best
performance in terms of H2 and CNF yields. The literature has already provided the first insight into
the factors influencing the formation of CNF and the mechanism of their formation, but the current
work reveals the complexity of the latter. Although it is widely thought that the diameter of the CNF
depends on the size of the catalyst particles, a more careful literature review along with the results of
this work proves that other factors are also important. It has also been proven that carbides are the
precursors of CNF and that the CNF-DR have higher structural order than CNF-CC. The type of CNF
is also different. TEM images have shown that CNF-DR are fishbone shaped and CNF-CC form into
tubular (MWNT) and stacked-cup structures. The results show that Fe is the main precursor of the
CNF growth while Ni is more contributing to the split of C–C bonds. In terms of conversion and yield
efficiencies, the performance of the catalytic formulations tested is proven at least equivalent to other
Ni-based catalyst performances described by the literature. The experiments reported were conducted
in a lab scale (g-lab) fixed-bed reactor and serve as a preliminary study. Ongoing work focuses on the
production of CNF and H2 in a kg-lab scale fluidized bed reactor to prove the feasibility at a larger
scale towards eventual process commercialization.
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