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The emission of green-house gases and environmental concerns have led to recent research
in the use of renewable feedstocks derived from biomass, waste oils and fats as a source for fuels
and chemicals. However, these feedstocks contain a large amount of oxygen functional groups.
Processing these feedstocks generally requires esterification and transesterification, deoxygenation,
hydrogenation, hydrogenolysis, aldol condensation and cracking reactions. The bio-oils produced
through pyrolysis and hydrothermal treatment are treated through catalytic processes for producing
clean fuels. In addition, syngas produced through the gasification of biomass is converted to liquid
fuels. Petroleum crude oils contain large amounts of heteroatoms and contaminants. Due to the global
mandate of cleaner fuels, these materials require severe processing with a large energy input, and hence
require novel and advanced processes for creating environmentally friendly fuels for societal needs.
The main focus of this issue was to solicit recent advances in the catalytic processing of renewable and
non-renewable feedstocks for sustainable fuels and chemicals.

In this Special Issue of Catalysts, 15 high-quality papers, which are externally and thoroughly
reviewed, are published, and the catalytic conversion of biomass and biomass-derived liquids and
hydrocarbon-based fuels is focused on. The novelty and contributions of these papers are briefly
highlighted below for the benefit of the readers. The performance of sulfided NiMo/γ-alumina for the
hydrodeoxygenation (HDO) of a fatty acid to alkanes was performed in a batch reactor by Abdus-Salem
et al. (2018), and the catalyst’s deactivation was due to the blockage of active sites and pore blockage
and largely contributed to product coke and the irreversible production of aluminum phosphate.
The oxidative stability of hydrotreated vegetable oils as compared to fatty acid methyl ester and their
suitability as fuels in a mixture with different transportation fuels is studied in detail by Zeman et al.
(2019). The properties of fuel blend, such as viscosity, density, and cold filter plugging point, confirmed
that the hydrotreated vegetable oil blend with fuel can meet the fuel standard for engines without
modification. The hydrotreating of waste cooking oil to produce green diesel using unsupported and
supported CoMoS on a mixed oxide was investigated by Wang et al. (2019). The support favored the
metal dispersion and surface area of CoMoS, a decrease in reaction temperature for HDO, enhancement
of hydrogenation capabilities and reduction in polymerization activities. A series of 25 wt.% Ni/KIT6
reduced at different temperatures (400−550 ◦C) was evaluated by Zhang et al. (2019) for the HDO
of ethyl acetate to ethane and methane. The catalyst reduced at 450 ◦C was most suitable for higher
product selectivity due to its optimum metal support interaction, Ni dispersion, crystallite size, and
ability to adsorb and activate hydrogen. Ayandiran et al. (2019) investigated several Fe promoted

Catalysts 2020, 10, 388; doi:10.3390/catal10040388 www.mdpi.com/journal/catalysts1
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Cu/SiO2-Al2O3 catalysts for jet fuel production from oleic acid in an autoclave. The impact of support
acidity by using ZSM-5 and HZSM-5 on the jet-fuel range hydrocarbons’ yield and selectivity was
investigated. These catalysts were extensively characterized and the higher yield and selectivity
for Fe(3)-Cu(15)/SiO2-Al2O3 was attributed to their excellent textural properties, high oxophilic iron
content, high metal dispersion, and mild Bronsted acidity. The catalytic decomposition of oleic acid to
organic liquid product (OLP) containing mostly alkenes and cyclo-alkenes was studied by Hu et al.
(2019) using various acidic and basic catalysts. Lewis acidic catalysts were beneficial for deoxygenation
and secondary cracking, whereas CaO, among all basic catalysts, favored dehydrogenation activity.
The enhancement of the HDO activity of MoP on SiO2 with a physical mixture with alumina or zeolites
for methyl palmitate (MP) to palmitic acid was investigated by Shamanaev et al. (2020). Additional
acid sites to MoP/SiO2 enhanced HDO reaction, and isomerization and the cracking of alkanes were
favored by the addition of zeolites. The catalytic pyrolysis of Chilean Oak to value-added chemicals
and fuels was studied by Alejandro-Martin et al. (2019) using ammonium-modified Chilean Zeolite.
Bronsted acidity was favorable for ketones, aldehydes and hydrocarbons, and for a decrease in esters,
ethers and acids, and was responsible for upgraded bio-oil with lower oxygen content and higher
value-added chemicals. The kinetics, isotope effect and mechanism of catalytic pyrolysis of aliphatic
carboxylic acids into ketones over Ce-based catalysts were investigated by Kulik et al. (2020). The
study showed that it is a sterically controlled reaction and demonstrated a method for studying the
catalytic pyrolysis mechanism.

Liu et al. (2019) investigated the promotional effect of Ni on glycerol hydrogenolysis to
1,2- propanediol (1,2-PD) with in-situ hydrogen from methanol present in crude glycerol using
a Cu/ZnO/Al2O3 catalyst. Ni contributed to the generation of in situ hydrogen with higher methanol
conversion, reduced the conversion of glycerol, and improved the selectivity of 1,2-PD. Ni assisted
in the slower dehydration of glycerol to acetol and higher hydrogenation activity of acetol to 1,2-PD.
Hydroprocessing (HT) followed by oxidative desulfurization (ODS) and denitrogenation (ODN) of
gas oils was investigated by Badoga et al. (2019). HT was performed using NiMo/γ-Al2O3, and
alumina, alumina–titania supported Mo, P, Mn and W catalysts were tested for sustainable ODS
and ODN of gas oils using tert–butyl hydroperoxide as an oxidant, followed by the adsorption of
oxidized compounds on activated carbon. MnPMo/γ-Al2O3 was the most suitable for the HT process.
This research showed that the combination of HT, ODS and ODN resulted in the most efficient removal
of S and N compounds from gas oils.

A novel artificial intelligence modelling for the prediction of a CO-rich hydrogen production
rate from methane dry reforming was successfully conducted by Ayodele et al. (2019). Light olefin
selectivity with a higher O/P ratio via the Fischer Tropsch Synthesis (FTS) process was investigated by
Tian et al. (2019) for a FeN catalyst supported on 10MnK-AC. Light olefin selectivity was improved due
to the electronic donor effect of nitrogen and the suppression effect on the second hydrogenation over
10MnK-AC support. Microwave and conventional heating systems were used by Sharifvaghefi et al.
(2019) for hydrogen production from the dry reforming of methane using Ni and Ni-MnO supported
on activated carbon. Microwave heating improved the reactants’ conversion and hydrogen selectivity,
due to the enhancement of energy efficiency of the reaction as compared to conventional heating.
The mechanism of methanol synthesis from CO2 hydrogenation using Cu-ZnO-based catalysts was
investigated by Gao et al. (2019) using a combination of strong electronic adsorption (SEA) and atomic
layer deposition (ALD) techniques. These materials were extensively characterized. The catalyst with
5 wt.% Cu on one atomic layer of ZnO produced smaller and more Cu sites, and ZnO basic sites,
and a stronger interaction between them, which possibly led to CO2 activation and hydrogenation to
form methanol.

In summary, many of these 15 publications deal with the production of sustainable fuels and
chemicals and have a higher level of novelty related to an improved catalytic process and chemical
product efficiency, catalytic reaction mechanism and process sustainability. The Guest Editors sincerely
thank all the authors, reviewers and the publication team from Catalysts, including Ms. Vivian Niu and
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Ms. Cora Huang and others, who made this publication possible. Also, the Editors thank Ms. Arunima
Soma Dalai for preparing the cover page for this special issue.

Conflicts of Interest: The author declares no conflict of interest.

© 2020 by the authors. Licensee MDPI, Basel, Switzerland. This article is an open access
article distributed under the terms and conditions of the Creative Commons Attribution
(CC BY) license (http://creativecommons.org/licenses/by/4.0/).
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Abstract: Hydrodeoxygenation (HDO) activity of a typical hydrotreating catalyst, sulfided
NiMo/γ-Al2O3 for deoxygenation of a fatty acid has been explored in a batch reactor at 54 bar
and 320 ◦C in the presence of contaminants, like phospholipids, which are known to be present in
renewable feeds. Oleic acid was used for the investigation. Freshly sulfided catalyst showed a high
degree of deoxygenation activity; products were predominantly composed of alkanes (C17 and C18).
Experiments with a major phospholipid showed that activity for C17 was greatly reduced while
activity to C18 was not altered significantly in the studied conditions. Characterization of the spent
catalyst revealed the formation of aluminum phosphate (AlPO4), which affects the active phase
dispersion, blocks the active sites, and causes pore blockage. In addition, choline, formed from the
decomposition of phospholipid, partially contributes to the observed deactivation. Furthermore,
a direct correlation was observed in the accumulation of coke on the catalyst and the amount
of phospholipid introduced in the feed. We therefore propose that the reason for the increased
deactivation is due to the dual effects of an irreversible change in phase to aluminum phosphate and
the formation of choline.

Keywords: HDO; sulfide catalyst; NiMo/Al2O3; phospholipid; fatty acid; choline

1. Introduction

Fossil fuel depletion, caused by increasing demands and finite resources, as well as concern
about greenhouse gas (GHG) emissions, has led to a search for alternative renewable sources of
energy [1,2]. Biomass is considered a possible alternative future fuel source to minimize CO2 emissions.
The type of biomass employed can be of different kinds, but mainly: carbohydrates, lignocellulosic
material, and waste animal fats or waste/non-edible oils have been considered [3]. All of these
renewable resources are suitable for upgrading to liquid biofuel in many different processes, for
example, to bio-ethanol by fermentation of sugar or starch, to bio-diesel by transesterification of fat/oil,
and to renewable diesel through catalytic hydrodeoxygenation of triglycerides and fatty acids [4,5].
Chemically, animal fats and non-edible oils are composed of triglycerides, with high amounts of
oxygen. They also can contain minor, but varying, amounts of free fatty acids, phospholipids, sterols,
pigments, and waxes. Hence, the challenge for bio-oil upgrading depends on its viability, properties,
composition, competition with the food grade biomass, and presence of impurities.

Catalysts 2018, 8, 418; doi:10.3390/catal8100418 www.mdpi.com/journal/catalysts5
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In the last few years, extensive studies have been performed concerning the catalytic upgrading
of triglyceride feedstocks to diesel range fuel with high cetane numbers [4,6–8]. Several catalysts
have already been reported to be able to perform effectively, but the most common are Ni or Co
promoted MoS2 on alumina [5,9]. Despite the type of catalyst employed, upgrading involves a cascade
of catalytic reactions, e.g., hydrogenation, hydrodeoxygenation, decarboxylation/decarbonylation
(DCO), isomerization, dehydration, cracking, etc., which predominantly produces a mixture of liquid
hydrocarbons. Thereby, the process reduces the oxygen content and increases the stability and quality
of the fuel to be used as transportation fuel. However, the process involves high pressure, temperature,
and high H2 consumption [10]. On the other hand, the ultimate advantages of these processes are
the reduction of GHG emissions, more flexibility of feedstocks, and higher carbon yields of the
liquid hydrocarbon fraction. The physical and chemical properties of the products resemble the
quality of conventional diesel; thus, they are named as green or renewable diesel. Although being
commercially employed [11–13], such a process still deserves continued attention since the selectivity
and deactivation of the catalyst may be highly sensitive to variations in biomass feedstocks during
the actual processing conditions [14]. The amount and types of impurities present in a biomass
feedstock depends on the prior production process for, e.g., liquefaction/pyrolysis/supercritical
oxidation, its conditions, and treatment of the feedstocks [15]. Bio-oil impurities include sulfur,
nitrogen, phosphorus bearing compounds, alkali, and alkaline earth materials, such as Na, Ca, Fe, Mg,
etc. [12,16,17].

Despite the feedstock pretreatment (e.g. degumming, refining etc.), varying amounts of
phosphorus (P) can be present in the bio-oil/biomass feedstocks (e.g. vegetable/algal oils) in the
form of phospholipids and other cell forming constituents [18–20]. Phospholipids are amphipathic
molecules having both a polar phosphate group and non-polar long fatty acid tails. Major
phospholipids identified in naturally occurring bio/algal-oil are phosphatidylcholine, phosphatidic
acid, phosphatidylethanolamines, phosphatidyl-glycerols, etc. [20,21]. Additionally, some of the
most common algae species, with the potential of biofuel production, contain as much as 40% of
the cell weight as phosphatidylcholine [22]. It should be noted that removal of phospholipid is an
energy intensive step and consumes a large amount of water in current industrial practice. In crude
form, the bio/algal oil phospholipid content can be up to 5% or higher, whereas after modern
degumming/refining processes, it is expected to be much lower (<0.05%) in the refined oil to be
hydrotreated [23]. Although some of the phospholipids (non-hydratable) are difficult to remove from
oil and may not be removed completely, it is critical to investigate to what extent they affect the
catalytic hydrotreatment process. There are only a few studies available in the literature regarding
this topic [17,21].

Nevertheless, phosphorus has mostly been studied as a second promoter in the bimetallic
CoMo or NiMo/γ-Al2O3 catalyst system for hydrodesulphurization (HDS) and hydrodenitrogenation
(HDN) [24–28]. Interestingly, a promoting effect of P was reported for low loading (typically in the
range of 1 to 3 wt.%) and it is considered to enhance the dispersion of the active phases (NiMoS/MoS2)
by weakening the metal/support interaction and changing the geometry/dispersion of the active
components from tetrahedral Ni/Mo to more active octahedral Ni/Mo [27–30].

As known, heterogeneous catalysts can be deactivated by several reasons, but mainly by
poisoning, fouling or physical blockage, thermal degradation, vapor formation and/or leaching,
attrition or crushing, and vapor-solid and/or solid-solid interactions [14,17,31]. There are excellent
reviews/articles on the deactivation of hydroprocessing catalysts [32,33]. Several deactivation studies
of HDO catalysts have been carried out considering possible bio-oil impurities, like trap grease
phospholipid, chlorine (Cl), potassium (K), and iron (Fe) [12,16,17]. Mortensen et al. [16] concluded
that irreversible K deactivation of NiMoS2/ZrO2 catalyst was due to the occupancy of vacant sites
near the MoS2 slab edges. Recently, Arora et al. [12] showed that Fe preferentially blocks the Ni sites
to shift the activity and selectivity of NiMoS/Al2O3. Kubička and Horáček [17] exemplified that the
deactivation of a sulfided commercial CoMo/γ-Al2O3 by rapeseed oils and trap grease was primarily
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due to synergic effects between phospholipids and alkali metals causing coking and pore plugging.
Murzin and co-workers claimed that phosphorus blocks the active Pd sites during decarboxylation of
behenic acids [34]. The effect of hydrotreating products, such as H2O, NH3, and H2S, on such catalyst
systems has also been the subject of many studies [6,8,35–37]. Laurent and Delmon [6] reported that
ammonia inhibits more strongly than water, although the presence of H2S promoted deoxygenation of
esters. Such effects by H2S and different sulfiding agents have also been studied in detail for various
oxygenate upgrading catalysts [38–40].

However, there are to our knowledge no studies available where a detailed investigation of the
bio-oil phospholipids on the HDO activity of NiMoS/Al2O3 has been explored. Therefore, the focus of
this study is to systematically examine the effect of a major bio-oil phospholipid, phosphatidylcholine
(PC), toward the HDO activity of a presulfided NiMo/γ-alumina catalyst while upgrading a major
fatty acid (oleic acid), which, for example, is present in canola oil (61%), Jatropha oil (42%), microalgal
oil (23%), tall oil (15%), etc. [12]. We considered oleic acid a good model compound because it includes
both a double bond on the carbon chain and a carboxylic group as other unsaturated fatty acids,
like linoleic acid. Activity and selectivity changes observed during the reaction led us to investigate the
spent catalyst to examine the cause of deactivation. In this regard, transmission electron microscopy
(TEM), X-ray photoelectron spectroscopy (XPS), Inductively Coupled Plasma (ICP)-Sector Field Mass
Spectroscopy (SFMS), and Temperature Programmed Oxidation (TPO) and Elemental Analysis (EM)
were performed with the spent catalysts.

2. Results and Discussions

2.1. HDO Activity of NiMo/Al2O3

2.1.1. Activity Measurements without Phospholipid

Figure 1 presents the reactant and product profiles throughout the course of the reaction.
The overall oxygenate conversion (sum of oleic acid and stearic acid) was >99% after 240 min of
HDO. As seen from Figure 1, heptadecane (C17) and octadecane (C18) formation increases over time
and encompasses 70% of the final yield of products from oleic acid.

Figure 1. Products and reactant profile during the reaction at 54 bar, 320 ◦C, and 0.3 mL dimethyl
disulfide (DMDS), (a) oxygenates conversion, C17 and C18 yield, (b) other products and intermediates.

With the reaction conditions employed, oleic acid (OA) is first converted to stearic acid (SA)
through hydrogenation of its double bond. Further hydrogenation of it to fatty alcohol is reported to
occur very slowly [39,41]. Instead, it can be reduced readily at the catalyst surface via hydrogen to
form an aldehyde, 1-octadecanal, which undergoes keto-enol tautomerism to form 1-octadecanol [42].
Interestingly, deoxygenation of both 1-octadecanal and 1-octadecanol yields C17 and C18 alkenes,
which are further hydrogenated to form their corresponding alkanes. Clearly, C17 formation implies
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loss of a carbon atom either as CO or CO2, whereas C18 formation occurs without carbon loss,
but oxygen removal as H2O. The former route is so-called decarboxylation/decarbonylation (DCOx)
and the latter direct hydrodeoxygenation (HDO). These are the typical overall reactions over sulfided
NiMo catalysts in the presence of a sulfiding agent, DMDS/H2S [12,39,43]. We have observed very
small amounts of 1-octadecanol (Figure 1b) as the reaction intermediate. This indicates its rapid
conversion to hydrocarbons via protonation of the hydroxyl group.

The trend shows that DCOx dominated during the entire period whereas the direct-HDO route
had a lower rate of reaction. It also indicates that the process is less selective for the enol formation
route in this case. It should be mentioned that the DMDS used decomposes to form H2S to maintain
the sulfidity of the catalyst and prevent possible metal-oxide formation. These results are in line with
previous deoxygenation studies of oleic acid with sulfided NiMo/γ-alumina [4,12,39,42,44].

Figure 1b summarizes the other products and intermediates formed during the reaction. Alkenes
(C17 and C18) formed via DCOx and direct-HDO are converted to their corresponding alkanes upon
hydrogenation. Formation of shorter hydrocarbons, like tri-, tetra-, penta-, and hexadecane (C13–C16),
and longer alkanes, like nonadecane (C19) and eicosane (C20), were due mainly to the presence of
other acids in the feedstock. We grouped them here as ‘other hydrocarbons (C13+)’. Although C17
and C18-alkenes are congregated together, several isomers of them were identified by GC-MS analysis.
Furthermore, small amounts of an esterification product (stearyl stearate) was observed in very low
quantities (less than 0.5%) due to the reaction between stearic acid and 1-octadecanol. Trace amounts
of S-bearing compounds identified by the GC-MS in the liquid phase were predominantly thiols,
like tert-hexadecanethiol (C16H34S) and 2,4,6-tri-t-butylbenzenethiol (C18H30S). This indicates that
minor sulfur contamination of the liquid phase occurred.

The overall mole balance for each experiment was found to be in the range of 100 ± 10%. For the
sake of brevity, C17/C18 alkanes and alkenes are grouped together as C17+ and C18+ in the following
sections unless otherwise stated.

2.1.2. Activity Measurements with Phospholipid

In the presence of phosphatidylcholine (PC), a notable impact in the HDO activity and selectivity
was observed (Figure 2). It is evident from Figure 2a that oxygenate conversion decreases with the
increasing PC concentration in the feed. Overall, hydrocarbon yield (Figure 2b,c) decreases with an
increasing amount of PC, leading to higher amounts of oxygenates remaining after 240 min of HDO.

Figure 2. Effect of phospholipid (PC) on the HDO of oleic acid at 54 bar and 320 ◦C using 0.3 mL
DMDS; (a) oxygenates conversion, (b) yield of C17+, and (c) yield of C18+.

A lower amount of PC in the feed (0.2%, not shown in figure) in the absence of DMDS appears to
have very little effect on the HDO of OA. However, higher concentrations of PC in the feed or catalyst
that are run two times in the presence of PC (Figures 2 and 3) exhibit significant deactivation, even for
saturation of the double bonds (hydrogenation), which is a rather quick reaction in these conditions.
Consequently, the conversion of oxygenates to any other products is delayed. The initial rate of
oxygenate conversion drops noticeably form 59.1 mmol/g catalyst/h (without PC) to 27.6 mmol/g

8



Catalysts 2018, 8, 418

catalyst/h for the highest amount of PC tested in this study (Table 1). PC addition also caused a higher
amount of SA compared to OA to be observed after 240 min of HDO. This implies that the influence
on OA hydrogenation is less severe than on the intermediate SA conversion by HDO.

Figure 3. Effect of phospholipid (PC) on the HDO of oleic acid at 54 bar and 320 ◦C using 0.3 mL
DMDS; (a) oxygenates conversion, (b) yield of C17+, (c) yield of C18+.

Table 1. Initial rates of oxygenates and alkane formation measured at 1 h.

Catalyst
roxygenates

(mmol/g/h)
rC17+

(mmol/g/h)
rC18+

(mmol/g/h)

NiMo_0 PC 59.1 65.8 13.8
NiMo_0.4 PC 46.3 47.3 13.9
NiMo_0.9 PC 32.2 38.2 13.2
NiMo_1.3 PC 27.6 23.8 7.6

NiMo_Choline 45.9 39.5 14.9
NiMo_R_0 PC 35.7 39.4 11.9

NiMo_R_0.4 PC 18.0 26.3 8.8

Likewise, the formation rate and yield of C17+ decreased with the gradual increase of PC feed
(Table 1 and Figure 2b). Interestingly, the loss in the C17+ yield is directly proportional to the amount
of PC introduced (Figure 4). Conversely, the yield of C18+ is not altered significantly except for the
experiment with the highest phospholipid (PC) addition. The overall selectivity for heptadecane and
its isomers dropped from 0.8 to 0.4 while selectivity for octadecane and its isomers remained constant
at ca. 0.2. Moreover, the amount of C17 and C18 alkenes and their isomers were relatively higher in
experiments with PC (Figure 4). This also indicates the inhibition of the hydrogenation step by PC.
These results suggest that the DCOx route is affected most severely in the presence of phospholipid (PC).

Figure 4. Effect of phospholipid (PC) on the formation of C17 and C18 alkanes/alkenes at the end of
a 4 h reaction.
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The underlying cause for these observations can be attributed to the products formed by the
decomposition of the PC at the reaction conditions. As mentioned earlier, PC is comprised of
a non-polar hydrocarbon tail, a hydrophilic phosphate group, and an organic choline group containing
nitrogen. It can undergo decomposition via acid hydrolysis to form mainly fatty acids, glycerol,
phosphoric acid, and choline with an intermediate glycerophosphate/ phosphorylcholine [45,46]. It is
stated that the presence of oleic acid and phosphoric acid can even enhance the PC decomposition [45].
Hence, we consider that PC has been decomposed fully with the reaction conditions and time employed
with no glycerophosphate/phosphorylcholine intermediates remaining. The fatty acid contribution
from the PC can be as high as 6.7 wt.% of OA in the feed and has been accounted for in the above
experiments. Glycerol formed can be converted to propane [47]. It has been reported that phosphoric
acid can act as a polymerization/ oligomerization catalyst and lead to the formation of carbonaceous
compounds, and thereby hinder access to the active sites [17]. However, the effect of choline on such
a catalyst system has not been explored, and rather has been ignored. Laurent and Delmon [6] reported
that increasing amounts of di-aminopropane affects severely the decarboxylation selectivity during
deoxygenation of di-ethyldecanedioate. Like amine compounds, choline has a strong Lewis base
character and can affect the acidity of the catalyst and/or neutralize the effect of H2S. Also, choline,
upon heating, can be converted to trimethylamine, which can strongly bind to the catalyst surface
or can react with the fatty acids/intermediates. To understand the extent of the effect of choline,
experiments with choline hydroxide addition (48 wt.% in water) have been performed. To explicate,
the experiment was performed with an equivalent amount of choline present as 1.3% PC in the feed
and the results are shown in Figure 5.

Figure 5. Effect of choline on the deoxygenation of oleic acid 54 bar and 320 ◦C using 0.3 mL DMDS;
(a) oxygenates conversion, (b) yield of C17+, (c) yield of C18+.

It is apparent from Figure 5 that the presence of choline decreases the C17+ yield by 16% relative
to the baseline experiment (NiMo_0 PC) whereas for the phospholipid (1.3% PC) it is about 34%.
This indicates again higher deactivation in the presence of phospholipid (PC) rather than choline only.
Interestingly, about a 26% increase in C18+ yield has been noticed. In addition, liquid phase analysis by
GC-MS revealed the formation of small amounts of octadecanamides and octadecanitrile, which would
be due to the reaction between fatty acids/intermediate alcohols with the amines formed from choline.
Such products can bind to the catalytic surfaces as well. Gas phase analysis from the experiment with
PC and choline showed no ammonia formation. Henceforth, we discard the possibility that choline
decomposed into ammonia at these reaction conditions.

Since choline also contains water, it is possible that the water also influenced the reaction.
To exclude this possibility an additional experiment was performed with an equivalent amount
of water and the results are shown in Figure 6. The results clearly show that these water levels do not
influence the results.

Based on the above results, we conclude that the observed deactivation can be related to the
combined effects of phosphoric acid and choline formed upon decomposition of the phospholipid (PC).
Moreover, the results also demonstrate that poisoning caused by the phosphorus part is more severe
than that from the choline moiety. To further understand the cause of these changes, a detailed
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characterization of the recovered catalysts has been performed, which will be discussed in the
next section.

Figure 6. Effect of an equivalent amount of water in choline hydroxide on the HDO of oleic acid at
54 bar, 320 ◦C, and 1000 rpm of stirring.

2.2. Catalyst Characterization

2.2.1. Textural Properties of the Catalyst

Nitrogen physisorption results shows that the catalyst surface area, pore volume, and pore size
drop pointedly even in the presence of small amounts of PC in the feed (Table 2). It is well known that
carbon deposition occurs mainly due to chemisorbed species formed by undesirable side reactions.
For example, formation of alkenes can enhance the coke formation by oligomerization in the presence
of phosphoric acid [48]. It has been observed that about 11% of the BET surface area has been blocked
by coke formed in the experiment without phospholipid whereas this increases to 27% in presence of
the lowest amount of PC (NiMo_0.4 PC) tested. This infers that severe pore blocking, and subsequent
pore volume and pore size reduction, occurs in the presence of PC.

Table 2. Surface area (BET), pore volume, and pore size of the catalyst.

Catalyst BET Surface Area (m2/g) Pore Volume (cm3/g) Average Pore Size (Å)

Synthesized 143 0.33 62.3
NiMo_0 PC 126 0.27 62.1

NiMo_0.4 PC 105 0.22 55.2

Elemental analysis shows the carbon, hydrogen, sulfur, and nitrogen content of the studied
catalysts in Table 3. Sulfur loss relative to the sulfided and unused catalyst can be ascribed to oxygen
incorporation into the active sulfide phase during the reaction or the loss of loosely bound sulfur
species on the support to the reaction mixture. Since all the recovered catalyst samples have undergone
a similar amount of sulfur loss and all values are above the minimum stoichiometric amount required
for complete sulfidation of the Ni promoted MoS2 phase (5.1%), deactivation due to sulfur loss or sulfur
loss promoted by PC addition can be ruled out. However, the carbon content of the catalysts treated
with PC mostly increased with an increasing addition of PC. Additionally, a comparable amount of
nitrogen can be seen in all experiments with phospholipid (PC). This validates the presence of nitrogen
as amines/amides on the catalyst surface, which is likely due to choline formation.

11



Catalysts 2018, 8, 418

Table 3. Elemental contents of carbon, hydrogen, sulfur, and nitrogen on the freshly sulfided and
recovered catalyst samples.

Catalyst C, wt.% H, wt.% S, wt.% N, wt.%

Sulfided 0.4 1.3 9.22 <0.05
NiMo_0 PC 2.96 1.57 7.30 <0.05

NiMo_0.4 PC 5.34 1.65 7.39 0.36
NiMo_0.9 PC 5.90 1.3 7.40 0.30
NiMo_1.3 PC 7.74 1.73 7.47 0.37
NiMo_R_0 PC 7.26 1.87 7.12 <0.05

NiMo_R_0.4 PC 6.31 1.42 7.05 0.26

2.2.2. ICP-SFMS on the Recovered Catalyst and Liquid Samples

To verify the phosphorus content, the spent catalyst and liquid phase samples after the reaction
were further analyzed by ICP-SFMS. The results are reported in Table 4. The atomic ratio of
Ni/(Ni + Mo) for the spent catalysts remained close to those for the as-synthesized catalyst and
thus we consider that no leaching of metals occurred. Analysis shows that lower amounts of P were
deposited on the spent catalyst compared to the maximum value estimated considering complete
decomposition of the phosphatidylcholine and assuming all P added to the liquid phase becomes
deposited on the catalyst. Moreover, the amount of P remaining in the liquid phase after reaction is
very small.

Table 4. ICP-SFMS data for spent catalyst and liquid phase.

Catalyst
P Added in

Liquid, ppm

Theoretical
Maximum P in
Catalyst, wt.%

Actual P in Catalyst
(ICP), wt.%

Atomic Ratio
of Ni/(Ni +Mo)

P Remaining in
Liquid Phase

(ICP) ppm

As Synthesized - - - 0.37 -
NiMo_0.9 PC 532 12.16 1.27 0.41 11.1
NiMo_0.4 PC 179 4.09 1.98 0.39 8.37
NiMo_R_0.4

PC * 179 8.18 3.18 0.39 10.6

* Refers to recovered catalyst from the first experiment.

Surprisingly, the amount of P on the catalyst from ICP analysis is not proportional to the total P
added initially to the liquid phase. This might be related to different amounts of loosely bound
phosphorus species were washed away by ethanol during treatment of the recovered catalysts.
However, the phosphorus concentration for the spent catalyst that had been run two times is
significantly higher compared to that for the NiMo_0.4 PC sample, which is reasonable. The elemental
analysis indicates that catalysts exposed to PC are enriched in P more than N, which shows that more
phosphorus is remaining on the surface.

2.2.3. XPS and TEM Analysis

XPS analysis of the catalyst samples recovered after being exposed to the PC are presented in
Figure 7. P2p signals from the samples exposed to PC indicates the presence of phosphates. Such a peak
at 133.8 ± 0.2 eV implies the formation of metal-phosphate complexes, which can affect the activity of
the catalyst in several ways. However, broadening of the phosphate peak area validates an increasing
P deposition on the catalyst with the increasing phospholipid (PC) in the feed. Phosphate species can
affect the active surface area, pore plugging, active phase dispersion, or morphology of the catalyst,
which, consequently, can reduce the active site density and imposes steric hindrance for the incoming
molecule to adsorb on them [49]. Indeed, pore plugging and surface area reduction is confirmed by
the BET results (Table 2). Furthermore, no additional peak below the binding energy of 130 eV ruled
out the formation of metal phosphides at these reaction conditions.
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Figure 7. P2p core level spectra for the recovered catalysts with PC.

However, to understand the active phase dispersion and morphology, TEM analysis was
performed on the catalyst (NiMo_1.3 PC) collected from the experiment with the highest amount of
PC (Figure 8a). Bright Field (BF) micrographs (Figure 8a) showed the characteristic lamellar pattern
of the Ni promoted active MoS2 phase [16]. Comparing this pattern to the catalyst (NiMo_0 PC)
without PC (Figure S1) indicates an increase in the stacking degree of MoS2 to 4.4 ± 1.7 with PC
exposure compared to 2.3 ± 1 without. Similarly, an average slab length of 5.3 ± 3.2 nm compared
to 3.8 ± 1.7 nm in NiMo_0 PC has been measured based on 150 slabs. Since higher stacking leads to
more inactive basal planes of MoS2 to be accessed by edge atoms (Ni), the changes observed indicate
a lower dispersion of the active MoS2 phases on the support caused by PC [50]. Such an effect gives
lower coordination between Ni and MoS2 to maintain the active NiMoS phase relative to the baseline
catalyst. This can be one possible reason for the activity and selectivity changes observed with these
PC addition studies.

Figure 8. TEM analysis on the spent catalyst representing (a) BF-TEM micrograph, inset in (a) shows
a characteristic area of the support and (b) energy dispersive X-ray (EDX) analysis on the characteristic
area in (a).
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Furthermore, STEM-EDX analysis on the magnified image in Figure 8a showed a particle with
only Al2O3, where P was present. In other TEM images, P has been observed with all other elements
in the catalyst. NiMoS, NiS phases were observed without interference from phosphorus while some
areas showed only MoS2 (Figure S2). It is reported that γ-alumina can easily interact with phosphoric
acid through surface hydroxyl groups to form phosphates [51]. Eijsbouts et al. [28] mention that
alumina has a strong affinity for polar phosphate groups. Therefore, from the decomposition of PC,
phosphoric acid thus formed can interact with the support to form aluminum phosphates (AlPO4),
which is consistent with the XPS studies and TEM-EDX mapping (Figure 8b). Moreover, elemental
maps over a particle shown in HAADF-STEM imaging and EDX mapping is shown in Figure 9. It is
clear from the mapping that phosphorous is well distributed over the Al2O3 particle. This result
suggests that phosphorus is strongly bound to the support alumina.

Figure 9. HAADF-STEM imaging and EDX mapping on a single particle showing Al, O, and P
elemental distribution.

2.2.4. Temperature Programmed Oxidation (TPO) of Recovered Catalysts

Coke formation on the catalyst surfaces can block the active site and reduce pore volumes to
cause deactivation. Diez et al. [33] concluded that coke species can block the edges and corners of the
active MoS2 crystallites to hinder its activity. Figure 10a shows the profile of combined carbon oxides
(CO + CO2) and water (H2O) formation during the TPO of recovered catalyst samples. The H2O profile
for the spent catalyst, NiMo_1.3 PC, is shown in Figure 10a for comparison. A similar trend for H2O has
been observed for all samples. Two distinct regions of coke formation are apparent. In the first region,
A (200–300 ◦C), water formation was found to be much higher than in the second region, B (300–600 ◦C).
This fraction of coke in region A, which will be referred to here as soft coke, is mainly composed of
residual adsorbed reactants and intermediate species deposited on the catalyst surface with higher
hydrogen content that is combusted readily at low temperatures. Whereas the coke in region B is
more of a refractory/advanced nature. Refractory coke is also more likely to be strongly bound to
the catalyst/support surface (chemisorbed) with a lower hydrogen content and hence requires higher
temperature for combustion [52]. Formation of such coke is also known to be influenced by the support
acidity [53]. On the other hand, soft coke is at least partially reversibly adsorbed to the catalyst surface

14



Catalysts 2018, 8, 418

and burns off easily at lower temperatures. Hence, the initial coke formation on all spent catalyst
samples can be attributed to the formation of both soft and refractory coke.

Figure 10. (a) CO, CO2, and H2O profile during TPO of the recovered catalyst; (b) measurement of
carbon (C) and hydrogen (H) content (wt.%) of the recovered catalysts from TPO.

Table S1 and Figure 10b summarizes the amount of coke formed on each recovered catalyst
sample with the distribution of carbon (C) and hydrogen (H) contents in the two regions above.
The C content is higher in the higher temperature region than the low temperature one. Likewise,
carbonaceous deposits are rich in H in the low temperature region while leaner in H in the high
temperature region. Both TPO and elemental C and H analysis (Table 3 and Table S1) are in very
good agreement. By comparison with the spent catalysts, it is apparent that the carbon deposition
increases with the quantity of PC added to the reactants (Figure 10b). It can be presumed that the
higher amount of coke deposition is due to the adsorption of more reactants and intermediates on the
catalyst surface from lower oxygenate conversion. However, in Figure 8 and Table S1, carbon, even
in the high temperature region with low H content, increases with PC exposure. Hence, the higher
carbon deposition stems directly from PC introduction, which contributes more to the formation of
refractory coke.

On the other hand, coke deposition (Table S1) was found to be lower for the recovered catalyst
after a second experiment with PC (NiMo_R_0.4 PC) compared to the same catalyst without PC
(NiMo_R_0 PC). Interestingly, the oxygenate conversion was significantly lower on the PC poisoned
catalyst compared to the experiment without PC (Figure 3). It is possible that the large amount of
phosphorus on the spent catalyst (3.18%, Table 4) blocked more active sites and thereby lowered the
coke deposition due to lower activity.

3. Materials and Methods

3.1. Catalyst Preparation

The catalyst (NiMo/γ-Al2O3) was prepared by a sequential wet impregnation process [44] using
pre-calcined γ-alumina as the support material and deionized water as the solvent. Ammonium
molybdate tetrahydrate (81–83% MoO3 basis, Sigma-Aldrich, St. Louis, MO, USA) and nickel (II)
nitrate hexahydrate (98%, Sigma-Aldrich, St. Louis, MO, USA) were used for the impregnation of
Mo and Ni, respectively. Initially γ-alumina was calcined in air at 550 ◦C for 2 h. Molybdenum was
then impregnated in a pH stabilized aqueous solution of γ-alumina by adding an aqueous solution of
ammonium molybdate tetrahydrate using a pH of 4.0. The resulting solution was then freeze dried
under vacuum to remove the moisture. The dried sample was then calcined in air at 450 ◦C for 2 h.
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Likewise, Ni was impregnated using the same procedure mentioned above, but with a pH of 9.0.
The solution pH was maintained using 10 wt.% HNO3 (Merck, Darmstadt, Germany) and 2 M NH4OH
(Merck, Darmstadt, Germany), respectively. The final solution was freeze dried, followed by calcining
the catalyst powder in air for 2 h at 450 ◦C.

3.2. Catalytic Activity Measurements

3.2.1. Sulfidation

The synthesized catalyst was sulfided before each activity test using DMDS (≥99.5%,
Sigma-Aldrich, Poole, Dorset, UK) and hydrogen (AGA, 99.9%, Air Liquide Gas AB, Malmö, Sweden)
in the batch reactor (300 mL, Parr Inc., Moline, IL, USA). About 500 mg of NiMo/Al2O3 catalyst was
sulfided using 0.5 mL of DMDS and hydrogen following a procedure described in the bibliography [44].
The reactor was then cooled, depressurized, and kept under a nitrogen atmosphere.

3.2.2. Hydrodeoxygenation of Oleic Acid

Activity experiments were examined in three parts. In the first segment, activity of the freshly
sulfided catalyst was explored. In the second step, the effects of PC were investigated. Finally,
recovered catalysts from the first two parts were further tested to gain more insight into the
phospholipid effect. All the experiments were performed in the autoclave reactor mentioned above.

With the freshly sulfided catalyst (ca. 500 mg), the reactor was filled with 150 mL of liquid
consisting of 10 wt.% oleic acid (tested according to Pharmacopoeia Europaea, Ph. Eur., Fluka) in
dodecane (≥99%, Sigma Aldrich, St. Louis, MO, USA). GC-MS analysis confirmed the purity of the
oleic acid feed was 85 wt.%. Remaining fraction constituents included palmitoleic, myristic, palmitic,
eicosanoic, and nonadecanoic acids. The reaction conditions were maintained at 320 ◦C, with 54 bar
of H2 at a stirring rate of 1000 rpm, which are typical conditions for hydrotreating reactions in the
literature [12,44,54]. Reaction samples were collected during the reaction (30, 60, 120, 180, 240 min) to
analyze the liquid composition. The sampling line was purged with N2 after each sample withdrawal.
Sample withdrawal caused a temporary pressure-drop of ca. 2 bar in the reactor. The reactor was
repressurized to 54 bar with H2 immediately following each sample extraction.

After the reaction, the catalyst was recovered and washed with warm (50 ◦C) absolute ethanol
(150 mL) to remove the adhering reactants, residual products, and intermediates. The collected catalyst
was subsequently dried and further characterized.

For the studies with phospholipid, L-α-Phosphatidylcholine (≥99%, Sigma-Aldrich,
St. Louis, MO, USA) was added to the feed. It contains a glycerol backbone, having a hydrophobic
long hydrocarbon chain with fatty acid residues linked via an ester group to a polar phosphate group
and an organic group, called choline containing nitrogen. Additional experiments were carried out
with choline hydroxide (48% in water, Fluorochem, Glossop, UK) to elucidate the possible effects of
choline produced from the decomposition of the PC. The approximate fatty acid composition in the
PC is reported to be 33% 16:0 (palmitic), 13% 18:0 (stearic), 31% 18:1 (oleic), and 15% 18:2 (linoleic).
A typical structure of it is shown below.

16



Catalysts 2018, 8, 418

All other parts of the experiment were identical to the earlier described experiments. The amount
of phosphatidylcholine added is presented here as a weight fraction based on the total liquid feed.
The concentrations studied were ca. 0.4, 0.9, and 1.3 wt.% of PC, respectively. Table 5 shows these data,
including the acronyms used in this study. The amount of fatty acid contribution from the PC was in
the range of 2.2 to 6.7% of the oleic acid in the feed. Likewise, recovered catalysts from the first run
of 0.4 wt.% PC were further tested with 0.4 wt.% PC to understand a more prolonged effect on the
catalyst. Reproducibility of the experiments were also examined by repeated experiments with freshly
sulfided and recovered catalysts, which gave a relative standard deviation of <5% for HDO activity
based on the yields of the different alkane and olefin final products.

Table 5. Concentration of phospholipid studied and acronyms used in this article.

PC in Feed (wt.%) Catalyst (NiMo/Al2O3)

0 NiMo_0 PC
0.44 NiMo_0.4 PC
0.88 NiMo_0.9 PC
1.3 NiMo_1.3 PC
0 NiMo_R_0 PC *

0.44 NiMo_R_0.4 PC *

* Refers to recovered catalyst from the first experiment.

3.3. Product Analysis

Liquid phase samples were analyzed by the method described by our group [44] using GC-MS
(Agilent 7890–5977A, Agilent, Wilmington, DE, USA). The collected samples were first heated in
a water bath (60 ◦C) to dissolve the solidified contents of the reaction mixture. Then, 1 mL of the
mixture was taken out and 0.2 mL of pyridine (Sigma, 99.9%) was added to obtain a single liquid
phase. The mixture was then centrifuged (WIFUG Lab centrifuges, 500 E, WIFUG, Bradford, UK) at
1500 rpm for 2 min to separate the catalyst particles from the liquid. 0.2 mL of the clear solution was
further treated with 30 μL BSTFA (N,O-Bis(trimethylsilyl)-trifluoroacetamide, (≥99.5%, Sigma-Aldrich,
St. Louis, MO, USA) in a reaction vial to obtain a better separation of the products in the GC column.
The mixture was then kept overnight (17 h) to complete the silylation reaction. Finally, the mixture
was microfiltered to remove the fine catalyst particles and 1 μL of the filtrate was analyzed by GC-MS.

The oven ramp settings for the GC were as follows: 100 ◦C for 1 min, ramp at 10 ◦C/min
to 190 ◦C, and continue to ramp at 30 ◦C/min to 300 ◦C. The GC was equipped with a HP-5
column, and a Flame Ionization Detector (set point was 335 ◦C). The injector temperature was kept at
325 ◦C. The retention times for the major products heptadecane and octadecane were 10.6 ± 0.2 and
11.4 ± 0.2 min, respectively.

Conversion and yield of the reactant and products were calculated based on the following equations:

Oxygenate conversion (%) =

(
1 − Moles of oxygenate left at any time

Moles of oxygenate in feed

)
× 100

Yield (%) =
Moles of product produced

Moles of reactant in feed
× 100

Selectivity =
Moles of product (C17 or C18) produced at 240 min

Total moles of C17 and C18 produced at 240 min

Initial reaction rate =
Moles of oxygenate consumed (mmol)

Amount of catalyst (g) × Elasped time (h)

3.4. Catalyst Characterization

Freshly synthesized and spent catalyst was characterized by N2-physisorption and Inductively
Coupled Plasma (ICP)-Sector Field Mass Spectroscopy (SFMS, ALS Scandinavia AB, Luleå, Sweden).
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Freshly sulfided catalyst was characterized by elemental analysis. Spent catalysts collected from each
experiment were further characterized by XPS and TPO for their chemical states and to estimate the
quantity of coke deposition, respectively. In addition, HAADF-STEM imaging was performed on the
spent catalyst recovered from the experiment with 1.3 wt.% of PC.

The specific surface area, pore size, and pore volume of the synthesized catalyst were
determined by nitrogen adsorption-desorption isotherms using a TriStar 3000 gas adsorption analyzer
(Norcross, GA, USA). At first, the sample (~300 mg) was dried (degassing) at 225 ◦C under vacuum
for 2 h in a flow of dry air. The sample was then placed in the apparatus for analysis. The specific
surface area was calculated based on the Brunauer-Emmett-Teller equation (BET). The pore size was
estimated based on the desorption isotherm using the Barret-Joyner-Halenda equation (BJH).

Elemental C, H, and N analysis was carried out on a CE Instruments elemental analyzer
EA-1110 (CE Instruments, Milan, Italy), whereas a Fisons instrument elemental analyzer NA2000
(Fisons Instruments, Milan, Italy) was configured for S analysis. The analysis uses high temperature
combustion followed by GC separation, detection by thermal conductivity, and quantification based
on the calibration.

X-ray Photoelectron Spectroscopy (XPS) studies on sulfided and different spent catalysts were
performed using a Perkin Elmer PHI 5000C ESCA system (Waltham, MA, USA). The monochromatic
Al-Kα source with a binding energy of 1486.6 eV was used to record spectra for all samples. Samples
were initially placed on a double-sided carbon tape on the sample holder. They were then placed on
the manipulator fork of the pretreatment chamber under nitrogen atmosphere. The sample holder was
then carefully transferred to the sample stage of the ultra-high vacuum chamber when the desired
pressure had been reached (usually less than 2 × 10−8 torr). In the vacuum chamber, the sample
was irradiated with the radiation source and emitted photoelectrons were detected by a spherical
energy analyzer. The angle between the source and detector was 90◦. In addition to the full scan data,
high resolution spectra with a step of 0.125 eV were recorded for Ni, Mo, O, S, C, and P core level
spectra. Data were analyzed by MultiPak software provided with the instrument and with CasaXPS.
The C1s binding energy of 284.6 eV was taken as the reference for all spectra.

Samples for transmission electron microscopy (TEM) were prepared by applying a small amount
of the dry powder onto a carbon coated copper grid. TEM analysis was performed using an FEI Titan
80-300 TEM (FEI, Inc., Hillsboro, OR, USA) operating at an accelerating voltage of 300 kV. Images
were acquired in the scanning TEM (STEM) mode using a high angle annular dark field (HAADF)
detector. Energy dispersive X-ray (EDX) analysis for chemical identification was also performed in the
STEM mode using an Oxford X-sight detector. Spectrum acquisition and data analysis were performed
using the TEM Imaging & Analysis (TIA). MoS2 slab length and stacking degree were measured by
ImageJ software.

Temperature Programmed Oxidation (TPO) experiments were performed in a setup consisting of
a manifold of mass flow controllers (MFC) for feed gas mixing, a Setaram Sensys differential scanning
calorimeter with a quartz tube containing the catalyst sample, and a mass spectrometer (Hiden HPR-20
QUI, Hiden Analytical, Warrington, UK) for measuring the quantities of oxidation products in the
outlet carrier gas. Ar was used as the carrier gas for all experiments. The total gas flow rate was
maintained at 20 NmL/min through quartz tubes. Approximately 25 mg of the spent catalyst was
placed on the sintered bed of the quartz tube. The sample was then heated to 250 ◦C at 25 ◦C min−1,
followed by 2 h of isothermal operation, and cooling to 50 ◦C while the sample was continuously
exposed to Ar only. Finally, the sample was heated to 800 ◦C at 2 ◦C min−1 with 21% O2 in Ar.
The coke deposition on each of the spent catalyst samples was calculated based on a calibration for
CO, CO2, and H2O in the carrier gas. Water calibration was done by completely oxidizing a set feed
concentration of hydrogen and excess oxygen over a Pt/Al2O3 catalyst at 300 ◦C.
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4. Conclusions

In this study, NiMo/γ-Al2O3 catalyst has been examined for HDO of oleic acid in the presence of
a major bio/algal oil phospholipid, phosphatidylcholine. Activity tests with the freshly sulfided
catalyst revealed high deoxygenation activity mainly by DCOx and direct HDO. Studies with
different amounts of PC in the liquid feed shows that overall oxygenate conversion, fatty acid/olefin
hydrogenation (saturation of the double bond), and subsequent C=O hydrogenolysis were affected
significantly. Moreover, the decarboxylation/decarbonylation route was more influenced by PC
compared to the direct HDO route and a proportional decrease in C17+ yield was observed as a function
of the PC concentration in the feed. We propose that the observed deactivation is due to formation of
both phosphoric acid and choline (a strong base) from the decomposition of the phosphatidylcholine.

The elemental analysis revealed that the sulfur amount was similar in all recovered catalyst
samples, thus, the deactivation is not originating from a loss of sulfur. However, comparable amounts
of nitrogen were observed on each catalyst after experiments with phospholipids, demonstrating the
interaction of choline/amines with the catalyst. ICP-SFMS data on the recovered catalyst and liquid
phase clearly show that P selectively deposited on the catalyst. Moreover, TEM-EDX showed that P
was evenly distributed over the support alumina. It did not appear that P associated preferentially
with the active NiS or NiMoS phase, but was instead distributed over the support, which lowered
the dispersion of the MoS2 slabs and affected the Ni promotion. Hence, there was no direct evidence
indicating P interaction with Ni and Mo species. This observation in combination with XPS led us to
the conclusion that aluminum phosphate (AlPO4) is formed, which blocks the actives sites and pores,
and thereby results in the observed deactivation. Nitrogen physisorption data on the recovered catalyst
confirms severe pore blocking even in the presence of small amounts of phospholipid in the feed.

TPO of spent catalysts was used to quantify and characterize the coke formed. Two clear peaks
for the COx (CO+CO2) were evident, and, in addition, large water peaks were observed that coincided
with the low temperature COx peak. Analysis of these data clearly showed that the C/H ratio was
much lower for the low temperature peak, and we therefore conclude that this peak mostly results from
oxidation of residual adsorbed reactants and intermediate species, i.e. soft coke. The high temperature
peak had a much lower hydrogen content, and this peak therefore originates from mainly advanced
coke formation. However, an increasing trend of more advanced coke formation has been observed
with the increasing PC concentration in the feed, likely resulting from the formation of phosphoric
acid from the PC decomposition.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/8/10/418/s1,
Figure S1: BF-TEM micrograph of the catalyst collected from the baseline experiment (NiMo_0 PC) without PC,
Figure S2: TEM-EDX data: The brighter areas show signal from Mo but no Ni, Table S1: Measurement of carbon
(C) and hydrogen (H) content (wt.%) of the recovered catalyst by TPO.
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Abstract: To lower the sulphur content below 500 ppm and to increase the quality of bitumen
derived heavy oil, a combination of hydrotreating followed by oxidative desulfurization (ODS)
and oxidative denitrogenation (ODN) is proposed in this work. NiMo/γ-Al2O3 catalyst was
synthesized and used to hydrotreat heavy gas oil (HGO) and light gas oil (LGO) at typical operating
conditions of 370–390 ◦C, 9 MPa, 1–1.5 h−1 space velocity and 600:1 H2 to oil ratio. γ-Alumina and
alumina-titania supported Mo, P, Mn and W catalysts were synthesized and characterized using
X-ray diffractions, N2 adsorption-desorption using Brunauer–Emmett–Teller (BET) method, X-ray
photoelectron spectroscopy (XPS) and Fourier transform infrared spectroscopy (FT-IR). All catalysts
were tested for the oxidation of sulphur and nitrogen aromatic compounds present in LGO and HGO
using tert-butyl hydroperoxide (TBHP) as oxidant. The oxidized sulphur and nitrogen compounds
were extracted using adsorption on activated carbon and liquid-liquid extraction using methanol.
The determination of oxidation states of each metal using XPS confirmed the structure of metal oxides
in the catalyst. Thus, the catalytic activity determined in terms of sulphur and nitrogen removal is
related to their physico-chemical properties. In agreement with literature, a simplistic mechanism for
the oxidative desulfurization is also presented. Mo was found to be more active in comparison to W.
Presence of Ti in the support has shown 8–12% increase in ODS and ODN. The MnPMo/γ-Al2O3-TiO2

catalyst showed the best activity for sulphur and nitrogen removal. The role of Mn and P as promoters
to molybdenum was also discussed. Further three-stage ODS and ODN was performed to achieve
less than 500 ppm in HGO and LGO. The combination of hydrotreatment, ODS and ODN has resulted
in removal of 98.8 wt.% sulphur and 94.7 wt.% nitrogen from HGO and removal of 98.5 wt.% sulphur
and 97.8 wt.% nitrogen from LGO.

Keywords: oxidative desulfurization; oxidative denitrogenation; hydrotreating; XPS; activated
carbon; tert-butyl hydroperoxide

1. Introduction

Worldwide increase in industrialization has led to an increase in consumption of petroleum oil
and coal [1]. It has raised serious environmental concerns due to the rise in sulphur oxide (SOx) levels
in air. Therefore, environmental protection agencies (EPA) such as US EPA limits the sulphur levels
to 15 ppm in diesel fuel, which is expected to be further lowered to 10 ppm. On the other hand, the
gas oil extracted from unconventional sources such as, oil sands and shale oil contain high amount
of sulphur and nitrogen impurities. For instance the oil sands bitumen derived heavy gas oil (HGO)
contains ~40,000 ppm sulphur and ~4000 ppm nitrogen [2]. The bitumen derived gas oils (HGO,

Catalysts 2018, 8, 645; doi:10.3390/catal8120645 www.mdpi.com/journal/catalysts23
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light gas oil (LGO) and naphtha) are upgraded onsite via hydrotreating to lower the sulphur and
nitrogen content before sending them to further processing in existing refineries. Hydrotreating is a
catalytic process operating in the presence of hydrogen at high pressure (8–12 MPa) and temperatures
(350–400 ◦C) to remove sulphur and nitrogen via processes known as hydrodesulfurization (HDS)
and hydrodenitrogenation (HDN), respectively. Typically, for HGO the hydrotreating can lower the
sulphur and nitrogen content to ~2200 ppm and 1700 ppm, respectively. To further lower the sulphur
content from ~2200 ppm during upgrading requires severe hydrotreating operating conditions such as
higher pressures, temperatures and hydrogen flowrates to remove sulphur from refractory molecules
such as alkyl substituted dibenzothiophenes (DBT). Increasing the temperature leads to cracking of oil
and higher pressures lead to an increase in saturation of aromatics and higher hydrogen consumption,
thus degrading the oil quality, in addition to decline in catalyst lifespan. Moreover, huge capital
investment is required for high-pressure processes.

The alternative processes such as adsorption and oxidative desulfurization and denitrogenation
has been of interest to achieve ultra-low sulphur level in oil because of very mild operating conditions
and no usage of hydrogen. Various adsorbents including activated carbon, ionic resins, metal organic
frameworks, metal oxides and zeolites have been used to adsorb sulphur containing compounds from
diesel oil [3–10]. Ganiyu et al. [6] utilized activated carbon doped with 1.0 wt.% boron to selectively
adsorb 4,6-DMDBT from model fuel. Srivastav and Srivastava [7] carried out the adsorption of DBT
dissolved in hexanes on commercial grade activated alumina and Li et al. [4] presented a study on the
challenges associated with removal of aromatic sulphur compounds using metal-organic frameworks.
McKinley and Angelici [9] used silver salts on SBA-15 for adsorptive removal of DBT from simulated
hydrotreated petroleum feedstocks. They were able to lower the sulphur level from 411 ppm to 8 ppm.

Oxidative desulfurization (ODS) is one of the alternate routes for deep desulfurization. In ODS
process (as shown in Figure 1), the sulphur present in compounds such as DBT is first oxidized
to sulfoxides or sulfones in the presence of oxidizing agents such as hydrogen peroxide, organic
peroxides, nitrogen oxide or air and catalysed by organic acids, heteropolyic acids or solid catalysts.
The oxidation of sulphur leads to increase in polarity of sulphur containing compounds. Therefore, the
sulfoxides and sulfones were easily extracted from the oil by using polar solvents or adsorbents, thus
achieving deep desulfurization. Most commonly tested solvents include dimethylsulfoxide (DMSO),
dimethylformamide (DMF), acetonitrile, methanol and acetone [11,12]. There are several well-known
disadvantages with solvent exactions such as toxicity, reusability, disposal, explosiveness and cost.
Therefore, selection of solvent is a challenge. DMSO poses challenges during recovery due to similar
boiling point, whereas acetonitrile is highly polar and extracts lots of aromatics [11]. Methanol is a
good solvent for extracting sulfones however, it has similar density as diesel and thus separation is
difficult. The ease of oxidation of various sulphur containing compounds depends on the electron
densities on the sulphur atom. Sulphur with higher electron densities are easier to oxidize, hence,
follows the order 4,6-DMDBT > DBT > BT > Thiophene [13]. Bunthid et al. [14] have utilized formic
acid and H2O2 as oxidizing agent to oxidize DBT. The corresponding sulfone from the solution was
then extracted by adsorption on pyrolysis char. The small amount of water remaining was extracted
by drying over anhydrous sodium sulphate. They reported 72% sulphur removal. In another study,
Ahmad et al. [15], used acetic acid as a catalyst for sulphur oxidation with H2O2. They used Fuller’s
earth for the adsorption of sulfones and achieved 50% sulphur removal.
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Figure 1. Schematic for Oxidative desulfurization process.

Palaic et al. [16] studied the oxidative desulfurization of diesel fuels for the removal of refractory
sulphur compounds which are difficult to remove during conventional hydrotreating. They utilized
hydrogen peroxide as oxidant and acetic acid as catalyst and performed reactions in a batch reactor.
The effects of process conditions of ultrasound-assisted ODS with N,N dimethylformamide and
methanol as extraction solvents were also reported. They successfully removed 98% sulphur from
4000 ppm DBT spiked diesel fuel. The usage of acid catalyst such as acetic acid or formic acid for
oxidation of sulphur compounds requires recovery of these organic acids after treatment. It requires
additional set up for recovery of such corrosive and toxic organic acids. Therefore, in view of this,
solid catalysts were utilized. Fattahi et al. [17] synthesized CoMo/γ-Al2O3 catalyst with different
Co/Mo ratio and utilized it for the oxidative desulfurization of DBT and benzothiophene (BT) using
H2O2 as oxidizing agent. They reported 90% removal of DBT and 30% removal of BT. Chica et al. [18]
studied the effect of catalyst on ODS in a continuous fixed bed reactor for model feed containing
different types of sulphur compounds including thiophenes and alkyl substituted DBTs. Tert-butyl
hydroperoxide was utilized as oxidizing agent. They reported that MoOx/Al2O3 was very active
but had faster deactivation rate. However, the Ti-MCM-41 was stable and active for longer time.
Gatan et al. [19] from UOP also proposed the oxidation with organic perpoxide in the presence of
heterogeneous catalyst followed by separation via adsorption and/or extraction. They proposed ODS
as complementary to hydrodesulfurization for the removal of refractory sulphur compounds to attain
ultra-low sulphur diesel. Leng et al. [20] synthesized titanium doped hierarchical mordenite to catalyse
ODS of DBT in octane. They used acetonitrile for the extraction of sulfones and were successful in
lowering the sulphur content from 1000 ppm to 14 ppm. Lorencon et al. [21] utilized titanate nanotubes
and H2O2 for the oxidation of DBT in model feed (500 ppm sulphur) and evidenced ~98% sulphur
removal. Tian et al. [22] performed ODS using H2O2 and phosphomolybic acid supported on silica for
the removal of DBT and BT from model oil (~400 ppm sulphur) and were successful in removing ~95%
sulphur. García-Gutiérrez et al. [23] utilized heterogeneous tungsten catalyst for oxidation of sulphur
compounds in diesel (~320 ppm sulphur) using H2O2 as oxidizing agent and achieved ~70% removal.
Therefore, it has been seen that various catalyst systems have been tested for the oxidation of sulphur
present in model and simulated diesel fuels. Moreover, the extraction of sulfones and sulfoxides from
oil was carried out using both solvent extraction and adsorption.

The oxidation using peroxide in the presence of catalyst is not only selective to oxidize sulphur
in heterocyclic aromatic compounds such as DBTs and alkyl substitute DMDBTs but it also oxidizes
nitrogen containing aromatic compounds present in real feed. The oxidation of nitrogen containing
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aromatic compounds such as quinoline, indole and carbazole is a complex reaction. According to the
literature [24–26], it was found that the peroxide group oxidizes that carbon in aromatic ring, which is
having least electron density to form -oxy or -oxyl compounds. Further oxidation leads to ring opening
and formation of various oxygenated products of ketone and carboxylic acid category. A study by
Ogunlaja et al. [25] also reported the oxidation of nitrogen in quinoline to form of quinoline N-oxide.
The oxidation follows the order indole > quinoline > acridine > carbazole. However, the oxidation
of nitrogen compounds increases their polarity, which makes it easy to remove organonitrogen
compounds from oil by adsorption or extraction, thus resulting in oxidative denitrogenation (ODN).
The removal of nitrogen prevents the downstream catalysts from poisoning and hence ODN increases
the quality of the treated HGO and LGO.

Therefore, to keep bitumen-based fuels competitive in the current market, the production of low
sulphur and low nitrogen HGO and LGO is required, which still remains a challenge to industry. Thus,
the potential of ODS and ODN to further lower the sulphur and nitrogen level in hydrotreated LGO
and HGO using heterogeneous catalyst needs to be explored. In this work, NiMo/γ-Al2O3 catalyst was
synthesized and utilized to hydrotreat the HGO and LGO at typical industrial conditions of 370–390 ◦C,
9 MPa, 1–1.5 h−1 LHSV and 1:600 oil to H2 ratio, in fixed bed flow reactor, to generate hydrotreated
gas oil for ODS and ODN process. Further, alumina and alumina-titania supported Mo, W, Mn and P
catalysts were synthesized and tested for the oxidation of sulphur and nitrogen compounds present
in real gas oil using tert-butylhydroperoxide (TBHP) as oxidizing agent. The extraction of oxidized
sulphur and nitrogen compounds was carried out by adsorption on activated carbon and compared
with liquid extraction using methanol. This study on integration of conventional hydrotreating
technology with ODS and ODN for upgrading bitumen derived gas oil has resulted in lowering the
sulphur levels to less than 500 ppm in both HGO and LGO, which can be further lowered down in
existing refineries to meet the EPA regulations for diesel fuel. Additionally, the nitrogen levels for HGO
were brought down to ~200 ppm, which enhances the quality of crude oil and eliminates the nitrogen
removal process prior to refining of treated HGO. The catalysts were thoroughly characterized using
BET, XRD, FTIR and XPS and their physico-chemical properties were related to their catalytic activities.

2. Results and Discussion

2.1. Material Characterization

2.1.1. N2 Adsorption-Desorption Analysis

The textural properties of all the materials synthesized in this work were determined using N2

adsorption-desorption analysis. Table 1 shows the surface area, pore volume and pore diameter of
each material. The surface area of γ-Al2O3 decreased from 330 m2/g to 300 m2/g and pore volume
decreased from 0.90 cm3/g to 0.75 cm3/g on addition of TiO2. However, the pore structure stayed intact,
as evidenced from the pore size distribution and adsorption-desorption profiles (figure not shown).
The γ-Al2O3 and γ-Al2O3-TiO2 exhibited the type IV isotherm with H1 type hysteresis loop confirming
the mesoporous structure (Figure 2). On addition of Mo, W, P and Mn on γ-Al2O3-TiO2, the resulting
materials maintained the type IV isotherm. The decline in pore volume, surface area and pore diameter
in catalysts Mo/γ-Al2O3, W/γ-Al2O3, Mo/γ-Al2O3-TiO2, W/γ-Al2O3-TiO2, PMo/γ-Al2O3-TiO2 and
MnPMo/γ-Al2O3-TiO2 is proportional to the amounts of metals (Mo, W, P, Mn) loaded on alumina
and alumina-titania supports.
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Table 1. Textural properties of the catalysts used for oxidative desulfurization and denitrogenation.
(error ±3.0%).

Catalyst Surface Area (m2/g) Pore Volume (cc/g) Pore Diameter (nm)

γ-Al2O3 330 0.90 7.6
γ-Al2O3-TiO2 300 0.75 7.1
Mo/γ-Al2O3 242 0.60 7.2

Mo/γ-Al2O3-TiO2 210 0.50 7.0
W/γ-Al2O3 240 0.62 7.3

W/γ-Al2O3-TiO2 208 0.49 7.0
PMo/γ-Al2O3-TiO2 181 0.46 6.9

MnPMo/γ-Al2O3-TiO2 165 0.43 6.9

Figure 2. N2 adsorption-desorption isotherms for all materials.

2.1.2. X-ray Diffraction Analysis

The X-ray diffraction analysis was performed to determine the presence of various crystalline
phase of metals doped on the γ-Al2O3 and γ-Al2O3-TiO2 support materials. The XRD profile for
each catalyst is shown in Figure 3. The peaks at 2θ = 37.0◦, 46.0◦ and 66.7◦ in the XRD profile
for γ-Al2O3 corresponds to the planes of cubic Al2O3 [27]. The additional peaks at 2θ = 25.5, 37.9,
48.0, 54.0, 55.0 and 62.8 degrees in XRD profile for γ-Al2O3 -TiO2 material is due to the presence of
TiO2 in anatase phase, which is the active phase of titania for the reaction [28]. The addition of W
on alumina and alumina-titania, does not show any additional peak in XRD profile of W/γ-Al2O3

and W/ γ-Al2O3 -TiO2 indicating the fine dispersion of tungsten oxide. However, the materials
Mo/γ-Al2O3 and Mo/γ-Al2O3-TiO2 showed small peaks at 2θ = 23.3◦ and 27.2◦ corresponding to
the presence of MoO3. There was no change observed in the crystal orientation on addition of
phosphorous. The XRD profile for MnPMo/γ-Al2O3-TiO2 further showed new peaks at 2θ = 25.9◦,
26.9◦, 27.9◦, 31.3◦, 32.3◦, 33.2◦, 35.8◦, 37.9◦, 39.2◦, 40.5◦, 44◦, 51.5–53.0◦ and 57.2–59.5◦, which are
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related to the presence of α-MnMoO4 [29]. The intense peak at 2θ = 25.9◦ may correspond to the
220 plane of MnMoO4. These reflections are in accordance with JCPDS Card No: 01-72-0285 as
reported by Veerasubramani et al. [30]. Additionally, the peaks at 2θ = 21.0◦, 26.9◦, 27.9◦, 32.3◦, 33.2◦,
40.5◦, 44◦, 51.5–53.0◦ and 57.2–59.5◦ can also be attributed to the presence of Mo4O11 as described by
Yang et al. [29]. Therefore, further details on the peak elucidation can be obtained from XPS analysis.

Figure 3. X-ray diffractograms of all catalysts. (§—Mo4O11, ¥—TiO2 (anatase phase), *—α-MnMoO4,
¤—planes of γ-Al2O3, #—MoO3).

2.1.3. Fourier Transformed Infrared Spectroscopy

The FT-IR spectroscopy was performed to determine the presence of various vibrational bands
corresponding to the functional groups and active metals. The FT-IR spectra for all the materials in this
study are shown in Figure 4. The band in the range of 400–700 cm−1 with few spikes at 600–700 cm−1

in the spectra for γ-Al2O3 is due to the stretching of Al-O bonds in octahedral alumina. The band
between 750–950 cm−1 represents the vibration of Al-O bond in tetrahedrally coordinated Al [31].
This type of broad band from 400–950 cm−1 with no sharp peaks is a typical for poorly ordered
material such as γ-Al2O3. The IR bands corresponding to the vibration of Ti-O bonds appearing
at 400–760 cm−1 are superimposed with Al-O vibrations and were not distinguished [32]. The IR
active bonds corresponding to molybdenum and tungsten were not clearly identified in Mo and W
supported γ-Al2O3 and γ-Al2O3-TiO2 materials, as the broad peak of 400–700 cm−1 masks most of
the peaks. The broad band at 1050–1250 cm−1 in IR spectra of PMo/γ-Al2O3-TiO2 can be assigned
to the superimposition of the bands corresponding symmetrical vibrations of PO4 and asymmetrical
stretching of P-O-P [33,34]. The catalyst MnPMo/γ-Al2O3-TiO2 showed additional IR bands at
719 cm−1, 725 cm−1, 796 cm−1, 865 cm−1 and 910–970 cm−1, which are the characteristic peaks for
tetrahedrally coordinated Mo in α-MnMoO4 [35,36]. The presence of α-MnMoO4 was also detected in
XRD analysis (Section 2.1.2) of the MnPMo/γ-Al2O3-TiO2 catalyst. Additionally, the peaks at 865 cm−1

and 910 cm−1 could also be assigned to the molybdenum present in Mo4O11 species [37].
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Figure 4. Fourier transform-infrared (FT-IR) spectra of supported catalysts.

2.1.4. X-ray Photoelectron Spectroscopy

The X-ray photoelectron spectroscopy (XPS) was employed to determine the oxidation state of
Mo and Mn in TiO2-Al2O3 supported catalysts. Both Mo and Mn tend to form various oxides with
different oxidation states. The XPS spectra for Mn 2p and 3s region are shown in Figure 5. The Mn 2p
spectrum (Figure 5b) shows the spin-orbit doublet at 641.6 eV and 652.9 eV representing 2p3/2 and
2p1/2 electronic states (ΔE of 11.3 eV). The Mn 2p spectrum also shows a satellite feature at 645–648 eV,
which is a characteristic of Mn2+ [38,39]. The shake-up satellite feature appears when the x-ray ejected
core electron excites a valance electron to a higher energy level, thus, reducing the energy of core
electron leading to appearance of satellite at few eV lower than the core level binding energy. Therefore,
the Mn 2p XPS spectra indicates the presence of +2 oxidation state of manganese. To further confirm
the oxidation state of manganese in catalyst Mn/P/Mo/Al-Ti, the Mn 3s XPS spectra was analysed.
The ΔE between the spilt 3s peaks indicates the oxidation state. The splitting of 3s peak is due to
the interaction of 3s core hole (after photoemission) and 3d valance electrons. The energy difference
between the parallel and antiparallel spin configuration of both 3s and 3d determines the split. Thus,
the ΔE for 3s splitting in +2 oxidation sate of manganese is expected to be highest due to 3d5 high
spin configuration [40]. The reported difference in binding energy (ΔE) for Mn2+, Mn3+ and Mn4+ is
~6.0 eV, 5.3 eV and 4.7 eV, respectively [41]. The Mn 3s XPS spectra for catalyst MnPMo/γ-Al2O3 -TiO2

shows peak split ΔE of 6.0 eV confirming the +2 oxidation state of manganese. This concludes that
manganese is present in the form of and MnMoO4 as shown by XRD analysis.

Figure 5. X-ray photoelectron (XPS) spectra for manganese in MnPMo/TiO2-Al2O3 catalyst, (a) Mn-3s
spectra and (b) Mn-2p spectra.
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The Mo 3d XPS spectra for materials Mo/γ-Al2O3-TiO2, PMo/γ-Al2O3-TiO2 and
MnPMo/γ-Al2O3-TiO2 is shown is Figure 6. The Mo 3d region shows well separated spin-orbit
component 3d5/2 and 3d3/2 with ΔE ≈ 3.2eV [38]. The binding energy of 3d5/2 peak indicates the
oxidation state of molybdenum. For +4, +5 and +6 oxidation states of molybdenum, the 3d5/2 peak
appears at binding energy ~229.7 eV, 231.5 eV and 232.5 eV, respectively [42–44]. The peak fitting
was performed using the CasaXPS Demo version and results are shown in Figure 6. The area under
3d3/2 peak is kept constant to two-third of the 3d5/2 peak area. The ΔE was kept constant at 3.2 eV.
It can be seen from Figure 6a that 86% molybdenum in catalyst Mo/γ-Al2O3-TiO2 is in +6 oxidation
state indicating the presence of MoO3. On addition of phosphorus to this catalyst the increase in
octahedral molybdenum was observed as shown in Mo 3d XPS in Figure 6b. It could be due the
stronger interaction of phosphorus with surface hydroxyl groups present on the support material as
explained in our previous work [45]. The review of influence of phosphorous on alumina supported
hydrotreating catalyst by Iwamoto and Grimblot [46] also explained the formation of AlPO4 on the
surface of alumina using surface hydroxyl groups. Thus, the interaction of phosphorus with support
reduces the number of surface hydroxyl group for molybdenum to anchor and thus decreases the
metal support interactions, resulting in formation of octahedral molybdenum.

Figure 6. Mo 3d XPS spectra for (a) Mo/γ-Al2O3 -TiO2, (b) PMo/γ-Al2O3 -TiO2 and (c) MnPMo/γ-Al2O3-TiO2.
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The addition of manganese to the PMo/γ-Al2O3 -TiO2 catalyst has significantly altered the
oxidation state of the molybdenum as seen from the Mo 3d XPS of MnPMo/γ-Al2O3-TiO2 (Figure 6c).
Around 62% of the molybdenum is in +6 oxidation state and balance (~38%) is in +5 oxidation state.
This indicates the presence of Mo4O11, which has a ratio of 1:1 for Mo+6 and Mo+5 and MnMoO4 which
contains polymolybdate (MoO4)−2 with +6 oxidation state for Mo [47]. This confirms the finding of
Mo4O11 and MnMoO4 in MnPMo/γ-Al2O3-TiO2 catalyst and supports the XRD conclusions.

The XPS analysis for determining the oxidation state of tungsten in W/γ-Al2O3 and W/γ-Al2O3

-TiO2 was also performed. The 4f W XPS spectra (figure not shown) shows a 4f7/2 and 4f5/2 doublet
with 4f7/2 peak at 36.1 eV and a loss feature at 42 eV indicating the presence of WO3, where oxidation
state of W is +6 [38]. The analysis of Ti 2p spectra for all titanium containing catalysts was also
performed and it shows the doublet for 2p with 2p3/2 at 458.1eV confirming the +4 oxidation state
of titanium.

2.2. Hydrotreating of Bitumen Derived Gas Oils

The hydrotreating of LGO and HGO facilitated by NiMo/γ-Al2O3 in fixed bed flow reactor
operating at 9 MPa, 370 ◦C, LHSV 1.5 h−1, 75 mL/min H2 for LGO and 9 MPa, 390 ◦C, LHSV 1.0 h−1,
50 mL/min H2 for HGO, significantly lowered the sulphur and nitrogen content. For HGO the sulphur
content was lowered from 41,000 ppm to 2100 ppm and nitrogen content dropped from 3900 ppm to
1750 ppm, resulting in 94.8 wt.% S and 55.0 wt.% N removal. The LGO hydrotreating succeeded in
lowering the sulphur content from 24,000 ppm to 950 ppm and nitrogen content from 1400 ppm to
175 ppm, thus achieving 96.0 wt.% S and 87.5 wt.% N removal. The hydrotreated HGO and LGO were
called as HDT-HGO and HDT-LGO, respectively and were further treated by oxidative desulfurization
and denitrogenation process to achieve less than 500 ppm in treated LGO and HGO.

2.3. Oxidative Desulfurization and Denitrogenation

The synthesized catalysts were tested for the oxidation of sulphur and nitrogen containing
aromatic compounds present in hydrotreated HGO and LGO. The oxidation increases the polarity of
organosulfur and nitrogen compounds and therefore, the oxidized sulphur and nitrogen compounds
were then removed by adsorption or extraction. The oxidation of sulphur and nitrogen compounds by
tert-butyl hydroperoxide is facilitated by the supported metal oxide catalyst. TBHP nucleophilically
attacks the Mo in molybdenum oxide (and W in tungsten oxide), to form peroxymolybdate
(peroxymetallic) complex. This complex activates the peroxy group to oxidize the sulphur
present in organosulfur compounds. Thus, forming sulfoxide and regenerating molybdenum
oxide. The molybdenum oxide again undergoes reaction with another TBHP molecule to form
peroxymolybdate complex, which further oxidizes sulfoxide to sulfone (see Figure 7) and regenerate
molybdenum oxide. Simple mechanism shown in Figure 7 is inspired from previous studies in
literature [48–50]. The sulfoxides and sulfones were then separated out using adsorption or extraction
due to increase in their polarity. The oxidation of nitrogen containing organic compounds such as
quinoline does not necessarily oxidizes the nitrogen, however it is a complex reaction. Studies in
literature [25] showed that the carbon with least electron density in the ring of organonitrogen
compound is oxidized by peroxides and then followed by ring opening. Further oxidation will
result in formation of various oxygenates of organonitrogen compounds, which can be then removed
from gas oil via adsorption or extraction due to increase in polarity of oxygenated nitrogen compounds.

Three adsorbents including Activated carbon, Amberlyst 15 ion exchange resin and Amberlite
IRA-400 ion exchange resin were tested to determine a suitable adsorbent for this work. Equal amount
of each adsorbent was mixed with HDT-LGO and HDT-HGO in separate flasks to determine
the adsorption capacity of each adsorbent for adsorbing sulphur and nitrogen compounds from
hydrotreated gas oils. The results shown in Table 2 indicates that all adsorbents can remove 4–9 wt.%
sulphur. Activated carbon and Amberlite IRA-400 ion exchange resin were able to adsorb and
remove 11–15 wt.% nitrogen. However, the Amberlyst 15 ion exchange resin removed 25 wt.% N
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from HDT-HGO and 33 wt.% N from HDT-LGO. This could be due the attractive forces between
basic nitrogen compounds and highly acidic Amberlyst 15 resin. Further, the adsorption followed
by oxidation of hydrotreated gas oil was also carried out using above mentioned three adsorbents.
Results shown in Table 2 suggests the effectiveness of activated carbon as adsorbent for the removal
of oxygenated sulphur and nitrogen compounds. Mo/γ-Al2O3 catalysed oxidation followed by
adsorptive removal of oxygenates with activated carbon removed 32% and 44.9% sulphur from single
stage oxidative desulfurization of HDT-HGO and HDT-LGO respectively, as against to less than 10%
removal by ion exchange resins. Additionally, the nitrogen removal was also higher with activated
carbon after single stage oxidative denitrogenation.

Figure 7. Simplistic mechanism for the oxidation of sulphur containing compounds via TPHP in
presence of catalyst.

Table 2. Adsorption capacity of various adsorbents for sulphur and nitrogen compounds present in
gas oil. (error ± 1%).

Adsorption Capacity (wt.%) of Following Adsorbents → Activated
Carbon

Amberlyst 15, Ion
Exchange Resin

Amberlite
IRA-400(CI), Ion
Exchange Resin

HDT-HGO
For hydrotreated gas oil

% S removal 5.1 4.8 4.3

% N removal 11.0 25.0 12.0

After single state oxidative
desulfurization (catalyst: Mo/γ-Al2O3)

% S removal 32.0 7.1 6.8

% N removal 31.3 22.0 19.0

HDT-LGO
For hydrotreated gas oil

% S removal 8.1 9.0 6.3

% N removal 15.0 33.0 14.0

After single state oxidative
desulfurization (catalyst: Mo/γ-Al2O3)

% S removal 44.9 9.9 8.1

% N removal 49.7 28.0 20.0

Liquid-liquid extraction of oxidized sulphur and nitrogen compounds from oil phase was done
with methanol. It was observed that methanol phase containing polar sulfoxides, sulfone and oxides
of nitrogen compounds separates out easily from treated HDT-HGO. However, due to less difference
between densities of HDT-LGO and methanol the separation was difficult and takes longer time.
Nevertheless, for oxidized HDT-HGO and HDT-LGO the activated carbon could remove higher
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amount of oxidized sulphur and nitrogen compounds in comparison to extraction with methanol
as shown in Tables 3 and 4 for oxidative desulfurization and denitrogenation of HDT-HGO and
HDT-LGO. Therefore, in this this study activated carbon was used as adsorbent for further reactions
with various catalysts.

Table 3. Oxidative desulfurization and denitrogenation of hydrotreated heavy gas oil. (error ±4 ppm).

S conc. in HDT-HGO = 2100 ppm. N
conc. in HDT-HGO = 1750 ppm.

Single-Stage ODS and ODN Using
Following Catalysts and TBHP

Mo/γ-Al2O3 Mo/γ-Al2O3-TiO2 W/γ-Al2O3 W/γ-Al2O3-TiO2 PMo/γ-Al2O3-TiO2 MnPMo/γ-Al2O3-TiO2

S conc.
(ppm)

Adsorption using
activated carbon 1427 1307 1612 1518 1244 1167

Solvent Extraction using
Methanol 1508 1417 1729 1740 - -

N conc.
(ppm)

Adsorption using
activated carbon 1203 1115 1405 1294 1037 938

Solvent Extraction using
Methanol 1293 1208 1506 1412 - -

% removal
S

Adsorption using
activated carbon 32.0 37.8 23.2 27.7 40.8 44.4

Solvent Extraction using
Methanol 28.2 32.5 17.7 17.1 - -

% removal
N

Adsorption using
activated carbon 31.3 36.3 19.7 26.1 40.7 46.4

Solvent Extraction using
Methanol 26.1 31.0 13.9 19.3 - -

The purified gas oil after adsorption is then tested for sulphur and nitrogen content and the
percentage desulfurization and denitrogenation was used as a measure to define the catalytic activity.
Tables 3 and 4 show the data for oxidative desulfurization and denitrogenation using various catalysts.
It was observed that the Mo containing catalysts performs better than W containing catalysts for both
desulfurization and denitrogenation for HDT-HGO and HDT-LGO. Mo/γ-Al2O3 catalyst showed 32%
S and 31.3% N removal for HDT-HGO and 44.9% S and 49.7% N removal for HDT-LGO, whereas,
the W/γ-Al2O3 catalyst showed 23.2% S and 19.7% N removal for HGO and 41.7% S and 47.4% N
removal for LGO. It should be noted that although the weight percentage removal of nitrogen is
higher than percentage removal of sulphur for HDT-LGO but in terms of ppm sulphur removal is
higher. The higher activity of molybdenum supported catalyst in comparison to tungsten supported
catalyst could be attributed to the higher rate of activation of TBHP by molybdenum, which results in
the formation of peroxometallic species leading to the oxidation of sulphur to sulfoxide and sulfone.
This could be due to the stronger bonding between Mo 4d orbital and peroxy oxygen 2p orbital during
nucleophilic attack by TBHP on molybdenum oxide in comparison to bonding between W 5d and
2p orbital.

The increase in desulfurization and denitrogenation activity on incorporation of titanium as
shown in Tables 3 and 4 is due to its Lewis acid character. XRD analysis has confirmed the presence
of anatase TiO2 and Ti 2p XPS spectra confirmed +4 oxidation state of titanium, which indicates the
Lewis acid character of titanium. Therefore, the electron deficient titania will further provide the site
for nucleophilic attack by TBHP for the formation of peroxo-titanium complex [51]. This complex
activates the oxidation of sulphur and nitrogen compounds. Thus, Ti increases ODS and ODN activity
by 8–12%.

Considering the promising activity of Mo/γ-Al2O3-TiO2 catalyst further promotion by
phosphorus (P) and manganese (Mn) was studied for Mo/γ-Al2O3-TiO2 catalyst. The addition of P
as PO4

3− makes molybdenum more electrophilic. Thereby boosting the rate of reaction of peroxides
(TBHP) with Mo, which results in the creation of active species for oxidation of sulphur and nitrogen
compounds. The results showing increase in desulfurization and denitrogenation from 37.8% to 40.8%
and 36.3% to 40.7%, respectively, on addition of P are presented in Table 3 for HDT-HGO. Similar
increase in activity was observed for HDT-LGO as shown in Table 4.
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Table 4. Oxidative desulfurization and denitrogenation of hydrotreated light gas oil. (error ±4 ppm).

S conc. in HDT-LGO = 950 ppm. N
conc. in HDT-LGO = 175 ppm.

Single-Stage ODS and ODN Using
Following Catalysts and TBHP

Mo/γ-Al2O3 Mo/γ-Al2O3-TiO2 W/γ-Al2O3 W/γ-Al2O3-TiO2 PMo/γ-Al2O3-TiO2 MnPMo/γ-Al2O3-TiO2

S conc.
(ppm)

Adsorption using
activated carbon 523 487 554 508 462 428

Solvent Extraction using
Methanol 570 540 582 541 - -

N conc.
(ppm)

Adsorption using
activated carbon 88 76 92 82 57 40

Solvent Extraction using
Methanol 103 85 115 101 - -

% removal
S

Adsorption using
activated carbon 44.9 48.7 41.7 46.5 51.4 54.9

Solvent Extraction using
Methanol 40.0 43.2 38.7 43.1 - -

% removal
N

Adsorption using
activated carbon 49.7 56.6 47.4 53.1 67.4 77.1

Solvent Extraction using
Methanol 41.1 51.4 34.3 42.3 - -

The catalyst MnPMo/γ-Al2O3-TiO2 further increased the desulfurization and denitrogenation
activity from 40.8% to 44.4% and 40.7% to 46.4%, respectively, with reference to activity shown by
PMo/γ-Al2O3-TiO2 catalyst for HDT-HGO. The increase in activity could be assigned to the oxidizing
or electron-accepting tendency of manganese. Mn 3s and Mn 2p XPS analysis has confirmed that
manganese is in +2 oxidation state, indicating the presence of MnO and MnMoO4. However, FTIR
analysis and XRD analysis for MnPMo/γ-Al2O3-TiO2 catalyst have confirmed the polymolybdate
species present in MnMoO4 form. Therefore, the manganese in MnMoO4, will make Mo more
electrophilic (−Moδ+ = O). Hence, this increases the rate of reaction of TBHP with catalyst, which
eventually increase the ODS and ODN activity. Similar increase in activity was observed for HDT-LGO
as shown in Table 4.

Single stage oxidative desulfurization has lowered the sulphur content of HDT-HGO from
2100 ppm to 1167 ppm using MnPMo/γ-Al2O3-TiO2 catalyst. However, to remove sulphur down to
less than 500 ppm, multistage oxidation process was employed. To perform multistage oxidation, large
amount of product from first stage ODS is required in order to account for the samples, which will
be extracted after each stage for analysis. The spent catalyst from single stage process was utilized
to oxidize another fresh batch of HDT-HGO to generate more product oil from first stage oxidative
desulfurization process. It was observed that the sulphur removal efficiency decline from 44.4% to
40.1% on reusing the catalyst. The decrease in sulphur removal efficiency could be due to the active
site inhibition by bulky heteroatomic molecules present in the HGO or might be due to the leaching of
the fraction of Mo. However, 4.3% decline in sulphur removal or 9.7% decline in catalyst activity is not
a clear affirmation of leaching due to other possible factors. Therefore, considering the scope of this
paper, reusability, metal leaching and catalyst stability studies were not conducted and fresh catalyst
was used to generate more product oil from stage 1 ODS.

Table 5 shows that after 3 stage ODS the sulphur in treated HGO was lowered to 478 ppm,
accounting to 77.2% sulphur removal. It was also observed that between stage 2 and stage 3 of ODS
process only 87 ppm (~4%) sulphur was removed. Therefore, increasing the number of ODS stages
beyond 3rd stage will not be able to further lower the sulphur concentration significantly. Interestingly,
the denitrogenation with multistage oxidation process was more effective than desulfurization.
The nitrogen content was lowered from 1750 to 206 ppm (~88% nitrogen removal) for HDT-HGO.
Nitrogen is a well-known poison to many downstream processing catalysts, therefore, the decrease in
nitrogen content will benefit the downstream processing of treated HGO and LGO.
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Table 5. Multistage ODS and ODN of hydrotreated gas oils. (error ±4 ppm).

ODS and ODN Stages with MnPMo/γ-Al2O3-TiO2

Catalyst, TBHP and Activated Carbon
Stage 1 Stage 2 Stage 3

HDT-HGO (S = 2100
ppm; N = 1750 ppm)

S conc. (ppm) 1167 565 478
Cumulative % S removal 44.4 73.1 77.2

N conc. (ppm) 938 261 206
Cumulative % N removal 46.4 85.1 88.2

HDT-LGO (S = 950
ppm; N = 175 ppm)

S conc. (ppm) 428 394 354
Cumulative % S removal 54.9 58.5 62.7

N conc. (ppm) 40 30 30
Cumulative % N removal 77.1 82.9 82.9

Three-stage oxidative desulfurization and denitrogenation was also carried out for HDT-LGO
and the results are presented in Table 5. After first stage the sulphur and nitrogen contents were
lowered to 428 ppm and 40 ppm respectively. It was observed that the increase in percentage sulphur
and nitrogen removal was not significant after two-stage and three-stage processes. The total S
and N removal after third stage is 62.7% and 82.9% in comparison to 54.9% and 77.1% after single
stage ODS and ODN, respectively. Therefore, the combination of hydrotreating and oxidative
desulfurization-denitrogenation can lower the sulphur content from 41,000 ppm to 480 ppm and
nitrogen content from 3900 ppm to 210 ppm for HGO. In future, this study can serve as a basis to
design the process at commercial scale, which can enable oil-sands derived gas oils to stay competitive
to conventional crude oil.

3. Experimental

3.1. Materials

Titanium isopropoxide, ammonium dihydrogen phosphate, Ammonium heptamolybdate
tertrahydrate, Manganese nitrate hexahydrate, tert-butylhydroperoxide (TBHP) (70 v/v%),
Ammonium metatungstate hydrate, were purchased from Sigma Aldrich, Edmonton, Canada.
Activated carbon was provided by Norit, Canada. Amberlyst 15 ion exchange resin and Amberlite
IRA-400 ion exchange resin were purchased from Alfa Aesar, USA. γ-Al2O3 and methanol was
purchased from Fischer-Scientific, Toronto, Canada.

3.2. Catalyst Synthesis

All metals were impregnated using incipient wetness method. Al2O3-TiO2 material was
synthesized by impregnating the solution of titanium isopropoxide and ethanol on γ-Al2O3 to obtain
10 wt.% TiO2 in Al2O3-TiO2. 15 wt.% W and 15 wt.% Mo were impregnated on γ-Al2O3 and Al2O3-TiO2

materials using ammonium metatungstate hydrate and ammonium heptamolybdate tertrahydrate
as precursors for W and Mo, respectively. The materials were dried overnight at 100 ◦C and then
calcined at 550 ◦C for 6 h. The resulting materials were named as Mo/γ-Al2O3, Mo/γ-Al2O3-TiO2,
W/γ-Al2O3 and W/γ-Al2O3-TiO2. Further, 2 wt.% phosphorus was impregnated to Mo/γ-Al2O3-TiO2

using ammonium dihydrogen phosphate as precursor. This was followed by drying and calcination
at 400 ◦C for 4 h to obtain PMo/γ-Al2O3-TiO2 catalyst. Manganese nitrate hexahydrate was used
as a precursor for Mn and it was wet impregnated on PMo/γ-Al2O3-TiO2 to obtain 2 wt.% Mn
in MnPMo/γ-Al2O3-TiO2 catalyst. The catalyst containing 13 wt.% Mo and 3 wt.% Ni supported
on γ-Al2O3 was also synthesized using sequential wetness impregnation method and named as
NiMo/γ-Al2O3.
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3.3. Material Characterization

All materials were characterized in oxide state. Micrometrics ASAP2020 instrument was used to
determine the textural properties. The Brunauer-Emmett-Teller (BET) method was used to determine
the surface area and Barrett-Joyner-Halenda (BJH) method was used to calculate the pore diameter
and pore volume. The wide angle (20◦ to 80◦) X-ray diffractograms for powder samples were obtained
using Bruker Advance D8 series II equipment having Cu Kα radiation. The FTIR analysis for the
materials was performed using PerkinElmer Spectrum GX instrument. The details on the sample
preparation and method of analysis for XRD, FTIR and BET are mentioned in our previous work [52].
The X-ray photoelectron spectroscopy (XPS) analysis was performed to determine the oxidation state
of active metals. The XPS spectra for catalysts were collected using Kratos Axis SUPRA XPS instrument
equipped with monochromatic Al Kα X-ray source. This instrument is located at Saskatchewan
Structural Sciences Centre, University of Saskatchewan, Canada. The XPS data were fitted using
CasaXPS software.

3.4. Hydrotreating Experiment

The fixed bed flow reactor system was used to perform hydrotreating reactions for HGO and LGO.
The physical properties of HGO and LGO are mentioned in Table 6. The reaction setup consists of a
liquid feed pump, H2 and He gas inlet lines via mass flow controllers, tube type fixed bed reactor heated
by furnace, back pressure regulator, NH3 scrubber and gas-liquid separator to collect the hydrotreated
product followed by nitrogen stripping. The schematic and details of the setup are mentioned in our
previous work [52]. 5g of NiMo/γ-Al2O3 catalyst was diluted with SiC (90 mesh size) and loaded
in the reactor. The catalyst was sulphided by pumping 5 mL/h of 2.9 vol% butanethiol solution
(in transformer oil) through the catalyst bed for 48 hrs. The first 24 h sulphidation was performed at
190 ◦C and then the temperature was raised to 340 ◦C and maintained for next 24 h. The reactor was
pressurized to 9 MPa with helium prior to start of sulphidation. The entire sulphidation process was
carried out at 50 mL/min of hydrogen flow.

Table 6. Physical properties of heavy gas oil and light gas oil.

Properties Heavy Gas Oil Light Gas Oil

Sulphur (wt.%) 4.1 2.4
Nitrogen (wt.%) 0.39 0.14
Density (g/mL) 0.96 0.89

Aromatic content (%) 42.0 30
Boiling range (◦C) wt.% wt.%

Initial boiling point–300 3.0 46.4
301–400 20.8 42.7
401–500 54.0 10.9
501–600 20.2 -

600–Final boiling point 2.0 -

The liquid feed was switched to gas oil (HGO or LGO) after sulphidation and the reaction
temperature was increased to 370 ◦C for LGO and 390 ◦C for HGO. The gas oil feed rate was maintained
at 5 mL/h and 7.5 mL/h for HGO and LGO, respectively. The H2 feed rate was maintained at 50 mL/h
for HGO and 75 mL/h for LGO. The hydrotreated oil was collected every 24 h and analysed for sulphur
and nitrogen content. The constant conversion was observed from day 5 to day 12 and then the reactor
was shut down. Therefore, the hydrotreated oil product from day 6–12 was mixed to obtain a big
batch of hydrotreated gas oil, hereafter called as HDT-HGO and HDT-LGO. Hydrotreating of LGO and
HGO was done with fresh catalyst in the same experimental set-up. The Antek 9000 N/S analyser was
used to determine the nitrogen and sulphur content in liquid samples. ASTM D4629 method using
combustion/chemiluminescence technique was adopted to determine the total nitrogen content of the
liquid product and the ASTM D5463 method using combustion/fluorescence technique was deployed
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for measuring sulphur content. The details on catalyst loading procedure and sulphidation procedure
are mentioned in our previous works [52].

3.5. Experimental Procedure for Oxidative Desulfurization and Denitrogenation

20 ml of HDT-HGO was taken in a round bottom flask and 1 g catalyst was added to it. To this
mixture 20 ml of TBHP (70% v/v) was added as an oxidizer and stirred at 400 rpm at 90 ◦C under
reflux for 15 h. The 1:1 volume ratio of TBHP and HDT-HGO was used for screening experiments
considering the complex nature of bitumen derived heavy gas oil. This makes molar ratio of TBHP to
sulphur equal to 110 and TBHP to nitrogen molar ratio equal to 58, which is quite high. The Metal (Mo)
to sulphur molar ratio is 1.2. Further, handling equal amount of TBHP and gas oil in existing refineries
will be a concern. However, this lab scale experiment was performed for the proof of concept and
further optimization studies on the amount of oxidant, catalyst, oil, stirring speed and temperature
can help to determine the techno-economical and logistical viability of this process integration with
existing refineries. The reaction was cooled down to room temperature and then filtered to recover the
solid catalyst. The catalysts tested for this reaction are: Mo/γ-Al2O3, Mo/γ-Al2O3-TiO2, W/γ-Al2O3

and W/γ-Al2O3-TiO2. PMo/γ-Al2O3-TiO2 and MnPMo/γ-Al2O3-TiO2. The reaction products were
phase separated due to the difference in the density of oil phase and water phase. The oil phase was
collected and water washed to remove dissolved butanol, which is the by-product of oxidation of
sulphur and nitrogen compounds by TBHP.

The oxidized sulphur compounds known as sulfones and sulfoxides and oxides of aromatic
nitrogen compounds were than extracted from the oil phase using adsorption or solvent extraction.
Activated carbon was used as an adsorbent. In a typical experiment, 1 g of activated carbon was mixed
with 20 mL of oil for 12 h at room temperature. The mixture was then filtered to separate the solids
and the resultant liquid was analysed to determine total S and N content. The type and amount of
oxidized sulphur and nitrogen compounds were not determined in this work due to the complex
composition of heavy gas oil. Therefore, the total S and N content in product was used as a basis
to define the catalyst activity. The liquid was again treated with TBHP in presence of fresh catalyst
followed by adsorption with activated carbon to perform double stage adsorptive extraction, when
required. Similar procedure was followed to perform multi-stage ODS and ODN.

The solvent extraction process was also tested to extract the sulfones, sulfoxides and oxides of
organonitrogen compounds from the oil phase collected after oxidation with TBHP. 10 mL methanol
was mixed with 20 mL oil and allowed to settle for 4 h at room temperature. The mixture was phase
separated to obtain desulfurized and denitrogenated oil, which was then tested to determine the
sulphur and nitrogen content. Similar procedure was followed to perform oxidative desulfurization
and denitrogenation on HDT-LGO.

4. Conclusions

Highly efficient upgrading of oil-sands bitumen derived heavy gas oil (~ 41,000 ppm sulphur,
3900 ppm nitrogen) and light gas oil (~24,000 ppm sulphur, 1400 ppm nitrogen) is required to
generate synthetic crude, which can compete with conventional crude oil. Therefore, in this work
the combination of hydrotreating, oxidative desulfurization (ODS) and oxidative denitrogenation
(ODN) was performed to achieve less than 500 ppm sulphur in LGO and HGO. The synthetic crude
produced using treated HGO and LGO will be highly competitive and easily processed in existing
refineries to produce various petroleum fractions including diesel fuel with less than 15 ppm sulphur.
The hydrotreating of gas oils was carried out in a fixed bed flow reactor operating at typical industrial
conditions of 370–390 ◦C, 9 MPa, 1–1.5 h−1 space velocity and 600:1 H2 to oil ratio. NiMo/γ-Al2O3

was used as a catalyst. Hydrotreating resulted in lowering the sulphur and nitrogen content to 2100
ppm and 1750 ppm for HGO and 950 ppm and 175 ppm for LGO, respectively.

Various catalysts including Mo/γ-Al2O3, Mo/γ-Al2O3-TiO2, W/γ-Al2O3, W/γ-Al2O3-TiO2,
PMo/γ-Al2O3-TiO2 and MnPMo/γ-Al2O3-TiO2 were synthesized and characterized using X-ray
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diffractions, N2 adsorption-desorption, FTIR and XPS. All catalysts were tested for the oxidation
of sulphur and nitrogen compounds present in gas oil using tert-butyl hydroperoxide (TBHP).
The removal of oxides of sulphur and nitrogen compounds was carried out using adsorption and
extraction. Methanol was used as solvent for liquid-liquid extraction, however, the minimal difference
in densities of hydrotreated LGO and methanol possess challenge in separation and longer settling time
was required. Among activated carbon and ion-exchange resins, the higher adsorption capacity for
polar oxidized sulphur and nitrogen aromatic compounds was shown by activated carbon. The sulphur
and nitrogen removal were higher with activated carbon in comparison to methanol. The catalytic
activity measured in terms of percent sulphur and nitrogen removal was related to the catalyst
characterization. XPS analysis has confirmed the oxidation state of metals such as Mo, Ti, Mn, P and
W, which helped in identifying the catalyst structure and relate it to the metal oxide structures as
indicated by XRD and FTIR analysis. Mo supported catalyst outperformed the W supported catalyst
due to stronger interaction between 2p O (TBHP) and 4d Mo orbitals in contrast to bonding between
5d W and 2p O orbitals. The Ti acts as an additional site for TBHP activation, which caused oxidation
of sulphur and nitrogen containing compounds. P and Mn in MnPMo/γ-Al2O3-TiO2 catalyst makes
molybdenum more electrophilic, thereby promoting the nucleophilic attack by TBHP, thus facilitating
oxidation. Hence, the catalyst MnPMo/γ-Al2O3-TiO2 performed best among the series tested and
removed 44.4 wt.% sulphur and 46.4 wt.% nitrogen from hydrotreated HGO and 54.9 wt.% sulphur
and 77.1 wt.% nitrogen from hydrotreated LGO. Further three stage ODS and ODN process was
performed using MnPMo/γ-Al2O3-TiO2 catalyst. Thus, the integration of hydrotreating, oxidative
desulfurization and oxidative denitrogenation lowered the sulphur and nitrogen content to 478 ppm
(~98.8% removal) and 206 ppm (~94.7% removal), respectively, in HGO and 354 ppm (~98.5% removal)
and 30 ppm (~97.8% removal), respectively in LGO. The decrease in nitrogen content is beneficial for
the downstream processing of gas oils because nitrogen acts as a poison to various catalysts. Therefore,
the combination of oxidative desulfurization and denitrogenation with hydrotreating is a promising
methodology to improve the quality of synthetic crude derived from oil sands bitumen and keeping
them competitive with respect to conventional petroleum crude oil.
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Jakub Mařík 2, Veronika Hartová 2 and Martin Pechout 2

1 Faculty of Agrobiology, Food and Natural Resources, Department of Chemistry, Czech University of Life
Sciences Prague, Kamýcká 129, Prague 6, 169 21, Czech Republic; pzeman@af.czu.cz (P.Z.);
taborsky@af.czu.cz (J.T.); obergruber@af.czu.cz (M.O.)

2 Faculty of Engineering, Department of Vehicles and Ground Transport, Czech University of Life Sciences
Prague, Kamýcká 129, Prague 6, 169 21, Czech Republic; kotekm@oikt.czu.cz (M.K.); marikj@tf.czu.cz (J.M.);
nidlova@tf.czu.cz (V.H.); pechout@tf.czu.cz (M.P.)

* Correspondence: honig@af.czu.cz; Tel.: +420-22438-2722

Received: 26 February 2019; Accepted: 3 April 2019; Published: 4 April 2019

Abstract: Biofuels have become an integral part of everyday life in modern society. Bioethanol and
fatty acid methyl esters are a common part of both the production of gasoline and diesel fuels. Also,
pressure on replacing fossil fuels with bio-components is constantly growing. Waste vegetable fats
can replace biodiesel. Hydrotreated vegetable oil (HVO) seems to be a better alternative. This fuel
has a higher oxidation stability for storage purposes, a lower temperature of loss of filterability for
the winter time, a lower boiling point for cold starts, and more. Viscosity, density, cold filter plugging
point of fuel blend, and flash point have been measured to confirm that a fuel from HVO is so close
to a fuel standard that it is possible to use it in engines without modification. The objective of this
article is to show the properties of different fuels with and without HVO admixtures and to prove the
suitability of using HVO compared to FAME. HVO can also be prepared from waste materials, and
no major modifications of existing refinery facilities are required. No technology in either investment
or engine adaptation of fuel oils is needed in fuel processing.

Keywords: biofuel; biodiesel; hydrotreating; hydrocarbon; waste

1. Introduction

A long-term European strategy is an effort for a so-called "recycling society". With the growing
volume of waste, expanding industries are dealing with waste management and recycling. Despite
noticeable progress, there is still great potential in previously underutilized sources of waste. The main
obstacles are the legislative problems and the low application of approved rules, the differentiation of
regulations in different countries, and generally the low awareness of the professional and lay public
about new possibilities and prospects. The current EU waste policy is based on the concept of the
so-called waste hierarchy, which states that it is primarily necessary to prevent the generation of waste
itself, and if this is not possible, it must be recycled or otherwise exploited, under condition of minimal
dump disposal. Anything which can be reused in some way may be considered waste, even materials
like grey water, wood chips, old clothing, kitchen scraps or diseased fruit and vegetables [1–7].

Legislative requirements are higher for double-counting materials, in order to meet the 10% share
of biofuels. This double counting applies to biofuels made from waste and residues, as well as to
biofuels made from raw materials that have been grown on so-called degraded areas, and it is thus
another supportive step towards meeting the sustainability criteria [8–10].

Sustainability criteria in the EU are determined by Directive 2009/28/ES. Among these, we include
reducing GHG (greenhouse gas) emissions, optimizing land use and carbon stocks, biodiversity, and

Catalysts 2019, 9, 337; doi:10.3390/catal9040337 www.mdpi.com/journal/catalysts43



Catalysts 2019, 9, 337

environmental requirements for crop production. To achieve 10% CO2 savings between 2010 and 2020,
a minimum biofuel share of 15% must be reached.

Hydrotreated vegetable oils are one of the possible ways of using the increased biofuel content in
diesel fuel. This would provide another option for meeting the CO2 reduction target for the year 2020.
At the same time, it will be necessary to include these advanced biofuels in legislation, and to establish
clear rules for their use. In addition to these changes, changes in the composition of diesel fuel can also
be expected in the future. This mainly concerns requirements for increasing the cetane number and
cetane index, adjusting the course of the distillation curve (reduction of temperature by 95% of the
pre-distilled volume), further reducing the content of polycyclic aromatic hydrocarbon, introducing a
limit for aromatics similar to automotive gasoline and tightening requirements for lubrication and
mechanical impurities for fuels for diesel engines. Introducing changes that have a positive effect on
reducing harmful emissions and particulate matter pollution will entail an increase in production costs
and therefore the speed of their deployment will depend on the economic situation and legislative
changes adopted within the EU [11–13]. Compared to fossil fuels, biofuels are renewable. As far
as their technological development is concerned, the issue of biofuels is only at an early stage. The
most commonly declared "first generation" of biofuels is bioethanol produced from starch and sugar,
biodiesel produced from vegetable oils (rape, soy, etc.) and animal fats without chemical treatment, or
produced due to the transesterification process to fatty acid methyl esters (FAME—rapeseed oil) or
similar non-edible feedstocks like soursop seed oil [14,15]. These are sophisticated technologies, and
above all, commercially available [16–18].

Figure 1 shows a simplified difference between the production of hydrotreated oils and fatty acid
methyl esters (FAME).

Figure 1. Simplified diagram for the production of hydrotreated oils and fatty acid methyl esters.
FAME: fatty acid methyl esters.

The production of hydrotreated vegetable oils is based on introducing hydrogen molecules into
the raw fat or oil molecule. This process is associated with the reduction of the carbon compound.
When hydrogen is used to react with triglycerides, different types of reactions can occur, and different
resultant products are combined.

The original oil obtained by hydrotreatment achieves higher oxidation stability, which is desirable
for frying oils. Partial fat stiffening is used for raw margarine production. For fuel purposes, such a
final product is not suitable. In hydrotreated fuels, therefore, partial hydrotreatment is mostly omitted
and overall hydrotreatment continues, often with free fatty acids (Figure 2).
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Figure 2. Hydrotreatment of fatty acids.

Another method of converting triglycerides by hydrogen is the cleavage of the ester to hydrocarbon
and glycerol-derived propane and free fatty acids. These fatty acids (n is the number of carbons)
are either:

1. reduced to hydrocarbons (n) and water by hydro deoxygenation,
2. subject to decarboxylation, i.e. carbon dioxide CO2 is cleaved to give n-1 hydrocarbons,
3. or decarboxylation is carried out by removing the carbon monoxide (CO) and water molecule to

produce an n-1 hydrocarbon.

For the reaction of hydrogen with vegetable oils and vacuum gas oil, the same catalysts and
the same types of reactors and equipment were used as for the oil processing [19,20]. In recent
decades, efforts have been made to find the best catalysts, to optimize hydrogen reaction processes
and to find suitable sources of vegetable oil or fats. A lack of resource availability and high hydrogen
consumption are increasing production costs, but these shortcomings are being gradually managed
commercially [21].

A key process for obtaining hydrocarbons is hydroisomerization. This is a radical reaction where
branching of hydrocarbon molecules is achieved by the use of form-selective catalysts, such as zeolites
or other acid catalysts. N-paraffins having a boiling point corresponding to diesel fuel generally have a
higher cetane number than their branched isomers. In contrast, isoparaffins have lower solidification
points than n-paraffins. Therefore, there is a compromise in the quality of the paraffin-rich fuel;
the fuel has either good combustion properties, or good low-temperature properties. The result of
hydroisomerization is therefore a fuel with a lower solidification point and a lower cetane number.
The relationship of these two properties is illustrated in Figure 3 [22].

Figure 3. Cetane number and paraffin solidification points depending on carbon number.
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Hydrotreated oils are characterized by very good low temperature properties. The cloud point
also occurs below −40 ◦C. Therefore, these fuels are suitable for the preparation of premium fuel with
a high cetane number and excellent low temperature properties. The cold filter plugging point (CFPP)
virtually corresponds to the cloud point value, which is why the value of the cloud point is significant
in the case of hydrotreated oils.

The production process of hydrotreated oils can also produce fuel with appropriate low temperature
properties from palm oils and other oils, including animal fats, whose methyl esters have a very poor
applicability at lower temperatures [23]. This results in the use of hydrotreated oils throughout the
year, without risking loss of serviceability or fuel logistics problems. Hydrotreated vegetable oils thus
find their potential usability as aviation fuels.

Hydrotreated vegetable oils meet EN 15940:2014 for paraffinic diesel fuels from synthesis or
hydrotreatment, formerly TS 15940:2012 for paraffinic diesel fuels [24]. This specification also applies
to Fischer-Tropsch synthesis products: GTL, BTL, and CTL. Specification TS 15940:2012 was preceded
by CWA 15940:2009 CEN Workshop Agreement, which was created in cooperation between car and
fuel manufacturers. HVO is usually supplied without FAME, however, it is allowed to add up to
7% vol. under specification EN 15940, which the earlier CWA 15940 did not allow. EN 14214 for
FAME for HVO does not apply, as HVO is composed only of hydrocarbons. However, HVO meets the
requirements of EN 590 for diesel fuel, except for the density below the lower limit of this standard [25].
This also applies to the US ASTM D975 [26]. Table 1 shows the differences between these standards.

Table 1. Requirements of EN 15940, EN 590 and ASTM D975 [27].

Parameter EN 15940 EN 590:2013 ASTM D975

Cetane number ≥70.0 ≥51.0 ≥40
Density at 15 ◦C (kg·m−3) 765–800 820–845

Viscosity at 40 ◦C (mm2·s−1) 2.00–4.50 2.00–4.50 1.9–4.1
Hydrocarbons (% m/m) ≤35

Polyaromatic - ≤8 -
Aromatic ≤1.0 - -

Olefin ≤0.1 - -
Sulfur content (mg·kg−1) ≤5.0 ≤10.0 ≤15

Flash point (◦C) >55 >55 >52
Lubricity HFRR at 60 ◦C (μm) ≤460 * ≤460 ≤520
95% by volume distils at (◦C) <360 <360 282–338

CFPP (◦C) ≥−34 ≥−34 -
Ash content (% m/m) ≤0.01 ≤0.01 ≤0.01

Total impurity content (mg·kg−1) ≤24 ≤24 -

* Including lubricating additives for use in vehicles approved for driving on the fuel according to the standard.
CFPP: cold filter plugging point; HFRR: high frequency reciprocating rig.

2. Results

The density of the hydrotreated vegetable oil (about 780 kg·m−3) is lower than the density of fossil
diesel (800 to 845 kg·m−3) because of its paraffinic character, and also a lower temperature distillation
end. The density of the fuel has traditionally been an important factor in terms of volume of fuel
consumption and maximum performance, and we can say that the reduction of volume calorific value
is only a function of density. At a lower calorific value, the engine generates less energy and needs
more fuel to ensure the same power output at a partial load.

In the case of hydrotreated oils, the effect is different, as the calorific value compensates for the
lower density effect (Figures 4 and 5). The higher calorific value of the hydrotreated oils is due to the
fact that the amount of hydrogen in the hydrotreated oils is about 15.2% (m/m), as opposed to 13.5%
(m/m) in standard diesel.
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Figure 4. Density and kinematic viscosity of diesel fuel with FAME and hydrotreated vegetable
oil (HVO).

Figure 5. Calorific value of mixed fuels.

Figure 4 shows that the density with increasing HVO concentration in the mixture is expected to
decrease. This is due to the lower permissible water content and paraffinic character with a higher
hydrogen content than diesel, which results in a higher energy content per kg. Mixture of diesel fuel
with HVO > 30% vol. exceeds the EN 590 (Table 1) limit for diesel (820–845 kg·m−3). High proportion
mixtures did not meet the standard limits. On the contrary, low density offers the possibility of
blending HVO into diesel fuels with higher contents of heavier fractions, or their incorporation into
less profitable products, such as fuel oil. Conversely, all HVO mixtures meet standardized kinematic
viscosity limits.

On the y-axis, lubricity (WSD—wear scar diameter) is in μm. HVO has very low lubricity, therefore
up to 80% of the volume may be added as maximum. Once the concentration reaches 80% or more, the
mixture of the fuel does not match the EN standard—see Figure 6. It could lead to seizure of the fuel
system of the machine.
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Figure 6. Lubricity of diesel fuel with addition of HVO.

An aromatic-free hydrocarbon composition results in a lower lubricity of the fuel. Lubrication of
hydrotreated oils corresponds to sulfur-free winter grade diesel or GTL. It is essential that lubricant
additives are added to these fuels to meet the requirements of EN 12156-1 (HFRR high frequency
reciprocating rig, corrected abrasion area diameter at 60 ◦C < 460 mm). It is possible to apply commonly
used lubricants for diesel with a similar dosage. When using this fuel at higher concentrations, it is
assumed that a further test for lubricity verification will be added.

Hydrotreated oil can also be supplied with lubricating additives for use in pure form, or as an
additive. It is common, however, to supply, for example, HVO without these additives if the fuel is
designated as a component of the mixture. The lubricity of the resulting fuel must then be controlled
and must be increased, to cover the HVO in the mixture. From the point of view of lubricity, this is
the only parameter where FAME is better and in itself can replace the additive in all hydrocarbon
fuels. The lubricating ability can be improved by adding the appropriate additive or a small amount of
FAME content. The expanded uncertainty of the result is ± 5%.

Also, the distillation curve is different from diesel fuel and FAME. Distillation properties show
how the fuel evaporates when injected into the combustion chamber of the diesel engine. Low-boiling
fractions are important for the engine’s start-up, and the heavier fractions with higher boiling points
can cause problems with fuel being incompletely burned and increasing the proportion of harmful
emissions in the engine exhaust gases. Standard diesel fuel has a boiling range approximately from
180 ◦C to 360 ◦C.

A distillation test to determine the distillation curve is a test that must always be carried out when
assessing the quality of fuel. The distillation curve expresses the volume percentage of the fuel that
is distilled to a certain distillation temperature. T50 is the temperature at which 50% of the fuel is
distilled. At this point the amount of air is bound for perfect combustion. For HVO and diesel, there is
no need to worry about combustion air as the temperature in T50 has not increased significantly; the
value is shown in Figure 7.

48



Catalysts 2019, 9, 337

Figure 7. Distillation curves of FAME, diesel fuel, HVO and their mixtures.

It is clear from Figure 7 that HVO does not affect the beginning of fuel distillation. The presence
of "light components" is not compromised, so the moving parts of the fuel system cannot be damaged.
The addition of HVO results in a flattening of the distillation curve. Distillation indicates a lower
proportion of high boiling heavy fractions, thereby reducing carbonization shares and reducing exhaust
emissions. Higher concentrations of HVO can be expected to affect engine performance.

Figure 8 shows the difference of values due to the HVO admixtures. The addition of HVO to
diesel fuel positively affects the loss of filterability (CFPP—cold filter plugging point). Standard EN
590 sets the temperature −20 ◦C as the maximum value for F-class winter diesel, 14 is marked with a
thick horizontal line.

Figure 8. Changes in the mixed fuel distillation curve as compared to pure mineral diesel on the x-axis.

The cloud point (CP) or wax appearance temperature (WAT) is the temperature at which n-paraffins
begin to precipitate in fuel, but generally, it is not a mandatory indicator.
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Figure 9 illustrates the decrease of temperature with increasing addition of HVO. In the case of
100% HVO, the CP value is practically the same as the CFPP value. HVO addition to diesel fuel favors
low temperature properties, which, even in the case of an HVO 30 mixture, are 6 degrees below the
winter diesel fuel EN Class F. EN 590 also sets the CFPP for an arctic climate (for 1st class it is −26 ◦C,
while for 2nd class it is −32 ◦C), both of which exceed FAME + HVO 70−100.

Figure 9. CFPP and cloud point (CP) of mineral diesel fuel with FAME and HVO.

At temperatures above the cloud point, the hydrotreated oil is colorless, clear as water. It has no
characteristic aroma typical for other fuels. It does not contain any visible dirt at temperatures above
the cloud point. The cloud point causes the creation of scum characteristic for diesel.

The flash point is the lowest temperature at which the flammable substance produces so many
flammable vapors at atmospheric pressure that they will briefly ignite being in contact with open flame
but they do not continue to burn.

Figure 10 shows the temperature increase of the flash point with increasing HVO content.
Temperature range III of the hazard class, in which the measured temperatures of all HVO mixtures
are located, is defined here. However, in the case of a flash point value, these values do not affect the
work of the diesel engine.

Figure 10. Flash points of diesel fuel with HVO and FAME.
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The cetane number indicates the reactivity of diesel fuel in terms of its diesel characteristics. The
higher the fuel gets, the better it is, the higher the cetin number is, the more regular and better is its
combustion, as well as the engine running and noise. Because of the relative difficulty of the cetane
number test, the cetane index, which can be determined based on a calculation from the results of the
laboratory density and distillation tests, has been introduced as a characteristic of ignition capability.
According to EN 590, the cetane number is at least 51 units, the cetane index is 46 units.

Figure 11 shows the increasing trend lines of the cetane number and cetane index with increasing
HVO content. The cetane number of hydrotreated vegetable oils ranges from 75 to 95 units due to
the composition (n-paraffins and isoparaffins). In mixed fuels, there is a linear increase in the cetane
number, corresponding to the proportion of components. Hydrotreated oil is a suitable additive for
increasing the cetane number due to the nature of the fuel, where its effect is greater than the use of
conventional additives. For measuring the cetane number on the test engine, the hydrotreated oil
must be mixed with a fuel with a known and low cetane number, such that the cetane number of
the resulting mixture is below 70 units within the measuring range. Then, the cetane number of the
hydrotreated vegetable oil is determined by linear extrapolation. The calculation of the cetane index is
suitable for standard diesel fuels (with FAME) and its use for hydrotreated oils is not appropriate.

Figure 11. Cetane numbers of diesel fuel with HVO and FAME, cetane index of diesel fuel with FAME.

The limit value for the cetane number according to EN 590 is highlighted in the graph with a
horizontal line; for the cetane index, 46 is also highlighted by the horizontal line. The extrapolated
cetane number is high because of the very high content of n- and isoparaffins in HVO; the value of the
HVO 30 mixture already means a much higher cetane number than the minimum value according to
EN 590.

The measurement in this work compared mineral diesel fuel without bio-components, 100%
pure HVO and their mixtures. Prepared ratios were based on the possibility of comparison of the
results of our own measurements and results of measurements already published in the literature.
The individual measurement procedures were performed according to applicable valid standards
and were repeated three times to avoid any measurement error. The density measurement results of
mixtures with increasing HVO concentration had an expected decreasing trend, which should have
a negative effect on the calorific value (energy content per kg). According to the HVO manual, this
drop is due to the lower permitted water content and the pure paraffinic character of HVO fuel, which
mineral diesel does not have, but due to its higher hydrogen content, HVO has a higher calorific value
at lower density.
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Since hydrotreated oil consists only of hydrocarbons, traditional methods for fossil diesel, but not
FAME, are also suitable for determining fuel stability. This especially applies to “Rancimat” methods
according to EN 15751, which is intended for pure diesel fuel and FAME containing 2–7% vol. of
FAME. This method is not suitable for pure hydrotreated oil, even as an additive in diesel fuel. The
stability of hydrotreated oils is at the standard level of diesel fuel and there should be no risks except
for long-term vehicle shutdown or storage.

The sulfur content of hydrotreated oil is based on the production process and is <1 mg·kg−1. As
the standard oil logistics system is used for hydrotreated oil, the sulfur content due to contamination
may be higher, and then the normalized value is ≤5.0 mg·kg−1. Addition of hydrotreated oils can
also positively reduce the sulfur content, for example in diesel, where the value exceeds the relevant
standard EN 590.

The ash content in hydrotreated oils is very low (<0.001%). Also, the content of P, Ca and Mg is
well below the detection limits of analytical methods (<1 mg·kg−1).

Hydrotreated oil is, like fossil hydrocarbons, nonpolar, while water is polar. Water solubility is
thus similar to traditional diesel fuel, or even lower. Therefore, the issue of water requires no further
action in the field of logistics (as well as for diesel we use).

The issue of microbial growth is primarily about FAME, which also promotes microbial growth
in diesel fuel blends. FAME is biodegradable and tends to increase the water content of diesel fuel.
Unlike FAME, the presence of hydrotreated oil mixed with diesel fuel does not require any further
action. However, monitoring the quality indicator is useful because microbes can proliferate even in
pure fossil fuel during long term storage in the presence of free water. Higher temperatures, especially
in the summer, can increase microbial growth, mainly if mineral salts are present in the water phase.
At lower temperatures, growth of microorganisms slows down.

The hydrocarbon composition of HVO corresponds approximately to the hydrocarbons of which
diesel fuel is composed. The composition of HVO is composition closer to diesel oil than to a FAME
mixture, which is an advantage for the use of HVO as a substitute for FAME.

R is detector response in Volts; tR is retention time in minutes. Figures 12–14 are chromatograms of
fuel samples (diesel fuel, HVO, and FAME). In Figure 12, we can see the composition of analyzed diesel
fuel with labeled n-alkanes, which represent major constituents of the sample. Similarly, Figure 13
shows the composition of hydrocarbon compounds in HVO. The chromatogram in Figure 14 allowed
us to specify the presence of major components (methyl esters) in FAME; the peaks are well separated.
All components labeled in the chromatograms were identified according to retention times of analytical
standards (mixture of n-alkanes), which are specified in the section Materials and Methods.

Figure 12. Chromatogram of 100% diesel fuel with identified (labeled) n-alkanes.
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Figure 13. Chromatogram of 100% HVO with identified (labeled) n-alkanes.

Figure 14. Chromatogram of 100% FAME with identified main components (methyl esters).

Chromatographic results amongst individual samples may vary, depending on the refinery they
come from. Generally, the final composition of the fuel depends on the season, the country of origin,
the class of fuel, and more.

A statistical analysis was then conducted to obtain a general equation of density and viscosity for
independent variable concentration. An analysis was done for a mixture of diesel and HVO, and a
mixture of FAME and HVO. For the needs of the article, statistical tool R, and the built-in library lm()
were used.

As a first analysis, a linear regression analysis was calculated to predict the density of a diesel
and HVO mixture based on concentration. A significant regression equation was found (F(1, 3) = 1411,
p < 0.01, N = 20), with R2 of 0.9972. The model predicted density in the form of equation (1).
Assumptions of linear regression were verified by gvlma library. All assumptions were accepted:
Global Stats (p = 0.5704), Heteroscedasticity (p = 0.9905), Skewness (p = 0.2229), Kurtosis (p = 0.9911),
and Link Function (p = 0.2302).

ρ = 0.52147c + 780.97672 (1)

Complementary linear regression was calculated to predict the viscosity of a diesel and HVO
mixture based on concentration. A significant regression equation was found (F(1, 3) = 49.97, p < 0.01,
N = 20), with R2 of 0.9245. The model predicted viscosity in the form of Equation (2). All assumptions
were accepted: Global Stats (p = 0.5884), Heteroscedasticity (p = 0.8937), Skewness (p = 0.7208), Kurtosis
(p = 0.4098), and Link Function (p = 0.1579).

υ = −0.003875c + 2.89085 (2)

As a second analysis, a linear regression analysis was calculated to predict the density of a FAME
and HVO mixture based on concentration. A significant regression equation was found (F(1, 3) = 94.09,
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p < 0.01, N = 20), with R2 of 0.9588. The model predicted density in the form of equation (3).
Assumptions of linear regression were verified by gvlma library. All assumptions were accepted:
Global Stats (p = 0.5035), Heteroscedasticity (p = 0.8260), Skewness (p = 0.4299), Kurtosis (p = 0.1330),
and Link Function (p = 0.5241).

ρ = 0.7478c + 785.6795 (3)

Complementary linear regression was calculated to predict the viscosity of a FAME and HVO
mixture based on concentration. A significant regression equation was found (F(1, 3) = 88.94, p < 0.01,
N = 20), with R2 of 0.9674. The model predicted viscosity in the form of equation (4). All assumptions
were accepted: Global Stats (p = 0.8565), Heteroscedasticity (p = 0.6979), Skewness (p = 0.5792), Kurtosis
(p = 0.4987) and Link Function (p = 0.5205).

υ = 0.011987c + 2.887347 (4)

3. Discussion

The experiment shows that the hydrotreatment process is an alternative to the production of
biofuels for the esterification process to eliminate the undesirable effects, as described in [16] and [28].
These include, in particular, increased NOx content, emissions, fuel storage problems, engine oil
wear, and so on. HVO are also characterized by high cetane numbers, as confirmed by the measured
results [16]. The characteristics for diesel compared to HVO were practically the same, as illustrated by
Sugiyama [17]. Experiments and proven measurements show that HVO impurities have a positive
effect on the characteristics of diesel engines.

Characteristics to be monitored include, above all, the lubricity to provide the lubricating ability of
the moving parts of the fuel system and the cetane number. The graphs show, in accordance with [28],
that the recommended HVO ratio (addition) should be about 50% in order to be consistent with the
diesel fuel characteristics.

According to Šimáček et al. [29], low density and low sulfur content have an effect on lower
lubricity, which can be improved by the application of conventional lubricating additives as is the case
with today’s low-grade mineral diesel fuel. The kinematic viscosity of all HVO mixtures meets the
standard parameters. The distillation curve determines that, by addition of HVO to mineral diesel
fuel, its process is flattened. According to Hönig et al. [23], this has a positive effect on the reduction
of carbon deposits and exhaust emissions. The HVO Manual [27] indicates CFPP up to −40 ◦C. This
value has not been confirmed by its own measurement. The lowest measured CFPP was −36 ◦C in
100% HVO. This is even 11 ◦C less than that found in Aatola et al. [16]. Even with this mismatch, all
blends have a positive effect on the CFPP drop and are well below the F-class for diesel fuels, the
CFPP reported by EN 590 max −20 ◦C. Results of the flash point measurement have an increasing
tendency, which corresponds to all other articles, the measured values were compared with. This has a
positive effect on reducing the risk of a fuel explosion during handling and storage under standard
conditions. The measured high values of the cetane number and the calculated cetane index value
increase with the HVO content in the mineral oil mixture. The values of the cetane number and cetane
index set out in this work correspond to the already high values of these figures in Aatola et al. [16],
Šimáček et al. [29], Hönig et al. [30], Váchová and Vozka [31], and the HVO guidelines [27].

The properties of hydrotreated oils are much more similar to high quality sulfur-free diesel or
synthetic GTL diesel fuel than to FAME.

In the production of fuels, components with n-hydrocarbons and branched hydrocarbons are
suitably combined to achieve suitable fuel properties (cetane number, pour point). Biodiesel produced
by the hydrotreating of vegetable oil consists mainly of C17 and C18 n-hydrocarbons with a high cetane
number but with poor low temperature properties due to the melting point between 20 and 28 ◦C.
Improvement of these parameters can be achieved by adding a second proportion of highly isomeric
hydrocarbons into the fuel blend.
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During long-term storage, pure hydrotreated oils as well as mixtures containing them, behave like
traditional diesel fuels. Hydrotreated oils do not contain any hazardous impurities, such as saturated
monoglycerides present in FAME. There is therefore no risk of clotting above the cloud point. However,
as with standard diesel, this phenomenon may occur due to the presence of paraffins in the fossil fuel
or hydrotreated oil during long-term storage at temperatures below the cloud point.

4. Materials and Methods

The sample of tested hydrotreated vegetable oil was received from the Neste Oil Company (Espoo,
Finland). Simultaneously, diesel fuel free of fatty acid methyl esters compliant with EN 590 and a
FAME mixture compliant with EN 14 214 were used for laboratory tests.

The following tests of blends were carried out:

1. Density at 15 ◦C according to EN ISO 3675
2. Kinematic viscosity at 40 ◦C according to EN ISO 3104
3. Cold filter plugging point (CFPP) according to EN 116
4. Flash point according to EN 2719
5. Oxidation stability of vegetable oil according to EN 15 751
6. Cetane number according to EN ISO 5165
7. Lubricity according to EN 12156-1 (HVO lubrication 460–650 μm)
8. Calorific value according to ISO 1928 on IKA C200 Calorimeter
9. Gas Chromatography—Flame Ionization Detector GC-FID

The following samples and their mixtures were analyzed:

1. 100% FAME
2. 100% HVO (from Neste Oil Company)
3. 100% Diesel Fuel (without any FAME)

For the GC measurements, the samples were diluted 1/50 (20 μL sample + 980 μL hexane).
Analytical Standards:

1. Mixed standard: n-alkanes C10 to C30 in hexane
2. Mixed standard: Supelco 37 Components FAME Mix

For sample analysis, an Agilent Technologies 7890A gas chromatograph (Santa Clara, CA, USA)
equipped with an autosampler, a fused-silica capillary column SPB-2560 and a flame ionization detector
(FID) was used. The basic instrument parameters and GC analysis conditions are shown in Table 2.

Table 2. Device parameters and GC analysis conditions.

Device Type and Settings

Gas Chromatograph Agilent Technologies 7890A
Autosampler G4513A (16 positions) with a syringe Agilent Gold Standard 10 μL

Analytical column SP-2560, 100 m × 0.25 mm i.d., film thickness 0.2 μm
Temperature program 140 ◦C (5 min), increase 4 ◦C·min−1, 245 ◦C (20 min)→ 51.25 min

Carrier gas Helium 5.6, const. inlet pressure 50 psi (flow rate 1.58 mL·min−1 at 140 ◦C)
Injection chamber Temperature 280 ◦C, injection volume 1 μL, split ratio 1:100

Detector Temperature 280 ◦C, gas flow: hydrogen (6.0) 30 mL·min−1, air (5.0)
400 mL·min−1, makeup = nitrogen (6.0) 25 mL·min−1

Data collection software Agilent ChemStation (Revision B.04.02 SP1)

Lubrication was measured on a PCS instrument: HFRR (high frequency reciprocating rig). The
PCS instrument uses an electromagnetically vibrating moving body with low amplitude, while
simultaneously compressing it against a solid body. The instrument measures the frictional forces
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between the bodies and the electrical contact resistance between them. Settings of the instrument are
in Table 3.

Table 3. Technical parameters of HFRR.

Parameter Value

Frequency 10–200 Hz
Shift 20 μm–2 mm
Load 0.1–1 kg with supplied weights

Maximum fractional force by amplitude, max 10 N
Temperature From room temperature to 150 ◦C

Standard upper test body Ball ∅ 6 mm
Standard lower test body Disk ∅ 10 mm and thickness 3 mm

Power supply 100–230 V
Heating Two heating cartridges 24 kW, 15 kW

5. Conclusions

Due to the pressure of the European Union to reduce the total amount of greenhouse gases
released into the atmosphere, there is also a need to reduce greenhouse gas emissions in transport.
One way is to increase the share of biofuels in mineral diesel over 7%.

Biodiesel from FAME is not very suitable as a higher percentage mixture because of the low
oxidation stability, higher temperature of cold filter plugging point (CFPP), carbonization tendency
and possible microbial contamination in the presence of water. A much better biofuel is HVO,
whose hydrocarbon character can be compared to high quality mineral diesel with a very high cetane
number and a very low temperature of cold filter plugging point (CFPP). As confirmed by the actual
measurement, HVO does not have the above-mentioned drawbacks as fatty acid methyl esters do. HVO
can be mixed into mineral diesel fuel without limitation. Its presence in mineral oil blends improves
engine performance and reduces fuel consumption, exhaust emissions, and cold filter plugging point
(CFPP), so it can also be used in aviation turbine engines. The properties of hydrotreated oils are much
more similar to high quality sulfur-free diesel or synthetic GTL diesel fuel than to FAME.

Adding HVO can achieve a lowering of NOx and particulate matter emission, which has a positive
impact on environment. This is a suitable way of accomplishing emissions below the limits of a
newly introduced ban for highly-polluting, older diesel vehicles, for example in Germany. HVO
has a naturally high cetane number, which is very useful for increasing lower cetane fuels, which
could also be conducive to other alternative fuels for lowering emissions, as well as having sufficient
fuel properties.

The production technology of this biofuel is intergenerational in its own way, as raw materials,
both food and waste, can be used for its production without significantly changing the hydrotreatment
conditions. It is also beneficial for this technology that it can be operated, after minor modifications,
directly in existing refineries.
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Abstract: Production of green chemicals using a biomass derived feedstock is of current interest.
Among the processes, the hydrogenolysis of glycerol to 1,2-propanediol (1,2-PD) using externally
supplied molecular hydrogen has been studied quite extensively. The utilization of methanol present
in crude glycerol from biodiesel production can avoid the additional cost for molecular hydrogen
storage and transportation, as well as reduce the safety risks due to the high hydrogen pressure
operation. Recently the hydrogenolysis of glycerol with a Cu/ZnO/Al2O3 catalyst using in situ
hydrogen generated from methanol steam reforming in a liquid phase reaction has been reported.
This paper focusses on the effect of added Ni on the activity of a Cu/ZnO/Al2O3 catalyst prepared
by an oxalate gel-co-precipitation method for the hydrogenolysis of glycerol using methanol as a
hydrogen source. It is found that Ni reduces the conversion of glycerol but improves the selectivity
to 1,2-PD, while a higher conversion of methanol is observed. The promoting effect of Ni on the
selectivity to 1,2-PD is attributed to the slower dehydration of glycerol to acetol coupled with a
higher availability of in situ hydrogen produced from methanol steam reforming and the higher
hydrogenation activity of Ni towards the intermediate acetol to produce 1,2-PD.

Keywords: glycerol hydrogenolysis; in situ hydrogen; methanol steam reforming;
Ni/Cu/ZnO/Al2O3 catalysts

1. Introduction

Fossil based fuels such as diesel, gasoline and jetfuel have been the most important energy
resources affecting human life and modern society in the past century. However, fossil fuel is a
non-renewable resource and energy demand has rapidly increased. Currently many researchers
are working on alternative sources of renewable energy to reduce the dependence on fossil fuel,
especially in view of the emission of greenhouse gases and climate change. Biodiesel has been used to
supplement fossil diesel [1] and has already been commercialized in the world. Glycerol, the major
by-product from the biodiesel production process, can be utilized to produce a number of value added
chemicals such as 1,2-propanediol, 1,3-propanediol, acrolein, acrylic acid and some other special
chemicals. Approximately 1 kg of glycerol can be formed for every 9 kg of biodiesel produced via a
transesterification reaction using vegetable oil or animal fat as the feedstocks. Adding value to glycerol
will not only lower the production cost of biodiesel but also avoid the chemical waste and environmental
hazards caused by the large amount of surplus crude glycerol [2,3]. Among all of these applications,
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the production of 1,2-propanediol (1,2-PD), also known as propylene glycol, has been extensively
researched because high 1,2-PD selectivity can be obtained under relatively mild reaction conditions
compared with other routes of glycerol upgrading [4–7]. Xia et al. in 2012 reported a Cu/Zn/Mg/Al
mixed oxide catalyst where 1,2-PD selectivity can reach 99.7% under very mild reaction conditions with
molecular hydrogen [8]. It has been most frequently reported that 1,2-PD is produced via a glycerol
dehydration to form acetol followed by a hydrogenation of acetol [5,6,9]. The conventional glycerol
hydrogenolysis reaction is carried out in a batch reactor with heterogeneous catalysts under hydrogen
pressure up to 10 MPa [10,11]. However, the high hydrogen pressure will incur a significant cost
issue related to molecular hydrogen transportation and storage [12]. Additionally, the high pressure
hydrogen in the storage tanks and reactors can cause safety problems due to the potential leak and
explosion on contact with air.

To overcome the drawbacks of using high pressure molecular hydrogen, the process without
adding external hydrogen has received a lot of interest from researchers. The most frequently reported
approach is that the in situ hydrogen is produced via liquid phase glycerol steam reforming (known as
APR—aqueous phase reforming) in a batch reactor and used for the glycerol hydrogenolysis process.
D’Hondt et al. was the first group who reported this process in 2008 using a Pt/NaY catalyst to convert
glycerol to 1,2-PD in the absence of added hydrogen [13]. Under inert atmosphere using 20 wt%
aqueous glycerol at 230 ◦C, after 15 h reaction time, the glycerol conversion was reported to be 85.4%
with 64% 1,2-PD selectivity. The advantage of this process is that glycerol itself is the raw material for
both hydrogen and 1,2-PD production, no other hydrogen donor is needed avoiding the additional
downstream separation steps. However, in order to get sufficient hydrogen from the glycerol reforming
process at relatively low temperature (≤250 ◦C), a Pt based catalyst is usually used [14,15]. Pt is an
expensive metal resulting in a high production cost for this process. Barbelli et al. in 2012 investigated
a supported Pt catalyst with a lower Pt loading (1 wt%) as well as the promoting effect of Sn for the
APR process [16]. The experimental results showed that using monometallic 1 wt% Pt on SiO2 catalyst
and 10 wt% aqueous glycerol feedstock, at 200 ◦C after 2 h reaction, the glycerol conversion is only
1%; when 0.4 wt% Sn was added, the glycerol conversion and 1,2-PD selectivity were improved to
49% and 63% respectively. Roy et al. in 2010 [17] and Pendem et al. in 2012 [18] also reported the
hydrogenolysis of glycerol using various Pt based catalysts, the 1,2-PD selectivities were all quite low
compared with the process using externally supplied hydrogen.

The other route of the glycerol hydrogenolysis process without external hydrogen added is to
use a hydrogen donor such as iso-propanol. Musolino et al. reported a glycerol hydrogenolysis
process under an inert atmosphere using 10 wt%Pd supported on Fe2O3 [19,20]. Using glycerol
iso-propanol solution (12 wt% with respect to glycerol) as feedstock, at 180 ◦C for 24 h, the glycerol
conversion and 1,2-PD selectivity were reported to be 100% and 94% respectively. Gandarias et al. in
2011 reported a process with iso-propanol as a hydrogen donor using a Ni-Cu/Al2O3 catalyst prepared
by a so-gel method [21] which is relatively cheaper than a Pd based catalyst as mentioned previously.
Using a 4 wt% glycerol solution as the feedstock and an equal molar of isopropanol with respect to
glycerol as hydrogen donor, at 220 ◦C, after 24 h reaction time, the glycerol conversion was 41.2% and
the selectivity of 1,2-PD was only 48.3%. Another active hydrogen donor for this process is formic
acid, which can be obtained from non-food biomass sources. Gandarias et al. in 2012 developed
a semi-batch system using a Ni-Cu/Al2O3 catalyst with the hydrogen donor being pumped into
the reactor continuously [22]. Three different hydrogen donors were investigated, i.e., methanol,
iso-propanol and formic acid. The glycerol conversion and 1,2-propanediol selectivity using formic
acid were the highest among those three sources which were 33.5% and 85.9% respectively at 220 ◦C
after 10 h reaction time. Recently, Gandarias et al. modified the catalyst and optimized the reaction
conditions and developed a kinetic model for this process [23,24]. The optimum glycerol conversion
and 1,2-PD selectivity were 55.2% and 84.6% respectively. The advantage of adding another hydrogen
donor is that hydrogen can be produced under milder conditions compared with glycerol aqueous
phase reforming resulting in a higher 1,2-PD selectivity. However, other downstream separation steps
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are needed to separate the impurities, such as acetone, unreacted formic acid and iso-propanol, causing
a higher production cost.

We have been working on the upgrading of glycerol using in situ hydrogen generated from
steam reforming of methanol [25,26]. Methanol has the highest H/C ratio (4:1) compared with formic
acid or iso-propanol and is widely used for transesterification reaction for biodiesel production.
Stoichiometrically, one mole of triglyceride requires three moles of methanol to produce three moles of
methyl ester and one mole of glycerol. An excess amount of methanol is usually added to drive the
transesterification reaction towards methyl ester, the ratio of methanol to triglyceride usually ranges
from 6:1 to 12:1. In a conventional biodiesel production plant, the unreacted methanol is recovered
before sending the crude biodiesel and crude glycerol mixture into a decanter for separation [27]. It has
been studied that methanol can be more preferably dissolved in glycerol phase suggested by very small
distribution coefficients of methanol in biodiesel to glycerol being less than 0.2 [28]. Therefore, if the
crude glycerol is separated from the crude biodiesel before a methanol recovery process, a large amount
of un-reacted methanol will be presented in the crude glycerol phase. The amount of methanol present
in the crude glycerol before methanol recovery was estimated to range from 29% to 62% depending
on the methanol to oil feed molar ratio. The real industrial data provided by Shandong Dingyu
Bio-energy Co. Ltd. (Laiwu, China), which is one of the largest biodiesel manufacturing plants in
China, using refined palm stearin oil as the feedstock meets a good agreement with our estimation
(see the Supplementary Document A1). The excess methanol present in glycerol can be utilized to
provide hydrogen in situ for glycerol hydrogenolysis, and the methanol stored in the biodiesel plant
can always ensure that the desired methanol content in crude glycerol can be obtained. Biodiesel plants
normally do not have H2 plants on site, utilization of the methanol for hydrogen production on site
could increase the overall economics for the production of 1,2-PD.

It is interesting to note that professor Lemonidou’s group has recently published a few papers
on glycerol hydrogenolysis to produce 1,2-PD using in situ hydrogen produced from methanol
steam reforming [29–33]. Their initial work compared the activities of Cu/ZnO/Al2O3 and Pt/SiO2

catalysts [29]. Under the conditions of 3.5 MPa N2, 250 ◦C, 7.2 wt% methanol, 11.4 wt% glycerol,
the glycerol conversion and 1,2-PD selectivity using a Cu/ZnO/Al2O3 catalyst prepared via oxalate
gel-co-precipitation method (88.8% and 39.2% respectively) were significantly higher than that
using a Pt/SiO2 catalyst (58.9% and 36.2% respectively). By comparison, using a Cu based catalyst,
the selectivities of propanol and ethylene glycol were significantly lower than those using a Pt/SiO2

catalyst revealing that the Cu/ZnO/Al2O3 catalyst has less promotion effect on the C-C cleavage
reaction and sequential 1,2-PD hydrogenolysis. It is generally accepted that the dehydration of glycerol
to acetol is the rate determining step in the hydrogenolysis of glycerol to produce 1,2-PD. In order
to achieve high selectivity to 1,2-PD, rapid hydrogenation of the acetol intermediate is required
as acetol is known to be active to produce other un-desired products via reactions between acetol
and alcohols [9,31,34,35]. Thus, a major challenge of the glycerol hydrogenolysis process without
adding molecular hydrogen is to ensure a fast hydrogenation of acetol compared to the other side
reactions caused by acetol to produce undesired by-products. Hence a catalyst with high activity
for dehydration, hydrogenation and methanol steam reforming would be desirable for a high yield
and selectivity to 1,2-PD. We have previously reported that the activity of a Cu/ZnO/Al2O3 catalyst
to produce 1,2-PD in the hydrogenolysis of glycerol using molecular hydrogen is dependent on the
catalyst preparation method. Among the three preparation methods, namely, alkaline co-precipitation,
impregnation and oxalate gel-co-precipitation, the catalyst prepared by the gel-co-precipitation method
is the most active and selective [9,36]. Furthermore, Cu/ZnO/Al2O3 prepared by the gel-co-precipitation
method has also been reported to be more active for steam reforming of methanol [37,38]. The main
focus of this paper is to investigate the effect of Ni on the activity of a Cu/ZnO/Al2O3 catalyst
prepared via oxalate gel-coprecipitation for the hydrogenolysis of glycerol using the in situ hydrogen
produced via methanol steam reforming as illustrated in Figure 1. Ni was chosen because Ni has
been reported to be active for both glycerol hydrogenolysis and methanol steam reforming [39–41]
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and it is less expensive than precious metals such as Pt and less active for C-C bond cleavage [42,43].
The characterization and activity of Cu/ZnO/Al2O3 catalysts prepared by two different methods,
namely, oxalate gel-co-precipitation and sodium carbonate co-precipitation were also reported as this
provided a rational for adding Ni as a promoter to the Cu/ZnO/Al2O3 catalyst prepared by the oxalate
gel-co-precipitation method.

Figure 1. Reaction pathway of glycerol hydrogenolysis process using in situ hydrogen produced from
methanol steam reforming.

2. Results and Discussion

2.1. Catalyst Characterization

2.1.1. Acidity of the Catalysts

The NH3 temperature programmed desorption (TPD) technique was used to investigate the acidity
of the catalysts. The Cu/ZnO/Al2O3 catalysts prepared via oxalate gel-co-precipitation and sodium
carbonate co-precipitation referred to as Cu/ZnO/Al2O3-OA and Cu/ZnO/Al2O3-Na respectively.
The NH3 desorption profiles for the Cu/ZnO/Al2O3-OA and Cu/ZnO/Al2O3-Na have been presented
in our previous work [9] and the desorption data are listed in Table 1. The NH3 TPD data for
Cu/ZnO/Al2O3-OA catalysts with added Ni are listed in Table 1 and Figure 2. The Cu/ZnO/Al2O3-Na
catalyst has mainly acid sites with weak acidity ranging from 107 to 392 ◦C and very low total number
of acidic sites, while Cu/ZnO/Al2O3-OA possesses both moderate and strong acidic sites corresponding
to the desorption peaks ranging from 290 to 470 ◦C and from 590 to 800 ◦C respectively. It is noted that
the strong acidic sites are a majority, which can facilitate the glycerol dehydration step. More acidic sites
are being provided by Cu/ZnO/Al2O3-OA compared to Cu/ZnO/Al2O3-Na due to the smaller particle
size, which will be investigated in the later section. Therefore, the oxalate gel-co-precipitation method
can significantly enhance the number of acidic sites and the strength of acidity. Since dehydration
requires acidic sites, the Cu/ZnO/Al2O3-OA catalyst was chosen to study the promoting effect of Ni on
the hydrogenolysis of glycerol with methanol steam reforming. The effect of Ni loading on the acidity
of a Cu/ZnO/Al2O3-OA catalyst is presented in Figure 2. With different amounts of Ni loading, three
distinct peaks representing weak, moderate and strong acidic sites were observed for all the catalysts
with three different Ni loadings (0%, 1% and 5%) indicating that the acidic strength of the catalysts
was not changed as no new desorption peak was generated by adding Ni. As Ni loading increased,
the peak of the strong acidic sites ranging from 590 to 800 ◦C with the maximum desorption peak at
683 ◦C shrunk, suggesting a smaller amount of strong acidic sites as shown in Table 1. When 1% Ni
was loaded, the number of strong acidic sites slightly decreased from 0.075 to 0.072 mmolNH3/g-cat;
when the Ni loading was increased to 5%, the number of strong acidic sites decreased significantly to
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0.030 mmolNH3/g-cat. It is possible that when Ni was added, some strong acidic sites were blocked by
Ni. This negative effect of Ni on the acidity of the catalyst behavior has been reported previously [44].
The weak and moderate acidic sites were not significantly affected by the Ni loading, even though the
adsorption peak ranging from 290 to 470 ◦C without Ni loading was observed to be slightly lower than
those with 1% and 5% Ni loading.

Table 1. Effect of Ni on the acidity of Cu/ZnO/Al2O3-OA catalysts.

Catalysts Number of Acidic Sites Total Acidic Sites

mmolNH3/g-cat mmolNH3/g-cat

Cu/ZnO/Al2O3-Na 1 0.04 (107.0–392.0 ◦C) 0.040
Cu/ZnO/Al2O3-OA 1 0.216 (50.0–290.0 ◦C) 0.347

0.056 (290.0–470.0 ◦C)
0.075 (590.0–800.0 ◦C)

1% (molar) Ni/Cu/ZnO/Al2O3-OA 2 0.198 (50.0–290.0 ◦C) 0.342
0.072 (290.0–470.0 ◦C)
0.072 (590.0–800.0 ◦C)

5% (molar) Ni/Cu/ZnO/Al2O3-OA 3 0.197 (50.0–590.0 ◦C) 0.298
0.071 (290.0–470.0 ◦C)
0.030 (590.0–800.0 ◦C)

1 Cu/Zn/Al (molar) = 35/35/30; 2 Ni/Cu/Zn/Al (molar) = 1/34.5/34.5/30; 3 Ni/Cu/Zn/Al (molar) = 5.0/32.5/32.5/30.0.

Figure 2. NH3 temperature programmed desorption (TPD) profiles for Ni/Cu/ZnO/Al2O3-OA with
different amounts of Ni loading (molar). (a) Ni/Cu/Zn/Al (molar) = 5/32.5/32.5/30, (b) Ni/Cu/Zn/Al
(molar) = 1/34.5/34.5/30, (c) Cu/Zn/Al (molar) = 35/35/30. Conditions: 5%NH3 balanced by Ar, 120 mg
catalyst, temperature ramp 5 ◦C/min, flow rate 30 mL/min. All traces have been displaced for clarity.

2.1.2. Temperature Programmed Reduction

The reducibility of the catalysts was characterized by a temperature programmed reduction (TPR)
technique. The TPR profiles for the calcined CuO/ZnO/Al2O3-OA and the CuO/ZnO/Al2O3-Na catalysts
have been already reported [9]. All the profiles indicated that the reduction of the catalysts could be
completed before 300 ◦C suggesting that reduction at 300 ◦C is sufficient to reduce the CuO/ZnO/Al2O3

catalysts. Figure 3 shows the TPR profiles of NiO/CuO/ZnO/Al2O3-OA, CuO/ZnO/Al2O3-OA and NiO
only. The characteristic p values were calculated in the Supplementary Document A2 to verify that
the experiments were carried out with absence of significant reducing agent concentration gradients
along the catalyst bed. From the graph, it can be seen that both NiO/CuO/ZnO/Al2O3-OA and
CuO/ZnO/Al2O3-OA catalysts show the reduction peaks between 180 and 330 ◦C with the peak
maxima at around 250 ◦C. The reduction peak for NiO starts at 250 ◦C and ends at 370 ◦C with the peak
maxima at 310 ◦C. No distinctive peak is observed in the NiO/CuO/ZnO/Al2O3-OA profile between
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300 and 400 ◦C compared with the profile for CuO/ZnO/Al2O3-OA. This suggests that NiO and CuO
are well mixed and both oxides can be effectively reduced at 300 ◦C [45]. Two shoulder peaks were
observed for both NiO/CuO/ZnO/Al2O3-OA and CuO/ZnO/Al2O3-OA. The peak between 185 and
210 ◦C is due to the formation of bulk CuO and the broad shoulder peak between 270 and 300 ◦C is
possibly due to the reduction of Cu+ to Cu0 [9]. A very broad peak after 300 ◦C was possibly due to
the reduction of ZnO.

Figure 3. H2 TPR profiles for Ni/Cu/ZnO/Al2O3-OA with different amounts of Ni loading (molar).
(a) NiO, (b) Ni/Cu/Zn/Al (molar) = 5/32.5/32.5/30, (c) Cu/Zn/Al (molar) = 35/35/30. Conditions: 5%H2

balanced by Ar, catalyst amount: (a) 20 mg, (b,c) 50 mg, temperature ramp 5 ◦C/min, flow rate
30 mL/min. p value 18–20 K. All traces have been displaced for clarity.

2.1.3. Transmission Electron Microscopy

The CuO/ZnO/Al2O3-OA and CuO/ZnO/Al2O3-Na catalysts were characterized by transmission
electron microscopy (TEM) to study the effect of preparation method on the catalyst morphology
as shown in Figure 4. From Figure 4a,b, it can be observed that for the catalyst prepared by
oxalate gel-co-precipitation method, the particle shape is spherical and the particles are very uniformly
distributed suggested by a smaller calculated standard deviation (SD). Figure 5 compared the histograms
of the particle size distributions for the catalysts prepared by these two methods. The calculated mean
particle size for the Cu/ZnO/Al2O3-OA catalyst is 10.41 nm with SD of 2.04. For the Cu/ZnO/Al2O3-Na
catalyst, the particles are more elliptical and the average size of the major axis is 18.83 nm and SD is
4.05, which is much larger than the Cu/ZnO/Al2O3-OA catalyst and the size distribution is much wider
as illustrated in Figure 5. This observation is in a good agreement with the previous literature reports
using these preparation methods [9,46].
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Figure 4. Transmission electron microscopy (TEM) images of: (a,b) CuO/ZnO/Al2O3 catalyst prepared
via oxalate gel-co-precipitation; (c,d) CuO/ZnO/Al2O3 catalysts prepared via Na2CO3 co-precipitation.
Cu/Zn/Al (molar) = 35/35/30.

Figure 5. Histograms of the particle size distribution determined by TEM. (a) CuO/ZnO/Al2O3

catalyst prepared via oxalate gel-co-precipitation; (b) CuO/ZnO/Al2O3 catalysts prepared via Na2CO3

co-precipitation. Cu/Zn/Al (molar) = 35/35/30.
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2.1.4. Thermal Gravimetric Analysis

In our previous work, the thermogravimetric analysis (TGA) results for the Cu/ZnO/Al2O3-OA and
Cu/ZnO/Al2O3-Na catalyst have been presented [9]. The Cu/ZnO/Al2O3-OA and Cu/ZnO/Al2O3-Na
were completely decomposed at 325 and 630 ◦C respectively. The oxalate gel-coprecipitation method
favors a chemical homogenous phase of Cu and Zn, and the lower calcination temperature compared
with Na2CO3 co-precipitation method can help to avoid the sintering of the particles during the
calcination process. Figure 6 illustrates the TGA results for the oxalates of Cu/ZnO/Al2O3-OA and
Ni/Cu/ZnO/Al2O3-OA. The temperature difference was used to demonstrate the heat flow during the
thermal decomposition of metal oxalates process. For a Cu/ZnO/Al2O3-OA catalyst, the weight loss
completes at 330 ◦C and a small weight loss peak is observed at around 210 ◦C indicating a thermal
decomposition of a mixed metal oxalate with a higher Cu content as shown in Figure 6a, which is
in agreement with the results we previously published [9]. When Ni was added, a similar trend
was observed from Figure 6b that the weight loss started at 165 ◦C and completed at 330 ◦C with
the highest rate of weight lost at 310 ◦C suggested by the temperature difference profile. A positive
temperature difference reveals that the thermal decomposition of metal oxalate is an exothermic
reaction. As the decomposition rate increased, the temperature difference was also increased and
reached its maxima at 310 ◦C due to the maximum heat released associated with the metal oxalate
decomposition. No separate peak was found for the decomposition of nickel oxalate suggesting that
Ni was well mixed with other metals; this is also supported by the X-ray diffraction (XRD) data in
the latter discussion. Therefore, the calcination temperature of 360 ◦C would be sufficient for the
decomposition of all the catalyst precursors.

Figure 6. Thermogravimetric analysis (TGA) profiles for: (a) Cu/ZnO/Al2O3-OA oxalate, Cu/Zn/Al
(molar) = 35/35/30; (b) Ni/Cu/ZnO/Al2O3-OA oxalate, Ni/Cu/Zn/Al (molar) = 5/32.5/32.5/30.
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2.1.5. Diffuse Reflectance Infrared Fourier Transform

Figure 7 shows the Diffuse Reflectance Infrared Fourier Transform (DRIFT) spectra of adsorbed CO
on the reduced catalysts at ambient temperature. At a CO equilibrium pressure of 50 Pa, two bands were
observed for the sample of Cu/ZnO/Al2O3-OA catalyst. The band appears at 2106 cm−1, which decreases
in intensity with decreasing equilibrium CO pressure and disappears after evacuation, corresponding
to the absorbance of Cu0–CO species [47,48]. The band at 2025 cm−1 still remains even after evacuation
at ambient temperature, and it is associated with the carbonyls linearly adsorbed on the Cu0 atoms with
lower coordination numbers [48]. It is worth noting that the band at 2025 cm−1 shifts to 2005 cm−1 after
evacuation. This is related to the decrease in the coverage of CO on the Cu surface during evacuation,
which leads to a decrease in the dipole–dipole coupling of the adsorbed CO molecules and further a
band shift toward lower wavenumbers [49]. For the Ni-doped Cu/ZnO/Al2O3-OA catalysts, a new
band at 2057 cm−1 was observed, which can be assigned to the stretching vibration of the linear-bonded
CO on the reduced Ni. This band vanished after evacuation. In general, the linear-bonded CO on Ni
appears in the region of 2020–2080 cm−1, and the position of the band is a reflection of the crystallinity
and dispersion of Ni. According to the literature [50,51], the band at 2057 cm−1 (>2050 cm−1) implies
that Ni exists in a high dispersion and a low crystallinity, which is in a good agreement with the results
of XRD. Another band corresponding to bridged-bonded CO on Ni usually can be observed in the
region of 1990–1940 cm−1 [50]. In this case, however, the band cannot be distinguished because it
overlaps with the signal of the carbonyls linearly adsorbed on the Cu0 atoms.

Figure 7. Diffuse Reflectance Infrared Fourier Transform (DRIFT) spectra of CO adsorbed on the
reduced catalysts at ambient temperature. Solid: equilibrium pressure of 50 Pa CO; dash: after
evacuation. Catalysts: Ni/Cu/ZnO/Al2O3-OA, (a) Ni/Cu/Zn/Al (molar) = 5/32.5/32.5/30, (b) Ni/Cu/Zn/Al
(molar) = 1/34.5/34.5/30, (c) Cu/Zn/Al (molar) = 35/35/30. All traces have been displaced for clarity.

2.1.6. X-ray Diffraction and Other Physicochemical Properties

The crystalline phases for all the catalysts were investigated by XRD. The XRD pattern for
CuO/ZnO/Al2O3-OA and CuO/ZnO/Al2O3-Na have been previously reported. It showed that for
the catalyst prepared via the gel-co-precipitation method the particles were very well mixed and
homogeneously distributed through the catalyst as suggested by much broader and low intensity
peaks for CuO and ZnO [9,38,46]. Figure 8 illustrates the XRD patterns for the CuO/ZnO/Al2O3-OA
catalysts with different Ni loadings. It can be observed that the crystal structures of the catalysts are
not significantly affected by Ni loadings, the 2θ peaks located at 35.6◦ and 38.8◦ represent CuO and
the 2θ peak located at 31.9◦ represents ZnO [6,9,38]; the particle sizes of CuO and ZnO calculated by
Scherer’s equation are also not significantly affected as shown in Table 2. The peak for NiO is not
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observed from the XRD patterns for the catalysts suggesting that NiO particles are in a low crystallinity
and highly dispersed in the catalyst or the Ni loadings are so small that the peaks for NiO cannot be
clearly observed which has been reported [52,53]. The copper surface area of the catalyst with different
amounts of Ni loading are listed in Table 2, where addition of 1% Ni into the Cu/ZnO/Al2O3-OA
catalyst causes a 3.7% reduction of Cu surface area, while a 5% Ni loading reduces the Cu surface area
by 16.0%. This reduction of Cu surface area can significantly affect the activity of the catalyst which
will be discussed later. Table 2 also lists the actual metal molar content measured by an Inductively
coupled plasma (ICP) technique, the actual values of the metal content for the Cu/ZnO/Al2O3-OA
catalysts with different Ni loading are not significantly changed compared with the feed composition
during the preparation.

Figure 8. X-ray diffraction (XRD) patterns for Ni/Cu/ZnO/Al2O3-OA with different amounts of Ni
loading (molar). (a) Ni/Cu/Zn/Al (molar) = 5/32.5/32.5/30, (b) Ni/Cu/Zn/Al (molar) = 1/34.5/34.5/30,
(c) Cu/Zn/Al (molar) = 35/35/30. � CuO, � ZnO. All traces have been displaced for clarity.

Table 2. Some physicochemical properties of the Ni/Cu/ZnO/Al2O3-OA.

Crystal Size of CuO 1

nm
Crystal Size of ZnO 1

nm
Cu Surface Area

m2/g-cat
Metal Composition 2

(Theoretical Value)

0% Ni 14.7 10.2 18.8 37.1/36.4/26.5
(35.0/35.0/30.0)

1% Ni 14.2 11.6 18.1 0.9/36.2/35.6/27.3
(1.0/34.5/34.5/30.0)

5% Ni 15.0 10.9 15.8 4.7/33.1/34.4/27.8
(5.0/32.5/32.5/30.0)

1 Calculated by Scherrer’s equation, 2 Molar ratio of Ni/Cu/Zn/Al measured by ICP.

2.2. Glycerol Hydrogenolysis with In Situ Hydrogen Produced from Methanol Steam Reforming

2.2.1. Effect of Preparation Method for Cu/ZnO/Al2O3 Catalysts

The Cu/ZnO/Al2O3-OA catalyst has been reported to be more active than the Cu/ZnO/Al2O3-Na
catalyst on both glycerol hydrogenolysis with external molecular hydrogen added [9] and methanol
steam reforming [37,38]. The conversion of glycerol, selectivity of 1,2-PD and the yields of
different products were calculated through the equations listed below, where “i” stands for each
product/by-product formed from glycerol. The experimental results on glycerol hydrogenolysis with
in situ hydrogen generated from methanol steam reforming are listed in Table 3. The space-time
yields are provided from Tables S1–S4 in the Supplementary Material. It can be clearly observed in
Table 3 that the glycerol conversion and 1,2-PD selectivity using a Cu/ZnO/Al2O3-OA catalyst are
significantly higher than those using a Cu/ZnO/Al2O3-Na catalyst; the space-time yield of 1,2-PD
using a Cu/ZnO/Al2O3-OA catalyst is about 10 times higher than that using a Cu/ZnO/Al2O3-Na
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catalyst as listed in Tables S1 and S2. When Cu/ZnO/Al2O3-Na was used, the selectivity of 1,2-PD
was only 29.1% and the major by-products were acetol and some other higher molecular weight
compounds. These higher molecular weight compounds were believed to be formed via condensation
reactions of alcohols with acetol [9,35]. A significantly higher 1,2-PD selectivity obtained using
Cu/ZnO/Al2O3-OA (70.7%) compared with the Cu/ZnO/Al2O3-Na catalyst (29.1%) attributed to its
superior activity on methanol steam reforming to provide more hydrogen for acetol hydrogenation,
as revealed in Table 3, since the acetol yield and other undesired by-products yields in the product
mixture were significantly lower. The higher conversion obtained with the Cu/ZnO/Al2O3-OA catalyst
is attributed to the higher copper surface area and higher number of acidic sites and higher acidic
strength. Professor Lemonidou’s group also reported that a Cu/ZnO/Al2O3-OA catalyst was more
active than a Cu/ZnO/Al2O3-Na catalyst in the hydrogenolysis of glycerol using hydrogen derived
from steam reforming of methanol [29]. In their optimization study, the space-time yield for 1,2-PD
was reported to be 12.1 mmol/h.g-cat at 250 ◦C after 1 h reaction [30]; a very similar space-time yield
for 1,2-PD was found using the Cu/ZnO/Al2O3-OA catalyst at 220 ◦C, as listed in Table S2, which was
calculated to be 11.8 mmol/h.g-cat. The space-time yield of 1,2-PD was found to be slightly lower
possibly due to a slightly lower reaction temperature. It was also reported that at 220 ◦C a maximum
yield of 50.6% was obtained at 220 ◦C after 4 h reaction time; a similar 1,2-PD yield was also obtained,
as listed in Table S2, that at the same reaction temperature, the yield of 1,2-PD at 4h reaction time
was found to be 46.1%. Therefore, it is believed that the Cu/ZnO/Al2O3-OA catalyst is feasible for
this reaction system. It is clear that the 1,2-PD selectivity strongly depends on the hydrogen supply,
which is derived from methanol steam reforming in this reaction system. Higher ethylene glycol yield
using a Cu/ZnO/Al2O3-OA catalyst (Table 3) is possibly due to the higher acidity of the catalyst and a
higher hydrogen concentration generated by methanol steam reforming promoting the C-C cleavage
to produce more ethylene glycol. The Cu:Zn:Al molar ratio of 35:35:30 was chosen for this work after
a metal composition study, as listed in Table 3. The composition study for Cu/ZnO/Al2O3 catalysts
have been extensively reported and the optimum molar ratio of Cu/Zn has been mostly reported
to be 1 for both methanol steam reforming [37,38,54] and glycerol hdyrogenolysis [6,55,56]. In this
work, the molar ratio for Cu/Zn of 1 was chosen and the molar content of aluminum was varied.
The experimental results are shown in Table 3. A significant improvement for glycerol conversion
and 1,2-PD selectivity was noticed when the aluminum molar content was increased from 10% to 30%.
If the aluminum molar content was further increased from 30% to 50%, the glycerol conversion and
1,2-PD yield slightly dropped. Therefore, the catalyst with a Cu/Zn/Al molar ratio of 35/35/30 was the
optimum ratio and was used for further study. The absence of external liquid to solid mass transfer
limitation and intraparticle diffusion limitation were also verified via theoretical calculations provided
in the Supplementary Document A3. It has been mathematically proven that the experiments were
carried out in the reaction controlled regime.

ConversionGlycerol = 100%− nGlycerol

nGlycerol + n1,2−PD + nAcetol + nEG + nPropanol + nOthers
× 100%,

Yieldi =
ni

nGlycerol + n1,2−PD + nAcetol + nEG + nPropanol + nOthers
× 100%,

Selectivityi =
Yieldi

ConversionGlycerol
× 100%.
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Table 3. Products distribution for glycerol hydrogenolysis with in situ H2 from methanol steam
reforming over Cu/ZnO/Al2O3-OA and Cu/ZnO/Al2O3-Na catalysts 1.

Catalysts
Glycerol

Conversion
1,2-PD

Selectivity
1,2-PD
Yield

Acetol
Yield

EG 5

Yield
Propanol

Yield
Others
Yield

Cu/ZnO/Al2O3-Na 2 60.3 29.1 17.5 16.1 0.0 0.0 26.7
Cu/ZnO/Al2O3-OA 2 87.1 70.7 61.6 5.2 2.9 0.7 16.7
Cu/ZnO/Al2O3-OA 3 80.2 65.7 52.7 9.5 2.6 0.5 14.9
Cu/ZnO/Al2O3-OA 4 82.7 69.9 57.8 9.2 2.0 0.9 12.7

1 Reaction Conditions: 220 ◦C, 1.5 MPa N2, 100 g feedstock mixture, 20 wt% glycerol, 32.2 wt% of water and 47.8 wt%
methanol (water/methanol molar ratio = 1.2), 3 g catalyst, 500 RPM, 8 h; 2 Cu/Zn/Al (molar) = 35/35/30; 3 Cu/Zn/Al
(molar) = 45/45/10; 4 Cu/Zn/Al (molar) = 25/25/50; 5 EG: ethylene glycol.

2.2.2. Effect of Ni as a Promoter for the Cu/ZnO/Al2O3-OA Catalysts

Ni based catalysts are active in various hydrocarbon reforming [39,40] and glycerol hydrogenolysis
processes [57,58] and Ni is less costly compared to some precious hydrogenation metals such as Pt, Pd
and Ru. Since the Cu/ZnO/Al2O3-OA catalyst is more active and selective to 1,2-PD in the glycerol
hydrogenolysis process than Cu/ZnO/Al2O3-Na, Ni was added to Cu/ZnO/Al2O3-OA to further
improve the selectivity to 1,2-PD. The Ni/Cu/ZnO/Al2O3-OA catalysts with three different molar
contents of Ni (1%, 3% and 5%) were used to investigate the promoting effect of Ni on the catalytic
activity. The products distributions were listed in Table 4, the glycerol conversion, 1,2-PD selectivity,
other by-products yields over the reaction time are illustrated in Figure 9. The space-time yields were
provided from Tables S5–S7 in the Supplementary Material. From Table 4 and Figure 9a, it can be seen
that as Ni content increased from 0% to 5%, the glycerol conversion dropped over the reaction time
and the final glycerol conversion decreased from 87.1% to 70.0%. The lower glycerol conversion as
more Ni added is attributed to the loss of Cu surface area and a reduction of acidity (Tables 1 and 2).
The reaction rate of glycerol hydrogenolysis has been reported to be strongly dependent on the Cu
surface area [59,60]. Sato et al. in 2008 reported a mechanism for glycerol dehydration to form acetol
catalyzed by a Cu surface [61]. More experimental evidence will be shown later that Cu is the primary
active site for glycerol dehydration in this reaction system. Since the addition of Ni reduces the number
of strong acidic sites (Figure 2, Table 1), a slower reaction rate for the acid catalyzed glycerol dehydration
is expected. Therefore, the glycerol conversion was lower with added Ni. Thus, the reaction rate of
glycerol dehydration can be affected by two factors, namely the strong acidic sites and Cu surface area.

Table 4. Products distribution for glycerol hydrogenolysis with in situ H2 from methanol steam
reforming over Cu/ZnO/Al2O3-OA catalysts with different Ni loading 1.

Ni Molar Content
Glycerol

Conversion
1,2-PD

Selectivity
1,2-PD
Yield

Acetol
Yield

EG
Yield

Propanol
Yield

Others
Yield

0% Ni 2 87.1 70.7 61.6 5.2 2.9 0.7 16.7
1% Ni 3 85.5 76.7 65.6 4.9 3.4 0.6 11.1
3% Ni 4 77.5 82.8 64.2 3.2 3.6 0.5 5.9
5% Ni 5 70.0 85.5 59.9 3.5 3.5 0.6 2.5

5% Ni 5,6 80.8 81.2 64.8 2.5 6.8 1.1 5.6
5%Ni 5,7 87.0 82.9 72.1 1.3 7.7 1.2 4.7

1 Reaction Conditions: 220 ◦C, 1.5 MPa N2, 100 g feedstock mixture, 20 wt% glycerol, 32.2 wt% of water and 47.8 wt%
methanol (water/methanol molar ratio = 1.2), 3 g catalyst, 500 RPM, 8 h; 2 Cu/Zn/Al (molar) = 35/35/30; 3 Ni/Cu/Zn/Al
(molar) = 1/34.5/34.5/30; 4 Ni/Cu/Zn/Al (molar) = 3/33.5/33.5/30; 5 Ni/Cu/Zn/Al (molar) = 5/32.5/32.5/30; 6 6 g catalyst;
7 9 g catalyst.
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Figure 9. Effect of Ni molar contents on: (a) glycerol conversion; (b) 1,2-propanediol (1,2-PD)
selectivity; (c) others yield; (d) acetol yield. Conditions: 220 ◦C, 1.5 MPa N2, 100 g feedstock mixture,
20 wt% glycerol, 32.2 wt% of water and 47.8 wt% methanol (water/methanol molar ratio = 1.2),
3 g catalyst, 500 RPM. Catalysts: Ni/Cu/ZnO/Al2O3-OA with different Ni molar contents. 0% Ni:
Cu/Zn/Al (molar) = 35/35/30; 1% Ni: Ni/Cu/Zn/Al (molar) = 1/34.5/34.5/30; 3% Ni: Ni/Cu/Zn/Al
(molar) = 3/33.5/33.5/30; 5% Ni:Ni/Cu/Zn/Al (molar) = 5/32.5/32.5/30.

However, it is interesting to note that as Ni loading is increased from 0% to 5%, the 1,2-PD
selectivity is increased from 70.7% to 85.5%. In Figure 9b, it can be seen that the 1,2-PD selectivity is
always higher with a higher amount of Ni loaded over the reaction time. One reason that a higher
1,2-PD selectivity can be obtained as the Ni content is increased to 5% is because the acetol concentration
in the reaction mixture is lower due to the lower dehydration rate suppressing the formation of other
by-products caused by the condensation reactions between acetol and alcohols [31]. As illustrated in
Figure 9d, for all types of catalysts, the acetol yields always increase at the early stage of the reaction
and then decrease afterward. This is expected as acetol is the intermediate in the reaction system.
As more Ni was added into Cu/ZnO/Al2O3-OA, the acetol yields over the reaction time were always
lower, revealing a lower acetol concentration in the reaction mixture when more Ni was present in
the catalyst. For the Cu/ZnO/Al2O3-OA catalyst and the catalyst with 1% Ni added, the acetol yields
increase and reach their maximum at the fourth hour and then decrease thereafter. When the Ni content
is further increased from 3% to 5%, the acetol concentrations reach the maximum on the second hour,
which is earlier than that when lower Ni is present in the catalyst and then decreases. This trend reveals
that at the beginning of the reaction, the major product is acetol when the hydrogen being produced
from methanol steam reforming is insufficient to effectively hydrogenate the acetol formed via glycerol
dehydration. When the Ni is added into a Cu/ZnO/Al2O3-OA catalyst, the loss of strong acidic sites and
Cu surface area cause a slower glycerol dehydration rate resulting in a lower yield of acetol. This can
cause slower rates for the side reactions with acetol to produce lower amounts of undesired by-products
as shown in Figure 9c. Ethylene glycol yield at the end of the reaction was also increased from 2.9%
to 3.4% when 1% Ni was added onto the catalyst. When the Ni loading was further increased from
1% to 5%, the ethylene glycol yield was not significantly changed. The increment of ethylene glycol
due to the addition of Ni is possibly due to the promoting effect of the Ni on C-C cleavage. As shown
in Figure 10, both Cu surface area and the number of strong acidic sites have positive correlations
with the glycerol conversion; but they all have negative effects on 1,2-PD selectivity since the higher
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acetol formation rate by glycerol dehydration can cause a higher formation rate of other un-desired
by-products when the hydrogen availability is not sufficient for acetol hydrogenation. Therefore, even
a slower glycerol conversion rate was obtained using a Ni promoted catalyst, the space-time yield of
1,2-PD was not significantly changed as listed in Table S5, which was found to be 11.0 mmol/h.g-cat,
this was very close to the value obtained using a Cu/ZnO/Al2O3-OA catalyst in the previous discussion
and the reported literature value [30]. It is important to obtain a high 1,2-PD selectivity, since the
un-reacted glycerol can be recycled back to the reactor and hence it can reduce the production cost.
Otherwise, the high yield of undesired by-products will require separation of other by-products prior
to the recycling of glycerol. Even though the glycerol conversion is lower at higher Ni loading, the yield
of 1,2-PD is not significantly lowered due to the high 1,2-PD selectivity, as listed in Table 4.

Figure 10. Effect of: (a) Number of strong acidic sites; (b) Cu surface area on glycerol conversion and
1,2-propanediol selectivity. Conditions: 220 ◦C, 1.5 MPa N2, 100 g feedstock mixture, 20 wt% glycerol,
32.2 wt% of water and 47.8 wt% methanol (water/methanol molar ratio = 1.2), 3 g catalyst, 500 RPM, 8 h.

The effect of catalyst loading was also investigated by varying the catalyst loading amount from
3 to 9 wt% with respect to the total weight of feedstock mixture using a Ni/Cu/ZnO/Al2O3-OA catalyst
with 5% Ni loading as listed in Table 4. When the catalyst loading was increased from 3 to 9 wt%,
the glycerol conversion was increased from 70.0% to 87.0% with the 1,2-PD selectivity slightly reduced
from 85.5% to 82.9%. The loss of 1,2-PD selectivity by increasing the catalyst loading is mainly due to
the increments of ethylene glycol, propanol and other by-products yields. It is possibly because when
the catalyst loading is increased, more active sites can be provided for C-C cleavage, the sequential
hydrogenolysis of 1,2-PD and the condensation reactions between acetol and other alcohols resulting
in higher yields of ethylene glycol, propanol and other by-products. In addition, when the catalyst
loading is higher, more active sites are provided for methanol steam reforming generating more
hydrogen, which can also favor the C-C cleavage and 1,2-PD hydrogenolysis to propanol.

As discussed previously, the 1,2-PD selectivity strongly depends on the acetol concentration in
the reaction mixture. The un-desired by-products are mainly due to the side reactions of acetol present
in the mixture when the hydrogen being produced from methanol steam reforming is not sufficient
for the acetol hydrogenation. Therefore, the methanol steam reforming reaction is another key factor
improving the 1,2-PD selectivity. The experiments were carried out without taking any sample during
the reaction time to investigate the methanol conversion and mole balance of glycerol. In this case,
the methanol conversion, glycerol conversion, 1,2-PD selectivity and yields of products were calculated
using the equations listed below, where “i” stands for each product/byproduct formed from glycerol.
Table 5 lists the effect of Ni loading on methanol conversion. To investigate the roles that Cu and Ni
play in the reaction system, a Ni/ZnO/Al2O3-OA catalyst without Cu present was also used. The mole
balances of glycerol were all close to 100% revealing that glycerol steam reforming did not occur to any
significant extent. When Ni was added to Cu/ZnO/Al2O3-OA, the methanol conversion was higher.
As more hydrogen was produced, acetol could be more effectively hydrogenated resulting in a higher
1,2-PD yield, a lower acetol yield and a lower other by-products yield. It gives a good agreement with
the previous discussion that when Ni was added, the 1,2-PD selectivity was higher, the yield of acetol
and the other un-desired by-products were lower (see Figure 9). Therefore, the promoting effect of
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Ni on methanol steam reforming is the main reason why the addition of Ni can improve the 1,2-PD
selectivity. It is also important to note that when Ni/ZnO/Al2O3-OA catalyst was used without Cu
being present, essentially no 1,2-PD was formed, and glycerol conversion was only 4.8%. This suggests
that Cu is the primarily active component in the catalyst for glycerol dehydration. Yfanti et al. [30]
have also reported that when ZnO/Al2O3 catalyst was used for glycerol hydrogenolysis, no glycerol
conversion was obtained indicating Cu is necessary for dehydration. Thus, it can be deduced that
metallic Ni is inactive for glycerol dehydration and the small amount of glycerol conversion is possibly
due to the acidic sites provided by alumina. It can also be known that ZnO is also inactive for glycerol
dehydration from the results in Table 5 and the reported data [30]. However, ZnO was reported to
play an important role on the catalytic activity as it can favor the formation of small active Cu sites by
the Cu-ZnO interactions to improve the activity of Cu catalyst [6]. It is interestingly noted that when
Ni/ZnO/Al2O3-OA was used, the methanol conversion was 23.3% which was higher than that using
5%Ni/Cu/ZnO/Al2O3-OA catalyst. It was reported that methanol steam reforming reaction did not
occur when ZnO/Al2O3 was used [30]. Therefore, Ni can improve the catalyst activity for methanol
steam reforming to produce more hydrogen for acetol hydrogenation, which is likely one of the main
reasons that the addition of Ni to Cu/ZnO/Al2O3-OA catalyst can improve the selectivity of 1,2-PD in
this process.

ConversionGlycerol = 100%− nGlycerol,in − nGlycerol, f

nGlycerol,in
× 100%,

Yieldi =
ni

nGlycerol, in
× 100%,

Selectivityi =
Yieldi

ConversionGlycerol
× 100%.

Table 5. Promoting effect of Ni on Cu/ZnO/Al2O3-OA activity for glycerol hydrogenolysis and methanol
steam reforming 1.

Catalysts
Glycerol

Conversion
1,2-PD

Selectivity
1,2-PD
Yield

Methanol
Conversion

Mole
Balance

Cu/ZnO/Al2O3-OA 2 100.0 77.0 77.0 17.7 96.5
Ni/Cu/ZnO/Al2O3-OA 3 97.4 86.0 83.8 21.6 100.4

Ni/ZnO/Al2O3-OA 4 4.8 0.0 0.0 23.3 94.6
1 Conditions: 220 ◦C, 1.5 MPa N2, 100 g feedstock mixture, 20 wt% glycerol, 32.2 wt% of water and 47.8 wt%
methanol (water/methanol molar ratio =1.2), 3 g catalyst, 500 RPM, 24 h. No sample was taken over the reaction
time; 2 Cu/Zn/Al molar ratio = 35/35/30; 3 Ni/Cu/Zn/Al molar ratio = 5/32.5/32.5/30; 4 Ni/Zn/Al molar ratio= 10/60/30.

It has been discussed that the major undesired by-products are formed by the condensation
reactions between acetol and alcohols; therefore, rapid hydrogenation of acetol to 1,2-PD plays a
key role in order to obtain a high 1,2-PD selectivity. To study the promoting effect of Ni on acetol
hydrogenation reaction, experiments using an aqueous acetol solution as the feedstock with a constant
hydrogen pressure supplied into the reaction system over the reaction time was carried out using both
Cu/ZnO/Al2O3-OA catalyst and Ni/Cu/ZnO/Al2O3-OA catalyst. Figure 11 and Table 6 illustrate the
effect of Ni on the acetol hydrogenation reaction. A pseudo-first-order reaction kinetics was applied
and the rate constant for acetol hydrogenation reaction was calculated using the following equation,
where k’ is the pseudo-first-order rate at a constant hydrogen pressure:

− d[acetol]
dt

= k[acetol]PH2 = > ln[acetol] = −k′t + ln[acetolt = 0].
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Figure 11. Promoting effect of Ni on Cu/ZnO/Al2O3-OA for acetol hydrogenation: (a) acetol conversion;
(b) 1,2-PD selectivity. Conditions: 200 ◦C, 500 RPM, 100 g feedstock mixture, 20 wt% aqueous
acetol, 1 g catalyst, H2 pressure 2.8 PMa. With Ni: Ni/Cu/Zn/Al (molar) = 5/32.5/32.5/30, without Ni:
Cu/Zn/Al = 35/35/30.

Table 6. Promoting effect of Ni on Cu/ZnO/Al2O3-OA for acetol hydrogenation 1.

Catalysts
Acetol

Conversion
1,2-PD

Selectivity
1,2-PD
Yield

Others
Yield

Rate Constant
(s−1)

Cu/ZnO/Al2O3-OA 2 97.7 63.1 61.6 36.1 1.231 × 10−4

5% Ni/Cu/ZnO/Al2O3-OA 3 100.0 75.1 75.1 24.9 2.721 × 10−4

1 Conditions: 200 ◦C, 500 RPM, 100 g feedstock mixture, 20 wt% aqueous acetol, 1 g catalyst, H2 pressure 2.8 MPa,
8 h reaction time; 2 Cu/Zn/Al molar ratio = 35/35/30; 3 Ni/Cu/Zn/Al molar ratio = 5/32.5/32.5/30.

Using the catalyst with Ni added, the acetol hydrogenation reaction is significantly faster than
that without Ni added (Figure 11a). In fact, the pseudo-first-order rate constant using the Ni catalyst is
more than two times larger (Table 6). As the acetol hydrogenation reaction rate is increased, the acetol
concentration in the reaction mixture is decreased resulting in slower side reactions caused by acetol to
form other by-products. Therefore, the selectivity of 1,2-PD using the Ni/Cu/ZnO/Al2O3-OA catalyst is
higher over the reaction time as illustrated in Figure 11b. To investigate the nature of the by-product
formation, the chromatogram of the final product sample (8 h) was compared with the samples
obtained for the hydrogenolysis process with methanol steam reforming and the hydrogenolysis
process with insufficient external hydrogen added (i.e., 1.4 MPa) as depicted in Figure 12. It can be
seen that the retention times of the by-products from the acetol hydrogenation are the same compared
with the other two reactions. Hence the by-product formation is due to side reactions of acetol when
insufficient hydrogen is provided. Therefore, the selectivity of 1,2-PD is believed to be strongly
dependent on the rate of acetol hydrogenation. It is interesting to point out that no ethylene glycol is
formed during acetol hydrogenation suggesting that ethylene glycol is formed due to C-C cleavage of
glycerol rather than 1,2-PD or acetol. This result is in agreement with a recent mechanistic study of
glycerol hydrogenolysis [31]. Since Ni improves the catalytic activity for acetol hydrogenation and
also improves the methanol steam reforming to produce more hydrogen for in situ hydrogenation,
the addition of Ni improves the selectivity to 1,2-PD in glycerol hydrogenolysis.
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Figure 12. Chromatograms of the final sample of: (a) glycerol hydrogenolysis with methanol
steam reforming, (b) glycerol hydrogenolysis with insufficient molecular hydrogen added, (c) acetol
hydrogenation. All traces have been displaced for clarity.

3. Materials and Methods

3.1. Materials and Methods for Catalyst Preparation

Ethanol was purchased from Fisher Scientific Canada (Toronto, ON, Canada) (high-performance
liquid chromatography grade). The other chemicals were purchased from Sigma Aldrich Co.
Canada (Oakville, ON, Canada) and all the gases were purchased from Praxair Canada Inc. (Mississauga,
ON, Canada). The procedures to prepare Cu/ZnO/Al2O3 catalysts via two different precipitation
methods, i.e., oxalate gel-co-precipitation and Na2CO3 co-precipitation have been described in our
previous paper [9] referred to as Cu/ZnO/Al2O3-OA and Cu/ZnO/Al2O3-Na respectively. To prepare
the Cu/ZnO/Al2O3-Na catalyst, an aqueous mixture of metal nitrates solution was prepared with
the designated metal molar ratio under vigorous stirring, the total metal concentration was 0.5 M.
An aqueous solution of 0.5 M sodium carbonate was added drop-wise into the metal nitrate solution
until the pH of the solution was equal to 9.0. The slurry was then filtered and washed by de-ionized
water until the pH of the filtrate water became 7.0. Then the filtered cake was dried at 110 ◦C overnight
and calcined under a stationary air environment at 450 ◦C for 4 h. Ni/Cu/ZnO/Al2O3 catalysts
were also prepared via oxalate gel-co-precipitation method referred to as Ni/Cu/ZnO/Al2O3-OA.
To prepare Cu/ZnO/Al2O3-OA and Ni/Cu/ZnO/Al2O3-OA catalysts, 20% excess ethanol solution
of 0.5 M oxalic acid (anhydrous, ≥97.0%) was quickly injected into an ethanol solution mixture of
Ni(NO3)2.6H2O (≥98.5), Cu(NO3)2.2.5H2O (≥98.0%), Zn(NO3)2.6H2O (≥98.0%) and Al(NO3)3.9H2O
(≥98.0%) with designated metal molar ratio under vigorous stirring, the total metal concentration was
0.5 M. The precipitation mixture was then aged at room temperature under stirring for 2 h and filtered.
The filtered cake was then dried in air at 110 ◦C for 24 h. The dried particles were powdered and
screened via a sieve with 250 μm opening and then calcined in stationary air at 150 ◦C for 1 h, 200 ◦C
for 1 h, 250 ◦C for 1 h, 300 ◦C for 1 h and 360 ◦C for 4 h [46].

3.2. Materials and Methods for Catalyst Characterization

NH3 temperature program desorption (TPD), N2O reactive frontal chromatography (RFC)
and temperature program reduction (TPR) experiments were carried out using an Altamira
AMI-200 instrument (Pittsburgh, PA, USA). For the NH3 TPD experiments, approximately 120 mg of
the catalyst was loaded into a U shaped quartz reactor for each test. The catalyst was firstly reduced
under a flow of 5% H2 balanced with argon at a volumetric flow rate of 30 mL/min at 300 ◦C for 2 h.
After reduction, the catalyst was cooled down to 25 ◦C. Then, 20 pulses of 5% NH3 balanced with
argon were injected into the U tube to saturate all the acidic sites of the catalyst, then the catalyst
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was heated to 1000 ◦C at a heating rate of 10 ◦C/min. The NH3 desorption profile was determined
by analyzing the effluent gas through a thermo conductivity detector (TCD). To carry out the TPR
experiments, the catalyst amount was calculated to meet the characteristic p value below 30 K (see
Supplementary Material A2 for calculation of characteristic p value), then the catalyst was firstly heated
to 200 ◦C and kept at 200 ◦C for 60 min under a flow rate of 30 mL/min argon stream to remove all
the moisture and other species physically absorbed on the catalyst surface. Then, the catalyst was
heated under a 30 mL/min flow stream of 5% H2 balanced with argon at a heating rate of 5 ◦C/min
until 800 ◦C. For the N2O RFC experiments, a TPR step was firstly carried out to 300 ◦C at a heating
rate of 5 ◦C/min to reduce all Cu2+ to Cu0; then the catalyst was cooled down to 60 ◦C. The surface Cu0

was then oxidized to Cu1+ under a flow of 1% N2O balanced with argon gas mixture at a flow rate
of 30 mL/min. Then, another TPR program was carried out to 300 ◦C at a heating rate of 5 ◦C/min
to reduce the entire surface Cu1+ to Cu0. The H2 uptake was then calculated to estimate the copper
surface area. Transmission electron microscopy (TEM) was carried out on a FEI Titan 80–300 TEM
(Hillsboro, OR, USA) equipped with an aberration corrector for the imaging lens (CEOS). The XRD
experiments were carried out on a Bruker D8 Focus model (Madison, WI, USA), with Cu kα radiation
and a wavelength of 1.54 Å; the 2θ angle was 15◦–55◦ with a ramp of 0.02◦ per minute. The TGA
profiles were obtained on a TA Instrument, SDT Q600 (New Castle, DE, USA). Approximately 10–15 mg
catalyst sample was used for each test, the experiments were conducted under a continuous air flow
(40 mL/min), with a temperature range of 30–600 ◦C at a heating rate of 5 ◦C/min. The metal content of
the catalysts was determined using a Teledyne Leeman Labs high dispersion ICP (Hudson, NH, USA).
The DRIFT spectra were collected on a Varian 660 infrared spectrometer (Mulgrave, VIC, Australia)
equipped with a DRIFT reaction cell and a liquid nitrogen cooled HgCdTe (MCT) detector. The catalyst
was pre-reduced in situ at 300 ◦C for 1 h in 10% H2/He, followed by a purge with He at the same
temperature to remove the surface-adsorbed H2. After cooling down to the ambient temperature, CO
was admitted at a desired pressure using a vacuum/adsorption system. The spectra were collected
after steady state was reached, and the spectral resolution is 4 cm−1 and the number of scans is 64.

3.3. Materials and Methods for Catalysts Activity Test

The catalytic reactions were carried out in a 300 mL Parr Instrument 4560 Series mini bench top
reactor constructed of hastelloy (Moline, IL, USA). For the glycerol hydrogenolysis reaction with in situ
hydrogen produced from methanol steam reforming, 100 g of feedstock mixture containing 20 wt% of
glycerol, 32.2 wt% of water and 47.8 wt% of methanol (water/methanol molar ratio = 1.2) were placed
into the reactor. Unless specified, 3 g of catalyst (3 wt% with respect to the weight of total reactant
mixture) was pre-reduced by a hydrogen stream (ultra-high purity) at 300 ◦C for 3 h in a quartz tubular
reactor enclosed by a furnace. Then the reduced catalysts were transferred into the reaction mixture
rapidly. The reactor was firstly flushed with nitrogen three times and pressurized to a desired pressure
at ambient temperature before being heated to the desired temperature. Liquid samples were taken
during the reaction time via a sampling valve. For the acetol hydrogenation reaction, 100 g of aqueous
acetol solution containing 20 wt% of acetol was placed into the reactor, 1 g of catalyst was reduced
and added into the reaction mixture, gaseous hydrogen was used to pressurize the reaction and the
hydrogen pressure was kept constant over the reaction time. An Agilent 6890N gas chromatograph
integrated with a DB-WAX megabore capillary column (Wilminton, DE, USA, 30 m × 0.53 mm I.D. ×
10 μm film thickness) and a flame ionization detector (FID) was used to analyze all the liquid samples.
Approximately 120 mg of product sample was added into 1 mL of 1,4-butanediol n-butanol solution
mixture with 1,4-butanediol concentration of 5 g/L.

4. Conclusions

In this study, the promoting effect of Ni on a Cu/ZnO/Al2O3-OA catalyst was investigated in a
glycerol hydrogenolysis process to produce 1,2-PD using in situ hydrogen produced via methanol
steam reforming. The utilization of methanol in the crude glycerol from a biodiesel production process
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as the hydrogen source will avoid the additional cost for transportation and storage of molecular
hydrogen, and the safety risks related to the usage of high pressure hydrogen. The catalyst prepared
via oxalate gel-coprecipitation method has a smaller particle size and higher acidity resulting in a
higher glycerol conversion and 1,2-PD selectivity. The addition of Ni onto a Cu/ZnO/Al2O3-OA catalyst
resulted in a lower glycerol conversion due to the loss of Cu surface area and strong acidic sites.
However, the 1,2-PD selectivity was improved as Ni was added due to several reasons: first of all
the addition of Ni can improve the catalytic activity on the methanol steam reforming reaction to
produce more hydrogen for acetol hydrogenation reducing the undesired by-products formation by
some acetol condensation reactions; secondly, the loss of Cu surface area and strong acidic sites caused
by Ni addition can suppress the glycerol dehydration reaction resulting in a slower rate of acetol yield;
the other reason is that Ni improves the catalytic activity for acetol hydrogenation to 1,2-PD.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/9/5/412/s1,
A1: Calculation of methanol content in crude glycerol, A2: Calculation of P value, A3: Verification for absence of
mass transfer limitations, Table S1: Space Time Yields for glycerol hydrogenolysis with in situ H2 from methanol
steam reforming over Cu/ZnO/Al2O3-Na catalyst, Tables S2–S4: Space Time Yields for glycerol hydrogenolysis
with in situ H2 from methanol steam reforming over Cu/ZnO/Al2O3-OA catalysts, Tables S5–S7: Space Time
Yields for glycerol hydrogenolysis with in situ H2 from methanol steam reforming over Ni/Cu/ZnO/Al2O3-OA
catalysts, Table S8: Space Time Yields for acetol hydrogenation over Cu/ZnO/Al2O3-OA catalyst, Table S9: Space
Time Yields for acetol hydrogenation over Ni/Cu/ZnO/Al2O3-OA catalyst.

Author Contributions: Conceptualization, Y.L. and F.T.T.N.; methodology, Y.L.; validation, G.L.R. and F.T.T.N.;
formal analysis, Y.L. and X.G.; writing—original draft preparation, Y.L.; writing—review and editing, G.L.R. and
F.T.T.N.; supervision, G.L.R. and F.T.T.N.; project administration, G.L.R. and F.T.T.N.; funding acquisition, G.L.R.
and F.T.T.N.

Acknowledgments: The financial support from Natural Science and Engineer Research Council of Canada
(NSERC) Discovery Grant Program is gratefully acknowledged. X. Guo acknowledges the financial support from
Shanghai Municipal Education Commission (International Visiting Scholar Program, No. 2014-56) for his research
stay at University of Waterloo. We also acknowledge Shandong Dingyu Bio-energy Co. Ltd. for providing the
industrial data.

Conflicts of Interest: The authors declare no conflict of interest.

References

1. Ma, F.; Hanna, M.A. Biodiesel production: A review. Bioresour. Technol. 1999, 70, 1–15. [CrossRef]
2. Pagliaro, M.; Rossi, M. The Future of Glycerol, 2nd ed.; The Royal Society of Chemistry: Cambridge, UK, 2010;

pp. 1–170.
3. Corma, A.; Iborra, S.; Velty, A. Chemical routes for the transformation of biomass into chemicals. Chem. Rev.

2007, 107, 2411–2502. [CrossRef]
4. Chaminand, J.; Djakovitch, L.; Gallezot, P.; Marion, P.; Pinel, C.; Rosier, C. Glycerol hydrogenolysis on

heterogeneous catalysts. Green Chem. 2004, 6, 359–361. [CrossRef]
5. Dasari, M.A.; Kiatsimkul, P.; Sutterlin, W.R.; Suppes, G.J. Low-pressure hydrogenolysis of glycerol to

propylene glycol. Appl. Catal. A 2005, 281, 225–231. [CrossRef]
6. Wang, S.; Liu, H. Selective hydrogenolysis of glycerol to propylene glycol on Cu-ZnO catalysts. Catal. Lett.

2007, 117, 62–67. [CrossRef]
7. Xia, S.; Yuan, Z.; Wang, L.; Chen, P.; Hou, Z. Hydrogenolysis of glycerol on bimetallic Pd-Cu/solid-base

catalysts prepared via layered double hydroxides precursors. Appl. Catal. A 2011, 403, 173–182. [CrossRef]
8. Xia, S.; Nie, R.; Lu, X.; Wang, L.; Chen, P.; Hou, Z. Hydrogenolysis of glycerol over

Cu0.4/Zn5.6−xMgxAl2O8.6 catalysts: The role of basicity and hydrogen spillover. J. Catal. 2012, 296,
1–11. [CrossRef]

9. Liu, Y.; Pasupulety, N.; Gunda, K.; Rempel, G.L.; Ng, F.T.T. Glycerol hydrogenolysis to 1,2-propanediol by
Cu/ZnO/Al2O3 catalysts. Top. Catal. 2014, 57, 1454–1462. [CrossRef]

10. Ma, L.; He, D.; Li, Z. Promoting effect of rhenium on catalytic performance of Ru catalysts in hydrogenolysis
of glycerol to propanediol. Catal. Commun. 2008, 9, 2489–2495. [CrossRef]

11. Jiang, T.; Zhou, Y.; Liang, S.; Liu, H.; Han, B. Hydrogenolysis of glycerol catalyzed by Ru-Cu bimetallic
catalysts supported on clay with the aid of ionic liquids. Green Chem. 2009, 11, 1000–1006. [CrossRef]

77



Catalysts 2019, 9, 412

12. Graetz, J. New approaches to hydrogen storage. Chem. Soc. Rev. 2009, 38, 73–82. [CrossRef]
13. D’Hondt, E.; Van de Vyver, S.; Sels, B.F.; Jacobs, P.A. Catalytic glycerol conversion into 1,2-propanediol in

absence of added hydrogen. Chem. Commun. 2008, 6011–6012. [CrossRef]
14. Vaidya, P.D.; Rodrigues, A.E. Glycerol reforming for hydrogen production: A review. Chem. Eng. Technol.

2009, 32, 1463–1469. [CrossRef]
15. Wen, G.; Xu, Y.; Ma, H.; Xu, Z.; Tian, Z. Production of hydrogen by aqueous-phase reforming of glycerol.

Int. J. Hydrogen Energy 2008, 33, 6657–6666. [CrossRef]
16. Barbelli, M.L.; Santori, G.F.; Nichio, N.N. Aqueous phase hydrogenolysis of glycerol to bio-propylene glycol

over Pt–Sn catalysts. Bioresour. Technol. 2012, 111, 500–503. [CrossRef]
17. Roy, D.; Subramaniam, B.; Chaudhari, R.V. Aqueous phase hydrogenolysis of glycerol to 1,2-propanediol

without external hydrogen addition. Catal. Today 2010, 156, 31–37. [CrossRef]
18. Pendem, C.; Gupta, P.; Chaudhary, N.; Singh, S.; Kumar, J.; Sasaki, T.; Datta, A.; Bal, R. Aqueous phase

reforming of glycerol to 1,2-propanediol over Pt-nanoparticles supported on hydrotalcite in the absence of
hydrogen. Green Chem. 2012, 14, 3107–3113. [CrossRef]

19. Musolino, M.G.; Scarpino, L.A.; Mauriello, F.; Pietropaolo, R. Selective transfer hydrogenolysis of glycerol
promoted by palladium catalysts in absence of hydrogen. Green Chem. 2009, 11, 1511–1513. [CrossRef]

20. Musolino, M.G.; Scarpino, L.A.; Mauriello, F.; Pietropaolo, R. Glycerol hydrogenolysis promoted by supported
palladium catalysts. ChemSusChem 2011, 4, 1143–1150. [CrossRef] [PubMed]

21. Gandarias, I.; Arias, P.L.; Requies, J.; El Doukkali, M.; Güemez, M.B. Liquid-phase glycerol hydrogenolysis to
1,2-propanediol under nitrogen pressure using 2-propanol as hydrogen source. J. Catal. 2011, 282, 237–247.
[CrossRef]

22. Gandarias, I.; Arias, P.L.; Fernández, S.G.; Requies, J.; El Doukkali, M.; Güemez, M.B. Hydrogenolysis through
catalytic transfer hydrogenation: Glycerol conversion to 1,2-propanediol. Catal. Today 2012, 195, 22–31.
[CrossRef]

23. Gandarias, I.; Requies, J.; Arias, P.L.; Armbruster, U.; Martin, A. Liquid-phase glycerol hydrogenolysis by
formic acid over Ni–Cu/Al2O3 catalysts. J. Catal. 2012, 290, 79–89. [CrossRef]

24. Gandarias, I.; Fernández, S.G.; El Doukkali, M.; Requies, J.; Arias, P.L. Physicochemical study of glycerol
hydrogenolysis over a Ni-Cu/Al2O3 catalyst using formic acid as the hydrogen source. Top. Catal. 2013, 56,
995–1007. [CrossRef]

25. Liu, Y. Catalytic Glycerol Hydrogenolysis to Produce 1,2-Propanediol with Molecular Hydrogen and in situ
Hydrogen Produced from Steam Reforming. Ph.D. Thesis, University of Waterloo, Waterloo, ON, Canada, 2014.

26. Liu, Y.; Ng, F.T.T.; Rempel, G.L. Glycerol hydrogenolysis to 1,2-propanediol with in situ hydrogen produced
from methanol steam reforming. In Advances in Chemistry of Energy & Fuels, 250th ed.; American Chemical
Society National Meeting & Exposition, Boston, MA, USA, 19 August 2015; American Chemical Society:
Washington, DC, USA, 2015; ENFL356.

27. Gaurav, A.; Leite, M.L.; Ng, F.T.T.; Rempel, G.L. Transesterification of triglyceride to fatty acid alkyl esters
(biodiesel): Comparison of utility requirements and capital costs between reaction separation and catalytic
distillation configurations. Energy Fuels 2013, 27, 6847–6857. [CrossRef]

28. De Sousa Maia, A.C.; e Silva, I.S.; Stragevitch, L. Liquid-liquid equilibrium of methyl esters of fatty
acid/methanol/glycerol and fatty acid ethyl esters/ethanol/glycerol: A case study for biodiesel application.
Int. J. Chem. Eng. Appl. 2013, 4, 285–289. [CrossRef]

29. Vasiliadou, E.S.; Yfanti, V.-L.; Lemonidou, A.A. One-pot tandem processing of glycerol stream to
1,2-propanediol with methanol reforming as hydrogen donor reaction. Appl. Catal. B 2015, 163, 258–266.
[CrossRef]

30. Yfanti, V.-L.; Vasiliadou, E.S.; Lemonidou, A.A. Glycerol hydro-deoxygenation aided by in situ H2 generation
via methanol aqueous phase reforming over a Cu-ZnO-Al2O3 catalyst. Catal. Sci. Technol. 2016, 6, 5415–5426.
[CrossRef]

31. Yfanti, V.-L.; Lemonidou, A.A. Mechanistic study of liquid phase glycerol hydrodeoxygenation with in-situ
generated hydrogen. J. Catal. 2018, 368, 98–111. [CrossRef]

32. Yfanti, V.-L.; Ipsakis, D.; Lemonidou, A.A. Kinetic study of liquid phase glycerol hydrodeoxygenation under
inert conditions over a Cu-based catalyst. React. Chem. Eng. 2018, 3, 559–571. [CrossRef]

33. Yfanti, V.-L.; Ipsakis, D.; Lemonidou, A.A. Kinetic model of glycerol hydrodeoxygenation under inert
conditions over copper catalyst. Mater. Today Proc. 2018, 5, 27482–27490. [CrossRef]

78



Catalysts 2019, 9, 412

34. Chiu, C.; Tekeei, A.; Ronco, J.M.; Banks, M.; Suppes, G.J. Reducing byproduct formation during conversion
of glycerol to propylene glycol. Ind. Eng. Chem. Res. 2008, 47, 6878–6884. [CrossRef]

35. Van Ryneveld, E.; Mahomed, A.S.; van Heerden, P.S.; Friedrich, H.B. Direct hydrogenolysis of highly
concentrated glycerol solutions over supported Ru, Pd and Pt catalyst systems. Catal. Lett. 2011, 141, 958–967.
[CrossRef]

36. Bienholz, A.; Schwab, F.; Claus, P. Hydrogenolysis of glycerol over a highly active CuO/ZnO catalyst prepared
by an oxalate gel method: Influence of solvent and reaction temperature on catalyst deactivation. Green Chem.
2010, 12, 290–295. [CrossRef]

37. Shen, J.; Song, C. Influence of preparation method on performance of Cu/Zn-based catalysts for
low-temperature steam reforming and oxidative steam reforming of methanol for H2 production for
fuel cells. Catal. Today 2002, 77, 89–98. [CrossRef]

38. Zhang, X.; Wang, L.; Yao, C.; Cao, Y.; Dai, W.; He, H.; Fan, K. A highly efficient Cu/ZnO/Al2O3 catalyst via
gel-coprecipitation of oxalate precursors for low-temperature steam reforming of methanol. Catal. Lett. 2005,
102, 183–190. [CrossRef]

39. Iwasa, N.; Masuda, S.; Takezawa, N. Steam reforming of methanol over Ni, Co, Pd and Pt supported on ZnO.
React. Kinet. Catal. Lett. 1995, 55, 349–353. [CrossRef]

40. Qi, C.; Amphlett, J.C.; Peppley, B.A. Methanol steam reforming over NiAl and Ni (M) Al layered double
hydroxides (M = Au, Rh, Ir) derived catalysts. Catal. Lett. 2005, 104, 57–62. [CrossRef]

41. Jiang, T.; Huai, Q.; Geng, T.; Ying, W.; Xiao, T.; Cao, F. Catalytic performance of Pd–Ni bimetallic catalyst for
glycerol hydrogenolysis. Biomass Bioenergy 2015, 78, 71–79. [CrossRef]

42. Banu, M.; Sivasanker, S.; Sankaranarayanan, T.M.; Venuvanalingam, P. Hydrogenolysis of sorbitol over Ni
and Pt loaded on NaY. Catal. Commun. 2011, 12, 673–677. [CrossRef]

43. Pompeo, F.; Santori, G.F.; Nichio, N.N. Hydrogen production by glycerol steam reforming with Pt/SiO2 and
Ni/SiO2 catalysts. Catal. Today 2011, 172, 183–188. [CrossRef]

44. Damyanova, S.; Spojakina, A.; Jiratova, K. Effect of mixed titania-alumina supports on the phase composition
of NiMo/TiO2-Al2O3 catalysts. Appl. Catal. A 1995, 125, 257–269. [CrossRef]

45. Niemantsverdriet, J.W. Spectroscopy in Catalysis: An Introduction, Third, Completely Revised and Enlarged, 3rd ed.;
Wiley-VCH Verlag GmbH & Co. KGaA: Weinheim, Germany, 2007; pp. 13–21.

46. Sun, Q.; Zhang, Y.; Chen, H.; Deng, J.; Wu, D.; Chen, S. A novel process for the preparation of Cu/ZnO and
Cu/ZnO/Al2O3 ultrafine catalyst: Structure, surface properties, and activity for methanol synthesis from
CO2+H2. J. Catal. 1997, 167, 92–105. [CrossRef]

47. Wang, L.; Liu, Q.; Chen, M.; Liu, Y.; Cao, Y.; Fan, K.N. Structural evolution and catalytic properties of
nanostructured Cu/ZrO2 catalysts prepared by oxalate gel-coprecipitation technique. J. Phys. Chem. C 2007,
111, 16549–16557. [CrossRef]

48. Hadjiivanov, K.; Venkov, T.; Knözinger, H. FTIR spectroscopic study of CO adsorption on Cu/SiO2: Formation
of new types of copper carbonyls. Catal. Lett. 2001, 75, 55–59. [CrossRef]

49. Li, D.; Sakai, S.; Nakagawa, Y.; Tomishige, K. FTIR study of CO adsorption on Rh/MgO modified with Co,
Ni, Fe, or CeO2 for the catalytic partial oxidation of methane. Phys. Chem. Chem. Phys. 2012, 14, 9204–9213.
[CrossRef]

50. Poncelet, G.; Centeno, M.A.; Molina, R. Characterization of reduced α-alumina-supported nickel catalysts by
spectroscopic and chemisorption measurements. Appl. Catal. A 2005, 288, 232–242. [CrossRef]

51. Garland, C.W.; Lord, R.C.; Troiano, P.F. Infrared spectrum of carbon monoxide chemisorbed on evaporated
nickel films. J. Phys. Chem. 1965, 69, 1195–1203. [CrossRef]

52. Xi, J.; Wang, Z.; Lu, G. Improvement of Cu/Zn-based catalysts by nickel additive in methanol decomposition.
Appl. Catal. A 2002, 225, 77–86. [CrossRef]

53. Cheng, W. Reaction and XRD studies on Cu based methanol decomposition catalysts: Role of constituents
and development of high-activity multicomponent catalysts. Appl. Catal. A 1995, 130, 13–30. [CrossRef]

54. Wu, H.; Chung, S. Kinetics of hydrogen production of methanol reformation using Cu/ZnO/Al2O3 catalyst.
J. Comb. Chem. 2007, 9, 990–997. [CrossRef]

55. Meher, L.C.; Gopinath, R.; Naik, S.N.; Dalai, A.K. Catalytic hydrogenolysis of glycerol to propylene glycol
over mixed oxides derived from a hydrotalcite-type precursor. Ind. Eng. Chem. Res. 2009, 48, 1840–1846.
[CrossRef]

79



Catalysts 2019, 9, 412

56. Wang, S.; Zhang, Y.; Liu, H. Selective hydrogenolysis of glycerol to propylene glycol on Cu–ZnO composite
catalysts: Structural requirements and reaction mechanism. Chem. Asian J. 2010, 5, 1100–1111. [CrossRef]

57. Jiménez-Morales, I.; Vila, F.; Mariscal, R.; Jiménez-López, A. Hydrogenolysis of glycerol to obtain
1,2-propanediol on Ce-promoted Ni/SBA-15 catalysts. Appl. Catal. B 2012, 117–118, 253–259. [CrossRef]

58. Yu, W.; Zhao, J.; Ma, H.; Miao, H.; Song, Q.; Xu, J. Aqueous hydrogenolysis of glycerol over Ni–Ce/AC
catalyst: Promoting effect of Ce on catalytic performance. Appl. Catal. A 2010, 383, 73–78. [CrossRef]

59. Vasiliadou, E.S.; Lemonidou, A.A. Investigating the performance and deactivation behaviour of
silica-supported copper catalysts in glycerol hydrogenolysis. Appl. Catal. A 2011, 396, 177–185. [CrossRef]

60. Vasiliadou, E.S.; Eggenhuisen, T.M.; Munnik, P.; de Jongh, P.E.; de Jong, K.P.; Lemonidou, A.A. Synthesis and
performance of highly dispersed Cu/SiO2 catalysts for the hydrogenolysis of glycerol. Appl. Catal. B 2014,
145, 108–119. [CrossRef]

61. Sato, S.; Akiyama, M.; Takahashi, R.; Hara, T.; Inui, K.; Yokota, M. Vapor-phase reaction of polyols over
copper catalysts. Appl. Catal. A 2008, 347, 186–191. [CrossRef]

© 2019 by the authors. Licensee MDPI, Basel, Switzerland. This article is an open access
article distributed under the terms and conditions of the Creative Commons Attribution
(CC BY) license (http://creativecommons.org/licenses/by/4.0/).

80



catalysts

Article

Influence of Chemical Surface Characteristics of
Ammonium-Modified Chilean Zeolite on Oak
Catalytic Pyrolysis

Serguei Alejandro-Martín 1,2,*, Adán Montecinos Acaricia 2, Cristian Cerda-Barrera 3 and

Hatier Díaz Pérez 3

1 Departamento de Ingeniería en Maderas, Facultad de Ingeniería, Universidad del Bío-Bío (UBB),
Concepción 4030000, Chile

2 Nanomaterials and Catalysts for Sustainable Processes (NanoCatpPS), Universidad del Bío-Bío (UBB),
Concepción 4030000, Chile; amontecinos@ubiobio.cl

3 Departamento de Procesos Industriales, Facultad de Ingeniería, Universidad Católica de Temuco,
Temuco 4780000, Chile; ccerda@uct.cl (C.C.-B.); hatierdiazp@gmail.com (H.D.P.)

* Correspondence: salejandro@ubiobio.cl; Tel.: +56-41-311-1168

Received: 10 March 2019; Accepted: 27 April 2019; Published: 21 May 2019

Abstract: The influence of chemical surface characteristics of Chilean natural and modified zeolites
on Chilean Oak catalytic pyrolysis was investigated in this study. Chilean zeolite samples were
characterised by nitrogen absorption at 77 K, X-ray powder diffraction (XRD), and X-ray fluorescence
(XRF). The nature and strength of zeolite acid sites were studied by diffuse reflectance infrared Fourier
transform (DRIFT), using pyridine as a probe molecule. Experimental pyrolysis was conducted in a
quartz cylindrical reactor and bio-oils were obtained by condensation of vapours in a closed container.
Chemical species in bio-oil samples were identified by a gas chromatography/mass spectrophotometry
(GC/MS) analytical procedure. Results indicate that after the ionic exchange treatment, an increase
of the Brønsted acid site density and strength was observed in ammonium-modified zeolites.
Brønsted acids sites were associated with an increment of the composition of ketones, aldehydes,
and hydrocarbons and to a decrease in the composition of the following families (esters; ethers;
and acids) in obtained bio-oil samples. The Brønsted acid sites on ammonium-modified zeolite
samples are responsible for the upgraded bio-oil and value-added chemicals, obtained in this research.
Bio-oil chemical composition was modified when the pyrolysis-derived compounds were upgraded
over a 2NHZ zeolite sample, leading to a lower quantity of oxygenated compounds and a higher
composition of value-added chemicals.

Keywords: chilean natural zeolite; Brønsted acid sites; bio-oil upgrade; catalytic pyrolysis

1. Introduction

Nowadays, energy is a crucial issue in the global economy; energy drives industrialisation and
agricultural activities. As the pillar of growth and development, energy is mainly obtained from fossil
fuel, the primary energy source used worldwide. However, there are some issues which are actively
debated nowadays: world sustainability; global warming; democratisation of the energy sources;
access to cheap and reliable energy; and the physical or economic scarcity of petroleum as the prime
energy source [1]. Traditionally, the incremental energy demand has been satisfied using fossil fuels,
but in the coming years that energy will be substituted by low carbon and ultimately zero-carbon [2].
Usage of fossil fuel energy release more than 30 billion tons of CO2 each year, exceeding the level that
can be recycled by nature, contributing to global warming [3]. Thus, several countries are launching
strategies to develop new alternative energies (Aeolic, solar, hydroelectric, biomass) to decrease current
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polluting matrices, through scientific and technological development and human resources training
programs [4].

Among the alternative energies, biomass contributes to about 12% of the world primary energy
supply, and it is recognised as the leading renewable substitute of fossil oil [5]. Biomass could
be used as a sustainable source of bioenergy; bio-based products and add-value biochemicals,
through thermochemical, biological, chemical conversion, and physical processes [6]. Currently, the
thermochemical conversion of biomass is one of the most promising processes to obtain sustainable
fuels to solve environmental problems caused by the over-consumption of fossil fuels [7]. Derived
products (biochar, bio-oil, and fuel gas) from biomass pyrolysis offers an alternative way to obtain
renewable fuel resources [5]. Nevertheless, upgrading processes are necessary as a consequence of
bio-oil low heating value, high viscosity, water content, instability, and corrosiveness [8]. Among
those processes, zeolite cracking becomes a remarkable way to reduce the oxygen content of bio-oil
samples, through decarbonylation, decarboxylation, dehydration, oligomerization, isomerization, and
dehydrogenation reactions [9]. Catalytic cracking of biomass pyrolysis vapours and bio-oil promotes
oxygen remotion as CO, CO2, and H2O, increasing the possibilities of bio-oil usage as a fuel source [10].
Synthetic zeolites (A, Y, H-Y, ZSM-5, and H-ZSM-5) are preferred catalyst in upgrading processes these
days. They are claimed as responsible for the increase of desirable chemical compounds (phenols,
furans, aromatics, and hydrocarbons) after bio-oil upgrading processes [11,12]. However, synthetic
zeolites high cost (e.g., ZSM-5 -> $120/Kg, Y -> $180/Kg, MCM-41 -> $1190/Kg, β-zeolite -> $1065/Kg)
constitutes a non-minor disadvantage [13].

In contrast, natural zeolites are cheap and plentiful, showing prices in the range of $20 to $100 per
metric ton (in the US). Worldwide, natural clinoptilolite showed an average value of $242 per metric
ton and even 40% lower for natural zeolites from China [1]. In addition, United States resources of
natural zeolites have been estimated by 120 million tons of clinoptilolite, chabazite, erionite, mordenite,
and phillipsite in near-surface deposits [14]. Although some zeolites are found in nature, they have
limited application in catalytic pyrolysis due to their lower performance compared to synthetic
ones. Nevertheless, the activity of natural zeolites can be significantly improved through appropriate
modifications [15]. Thus, researchers have conducted some investigations incorporating natural
zeolites as the catalyst in biomass catalytic pyrolysis studies [16–18]. An increase of bio-oil yield was
linked to the usage of natural zeolite (clinoptilolite) as a catalyst in Euphorbia rigida pyrolysis [19].
Ammonium chloride modified zeolite (clinoptilolite) was used previously in peanut shells pyrolysis.
Ionic exchange procedure enhances Brønsted acid sites (bridging hydroxyls connected to framework
aluminium atoms) on the zeolites’ internal structure, leading to deoxygenation of the obtained bio-oil
samples [9]. Metal oxides nanoparticles (NiO, ZnO, Cu2O, CaO, and MgO) were incorporated into
natural clinoptilolite elsewhere, to study catalytic activity of zeolites samples in the pyrolysis of
hardwood lignin. Incorporated nanoparticles on a zeolite framework act as Brønsted and Lewis acid
sites, leading to an increase of phenol yield in bio-oil samples [20,21].

The studies above have been conducted to enhance natural zeolites catalytic activity looking
to increase bio-oil yield, identify bio-oil derivatives that contribute to bio-oil stability or to obtain
bio-based raw materials for chemical industries [22,23]. Nevertheless, the catalytic activity of Chilean
natural and modified zeolite on Chilean Oak pyrolysis and their influence on the chemical composition
has not been sufficiently investigated yet. Consequently, this research is focused on the analysis of the
influence of chemical surface characteristics of Chilean natural zeolite on the composition of bio-oil
obtained from the pyrolysis of Chilean Native Oak.

2. Results and Discussion

2.1. Biomass and Natural Zeolite Characterization

Lignocellulosic biomass is a complex composite material where the main constituents are cellulose,
hemicellulose, lignin, water, extractives, and inorganic (ash) compounds. Linkage of components
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above provides structural strength and flexibility to lignocellulosic species [24]. As the percentage of
main components varies from one species to other, Chilean oak was characterised according to detailed
procedures (see Materials and Methods). The results of proximate (dry basis), ultimate, and elemental
analyses are summarised in Table 1.

Table 1. Chilean Oak proximate (dry basis), ultimate, and elemental analyses.

VM
[wt%]

FC
[wt%]

Ash
[wt%]

GCV a

[MJ·kg−1]
GCV b

[MJ·kg−1]

Cellulose
[%]

Hemicellulose
[%] c

Lignin
[%]

Extractives
[%]

C H O N

85.74 12.62 1.64 20.72 24.93 35.38 35.55 27.10 1.97 47.30 6.36 46.34 -

Volatile Matter (VM), Fixed Carbon (FC) Gross calorific value (GCV). a Dried at 378 K, 12 h. b Bio-char from pyrolysis
at 623 K, 30 min. c by difference.

Taking into consideration that the main structural chemical components (carbohydrate polymers
and oligomers) constitute about 65 to 75%, lignin 18 to 35%, and organic extractives and inorganic
minerals usually 4 to 10%, the summarised results of Table 1 are in accordance with reported articles
elsewhere [25].

Thermogravimetric analysis of biomass was conducted, in a nitrogen atmosphere, to
study the thermal behavior of Chilean Oak. TG/DTG/DTA (thermogravimetric/derivative
thermogravimetric/differential thermogravimetric analysis) profiles show an active pyrolysis
(hemicellulose and cellulose degradation) zone around 476 to 668 K, and passive pyrolysis (lignin
degradation) zone at T > 668 K. Maximum degradation of hemicellulose occurs at 576 K and cellulose
maximum degradation rate (0.01 mg·s−1) was achieved at 628 K, removing 59% of the initial mass at
this temperature. Thermogravimetric profiles of Chilean Oak were reported in a previous article [18].
Considering the above, pyrolysis experiments were conducted at 723 K to assure the complete thermal
transformation of the biomass.

Natural zeolite was characterized by nitrogen absorption at 77 K, X-ray powder diffraction (XRD)
and X-ray fluorescence (XRF), as mentioned in the Materials and Methods section. Table 2 summarises
physical–chemical characterization results of natural and modified zeolite samples.

Table 2. Physico-chemical characterization of natural and modified Chilean zeolite samples.

Sample
S a

[m2·g−1]

SiO2
b

[% w/w]
Al2O3

b

[% w/w]
Na2O b

[% w/w]
CaO b

[% w/w]
K2O b

[% w/w]
MgO b

[% w/w]
TiO2

b

[% w/w]
Fe2O3

b

[% w/w]
MnO b

[% w/w]
P2O5

b

[% w/w]
CuO b

[% w/w]
Si/Al

NZ 168.17 71.61 15.18 2.0 3.43 2.03 0.74 0.61 3.99 0.06 0.12 0.03 4.72
NHZ 228.21 74.39 15.42 0.83 2.16 1.99 0.61 0.57 3.57 0.04 0.08 - 4.82
2NHZ 219.14 75.27 15.59 0.46 1.67 1.92 0.59 0.60 3.53 0.05 0.08 - 4.83

a Surface area in [m2·g−1]; b by XRF (X-ray fluorescence) [% w/w].

Surface areas were obtained by fitting the Langmuir adsorption model to nitrogen adsorption
registered data. Zeolite samples were outgassed at 623 K for 12 h before all adsorption measurements.
Nitrogen adsorption isotherms exposed a combination of type I and IV characteristic isotherms,
according to the International Union of Pure and Applied Chemistry (IUPAC) classification [26].
A rapid filling of micropores was registered at low relative pressure (P/P0) values and an increase of
adsorbed nitrogen at (P/P0≈0.9), possibly due to mesopores. Registered data are in agreement with
other results reported elsewhere [27,28].

As Table 2 shows, an increase of surface area was registered for ammonium-exchanged samples,
and it could be associated with the decrease of compensation cations (Ca, Na, K, and Mg) composition
in the zeolite framework. Lower compensation cations compositions improved nitrogen diffusion
on the zeolite pore structure [29]. XRD patterns of natural and ammonium-modified zeolite samples
indicated a high degree of crystallinity. Characteristic peaks of clinoptilolite, mordenite, and quartz
structures were observed in X-ray patterns, as reported previously [29]. Comparison of registered
patterns corroborates that applied ion-exchange procedure did not bring any significant changes in the
zeolite framework, as XRD patterns are almost identical. Mordenite main channels (perpendicular 12
MR pores, 6.7 × 7.0 Å; parallel 8 MR pores, 2.9 × 5.7 Å; and side pockets, 2.9 Å diameter) are responsible
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for diffusivity and accessibility of target compounds to surface acid sites. Characterization results were
similar to other Chilean natural zeolites reported previously [30].

2.2. Characterization of Acid Sites by Pyridine-DRIFT

Figure 1 shows collected diffuse reflectance infrared Fourier transform (DRIFT) spectra of
pyridine-saturated natural and modified zeolites after a thermal desorption procedure to evaluate
Brønsted and Lewis acid site strength. Pyridine-saturated samples were outgassed (at vacuum) before
infra-red experiments, increasing the temperature to 573 K from room temperature (RT). Each spectrum
was recorded at 293 K after the cooling of zeolite samples. DRIFT technique allowed the identification of
Brønsted (Py-B) and Lewis (Py-L) acid sites in zeolite samples, following the interaction of the pyridine
molecule with Brønsted acid sites (near 1540 cm−1) and Lewis acid sites (near 1450 cm−1) [31–34]. The
registered bands at 1456 cm−1 were associated with adsorbed pyridine at the Lewis acid sites. Likewise,
registered bands at 1539 cm−1 were linked to Brønsted acid sites, whereas the band at 1488 cm−1 could
be attributed to both acid sites [35,36].
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Figure 1. Diffuse reflectance infrared Fourier transform (DRIFT) spectrum of adsorbed pyridine on
natural and modified zeolite.

To quantify acid sites, the ratio of Brønsted (B) and Lewis (L) acid sites (AS) was calculated using
the following Equation (1):

CBAS
CLAS

= (
1.73
1.23

)(
IBAS
ILAs

) (1)

84



Catalysts 2019, 9, 465

where IBAS and ILAS represent the intensity of absorption bands at 1540 and 1456 cm−1, and 1.73 and
1.23 are the extinction coefficients, as reported previously [37,38]. The obtained CBAS/CLAS ratios are
summarised in Table 3.

Table 3. Acid sites ratio of natural and modified zeolite samples.

Temperature [K]
CBAS/CLAS Ratio

NZ NHZ 2NHZ

293 0.97 1.71 2.74
573 1.34 1.36 1.42

The registered data in Table 3 indicates that higher BAS/LAS ratio was observed in
ammonium-modified zeolite samples, corroborating that ionic exchange incorporates new Brønsted
acid sites at the zeolite framework. Moreover, as the heating temperature increases from 298 K to 573 K,
weak acid sites disappear, and only strong acid sites still retain the pyridine probe molecule. Thus,
registered peaks after the 573 K outgassing procedure, reveal a higher density of stronger Brønsted acid
sites on the 2NHZ sample, in comparison to the NZ sample. As demonstrated here, the modification
process can modify the acidity of natural zeolites to increase Brønsted acid sites’ density.

2.3. Influence of Chemical Surface Characteristics of Zeolite Samples in Bio-Oil Composition

A semi-quantitative gas chromatography/mass spectrophotometry (GC/MS) analysis of
fractionated bio-oil samples was conducted (See Materials and Methods) to identify primary chemical
compounds of representative families, to evaluate the influence of chemical surface characteristics of
natural and modified zeolite samples on the chemical composition of obtained bio-oil samples. Results
are represented in Figure 2.
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Figure 2. Primary chemical composition of bio-oil samples. Experiment Conditions: Pyrolysis Temp:
723 K; Cat./Oak ratio: 4; Flow 120 ml·min−1; Ramp rate 10 K·min−1.

Figure 2 shows a decrease in the composition of the following families (esters, ethers, and acids) as
a result of the catalytic activity of modified (NHZ and 2NHZ) zeolite samples. Esters, ethers, and other
oxygenated compounds are unwanted species, as they decrease the bio-oil heating value. Furthermore,
a lower acid composition is highly desirable in bio-oil samples, taking into consideration that lower
pH promotes aging reactions during the storage of samples.
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Compositional fluctuations in stored bio-oil samples are due to potential aging reactions (e.g.,
alcohols reacting with organic acids forming esters and water, aldehydes reacting with each other to
form polyacetal oligomers and polymers, aldehydes or ketones reacting with water to form hydrates,
alcohols reacting with aldehydes forming hemiacetals, aldehydes and alcohols reacting to form acetals,
and phenol/aldehyde reactions), as suggested by other studies [18,39]. Therefore, a lower content of
acids, esters, ethers, and phenols will contribute to higher bio-oil stability during storage. Bio-Oil
stability becomes a crucial matter when considering it as a potential substitute for fossil fuel.

On the other hand, an increase in the composition of aldehydes, ketones, and hydrocarbons was
registered for obtained bio-oil samples, using 2NHZ as catalysts. The higher content of aldehydes,
ketones, and hydrocarbons could be achieved by the direct contribution of Brønsted acid sites from
zeolite samples, as reported elsewhere [40]. Furthermore, the lower composition of framework
compensation cations on the 2NHZ zeolite sample might improve chemical species diffusion into
the zeolite framework. Then, generated species from biomass pyrolysis can reach Brønsted acid sites
without difficulty, resulting in new species after an absorbate-site interaction. The contribution of a
lower composition of compensation cations to a higher diffusion into Chilean natural zeolites pores
was reported elsewhere [41]. However, a higher composition of phenols was observed in obtained
bio-oil, using NHZ sample, which is probably due to the lower Brønsted acid site density of this sample
and a channel blockade as a result of applied chemical treatment. As mentioned before, aldehydes
react with phenols. Thus, a lower content of aldehydes and a higher content of phenols in obtained
bio-oil using NHZ sample is a logical outcome.

 

Scheme 1. Simplified reaction pathways of catalytic biomass pyrolysis. Adapted from [40,42–44].
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Table 4. Main components of bio-oil obtained from catalytic Oak pyrolysis at 723 K.

*Fam Compounds
% Area

Compounds
% Area

NZ NHZ 2NHZ NZ NHZ 2NHZ

Ald Butanedial 0.21 2,5-Dimethoxy-4-methylbenzaldehyde 0.88 0.76
Syringaldehyde 0.26 2-Furancarboxaldehyde, 5-methyl- 0.23
Furfural 0.56 0.40 31.03 4-Hydroxy-2-methylbenzaldehyde 0.42
Furfural, 5-methyl- 0.41 2.17 2,5-Dimethoxy-4-ethylbenzaldehyde 3.62 0.88

Ket Acetosyringone 0.68 2-Cyclopenten-1-one, 3,4-dimethyl- 0.72
1,2-Cyclopentanedione 0.66 2-Cyclopenten-1-one, 3,5,5-trimethyl- 4.81

Guaiacylacetone 0.55 0.46 2H-Pyran-2-one,
3-acetyl-4-hydroxy-6-methyl- 7.52

2-Cyclopentene-1,4-dione 0.55 Ethanone,
1-(4-hydroxy-3-methoxyphenyl)- 0.15 0.16

2(5H)-Furanone, 5-methyl- 0.27 3,4-Dihydro-6-methyl-2H-pyran-2-one 0.51

2-Cyclohexen-1-one, 2-methyl- 0.23 3-Cyclopenten-1-one,
2,2,5,5-tetramethyl- 0.34

1,3-Cyclopentanedione, 2-ethyl- 0.94 3H-Pyrazol-3-one,
2,4-dihydro-2,4-dimethyl- 0.28

2-Cyclopenten-1-one, 2-hydroxy- 1.12 3H-Pyrazol-3-one,
2,4-dihydro-2,5-dimethyl- 1.75

2-Acetyl-5-methylfuran 7.10 3-methyl-1, 2-cyclopentanedione 0.88 1.58

Est 1-Propionylethyl acetate 0.87 Propanoic acid, ethenyl ester 0.27 0.17
Butyric acid, neopentyl ester 0.17 Tricosanoic acid, methyl ester 33.33 0.18

Eth Benzene, ethoxy- 0.74 Benzene, 2-ethoxy-1,3-dimethoxy- 13.72
1,2,4-Trimethoxybenzene 6.43 5.37 1,2,3-Trimethoxy-5-methylbenzene 13.94 11.06
Benzene, 1-ethoxy-4-methyl- 1.14 Ether, 3-butenyl propyl 0.17

HC Hexacosane 0.17 0.22 0.56 Nonacosane 0.13 0.45
4-Decene, 3-methyl-, (E)- 0.19 Octacosane 0.15 0.51
Docosane 0.23 0.39 0.40 Pentacosane 0.29 0.64 0.72
Heneicosane 0.23 0.12 Tetracosane 0.45 0.38 0.92
Hentriacontane 0.33 Triacontane 0.39
Heptacosane 0.25 0.38 0.52 Tricosane 0.33 0.69

Phe Phenol, 2-methoxy- 1.47 4.05 5.29 Phenol, 2-methoxy-3-(2-propenyl)- 0.57
2-Isopropoxyphenol 0.42 Phenol, 2-methoxy-4-methyl- 3.32 1.13
2-Methoxy-4-vinylphenol 0.80 1.04 Phenol, 2-methyl- 0.78
2-Methoxy-5-methylphenol 0.51 Phenol, 3,4-dimethoxy- 0.36 1.09
4-Ethylguaiacol 0.38 6.43 Phenol, 3,4-dimethyl- 0.76 0.08
Desaspidinol 1.17 1.11 p-Methylguaiacol 1.54 5.65
Eugenol 0.54 p-Propylguaiacol 0.85
Homopyrocatechol 0.29 1.25 Pyrocatechol 0.42 2.22
Isoeugenol 7.76 7.23 Pyrocatechol, 3-methoxy- 0.61 2.19
Methoxyeugenol 1.40 0.91 Pyrocatechol, 3-methyl 0.13 1.14
Phenol 0.14 0.38 Syringol 9.24 14.97

*Fam: Families; Ald: Aldehydes; Ket: Ketones; Est: Esters; Eth: Ethers; HC: Hydrocarbons; Phe: Phenols.

Chemical species within the zeolite framework are subjected to interactions with Brønsted acid
sites. As a result of those interactions, Cellulose is decomposed (by a depolymerisation process through
transglycosylation) into aldehydes, anhydrosugars (mainly levoglucosan), ketones, and alcohols.
Hemicellulose is transformed into pyrans and furans, and Lignin is converted into phenols [45]. Thus,
the interaction of adsorbed chemical species with Brønsted acid sites of zeolite samples, lead to the
generation of hydrocarbons, carbon monoxide, carbon dioxide, water, and coke formation through
several ring-opening reactions [45]. Another route goes from anhydrosugars, obtained from the
cellulose upon pyrolysis, to furans by a rearrangement. Then, furans initiate a sequence of reactions
that lead to hydrocarbons as well. A general idea of the abovementioned potential reaction pathways
is illustrated in Scheme 1.

Based on experimental results obtained here, Chilean natural and modified zeolites lead to
intermediates, such as aldehydes, ketones, ethers, phenols, and aliphatics. Thus, Chilean zeolites
could be considered as an alternative catalyst for the obtention of sustainable value-added chemical
compounds. On the other hand, synthetic zeolites usually lead to an increase of aromatics compounds
in the bio-oil composition, due to their crystalline structure [46,47]. Moreover, the mesoporous and
acidic zeolites lead to the production of shorter chain hydrocarbon due to their high cracking ability.
Furthermore, microporous and less acidic zeolites favor the production of long chain hydrocarbons as
the cracking process occurred mainly on the zeolite external surface [48]. Finally, reported hydrocarbons
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(HC) fractions in Table 4, using 2NHZ, confirmed the abovementioned affirmations since C15-C30
hydrocarbons were registered in acquired chromatographic data.

The GC/MS procedure identified a large number of chemical compounds, after interpretation of
registered data, using the automatic library search from National Institute of Standards and Technology
(NIST) 2008. As a consequence of natural and modified zeolite catalytic activity, the composition of
obtained bio-oils varies from one sample to the other, as Table 4 shows. Chemicals summarised here,
are mainly oxygenated species with different functional groups including hydroxyl, phenolic hydroxyl,
carboxyl, carbonyl, methoxy, ethoxy, oxygen-containing heterocyclic and unsaturated double bonds.
Similar compounds were reported elsewhere [49–51].

The highest composition of furfural in obtained bio-oil samples was obtained when 2NHZ zeolite
sample was used. The furfural composition was increased by several times, compared with those
obtained when the parent natural zeolite sample was used. As reported in Table 3, the 2NHZ zeolite
sample posses a higher density of Brønsted, among all samples analyzed in this study. Consequently,
the increase of furfural composition can be associated with the incorporation of Brønsted acid sites
in the 2NHZ sample. Brønsted acid sites were linked to the improvement of the degradation of
polysaccharides to intermediates for furfural. Then, modified natural zeolites can be considered as
a potential catalyst to obtain furfural via catalytic pyrolysis of biomass. As a value-added chemical,
furfural is a relevant by-product of bio-oil, and it is widely used in medicines, resins, food additives,
and fuel additives manufacture [52].

As mentioned before, bio-oil quality can be improved through deoxygenation reactions using
Brønsted acid sites of zeolites, to obtain lower oxygenated compounds in bio-oil. Thus, a qualitative
analysis was conducted to confirm the catalytic activity of zeolite samples. Table 5 shows a qualitative
compositional analysis of obtained bio-oil samples, using natural and modified zeolite samples on the
Oak catalytic slow pyrolysis investigated in this study.

Table 5. Qualitative analysis of bio-oil obtained from catalytic Oak pyrolysis.

Compounds
Percentage [%]

NZ NHZ 2NHZ

Oxygenated 66.0 63.8 46.8
Non-oxygenated 17.0 14.5 14.4

Unknown 17.0 21.7 38.7

As Table 5 shows, a lower percentage of oxygenated compounds was registered in the bio-oil
samples from catalytic assays using the 2NHZ sample. The lower percentage of oxygenated compounds
can be associated with surface reactions promoted by Brønsted active acid sites in the modified zeolite
framework [9,53]. Thus, the surface Brønsted acid sites possess a significant role in the catalytic
pyrolysis, leading the transformation of original species from Oak pyrolysis to valuable by-products
(hydrocarbons, aldehydes, and ketones).

Oxygenated species have several unsaturated bonds, which are responsible for several
reactions in stored bio-oils. Moreover, a lower content of oxygenated compounds is required
to avoid aging issues during bio-oils storage, considering the primary reactions of bio-oil aging
(esterification, transesterification, homopolymerization, hydration, hemiacetal formation, acetalization,
and phenol/aldehyde reactions) [18].

3. Materials and Methods

Biomass samples from a Chilean native oak tree (donated by Miraflores Angol Ltda., Angol,
Chile) were subjected to size reduction (dp < 2 mm), oven-dried at 313 K for 48 h and stored in a
desiccator until further use. Samples were characterized by standard methods to obtain: humidity
(Una Norma Española-European Norm (UNE-EN) 14774), ash content (UNE-EN 14775), calorific value
(UNE-EN 14918), elemental analysis (UNE-EN 15104) and proximate analysis (American Society of
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Testing Materials (ASTM) D 3172-73(84)) [54,55]. Thermogravimetric analysis was conducted in a
thermobalance (Shimadzu DTG-60H, CROMTEK, Santiago, Chile).

Chilean natural zeolite (14% clinoptilolite, 74% mordenite, 12% quartz) was obtained from Minera
FORMAS, Santiago, Chile. Zeolite samples were ground and sieved to 0.3 to 0.425 mm, then rinsed
with ultrapure water (from an EASY pure RF II system), oven-dried at 398 K for 24 h, and stored
in dry conditions. First, ammonium-modified zeolites were obtained from natural zeolite by an
ion-exchange procedure with ammonium sulfate (0.1 mol·dm−3), using a solution/solid ratio of 10:1
in a temperature-controlled water bath at 363 K for 3 h. Finally, modified samples were rinsed with
ultra-pure water for 4 h, replacing the water at 2 and 3 h. The sample obtained here was named as
NHZ. A second ammonium-modified zeolite sample (2NHZ) was obtained from NHZ, applying the
same aforementioned ion-exchange procedure. More details can be found in a previous article [18].
Lastly, zeolite samples were oven-dried at 378 K for 24 h and stored in a desiccator until further use.

To characterize zeolite samples, the following quantitative methods were conducted: nitrogen
absorption at 77 K, XRD, and XRF. The surface area was calculated from adsorption isotherms data,
obtained with a Micromeritics Gemini 3175 (UDEC, Concepción, Chile).

To evaluate mineralogical content and structural framework of zeolite samples, XRD analysis was
performed using a Bruker AXS Model D4 ENDEAVOR diffractometer (UDEC, Concepción, Chile),
equipped with a copper X-ray tube and a Ni filter. Powdered natural and modified zeolite samples
were mounted on quartz plates and stepped scanned over the angular range of 3 to 70◦ (2θ), a step
size of 0.02 and a time/step of 0.2 s. X-ray generator was fixed at 40 kV and 20 mA. In the same
way, X-ray fluorescence allowed the determination of the bulk chemical composition of natural and
modified zeolite samples, using a RIGAKU Model 3072 spectrometer (UDEC, Concepción, Chile.
Characterization procedures were reported elsewhere [29,56,57].

A procedure was developed to confirm the nature and strength of zeolite acid sites using pyridine
as a probe molecule. In contrast to NH3-TPD, pyridine adsorption discriminates between Lewis and
Brønsted sites. The pyridine adsorption was followed by DRIFT using a Nicolet (Alta Tecnología,
Chile) Avatar 370 MCT with a smart collector accessory, a mid/near-infrared source, and a mercury
cadmium telluride (MCT-A) photon detector at 77 K (liquid N2), according to the procedure reported
before [18].

A quartz cylindrical reactor was used in the experimental pyrolysis system, as shown in Figure 3.
Biomass samples (9 g) were heated (ramp rate 10 K·min−1) from room temperature to 623 K and kept
isothermal for 30 min under a nitrogen flow rate of 60 cm3·min−1. Zeolite samples were out-gassed
at 623 K for 2 h before pyrolysis experiments. Bio-oils were obtained after condensation of pyrolysis
vapors in a closed flask at 253 K. Pyrolysis product fractions (bio-oil and biochar) were quantified
gravimetrically, and the gaseous fraction was calculated by difference.

As known, a large number of chemical species were commonly identified in bio-oil samples. Thus,
a fractionation method was conducted here to separate some of the wood-extractive derived compounds
in seven fractions, considering reported articles before [25,58,59]. Bio-oil samples were diluted (ratio
1:1) with ultrapure water and centrifuged at 3300 rpm for 5 min in an LW SCIENTIFIC (Santiago,
Chile) ULTRA 8V apparatus. After remotion of the water-soluble supernatant, the water-insoluble
phase of the bio-oil samples was placed in an solid-phase extraction (SPE) cartridge (UCT-CUSIL
500 mg/10 cm3). Then, the SPE column was eluted (using a manifold vacuum system) with 10 cm3 of
each solvent (Lichrosolv grade) according to the following sequence: hexane, cyclohexane, diethyl ether,
dichloromethane, ethyl acetate, acetone, and acetonitrile. Eluted samples from SPE cartridge were
investigated by GC/MS to identify chemical species, using a Shimadzu (Cromtek, Chile) QP2010-plus
apparatus. GC/MS was configured following the procedure reported elsewhere [18]. Chromatographic
data were processed using GCMSsolution (v2.53) (Shimadtzu, Santiago, Chile) and mass spectra
laboratory databases (NIST08 and NIST08s).
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4. Conclusions

The catalytic pyrolysis of Chilean Oak over natural and modified zeolites was investigated in
this study. As demonstrated here, the acidity of modified zeolites changed the reaction chemistry
and products distribution. The Brønsted acid sites on ammonium-modified zeolite samples are
responsible for the upgraded bio-oil and value-added chemicals, obtained in this research. Bio-oil
chemical composition was modified when the pyrolysis-derived compounds were upgraded over
2NHZ zeolite sample, leading to a lower quantity of oxygenated compounds and a higher composition
of value-added chemicals (e.g., furfural), among other compounds. Consequently, modified Chilean
natural zeolites can be considered as a potential catalyst to obtain value-added chemicals via catalytic
pyrolysis of biomass.
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Abstract: Ammonium iron citrate was used as an iron precursor in order to prepare N-doped catalysts
supported on KMnO4 pretreated activated carbon (10MnK-AC). Iron nitride was synthesized in
company with the formation of α-Fe2O3 on 10MnK-AC. The characterizations of the catalysts show
that nitrogen atoms were doped into iron lattice rather than the networks of the carbon support.
The performance of Fischer-Tropsch synthesis to light olefins (FTO) suggest an improvement in O/P
ratio (olefins to paraffins molar ratio of C2–C4) over the iron catalysts supported on 10MnK-AC.
The further promotion of light olefins selectivity (up to 44.7%) was obtained over FeN-10MnK-AC
catalyst owing to the collaborative contribution of the electron donor effect of nitrogen and the
suppression effect on the second hydrogenation over 10MnK-AC support.

Keywords: nitrogen-doping; iron nitrides; light olefins; CO hydrogenation; KMnO4 pretreatment

1. Introduction

Fischer-Tropsch synthesis to light olefins (FTO) from syngas derived from coal, natural gas and
biomass is a typical approach to obtain the building blocks for chemical industry [1]. Especially, the
production of fungible fuels from CO-rich syngas derived from biomass is a promising way for the
sustainable development of the world energy economy. Light olefins obtained from the FTO reaction
can further be oligomerized to gasoline and diesel fuels, which is more controllable than a one-step
FTS reaction [2]. High isomerization to iso-paraffins during the olefin oligomerization contributes to
the high-octane rate of gasoline [3]. Iron-based supported catalysts have been widely studied because
of their low cost, better selectivity towards light alkenes and proper water-gas shift (WGS) reaction
activity for CO-rich syngas [4–6]. FTO catalytic performance is highly related to the catalyst properties
such as active phases generated during the reduction and reaction processes [7–9], promoters [10,11]
and the interactions with support for supported iron catalysts. The theory that iron carbide is the
active phase in Fischer-Tropsch synthesis is widely accepted [12]. However, catalyst sintering and
carbon deposition on active phase lead to a relatively poor catalyst stability for iron-based catalysts
at such severe reaction conditions [13,14]. In order to extend the lifetime of catalyst, a novel iron
catalyst supported on KMnO4 pretreated activated carbon (AC) has been prepared in our previous
work [15].The better stability of iron particles and higher light olefins selectivity is obtained due
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to the promotion of potassium and manganese retained on the AC surface. The existence of a
manganese promoter also inhibits the dissociation of hydrogen which makes the hydrogenation of the
C* intermediate less active. The competitive adsorption of hydrogen on manganese oxides retards the
further hydrogenation of unsaturated hydrocarbons and enhances light olefins selectivity. Meanwhile,
as the structure promoter, the bonding force between iron species and MnOx improves dispersity and
stability of active sites. Alkali promoters such as Na, K, etc. can facilitate the formation of iron carbides,
and it reduces the production of methane. Recently, the introduction of nitrogen atoms into iron-based
supported catalysts for Fischer-Tropsch synthesis have been applied to increase the selectivity of lower
olefins [16–20]. It is found that doping nitrogen atoms into the matrix of carbon materials can change
the electronic environment and increase FTO performances. N atoms acted as the electron donor
suppresses second hydrogenation and improves light olefins selectivity. In contrast, Bao’s group [21]
has investigated the enhancement of iron nitrides supported on carbon nanotube (CNT) walls catalysts.
They synthesized a series of FeN/CNT catalysts by heating conventional Fe/CNT catalysts at 450 ◦C
in ammonia stream and found that iron nitride (Fe2N) exhibits higher activity and C2–C4 alkenes
selectivity than iron carbides, which also verifies the proposition suggested by Anderson et al [22].
Moreover, the effects of Mn and K added to FeN/CNT catalyst that prohibit second hydrogenation and
facilitate CO adsorption are discussed [23].

Following these previous studies, herein we have prepared an N-doped iron catalyst supported on
KMnO4 pretreated AC and compared its FTO performance with an N-doped catalyst supported on AC
and other catalysts in our previous studies [15]. Unlike the heating treatment in ammonia stream [21],
we have introduced N atoms into the Fe lattice by using ammonium iron citrate as a precursor. A series
of catalyst characterizations were conducted and ascertained the position of nitrogen atoms in catalysts.
The synergistic effect between N-doped active phase and MnK-AC support was discussed as well by
associating characterization with FTO reaction results.

2. Results and Discussion

As is shown in Figure 1, the morphology of the catalysts with different supports (AC and
KMnO4-treated AC) and iron precursors (iron nitrate and ammonium iron citrate) were determined
by Powder X-ray diffraction (XRD) analysis. Obviously, all these catalysts showed typical peaks at
26.5◦ and 44.6◦, which can be attributed to graphitic carbon. Further, the intensity of the broad peak
around 25◦ can be attributed to the amorphous carbon in AC. The relative ratio of amorphous carbon
and graphitic carbon can be determined by ID/IG ratio in Raman spectra (Table 1). The ID/IG ratio was
determined by the peak intensity of D band (1350 cm−1) and G band (1575 cm−1) in Raman spectra.
The D band means the disorder in carbon materials and the G band means the graphitization degree
of carbon materials. The ID/IG ratios of Fe-10MnK-AC and FeN-10MnK-AC are lower than those of
Fe-AC and FeN-AC catalysts. It implies that KMnO4 pretreatment on the AC support increases its
graphitization degree. On the other hand, no obvious changes in ID/IG ratio are observed by comparing
the results of Fe- catalysts and N-doped FeN- catalysts. That is to say, nitrogen doping has no effect on
the properties of carbon support. This result is opposite to the common sense that nitrogen introduction
in carbon material decreases its graphitization degree and improves the defectiveness [24,25]. Probably,
N atoms attached to the metal oxides rather than carbon support. Table 1 also offers the metal
element contents of Fe, Mn and K analyzed by inductive coupled plasma-atomic emission spectroscopy
(ICP-AES), which are almost the same with the desired loadings within the preparation error. The pore
properties are provided in Table 1 as well. From the specific surface area and pore size, no difference
between undoped and N-doped catalysts. However, there is a large decrease of specific area and a
growth of pore size compared to the untreated catalysts to KMnO4-pretreated catalysts. This is due
to the high content of manganese and the relative low content of porous AC on KMnO4-pretreated
catalysts (Fe-10MnK-AC and FeN-10MnK-AC). This results in the decline in adsorption ability of
reactants, which further reduces the reactivity.

96



Catalysts 2019, 9, 505

Figure 1. XRD patterns of catalysts: Fe-AC, FeN-AC, Fe-10MnK-AC and FeN-10MnK-AC. Graphitic
carbon (�, JCPDS No. 75-2078), α-Fe2O3 ( , JCPDS No. 73-0603), Mn3O4 (�, JCPDS No. 75-1560),
ε-Fe3N (�, JCPDS No. 83-0876) and ζ-Fe2N (•, JCPDS No. 50-0958) are marked in the patterns.

Table 1. Elemental contents and properties of supported catalysts.

Catalysts

Element Contents
(wt %) 1 N atom.

(%)2 ID/IG
3

Iron Average
Particle Size (nm)

Surface
Area (m2/g)

Pore Size
(nm)

Fe Mn K

Fe-AC 10.1 - - 0.4 1.42 3.2 ± 1.0 575.3 2.58
FeN-AC 9.7 - - 1.6 1.45 5.4 ± 1.4 549.3 2.56

Fe-10MnK-AC 10.1 29.3 5.3 0.4 1.34 2.0 ± 0.9 190.6 3.34
FeN-10MnK-AC 9.4 26.7 4.6 2.1 1.35 4.2 ± 1.5 187.1 3.37

1 Determined by ICP-AES. 2 Calculated by X-ray photoelectron spectroscopy (XPS) spectra. 3 Calculated by the
peak intensity of D band (1350 cm−1) and G band (1575 cm−1) in Raman spectra.

As reported by our previous work [15], the major peak at 35.6◦ can be assigned to the (110) crystal
plane of α-Fe2O3 (JCPDS No. 73-0603). And three characteristic peaks at 28.9◦, 32.4◦ and 36.1◦ can
be ascribed to Mn3O4 (JCPDS No. 75-1560). This implies that different supports and precursors
have no significant effect on the crystal structure of iron oxides on catalysts. Interestingly, two tiny
peaks emerged at 40.8◦ and 57.0◦ in the XRD spectrum of FeN-AC can be attributed to iron nitride
ε-Fe3N (JCPDS No. 83-0876). Compared with the result of Fe-AC, it is believed that part of iron
oxide transformed into iron nitride during calcination by using ammonium iron citrate as precursor.
In this procedure, ammonium iron citrate was decomposed and the volatilized NH3 replaced oxygen
atoms in iron oxide by nitridation process. Then the formation of iron nitride is preceded through
the incorporation of nitrogen into the iron lattice [22]. Specially, based on the XRD spectrum analysis
result, another type of iron nitride (ζ-Fe2N, JCPDS No. 50-0958) is acquired on FeN-10MnK-AC
catalyst. The difference of iron nitride crystal phase is probably ascribed to the existence of manganese
oxides on the surface of carbon support. The presence of Mn facilitates the formation of ζ-Fe2N phase
according to previous studies [23]. Only a small fraction of iron nitrides was obtained on FeN-AC
and FeN-10MnK-AC catalysts according to the lower intensity of the peaks attributed to ε-Fe3N and
ζ-Fe2N. In order to give a detailed analysis of the nitrogen atoms and the interaction with iron, XPS
analysis was conducted. As is illustrated in the XPS survey spectra (Figure 2a), both FeN-AC and
FeN-10MnK-AC show a relatively weak N1s photoelectron peak at 400.0 eV, which are revealed more
specifically in high resolution spectra of the N1s region (Figure 2b). The nitrogen content of each
catalyst is calculated and determined by the relative peak area of the XPS survey spectra, which
are 0.4% (Fe-AC), 1.6% (FeN-AC), 0.4% (Fe-10MnK-AC) and 2.1% (FeN-10MnK-AC), respectively.
However, the N content is too low so that the N1s peaks are hard to deconvolute. On the basis of the
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Fe2p spectra shift to higher binding energies (Figure 2c), it can be inferred that the interaction between
Fe and N is formed on the catalysts when using ammonium iron citrate as precursor. It means that
in the crystal lattice of iron oxides, N atoms partially replace O atoms and get into the Fe lattice to
form iron nitrides [26,27]. In brief, nitrogen atoms are not doped into carbon networks but iron lattice.
Additionally, from the results of transmission electron microscopy (TEM) images and corresponding
energy dispersive spectroscopy (EDS) mapping of FeN-10MnK-AC (Figure 3), we can easily find out
that Fe, Mn, K and N dispersed on the carbon substrate homogeneously. The particle size distribution
of FeN-10MnK-AC catalyst is presented as well. The average particle size is 4.2 ±1.5 nm, which is larger
than that of Fe-10MnK-AC catalyst (2.0 ± 0.9 nm). The average particle size of Fe-AC and FeN-AC are
3.2 ± 1.0 nm and 5.4 ± 1.4 nm separately. It shows a similar trend with those catalysts supported on
KMnO4 pretreated AC. Using ammonium iron citrate as iron precursor leads to the increase of iron
particle size. The effective contact area decreases and leads to the reduction of catalyst activity, which
can be observed in the FTO performances (Table 2).

Figure 2. (a) XPS survey spectra of the Fe-AC, FeN-AC, Fe-10MnK-AC and FeN-10MnK-AC catalysts.
The sharp photoelectron peaks at 712.1 eV (Fe2p), 642.2 eV (Mn2p), 531.1 eV (O1s), 378.0 eV (K2s),
294.1 eV (K2p), 285.0eV (C1s) and a weak photoelectron peak at 400.0 eV (N1s) are marked in the
spectra. (b) High resolution XPS spectra of the N1s region for FeN-AC and FeN-10MnK-AC catalysts.
(c) Fe2p XPS spectra and (d) hydrogen temperature programmed reduction (H2-TPR) profiles of Fe-AC,
FeN-AC, Fe-10MnK-AC and FeN-10MnK-AC catalysts.
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Figure 3. (a) TEM and (b) high resolution TEM (HRTEM) images of FeN-10MnK-AC catalysts.
(c) High-angle annular dark field scanning transmission electron microscopy (HAADF-STEM) image
and corresponding elemental mapping of FeN-10MnK-AC catalysts: (d) C; (e) Fe; (f) Mn; (g) K; (h) N.

Table 2. FTO performances of iron catalysts and N-doped iron catalysts.

Catalysts Fe-AC FeN-AC Fe-10MnK-AC FeN-10MnK-AC

GHSV (h−1) 15,000 15,000 15,000 15,000
CO conversion (%) 64.8 59.7 51.0 38.5
H2 conversion (%) 60.6 57.4 29.5 17.1

H2/CO usage 0.97 1.00 0.55 0.46
CO2 selectivity (% C) 61.7 46.0 60.7 47.2

FTY 1 (molco·gFe
−1·h−1) 1.77 1.66 1.48 1.12

Product selectivity (wt %)

CH4 28.9 27.5 21.1 22.5
C2
=–C4

= 31.2 30.8 30.1 44.7
C2

0–C4
0 23.4 23.7 11.9 8.9

C5+ 16.5 18.1 36.9 23.9
O/P 2 1.2 1.1 2.5 5.0

1 FTY is the Fe time yield which is calculated as the mole number of CO molecules converted per gram of iron per
hour. 2 O/P is the ratio of olefins to paraffins calculated by molar fraction of C2–C4 hydrocarbons.
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The reduction performances of these prepared catalysts were analyzed by a temperature
programmed reduction measurement in hydrogen (H2-TPR). This is highly related to the intension of
metal-support and metal-metal interactions. As to the comparison of Fe-AC and FeN-AC catalysts,
N-doped iron catalysts show a stronger interaction that retards the reduction procedure and promotes
the reduction peaks (from 324 ◦C to 376 ◦C and 420 ◦C to 507 ◦C), which are attributed to the
Fe2O3 → Fe3O4 and Fe3O4 → FeO transformation stages. The mixed spinel oxides (Fe, Mn)Ox with
strong interaction leads to broad reduction peaks of Fe-10MnK-AC and FeN-10MnK-AC catalysts,
which impedes the reduction of iron oxide to some extent. Similarly, the H2-TPR profiles of
Fe-10MnK-AC and FeN-10MnK-AC catalysts show an increase in reduction peaks (from 411 ◦C
to 466 ◦C). The improvement between traditional iron catalysts and N-doped catalysts means that
the existence of slight amount of N in the lattice of iron oxide or Fe-Mn mixed oxides inhibits the
reducibility of supported catalysts. On the other hand, a considerable difference in catalyst reducibility
also proves the interaction between doped nitrogen and metal promoters (Mn and K).

The intrinsic effects of the KMnO4 pretreatment on carbon support, nitrogen doping, and their
collaboration could be investigated by associating FTO performances and catalysts properties. Herein,
the catalytic performances of the iron catalysts as well as N-doped iron catalysts that loaded on
AC and KMnO4 pretreated AC have been analyzed and compared. As presented in Table 2, the
absorption and activation degree of CO and H2 on the active sites of the catalysts were presented as CO
conversion, H2 conversion and the effective utilization of these two kinds of feed gas, which is denoted
as the H2/CO usage ratio. CO conversions of the iron catalysts supported on KMnO4 pretreated AC
(Fe-10MnK-AC and FeN-10MnK-AC) decreased compared with iron catalysts supported on AC, which
is probably caused by the metal-support interaction between iron and manganese that retards the
CO dissociation. H2-TPR results show that the iron oxides supported on 10MnK-AC are difficult to
reduce, which also verifies the less active catalytic surface. In addition, H2/CO usage dramatically
reduced from 1 to about 0.5. When H2/CO usage ratio decreases, the chemisorption and dissociation of
H2 is relatively lower than that of CO. And the hydrogenation activity on the active sites is reduced.
Considering the catalyst properties, it implies that manganese existed on pretreated AC hinders the
dissociation rate of hydrogen. It effectively suppresses second hydrogenation of alkenes and the
formation of CH4 [28]. As shown in the hydrocarbon distributions of these catalysts, selectivity of
methane decreased from 28.9% (Fe-AC) and 27.5% (FeN-AC) to 21.1% (Fe-10MnK-AC) and 22.5%
(FeN-10MnK-AC). Besides, the O/P ratio also exhibits a promotion owing to the addition of manganese
and potassium in the pretreatment process of support with KMnO4 solution. These catalysts supported
on 10MnK-AC suppressed H2 adsorption and dissociation on active sites [29]. From the hydrogenation
distribution, it can be concluded that these catalysts (Fe-10MnK-AC and FeN-10MnK-AC) have higher
C5+ selectivities. This is regarded as a decrease of hydrogenation activity which leads to the higher
amount of unsaturated intermediates, and this causes the increase of carbon chain growth ability.

According to the XRD and XPS results, a slight amount of nitrogen was introduced through the
decomposition of ammonium iron citrate during calcination procedure. Unlike previous studies [17–19],
nitrogen atoms were originated from the iron precursor with NH4

+ group rather than exogenous NH3

source, which leads to a more affiliative contact with iron. This is associated with the XRD results that
iron nitrides were formed along with the formation of iron oxide. No evident changes of ID/IG ratio on
Raman spectra between iron catalysts and catalysts doping with nitrogen is observed. It implies that
the introduction of nitrogen atoms has no effects on the properties of carbon support and nitrogen
atoms existed in the crystal lattice of iron oxide. Compared with Fe-AC, FeN-AC have nearly no
shift on hydrocarbon distribution and the ratio of olefins to paraffins (O/P). Only a decrease of CO2

selectivity from 61.7% to 46.0% was observed. Fe-10MnK-AC and FeN-10MnK-AC exhibits a similar
trend on CO2 selectivity as well. It signifies that nitrogen doping weakens WGS reaction activity,
which favors the effective yield of desired hydrocarbons. Furthermore, an enormous shift to C2–C4

hydrocarbons selectivity is detected by comparing Fe-10MnK-AC and FeN-10MnK-AC catalysts. This
is especially the case insofar as up to 44.7% of light olefins selectivity is obtained over FeN-10MnK-AC,
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which is higher than those over Fe-AC (31.2%), FeN-AC (30.8%) and Fe-10MnK-AC (30.1%) catalysts.
The generation of C2–C4 alkanes is further retarded owing to the combined effect of promoter Mn
and K as well as the doping agent N. The O/P ratio is improved at the same time. Nitrogen doping
in Fe-Mn mixed oxides further enhances the catalyst surface basicity since it plays a role of electron
donor and weakens H2 dissociation during reaction, which is also the underlying reason why a lower
H2/CO usage ratio is achieved on FeN-10MnK-AC than Fe-10MnK-AC [30]. More explicitly, the
introduced nitrogen atoms modifies the electron environment around the active sites. Electron pairs
of nitrogen atoms occupy the electron hole pairs of adsorbed H+ ions. This retards the formation of
C–H bond and ulteriorly limits the second hydrogenation of unsaturated hydrocarbons adsorbed on
active sites. As is described in catalyst characterization, ζ-Fe2N with an orthorhombic structure is
formed on FeN-10MnK-AC with the help of manganese while ε-Fe3N is formed on FeN-AC. During
the reaction, the dissociative CO diffuses into the lattice of iron nitrides and the iron carbonitrides
phase is generated. It is regarded as a more stable active phase under FTO reaction conditions [21].
From the comparison of FTO performances, a synergistic effect of ζ-Fe2N and the promoters Mn and
K serve as a vital role in impeding the excessive hydrogenation of intermediate C* attached to FTO
active sites. The competitive adsorption to hydrogen of manganese and the electron donation effect of
nitrogen increase the FTO performances on FeN-10MnK-AC catalyst.

3. Materials and Methods

Catalysts used in this work were prepared by a facile method with some modifications reported
by our group [15]. Briefly, the powdered wooden activated carbon (200 mesh, ~1400m2/g, pore
volume: 0.67 mL/g, purity: ≥98%, purchased form Sunson Activated Carbon Technology CO., Ltd.,
Shanghai, China) was firstly pretreated by boiling water to remove ash. And then, washed-out AC
was redispersed in 10 wt % HNO3 aqueous solution and refluxed at 80 ◦C for 5 h in order to remove
residual metal ions and improve oxygen-containing groups on the surface of AC to enhance iron
particle dispersity during impregnation and calcination process. The as-treated AC was filtered and
washed until pH = 7 and dried overnight.

The dried AC was treated by KMnO4 aqueous solution. Namely, 3 g AC was dispersed in 200 mL
0.1 mol/L KMnO4 aqueous solution and placed in a water bath at 70 ◦C for 30 min with magnetic
stirring. After washing with deionized water for several times, the obtained AC was dried overnight
at 120 ◦C and denoted as 10MnK-AC.

Fe-AC and Fe-10MnK-AC catalysts were prepared by incipient wetness impregnation method.
Pretreated AC and 10MnK-AC were separately impregnated with Fe(NO3)3·9H2O solution (nominal
Fe loading: 10 wt %). The suspensions were subject to magnetic stirring at room temperature for 24 h
in order to evaporate the solvent and then dried at 120 ◦C for 12 h. Finally, samples were calcined
under static N2 at 300 ◦C for 3 h (heating rate: 2 ◦C/min) and Fe-AC and Fe-10MnK-AC catalysts were
received. In contrast, FeN-AC and FeN-10MnK-AC were prepared with the same method except that
the iron precursor was replaced with ammonium ferric (III) citrate, which is also regarded as the source
of nitrogen that comes from the decomposition of NH4

+ [31–33].
The morphologies of the catalysts were observed by a TEM (JEOL-2100F, Tokyo, Japan) at 200 kV

accelerating voltage and the elemental mappings of the catalysts were obtained by EDS attached
to TEM. N2 adsorption-desorption analysis was carried out at 77 K to obtain pore properties such
as specific surface area, total pore volume and pore size distribution on Micromeritics ASAP2460,
Norcross, GA, USA. Powder X-ray diffraction (XRD) patterns by X-ray diffraction radiation (X’pert Pro
MPD with Cu Kα (λ = 0.154 nm) radiation, 2θ=5-80◦, Philips, Almelo, Netherland) was used to measure
the phase and structure of the catalysts we prepared. XPS spectra were conducted using a Thermo
ESCALAB 250XI, USA. The metal contents were determined by inductive coupled plasma-atomic
emission spectroscopy (ICP-AES, OPTIMA 8000DV, PerkinElmer, Waltham, MA, USA). Raman spectra
were measured on a Raman microscope (LabRAM HR800-LS55, HORIBA, Paris, France) using 532 nm
laser excitation at ambient temperature. H2-TPR was conducted in a U-shape quartz tube reactor with
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a thermal conductivity detector (TCD) with a H2 flow rate of 50 ml/min by Quantachrome CPB-1,
Boynton Beach, FL, USA.

The Fischer-Tropsch synthesis performance of the catalysts we prepared were conducted in a fixed
bed reactor system. The reactor’s inner diameter is 5 mm and the length is 250 mm. For every reaction
experiment, 0.2 g catalyst was firstly diluted with 0.8 g quartz sand (60–80 mesh) homogeneously and
sealed in the center of the reactor with quartz wool. Then, catalyst was reduced on site by syngas
(a H2/CO/N2 ratio of 47.5/47.5/5 by volume and N2 was used as the internal standard) at 350 ◦C and
ambient pressure for 12 h and FT synthesis reaction was conducted under the same syngas at 320 ◦C,
2 MPa. And the gas hourly space velocity (GHSV) was set to 15,000 h−1 by regulating the gas flow
rate. An online gas chromatography (GC7890B, Agilent, Santa Clara, CA, USA) equipped with an
flame ionization detector (FID) and Thermal conductivity detector (TCD) was applied to analyze
gaseous hydrocarbons and other gases (CO, H2, CO2, N2, etc.) in the tail gas. The liquid phase was
collected by a cold trap. The oil phase was separated from water phase and analyzed by an offline
gas chromatography (GC2010, Shimadzu, Kyoto, Japan). Mostly the oil phase contains long chain
alkanes, alkenes and small amount of alcohols. Catalyst activity was determined by CO conversion
and hydrocarbons selectivity (by means of mass fraction) in all products was calculated on a carbon
basis without CO2. CO conversion was calculated as

XCO =
NCO, in −NCO, out

Nco, in
× 100% (1)

where NCO, in and NCO, out represent the molar flow rates of CO at the inlet and outlet of the reactor.
Hydrocarbon selectivity (SCnHm) was calculated on a carbon basis without CO2:

SCnHm =
MCnHm∑n
1 MCnHm

× 100% (2)

where MCnHm represent the weight of specific hydrocarbons with the carbon number n in the products.
To ensure the validity of data, carbon balance should be better than 95%.

4. Conclusions

In conclusion, we have synthesized the N-doped FTO catalysts using ammonium iron citrate
as precursor. XRD, XPS and Raman tests showed that the nitrogen atoms do not diffuse into carbon
support but the iron lattice in order to form iron nitrides during catalyst calcination. The interaction
between N and Fe was proven to exist from another perspective by the peak shift in XPS Fe2p
spectra. The synergistic effect of N-doped active phases and the KMnO4 pretreated carbon support
was discussed by comparing their catalytic properties and performances with the undoped catalyst and
untreated catalyst. A higher light olefins selectivity (44.7%) than Fe-AC, FeN-AC and Fe-10MnK-AC
catalysts were achieved over FeN-10MnK-AC catalyst. FTO performances of Fe-AC and FeN-AC
justifies that nitrogen doping alone does not improve the O/P ratio and C2–C4 olefins selectivity.
The combined effect of inhibiting the second hydrogenation of alkenes probably associated with
the competitive adsorption of hydrogen and electron donation effect of nitrogen. A comprehensive
understanding of the effect on FTO catalyst performances of iron nitride needs to be further investigated.
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Abstract: The microwave-assisted dry reforming of methane over Ni and Ni–MgO catalysts supported
on activated carbon (AC) was studied with respect to reducing reaction energy consumption.
In order to optimize the reforming reaction using the microwave setup, an inclusive study was
performed on the effect of operating parameters, including the type of catalysts’ active metal and their
concentration in the AC support, feed flow rate, and reaction temperature on the reaction conversion
and H2/CO selectivity. The methane dry reforming was also carried out using conventional heating
and the results were compared to those of microwave heating. The catalysts’ activity was increased
under microwave heating and as a result, the feed conversion and hydrogen selectivity were enhanced
in comparison to the conventional heating method. In addition, to improve the reactants’ conversion
and products’ selectivity, the thermal analysis also clarified the crucial importance of microwave
heating in enhancing the energy efficiency of the reaction compared to the conventional heating.

Keywords: dry reforming methane (DRM); methane; carbon dioxide; microwave; conversion; catalyst;
selectivity; thermal integration

1. Introduction

Applying methane dry reforming process for hydrogen production has received significant
attention during the last decades as a result of increasing demand for clean and renewable energy [1–5].
In addition, the main reactants of the reforming reaction, methane and carbon dioxide, have tremendous
effects on global warming, which necessitate controlling their concentration by converting them to
a clean and sustainable source of energy, i.e., hydrogen. In addition to hydrogen, carbon monoxide is
also another valuable product of methane dry reforming reaction that is further reacted to produce
ultraclean fuels including gasoline, methanol, and dimethyl ether (DME) with negligible hazardous
byproducts, e.g., aromatics [6,7]. Consequently, improving the CO2 reforming of methane is essential
in terms of conversion, selectivity, and energy efficiency.

The carbon dioxide reforming of methane is an endothermic reaction, which requires huge external
heat source (Equation (1)). Hence, applying novel techniques to perform the reaction with minimum
input energy is necessary to improve the process efficiency and reduce the costs.

CH4 + CO2 ⇔ 2CO + 2H2 ΔH298 = 247 kJ/mol (1)
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A new technique that received extensive attention in the last decades is based on using microwave
energy potential for reforming of methane and carbon dioxide. In comparison to conventional heating
methods, microwave applications for producing the required heat for reaction is more energy efficient
and less expensive. Utilizing microwaves also provides more advantages than conventional heating
including a rapid process heating, reduced processing time and work space, more accurate and uniform
heating, and high quality [8–11]. In contrast, microwave heating has limitations and technical problems
such as selection of the type of materials with a broad adsorption bandwidth that strongly absorb
microwaves [12]. As a result, an extensive study is required on the application of microwave setup to
optimize and improve the methane-reforming process in terms of conversion and product selectivity.

The dry reforming reaction takes place in the presence of a catalyst, which enhances the conversion
rate, syngas selectivity, and increases the reaction rate. The applied catalysts are based on expensive
noble metals (Pt, Pd, and Ru) or less expensive metals including Ni, Co, Fe, Cr, and Mo. The active
metals are supported on metal oxides (Al2O3, MgO, and TiO2), rare-earth oxides (CeO2), zeolites, silicate,
and mesoporous carbon materials [13–15]. In spite of the important role of catalysts on increasing
the reaction rate and enhancing reactants conversion, the syngas production from methane reforming
still needs to be performed at extreme conditions of high pressure and temperature [16,17]. Hence,
conventional techniques have to be improved by integrating new techniques in catalytic methane
reforming. The microwave heating of catalysts provides similar conversion to those of conventional
heating at reduced temperatures by selective heating of active sites. In addition, the coke formation
rate is smaller than conventional heating methane reforming, confirming the supremacy of microwave
heating methane reforming.

In this study, carbon dioxide reforming of methane was studied in a microwave field. In order to
improve adsorption efficiency of the microwaves’ energy, activated carbon was used as a support for
Ni and MgO active metal catalysts. Combining microwave setup and Ni-MgO/AC catalysts improved
reforming reaction in terms of selectivity and conversion rates. In order to optimize the selectivity of
products and conversion of reactants and the energy efficiency of the system, the effects of operating
parameters such as catalyst bed temperature, feed flowrate, and also the concentration of Ni and
addition of MgO were investigated in detail. The catalysts were also conventionally heated to compare
the conversion, selectivity, and thermal efficiency with those obtained using microwave.

2. Results and Discussion

Textural properties, reducibility, and Ni dispersion and surface area of the prepared catalysts
are shown in Table 1. With an increase in nickel content of the catalysts, the surface area and pore
volume was reduced. The H2 uptake of the catalysts, however, was found to to follow a different
trend, increasing with nickel content of 15% and then being reduced for the catalysts with higher
nickel content. The surface area for NiMgO/AC was found to be the lowest (539 m2/g), however the H2

uptake of this catalyst was only lower than the Ni/MgO/AC catalyst.

Table 1. Main characteristics of the synthesized catalysts.

Surface Area
(m2/g)

Pore Volume
(cc/g)

Average Pore
Diameter (Å)

H2 Uptake
(moles/g Catalyst)

Ni Dispersion
(%) a

Ni Surface
Area (m2/g) a

AC 1287 0.894 27.78 - - -
5Ni/AC 1004 0.733 29.20 2.80E-06 0.66 2.19
10Ni/AC 915 0.687 30.50 3.40E-06 0.40 1.33
15Ni/AC 871 0.654 31.76 4.56E-06 0.36 1.19
20Ni/AC 833 0.600 28.80 4.29E-06 0.25 0.84
25Ni/AC 665 0.473 28.46 4.16E-06 0.20 0.65

NiMgO/AC 639 0.457 28.96 5.95E-06 0.70 2.32
Ni/MgO/AC 712 0.468 26.28 6.15E-06 0.72 2.40

a calculated by assuming H2/Ni atom ratio of 1.
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The XRD profile of the 10Ni/AC, NiMgO/AC, and Ni/MgO/AC samples after 1 h of reduction
in H2 flow is shown in Figure 1. The peak at 26.6 can be ascribed to the AC support. The peaks at
44.4 and 76.3 are attributed to the (111) and (220) diffraction planes of Ni phase. The remaning peaks
are assigned to the MgO phase. Although both NiO and MgO have the same charactristric peaks,
the intensity of the peaks suggests that the NiO phase in the fresh catalyst is mostly reduced to Ni in
all of the tested catalysts.

Figure 1. XRD profile of (a) 10Ni/AC, (b) NiMgO/AC, and (c) Ni/MgO/AC.

Temperature programmed reduction (TPR) behaviors of calcined 10Ni/AC, NiMgO/AC, and
Ni/MgO/AC catalysts were investigated as shown in Figure 2. H2 reduction for 10 Ni/AC catalyst
shows the typical reduction peaks for NiO at 250 ◦C and 430 ◦C, which have been related to the
reduction of Ni3+ and Ni2+ to metallic nickel, respectively [18,19]. For NiMgO/AC and Ni/MgO/AC
catalysts, the first reduction peak is also observed at 250 ◦C, suggesting that part of the NiO phase is
not influenced by the MgO. However, the second reduction peak is shifted to 740 ◦C, which can be
assigned to the Ni2+ ions on the outermost layer of the MgO [20]. The wider peak for NiMgO/AC at
this temperature indicates the reduction of NiO forms located in the subsurface layers of the MgO
lattice, which is understandable considering that this catalyst was prepared through co-impregnation
of NiO and MgO precursors. The higher dispersion of NiO in NiMgO/AC and Ni/MgO/AC facilitates
the formation of smaller crystallites, which are more strongly bonded and, consequently, lowering the
reducibility. On 10Ni/AC with lower dispersion, Ni species are not so strongly bonded to the surface,
thus presenting a higher reducibility.

Figure 2. Temperature programmed reduction (TPR) profile of (a) 10Ni/AC, (b) NiMgO/AC, and (c)
Ni/MgO/AC.
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2.1. Temperature Effect on Conversion and Product Selectivity

The conversions of CH4 and CO2 over the synthesized catalysts at different temperatures using
microwave as the heating medium, are shown in Figure 3a,b, respectively. It can be seen that the
increase in temperature of reaction accelerates the reforming reaction resulting in higher conversion of
the reactants at higher temperatures. As evidenced, among the Ni/AC catalysts, 15% nickel loading
shows the highest conversion with 76% and 79% for CH4 and CO2, respectively. Conversions follow
a decreasing trend with higher nickel content. The observed trend can be related to the H2 uptake and
nickel dispersion results by these catalysts, which shows the same trend. The results indicate that with
the increase in nickel content up to 15% the number of available sites for the adsorption of the reacting
gases was increased. However, with the addition of extra nickel to the catalyst, the nickel particles
agglomerate and, therefore, the dispersion of the catalyst was reduced, resulting in lower active sites
and lower conversion of the reactants.

Figure 3. Cont.
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Figure 3. (a) CO2 and (b) CH4 conversions and (c) product selectivity as a function of temperature
over the prepared catalysts using microwave heating.

The results show that the conversion of CH4 and CO2 increases almost linearly with nickel content
of the catalysts (up to 15%). Furthermore, the addition of MgO to the catalyst was found to have
a positive impact on the activity of the catalysts increasing the CH4 conversion to 84% and 88% for
NiMgO/AC and Ni/MgO/AC catalysts. H2 uptake and dispersion results for these catalysts suggest that
with the addition of MgO, nickel dispersion over the AC support is enhanced and therefore the number
of active sites for the reforming reactions is increased. Comparing NiMgO/AC with Ni/MgO/AC,
the conversion for the later catalyst was found to be higher. This could be attributed to the fact that
with co-impregnation of NiO and MgO, parts of the NiO phase will be located beneath the MgO layers
making them inaccessible to the reacting gases. Figure 3c shows the H2/CO ratio for the tested catalysts
at various temperatures. The products ratio follows the same trend as the conversion of the reactants
for the catalysts. Moreover, with temperature increase, the ratio was increased for all the catalysts.

2.2. Effect of Heating Mechanism on Methane Reforming

To study the effect of the microwave heating on the dry reforming reaction, the experiments were
also carried out using conventional heating over Ni/MgO/AC catalyst. The results are shown in Figure 4.
The equilibrium conversions of CO2 and CH4 and the equilibrium molar ratio of H2/CO are also plotted
in the Figure 4. Two reactions were considered to perform the equilibrium calculations, i.e., methane
reforming by carbon dioxide and reverse water–gas shift reaction (RWGS). It is believed that the
reforming of methane starts by decomposition of CH4 to carbonaceous deposits (Equation (2)). These
deposits (at least those which are highly reactive), are gasified in the next step by CO2 (Equation (3)),
giving rise to an in-situ regeneration of the active sites. The reverse water–gas shift reaction also occurs
as a side reaction in which some of the H2 from the CH4 decomposition reacts with the CO2 to produce
H2O and CO (Equation (4)). The equilibrium data were obtained from the thermodynamic analysis of
the results.

CH4 → C + 2H2 (2)

C + CO2 → 2CO (3)

CO2 + H2 ⇔ H2O + CO (4)
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Figure 4. Comparison of microwave and conventional heating and equilibrium conditions for (a) CO2

and (b) CH4 conversions and (c) product selectivity as a function of temperature over Ni/MgO/AC
catalyst and gas hourly space velocity (GHSV) of 33,000 mL/g cat.h.

Compared to the conventional heating, the conversion of methane and carbon dioxide were both
higher using microwave heating. The difference in conversions can be explained by the differences
between the heating mechanisms. In conventional heating, heat flux is responsible for energy transfer
while microwave energy is directly transferred to the catalyst, without any heat flux. This results in
higher temperature inside the catalyst compared to the temperature of the surrounding atmosphere
near the surface, which can be translated to higher uniformity of heat distribution with respect to
conventional heating [21,22]. Microwave heating also gives rise to micro-plasmas (also called hot
spots) within the catalyst bed, where the temperature is higher than the measured average temperature
in the bulk catalyst bed [23]. Such hot spots with higher temperature are reported to be responsible
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for enhancements in reaction rate, higher yields, and improved selectivity of heterogeneous catalytic
reactions [24–26]. It is interesting to note that the conversions of CO2 and CH4 were always higher
under microwave conditions with an almost constant difference with conventional heating. In contrast
to conventional heating, microwave heating can generate multiple hot spots at the catalyst surface,
where local reaction temperatures are higher than the overall reaction temperature.

In general, the results show that the H2/CO ratios increased when the temperature was raised.
With conventional heating, the H2/CO ratio was lower than the equilibrium values. In contrast,
the H2/CO ratio was higher than the equilibrium value in the higher temperature range under
microwave heating. The H2/CO ratio was always found to be less than 1.0, an indication that the
reverse water–gas shift reaction also occurred as a side reaction in addition to the methane reforming
reaction. The variation of H2/CO ratios depends on the degree of competition between these reactions.
Based on the thermodynamic data, both the CH4 reforming and the reverse water–gas shift reactions
are endothermic. By increasing the temperature, both equilibrium constants (Kp) increased, but the
enhancement of KP for the CH4 reforming reaction was to a greater extent than that for the reverse
water–gas shift reaction. This showed higher impact of temperature on the first reaction to produce
hydrogen and carbon monoxide, giving a ratio closer to unity. The higher H2/CO ratio for microwave
system can be explained by the creation of hot spots, which is similar to that from the thermal
temperature effect. Using microwave heating, the reaction could occur at a higher temperature
compared to the measured average temperature, so a higher H2/CO ratio could be reached, which can
be even higher than the equilibrium value at the measured temperature.

2.3. Effect of Varying Flow Rate on Methane Reforming

The effect of varying the flow rate on the conversion of CH4 and CO2 at 650 ◦C for Ni/MgO/AC
catalyst is shown in Figure 5. CH4 conversion decreased from 89% to 47% when gas hourly space
velocity (GHSV) varies from 6700 mL/g cat.h to 33,000 mL/g cat.h. The results show a linear relation
between the conversion of reactants and the flow rate of the inlet gases. The larger the GHSV, the lesser
the contact time and the number of adsorbed reactants on the active sites. Unlike the results shown in
Figure 4 where conversions of CO2 and CH4 were below equilibrium for GHSV of 33,000 mL/g cat.h,
the reduction in flow rate leads to higher conversions than the calculated equilibrium. This shift in
equilibrium for the methane reaction is also an indication of the presence of higher temperature at
reacting sites (hot spots) than the measured average temperature of the bulk catalyst. With the decrease
in GHSV, the H2/CO ratio was increased. This can be attributed to the increase in gas–solid contact
time. With higher contact time, the water–gas shift reaction can occur to consume the produced CO
and therefore increase the H2/CO ratio.

Figure 5. Effect of GHSV on Ni/MgO/AC catalyst performance for dry reforming of methane at 650 ◦C.
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2.4. Reactor Energy Efficiency

Following the analysis presented by Durka et al. [27], an energy balance in macroscopic level is
performed over the catalytic bed as follows:

∑
i

niIn

∫ Tin

Tamb

Cpi(T)dT + QInput −QLoss = ΔHTamb
r +

∑
i

nout

∫ Tout

Tamb

Cpi(T)dT (5)

where ni is the number of moles of reactants and products, Tamb is the ambient temperature, Tin and
Tout are the temperature of preheated reactants and products respectively, QInput is the heat provided
to the reactor bed from the energy source, and QLoss is the heat dissipated to the surrounding. Since
summation of the terms in left side of Equation (5) represents the net input energy into the reactor,
Durka et al. [27] defined the energy efficiency as the fraction of input heat required to taking place the
chemical reaction:

ε =
ΔHTamb

r

ΔHTamb
r +

∑
i nout

∫ Tout

Tamb
Cpi(T)dT

(6)

where ε is the energy efficiency. In the present study, in addition to the reaction between methane and
carbon dioxide, reaction 4 is also considered as the side reaction. By considering the carbon dioxide
as the limiting reactant, the total heat released from Equations (1) and (4) at ambient temperature is
calculated based on the total mole of reacted CO2. The results of the energy analysis for microwave
and conventional heating reactor using 10Ni/AC and Ni/Mgo/AC catalysts are shown in Figure 6.

Figure 6. Energy efficiencies of microwave and conventional heating reactors using Ni/AC and
Ni/MgO/AC catalysts.

According to Figure 6, similar conversions of carbon dioxide and methane were selected to
compare the energy efficiency of the two reactors. As a result, the heat of reaction is constant for both
microwave and conventional heating technique and the only factor determining the reactor efficiency
is the heat dissipating out of the reactor with the product (Equation (6)). The catalyst bed in the
microwave reactor has a lower temperature than the one in the conventional heating reactor at equal
conversion. The temperatures of the bed and product gases for microwave and conventional heating
reactors applying 10Ni/AC and Ni/MgO/AC catalysts are summarized in Table 2. The results indicate
that applying microwave for heating the catalysts results in lower overall reaction temperature at
similar conversion. The reason is because of the significant temperature difference between the metal
sites and support materials [27]. This temperature difference results in significantly higher temperature
metal reaction sites than the support and gas phase, providing similar conversion to conventional
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reactor. The product temperature leaving the microwave reactor has a significantly lower temperature
than those leaving the conventionally heated reactor. Consequently, based on Equation (6), the energy
efficiency of the microwave reactor is greater than the conventional reactor. According to Figure 6,
applying microwave heating resulted in 10% improvement in energy efficiency for the bed filled with
10Ni/AC catalyst and 8% for the bed of Ni/MgO/AC catalyst.

Table 2. Temperatures of the beds and product gases for microwave and conventional heating reactors.

Catalyst TBed (◦C) Toutlet-gas (◦C)

10Ni/AC MW 690 216
10Ni/AC Conv. 900 571

Ni/MgO/AC MW 695 212
Ni/MgO/AC Conv. 900 560

Based on the results, it is clear that the microwave performs the reaction at a considerably lower
temperature, and it is more energy efficient. However, it should be emphasized that the greater energy
efficiency values do not necessarily means that the total energy required by microwave is less than
the conventional heating reactors. Precise analysis on magnetron efficiencies and the energy loss in
microwave conversion to heat has to be carried out to optimize the consumed energy by the microwave.
Another advantage of applying the microwave in providing the reaction energy is the fast stabilization
of the bed temperature. In comparison to conventional heating, where a few hours were required for
the bed approaching the reaction temperature, the microwave heated the bed in a significantly shorter
time and the reaction temperature was reached in a few minutes.

3. Experimental

3.1. Catalyst Preparation and Characterization

The xNi/AC with different Ni metal loading (x showing the Ni loading) were prepared by incipient
wet impregnation. To prepare the xNi/AC, an aqueous solution containing the required mass of
Ni(NO3)2.6H2O (Sigma-Aldrich) was added to AC support (from Carbon Resources, coal based
HCL washed) to make 5, 10, 15, 20, and 25Ni/AC. 10Ni/10MgO/AC (named Ni/MgO/AC herein) and
10Ni-10MgO/AC (named NiMgO/AC herein) catalysts were also prepared using the impregnation
technique. The Ni/MgO/AC catalyst was synthesized by step-wise impregnation of first the MgO
precursor (Mg(NO3)2.6H2O, Sigma-Aldrich) followed by drying and calcination and then the addition
of Ni precursor. NiMgO/AC catalyst was prepared by co-impregnation of the MgO and Ni precursors.
The catalysts were dried under continuous stirring at 90 ◦C followed by drying at 120 ◦C for 24 h.
The catalysts were eventually calcined at 700 ◦C with a ramp rate of 10 ◦C/min under Argon stream
for 5 h. The catalysts were reduced at 600 ◦C prior to their characterization. The textural properties of
the prepared catalysts including BET surface area, pore volume, and pore diameter were measured
by analyzing nitrogen adsorption–desorption isotherm at 77 K using Autosorb-1 (Quantachrome
Instrument). In addition, the crystalline patterns of the catalysts were determined by X-ray diffraction
(XRD) using a Bruker D8 Advance spectrometer. The diffractometer was equipped with a two-circle
goniometer housed in a radiation safety enclosure. The X-ray source was a sealed, 2.2 kW Cu X-ray
tube (X-ray wavelength 1.54 A), maintained at an operating current of 40 kV and 25 mA. Samples
were scanned in the range of 10–80◦ 2θ. A step size of 0.02◦ and a step time of 1.0 s were used during
the measurements. A peltier-cooled solid-state [Si(Li)] detector (Sol-X) with a useful energy range of
1 to 60 KeV was used as the detector.

The hydrogen temperature programmed reduction (TPR) analysis for fresh catalysts were
performed using Autosorb-1. For TPR analysis, about 10 mg catalyst was regenerated in helium flow
for 2 h at 120 ◦C. After removing the moistures, a helium stream that contained 5% hydrogen was
introduced to the catalyst, and the system was heated up to 1000 ◦C with a heating rate of 10 ◦C/min

113



Catalysts 2019, 9, 618

to reduce the catalysts. The data regarding the temperature were collected using a thermocouple
placed in a catalyst bed for accurate measurement. H2 chemisorption was performed to determine
the nickel dispersion and nickel surface area. Further, 10 mg of catalyst was first reduced in-situ at
600 ◦C. The catalyst was subsequently purged with Ar flow at 600 ◦C and was then cooled down to
room temperature. Hydrogen was introduced again as a mixture of H2 (2%) and Ar (98%) with total
flow rate of 50 mL/min. The catalyst was flushed with argon at 80 ◦C and the temperature was raised
afterwards with only argon flowing. The effluent gas from the catalyst bed was analyzed by mass
spectroscopy (RGA 200, SRS) to determine the H2 concentration. Nickel dispersion and surface area
were calculated considering the one-on-one adsorption of hydrogen on nickel atoms and atomic nickel
cross-sectional area of 6.49 × 10−20 m2/Ni-atom by the following equations:

Dispersion = S. M. N/100W (7)

Surface Area = N. L. C/100W (8)

where S is a stoichiometric factor. That means, for example, in the case of Ni and H2 chemisorption,
one molecule of H2 dissociates to give two atoms to be chemisorbed on Ni atoms. N is the amount of
monolayer, experimentally obtained from flow experiments in mol/g cat. M is the molecular weight of
the metal (g/mol). W is the weight percentage of metal. L is the Avogadro number and C is the nickel
cross-sectional area (m2/Ni-atom).

3.2. Experimental Setup

Microwave Setup: The schematic diagram of the microwave setup is shown in Figure 7. The dry
reforming reaction was carried out in a fixed-bed quartz tube with an inside diameter of 16.9 mm
and a length of 9.2 mm. The catalysts (0.9 g) were placed in the waveguide channel and were
heated by microwaves reaching the reaction temperature. The quartz wool was used to adjust the
location of catalyst bed in the center of waveguide channel. The temperature of the catalyst bed was
measured using a thermo-gun (model Milwakee M12) through an open window in front of the catalyst.
The thermo-gun was calibrated before the experiments. The system was at atmospheric pressure and
the applied microwave power was set to change the temperature of the catalyst. Prior to the catalytic
reaction, the catalyst was reduced at 600 ◦C for 2 h with hydrogen flow of 50 mL/min. After heating the
catalysts to the reaction temperature, a mixture of methane-carbon dioxide (1:1) with a total flowrate of
500 mL/min was heated in an electric pre-furnace, which contained a 15 m circular 1/8” stainless-steel
tube, for preheating, and eventually fed to the catalyst bed. About 30 min after feed introduction,
when the products’ concentration became stable, the gas products were sampled and analyzed using
a gas chromatograph (GC, Varian 3400) equipped with a residual gas analyzer (RGA 200). The product
sampling was repeated three times and reasonable accuracy (less than 1% difference) in the results
was obtained.

Conventional Heating Setup: Similar setup to microwave was used with a difference that in these set
of experiments; a quartz tubular U-shaped reactor was used to hold 0.9 g of catalyst. The reactor had
a diameter (i.d.) of 7.9 mm and a length of 36.3 mm for holding catalysts. The reactor was heated in
a furnace and the bed temperature was measured using a type R thermocouple placed inside the tube
in the furnace. Similar operating conditions to that of the catalytic-microwave reaction was applied,
and the effects of temperature and metal content were investigated and compared to the results from
microwave setup.

Data Evaluation: The methane and carbon dioxide conversions and hydrogen and carbon monoxide
selectivities were calculated using the following equations:

XCH4 =
nT,in × yCH4,in−nT,out × yCH4,out

nT,in × yCH4,in
× 100 (9)
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XCO2 =
nT,in × yCO2,in−nT,out × yCO2,out

nT,in × yCO2,in
× 100 (10)

SH2 =
nT,out × yH2,out

nT,in − (nT,out × yCH4,out + nT,out × yCO2,out)
× 100 (11)

SCO =
nT,out × yCO,out

nT,in − (nT,out × yCH4,out + nT,out × yCO2,out)
× 100 (12)

RH2/CO =
nT,out × yH2,out

nT,out × yCO,out
(13)

where X is the conversion, S is the selectivity, y is the mole fraction, nT,in is the total moles of the input
gases, and nT,out is the total moles of output gases.

 
Figure 7. Schematic diagram of (a) microwave and (b) conventional setups for methane dry reforming.
(1) Mass flow controller. (2) Ball valve. (3) Preheater jacket. (4) Microwave magnetron (5) Microwave
power supply. (6) Cooling water. (7) Catalyst bed (quartz tube). (8) Products from microwave reactor.
(9) Furnace. (10) Product from conventional reactor.

The equilibrium constant is given in terms of mole fractions y or number of moles n of the
individual components for both methane reforming (MR) and reverse water gas shift (RWGS) reactions
as follows:

kMR =
p2

H2
·p2

CO

pCO2 . pCH4

=
y2

H2
·y2

CO

yCO2 . yCH4

.P2
Tot =

n2
H2
·n2

CO

nCO2 . nCH4 . n2
Tot

.P2
Tot = exp(−ΔGMR/RT) (14)

kRWGS =
yH2O·yCO

yCO2 . yH2

=
nH2O·nCO

nCO2 . nH2

= exp(−ΔGRWGS/RT). (15)

In order to calculate the equilibrium conversions, the equilibrium constant was calculated by
finding the Gibbs free energy. The calculations were performed using MATLAB.

4. Conclusions

Methane reforming by CO2 was investigated in this study over series of Ni/AC, NiMgO/AC,
and Ni/MgO/AC catalysts using microwave as the heating source. Among Ni/AC catalysts with
varying nickel loading, 15Ni/AC showed the highest activity. The addition of Mg as the promoter was
found to enhance the activity of the catalyst by increasing nickel dispersion. H2/CO ratio was also
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increased, indicating that with the addition of Mg, the effect of secondary reaction was less profound.
Increasing the reaction temperature was found to improve the conversion of reactants, which was
expected as the reforming reaction is endothermic. Increasing the temperature from 650 ◦C to 730 ◦C
showed the highest increase in conversion and H2/CO ratio.

Compared to conventional heating, applying microwave heating at the same catalyst bed
temperature for both heating systems resulted in significant enhancement of the methane conversion.
However, for high flow rate (GHSV of 33,000 mL/g cat.h), the conversions were below the equilibrium
value. Decreasing the flow rate, the conversions passed the equilibrium values for the tested temperature
(650 ◦C). The higher conversions were related to the creation of micro-plasmas or hot spots over the
active sites increasing the reaction temperature higher than the measured average temperature of
catalyst bed.

Reactor energy efficiency based on the outlet gas temperatures was compared between both
heating mechanisms for 10Ni/AC and Ni/MgO/AC catalysts. The microwave heating was found to
have lower outlet gas temperature and higher efficiency than its conventional counterpart.
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Abstract: Waste cooking oil (WCO) hydrotreating to produce green diesel is good for both the
environmental protection and energy recovery problems. The roles of catalyst support and reaction
temperature on reactions during WCO hydrotreating process were evaluated over an unsupported
and a commercial sulfided cobalt and molybdenum (CoMoS) catalyst supported by a mixture of
Al2O3, TiO2, and SiO2. The presence of catalyst support helped to improve the dispersion and
enlarge the surface area of CoMoS, and was found to be a key factor in reducing reaction temperature,
in enhancing the hydrodeoxygenation (HDO) and hydrogenation capabilities, and in decreasing
polymerization capability. The increase of reaction temperature strongly improved the deoxygenation,
hydrogenation, and cracking reaction activities. Compared to the unsupported CoMoS, the supported
one exhibited good deoxygenation and hydrogenation capabilities at 340 ◦C in WCO hydrotreating
to produce diesel fraction; however, high temperature operation needs to be carefully controlled
because it may cause overcracking and dehydrogenation.

Keywords: catalyst support; CoMo sulfided catalyst; deoxygenation; cracking and polymerization;
hydrogenation and dehydrogenation; waste cooking oil

1. Introduction

Renewable biofuels can reduce greenhouse gas emissions because of the carbon fixation that
occurs during plant growth through the process of photosynthesis [1]. The conversion of waste cooking
oil (WCO) into fuel is a good method to solve both the environmental protection and energy recovery
problems. Biodiesel—fatty acid methyl ester—is the most common biofuel presently; however, it has
some drawbacks: (1) high acidic number and low heat value due to the presence of oxygen and
(2) air sensitivity due to the presence of unsaturated hydrocarbons. Green diesel, the product from
hydrotreating of triglycerides, is made up of deoxygenated and saturated hydrocarbons, and has
similar molecular structures to those of petroleum derived diesel fuels. Therefore, hydrotreating is
regarded as the potential route to solve all the problems of biodiesel. Another advantage is that the
triglyceride-based biofuels can be compatible with the current infrastructure.
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Catalysts are the core for the catalytic reactions, and the reaction routes significantly depend
on the catalyst used. MoS2, a very popular catalyst for petroleum hydrodesulfurization and
hydrodenitrogenation, and is also regarded as an effective catalyst for deoxygenation during triglyceride
hydrotreating [2–8]. The roles of different promoters on the triglyceride deoxygenation process over
MoS2 have been extensively investigated. The sulfur vacancies formed when MoS2 was promoted by
Ni, which improved the hydrogenation capability and the selectivity of hydrodeoxygenation (HDO) to
hydrodecarbonylation/decarboxylation (HDCO) to a higher level. The reason for this improvement
is that there is a synergistic effect between MoS2 and Ni on the unsaturated metal edge sites [9].
Co-promoted MoS2 exhibited saturated edge sites in hydrogen atmosphere, favoring cracking by C–C
hydrogenolysis, and showed a higher selectivity for HDCO over HDO due to the adsorption of carbon
atoms in reactant molecules on the sulfur edge adjacent to Co [9,10].

Different catalyst supports [11], even the same support only differing in morphology, orientation,
or composition [12–15], had a significant effect on the hydrotreating process. The dispersion of the metal
sulfides and the existence of the bond between metal sulfides and support were influenced by the types
of catalyst support; therefore, the activity of deoxygenation and the selectivity of the deoxygenation
pathways (HDO and HDCO) could be fine-tuned [16–18]. Alumina-supporting sulfided cobalt and
molybdenum (CoMoS) did not correlate with the deoxygenation capability, but it enhanced methylation
reactions to a large extent [10,19]. Compared to nonacidic support, activated carbon and silica,
more acidic CoMoS catalyst supports, such as alumina, enhanced decarbonylation and deesterification
reactions of carboxyl groups [16]. Comparing NiMo/SAPO-11 and NiMo/Al2O3, the former had higher
selectivity for decarboxylation (41.2%); whereas the latter favored to hydrodeoxygenation (62.5%) [20].
Among SiO2, Al2O3, and TiO2, NiMo/SiO2 showed lower hydrogenation and higher decarboxylation;
whereas NiMo/TiO2 resulted in higher HDO selectivity [17]. The Si/(Si+Al) ratio of catalyst support
significantly affected the total acidic sites of catalyst, further changed the deoxygenation reaction rates
and pathways [21]. Due to these conflicting results and the lack of studies to discuss non-deoxygenation
reactions took place at the same time during WCO hydrotreatment, it is necessary to investigate the
roles of catalyst support on triglyceride hydrotreating.

Comparing an unsupported catalyst to a supported catalyst may make it easier to comprehend
what role catalyst support plays during WCO deoxygenation process. Besides, operational temperature
was found to be the most dominant factor affecting the triglyceride hydrotreating process, which
significantly affected product composition [1,22–24]. The previous publications have proven that
CoMoS catalysts were efficient deoxygenation catalyst for triglycerides [6–10,12,15,16,19,22]. Moreover,
CoMoS catalysts are widely used in petroleum or its fraction hydrotreatment processes; therefore,
they are more easily applied in industrial plant. This present work investigated the roles of
catalyst support on WCO hydrotreating process by three categories reactions: deoxygenation,
hydrogenation/dehydrogenation, and cracking/polymerization by comparing an unsupported CoMoS
catalyst and a supported (Al2O3-TiO2-SiO2) CoMoS catalyst at different reaction temperatures. The main
objectives were to explore the reaction routes, to identify the effects of support/temperature on product
distributions and compositions, and to provide a basis for industrial production using the triglyceride
hydrotreating process.

2. Results and Discussion

2.1. Catalyst Characterization

2.1.1. Catalyst Morphology and Basic Properties

The morphology of the unsupported and supported CoMoS catalyst were identified by TEM
images (Figure 1). The unsupported CoMoS (Figure 1a) appears to have longer slabs (Figure 1b) than
the supported CoMoS.
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(a) (b) 

Figure 1. TEM images of unsupported and supported CoMoS catalysts. (a) Unsupported catalyst and
(b) supported catalyst.

The basic properties of the studied CoMoS are shown in Table 1. Regarding the average layer
number, the unsupported and supported CoMoS have average layer numbers of 2.9 and 2.3, respectively,
and the slab length of the unsupported and supported catalysts was 7.8 nm and 5.8 nm. Using the
method described by Calais et al. [25], the ratios of edge metal atoms to edge atoms (including Co and
Mo metal atoms and sulfur atoms) on the unsupported and supported CoMoS catalyst were 0.31 and
0.25, respectively. This illustrated that the supported CoMoS had more edge metal sites whereas the
unsupported one had more saturated sulfur sites. The atomic ratios of Co to the total metal atoms
(Co +Mo) for the unsupported and supported CoMoS were 0.25 and 0.31, respectively. Compare
to the unsupported CoMoS, the supported one had a larger surface area but a smaller pore volume.
Figure S1 shows that the unsupported catalyst has a bimodal pore size distribution: a sharp peak at
2.5 nm and a broad peak nearby 12 nm; however, only one broad peak near to 6 nm showed in the
supported catalyst pore size distribution results.

Table 1. Basic properties of unsupported and supported CoMoS catalysts.

Catalysts Supported Catalyst Unsupported Catalyst

Average slab length (nm) 5.84 7.80
Average layer numbers 2.34 2.92

Fraction of edge metal atoms 0.25 0.15
Surface area (m2 g−1) 150.0 82.2

Pore volume (cm3 g−1) 0.35 0.53
Co/Mo (wt%/wt%) 3.0–4.0/16–20 10.3/50.4

Co/(Co +Mo) (atom ratio) 0.31 0.25

2.1.2. Active Site Distribution

The temperature-programmed reduction (TPR) spectra shown in Figure 2 are quantitatively
summarized in Table S1.

As can be seen in Figure 2, H2S was not generated over the unsupported catalyst until the
temperature was higher than 400 ◦C. The trials with the supported catalyst generated different
results: H2S was detected right when the consumption of H2 began. The temperature of the first
H2 consumption peak over the supported catalyst (at 175 to 275 ◦C) was much lower than that over
the unsupported catalyst (at approximately 230 to 430 ◦C). This may be explained by: (1) the well
dispersion of the active sites by the supports where smaller particles were formed; (2) the presence
of catalyst support that limits the growth of MoS2 crystals. These small-sized active phases should
show more activity towards the hydrogen reduction and sulfiding since much more contact surfaces
are available than the large-sized bulk one (unsupported catalyst). This means that hydrogen could
be better dissociatively adsorbed on the active phase for the supported CoMoS catalyst, while much
less available hydrogen would participate in the hydrogenation reactions for the unsupported one.
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On the other hand, according to the previous study, the nano-sized metals, such as bare nickel nano
particles, are easily agglomerated during a reduction process [26]. This might be the reason that the
unsupported catalysts could be easily sintered during the reaction which increases the difficulty of
hydrogen reduction and decreases the catalytic activity. As shown in Table S1, the amounts of H2

consumption and H2S production were also much lower over the supported catalyst than over the
unsupported catalyst. This is because for the same amount of catalysts, more portions of active phases
are contained in the unsupported catalyst than the supported CoMoS catalyst. However, the supported
catalyst displayed a higher activity under low reaction temperature (250–275 ◦C) due to the lower
hydrogen reaction temperature of the supported CoMoS (Figure 2). Furthermore, under hydrotreating
a temperature range of 250 to 375 ◦C, unsaturated sulfur vacancies, formed after H2S is produced,
are the primary active sites that the supported CoMoS have. Comparatively, saturated sulfurs are the
main active sites that the unsupported CoMoS have, because there is no H2S release, which means the
consumed hydrogen was adsorbed on saturated sulfur sites. These results that the types of active sites
on catalyst surface are in accordance with the fraction of edge metal atoms.

 
Figure 2. Temperature-programmed reduction (TPR) spectra of the supported and unsupported catalyst.

The unsupported catalyst only contained metal active sites, whereas the supported catalyst was a
bifunctional catalyst, having both metal active sites and acidic sites present on the support. There were
no strong acids on the catalyst support, while the amounts of weak and medium acids were 2.26
and 0.23 mmol per gram of catalyst. It should be noted that only Lewis acids exist on the support
made of alumina and titania. It was reported that the Lewis acids derived from the Mo4+ helped
the hydrodeoxygenation process owing to the electron acceptors on the Lewis acid sites where the
carbonyl group (C=O) could be easily adsorbed [27]. Therefore, the comparatively sufficient reduction
of the supported CoMoS catalyst leads to the formation of more Mo4+, which are favorable for the
hydrodexoygenation, and on the other hand, the Lewis acids on the support also favors to enhance the
hydrodexoygenation in the hydrotreating process. This explains the better catalytic performances of
the supported CoMoS than that of the unsupported one.

2.2. Liquid Products

Compositions of Feed and Liquid Products

The WCO feed was filtered before use. The H2O content, density, and total acid value were 0%,
0.9177 g/cm3, and 0.86 mg KOH/g, respectively. The feed was primarily composed of triglycerides,
which were converted into the corresponding fatty acid methyl esters (determined by GC/MS) [28].
C16 saturated fatty acid (palmitic acid) and C18 unsaturated acids were the primary fatty acids in
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WCO, accounting for 6.7 ± 0.8% and 89.3 ± 0.8% (72.4 ± 1.1 wt % of oleic acid and 17.5 ± 0.3 wt %
of linoleic acid), respectively. Figure 3 shows the product fractions of chemical compounds in the
hydrotreated liquid products.

Figure 3. Fraction distribution of liquid products hydrotreated by unsupported and supported CoMoS
catalysts. * The number is reaction temperature; Uns and S mean unsupported and supported CoMoS,
respectively. e.g., 340-S: the liquid products are upgraded at 340 ◦C over supported CoMoS. The same
abbreviations are used in the remaining Figures.

Over the unsupported catalyst, the hydrocarbon fractions increased when the temperature rose
from 300 to 375 ◦C. Over the supported catalyst, the hydrocarbon fractions first increased and then
subsequently were stable at 100% when the temperature rose from 300 to 340 and from 340 to 375 ◦C,
respectively. The hydrocarbon fraction was close to 100% over the unsupported CoMoS when the
temperature was at 375 ◦C, which was higher than 340 ◦C over the supported CoMoS. The existence of
the catalyst support dramatically reduced the threshold value of reaction temperature: the supported
catalyst needed ~35 degrees less than the unsupported catalyst to reach a similar deoxygenation extent,
which is of great application value in industry. The presence of the catalyst support, Al2O3–TiO2–SiO2,
strongly enhanced the deoxygenation capabilities of CoMoS.

3. Reaction Route Discussion

Considering the significant differences in liquid product compositions that were obtained by
doing the reactions with the supported and unsupported catalyst at different temperatures, the reaction
routes were primarily examined from three points of interest: deoxygenation (C–O cracking or C–CO
cracking), cracking (C–C cracking)/polymerization (C–C chain growth), and hydrogenation (C=C
saturation)/dehydrogenation (C–H disassociation). The reaction routes of the hydrotreated WCO over
the unsupported CoMoS were investigated in a previous study [14]. The simplified reaction pathways
are shown in Scheme 1.

Scheme 1. Simplified reaction pathways during waste cooking oil (WCO) hydrotreating processes.

Unsaturated triglycerides were first subjected to hydrogenation, which transformed unsaturated
carbon–carbon double bonds into saturated carbon–carbon single bonds. Oxygen-containing
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intermediates (including glycerides and fatty acids) and gas hydrocarbon products were then produced
through the breaking down of the newly saturated triglycerides. This process occurred very quickly
and was irreversible [29]. The by-product of this process, glycerol, was quickly converted into propane
or propene and water by hydrotreating. The fatty acids were then deoxygenated (through removal of
CO, CO2, or H2O) into hydrocarbons under different reaction routes. The produced hydrocarbons could
undergo non-deoxygenate reactions. Focus was placed on the deoxygenation, cracking/polymerization,
and hydrogenation/dehydrogenation reactions of the supported and unsupported CoMoS catalyst.

3.1. Deoxygenation

3.1.1. Types of Oxygen Containing Compounds

The general goal of studying the WCO hydrotreating was to produce oxygen-free diesel fraction.
As shown in Figure 4, the oxygenate fractions in the products decrease with the increase of reaction

temperature when using the unsupported CoMoS as a catalyst. The oxygenates were almost completely
removed (less than 0.2% oxygenates were left) in the products over 340 ◦C by using the supported
CoMoS; whereas 1.4% fatty acids existed in the products at 375 ◦C by using the unsupported CoMoS.
This indicates that the presence of the catalyst support caused an enhancement to the deoxygenation
reactions. The oxygenate intermediates in the liquid products by the unsupported and supported
CoMoS were primarily fatty acids.

Figure 4. Oxygenates distributions in WCO hydrotreated liquid products.

3.1.2. HDO vs. HDCO

The two reaction routes that fatty acids undergo for deoxygenation are C-O cracking
(hydrodeoxygenation, HDO) and C–CO cracking (HDCO, including hydrodecarbonylation (DCO) and
hydrodecarboxylation (DCO2)). Differentiating between DCO and DCO2 is difficult due to the fact
that CO and CO2 can undergo water–gas shift (CO reacting with water to form H2 and CO2). From the
point of thermodynamics, the methanation of CO and CO2 becomes possible below 550 ◦C and a low
temperature is favorable [30,31]. Consequently, under the present reaction conditions (300–375 ◦C),
it is possible that water and methane are produced from the reaction of CO and/or CO2 to H2 [32].
Therefore, only two deoxygenation routes were considered, HDO and HDCO [33]. Stearic acid was
used as an example to illustrate the deoxygenation routes (see Scheme 2).
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Scheme 2. Deoxygenation routes during WCO hydrotreating processes.

Unsaturated C17 hydrocarbon is produced first due to DCO by releasing CO and water [34],
and then C17 olefin can be converted to paraffin (reaction (1) in Scheme 2). The decarboxylation
of fatty acid does not require hydrogen and results in saturated C17 and a by-product of CO2

(reaction (2) in Scheme 2) [35,36], or the saturated C17 (reaction (3) in Scheme 2) is formed from the
reduction of fatty acid to aldehyde [37]. C18 hydrocarbon and by-product, H2O, are produced through
hydrodeoxygenation (reaction (4) in Scheme 2) [38,39], where the alcohol or aldehyde intermediates
can be respectively formed from the reduction of aldehydes or fatty acids. The ratio of the occurrences
of the HDO reactions to the HDCO reactions can be measured by relating the concentration of even
number hydrocarbons to odd number hydrocarbons in the products. Based on the composition of
WCO, which consists of a majority of C18 fatty acids (91%), this method is suitable for obtaining the
HDO/HDCO ratios. The results were confirmed by the ratios of C16/C15 because the C16 content in
the WCO is 8.0% (7.5% saturated and 0.5% unsaturated C16). The errors were less than 3.0% between
C18/C17 and C16/C15 ratios.

The comparison between the C18/C17 ratios of different products is shown in Figure 5.

 
(a) (b) 

Figure 5. C17 and C18 distributions in WCO hydrotreated liquid products. (a) Mass ratio of C18/C17
hydrocarbons. (b) C17 and C18 distributions.

It was noticed that the C18/C17 ratios of the products obtained over the supported CoMoS were
much higher than those over the unsupported CoMoS as shown Figure 5. This suggests that HDO
was the main reaction pathway of the supported CoMoS catalyst (oxygen was removed primarily
in the form of H2O). On the other hand, this result also suggests that HDCO was the main reaction
pathway of the unsupported CoMoS (oxygen was removed primarily in the form of CO or CO2).
The presence of the CoMoS catalyst support significantly influenced the triglyceride deoxygenation
process, probably because the Lewis acidic sites on the support strengthened the hydrogenolysis
capability [16,35], which increased the hydrogen concentration on the catalyst surface, and further
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enhanced the HDO capability. Lewis acidic sites on the support (Al2O3–TiO2–SiO2) might also have
increased the occurrence of hydrogenation-dehydration and hydrogenation steps (reactions (3), (6),
and (7) in Scheme 2) because the fatty acids bonded with Lewis acidic sites on the catalyst support
facilitating the removal of the –OH [35], which led to an enhancement of the HDO pathway.

As shown in Figure 2, the supported catalyst contained abundant sulfur vacancies, whereas the
unsupported catalyst contained none until the reaction temperature reached 400 ◦C. Therefore, at the
reaction temperature of 300 to 375 ◦C, the main active sites of the supported catalyst were sulfur
vacancy, whereas the unsupported catalyst was dominated by saturated sites. The distinct active
sites are responsible for different main reaction pathways. Combining TPR results and liquid product
compositions, the active phases on the supported catalyst have a good ability to dissociate H2 to remove
the oxygen by HDO, while the active phases on the unsupported catalyst do not have enough ability to
activate the adsorbed hydrogen, resulting in the occurrence of HDCO. In other words, HDO took place
on the active sites that were unsaturated and oxygen was removed by the sulfur vacancies residing on
the catalyst surface. Conversely, HDCO took place on the sulfur-saturated sites. Ryymin et al observed
that reduction reactions (e.g., hydrodeoxygenation and hydrogenation) occurred on unsaturated sites
independently and decarbonylation occurred on sulfur-saturated sites when the reactions occurred
such as deoxygenation of phenol and methyl heptanoate over a sulphided NiMo/Al2O3 catalyst [35].
For both the supported and unsupported CoMoS, the influence of temperature on HDCO was the
same: HDCO was found slightly more favorable under higher temperature.

3.2. Hydrocracking (C–C Cracking) and Polymerization (C–C Chain Growth)

The cracking and polymerization selectivity of the unsupported and supported CoMoS products
at different temperatures were evaluated and the experiment results are shown in Figure 6. WCO was
composed of more than 96 wt % of C16 and C18 fatty acids. The C15 to C18 hydrocarbons were therefore
the expected corresponding deoxygenated products if no cracking and/or polymerization occurred [33].
Hydrocarbons with carbon numbers lower than 15 and carbon numbers higher than 18 were thus
considered to be the products of hydrocracking and polymerization, respectively. In comparison with
the feed, the hydrotreated products had a higher C15− and a lower C15–18 distribution as shown in
Figure 6.

Figure 6. Hydrocracking and polymerization reactions during WCO hydrotreating processes.

All liquid products were primarily composed of C15–18 (over 80%). Reaction temperature was a
key factor in the cracking/polymerization of WCO hydrotreating using a CoMoS catalyst. Bezergianni
et al. made the same observation [1,2,23,40]. When the reaction temperature increased from 300 to
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375 ◦C over the unsupported CoMoS, the product fraction of hydrocarbons that were lighter than
C15 increased from approximately 1.4 wt % to 11.3 wt %, while C15-18 decreased from 96.2 wt % to
80.7 wt %. The same effect also occurred for the supported CoMoS: when the reaction temperature
increased from 300 to 375 ◦C, the C15− fraction increased from 0.9 wt % to 6.6 wt % and C15-18
decreased from 97.8 wt % to 93 wt %.

Over the unsupported CoMoS, the following changes were observed when the reaction temperature
increased from 300 to 375 ◦C: 15.5 wt % of C15-18 was converted into 9.9 wt % of C15− and 5.6 wt % of
C18+. The degree of polymerization increased with increasing reaction temperature. An interesting
observation was that at 375 ◦C only cracking reactions occurred during WCO hydrotreating over the
supported CoMoS—polymerization was not observed. Compared to hydrocarbons with lower carbon
number, the higher ones are more reactive during cracking process. Therefore, the disappearance of
C18+ hydrocarbons at a high temperature over the supported CoMoS may be explained by the further
cracking of the polymerized hydrocarbons into the lighter ones. This is also agreed with the fact that
over the supported CoMoS catalyst, the C15-18 hydrocarbons did not undergo a significant decrease
from 340 to 375 ◦C, while the C15− hydrocarbons increased substantially. On the other hand, a distinct
increase in C18+ hydrocarbons was observed from 340 to 375 ◦C over the unsupported CoMoS catalyst.
This further confirms that the supported CoMoS had higher hydrocracking ability and indicates that
Lewis acidic sites on the support (Al2O3–TiO2–SiO2) may have an important impact on hydrocracking
reaction capabilities.

3.3. Hydrogenation (C=C Saturation) and Dehydrogenation (C–H Disassociation)

The content of compounds containing C=C bonds is important when used as fuels, because olefin
content is related to fuel instability. The degree of hydrogenation was revealed by the selectivity of
alkanes found in the liquid products, as shown in Figure 7.

Figure 7. Hydrogenation or dehydrogenation reactions during WCO hydrotreating processes.

According to Figure 7, the alkane selectivity increased with increasing reaction temperature
for all trials both over the supported and unsupported catalyst. The majority of oxygenates were
removed from the product obtained by upgrading at 375 ◦C over the unsupported catalyst; however,
there was still a certain amount of unsaturated hydrocarbons (around 35 wt %) that were left (shown
in Figure 7). When using the supported CoMoS at 300 ◦C, 340 ◦C, and 375 ◦C, more than 68 wt %,
78 wt %, and 100 wt % hydrocarbons were successfully saturated. This suggests that the supported
CoMoS caused a higher hydrogenation activity compared to the unsupported CoMoS. The presence
of catalyst support may promote the hydrogenation capabilities [35]. The reason for this is probably
because acidic sites on the catalyst support could make the C=C bond active, the good dispersion of
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active phases helping to dissociate hydrogen, and could migrate to the C=C bonds by spill over to
form C–C bonds.

Besides, small amount of cyclic hydrocarbons (less than 1.1%) were found in the liquid products
upgraded over both supported and unsupported catalysts when reaction temperature were higher at
375 ◦C.

The stability of the catalyst is an important part of the research to show the efficiency of the best
catalyst; limit to the length of this paper, the authors published the reusability of the supported catalyst
under the best condition in the journal of “Molecular Catalysis” [8].

4. Experimental

4.1. Catalyst Preparation and Evaluation

The synthesis of unsupported catalyst were the same as in the previous studies (using a
hydrothermal method with Na2S·9H2O, HCl, MoO3, and Co(NO3)2·6H2O) [9,29]. The hydrothermal
reaction conditions were at 320 ◦C for 2 h. The supported CoMoS studied in this work were with
a mixture of Al2O3, SiO2, and TiO2 as the support and purchased from Liaoning Haitai Sci-Tech
Development Co., Ltd. (Fushun, Liaoning, China).

Before evaluation, the catalyst was sulfided at 280 ◦C under 1.5 MPa with a flow rate of 80 mL/min
hydrogen and a 0.1 mL min−1 dodecane solution containing 2% dimethyl disulfide (DMDS) for 2 h.
Hydrotreating of WCO was carried out in an autoclave (Parker Autoclave Engineers Inc., Erie, PA,
USA, 1L) under a pressure of 9 MPa hydrogen (99.99%) and at temperatures of 300, 340, and 375 ◦C.
The mass ratio of catalyst active component to feed was 1:200 and the reaction time was 8 h. A blank
testing without catalyst was carried out at 375 ◦C and the thermal reaction effect was not considered
because of the low glyceride/oxygen conversion [29].

4.2. Catalyst Characterization

An Autosorb-1 (ANTON PAAR USA INC., Ashland, VA, USA) was used to test the physical
properties of the investigated CoMoS. All detailed testing information is the same as the previous
publication [9,29].

An Autosorb-1 combined with a RGA-200 (Stanford Research Systems, Sunnyvale, CA, USA)
was used to detect NH3-TPD and TPR, which reveal the amount and strength of active sites on the
catalysts, respsectively.

TEM (JEOL 2011, JEOL Ltd., Otemachi, Chiyoda, Tokyo, Japan) was used to determine the
morphology of CoMoS, and EDX (Genesis 4000 spectrometer) was used to estimate the elements
and their approximate composition in the unsupported CoMoS. The elemental compositions of the
supported CoMoS were determined by A JEOL JXA-733 Electron Microprobe analyzer (JEOL Ltd.,
Otemachi, Chiyoda, Tokyo, Japan). Image analysis software was used to measure the slab length and
layer numbers of CoMoS. The average slab length and layer numbers were calculated from 100+ slabs
from different particles.

The sulfur content of the unsupported and supported catalyst was detected using an elemental
analyzer (CHN-932, LECO Empowering Results, St. Joseph, MI, USA) and an Antek Nitrogen/Sulfur
Analyzer (NS-9000, Antek Instruments, Inc., Houston, TX, USA), respectively.

4.3. Product Analysis

The qualitative chemical compositions of liquid products were analyzed by a gas chromatograph
(Shimadzu GC-17A, Shimadzu Scientific Instruments, Kyoto, Japan) coupled to a mass spectrometer
(Shimadzu MS-QP5000) (GC/MS, Shimadzu Scientific Instruments, Kyoto, Japan).

The quantitative testing of hydrocarbons in liquid samples was determined by external standard
method using a Varian 450 gas chromatograph (Agilent Technologies, Inc., Santa Clara, CA, USA).
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The quantitative testing of oxygenates was determined as follows. The total oxygen content in
the feed and in the liquid products was calculated by the difference of carbon and hydrogen contents
that were examined by a CHN-932 elemental analyzer (LECO Empowering Results, St. Joseph, MI,
USA) according to ASTM D 5291. The free fatty acids were analyzed by both gas chromatography
(Shimadzu GC-17A, Shimadzu Scientific Instruments, Kyoto, Japan) and titration (ZD-2A Automatic
potentiometric titrator, Rex, Shanghai, China) according to ASTM D 664. The contents of alcohols and
aldehydes were calculated from GC/MS results by the peak area and response factor of 1.3 and 1.4,
respectively [41]. The oxygen balance was used to calculate the content of unreacted glycerides.

4.4. Calculations

Hydrogenation activity is reflected by alkane selectivity (Equation (1)).

Alkane selectivity =
Mass o f Alkanes

Mass o f (Alkanes + Alkenes)
(1)

All detailed testing information is the same as the previous publication [9,29,42,43].

5. Conclusions

This research investigated the roles of the catalyst support and reaction temperature
on WCO hydrotreating process by evaluating the deoxygenation, cracking/polymerization,
and hydrogenation/dehydrogenation performances of an unsupported CoMoS catalyst and an
Al2O3-TiO2-SiO2 supported CoMoS catalyst.

In the deoxygenation process, the hydrocarbon fraction was close to 100 wt % in the products
that were upgraded at 375 ◦C over the unsupported CoMoS and 340 ◦C over the supported CoMoS,
respectively. HDO was the main reaction pathway of the supported CoMoS catalyst and HDCO was
the main reaction pathway of the unsupported CoMoS. The increase in reaction temperature did not
affect the main reaction pathways, yet it slightly enhanced HDCO capability.

In the hydrocracking and polymerization process, the unsupported catalyst was correlated with
higher levels of polymerization when compared to the supported catalyst because of lack of the acidic
support. The increase in reaction temperature enhanced the cracking and polymerization capability
for the unsupported catalyst, but only cracking capability for the supported catalyst.

In the hydrogenation and dehydrogenation process, the dehydrogenation reaction occurred when
the reaction temperature was above 375 ◦C. Compared to the unsupported CoMoS, the supported
CoMoS exhibited higher hydrogenation capability at 300–375 ◦C.

During WCO hydrotreating process, the presence of the CoMoS catalyst support enhanced
HDO, reduced the polymerization degree, and decreased the reaction temperature. The increase in
reaction temperature promoted the deoxygenation, hydrogenation, and cracking reaction capabilities.
The supported CoMoS exhibited good deoxygenation and hydrogenation capabilities under 340 ◦C
in WCO hydrotreating to produce diesel fraction; however, high temperature operation needs to be
carefully controlled because it may cause overcracking and dehydrogenation.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/9/8/689/s1,
Figure S1: BJH pore size distribution of the supported and unsupported catalyst, Table S1: The amount of active
sites on the supported and unsupported catalyst.
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Abbreviations

WCO waste cooking oil.
CoMoS sulfided Cobalt and Molybdenum.

HDO
hydrodeoxygenation. In the HDO reaction, oxygen is removed in the form of water by
adding hydrogen into oxygen-containing compounds.

HDCO hydrodecarbonylation and decarboxylation.

DCO
the process in the hydrodecarbonylation reaction, in which oxygen is removed in the form
of water and CO.

DCO2
the process in the hydrodecarboxylation reaction, in which oxygen is removed in the form
of CO2.

SAPO-11 a medium-pore silicoaluminophosphate molecular sieve with tunable acidity.

A/B catalyst
A stands for the active metal of the catalyst, B stands for the support of the catalyst. For
example, CoMoS/SiO2 means that the active metal of the catalyst is sulfided Cobalt and
Molybdenum, and the support of the catalyst is Silica.
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Abstract: This study investigates the applicability of the Leven–Marquardt algorithm,
Bayesian regularization, and a scaled conjugate gradient algorithm as training algorithms for
an artificial neural network (ANN) predictively modeling the rate of CO and H2 production by
methane dry reforming over a Co/Pr2O3 catalyst. The dataset employed for the ANN modeling
was obtained using a central composite experimental design. The input parameters consisted of
CH4 partial pressure, CO2 partial pressure, and reaction temperature, while the target parameters
included the rate of CO and H2 production. A neural network architecture of 3 13 2, 3 15 2, and 3
15 2 representing the input layer, hidden neuron layer, and target (output) layer were employed for
the Leven–Marquardt, Bayesian regularization, and scaled conjugate gradient training algorithms,
respectively. The ANN training with each of the algorithms resulted in an accurate prediction of
the rate of CO and H2 production. The best prediction was, however, obtained using the Bayesian
regularization algorithm with the lowest standard error of estimates (SEE). The high values of
coefficient of determination (R2 > 0.9) obtained from the parity plots are an indication that the
predicted rates of CO and H2 production were strongly correlated with the observed values.

Keywords: artificial neural network; kinetic modeling; cobalt-praseodymium (III) oxide; CO-rich
hydrogen; methane dry reforming

1. Introduction

Methane dry reforming is a thermo-catalytic process used for producing synthetic gas (syngas), a
mixture of hydrogen (H2) and carbon monoxide (CO), by utilizing methane (CH4) and carbon dioxide
(CO2) as feedstocks [1]. Although there are several processes such as steam methane reforming [2],
coal gasification [3], glycerol reforming [4], and partial oxidation reforming [5] that can be employed
for syngas production, none of these processes have the advantages of mitigating greenhouse gas
emission through the consumption of CH4 and CO2 [6]. Besides being a potential technical route for
greenhouse gas emission reduction, methane dry reforming has the advantage of producing syngas
with a H2:CO ratio close to unity [7]. The syngas produced can in turn be used as an important building
block for many industrial processes such as ammonia, methanol, and synthetic fuel production [8].
However, one of the key challenges of the methane dry reforming process is catalyst deactivation by
carbon deposition and sintering which is caused due to the high temperature (>873 K) required for the
reaction [9].

To overcome these challenges, several supported metal-based catalysts have been developed
and tested. An extensive review by Abdullah et al. [10] revealed that supported nickel (Ni) catalysts
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have been mostly investigated for methane dry reforming due to its high catalytic performance.
Nevertheless, the Ni-based catalysts are very prone to sintering and carbon deposition [11]. On the
other hand, cobalt (Co)-based catalysts which have a comparative activity to Ni have been reported
to show superior stability compare to Ni under the same process condition [12,13]. In our previous
studies, the use of rare-earth metal oxide-supported Co catalysts for CO-rich hydrogen production
showed considerable activity and stability [14–16]. However, one major challenge is understanding
the kinetics of the methane dry reforming in terms of the rate of H2 and CO production due to
variations in the chemical composition of the various catalysts [17]. This challenge can be overcome
by employing an artificial intelligence modeling approach for a better understanding of the process
parameters [18,19]. Processes with non-linear and complex relationships between the input and
the output parameters are often encountered in real life processes. The better understanding of the
non-linear relationship between the input and the output parameters of the process can further be
utilized to optimize the process operation and create the basis for the theoretical framework, process
automation, and upscaling [20].

An artificial intelligence modeling approach using an artificial neural network (ANN) has been
widely employed for different catalytic processes, such as hydrodesulfurization [20], methanol steam
reforming, glycerol steam reforming [21,22], air gasification of biomass [23], water gas shift reaction [24],
and steam gasification of palm oil waste [25]. Nasr et al. [26] reported the use of ANN for the predictive
modeling of biohydrogen production using a back-propagation configuration and concluded that the
experimental and the predicted biohydrogen production were strongly correlated. Zamaniyan et al. [27]
employed a three-layer back-propagation feed-forward ANN for modeling industrial plant hydrogen.
The study revealed that the ANN accurately predicted the temperature, pressure, and mole fraction of
the hydrogen production in the plant. Ghasemzadeh et al. [28] predicted the performance of a silica
membrane reactor during methanol steam reforming using a multilayer perceptron ANN. The study
shows that the membrane pressure, temperature, and gas hourly space velocity were accurately
predicted with a strong correlation between the actual and the predicted values. In a similar study by
Ghasemzadeh et al. [22], ANN was also employed for the predictive modeling of hydrogen production
by glycerol steam reforming over a Co/Al2O3 catalyst. The feed forward ANN accurately predicted the
glycerol conversion, H2 recovery, H2 yield, H2 selectivity, CO selectivity, and CO2 selectivity with a
high coefficient of determination (R2) and low mean square error (MSE). In our previous study, ANN
has been employed for the prediction of CH4 conversion, CO2 conversion, and syngas ratio from
methane dry reforming over Sm2O3- and CeO2- supported Co catalysts [19]. In all the above studies,
the Leven–Marquardt algorithm was employed for the training of the ANN. In this study, the effect
of employing three training algorithms, namely Leven–Marquardt, Bayesian regulation, and scaled
conjugate gradient, on the predictability of the ANN model was investigated. The effectiveness of each
of the trained ANN configurations was tested through the predicted rate of H2 and CO production
from the Co/Pr2O3-catalyzed methane dry reforming process.

2. Results and Discussions

2.1. Generated Data for the ANN Modeling

The data obtained from the experimental runs using a central composite design (CCD) are
summarized in Table 1. The data consist of 50 experimental runs which are made up of treatment
combinations of reaction temperature, CH4 partial pressure, and CO2 partial pressure as input
parameters, while the target parameters include the rate of CO and H2 production. The responses (target
values) obtained from each of the experimental runs varies according to the treatment combinations of
the reaction temperature, CH4 partial pressure, and CO2 partial pressure.
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Table 1. Data obtained from central composite experimental design for artificial neural network
(ANN) modeling.

S/N
Reaction

Temperature (K)
CH4 Partial

Pressure (kPa)
CO2 Partial

Pressure (kPa)
Rate of CO Production

(mmol/gcat/min)
Rate of H2 Production

(mmol/gcat/min)

1 973 27.5 27.5 0.2880 0.1032
2 1023 15.0 40.0 0.3085 0.1103
3 973 27.5 48.5 0.1736 0.0918
4 973 27.5 27.5 0.2878 0.1030
5 973 27.5 27.5 0.2879 0.1029
6 973 27.5 27.5 0.2878 0.1030
7 973 6.5 27.5 0.0013 0.0078
8 973 27.5 27.5 0.2881 0.1029
9 973 27.5 27.5 0.2878 0.1030

10 973 27.5 27.5 0.2879 0.1031
11 973 27.5 27.5 0.2881 0.1028
12 973 27.5 27.5 0.2880 0.1030
13 1023 40.0 15.0 0.3577 0.2601
14 973 27.5 27.5 0.2882 0.1031
15 923 40.0 40.0 0.0938 0.0422
16 1057 27.5 27.5 0.4623 0.3471
17 973 27.5 27.5 0.2878 0.1029
18 973 27.5 27.5 0.2880 0.1030
19 973 27.5 27.5 0.2881 0.1031
20 973 27.5 27.5 0.2879 0.1029
21 973 27.5 27.5 0.2878 0.1029
22 923 15.0 40.0 0.0381 0.0002
23 973 27.5 27.5 0.2877 0.1031
24 973 27.5 27.5 0.2880 0.1030
25 973 27.5 27.5 0.2876 0.1029
26 973 27.5 6.5 0.1581 0.0134
27 973 27.5 27.5 0.2874 0.1031
28 973 27.5 27.5 0.2877 0.1030
29 973 27.5 27.5 0.2880 0.1029
30 973 27.5 27.5 0.2878 0.1031
31 1023 15.0 15.0 0.3085 0.0113
32 973 27.5 27.5 0.2863 0.1029
33 1023 40.0 40.0 0.3624 0.2341
34 973 48.5 27.5 0.3495 0.1515
35 973 27.5 27.5 0.2878 0.1031
36 923 40.0 15.0 0.0728 0.0021
37 973 27.5 27.5 0.0877 0.013
38 973 27.5 27.5 0.0874 0.0129
39 923 15.0 15.0 0.0281 0.001
40 973 27.5 27.5 0.2881 0.1029
41 973 27.5 27.5 0.2880 0.1031
42 973 27.5 27.5 0.2878 0.1030
43 973 27.5 27.5 0.2880 0.1029
44 973 27.5 27.5 0.2879 0.1031
45 973 27.5 27.5 0.2878 0.1029
46 973 27.5 27.5 0.2880 0.1030
47 973 27.5 27.5 0.2881 0.1031
48 889 27.5 27.5 0.1379 0.0919
49 973 27.5 27.5 0.2880 0.1029
50 973 27.5 27.5 0.2878 0.1030

2.2. Interaction Effect of Process Parameters on the Rate of H2 Production

Theoretically, a catalyzed methane dry reforming reaction as represented in Equation (1) involves
the consumption of 1 mole of CH4 and 1 mole CO2 to produce 2 moles of CO and 2 moles of H2 [29].

CH4 + CO2 � 2CO + 2H2 ΔH298K = +247 kJ/mol (1)

The methane dry reforming process is highly endothermic [30]. Therefore, the reaction is favored
by a high temperature >900 K [31]. Although, the mechanism of the methane dry reforming reaction is
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strongly dependent on the nature of the catalyst, it is generally believed that the reaction commences
with the activation of CH4 and CO2 being adsorbed on the catalyst active sites [32]. The activation
of the adsorbed CH4 often leads to the formation of carbon and hydrogen. While the activation of
the CO2 often occurs at the interphase of the catalyst active site and the support often leads to the
formation of CO and surface O2, which is simultaneously utilized to gasify the carbon formed during
the activation of CH4 [10]. The partial pressure of CH4 and CO2 at varying temperatures are crucial in
determining the rate of production of CO and H2 during the methane dry reforming process [32].

Figure 1a–c shows the interaction effect of the CH4 partial pressure, CO2 partial pressure, and
reaction temperature on the rate of H2 production. As shown in Figure 1a, the rate of H2 production
was significantly influenced by the CH4 partial pressure and reaction temperature. The rate of H2

production increased steadily with an increase in the CH4 partial pressure until 30 kPa and thereafter
decreased. This phenomenon can be attributed to the dominance of methane cracking whereby the
CH4 is activated on the catalyst active site to give H2 and carbon. The carbon formed is often gasified
by the release of surface O2 through the activation of CO2. In the case where the rate of gasification of
the carbon is not at equilibrium with the release of the surface, there would be net carbon deposition
which often results in catalyst deactivation. The deactivation of the catalyst active site by the deposited
carbon could be responsible for the decrease in the rate of H2 production at CH4 partial pressure
>30 kPa. At a low CH4 partial pressure, the rate of H2 production was low and steady due to a high
concentration of CO2 present in the reactant mixture. However, as the CH4 partial pressure increased
to measure up with that of CO2, an increase in the rate of H2 was observed which is typical for the
methane dry reforming reaction [33]. Similarly, the rate of H2 production was found to steadily increase
with an increase in the reaction temperature for all cases, which is consistent with Arrhenius’ concept
of temperature-dependent gas phase reactions [34]. Generally, the rate of H2 production increased
with an increase in both CH4 partial pressure and reaction temperature, which is consistent with the
work of Foo et al. [33], who reported an increase in the rate of production of H2 with CH4 partial
pressure during methane dry reforming over an Al2O3-supported Co-Ni catalyst. In Figure 1b, it can
be seen that both the CO2 partial pressure and the reaction temperature had a significant influence
on the rate of H2 production. There was a steady increase in the rate of H2 production between
5 and 30 kPa and thereafter a decline was observed. Again, within the CO2 partial pressure range
of 5–30 kPa, there was a steady release of surface O2 from the activation of the CO2. However, at a
CO2 partial pressure >30 kPa, there was no equilibrium between the rate of gasification of the carbon
and the carbon deposition. Hence, there might be depletion in the catalyst active site which could
be responsible for the decline in the rate of H2 production. The interaction between the CO2 partial
pressure and the reaction temperature had a significant influence on the rate of H2 production, as can
be seen the yellow part of the mesh diagram. The interaction between the CO2 partial pressure and the
CH4 partial pressure had a significant influence on the rate of H2 production, as shown in Figure 1b,
although at a lower CO2 partial pressure, the rate of H2 production was steady until 30 kPa. This can
be attributed to the dominance of the methane decomposition reaction as stated earlier [35]. Although,
there is a significant interaction between CO2 and CH4 partial pressure, the rate of H2 production was
greatly affected by the CH4 partial pressure.

136



Catalysts 2019, 9, 738

 

(a) 

 

(b) 

(c) 

Figure 1. (a) Interaction effect of CH4 partial pressure and reaction partial pressure on the rate of
CO production; (b) Interaction effect of CO2 partial pressure and reaction temperature on the rate of
CO production; (c) Interaction effect of CH4 partial pressure and CO2 partial pressure on the rate of
CO production.
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2.3. Interaction Effect of Process Parameters on the Rate CO Production

The interaction effects of CH4 partial pressure, CO2 partial pressure, and reaction temperature on
the rate of CO production are depicted in Figure 2. At a constant CH4 partial pressure (Figure 2a), the
rate of CO production was steady with increases in the CH4 partial pressure, whereas a significant
increase in the rate of CO production was observed with an increase in the reaction temperature, which
agrees with the Arrhenius theory for temperature-dependent gas phase reactions. Based on Figure 2a,
the CH4 partial pressure did not have much influence on the rate of CO production. This is due to
the fact that CO is solely produced from the activation of CO2. At a lower CH4 partial pressure, it
can be inferred that the Bondouard reaction is dominant [36]. In this case, the CO produced was
subsequently converted to CO2 and carbon. However, as the CH4 partial pressure increased, a state
of equilibrium was attained with the CO2 partial pressure, thereby resulting in an increase in the
rate of CO production. A similar trend can be observed in Figure 2b, although there was a steady
increase in the rate of CO production at a lower PCO2 partial pressure, as reported by Foo et al. [33].
The interaction between CO2 and the CH4 partial pressure had a significant influence on the rate of CO
production. However, the CO2 partial pressure has the most significant influence on the rate of CO
production, which is consistent with the fact that CO is produced during the activation of CO2.

 

(a)

Figure 2. Cont.
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(b)

(c)

Figure 2. (a) Interaction effect of CH4 partial pressure and reaction partial pressure on the rate of
H2 production; (b) Interaction effect of CO2 partial pressure and reaction temperature on the rate of
H2 production; (c) Interaction effect of CH4 partial pressure and CO2 partial pressure on the rate of
H2 production.

2.4. Artificial Neural Network Modeling

Prior to the commencement of the network analysis, several ANN configurations were trained in
other to determine the most suitable hidden neuron that minimized the MSE. As shown in Figures 3–5,
the best ANN architecture for each of the training algorithms was obtained at the least MSE. The values
of the MSE varied with changes in the number of hidden neurons. Hidden neuron ranges from 1 to 20
were tested for each of the algorithms, which resulted in the best hidden neuron of 13, 15, and 15 for
Leven–Marquardt, Bayesian regularization, and scaled conjugate gradient algorithms, respectively.
MSE values of 1.91 × 10−5, 5.65 × 10−4, and 9.34 × 10−4 were obtained for the ANN architecture using
Leven–Marquardt, Bayesian regularization, and scaled conjugate gradient algorithms, respectively.
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The high R values of 0.998, 0.977, and 0.956 revealed that the predicted rate of CO and H2 at the
obtained lowest MSE were very close to the actual values (Table 2).

Figure 3. Determination of the optimized hidden neuron with the minimum mean square error (MSE)
for ANN training using the Leven–Marquardt algorithm.

Figure 4. Determination of the optimized hidden neuron with the minimum MSE for ANN training
using the Bayesian regularization algorithm.
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Figure 5. Determination of the optimized hidden neuron with the minimum MSE for ANN training
using the scaled conjugate gradient algorithm.

Table 2. Determination of the best neuron for each of the training algorithms.

Hidden Neuron
Leven–Marquardt Bayesian Regularization Scaled Conjugate Gradient

MSE R MSE R MSE R

1 1.63 × 10−3 0.927 2.47 × 10−3 0.860 7.47 × 10−3 0.647
2 2.67 × 10−3 0.870 1.21 × 10−3 0.949 3.75 × 10−3 0.840
3 7.14 × 10−3 0.671 1.19 × 10−3 0.950 6.93 × 10−3 0.690
4 1.36 × 10−3 0.945 1.21 × 10−3 0.958 7.98 × 10−3 0.853
5 1.32 × 10−3 0.943 6.12 × 10−4 0.973 2.94 × 10−3 0.877
6 3.81 × 10−3 0.861 5.67 × 10−4 0.976 2.18 × 10−3 0.909
7 9.39 × 10−4 0.967 1.10 × 10−3 0.954 2.92 × 10−3 0.879
8 2.31 × 10−3 0.916 1.12 × 10−3 0.949 2.93 × 10−3 0.887
9 5.31 × 10−3 0.816 1.13 × 10−3 0.955 1.97 × 10−3 0.919
10 4.14 × 10−3 0.877 5.66 × 10−4 0.976 1.91 × 10−3 0.929
11 1.57 × 10−4 0.994 1.13 × 10−3 0.953 1.81 × 10−3 0.915
12 1.32 × 10−3 0.290 1.11 × 10−3 0.953 9.51 × 10−3 0.651
13 1.91 × 10−5 0.998 1.12 × 10−3 0.951 1.39 × 10−3 0.946
14 1.31 × 10−3 0.949 1.11 × 10−3 0.954 2.39 × 10−3 0.895
15 1.33 × 10−3 0.939 5.65 × 10−4 0.977 9.34 × 10−4 0.956

16 3.09 × 10−3 0.871 5.68 × 10−4 0.976 1.83 × 10−3 0.924
17 1.31 × 10−3 0.947 1.22 × 10−3 0.945 2.01 × 10−3 0.921
18 3.82 × 10−4 0.989 5.84 × 10−4 0.977 4.81 × 10−3 0.823
19 2.19 × 10−3 0.910 1.11 × 10−3 0.951 2.81 × 10−3 0.878
20 6.86 × 10−4 0.963 1.11 × 10−3 0.953 1.83 × 10−3 0.914

2.5. The ANN Model Predictive Analysis

The performance of the ANN prediction of the rate of H2 and CO production using the
Leven–Marquardt, Bayesian Regularization, and scaled conjugate gradient algorithms are depicted in
Figures 6–8. Figure 6 depicts the dispersion diagrams and the parity plots showing the actual and
the ANN-predicted rates of CO and H2 production using the Leven–Marquardt algorithm. The filled
circles in the dispersion diagrams represent the actual rates of CO and H2 production, while the spline
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curves depict the ANN-predicted rates of CO and H2 production. It can be seen that the use of the
Leven–Marquardt algorithm resulted in a good prediction of the rate of CO and H2 production, as
shown in the dispersion diagram (Figure 6a,c). The accuracy of the ANN prediction is further revealed
from the parity plot. The actual values of the rate of CO and H2 production are strongly correlated
to the predicted values. Several authors have reported that the Leven–Marquardt algorithm is one
of the most effective algorithms used for training ANN models. Its performance is hinged on the
advantage of combining both the Gauss–Newton method and the steepest descent technique to attain
convergence [37]. Furthermore, the use of the Leven–Marquardt algorithm enables the trained network
to rapidly converge near the vicinity of the minimum error [38]. The good prediction of the ANN
outputs in this study using the Leven–Marquardt algorithm is consistent with that reported in previous
studies. Puig-Arnavat and Bruno [21] employed the Leven–Marquardt algorithm for the modeling
of the thermochemical conversion of biomass. The application of the Leven–Marquardt algorithm
for training the network resulted in an accurate prediction of H2 in producer gas, CH4 in producer
gas, CO2 in producer gas, and CO in producer gas. The predicted values were found to be in good
agreement with the actual values based on the parity plots. In a similar study, George et al. [23] applied
the Leven–Marquardt algorithm for the predictive modeling of producer gas composition during
biomass gasification. The study revealed that the predicted values of the producer gas were in good
agreement with the actual values with an R value of 0.987.

(a) (b) 

(c) (d) 

Figure 6. (a) Dispersion plot showing the comparison between actual and predicted rCO; (b) Parity
plots showing the comparison between actual and predicted rCO; (c) Dispersion plot showing the
comparison between actual and predicted rH2; (d) Parity plots the comparison between actual and
predicted rH2 using Leven–Marquardt algorithm.
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The ANN performance using the Bayesian regularization algorithm is represented in the dispersion
and parity plots in Figure 7. The use of the Bayesian regularization algorithm for ANN training is
founded on the probabilistic understanding of the network parameters [38]. It employs an optimum set
of weights for the minimization of the error function [39]. As shown in Figure 7 the use of the Bayesian
regularization also displayed a good prediction of the rate of CO and H2 production. The dispersion
diagrams in Figure 7a,c reveal the proximity between the predicted rate CO and H2 production,
while the parity plots (Figure 7b,d) show that both the predicted CO and H2 production are in good
agreement. Studies have shown that the use of the Bayesian regulation algorithm for ANN modeling
results in a good prediction of the targets. George et al. [23] employed the Bayesian regularization
algorithm for the ANN modeling of wheat output energy from a wheat production process. The study
revealed that the use of the Bayesian regularization algorithm resulted in a good prediction of the
wheat output energy which was in good agreement with the actual values. Shi et al. [40] applied the
Bayesian regularization algorithm in the ANN modeling of explosion risk analysis of a fixed offshore
platform. The Bayesian regulation-trained ANN accurately predicted the cumulative frequency of the
maximum overpressure.

(a) (b) 

(c) (d) 

Figure 7. (a) Dispersion plot showing the comparison between actual and predicted rCO; (b) Parity
plots showing the comparison between actual and predicted rCO; (c) Dispersion plot showing the
comparison between actual and predicted rH2; (d) Parity plots the comparison between actual and
predicted rH2 using Bayesian regularization algorithm.

The performance of the scaled conjugate gradient algorithm-trained ANN is represented in the
dispersion diagrams and parity plots in Figure 8. The scaled conjugate gradient algorithm employed
step size scaling mechanism which make it have a very fast iteration [41]. As depicted in Figure 8a,c,
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the use of the scaled conjugate gradient algorithm for ANN modeling resulted in a good prediction
of the rate of CO and H2 production. The predicted values of the rate of CO and H2 production are
in good agreement with the actual values as depicted by the parity plots in Figure 8b,d. The good
prediction of the rate of CO and H2 production obtained in this study is consistent with that reported
by Khadse et al. [41] who employed the scaled conjugate gradient algorithm for the ANN modeling of
an electromagnetic compatibility estimator. The authors revealed that the use of the scaled conjugate
gradient algorithm for ANN modeling produced an accurate prediction of the output. Similarly,
Mia and Dhar [39] also confirmed the robustness of the scaled conjugate gradient as a training algorithm
for ANN predictive modeling of surface roughness in hard turning under high-pressure coolant.
The prediction of the surface roughness using the scaled conjugate gradient-trained ANN model was
in good agreement the actual values.

(a) (b) 

 
(c) (d) 

Figure 8. (a) Dispersion plot showing the comparison between actual and predicted rCO; (b) Parity
plots showing the comparison between actual and predicted rCO; (c) Dispersion plot showing the
comparison between actual and predicted rH2; (d) Parity plots the comparison between actual and
predicted rH2 using scaled conjugate gradient algorithm.

2.6. Comparison of the Leven–Marquardt, Bayesian Regularization, and Scaled Conjugate Gradient Algorithms

The comparison of the ANN model using the Leven–Marquardt, Bayesian regularization, and
scaled conjugate gradient algorithms using statistical parameters is depicted in Table 3. Statistical
parameters, such as the standard error of estimates (SEE) and coefficient of determination (R2) were
employed to discriminate between the performance of the three algorithms. The ANN modeling
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using the Bayesian regularization algorithm resulted in the lowest SEE of 2.0526 × 10−17 obtained
from the predicted and the actual rates of CO production compared to the ANN-trained using the
Leven–Marquardt and scaled conjugate gradient algorithms. A high R2 > 0.9 was obtained for the
three algorithms indicating a strong agreement between the predicted rate of CO and the actual values.
Nevertheless, the ANN trained with the Leven–Marquardt algorithm displayed the highest R2 of
0.9992, which implies that the predicted rate of CO production is in closest agreement compared to the
other two algorithms. On the contrary, the ANN trained with the scaled conjugate gradient algorithm
produced the lowest SEE of 7.77 × 10−18 from the prediction of rate of H2 production compared to
Leven–Marquardt and scaled conjugate gradient algorithms. Although, all three algorithms used
for the ANN training resulted in high R2 > 0.9, the R2 of 0.992 obtained using the Leven–Marquardt
algorithm shows that the predicted and actual values of the rate of H2 production are in closer
agreement compared to the other two algorithms which have lower R2 values. Mia and Dhar [39]
compared the use of the Leven–Marquardt, Bayesian regularization, and scaled conjugate gradient
algorithms for the predictive modeling of surface roughness in hard turning under high-pressure
coolant using ANN. The results show that the Bayesian regularization-trained ANN presented the
lowest root mean square errors with R2 of 0.997.

Table 3. Statistical analysis of the ANN modeling using different algorithms.

Leven–Marquardt Bayesian Regularization Scaled Conjugate Gradient

rCO rH2 rCO rH2 rCO rH2

SEE 2.54 × 10−17 1.0607 × 10−17 2.0526 × 10 9.9084 × 10−18 2.80 × 10−17 7.77 × 10−18

R2 0.9992 0.9992 0.9726 0.9726 0.9565 0.9565

Model
Equation

Output =
1×Target + 0.0018

Output =
1×Target + 0.0018

Output =
0.95×Target + 0.0099

Output =
0.95×Target + 0.0099

Output =
0.9×Target + 0.019

Output =
0.9×Target + 0.019

3. Data Acquisition for ANN Modeling

Figure 9 shows the schematic representation of the stages involved in the data acquisition and
the ANN modeling of the rate of H2 and CO production. Basically, there are five stages involved,
from the data acquisition for the ANN to the prediction of the output. The data used for the ANN
modeling was obtained from experimental runs designed by employing a central composite design
(CCD). The input variables for the experimental design include CH4 partial pressure, CO2 partial
pressure, and reaction temperature while the rate of hydrogen (rH2) and rate of CO (rCO) production
were the output variables. Each of the output variables were obtained from the treatment combinations
of the three input parameters.
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Figure 9. Flow diagram for the ANN modeling.

3.1. Artificial Neural Network Configurations

The ANN is an artificial intelligent model that is developed to mimic the pattern of processing
information by the human brain [42]. The neural network configuration processes a large number of
interlinked units arranged in layers. The interlinked units are patterned after the human neuron and
they consist of the input layer, the hidden layers, and the output layers (also known as the target) [18].
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Each of the interlinked units have varying connection strengths, known as weights. The ANN functions
in such a way that each of the input signals is multiplied with the corresponding connection weights
to obtain a combined weighted hidden layer [43]. The combined hidden layers are subsequently
passed through an activation function which in turn generates the corresponding output. The Sigmoid
function represented in Equation (2) is the most commonly use form of an activation function [20].

f (Zi) =
1

1 + e−Zi
(2)

where Zi represents the summation of each of the hidden layers multiplied by an assigned weight
plus bias from each neuron in the previous layer. Just like the human brain, the neural network model
functions by exploring the non-linear relationship between the individual input and the target data.
Subsequently, the network model creates a predicted output with minimized error. For an incorrect
prediction, the weights are adjusted in a circle of iteration to produce an output with minimum error.

The manner of connection of the hidden neuron in an ANN is crucial to the performance of the
network model. The neuron can either be connected in such a way to give a feedforward signals
or a feedback signal. In this study, a feedforward ANN configuration is adopted due to its wide
applicability in the process industries [44,45]. The feedforward ANN is a multilayer perceptron with 2
13 2 2, 2 15 2 2, and 2 15 2 2 architectures for the Leven–Marquardt, Bayesian regularization, and scaled
conjugate gradient algorithms, respectively, as shown in Figure 10a–c. The input parameters to the
neural network include CH4 partial pressure, CO2 partial pressure, and reaction temperature, while
the target parameters are rate of H2 and CO production (Figure 10d). The parameters employed for
the ANN configuration are depicted in Table 4.

Table 4. Configuration parameters for the neural network architecture.

Configuration Parameters Leven–Marquardt Bayesian Regularization Scaled Conjugate Gradient

Algorithm Feed forward with 3 layers Feed forward with 3 layers Feed forward with 3 layers

Hidden layer size 1 1 1

Hidden neuron quantity 13 15 15

Output layer size 2 2 2

Output neuron quantity 2 2 2

Output layer neurons activation Pure linear Pure linear Pure linear

Training ratio 0.01 0.01 0.01

Epochs 5 1000 21

Training target error 0.001 0.001 0.001
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Figure 10. The Network architecture for the ANN modeling used. (a) Feed forward multi-layer
perceptron architecture for prediction of CO-H2 production; (b) Network configuration using the
Leven–Marquardt training algorithm; (c) Network configuration using the Bayesian regularization
training algorithm; (d) Network configuration using the scaled conjugate gradient training algorithm.

3.2. Network Training, Testing, and Validation

After applying the necessary configurations to the neural network and the data have been imputed,
it is expedient to apply the necessary algorithm for the network training. During network training, the
input data presented to the network are compared to the output unit, thereby adjusting the weight of
all units based on their errors for an improved prediction. In this study, the network was trained using
the Leven–Marquardt, Bayesian regularization, and scaled conjugate gradient algorithms [38,46,47].
The Leven–Marquardt training algorithm utilizes a damping factor which is self-adjusted during
each iteration in order to obtain the least error between the predicted and the actual values [38].
The Leven–Marquardt training algorithm has the advantage of attaining a very fast convergence.
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The Bayesian regularization training algorithm has the tendency to minimize the estimated errors
through an inbuilt objective function that contains a residual sum of squares and the sum of squared
weighs [40]. Hence, it is typical to obtain a good generalization model using the Bayesian regularization
training algorithm [38]. To minimize the errors, the weights in scaled conjugate gradient algorithms
are adjusted in the direction in which the network function performance is decreasing most rapidly.
More iterations are required for convergence using scaled conjugate gradient algorithms compared
to Leven–Marquardt and Bayesian regularization. Testing of the network provides an independent
measure of its performance during and after the training. While validation is a form of measuring
the network generalization and halting of training when generalization has stopped improving.
The training, testing, and validation of the network were performed using the neural network toolbox
in MATLAB 2019a (MathWorks Inc., Natick, MA, USA). The data were proportioned into 70%, 15%,
and 15% for training, testing, and validation of the network, respectively. The detailed network
architectures of the feedforward multilayer perceptron are depicted in Figure 3.

3.3. Evaluation of the ANN Performance

The accuracy of the ANN to predict the rate of CO and H2 production were measured using
parameters such as the mean square error (MSE) and the correlation coefficient (R) [27]. The MSE
defined in Equation (3) was used to measure the average squared difference between the predicted rate
of CO and H2 production and the actual values. The lower the MSE values, the more accurate the
ANN prediction.

MSE =
1
n

n∑
i=1

(
Yp −Ya

) 2
(3)

where n is the number of samples, Yp and Ya are the predicted and the actual values, respectively.
The correlation coefficient (R) defined in Equation (4) was employed to determine the strength of

the linear relationship between the predicted rate of CO and H2 production and the actual values.

R =
1

n− 1

⎡⎢⎢⎢⎢⎣
∑

x
∑

y(x− x)(y− y)

SxSy

⎤⎥⎥⎥⎥⎦ (4)

where n is the number of samples, x and y are the sample means of all the x and y values. Sx and Sy

are the standard deviation of all the x and y values. An R value of 1 implies that a close relationship
between the predicted rate of CO and H2 production and the actual values exists, while an R value of 0
implies that a random relationship exists between the predicted rate of CO and H2 production and the
actual values.

4. Conclusions

In this study, the use of artificial neural network as a predictive model has been investigated.
Three algorithms, namely Leven–Marquardt, Bayesian regularization, and scaled conjugate gradient,
were employed to train the ANN for the prediction of the rate of CO and H2 production from methane
dry reforming catalyzed by Co/Pr2O3. The ANN predictive modeling was performed using datasets
obtained from central composite experimental design. Several architectures of the ANN were tested
using hidden neurons in the range of 1–20. The best ANN architectures were obtained using 13, 15,
and 15 hidden neurons for Leven–Marquardt, Bayesian regularization, and scaled conjugate gradient
algorithms, respectively. The training of the ANN model with the best neurons results in good
predictions of the rates of CO and H2 production using the three training algorithms. The R2 values of
0.9992, 0.9726, and 0.9565 obtained using the Leven–Marquardt, Bayesian regularization, and scaled
conjugate gradient algorithms, respectively, are an indication that the predicted rates of CO and H2

production were in good agreement with the observed values. However, the best prediction was
obtained using the Bayesian regularization training algorithm for the ANN model. This study has
demonstrated the use of ANN predictive modeling to investigate the functional relationship that exists
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between the process parameters in the production of CO-rich hydrogen by a methane dry reforming
reaction over a Co/Pr2O3 catalyst.
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Abstract: A series of Ni/KIT6 catalyst precursors with 25 wt.% Ni loading amount were reduced in
H2 at 400, 450, 500, and 550 ◦C, respectively. The studied catalysts were investigated by XRD, Quasi
in-situ XPS, BET, TEM, and H2-TPD/Ranalysis methods. It was found that reduction temperature is
an important factor affecting the hydrodeoxygenation (HDO) performance of the studied catalysts
because of the Strong Metal Support Interaction Effect (SMSI). The reduction temperature influences
mainly the content of active components, crystal size, and the abilityfor adsorbing and activating
H2. The developed pore structure and large specific surface area of the KIT-6 support favored the Ni
dispersion. The RT450 catalyst, which was prepared in H2 atmosphere at 450 ◦C, has the best HDO
performance. Ethyl acetate can be completely transformed and maintain 96.8% ethane selectivity
and 3.2% methane selectivity at 300 ◦C. The calculated apparent activation energies of the prepared
catalysts increased in the following order: RT550 > RT400 > RT500 > RT450.

Keywords: hydrodeoxygenation; Ni/KIT-6; ethyl acetate

1. Introduction

With the process of economic globalization, the energy demand is increasing in human society [1].
The development of non-renewable energyhasnot fully met the developmentneeds of industry and
society [2,3]. Therefore, finding a reliable alternative energy product is imminent. In order to cope with
the above energy crisis, the new green energy concept and energy conversion technology have been put
forward. The use of fed oil to prepare biodiesel is one of the most effective ways to reduce the supply
pressure of petrochemical diesel [4]. The edible oil mainly includes vegetable oil and animal oil, which
are mainly composed of fatty acid or ester with long chain. Fatty acid or ester usually contains rich carbon
resources with C12–C24 bonds [5,6]. Therefore, the successful transformation of fed oil to biodiesel
may effectively mitigate the current tense energy situation. At present, the first-generation biodiesel
cannot completely be deoxygenated due to technical limitations. The products contain high oxygen
content, resulting in low calorific value and poor adaptability [7–9]. In contrast, the second-generation
biodiesel can be completely deoxygenated because of technical advantages, and the prepared product
has excellent performance. The second-generation biodiesel produced by HDO technology is closer
to the petrochemical diesel in physical and chemical properties than the first-generation biodiesel.

Catalysts 2019, 9, 889; doi:10.3390/catal9110889 www.mdpi.com/journal/catalysts153
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Therefore, HDO technology has attracted wide attention because of the important applicable value.
Of course, it also will play adominant role in promoting the chemical industry in the future.

The research and development of high performance catalytic materials is the core of the HDO
technology. At present, the most widely used catalytic materials are the supported noble metal catalysts,
such as Pt [10], Pd [11], Ru [12], and so on. Pd/C catalyst has high yield of alkane products, which are
used in the stearic acid HDO reaction. The yield of n-C17 alkane is over 60%, olefins and polymers are
also produced with these products [13]. Yang et al. [14] prepared Pt/ZIF-67/zeolite 5A catalyst for oleic
acid HDO and found that the oleic acid is completely transformed at 320 ◦C/2.0 MPa when Pt loading
is only 0.5% due to the special structure of the studied catalyst. Good at stearic acid HDO reaction is
2% Ru/TiO2. The results show that the product is composed of C17 and octadecanol whose selectivities
are 18.1% and 78.2%, respectively, which indicates the product is the hydrolyzate product, and the
hydrolysis rate is greater than the HDO rate [15]. Chen et al. [16] reports that the Ru/zeolite catalyst
is used in the HDO study of fatty acid methyl ester. It is found that the fed oil mainly goes through
decarbonylation pathway. At 300 ◦C/3.0 MPa, the fed oil conversion reaches 90.8%, and the selectivity
of C17 reaches 64.3%. As is well known, the main advantage of the noble metal catalyst is the high
catalytic activity, that is, the HDO reaction can be achieved at a relatively low reaction temperature.
Nevertheless, noble metal catalysts are expensive. Therefore, transition metal catalyst has attracted
much attention in the research and application in the HDO field. HDO and hydrodesulfurization
have many similar characteristics; therefore, HDO catalysts are originally developed primarily as
hydrodesulfurization catalysts. Kubicka et al. [17] use the CoMoS/MCM-41 to catalyze the HDO
reaction of rapeseed oil in a fluidized bed, mainly obtaining the diesel components such as C17 and
C18, under the condition of 300~320 ◦C, 2.0–11.0 MPa, and 1.0–4.0 h−1. The introduction of S element is
conducive to preventing catalyst from being poisoned and even reducing some negative factors such as
carbon deposition [18]. However, the S element may also be introduced into the product to reduce the
environmental protection of the corresponding product [19]. Therefore, sulfur-free catalysts are getting
more and more attention. Imane Hachemi et al. [20] use the sulfur-free Ni/γ-Al2O3 catalyst for the
fatty acids HDO. Under 300 ◦C/3.0 MPa, 6.0 h is running stably. The selectivity of C17 reaches 96.2%,
while the conversion of fatty acid reaches 100%. Mesoporous silicon-based materials have developed
mesoporous structure and large specific surface area, which facilitates the active component in high
dispersion on the support surface [21–23]. Therefore, replacing traditional support with mesoporous
silicon-based material is a good method to solve the above problems we have met at the moment. At the
same time, the use of ethyl acetate as a model compound can even effectively eliminate the influence of
long chain alkyl structures over the studied catalytic HDO performance, thus obtaining more accurate
information on HDO of oxygen containing functional groups [24,25]. As we all know, the reduction
temperature can affect the valence state of the variable valence transition metal species, then influence
the activation ability of the corresponding catalysts for oxygen containing functional groups in the
ester molecules and H2 molecules in the reaction system. Zs. Ferencz et al. [26] studied the reduction
of Co/Al2O3 catalyst at different reduction temperatures. It was found that the composition of the
corresponding catalyst is obviously affected by the reduction temperature. The higher the reduction
temperature is, the more the Co content is. Furthermore, the higher the temperature is, the narrower
the particle size distribution is. Therefore, the reduction temperature of the studied catalyst is a very
important factor in the hydrogen reaction. However, the impact of the reduction temperature of
Ni/KIT-6 catalyst on its HDO properties has rarely been reported.

In this paper, a series of 25 wt.% Ni/KIT-6 catalysts at different reduction temperatures. Ethyl acetate
was used as model compound to investigate the catalytic HDO performance of the studied catalysts.
The morphology structure, chemical composition, and physicochemical properties of the prepared
catalysts were studied by means of XRD, Quasi in situ XPS, BET, TEM, and H2-TPD.
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2. Results and Discussion

2.1. H2-TPR Studies

Figure 1 is the H2-TPR spectrum of calcined precursor and pure NiO. It is known from Figure 1
that there is an obvious hydrogen consumption phenomenon when the reduction temperature reaches
100 ◦C. With the increase of the temperature, the catalyst precursor, at 185, 345, 390, and 530 ◦C, forms
distinct hydrogen consumption peaks which are labeled as α, β, γ, and δ. Interestingly, the hydrogen
consumption peak of the pure phase NiO sample appears at 410 ◦C, and the pure phase NiO sample
has only one peak.

α

β γ

δ

Figure 1. H2-TPR patterns of catalyst precursor and pure NiO.

KIT-6 support has large specific surface area and developed pore structure, which can effectively
promote the dispersion of NiO species. The H2 reduction of highly dispersed NiO species forms α

hydrogen consumption peak because of the preferred reducibility. The β hydrogen consumption peak
is mainly attributed to the reduction of the dispersed NiO species on the surface. The interaction
between this partial NiO and support SiO2 is weak, thus showing good low temperature reducibility.
The subsurface NiO species in the precursor is covered by the surface NiO species and has a certain
interaction with the surface SiO2. Therefore, the subsurface NiO species show a poor reducibility,
and the reduction hydrogen consumption peak γ is formed in a higher temperature region than that
of the surface NiO species. At the same time, the reduction peak at 530 ◦C may be attributed to
the reduction of the NiO species in the support pore structure or the NiSiO3 species formed at high
temperature. The confinement and attachment effects of the nanopore structure hinder the reduction of
partial NiO species in the channel. Moreover, this partial NiO species even may block the pore structure
to restrict the diffusion and migration of H2 flow in the pore structure, resulting in the reduction of
NiO species in the higher temperature region. The confinement effect of KIT-6 pore structure enhances
the interaction between NiO species and SiO2 in the channel, leading to forming more stable NiO or
NiSiO3 species, which increase the difficulty of reduction. As a result, the large specific surface area
and developed pore structure of the KIT-6 support can promote the NiO species to be highly dispersed,
thus promoting the reduction of NiO species in the NiO/KIT-6 precursor. In addition, the results
indicate that the NiO/KIT-6 precursor can be effectively reduced to prepare Ni/KIT-6 catalyst when the
reduction temperature is 450 ◦C. However, there may still be some Ni2+ species (such as, NiO and
NiSiO3) that cannot be reduced by hydrogen at 450 ◦C.
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2.2. XRD Characterization

The XRD spectra of the catalysts, which were produced by H2 reduction at different temperatures,
are shown in Figure 2. RT400, RT450, RT500, and RT550 catalysts form a series of XRD diffraction peaks
at 2θ = 44.51, 51.81, and 76.41◦, which corresponds to the face-centered cubic phase of metallic Ni
(JCPDS NO. 04-0850) with {111}, {200}, and {220} planes, respectively [27]. In addition, the intensity of
the metallic Ni diffraction peak is related to the reduction temperature. There is no other characteristic
diffraction peak in the prepared catalysts expect for RT400 obtained by H2 reduction at 400 ◦C for 2.0 h.
In addition to the diffraction peak of the metallic Ni, the RT400 catalyst forms NiO peaks corresponding
to the {111} and {220} planes at 2θ = 37.28 and 62.62◦, using standard data (JCPDS No. 44-1159) [28].
The diffraction peaks of NiO phase have not been observed in RT450, RT500, and RT550 catalysts.

ΔΔ

   
Δ  

Figure 2. XRD patterns of RTx catalysts. (x = 400, 450, 500, and 550).

After reducing precursors at different temperatures, NiO species in precursors can be effectively
reduced by H2 to form metallic Ni species. The reduction temperature directly affects the reduction
degree of NiO species, crystallinity, and dispersion of the metallic Ni species. Non reductive NiO
species in the RT400 catalyst may belong to the NiO species that exist in the KIT-6 support pore
structure. Meanwhile, the intensity of XRD diffraction peak of metallic Ni increases with increasing
reduction temperature. The high reduction temperature can promote the migration and aggregation
of metallic Ni to form stable Ni particles with large crystal size. Calculated by the Scherrer equation,
the metallic Ni crystal sizes of the RT400, RT450, RT500, and RT550 catalysts are 5.9, 7.4, 9.1, and 10.0 nm,
respectively (see Table 1). Under the heat dissipation action of H2 flow, the migration and accumulation
rate of metallic Ni during the reduction process of NiO/KIT-6 precursor can be decreased, thus, the high
dispersion of metallic Ni crystal is maintained when the complete reduction is achieved. The lower
reduction temperature is, the slower reduction rate of NiO species is. This can also be beneficial to
the refinement of the metallic Ni crystal size. By contrary, at high reduction temperature, the effect of
H2 flow is not enough to prevent the high temperature sintering of metallic Ni, which reduces the
dispersion and increases the crystal size. The reduction rate of NiO species is accelerated when the
reduction temperature is too high, so that the formed metallic Ni particles with high surface energy can
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overcome the limitation of the support structure and migrate to the surface of the support [24]. At this
time, the metallic Ni exists on the support surface with supersaturated state; unfortunately, the crystal
size increases gradually [29]. Therefore, too high reduction temperature will lead to the aggregation
of metallic Ni, which may cause excessive crystallization of metallic Ni active components and even
decrease the number of exposed active sites to affect the catalytic performance. At the high reduction
temperature, the metallic Ni component may even produce a crystal surface that is not conducive to
the HDO reaction. The XRD results are also confirmed that the NiO species can be effectively reduced
by H2 at 450 ◦C for 2.0 h to form metallic Ni. This result is consistent with the previous H2-TPR results
and previous reports [24,30]. However, there may still be some amorphous NiO or/and NiSiO3 species,
which formed at high-temperature calcination. What is more, it is also possible that the amount of NiO
or/and NiSiO3 is lower than the detection limit of XRD. This is probably the reason why NiO or/and
NiSiO3 has not been observed in RT450, RT500, and RT550 catalysts in XRD spectra.

Table 1. Physicochemical properties of RTx catalysts.

Catalyst
Crystal Size
from XRD

(nm) a

H2-TPD (α
Region) Quantity

(μmol/g)

Surface Area
(m2/g) b

Average Pore
Diameter (nm) c

Total Pore
Volume

(cm3/g) d

Particle Size
from TEM

(nm) e

RT400 5.9 27.6 349.2 6.08 0.55 6.3
RT450 7.4 65.8 348.9 6.35 0.56 7.7
RT500 9.1 52.4 347.7 6.17 0.54 9.7
RT550 10 49.9 343.4 6.03 0.56 10.3
KIT-6 — — 562.5 6.56 1.22 —
a Average Ni crystal diameter calculated from Ni(111) plane using Scherrer equation from XRD. b Calculated by the
BET equation. c BJH adsorption average pore diameter. d BJH adsorption pore volume. e Average Ni particle size
observed from TEM images.

2.3. Quasi In-Situ XPS Studies

Quasi in-situ XPS technology is mainly used to analyze surface elements and the state of the surface
elements of the studied RTx catalysts. The XPS spectra of Ni 2p for RTx catalysts are shown in Figure 3.
The peaks of Ni 2p at 856.5 and 852.7 eV are attributed to Ni2+ and Ni0 species, respectively [29,31].
From the results of in situ XPS, it is found that the RTx catalysts have rich metallic Ni species, which
indicates that Ni2+ in the catalyst precursors can be effectively reduced to metallic Ni active species.
The results are similar to that of the XRD studies. Ni2+ species may originate from the amorphous
NiO species in the pore structure or the NiSiO3 species formed at high-temperature calcination or/and
reduction. However, the peak area and intensity corresponding to Ni0 are different in the RTx catalysts,
which can be attributed to the interactions between the active component and the KIT-6 support having
significant difference in the function of the different reduction temperatures.
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Figure 3. Spectra of the RTx catalysts. (x = 400, 450, 500, and 550).

2.4. H2-TPD Studies

The H2-TPD spectra of the studied RT400, RT450, RT500, and RT550 catalysts, which were reduced
at different temperatures, are shown in Figure 4. It is known from Figure 4 that the prepared Ni
based catalysts have good hydrogen desorption capacities and mainly form two hydrogen desorption
regions, which are recorded as α and β, respectively. There are significant differences in the peak
area and strength on the H2-TPD patterns of the studied Ni/KIT-6 catalysts prepared at different
reduction temperatures. The area of α peak increases with the increase of the reduction temperature
and then decreases, and RT450 catalyst has the largest area of α peak among that of RTx catalysts.
Conversely, the area and desorption temperature of β peak increase with the increase of the reduction
temperature. The RT400 catalyst has a significant γ peak, mainly for the desorption of the bulk
hydrogen species, which can store and supply the reactive hydrogen species for the reaction.

H2-TPD can be used to effectively study the adsorption of H2 molecules by corresponding catalyst
and the ability to provide reactive hydrogen species for the HDO reaction [32]. Hydrogen species exist
on the surface and in the bulk of the prepared Ni-based catalyst after reduction, and the physically
adsorbed hydrogen species on the catalyst surface have been removed by Ar purge. In contrast,
the chemisorbed hydrogen species are difficult to remove at room temperature by Ar purge because of
the formation of a chemical bond between chemisorbed hydrogen species and metallic Ni active center.
Therefore, the α and β hydrogen desorption regions formed by the catalysts can be attributed to the
desorption of surface chemisorbed hydrogen species and metal hydride [24,32]. As is well known,
the chemisorbed hydrogen species can also be effectively desorbed to form the reactive hydrogen
species, which is required for the reaction by increasing the system temperature. Moreover, the bond
energy of the chemisorbed hydrogen species is relatively weak, so it can be desorbed at low temperature
(<400 ◦C). Unfortunately, compared with the chemisorbed hydrogen species, metal hydrides need to
be decomposed at a higher temperature to release the hydrogen species. KIT-6 support has developed
mesoporous structure, so Ni active components can penetrate into the inner surface, which helps to
form active centers with different strength. H2 molecules can also be adsorbed on the inner surface
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of the studied Ni/KIT-6 catalyst, which is concluded as weakly and strongly adsorbed hydrogen.
According to the XRD and quasi in situ XPS results, a small amount of non-reductive NiO species
exist in the RT400 catalyst, which is not conducive to the formation of the active center in the catalyst.
As a result, the adsorption capacity of H2 decreases on the RT400 catalyst, resulting in a poor low
temperature desorption ability of H2. After elevating the reduction temperature, α region of the
RT450 catalyst has the maximum peak area among the studied RTx catalysts. These findings suggest
that the RT450 catalyst has the best hydrogen adsorption storage capacity, which can provide more
reactive hydrogen species for the HDO reaction. By continuing to increase the reduction temperature
of the prepared catalyst, the area of the α hydrogen desorption region gradually decreases, which
is attributed to the gradual weakening of the hydrogen adsorption and storage capacity of the
corresponding catalysts. The XRD results also confirm that the crystal size of Ni increases with the
increase of the reduction temperature. However, the large crystal size leads to reducing the exposed
active crystal surface. Moreover, the large crystal size is not conducive to the formation or fracture
of the “Ni-H” species, thus weakening the adsorption and activation ability of the catalyst for the
H2 molecules. The area of the β region increases with the increase of the reduction temperature; the
desorption peak temperature increases gradually. This find may suggest that the formed hydrogen
species in the high temperature region are mainly due to the decomposition of the metal hydride; the
stable metal hydride is more easily formed at higher reduction temperature.

α β

χ

 

Figure 4. H2-TPD patterns of RTx catalysts. (x = 400, 450, 500, and 550).

2.5. BET Characteristics

The porosities of the prepared RT400, RT450, RT500, and RT550 catalysts and KIT-6 support were
studied by BET, as shown in Figure 5. The pore size distributions of the corresponding catalysts
and KIT-6 support, calculated from the adsorption isotherm, were shown in the inset in Figure 5.
All prepared RTx catalysts have a type IV isotherms with clear H1-type hysteresis loop, which indicates
the corresponding catalysts have mesoporous structure. The specific surface area, pore volume,
and pore diameter of the prepared catalysts are showed in Table 1. The prepared catalysts have
inherited the developed pore structure of the KIT-6 support. Unfortunately, compared with the
KIT-6 support, the specific surface area, pore volume, and pore diameter of the corresponding catalysts
obviously decrease. These findings can be attributed to the loading of metallic Ni species entering the
pore structure of KIT-6, resulting in the blockage of the pore structure. At the same time, the loading of
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Ni species also reduces the support content in the unit volume or unit mass catalyst, which leads to
decreasing the specific surface area of the corresponding catalyst. The results of Table 1 show that
the RTx catalysts obtained at different reduction temperatures have maintained a specific surface area
of about 340 m2/g, the pore size also around 6 nm. It can be known that the change of the reduction
temperature does not have a significant effect on the structure of the prepared catalysts. Because the
high temperature accelerates the agglomeration of crystal and the increase of crystal size, the specific
surface area has a slightly decrease by elevating the reduction temperature. However, the average
pore diameter and total pore volume have not been affected by elevating the reduction temperature;
that is to say, in the studied temperature region, the average pore diameter and total pore volume
have no obvious rule to be observed by increasing reduction temperature. The pore diameter range is
6.03–6.35 nm, which is close to the pore diameter of KIT-6 support as showing in the Table 1. Based on
the BET results, the developed pore structure and large specific surface area of KIT-6 contribute to
support metallic Ni on its inner and outer surface, which leads to the metallic Ni in a high dispersion
state and may even reach monolayer dispersion. With the filling and attachment of the metallic Ni on
the KIT-6 inner surface, the micropore may be blocked, while the macropore structure can be filled to
form mesopore structure. The reduction temperature can only change the chemical state and crystal
size of Ni species; fortunately, it cannot change the structure of KIT-6 support. Therefore, the pore
structure can maintain the pore size distribution and pore volume because of its confinement and
attachment effects [24]. The slight changes of average pore diameter and total pore volume are mainly
due to the growth of metal Ni crystal in the pore structure.

 

Figure 5. N2 adsorption-desorption isotherms and pore diameter distributions of the prepared RTx
catalysts. (x = 400, 450, 500, and 550).

2.6. TEM Characteristics

The prepared Ni/KIT-6 catalysts were studied by TEM, as shown in Figure 6. The prepared catalysts
have obvious mesoporous structure, which is similar to that of the BET results. The metal Ni mainly
presents two states. Some of the metal Ni successfully enters the pore of the support KIT-6, and some of
the metal Ni mainly disperses on the KIT-6 surface. As the reduction temperature increases, the Ni particle
size gradually increases, which is similar to that of XRD study. This phenomenon is mainly due to the high
temperature accelerating the accumulation and migration of metal Ni particles, leading them gradually to
increase at high temperature. The particle size of the metal Ni is shown in Table 1.
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Figure 6. TEM patterns of the studied catalysts: (a) 400, (b) 450, (c) 500, and (d) 550.

2.7. Catalytic Activity Test

The prepared RT400, RT450, RT500, and RT550 catalysts exhibit good catalytic HDO performance
and ethyl acetate (EA) catalytic HDO activity and product selectivity, as shown in Figure 7a–d.
The catalytic HDO performances of the studied catalysts are obviously influenced by the reduction
temperature, which are mainly reflected in the complete conversion temperature (T100) of reactant
and selectivity of the product (S). The reduction temperature has a significant effect on the catalytic
performance. The T100 is 300 ◦C on the RT450 catalyst; the T100 of RT400 and RT500 catalysts rise to
320 ◦C, while the T100 of RT550 catalyst further increases to 340 ◦C. When the reaction temperature is
220 ◦C, the RT450 catalyst has the highest Sethane, which is 86.9%; among the RTx catalysts at this point,
a small amount of ethanol is detected, Sethanol is 6.7%. However, the intermediate product ethanol can
be completely transformed at 240 ◦C. Sethane can reach 96.8%, but Smethane is only 3.2% at 300 ◦C over
the RT450 catalyst which shows the best catalytic performance. For RT400 catalyst, at the initial reaction
temperature, Sethanol reaches 37%, and the complete conversion temperature of the ethanol is higher by
40 ◦C than that of the RT450 catalyst. Finally, Sethane is 97.3%, while Smethane is just only 2.7% at 320 ◦C.
For RT500 catalyst, Sethanol is more than 13% at the initial temperature of 220 ◦C, and the complete
conversion temperature of the ethanol is the same as that of the RT400 catalyst. At 320 ◦C, Sethane

and Smethane are 97.1% and 2.9%, respectively. However, the activity of RT550 catalyst is the poorest.
When ethyl acetate completely transforms, the reaction system also has a little ethanol and methane,
which are up to 1.5% and 1.3%, respectively. At the beginning of the reaction, in the RT550 catalyst,
Sethanol is 30.5 percent points higher than that of RT450 catalyst; conversely, Sethane is 24.1 percent
points lower than that of RT450 catalyst at 220 ◦C.
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Figure 7. Influence of reduction temperature on the ethyl acetate hydrodeoxygenation conversion and
products selectivity over the RTx catalysts. (a) RT400, (b) RT450, (c) RT500, and (d) RT550.

In chemical reaction system, the molecules of the reactant can be effectively activated to promote
the chemical reaction [33]. Following the general catalytic reaction law, increasing the reaction
temperature helps to elevate the energy of the reaction system to accelerate the chemical reaction [34].
Therefore, H2 molecules are difficult to effectively activate at low reaction temperature, which is not
conducive to the formation of reactive H species. When the reaction system energy is low, the activation
ability of the corresponding catalyst for the reactants and intermediates is limited. At this time,
the intermediate product ethanol hardly achieves further HDO, so the reaction maintains high Sethanol

at relative low reaction temperature. The energy of the reaction system increases by enhancing
reaction temperature, which accelerates the shift rate of the reactant molecules and the effective
collision frequency between activated reactant molecules. Therefore, the HDO reaction of ethyl acetate
and intermediate product ethanol can be promoted, and the conversion of ethyl acetate and Sethane

can also be significantly improved. Under the studied conditions, ethyl acetate may hydrolyze to
produce two intermediate products: acetic acid and ethanol, which can be further deoxygenated to
produce ethane [34]. Acetic acid can also react with metallic Ni to produce nickel acetate, and nickel
acetate can be further hydrogenated to produce ethane and methane [24,25]. At the same time,
the ethane molecules can be cracked to methane at a high reaction temperature [25]. In the ester HDO
reaction, decarboxylation or decarboxylation can also happen to generate CO2/CO. The generated
CO2/CO can react with H2 over the metallic Ni catalyst to produce methane, which is also called
methanation reaction [35]. Therefore, the corresponding catalysts show high Smethane at studied
reaction temperatures.

Based on the results of XRD, NiO species in RT400 catalyst cannot be completely reduced to
form metallic Ni species; the result is similar to that of the quasi in situ XPS studies. The content of
active centers in the prepared Ni/KIT-6 catalyst is relatively low, which may weaken the ability of the
corresponding catalyst to activate H2 molecules; H2-TPD can also well confirm the results. In addition,
water formed during the HDO reaction could be competing for the active sites together with ethyl
acetate as the conversion increases. Moreover, these effects could be enhanced if the Ni particles
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are not completely reduced during reaction as water can bind strongly on oxidized metal surfaces.
Then, the performance of the RT400 catalyst is weakened. RT450 catalyst, which was obtained by
H2 reduction at 450 ◦C, shows good HDO performances, and its catalytic performance is obviously
higher than that of RT400 catalyst. Compared with RT400, this interesting result can be attributed to
the effective reduction of NiO in the precursor of RT450 catalyst. At the same time, quasi in situ XPS
confirmed the formation of active metallic Ni in the RT450 catalyst. The crystallinity of the metallic Ni
active component is relatively low, and the crystal size is relatively small in RT450 catalyst, which is
more conducive to the formation of the catalytic active center. Meanwhile, the smaller crystal size
of metallic Ni can also promote the exposure of more active planes to a certain extent, which are
conducive to the activation of H2 molecules and also promote the HDO of reactants and intermediates.
Therefore, the RT450 catalyst shows wonderful reactant conversion and Sethane. The catalytic activities
of RT500 and RT550 catalysts are significantly poorer than that of RT450 catalyst, and the conversions
of ethyl acetate and Sethane continue to decline at low temperature (220–260 ◦C) by increasing the
reduction temperature. This can be attributed to the high reduction temperature resulting in a change
in the chemical composition of the catalyst. The samples may even generate new inert crystal planes
under high temperature, resulting in a decrease in the ratio of the active crystal planes, which weakens
the ability of the corresponding catalyst to activate the reactants. The crystallinities and crystal sizes
of metallic Ni in RT500 and RT550 catalysts obviously increase, and the crystal sizes of two catalysts
reach 9.1 and 10 nm, respectively. The high crystallinity and large crystal size limit the formation and
exposure of the active crystal plane. At first, this weakens the adsorption and activation ability of
the active crystal to H2 molecules; in addition, this hinders the formation or fracture of the “Ni-H”
bond. What is more, this weakens the activation capacity of the corresponding catalyst for the “C = O”
bond and the “C-O” bond. Therefore, the HDO performance is influenced. According to the results of
BET and TEM, the prepared catalysts have large specific surface areas and developed mesoporous
structures, which effectively promote the migration and diffusion of gaseous reactant molecules in the
pore structure. Therefore, the studied catalysts have perfect catalytic HDO performances.

2.8. Activation Energy Studies

Under the condition of atmospheric pressure and 12,000 mL/h·gcat space velocity, the influence of
internal and external diffusion is eliminated as is using the fixed bed reactor to study the mechanism of
the prepared RTx catalysts for HDO performance by activation energy experiments. According to the
Arrhenius equation, k = k0·exp (−Ea/RT); this equation can be obtained: lnk = lnk0 − Ea/RT (where k0 is
the pre-exponential factor, Ea is the activation energy, R is the gas constant, and T is the thermodynamic
temperature). Map the -lnk to T−1 over RTx catalysts with different reduction temperature, as shown
in Figure 8. From Figure 8, the activation energies of ethyl acetate HDO on RT400, RT450, RT500,
and RT550 catalysts are 81.0, 67.7, 79.5, and 90.9 kJ/mol, respectively, according to the slope of the
obtained straight line, as shown in Table 2.
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Figure 8. The relationship of lnk and T−1.

Table 2. Activation energy studies of RTx catalysts (x = 400, 450, 500, and 550).

Catalysts Equation Activation Energy (kJ/mol)

RT400 Y = 9.208X − 12.44 81.0
RT450 Y = 8.066X − 23.17 67.7
RT500 Y = 9.264X − 16.14 79.5
RT550 Y = 11.33X − 9.65 90.9

There are significant differences in the activation energies of the HDO reaction on the studied
RTx catalysts, indicating that the changes of the reduction temperatures can further alter the energy
barriers over the corresponding catalysts for HDO reaction. In the gas–solid heterogeneous catalytic
hydrogenation reaction, the purposes of the adsorption and activation of the reactant molecules on the
catalyst surface are to reduce the reaction activation energy. Therefore, the activation energy represents
the energy required by the reactant molecules from the normal state to the active state in the chemical
reaction under the function of the corresponding catalyst. In other words, under the function of the
catalyst, the activation energy, which reflects the difficulty of the catalytic reaction, is the minimum
energy needed for the chemical reaction. Meanwhile, chemical reaction rate is closely related to the
activation energy. The lower the activation energy is, the faster the reaction rate is; thus, reducing
activation energy will effectively promote the reaction rate. Moreover, the reaction system with lower
activation energy can ensure that more reactant molecules are activated to form activated molecules,
which increases the number of activated molecules, and further, to increase the effective collision
probability between the activated molecules, thus accelerating the corresponding chemical reaction rate.
According to the XRD and quasi in situ XPS results, the RT400 catalyst obtained by lower temperature
reduction has lesser active component, which cannot effectively activate the reactant molecules, thereby
elevating the activation energy and the difficulty of corresponding reaction. With the increase of the
reduction temperature, even though the content of the active metallic Ni increases, the crystal size of
the metallic Ni gradually increases. The large crystal size reduces the number of the exposed active
planes on the metallic Ni; then, this action weakens the interaction between catalytic active centers
and reactant molecules, which is not conducive to further decreasing the activation energy of ethyl
acetate HDO reaction. The increase of crystal size may also lead to the formation of inert crystal plane,
which reduces the number of active centers of the corresponding catalyst and affects the activation
ability of the studied catalyst to the reactant molecules. Therefore, these adverse factors result in
the number of activated molecules in the reaction system being lower and the activation energy of
the corresponding reaction being higher. The activation energy of ethyl acetate HDO reaction under
the function of RT450 catalyst is lowest among that of the RTx catalysts, and the energy required for
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effective collision is lowest. This find shows that the effective activation among the reactant molecules
can be realized in the relative lower energy system, thus forming more activated molecules, which
is beneficial to the catalytic hydrogenation reaction. At the same time, the lower reaction activation
energy leads the formation of active molecules more likely to have effective collisions in the lower
energy system, which is beneficial to improve the HDO reaction performance. Hence, decreasing
the reaction activation energy can provide an easy way for the ethyl acetate HDO reaction, thus
accelerating the reaction to thermodynamic equilibrium. H2-TPD results also strongly confirm that
under the same conditions, RT450 catalyst reaction system has the best adsorption and activation
ability for reactant H2 molecules, thus forming a large amount of reactivated hydrogen species.
Effective collisions among activated molecules will help reduce reaction activation energy. This is
mainly attributed to the sufficient metallic Ni content, large specific surface area, and suitable crystal
size for the RT450 catalyst. The activation energies of the RT500 and RT550 catalysts obtained by
enhancing the reduction temperature significantly increase, indicating that the higher the reduction
temperature is, the larger the activation energy is. Simultaneously, the BET and TEM results show that
the specific surface area of the studied catalyst slightly decreased with the increase of the reduction
temperature. High reduction temperature may accelerate the shrinkage or even collapse of mesorpous
structure, which weakens the adsorption and activation ability of reactant molecules in the mesorpous
structure of corresponding catalyst, as well as further affects the migration and effective collision
of activated molecules in mesorpous structure. The effective collision frequency between activated
molecules is reduced, which leads to the difficult ethyl acetate HDO reaction increase, as well as
to the increase of activation energy. H2-TPD also confirms that a series of changes in the chemical
composition of the studied catalysts have a significant effect on the adsorption and activation ability
for the H2 molecules. The results show that the chemical composition and particle structure of the
studied catalyst have a conspicuous influence on the ethyl acetate HDO reaction. In our previous
study, it was also found that ethyl acetate HDO reaction is a structural sensitive reaction [30]. To sum
up, the amount of active metallic Ni and its crystal size, as well as other chemical compositions may be
important reasons for the change of activation energy of RTx series reaction system. The activation
energy of the Ni/KIT-6 catalysts prepared at different reduction temperatures for ethyl acetate HDO
reaction has the lowest value. The activation energies of the prepared catalysts obey the following
order: RT550 > RT400 > RT500 > RT450.

3. Materials and Methods

3.1. Catalyst Preparation

The Ni/KIT-6 catalyst was prepared by impregnation method. KIT-6, which is prepared following
the procedure described by our subject group [36,37], was used as the support for the Ni/KIT-6 catalysts.
0.62 g Ni(NO3)2·6H2O (Chengdu Kelong Chemical Reagent Factory, China) was dissolved in deionized
water with HNO3. KIT-6 (0.38 g) was added. The sample continued to dry overnight in an oven
and then calcined at 550 ◦C for 4.0 h in air. Finally, the obtained catalyst precursor was subjected to
hydrogen reduction 2.0 h to produce the Ni/KIT-6 catalyst at 400, 450, 500, and 550 ◦C, which were
labeled as RT400, RT450, RT500, and RT550, respectively.

3.2. Catalyst Characterization

3.2.1. XRD Characterization

X-ray diffraction (XRD) pattern were record on a Shimadzu-6100 diffractometer (Tokoyo, Japan)
with a rotating anode using Ni filtered Cu Ka radiation at 40 kV of a tube voltage and 30 mA of a tube
current. The data of 2θ from 20◦ to 80◦ range were collected with the step size of 0.02 at the rate of
3◦/min, according to our preview work [24].
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3.2.2. Quasi In-Situ XPS Studies

The prepared RTx catalyst samples (x = 400, 450, 500, and 550) were in situ reduced in a
pretreatment chamber in high purity hydrogen at 400 ◦C for 60 min to obtain RTx catalysts, and then,
obtained RTx catalysts were cooled down to room temperature. Then, the RTx catalysts were directly
moved to analysis chamber without being exposed to the environment to analyze the Ni 2p message.
The chemical states of the RTx (x = 400, 450, 500, and 550) samples were determined using in situ X-ray
photoelectron spectra (in situ XPS). The XPS signals were collected using an ESCALAB 250Xi analyzer
(Thermo Fisher Scientific, MA, USA).

3.2.3. BET Characterization

The Brunauer–Emmett–Teller (BET) analysis of the catalysts was determined by N2

adsorption–desorption using an ASAP 3020 (Micromeritics, GA, USA) instrument. The catalysts
were outgassed at 300 ◦C for 3.0 h before being subjected to N2 adsorption, according to our preview
work [24].

3.2.4. H2-TPD/R Studies

Temperature-programmed desorption of H2 (H2-TPD) was tested on a self-made instrument,
the steps follows: 50 mg of catalyst precursor was placed in a quartz U-tube reactor. The catalyst
precursors were reduced with a 5% H2/Ar mixture (25 mL/min) at 400, 450, 500, and 550 ◦C for 2.0 h,
respectively. Afterward, the catalyst is flushed with Ar flow (25 mL/min) to remove all physically
adsorbed molecules. The studied catalysts were then heated at 10 ◦C/min to 700 ◦C with pure Ar at a
flow rate of 25 mL/min. The hydrogen desorption signals were monitored using a thermal conductivity
detector (TCD), according to our previous work [24].

3.2.5. TEM Characterization

The transmission electron microscopy (TEM) was performed using a FEI Tecnai G2 F30 microscope
(Oregon, OR, USA) operating at an acceleration voltage of 300 KV.

3.2.6. Catalytic Activity Measurement

Catalytic tests of all the studied catalysts were carried out in a tubular, continuous-flow, fixed-bed
reactor under atmospheric pressure. The quartz tube reactor containing 50 mg of the supported
nickel oxide precursors were placed inside the tubular furnace. High-purity hydrogen was flowed
downward through the reactor containing the catalyst bed, while an electronic mass flow controller
was used to control the hydrogen gas flow rate. The precursors were reduced at 400, 450, 500,
and 550 ◦C at hydrogen flow for 2.0 h, followed by cooling under a H2 flow to the studied temperature.
Catalytic activity tests were performed at temperature range of 220 to 340 ◦C. The actual reduction
and reaction temperatures were measured using a thermocouple which was directly inserted into
the catalyst bed and were monitored by a temperature programmable controller at a heating rate of
10 ◦C/min. The fed gas was obtained by bubbling hydrogen through a saturator, which contains the
studied model bio-oil compound ethyl acetate in liquid phase kept at constant temperature to achieve
the fed gas mixture consisting of gaseous acetate ester (3.3%) and H2 (96.7%). The fed gas was led
over the catalyst at a flow rate of 10 mL·min−1, which is equivalent to a gas mass space velocity of
12,000 mL/g·h. The gas products were monitored using an on-line gas chromatograph (SC-3000B,
Chuanyi Automation CO. LTD, Chongiqng, China), equipped with a FID, according to our preview
work [24].

The conversion of reactant and the selectivity of products were calculated according to our
previous study [24].
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4. Conclusions

A series of Ni/KIT-6 catalysts with a metallic Ni loading of 25 wt.% were prepared at different
reduction temperatures. They show good catalytic HDO performance to the model compound ethyl
acetate. Ethyl acetate is completely converted, while high Sethane, all greater than 95%, can be maintained.
The catalytic performance of RT450 catalyst is the best among the prepared Ni/KIT-6 catalysts.
The complete conversion of ethyl acetate can be achieved at 300 ◦C, Sethane is up to 96.8%, Smethane

is only 3.2%, and the intermediate product ethanol is completely converted at 240 ◦C. This is mainly
attributed to the abundant metallic Ni content in the RT450 catalyst, the small crystal size, only 7.4 nm.
KIT-6 support promotes the highly dispersed Ni components and also promotes the migration and
activation of reactant molecules in the pore structure, and the Strong Metal Support Interaction Effect
(SMSI). In the range of studied reduction temperature, the mesoporous structure does not change
significantly, but the reduction temperature affects the HDO performances of the corresponding
catalyst. The adsorption and desorption properties of the prepared catalysts for H2 molecules are in
the following order: RT450 > RT500 > RT550 > RT400, and the order of HDOactivities of the prepared
catalysts is consistent with that of H2 desorption. By calculation, the activation energy of the prepared
catalysts obeys the following order: RT550 > RT400 > RT500 > RT450.
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Abstract: Cu-ZnO-based catalysts are of importance for CO2 utilization to synthesize methanol.
However, the mechanisms of CO2 activation, the split of the C=O double bond, and the formation
of C-H and O-H bonds are still debatable. To understand this mechanism and to improve the
selectivity of methanol formation, the combination of strong electronic adsorption (SEA) and
atomic layer deposition (ALD) was used to form catalysts with Cu nanoparticles surrounded by a
non-uniform ZnO layer, uniform atomic layer of ZnO, or multiple layers of ZnO on porous SiO2. N2

adsorption, H2 temperature-programmed reduction (H2-TPR) X-ray diffraction (XRD), transmission
electron microscope (TEM), energy-dispersive X-ray spectroscopy (EDX), CO-chemisorption, CO2

temperature-programmed desorption (CO2-TPD), X-ray adsorption near edge structure (XANES), and
extended X-ray absorption fine structure (EXAFS) were used to characterize the catalysts. The catalyst
activity was correlated to the number of metallic sites. The catalyst of 5 wt% Cu over-coated with a
single atomic layer of ZnO exhibited higher methanol selectivity. This catalyst has comparatively
more metallic sites (smaller Cu particles with good distribution) and basic site (uniform ZnO layer)
formation, and a stronger interaction between them, which provided necessary synergy for the CO2

activation and hydrogenation to form methanol.

Keywords: CO2 activation; methanol synthesis; atomic layer deposition; copper nanoparticles; zinc
oxide atomic layer

1. Introduction

Carbon dioxide (CO2) is considered to be the most severe greenhouse gas by the amount of
anthropogenic emission (36 billion tons per year in 2017 [1]), and the prominent free carbon source
in the future, on the other hand. Currently, only 0.5% of emitted CO2 can be used for industrial
purposes [1]. However, many research efforts have been devoted to converting CO2 into value-added
products of commercial importance. CO2 is thermodynamically stable [2] and barely reacts with other
chemicals without catalysts and driving energy. Thus, it is important to understand the mechanism
of catalytic activation of CO2, especially the relationship between catalysts’ structural properties and
catalytic performance such that effective catalyst materials can be developed for a specific reaction,
such as CO2 hydrogenation for methanol (MeOH or CH3OH). MeOH is a clean liquid fuel. It is also an
important commodity used as feedstock for the production of many other chemicals. Although the
hydrogenation of CO2 for MeOH:

CO2 + 3H2 → CH3OH + H2O, ΔH298K = −49.5 kJ mol−1, (1)
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is an exothermal reaction, high reaction temperatures favor the activation of CO2 and the formation
of methanol. However, high temperatures also contribute to the formation of by-products of CO
and hydrocarbons during the reaction [3]. Catalysts are developed in order to minimize or prevent
the occurrence of side reactions, among which the Cu-ZnO catalyst for CO2 hydrogenation has been
predominantly studied [2].

A literature review observed that some catalysts exhibited high conversion but poor selectivity to
MeOH while others showed a prominent selectivity of MeOH but lower CO2 conversion. However,
there is no catalyst that yet offers both high CO2 conversion and high MeOH selectivity. On the high
conversion and low selectivity side, Duan and coworkers [4] prepared a Cu–ZnO catalyst supported
on mesoporous carbon. The catalyst showed a relatively high CO2 conversion of 27%, and high MeOH
selectivity of 69% due to the good contact between the Cu/CuO and ZnO particles. The Cu–ZnO
catalyst [5] supported by reduced graphene oxide nanosheets also showed a CO2 conversion of 26%,
which resulted from the good dispersion of Cu–Zn particles enhanced by the support, but a much
lower MeOH selectivity of 5%. Cu/ZnO/ZrO2 catalyst [6] prepared by the precipitation–reduction
method showed a CO2 conversion of 23% and selectivity to MeOH of 57%. The study found that CO2

conversion was connected to the surface area of the exposed Cu, and MeOH selectivity was related
to the number of basic sites. On the high selectivity and low conversion side, Cu@ZnOx core-shell
catalyst [7] prepared by precipitated ZnO on the surface of Cu powders showed 100% selectivity
to MeOH and a CO2 conversion of 2%. The excellent selectivity was due to the alloy formation
and migration of Zn. Cu–Zn/Al foam catalyst [8] prepared via the hydrothermal method showed a
selectivity to MeOH of 83% and CO2 conversion of 10%. Compared with other Cu-based catalysts,
Cu–Zn/Al foam catalyst possessed great heat and mass transfer properties and suitable ratio of strong
basic sites.

Cu or ZnO alone had little effect on methanol synthesis by an experimental study, as shown
by Karelovic and coworkers [9]. However, the combination of Cu and ZnO enhanced the catalyst
performance dramatically, as revealed by Gesmanee and Koo-Amornpattana [10]. ZnO was regarded
as a structure-directing support to improve the dispersion of metallic Cu particles during reduction
and acts as a spacer between the Cu particles [11,12]. ZnO was able to provide the active sites for the
spillover of hydrogen [10,13–15]. According to the study of Cu-based catalysts modified by ZnO, ZrO2,
and MgO, Ren et al. [16] observed that Cu0 sites were the catalytic active centers for hydrogenation of
CO2 to MeOH. However, Choi et al. [17] discovered that Cu–Zn sites were the active sites for CO2

hydrogenation to MeOH. Kanai and coworkers [18] found that parts of ZnO migrated onto the surface
to form Cu–Zn alloy, and that Cu+ species formed in the vicinity of ZnOx were regarded as active sites
for MeOH synthesis. The group of Tisseraud and Le Valant [7,19–21] reported that the active sites for
CO and MeOH synthesis were different. CO was produced on ZnO sites and MeOH was produced on
ZnOx, which were formed on the interface of Cu and ZnO through cross-diffusion of Cu and ZnO. The
activity of the catalysts was found to be related to the number of “contact points” of Cu and ZnO.

Although a variety of mechanisms have been proposed and some are debatable, one recognizes
that CO2 is activated by one type of site, say ZnO related, and H2 by another type, say metallic Cu
or Cu2O/CuO related. Each type alone cannot have the activity to either H2 and CO2; however, they
must be next to each other to form the right structures to facilitate the formation of methanol or to
form the wrong structures to help the formation of CO. The activated CO2, still in the molecular form,
needs assistance from the activated H to pull one O away and to insert H in at the same time to form
C-H and O-H bonds. In other words, the right structures must be able to perform two functions at the
same time, pulling one O away to form H2O and inserting H atoms in to form methanol. Based on
this thinking, we planned to make two extremely different catalysts with the help of the atomic layer
deposition (ALD) method. One catalyst contains isolated Cu-related particles, specifically metallic
Cu nanoparticles, distributed in a layer of ZnO atoms, on which the activated CO2 lacks surrounding
H atoms, thus tending to form CO not methanol during hydrogenation. The other catalyst contains
isolated ZnO phases distributed in a layer of Cu or surrounded by sufficient Cu nanoparticles, on which
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the activated CO2 has enough H to access. In this paper, we prepared the first type of extreme catalysts.
Cu was loaded onto a SiO2 support by strong electronic adsorption (SEA) and ZnO was over-coated
by ALD. The catalysts were characterized by N2 adsorption, H2 temperature-programmed reduction
(H2-TPR) X-ray diffraction (XRD), transmission electron microscope (TEM), energy-dispersive X-ray
spectroscopy (EDX), CO-chemisorption, CO2 temperature-programmed desorption (CO2-TPD), X-ray
adsorption near edge structure (XANES), and extended X-ray absorption fine structure (EXAFS) and
their performance for CO2 hydrogenation to form methanol was tested using a fixed bed reactor.

2. Results and Discussion

2.1. Formation of Cu Particles with a Uniform Distribution

The samples were prepared by impregnation (Imp) and strong electronic adsorption (SEA)
methods over SiO2 with certain amount of Cu loading.

2.1.1. Reduction Properties of Samples from H2-TPR

The H2-TPR results of Imp-Cu and SEA-Cu samples with different Cu contents are shown in
Figure 1. Two hydrogen consumption peaks were observed in the range of 186 to 194 ◦C (referred to as
the first peak) and 206 to 240 ◦C (second peak) in the H2-TPR profile. The first peak was ascribed to the
reduction of the highly dispersed CuO phases [16,22], while the second peak was attributed to the
reduction of the CuO species having relatively stronger interactions with the support [16]. Imp-5Cu
sample (5 means 5 wt% target Cu loading) prepared by impregnation resulted in greater formation of
the dispersed CuO species, as shown by the higher intensity of the first peak. SEA-5Cu and SEA-10Cu,
prepared by the SEA method with 5 wt% and 10 wt% Cu loading, exhibited a larger second peak.
During the preparation of these two samples, the silica gel was first pretreated with ammonia solution
at a certain pH to adjust the surface charge prior to mixing with the Cu complex of the opposite charge
to form the CuO species. So, the catalysts prepared by the SEA method show more CuO species, which
have stronger interactions with the support. To ensure full reduction, 500 ◦C was used as the reduction
temperature in later research.

Figure 1. H2-TPR profiles of samples prepared by the Imp or SEA method with different Cu contents.

2.1.2. Samples Screened by TEM Images

These three samples reduced at 500 ◦C were used for TEM analysis. Figure 2 shows the TEM
images and the histograms of the samples. The CuO species prepared by the SEA method showed
relatively stronger interactions with the support, which was revealed by TPR. The pretreatment in SEA
to adjust the surface charge also resulted in a better distribution of the Cu particles. The average particle
sizes of catalyst SEA-5Cu and SEA-10Cu were 8.4 and 8.6 nm, respectively. Further comparison of the
particle size distribution between SEA-5Cu and SEA-10Cu shows that SEA-5Cu should be used for
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further study. The final catalysts were prepared by ALD to deposit ZnO with different pulse times or
cycles on SEA-5Cu. The catalysts were denoted as 5Cu-1CyZn-5s, 5Cu-1CyZn-30s, and 5Cu-5CyZn-5s
(called ZnO over-coated Cu/SiO2 catalysts). 1Cy and 5Cy represent the number of cycles of ALD
performed. Furthermore, 5 and 30 s represent the exposure time of the SEA-5Cu to the Zn precursor in
each cycle.

Figure 2. TEM images and particle size distribution of samples Imp-5Cu, SEA-5Cu, and SEA-10Cu.

2.2. Catalysts and Support Characterization

2.2.1. Results of ICP, BET, and XRD

Table 1 shows the ICP and BET results of the substrate silica gel (SiO2), SEA-5Cu, and the ZnO
over-coated Cu/SiO2 catalysts. The Cu contents in these samples were approximately 4.4 wt% as
expected; however, the Zn content varied depending on the pulse time and ALD cycles. With a
single-cycle deposition, the content of Zn increased from 0.3 (pulse time of 5 s) to 1.5 wt% (pulse time
of 30 s). With the same pulse time (5 s), the Zn content increased from 0.3 (1 cycle of ALD) to 1.3 wt%
(5 cycles of ALD). The loading of Cu by the SEA method dramatically decreased the specific surface
area and pore volume of SiO2. The average pore size increased from 3.0 to 4.5 nm, indicating blockage
of smaller mesopores. The surface area and pore volume were decreased further by ZnO ALD, but to a
smaller extent on the basis of the Cu loading.

Table 1. Bulk properties of SiO2, SEA-5Cu, and ZnO over-coated Cu/SiO2 catalysts.

Samples
Cu 1

Loading
(wt%)

Zn 1

Loading
(wt%)

BET Surface
Area 2

(m2g−1)

Pore
Volume 2

(cm3g−1)

Average
Pore Size 2

(nm)

Cu0 Lattice
Constant 3

(Å)

SiO2 - - 718 0.41 3.0 -
SEA-5Cu 4.4 - 264 0.30 4.5 3.62

5Cu-1CyZn-5s 4.4 0.3 200 0.21 4.2 3.62
5Cu-1CyZn-30s 4.5 1.5 210 0.24 4.3 3.64
5Cu-5CyZn-5s 4.3 1.3 238 0.28 4.6 3.65

1 Tested by ICP analysis; 2 Tested by N2 adsorption–desorption; 3 Calculated from XRD patterns.

The XRD patterns of the SiO2 and reduced SEA-Cu, ZnO over-coated Cu/SiO2 catalysts are shown
in Figure 3. The diffraction peak relative to amorphous SiO2 can be seen at 2θ = 22 ◦ [23]. After
reduction, most of the CuO is reduced to metallic Cu. For the reduced SEA-5Cu, the Cu phase is
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assigned to a face-centered cubic copper structure with characteristic diffraction peaks 2θ at 43 ◦, 50 ◦,
and 74 ◦ [21]. The ALD over-coating of ZnO did not change much of the Cu signals. No new peaks
were formed for the ZnO species, which indicated that the structure of ZnO prepared by ALD was not
large enough to be detected by XRD. The value of the calculated Cu0 lattice constant (Table 1) increased
with the increase in ZnO deposition, from 3.62 to 3.64 Å. Kanai et al. [18] believed that the increasing of
the lattice constant from 3.62 to 3.67 Å in their study on the Cu-ZnO catalysts was attributable to the
formation of a Cu–Zn alloy. In our case, the increase in the lattice constant upon the deposition of ZnO
may also be associated with the formation of the Cu–ZnO surface alloy.

Figure 3. XRD patterns corresponding to SiO2, SEA-5Cu, and ZnO over-coated Cu/SiO2 catalysts.

2.2.2. Reduction Properties, Cu Particle Size, and Structure of ZnO

The H2-TPR results of SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts are shown in Figure 4.
Two hydrogen consumption peaks are seen in the range of 148 to 194 ◦C (referred to as the first peak)
and 206 to 254 ◦C (second peak) in the TPR profile. The two peaks are ascribed to the reduction of
the highly dispersed CuO phases and the reduction of CuO species having a strong interaction with
SiO2 [16,22]. With the increase in the amount of ZnO by either lengthening the pulse time or having
more ALD cycles, the second peak clearly shifted to a higher temperature zone. This right shift could
indicate that the over-coating of ZnO on the CuO species may cause them to be harder to reduce. The
H2-TPR profiles also verify that using 500 ◦C as the reduction temperature is sufficient to activate
the catalysts.

Figure 4. H2-TPR profiles of SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts.
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When imaging the three reduced catalysts, 5Cu-1CyZn-5s, 5Cu-1CyZn-30s, and 5Cu-5CyZn-5s,
by TEM, four spots were randomly selected to measure the distribution of the elements by the EDX
technique (Table 2). The diameter of the spot was 1 μm. On 5Cu-1CyZn-5s, with 25% probability,
a Cu particle was detected (87 wt% of Cu), where the Zn content was also relatively high (1.9 wt%
vs. 0.2–0.3 wt% on the other three spots). The Cu content on the other three spots varied from 7.8 to
22.6 wt%. On 5Cu-1CyZn-30s, the chance to detect a big change in the Cu and Zn contents become
smaller. For all four spots, the Zn content changed from 1.1 to 1.9 wt% while the Cu content changed
from 8.3 to 12.9 wt%. On 5Cu-5CyZn-5s, the Zn content varied from 0.1 to 4.1 wt% with four different
values for four spots. With a 25% chance, a relatively high Cu spot was detected (26.5 wt% of Cu). The
uniformity of the ZnO layer over-coating depended on the number of ALD cycles used and the length
of the pulse time of each cycle. One cycle of ZnO over-coating with a pulse time of 5 s possibly led to
some uncoated areas. 5 cycles and 5 s possibly led to multiple layers of ZnO as well as uncoated areas.
Only one cycle of 30 s led to a relatively uniform ZnO layer and a small chance of having uncoated
areas. The layer of ZnO “disciplined” the growth of Cu particles during reduction. Under a uniform
single layer of ZnO, 5Cu-1CyZn-30s grew well-distributed Cu particles. However, 5Cu-1CyZn-5s and
5Cu-5CyZn-5s, both possibly having an uncovered surface and specifically having uncovered CuO
species, grew larger Cu particles [24].

Table 2. The content of elements on the reduced ZnO over-coated Cu/SiO2 catalysts detected
by TEM-EDX.

Catalysts
5Cu-1CyZn-5s

Element Content (wt%)
5Cu-1CyZn-30s

Element Content (wt%)
5Cu-5CyZn-5s

Elements Content (wt%)

Spots Zn Cu Si O Zn Cu Si O Zn Cu Si O
1 1.9 87.0 1.8 9.3 1.1 10.9 43.7 44.3 0.1 5.0 60.7 34.2
2 0.2 22.6 42.0 35.2 1.9 12.3 48.6 37.2 4.1 8.0 43.1 44.8
3 0.3 17.7 46.8 35.2 1.1 8.5 52.8 37.6 2.4 9.0 43.2 45.4
4 0.2 7.8 45.2 46.8 1.8 8.3 50.1 39.8 1.0 26.5 34.6 37.9

This argument has immediate support from the TEM images shown in Figure 5. The TEM images
and histogram show that 5Cu-1CyZn-30s had the largest number of Cu particles and most uniform
particle size from 4 to 10 nm. The average Cu particle sizes of the three ZnO over-coated Cu/SiO2

catalysts as well as their precursors, Cu/SiO2 (SEA-5Cu), as measured from the TEM images are shown
in Table 3. The particle size calculated from the XRD peaks by Scherrer’s equation coincided with the
TEM results (Table 3). A greater regulation effect can be observed when a longer pulse time or more
ALD layers were used.

The CO chemisorption results are also shown in Table 3. Using 5Cu-1CyZn-5s as a benchmark,
lengthening the pulse time from 5 to 30 s did not change or decrease too much of the Cu dispersion,
metallic Cu surface area, and thus, the number of Cu metallic sites per gram of catalysts. However, using
5 cycles of ALD, each having 5 s of pulse time, significantly changed or decreased the Cu dispersion,
metallic Cu surface area, and number of metallic sites per gram of catalysts. A certain position of
multiple layers of ZnO may hinder the Cu reduction of the CuO species under multiple layers.

Table 3. Metallic Cu particle size, dispersion, and metallic surface area of reduced catalysts.

Samples
Cu Particle Size (nm)

Cu Dispersion (%)
Cu Surface

Area (m2·g−1)
The Number of Metallic

Sites (μmol·g−1)
TEM XRD

SEA-5Cu 8.4 7.1 - - -
5Cu-1CyZn-5s 8.1 6.5 1.9 0.69 304
5Cu-1CyZn-30s 6.7 5.3 1.7 0.65 286
5Cu-5CyZn-5s 6.9 6.4 1.3 0.53 228
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Figure 5. TEM images, particle size, and distribution of ZnO over-coated Cu/SiO2 catalysts.

2.2.3. Basicity of the Catalysts from CO2-TPD

The basicity of the SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts was detected using CO2-TPD
(Figure 6), which revealed the species and number of basic sites. There are three not totally separated
peaks shown in the profiles. The adsorption temperatures of each peak are centered around 140, 340,
and 570 ◦C. All three peaks of 5Cu-1CyZn-30s shifted towards the higher temperature. These peaks
can be assigned to the weak, moderate, and strong basic sites. According to the literature, the weak
basic sites are ascribed to the OH− groups. The moderate basic sites are related to the M-oxygen pairs
(M =metal). The strong basic sites are associated with the coordinatively unsaturated O2− ions, which
is a low coordination oxygen atom [25–28].

Figure 6. CO2-TPD curves of the SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts.

The peaks of CO2 desorption were then separated and quantified, and the results are shown
in Table 4. The comparison of SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts indicated that ZnO
over-coating increased the number of total basic sites mainly via the formation of more moderate and
strong basic sites. Compared to the catalyst 5Cu-1CyZn-5s, a longer pulse time (5Cu-1CyZn-30s) or
multiple cycles of ZnO over-coated (5Cu-5CyZn-5s) led to more basic site formation, which is from 19
(weak) to 42 or 21 μmol·g−1, 301 (moderate) to 369 or 405 μmol·g−1, 838 (strong) to 1017 or 884 μmol·g−1,
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and 1158 (total) to 1428 or 1310 μmol·g−1, respectively. It is worth mentioning that a longer pulse time
of the ZnO precursor ended in the formation of more strong basic sites, and multiple cycles of ZnO
over-coating resulted in more moderated basic sites being formed. Comparing the number of basic
sites of the ZnO over-coated Cu/SiO2 catalysts, there are more basic sites on the catalyst 5Cu-1CyZn-30s.
The basic sites are where the CO2 adsorption and activation happen.

Table 4. Basic properties of the SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts.

Samples
Number of Basic Sites (μmol·g−1) Total Number of

Basic SitesWeak Moderate Strong

SEA-5Cu 13 193 578 784
5Cu-1CyZn-5s 19 301 838 1158
5Cu-1CyZn-30s 42 369 1017 1428
5Cu-5CyZn-5s 21 405 884 1310

2.3. Chemical Structure from XAS Spectra

2.3.1. XANES for Cu K-Edge of SEA-5Cu and ZnO Over-Coated Cu/SiO2 Catalysts

The local structure and electronic state of Cu and Zn in the catalysts were investigated by XAS.
The Cu K-edge XANES spectra and their first derivative spectra of SEA-5Cu and ZnO over-coated
Cu/SiO2 catalysts, along with those of the Cu, Cu2O, and CuO standards are shown in Figure 7.
The comparison of the spectra of SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts and those of the
standards indicated that the copper in all the calcined samples took the oxidation state of Cu2+. A
pre-edge at approximately 8981 eV, which was the characteristic Cu1+ 1s–4d transition feature [29],
was only observed in the spectrum of Cu2O. The absence of this peak in the spectra of samples also
demonstrated there only Cu2+ species were present in the calcined samples.

 
Figure 7. Experimental XANES spectra registered Cu K-edge of SEA-5Cu and ZnO over-coated Cu/SiO2

catalysts (left). The first derivative XANES spectra (right).

Further comparison of the first derivative spectra showed that Cu in the prepared samples
maintained the two CuO peaks, 8984 and 8991 eV, which represented the 1s–4p transition shakedown
and the main transition, respectively [29]. The notable peak shift toward higher energy (1–3 eV)
may suggest a noncentrosymmetric CuO attributable to the ligand donor effect [29]. The spectra of
the samples did not show the pre-edge peak (1s–3d quadrupole-allowed transition [29]), which was
frequently observed in the Cu2+ compounds.

The Cu K-edge XANES spectra and the first derivative spectra of the reduced SEA-5Cu and ZnO
over-coated Cu/SiO2 catalysts, as well as the spectra of Cu, Cu2O, and CuO as the reference, are shown
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in Figure 8. Compare to the spectra of the standards, those of SEA-5Cu and ZnO over-coated Cu/SiO2

catalysts showed the same shape with the Cu foil and a similar absorption edge, meaning that the
chemical environment of Cu species in SEA-5Cu and Cu-ZnO catalysts was close to that of the Cu
foil standard. The catalyst 5Cu-1CyZn-30s showed more obviously separated peaks corresponding to
resonance features at E0 + 15 eV and E0 + 24 eV [30], which indicated the Cu particles on the catalyst had
better dispersion. This conclusion was also corroborated by the TEM images of the reduced catalysts.
To further confirm the oxidation state of Cu, linear combination fitting of XANES was then used for
reduced SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts (Table 5). There was approximately 75% of
metallic Cu formation in SEA-5Cu and the catalysts. With multiple layers of ZnO being over-coated,
more Cu was reduced on catalyst 5Cu-5CyZn-5s.

There were two main peaks at approximately 8979 and 8990 eV in the first derivative spectra
of the reduced SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts, which were both assigned to
1s–4p transitions [30]. According to the first derivative spectra of the reduced 5Cu-1CyZn-5s and
5Cu-1CyZn-30s catalysts, the peaks assigned to the 1s–4p transition shifted towards higher energy
compared to that of SEA-5Cu. This demonstrated that the chemical environment of the Cu species on
these two catalysts was affected by the ZnO over-coated, and metallic Cu may be partially oxidized by
ZnO. Higher energy was needed to make the electron transition from the 1s to 4p orbital. So, there
may be an interaction between Cu and ZnO, and possibly a dissolution of Cu atoms in the ZnO lattice.
However, the spectrum of the catalyst R 5Cu-5CyZn-5s showed no shift compared to that of SEA-5Cu,
which means that with multiple layers of ZnO, the interaction of Cu and ZnO becomes weaker. The
energy shift was not that much because not all the metallic Cu had an interaction with the ZnO, and
the spectra can only provide the average feature of the bulk catalysts.

Figure 8. Experimental XANES spectra registered the Cu K-edge of reduced SEA-5Cu and ZnO
over-coated Cu/SiO2 catalysts (left). The first derivative XANES spectra (right).

Table 5. Cu species in the reduced SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts based on linear
combination fitting.

Samples
Configuration

Cu Cu2O CuO

SEA-5Cu 0.75 0.01 0.24
5Cu-1CyZn-5s 0.75 0 0.25
5Cu-1CyZn-30s 0.75 0 0.25
5Cu-5CyZn-5s 0.79 0 0.21

2.3.2. EXAFS for Cu K-Edge of SEA-5Cu and ZnO Over-Coated Cu/SiO2 Catalysts

The EXAFS spectra of the Cu foil, Cu2O, and CuO standards in Figure 9 (left) gave us the
information of the bond species and their lengths, which are marked out. The EXAFS spectra of
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SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts displayed two peaks at around 1.47 and 2.58 Å,
which were assigned to the lengths of the Cu-O bond and Cu-(O)-Cu bond. The lengths of these two
bonds were both in the middle of those of Cu2O and CuO. Compared to the spectra of SEA-5Cu, the
peaks of calcined ZnO over-coated Cu/SiO2 catalysts both shifted right, which indicated that with ZnO
over-coated the bonds of Cu-O and Cu-(O)-Cu became longer.

The EXAFS spectra of reduced SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts are shown
in Figure 9 (right). There were two peaks in the spectra of catalysts on behalf of the two bonds,
respectively; the Cu-O bond whose length was in the range from 1.41 to 1.47 Å, and the Cu-Cu bond
whose length was in the range from 2.22 to 2.24 Å. The appearance of the peak representing the Cu-O
bond means not all the CuO species were reduced, and this result corresponded to the result of linear
combination fitting. The absorption peaks of 5Cu-1CyZn-5s were at 1.42 and 2.24 Å. The first peak
went right to 1.47 Å with a longer pulse time or multiple cycles of ZnO over-coated, revealing the
length of the Cu-O bond became longer due to more ZnO over-coated. The intensity of this peak
became less with the increase of the pulse time and cycles of ZnO deposition, which disclosed that
ZnO over-coated helped the reduction of Cu. The Cu-Cu bond length of ZnO over-coated Cu/SiO2

catalysts was similar to that of SEA-5Cu.

Figure 9. Experimental EXAFS spectra registered Cu K-edge of calcined (left) and reduced (right)
SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts.

2.3.3. XANES for Zn-K Edge of ZnO Over-Coated Cu/SiO2 Catalysts

The Zn XANES spectra of calcined ZnO over-coated Cu/SiO2 catalysts are shown in Figure 10
(left). The absorption edge was at 9662 eV, disclosing the existence of bivalent Zn. However, the
spectra of ZnO over-coated Cu/SiO2 catalysts were considerably different from that of ZnO standard.
Compared to the spectrum of ZnO, the peaks at 9663.8 and 9668.4 eV assigned to 1s–4sp and 1s–4p
transitions, were merged to one peak at 9667.5 eV in the spectra of the catalysts. The peaks at 9679.3
and 9683.4 eV were smoothed and became a shoulder (9681.1 eV), which was assigned to multiple
scattering (midrange order and short-range order) [31]. This peak was only shown in the spectrum
of 5Cu-5CyZn-5s instead of the catalysts with one cycle of ZnO deposition, since there was a single
layer of ZnO appearance with an uncoated area on the catalyst 5Cu-1CyZn-5s and a relatively uniform
ZnO layer on the catalyst 5Cu-1CyZn-30s. The difference between the spectra of Cu-ZnO and the
spectrum of ZnO was also because the Zn2+ on the catalysts, which existed as molecules or much
smaller particles, were mostly influenced by the substrate, SiO2.

The Zn XANES spectra of reduced ZnO over-coated Cu/SiO2 catalysts are shown in Figure 10
(right). These spectra showed no difference with those before reduction. The Zn XANES spectra of
ZnO over-coated Cu/SiO2 catalysts revealed a disordered ZnO material with an embryonic short-range
order. The nearest neighbor of Zn, O, stayed at the expected angles and distances for the wurtzite
structure [16,28].
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Figure 10. Experimental XANES spectra registered Zn K-edge of calcined (left) reduced (right) SEA-5Cu
and ZnO over-coated Cu/SiO2 catalysts (left).

2.3.4. EXAFS for Zn-K Edge of ZnO Over-Coated Cu/SiO2 Catalysts

The Zn EXAFS spectra of calcined and reduced ZnO over-coated Cu/SiO2 catalysts are shown in
Figure 11. In the EXAFS spectra of ZnO standard, the bond length between the central zinc atom and
the first shell atom, which was an oxygen atom, was 1.60 Å. The second peak was at 2.85 Å, which was
attributed to Zn-(O)-Zn interaction. According to the EXAFS spectra of Zn foil, the bond length of
Zn-Zn was 2.28 Å. There was a Zn-O bond in the spectra of calcined Cu-ZnO, and not much difference
was shown in the spectra of reduced Cu-ZnO. It is worth noting that there was no peak shown to
represent the bond of Zn-(O)-Zn, which means no bigger ZnO particles or many layers of ZnO formed.

Figure 11. Experimental EXAFS spectra registered Zn K-edge of calcined (left) and reduced (right)
SEA-5Cu and ZnO over-coated Cu/SiO2 catalysts.

2.4. CO2 Conversion and MeOH Synthesis

Catalytic evaluations of the ZnO over-coated Cu/SiO2 catalysts are shown in Table 6. When
the catalysts were evaluated by the CO2 hydrogenation reaction, 1 g of catalyst was packed in a
packed-bed reactor. The mixture of gas reactants, H2 and CO2, were fed to the reactor at a flow rate
of 9.6 L·h-1. The unreacted gases and gaseous products were analyzed by an off-line GC every 6 h.
The CO2 reaction rate and CO formation rate barely changed during a run (acted for 24 h), and the
average values are shown in the table. The liquid products were analyzed at the end of the run. No
other product besides MeOH and CO was formed. The CO2 reaction rate of catalyst 5Cu-1CyZn-5s is
4.9 mmol·g−1h−1, which decreases to 4.77 mmol·g−1h−1 with a pulse time of 30 s, and becomes even
smaller (4.06 mmol·g−1h−1) with five cycles of ZnO over-coated. The formation rate of CO has the
same trend with the CO2 reaction rate, which is from 4.57 (5Cu-1CyZn-5s) to 4.32 (5Cu-1CyZn-30s) and
3.89 mmol·g−1h−1 (5Cu-5CyZn-5s), respectively. The MeOH formation rate of catalyst 5Cu-1CyZn-30s
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is 0.48 mmol·g−1h−1, which is higher than that of catalyst 5Cu-1CyZn-5s (0.33 mmol·g−1h−1) and
5Cu-5CyZn-5s (0.21 mmol·g−1h−1). The MeOH selectivity of catalyst 5Cu-1CyZn-30s is 10.1%, which
is higher than 6.7% for 5Cu-1CyZn-5s, and 5.2% for 5Cu-5CyZn-5s. The ratios of the number of
metallic sites to the number of basic sites also are also shown in the table, which are 0.26, 0.19, and 0.17
on the catalysts 5Cu-1CyZn-5s, 5Cu-1CyZn-30s, and 5Cu-5CyZn-5s, respectively. The TOF of CO2

was calculated based on the number of basic sites from the results of CO2-TPD. The TOF of H2 was
calculated based on the number of metallic sites from the results of CO chemisorption. 5Cu-1CyZn-5s
has higher TOFCO2 of 4.2 h−1, and lower TOFH2 of 18.3 h−1. 5Cu-1CyZn-30s and 5Cu-5CyZn-5s show
similar TOFCO2 of 3.3 and 3.1 h−1, respectively, and the similar TOFH2 of 20.0 and 19.7 h−1.

Table 6. Catalytic performance of the ZnO over-coated Cu/SiO2 catalysts.

Catalysts 1
CO2

Reaction
Rate

MeOH
Formation

Rate

CO
Formation

Rate

MeOH
Selectivity

Number
of Basic

Sites

Number of
Metallic

Sites

Ratio of
Metallic to
Basic Sites

TOFCO2

by ZnO
TOFH2

by Cu

(mmol·g−1h−1) (%) (μmol·g−1) (h−1)

5Cu-1CyZn-5s 4.90 0.33 4.57 6.7 1158 304 0.26 4.2 18.3
5Cu-1CyZn-30s 4.77 0.48 4.32 10.1 1428 286 0.19 3.3 20.0
5Cu-5CyZn-5s 4.06 0.21 3.89 5.2 1310 228 0.17 3.1 19.7

1 Reaction conditions: T = 250 ◦C, P = 4.0 MPa, F = 9.6 L/h, 1.0 g catalyst.

According to our discussion in the introduction, the CO2 was adsorbed and activated by basic
sites, ZnO related, and H2 by metallic sites, Cu related. They must be close to each other to form the
right structures to facilitate the formation of methanol or to form the wrong structures to help the
formation of CO. During the reaction, the activated CO2 needs assistance from the activated H to pull
one O away and to insert H in at the same time to form C-H and O-H bonds. When the activated
CO2 lacks surrounding H atoms, only O can be pulled away from the activated CO2, resulting in the
formation of CO. To form MeOH only, three metallic sites should be next to one basic site to supply
three moles of activated H2 to react with the activated CO2 in the molecular form. So, the ratio of
the number of metallic sites to the number of basic sites on the catalyst, on which only MeOH forms,
should be at least 3. This value should be 1 on the catalyst producing only CO. This conclusion is
based on an ideal situation, which is that all the active sites are involved in the reaction. In the actual
reaction, not all of the active sites are working during the reaction. Only the metallic and basic sites,
who are next to each other, have the opportunity to provide the activated reactants and participate in
the reaction.

In our case, many more basic sites are formed than the metallic sites on the ZnO over-coated
Cu/SiO2 catalysts. The ratios of the number of metallic sites to the number of basic sites are much
smaller than 3. During the reaction, the basic sites are enough to adsorb and activate CO2. It is more
important if there are enough metallic sites to activate H2 and provide atom H to the basic sites.
Since more metallic sites are formed on the 5Cu-1CyZn-5s, it shows a higher CO2 reaction rate as
observed by other researchers [6,11,14]. It indicates that the CO2 reaction rate is related to the number
of metallic sites.

When it comes to the selectivity of the catalyst, another factor should be considered, which
is whether the metallic and basic sites are close enough to each other. To understand this, the
characterization of XRD patterns, XANES, and EXAFS spectra were studied on the ZnO over-coated
Cu/SiO2 catalysts. The value of the Cu0 lattice constant of 5Cu-1CyZn-30s is 3.64 Å, but this value for
catalyst 5Cu-1CyZn-5s is 3.62 Å. The increase in the lattice constant upon the deposition of ZnO with a
longer pulse time may be attributable to the formation of the Cu-ZnO surface alloy [18]. From the
XANES spectra registered the Cu K edge of reduced 5Cu-1CyZn-5s and 5Cu-1CyZn-30s, the peaks
assigned to the 1s–4p transition drift towards a higher energy compared to that of SEA-5Cu, which
demonstrates that the chemical environment of the Cu species on these two catalysts is affected by
the ZnO over-coated, and metallic Cu may be oxidized by the ZnO. So, there may be an interaction
between Cu and ZnO, and possibly a dissolution of Cu atoms in the ZnO lattice. Longer ZnO pulse
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times help this dissolution, but multiple layers do not. Compared to the EXAFS spectrum of calcined
SEA-5Cu, the bond lengths of Cu-O and Cu-(O)-Cu in the spectra of calcined Cu-ZnO catalysts become
longer due to the interaction between Cu and over-coated ZnO. So, the good interaction between the
metallic sites and basic sites helps to improve the selectivity of the catalyst.

2.5. CO2 Catalytic Activation to Produce MeOH

According to the study of the relationship between the catalyst structure and activity, a theory
of CO2 catalytic activation can be proposed. During the reaction on the 5Cu-1CyZn-30s, CO2 is
chemisorbed and activated by the basic sites, ZnO related, which try to push the atom O out of the
CO2 molecule. At the same time, the H2 is activated by the metallic site, Cu related, to form the H
atom, which then diffuses to the basic site. Since more points where basic sites and metallic sites are
close to each other exist, enough H atoms help to pull out the O atom and add into the CO2 to form
C-H and O-H bonds, which result in MeOH formation. Due to the synergistic effects of both the basic
and metallic sites providing the forces of pushing and pulling, CO2 can be activated and reacted with
H2 to form MeOH.

This proposed theory was proved by the performance of our catalysts; it has also been verified
by others’ work. The Cu-ZnO catalyst supported by reduced graphene oxide nanosheets exhibits a
higher CO2 reaction rate compared to other Cu-ZnO catalysts [5]. According to the TEM image of
the catalyst, it shows greatly even-dispersed Cu and ZnO phases, which indicates excellent metallic
and basic sites. Due to the contribution of these two sites, the catalyst has high CO2 conversion. Since
they randomly connect with each other, the selectivity to MeOH is not outstanding. Another Cu-ZnO
catalyst [7] prepared by precipitated ZnO on the surface of Cu powders show 100% of selectivity to
MeOH. The catalyst has a very small amount of ZnO precipitated on the surface of metallic Cu, which
represent a number of basic sites, a large number of metallic sites, and very good interaction between
them. During the reaction, there are enough H atom formation and spillover to the basic sites to reduce
the activated CO2 to MeOH. However, this catalyst has very low CO2 conversion due to the weak
basic sites. According to the analysis of our catalysts and others, the conclusion is much clearer that
the catalyst with high activity and selectivity should have both excellent metallic and basic sites, and
stronger interaction between them.

3. Experiment

3.1. Catalyst Preparation

Cu nanoparticles were prepared by Imp method or SEA method. Silica gel (6–12 mesh, grad 40;
Fisher Chem, Canada) ground to 255 to 350 nm was used as the substrate. In the Imp method, a certain
amount of copper nitrate hemi-pentahydrate (Cu(NO3)2·2.5 H2O, 98%~102%; Aldrich, Canada) was
dissolved in 2 mL of distilled water, and ammonia hydroxide (28 wt%; Sigma-Aldrich, Canada) was
added dropwise to form a copper hydroxide solid. Then, the solid was re-dissolved to be a dark blue
solution. The ammonia was added until the volume of the solution of Cu precursor was the same as the
pore volume of the substrate. The dark blue solution, which is tetraamine copper(II) ion, [Cu(NH3)4]2+

was added to silica gel dropwise while stirring with a glass rod for 10 min. The resultant solid was
dried overnight at 110 ◦C, and calcined at 250 ◦C for 3 h. In the SEA method, 10 g of silica gel was
pretreated in 50 mL of ammonia solution for 30 min to adjust the surface charge to negative. The pH of
the ammonia solution was higher than 10. To prepare the [Cu(NH3)4]2+-containing solution, a certain
amount of copper nitrate was dissolved in 50 mL of H2O. Then, ammonia solution was added to the
nitrate solution. The pretreated silica gel mixture and [Cu(NH3)4]2+ solution were mixed and stirred
for 2 h. The solid was filtered, washed, dried at 110 ◦C overnight, and calcined at 250 ◦C for 3 h.

The ZnO layer on the resultant solid from SEA was prepared by the ALD method using Beneq TFS
200 equipment. Because smaller Cu particles with a good distribution formed on samples prepared by
SEA method according to TEM images. Diethyl zinc (DEZ) (98.4 wt%; Sigma-Aldrich, USA) was used
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as the Zn precursor and H2O was employed as the oxidant. Nitrogen (99.999%; Praxair, Canada) was
used to purge the gas lines and the reactor. The temperature of the reaction was set at 150 ◦C to avoid
the formation of metallic Zn. The ALD cycle follows the reactions [32]:

Zn(C2H5)2 + H2O→ ZnO + 2C2H6 (g) ΔH = −70 kcal. (2)

This reaction splits into two half-reactions:

Sub-Surf-OH + Zn(C2H5)2 → Sub-Surf-O-Zn(C2H5) + C2H6 (g), (3)

Sub-Surf-O-Zn(C2H5) + H2O→ Sub-Surf-O-Zn-OH + C2H6 (g). (4)

The procedure of each ALD cycle is as follows: (1) DEZ vapor was introduced to the chamber
and reacted with hydroxyls that are on the surface of the substrate to form monoethylzinc. The
monotheylzinc replaced hydrogen and connected to the oxygen atom with the release of ethane as
depicted in Equation (3); (2) the chamber was purged with N2 to remove the unreacted precursor
and gaseous products; (3) H2O vapor was allowed into the chamber to react with the monoethylzinc,
forming hydroxyls bonded with Zn, and releasing ethane (Equation (4)); and (4) the chamber was
again purged with N2 to remove the unreacted oxidant and the gaseous products. Before steps (1) and
(3), the pressure of the chamber was reduced to 2.0 kPa and the valve that separated the chamber and
the pump was closed until the purging procedure started. Finally, the pulse time and/or number of
cycles were changed to obtain catalysts with different atomic layers and properties.

3.2. Catalyst Characterization

The elemental composition of catalysts was determined by inductively coupled plasma mass
spectrometry (ICP-MS) analysis at Saskatchewan Research Council. The analysis was carried out by
the equipment of PerkinElmer Optima 5300 DV/Optima 8300 DV.

The BET surface area, average pore diameter, and pore volume of the support and catalysts were
measured by N2 adsorption using Micromeritics ASAP 2020 with 0.2 g of the sample. The analysis
bath temperature was maintained at −196 ◦C through the experiment. Degassing was carried out at
200 ◦C for 2 h. From room temperature to 200 ◦C, the heating rate was 10 ◦C·min−1. The average pore
diameter and pore volume were obtained from the result of the BJH analysis.

The H2 temperature-programmed reduction (H2-TPR) and CO2 temperature-programmed
desorption (CO2-TPD) studies were performed using a Micromeritics 2950 HP Chemisorption Analyzer,
equipped with a thermal conductivity detector (TCD). Before the analysis of H2-TPR, the sample was
purged at 30 ◦C until the baseline signal was stable. The H2-TPR analysis was conducted by heating
samples from 30 to 650 ◦C at a ramp of 10 ◦C·min−1. The flow rate of 10% H2/argon was 50 mL·min−1.
During the CO2-TPD analysis, the catalyst sample was first pretreated at 250 ◦C for 20 min in He
atmosphere to remove physically adsorbed CO2. Then, the CO2 adsorption was carried out at 50 ◦C.
Afterwards, CO2 desorption was performed with a linear temperature increase up to 800 ◦C at a rate of
10 ◦C·min−1.

A transmission electron microscope (TEM) and energy-dispersive X-ray spectroscopy (EDX) were
used to investigate the Cu particle size and distribution of the elements of the reduced catalysts on a
HITACHI HT-7700 with Bruker X-ray detector at Western College of Veterinary Medicine imaging
center, University of Saskatchewan. Before the TEM and EDX tests, the samples were first reduced
by 40 v/v% H2 at atmospheric pressure (ramp from room temperature to 500 ◦C, rate 5 ◦C·min−1,
isothermal for 3 h).

X-ray diffraction (XRD) analysis was conducted on a Bruker Advance D8 series II, equipped with
Cu Kα radiation (λ = 0.1541 nm). The crystallite sizes of the reduced catalysts were estimated using
Scherer’s equation:

size = kλ/β(2θ)cosθ,
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where k is the crystallite shape constant (0.94), λ is the X-ray wavelength, and β(2θ) is the full width
at half maximum in radians. The lattice constants for the reduced catalysts were determined by
Bragg’s law:

nλ = 2d sinθ,

where n is the order of diffraction and d is the spacing between the different planes of atoms in the
crystal lattice.

The active metal dispersion of the Cu–ZnO catalysts was obtained using CO chemisorption, which
was performed on a Micrometrics ASAP 2020 instrument. After the sample was loaded and degassed,
it was reduced in-situ with pure hydrogen at 500 ◦C for 2 h and cooled down under vacuum to 35 ◦C
following purging in the flow of He for 30 min. Then, chemisorption analysis was conducted by
passing the pulses of CO gas.

The Cu K-edge and Zn K-edge X-ray absorption spectroscopy (XAS) measurements were conducted
at the Soft X-ray Micro-characterization Beamline (SXRMB) and Industry, Development, Education, and
Students (IDEAS) beamline, respectively at the Canadian Light Source (CLS, Saskatoon, SK, Canada).
A few milligrams of calcined or reduced samples were loaded on carbon tape. Both Cu K-edge and Zn
K-edge were collected in fluorescence and transmission modes.

3.3. Catalyst Evaluation

The evaluations of the chosen catalysts with CO2 hydrogenation reactions were conducted in
an Inconel fixed bed reactor (ID: 22 mm and length: 450 mm) with a single-pass downward flow. In
total, 1 g of catalyst was diluted with 90 mesh size silicon carbide particles and loaded in the constant
temperature zone of the reactor. Other parts of the reactor were filled with different sizes of silicon
carbide by layers. The catalyst was then reduced under H2 (99.9% purity, Praxair, Canada) flow
(120 mL·min−1) at atmospheric pressure (ramp from room temperature to 500 ◦C, rate 5 ◦C·min−1,
isothermal for 3 h). The reduced catalyst was cooled down to 250 ◦C under H2 flow. The desired
reaction gas flow rates were adjusted to a total volumetric flow rate of 160 mL·min−1 (H2:CO2 = 3:1)
(CO2: 99.9% purity, Praxair, Canada). Then, the reactor was pressurized to the reaction pressure of
4.0 MPa. The gas product was cooled to 0 ◦C in a cold trap to separate the condensable gas in the
product stream into the liquid phase at the reaction pressure.

The non-condensable gases in the stream were monitored by a bubble flow column installed at
the exit of the reactor, and analyzed by an off-line Agilent Technologies 7890A gas chromatograph
instrument equipped with two thermal conductivity detectors (TCDs) and a flame ionization detector
(FID). The liquid products were collected during a 24-h reaction period and analyzed with an off-line
Agilent Technologies 7890A gas chromatograph equipped with a DB-Wax capillary column and FID
detector. The weight of liquid products was measured after the collection to ensure the mass balance.

The conversion of CO2 was calculated as the average values for the total test duration:

XCO2 = 100%× nCO2,in − nCO2,out

nCO2,in
.

Methanol selectivity was calculated with respect to carbon-containing products (no other product
obtained except MeOH and CO):

SMeOH = 100%× nMeOH
nMeOH + nCO

.

The turnover frequency (TOF) of CO2 or H2 was calculated based on the number of basic or
metallic sites on the catalysts:

TOF =
reaction rate

number o f active sites
.
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4. Conclusions

The synthesis of the catalysts as planned—the isolated Cu nanoparticles distributed in ZnO layers,
using SEA and ALD over-coating—was successful. By varying the exposure time of the Zn-containing
precursor and the number of ZnO deposition layers, there was a slight change in the environment of
the ZnO sites to Cu sites and vice versa, and their interactions.

As expected, these catalysts facilitated a greater CO formation rate than the MeOH formation rate.
The more uniformed Cu site and ZnO site distribution in 5Cu-1CyZn-30s allowed it to have relatively
more MeOH formation.

This study partially supports the mechanism theory in CO2 hydrogenation to form MeOH.
Activated CO2 on the ZnO sites needs activated hydrogen in the right position. Our following work is
to synthesize the catalysts with isolated ZnO sites distributed in Cu sites, in the hope that the activated
CO2 will have enough activated hydrogen around it in the right position to form MeOH.
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Abstract: In the present study, a series of monometallic Cu/SiO2-Al2O3 catalysts exhibited immense
potential in the hydroprocessing of oleic acid to produce jet-fuel range hydrocarbons. The synergistic
effect of Fe on the monometallic Cu/SiO2-Al2O3 catalysts of variable Cu loadings (5–15 wt%) was
ascertained by varying Fe contents in the range of 1–5 wt% on the optimized 13% Cu/SiO2-Al2O3

catalyst. At 340 ◦C and 2.07 MPa H2 pressure, the jet-fuel range hydrocarbons yield and selectivities of
51.8% and 53.8%, respectively, were recorded for the Fe(3)-Cu(13)/SiO2-Al2O3 catalyst. To investigate
the influence of acidity of support on the cracking of oleic acid, ZSM-5 (Zeolite Socony Mobil–5)
and HZSM-5(Protonated Zeolite Socony Mobil–5)-supported 3% Fe-13% Cu were also evaluated
at 300–340 ◦C and 2.07 MPa H2 pressure. Extensive techniques including N2 sorption analysis,
pyridine- Fourier Transform Infrared Spectroscopy (Pyridine-FTIR), X-ray Diffraction (XRD), X-ray
Photoelectron Spectroscopy (XPS), and H2-Temperature Programmed Reduction (H2-TPR) analyses
were used to characterize the materials. XPS analysis revealed the existence of Cu1+ phase in
the Fe(3)-Cu(13)/SiO2-Al2O3 catalyst, while Cu metal was predominant in both the ZSM-5 and
HZSM-5-supported FeCu catalysts. The lowest crystallite size of Fe(3)-Cu(13)/SiO2-Al2O3 was
confirmed by XRD, indicating high metal dispersion and corroborated by the weakest metal–support
interaction revealed from the TPR profile of this catalyst. CO chemisorption also confirmed high metal
dispersion (8.4%) for the Fe(3)-Cu(13)/SiO2-Al2O3 catalyst. The lowest and mildest Brønsted/Lewis
acid sites ratio was recorded from the pyridine–FTIR analysis for this catalyst. The highest jet-fuel
range hydrocarbons yield of 59.5% and 73.6% selectivity were recorded for the Fe(3)-Cu(13)/SiO2-Al2O3

catalyst evaluated at 300 ◦C and 2.07 MPa H2 pressure, which can be attributed to its desirable textural
properties, high oxophilic iron content, high metal dispersion and mild Brønsted acid sites present in
this catalyst.

Keywords: hydroprocessing; FeCu catalysts; jet fuel; oleic acid

1. Introduction

The aviation sector is a large growing sector which bridges large distances within relatively short
time. The total number of international air passengers worldwide in 2018 was 4.4 billion, and this
is expected to increase to 7.8 billion in 2036 with Compound Annual Growth Rate (CAGR) of 3.6%
according to the prediction made by the International Air Transport Association (IATA). The aviation
sector facilitates 35% of world trade by value and it is responsible for transporting 54% of international
tourists. In spite of the significance of this sector, it is being faced by challenges over the years. The
worldwide aviation industry consumes about 1.7 billion barrels of conventional jet fuel annually [1].
The development of the aviation industry is paralleled with increase in greenhouse gas emissions [2].
According to the air transport action group (ATAG), 895 million tonnes of CO2 was emitted by
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flights in 2018, which represents about 2% of human-induced emissions. As a result, aviation experts
unanimously agreed on three targets that are carbon neutral growth by 2020, fifty percent greenhouse
gas emission reduction by 2050 with respect to 2005 as a baseline and lastly, improvement of efficiency
of fuel by 1.5% from 2009 to 2020. These are the first set of climate change targets that are streamlined
to a particular sector in the world [3]. In order to achieve these targets, different carbon footprint
mitigation strategies were devised. They are technological improvements, use of aviation biofuels,
airline operations improvements and market-based measures. Sgouridis et al. [4] used the Global
Aviation Dynamics (GAID) model to prove that the potential contribution of aviation biofuels and
market-based measures is significantly higher than the contribution of the other strategies [4].

Biochemical and thermochemical processes are among the technologies utilized for production
of jet fuel from these biomass-based materials [1]. The alternative fuels for air transport include
hydroprocessed renewable jet fuels (HRJ), Fischer–Tropsch jet fuels (FTJ), liquid biohydrogen,
biomethane and bioalcohol [1]. Hydroprocessed renewable jet fuel has been proven to have the
highest jet fuel-to-feed ratio, highest overall energy efficiency, lowest total capital investment and
the lowest jet-fuel selling price [4]. Hydroprocessed renewable jet fuels are produced from oil-based
feedstocks using hydroprocessing technologies that encompass hydrotreating, hydrodeoxygenation,
hydrocracking and isomerization reactions. They find application in conventional aviation turbine
engines without modification and without blending with conventional petroleum-derived jet fuels.
Hydroprocessed jet fuels are suitable for high altitude flights due to their high cold flow properties [1].

Copper-based catalysts are well known for their preferential selectivity for hydrogenation of
C=O bond in carbonyl compounds due to the presence of the unfilled 3D electron levels of metallic
copper. These catalysts are also known for their high H2 adsorption and activation abilities [5].
Bykoeva et al. [6] carried out hydrodeoxygenation over a reduced NiCu bimetallic supported catalysts
and reported that high catalyst selectivity and catalyst stability were obtained as a result of the inclusion
of Cu in the bimetallic catalyst. In spite of all the advantages of using s copper-based catalyst for the
hydroprocessing of vegetable oils, they have low affinities for oxygen. To develop a novel catalyst
with higher catalyst activity and selectivity, bimetallic catalysts are used due to their often appreciable
chemical and electronic behavior as compared to their corresponding monometallic catalysts. Iron
has high oxophilicity and can be used to tune the activity and selectivity of copper. Iron has the
highest natural abundance, lowest price and rich redox chemistry [7]. Kandel et al. [7] performed
hydrodeoxygenation of microalgal oil over the reduced iron-based catalyst. It was found that the high
selectivity towards liquid alkanes was due to the Fe-O bond strength; thus providing effective reduction
of the microalgal oil to form paraffins. Iron can facilitate hydroprocessing of vegetable oils through
binding and subsequent activation of the oxygenates. Addition of iron to copper can also improve
the surface area of copper and inhibit its sintering [4]. The supports used in the hydroprocessing
of vegetable oil need to complement the activity role played by the active site phase of the catalyst.
This can be achieved by synthesizing catalysts’ support of high surface area and pore volume. Light
hydrocarbons production can be avoided by using catalyst support of moderate Brønsted acid sites [8].

Alumina, silico-alumino phosphates, zeolites, zirconium oxide and mesoporous materials have
been utilized by researchers for the hydroprocessing of vegetable oils [9–11]. Kazuhisa et al. [12] worked
on the hydroprocessing of jatropha oil over a catalyst supported on ZSM-5 (23 wt% silica–alumina
ratio) in a 100 mL autoclave batch reactor at 300 ◦C, 6.5 MPa H2 pressure, 1 g catalyst/g feed and 12 h
reaction time. An 83.8% conversion of jatropha oil, 3.06% CO2 selectivity, 16% C1–C4 hydrocarbon
selectivity and 80.7% C10–C20 hydrocarbons yield were obtained. This shows the high activity and
selectivity strength of ZSM 5 zeolite-supported catalyst for liquid hydrocarbons. It also shows the
cracking effects of ZSM 5, thus indicating it can also be suitable for the hydrodeoxygenation and
hydrocracking of vegetable oils to produce jet-fuel hydrocarbon fractions. Mixed support of SiO2

and Al2O3 has also been used for hydroprocessing of vegetable oil. Yanyong et al. [13] examined the
hydroprocessing of vegetable oils over the NiMo/SiO2, NiMo/Al2O3 and NiMo/SiO2-Al2O3 catalysts at
350 ◦C and 4 MPa H2 pressure. The catalysts supported by the mixture of silica and alumina gave the
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highest and the most desirable iso/normal ratio (0.26). This shows clearly that SiO2-Al2O3-supported
catalysts have more preference for hydroprocessing of vegetable oils for bio-jet fuel production as
compared to the Al2O3- and SiO2-supported catalysts. Amorphous silica alumina support is viewed
as a polymer of Al2O3 on a backbone of SiO2, while crystalline ZSM-5 and HZSM materials are viewed
as copolymers of Al2O3 and SiO2 with capacities for ion exchange [14]. These three materials have
varying Brønsted acid sites concentrations. Hydroprocessing of vegetable oils for production of jet-fuel
range hydrocarbon largely depends on Brønsted acid sites concentrations of the catalysts used [8].

In this work, the catalytic performance on the conversion of model compound of vegetable oils
(oleic acid), yield and selectivity of jet-fuel range hydrocarbons were studied over the Cu/SiO2-Al2O3,

FeCu/SiO2-Al2O3, FeCu/ZSM-5 and FeCu/HZSM-5 catalysts. These catalysts were characterized
for determination of their physicochemical properties and their impacts on product selectivity.
The influence of reaction temperature, contact time and catalyst acidity were also investigated.

2. Results and Discussion

2.1. N2- Adsorption/Desorption Measurement

The N2- adsorption/desorption isotherms of all the silica–alumina-supported catalysts and its
support are shown in Figure S1. For all the profiles shown in Figure S1, at relatively low pressure,
no significant adsorption was observed for the support and the catalysts showed the formation of
monolayer of adsorbed molecules of nitrogen gas. Significant adsorption at high relative pressure as
shown in Figure S1 indicates adsorption in mesoporous materials [15]. The profiles of the support
(SiO2-Al2O3) and the monometallic catalysts exhibit type IV isotherms indicating that the support and
the catalysts are mesoporous. Despite different loadings of iron, the profiles of all the FeCu/SiO2-Al2O3

catalysts exhibit type IV isotherm indicating mesoporosity [15]. The pore diameters of the catalysts as
shown in Table 1 for all the silica–alumina-supported catalysts and its support confirmed the type
IV isotherm in Figure S1. The pore diameters were 4.4–5.7 nm indicating mesoporous nature of
material. Out of all the monometallic catalysts, Cu(13)/SiO2-Al2O3 catalyst samples have the largest
pore diameter of 5.3 nm. Pore diameter decreases with increase in iron loading (1–5 wt%) as shown in
Table 1. This trend can be ascribed to pore blockage.

Table 1. Textural properties of catalyst samples and their respective supports.

Sample ID
BET Surface
Area (m2/g)

Micropore
Volume
(cm3/g)

Mesopore
Volume
(cm3/g)

Total Pore
Volume
(cm3/g)

Pore
Diameter

(nm)

Crystallite
Size (nm)

SiO2-Al2O3
ZSM

HZSM
Cu(5)/SiO2-Al2O3
Cu(10)/SiO2-Al2O3
Cu(13)/SiO2-Al2O3
Cu(15)/SiO2-Al2O3

Fe(1)-Cu(13)/SiO2-Al2O3
Fe(2)-Cu(13)/SiO2-Al2O3
Fe(3)-Cu(13)//SiO2-Al2O3
Fe(5)-Cu(13)/SiO2-Al2O3

Fe(3)-Cu(13)/ZSM-5
Fe(3)-Cu(13)/HZSM-5

660
393
321
623
611
455
510
458
483
446
430
266
193

0.00
0.17
0.12

-
-
-
-
-
-
-
-

0.10
0.09

0.94
0.07
0.08
0.94
0.81
0.81
0.60
0.58
0.59
0.50
0.47
0.06
0.01

0.94
0.24
0.20
0.94
0.81
0.80
0.60
0.58
0.59
0.50
0.47
0.16
0.10

5.7
2.4
2.5
5.2
5.2
5.3
5.0
5.1
4.9
4.5
4.4
2.4
2.1

-
-
-

7.3
7.6
8.7
8.7

24.0
18.1
5.9
8.3
33.8
29.1

The N2- adsorption/desorption isotherms of the three catalysts (Fe(3)-Cu(13)/SiO2-Al2O3,

Fe(3)-Cu(13)/HZSM-5 and Fe(3)-Cu(13)/ZSM-5) and their respective supports (SiO2-Al2O3, HZSM
and ZSM-5 zeolite) are shown in Figure S2. The profiles of SiO2-Al2O3 support and Fe(3)-Cu(13)/
SiO2-Al2O3 catalyst exhibit type-IV isotherms. This indicates that the catalysts are mesoporous.
Unlike Fe(3)-Cu(13)/SiO2-Al2O3 catalyst and its respective support, Fe(3)-Cu(13)/HZSM-5 and
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Fe(3)-Cu(13)/ZSM-5 and their respective supports, show no significant adsorption capacity within the
relative pressure of 0–0.8. Low nitrogen adsorption occurs at very high relative pressure (p/po > 0.8),
indicating a mixed type I–type IV isotherm. It shows the presence of both micro- and mesoporosity in
the two catalyst samples and their respective supports [15].

The textural properties of the three catalysts, (Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/HZSM-5 and
Fe(3)-Cu(13)/ZSM-5), and their respective supports (SiO2-Al2O3, HZSM-5 and ZSM-5), are also shown
in Table 1. The Fe(3)-Cu(13)/SiO2-Al2O3 catalyst and its support have only mesoporous volumes,
while other samples have both mesoporous and microporous volumes. The pore volume of all the
supports decreases after metals loading due to blockage of the pores. Of all the catalyst samples,
Fe(3)-Cu(13)/SiO2-Al2O3 has the largest surface area, pore volume and pore diameter.

2.2. XRD Analysis

The XRD patterns of the silica–alumina-supported catalysts and its support are shown in Figure 1.
The 23◦ diffraction peak on the diffuse XRD pattern of silica alumina support coincides with the
literature [16–20] and the broadness of the peaks shows the material is amorphous. The two peaks
at 36◦ and 43◦ diffraction angles are ascribed to copper (I) oxide [21]. The intensity of the peaks of
copper (I) oxide at a 36◦ diffraction angle increases with copper loading. Diffraction peaks of copper
(II) oxide, copper metal, iron oxides and iron were not observed due to their high dispersion on the
support. The 42.5◦ diffraction angle peak attributed to copper (I) oxide [21] in the diffractogram
of Fe(3)-Cu(13)/SiO2-Al2O3 catalyst is the most diffuse peak. The decrease in the crystallite size of
Cu2O in Fe(1)-Cu(13)/SiO2-Al2O3, Fe(2)-Cu(13)/SiO2-Al2O3 and Fe(3)-Cu(13)/SiO2-Al2O3 with iron
loading indicates the promotional effect of iron on the dispersion of copper (see Table 1). Of all the
silica–alumina-supported bimetallic catalysts, Fe(3)-Cu(13)/SiO2-Al2O3 catalyst has the lowest Cu2O
crystallite size of 5.9 nm. This indicates its potential of being active for hydroprocessing of oleic acid
for production of jet-fuel range hydrocarbons (C8–C16).

The XRD patterns of the Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/HZSM-5 and Fe(3)-Cu(13)/ZSM-5
catalyst samples and their respective supports are shown in Figure 2. The X-ray light incident in a
periodically arranged crystalline materials scatters in a specific direction and results in high intensity
narrow peaks, while the X-ray light incident in amorphous materials scatters in random directions and
gives broad peaks. In Figure 2, the discrete X-ray diffraction patterns of HZSM-5 and ZSM-5 supports
are sharp Bragg peaks. This shows that these two materials have high degree of crystallinity with
long range order. The X-ray diffraction patterns of HZSM-5 and ZSM-5 coincide with that reported
in the literature [22,23]. The broad Bragg peak at 23◦ diffraction angle on the diffuse XRD pattern
of amorphous silica alumina shows that it is amorphous and it also coincides with that reported in
the literature [16]. The X-ray diffraction patterns of Fe(3)-Cu(13)/HZSM-5 and Fe(3)-Cu(13)/ZSM-5
show clearly the phases of Cu nanoparticles with the 23◦ sharp peak confirming the supports. In all
the XRD patterns of FeCu/HZSM-5 and Fe(3)-Cu(13)/ZSM-5 catalysts, the Bragg peaks at 43◦, 51◦
and 74◦ diffraction angles, respectively, are ascribed to the presence of Cu nanoparticles [24]. These
three characteristic diffraction peaks correspond to the (111), (200) and (220) planes of face-centred
cubic structure of copper. The peaks at 36◦ and 42.5◦ in the diffractogram of Fe(3)-Cu(13)/SiO2-Al2O3

catalyst are attributed to the presence of copper (I) oxide [21]. The absence of the diffraction peaks of
the reduced and oxidized phases of iron in all the samples can be ascribed to the fact that iron may be
either present in its noncrystalline phase or in minute quantities below XRD sensitivity.

From the N2- adsorption/desorption measurement, the BET surface area of the silica–alumina
support is the highest followed by the ZSM-5 support and HZSM-5 support. The catalyst,
Fe(3)-Cu(13)/SiO2-Al2O3 with the highest surface area, pore diameter and pore volume has the
lowest copper phase crystallite size.
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Figure 1. Wide angle X-ray Diffraction (XRD) patterns of SiO2-Al2O3, Cu(5)/SiO2-Al2O3, Cu(10)/SiO2-
Al2O3, Cu(13)/SiO2-Al2O3 and Cu(15)/SiO2-Al2O3, Fe(1)-Cu(13)/SiO2-Al2O3, Fe(2)-Cu(13)/SiO2-Al2O3,

Fe(3)-Cu(13)/SiO2-Al2O3 and Fe(5)-Cu(13)/SiO2-Al2O3 catalysts.

Figure 2. XRD patterns of SiO2-Al2O3, ZSM-5 (Zeolite Socony Mobil–5) and HZSM-5(Protonated
Zeolite Socony Mobil–5) supports; Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/
HZSM catalysts.
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2.3. Inductively Coupled Plasma-Optical Emission Spectrometry (ICP-OES) and CO Chemisorption Analyses

The actual loadings of iron and copper in Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and
Fe(3)-Cu(13)/HZSM-5 catalyst samples evaluated using the ICP-OES shows that they are approximately
the same as the targeted loading, if rounded up to the nearest whole number. The exact actual loadings
of iron and copper of these three catalyst samples in terms of their weight percentage were used
in their CO chemisorption analysis. The crystallite size and percentage dispersion surface area of
Cu and Fe metals were calculated using the CO chemisorption method and tabulated in Table 2.
The metals crystallite size increases in the order of Fe(3)-Cu(13)/SiO2-Al2O3 < Fe(3)-Cu(13)/ZSM-5
< Fe(3)-Cu(13)/HZSM-5. Fe(3)-Cu(13)/SiO2-Al2O3 catalyst has the lowest metals crystallite size as
observed from both CO chemisorption analysis and XRD peaks. The Scherrer equation was used to
calculate the crystallite size of the copper phase detected from X-ray diffractograms of the catalysts.
Cu was detected in the Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5 catalysts with metal crystallite
sizes of 33.8 nm and 29.1 nm, respectively, while Cu2O was detected in Fe(3)-Cu(13)/SiO2-Al2O3

catalyst with a crystallite size of 5.9 nm. All the reduced and oxidized phases of iron were not detected
in the XRD patterns of the catalysts. These undetected iron phases were detected from XPS and
TPR as discussed in later sections. Metals dispersion of the catalyst decreases with increase in their
crystallite size as shown in Table 2. Metal dispersion of the three catalysts increases with the surface
area of their respective support shown in Table 1. This trend can be attributed to increase in the
proportion of catalysts’ surface atoms with respect to the bulk catalysts. Fe(3)-Cu(13)/SiO2-Al2O3

catalyst has the highest metal dispersion and largest surface area as compared to Fe(3)-Cu(13)/ZSM-5
and Fe(3)-Cu(13)/HZSM-5 catalysts.

Table 2. Inductively Coupled Plasma-Optical Emission Spectrometry (ICP-OES) and CO chemisorption
analyses of catalyst samples.

Catalyst Samples

ICP-OES Metals
Dispersion

(%)

Metallic
Surface Area

(m2/g Sample)

Metallic
Surface Area

(m2/g of Metal)

Metals
Crystallite
Size (nm)

Cu
(wt%)

Fe
(wt%)

Fe(3)-Cu(13)/SiO2-Al2O3

Fe(3)-Cu(13)/ZSM-5
Fe(3)-Cu(13)/HZSM-5

13.0
13.1
13.4

2.5
3.1
3.2

8.4
7.6
6.3

8.1
7.6
6.5

54.3
46.7
38.4

8.4
9.8

11.9

Metals Sur f ace area = VmNa
S f Sd

, Metals dispersion = 104VmM
S f Wm

, Metals crystal size = 104 F
MSS Dm

, Vm =

monolayer volume
( mol o f CO

g o f sample

)
, M = molar mass o f metals

( g
mol

)
, F = shape f actor, Wm = metals loading in %,

Dm = metals density, Na = Avogadro number, Sd = sur f ace density o f metals
(
number o f metal atoms/m2

)
,

S f = stoichiometric f actor (mole o f CO per metal atom).

2.4. Fourier Transform Infra-Red Analysis

The molecular structure of Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ ZSM-5 and Fe(3)-Cu(13)/
HZSM-5 catalysts and their respective supports was analyzed by the FTIR technique in the absorption
region of 400–1400 cm−1, as shown in Figure 3. The absorption band detected at 439 cm−1 wavenumber
can be ascribed to Si-O bending. The framework vibration at 537 cm−1 wavenumber on the ZSM-5
and HZSM-5 support are characteristics of five membered rings tetrahedron shaped MFI zeolites.
The absorption detected at 791 cm−1, 1065 cm−1 and 1210 cm−1 wavenumbers can be ascribed to the
external symmetric stretch, internal asymmetric stretch and external asymmetric stretch, which are
typical for extremely siliceous materials [18,25]. The peaks were more intense in ZSM-5 and HZSM
because of their higher silica–alumina ratio as compared to that of the silica–alumina support. There
was a slight peak shift to a higher wavenumber at 537 cm−1 after Cu and Fe impregnation on HZSM-5
in the framework vibration ascribed to five membered rings tetrahedron shaped MFI zeolites. There
was also slight shift of peaks to a higher wavenumber at 1065 cm−1 after Cu and Fe impregnation
on ZSM-5 and HZSM-5 in the absorption band ascribed to internal asymmetric stretch of extremely
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siliceous materials. These shifts of FTIR peaks after impregnation of Cu and Fe are due to change in
bond length of the aluminosilicate frameworks in the catalyst samples [18,25].

Figure 3. FTIR spectra of SiO2-Al2O3, ZSM-5 and HZSM-5 supports; Fe(3)-Cu(13)/SiO2-Al2O3,

Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM catalysts.

2.5. XPS

The XPS spectra of the Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5
catalyst samples were fitted for both Cu2p and Fe2p using the CasaXPS software as shown in Figure 4.
The analysis confirmed the presence of iron and copper in their oxides and reduced states in all
the three catalyst samples [26–35]. Cu2p1/2 and Cu2p3/2 XPS peaks were observed at 935–937 eV
and 954–956 eV respectively, while Fe2p1/2 and Fe2p3/2 XPS peaks were observed at 721–723 eV and
708–713 eV respectively. The weak satellite peak at 945 eV binding energy on the XPS spectra of
Fe(3)-Cu(13)/HZSM and Fe(3)-Cu(13)/ZSM catalysts confirms the presence of Cu2O, while the strong
satellite peak at the similar binding energy on the XPS spectra of Fe(3)-Cu(13)/SiO2-Al2O3 can be
attributed to Cu2+ phase [31]. The atomic compositions of the metal oxides and reduced metals
obtained from the XPS spectra fitting were tabulated in Table 3. All the three catalyst samples consist
of significant atomic composition of copper and iron in their oxide state, owing to the passivation of
the surface of the catalysts during their synthesis. The results also show that all the catalyst samples
consist of Fe2O3 in larger quantities as compared to FeO at the surface. The highest surface atomic
composition of oxophilic iron metal was observed in the FeCu/SiO2-Al2O3 catalyst as revealed from
XPS fitting. The varying composition of metals and their oxides in all the catalysts can be ascribed to
their different metal–support interactions.
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Figure 4. Cu2p and Fe2p X-ray Photoelectron Spectroscopy (XPS) spectra of (a,b) Fe(3)-Cu(13)/HZSM
(c,d) Fe(3)-Cu(13)/SiO2-Al2O3 (e,f) Fe(3)-Cu(13)/ZSM-5 catalysts.

196



Catalysts 2019, 9, 1051

Table 3. Cu2p3/2 and Fe 2p3/2 values for Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/
HZSM catalysts.

Catalysts Component
Binding Energy of
Cu or Fe 2p3/2 (eV)

Atomic Composition
(%)

Fe(3)-Cu(13)/HZSM

Cu2O
Cu

CuO
Fe

FeO
Fe2O3

935
936
937
708
709
713

24.3
47.4
28.3
2.4
38.1
58.5

Fe(3)-Cu(13)/SiO2-Al2O3

Cu2O
Cu

CuO
Fe

FeO
Fe2O3

935
936
937
708
709
713

57.1
1.7
41.2
25.9
35.6
38.5

Fe(3)-Cu(13)/ZSM

Cu2O
Cu

CuO
Fe

FeO
Fe2O3

935
936
937
708
709
713

31.4
52.9
15.7
15.5
33.3
51.2

2.6. H2-TPR Analysis

The H2-TPR profiles of the Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/HZSM-5 and Fe(3)-Cu(13)/ZSM-5
catalysts are shown in Figure 5. The profiles confirmed the findings from XRD and XPS analyses
that despite reduction of the catalyst samples during synthesis, they still consist of oxides of Cu.
The H2 uptake from the TPR result is in the order of Fe(3)-Cu(13)/SiO2-Al2O3 >Fe(3)-Cu(13)/ZSM-5 >
Fe(3)-Cu(13)/HZSM-5 as shown in Table 4. The reduction peak temperature at 207 ◦C, 289 ◦C and 321 ◦C
in the respective profiles of Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5
are ascribed to the reduction of copper oxides to copper while the hump above 300 ◦C in all the three
TPR profiles are attributed to reduction of iron oxides to iron [33]. The reduction peak temperature
from the TPR profiles and the crystallite size of the catalysts obtained from CO chemisorption analysis
are in the same order of Fe(3)-Cu(13)/SiO2-Al2O3 < Fe(3)-Cu(13)/ZSM-5 < Fe(3)-Cu(13)/HZSM-5. Low
reduction peak temperature and low crystallite size indicate weak metal–support interaction, therefore
the Fe(3)-Cu(13)/SiO2-Al2O3 catalyst has the weakest metal–support interaction and highest metal
dispersion [34,35].
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Figure 5. Temperature Programmed Reduction (TPR) profiles of Fe(3)-Cu(13)/SiO2-Al2O3,
Fe(3)-Cu(13)/ZSM and Fe(3)-Cu(13)/HZSM catalysts.

Table 4. H2 uptake and reduction peak temperatures of catalyst samples.

Catalyst Samples
Reduction Peak

Temperature (◦C)
H2 Uptake (mmol g−1 cat)

Fe(3)-Cu(13)/SiO2-Al2O3
Fe(3)-Cu(13)/ZSM

Fe(3)-Cu(13)/HZSM

207
289
321

3.1
2.6
1.6

2.7. Pyridine FTIR Analysis

Pyridine, ammonia and acetonitrile can be used to determine the Brønsted and Lewis acid
sites of the catalysts. In this work, pyridine was used as molecular probe and it shows a clear
distinction between the Brønsted and Lewis acid sites. Moreover, the kinetic diameter of pyridine
is 0.57 nm which is lower than the 2.1–5.7 nm pore size of the catalysts [36]. Catalysts of high
Brønsted/Lewis acidity ratio favours cracking and is also not selective for dehydrogenation [37].
Cracking is desired for hydroprocessing of oleic acid for production of jet-fuel range hydrocarbons
and dehydrogenation is undesirable. Pyridine FTIR spectra and Brønsted/Lewis acid sites ratio
of Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5 catalysts were shown
in Figure S3 and Figure 6, respectively. The Brønsted/Lewis acid sites ratio increases in the order
of Fe(3)-Cu(13)/SiO2-Al2O3 < Fe(3)-Cu(13)/ZSM-5 < Fe(3)-Cu(13)/HZSM-5 as shown in Figure 6.
Fe(3)-Cu(13)/HZSM-5 and Fe(3)-Cu(13)/ZSM-5 catalysts have higher Brønsted/Lewis acid sites ratio as
compared to the Fe(3)-Cu(13)/SiO2-Al2O3 catalyst. This indicates that the MFI zeolite catalysts are
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richer in Brønsted acid sites. Fe(3)-Cu(13)/HZSM-5 catalyst have higher Brønsted/Lewis acid sites ratio
in comparison with Fe(3)-Cu(13)/ZSM-5 due to the protonation of the ZSM-5 support. Brønsted/Lewis
sites ratio of the catalyst as shown in Figure 6 has significant influence on selectivity of jet-fuel range
hydrocarbons as discussed in the later section.

Figure 6. Selectivity of jet fuel hydrocarbons at 300 ◦C and 2.07 MPa H2 pressure over the
Brønsted/Lewis acid sites ratio and metal dispersion of Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5
and Fe(3)-Cu(13)/HZSM-5 catalysts.

2.8. Catalyst Evaluation

The products obtained from the hydroprocessing reaction were analyzed based on oleic acid
conversion, yield and selectivity of jet-fuel range hydrocarbons. The results obtained from the gas
chromatography (GC) analysis show that reaction time, temperature and catalysts have significant
effects on the conversion of oleic acid, yield and selectivity of the jet-fuel range hydrocarbons. The error
% for all the result was within ± 5%. Figure 7 shows the results obtained from the evaluation of
Cu(5)/SiO2-Al2O3, Cu(10)/SiO2-Al2O3, Cu(13)/SiO2-Al2O3 and Cu(15)/SiO2-Al2O3 catalysts at 340 ◦C,
2.07 MPa hydrogen pressure and 5% catalyst/feed ratio. The effects of reaction times (2–10 hours) on the
conversion of oleic acid is shown in Figure 7. The conversion of oleic acid increases with time for all the
four catalysts. The highest oleic acid conversion obtained was 78.4% at 10 hours from the evaluation
of Cu(13)/SiO2-Al2O3 catalyst. The effects of reaction time (2–10 hours) on the selectivity of jet-fuel
range hydrocarbons are shown in Figure 7. The highest selectivity of jet-fuel range hydrocarbons
obtained was 41.9% respectively at 6 hours. Unlike conversion of oleic acid, which increases with
time, the selectivity of jet-fuel range hydrocarbons initially increases and later decreases with reaction
time due to subsequent cracking of the jet-fuel range hydrocarbons to lighter hydrocarbons shown in
Table S1. Oleic acid consists of macromolecules requiring catalyst of high pore size for easy internal
diffusion. Cu(13)/SiO2-Al2O3 performs better than the other three monometallic catalysts due to its
high pore diameter (5.3 nm), which implies high accessibility of oleic acid and hydrogen to the active
site (copper) of the catalyst.
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Figure 7. Conversion of oleic acid and selectivity of jet fuel hydrocarbons at different temperatures and
2.07 MPa H2 pressure over the (A) Cu(5)/SiO2-Al2O3, (B) Cu(10)/SiO2-Al2O3, (C) Cu(13)/SiO2-Al2O3

and (D) Cu(15)/SiO2-Al2O3 catalysts.

The effects of reaction time (2–10 hours) on oleic acid conversion and selectivity of jet-fuel range
hydrocarbons over the FeCu/SiO2-Al2O3 catalysts are shown in Figure 8. The conversion of oleic acid
increases with time for all the catalysts. The highest oleic acid conversion obtained was 98% at 10 hours
from the evaluation of Fe(3)-Cu(13)/SiO2-Al2O3 catalyst. The highest selectivity of jet-fuel range
hydrocarbons obtained was 53.8% at 10 hours. The better performance of Fe(3)-Cu(13)/SiO2-Al2O3

catalyst is due to its smaller crystallite size and high dispersion of copper and iron metals and high
reducibility of metals as compared to the other three catalysts.

The effects of reaction times (2–10 h) and temperature (300–340 ◦C) on oleic acid conversion, yield
and selectivity of jet-fuel range hydrocarbons over the Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/HZSM-5
and Fe(3)-Cu(13)/ZSM-5 catalysts are shown in Figures 9–11 and Table 5. The product distribution
of C8–C16 is also shown in Table S2. The conversion of oleic acid increases with reaction time and
temperature for all the three catalyst samples. The conversion approximately stabilizes between 8 to
10 h for Fe(3)-Cu(13)/SiO2-Al2O3 catalyst at 320–340 ◦C, Fe(3)-Cu(13)/ZSM catalyst at 300–340 ◦C and,
Fe(3)-Cu(13)/HZSM catalyst at 320–340 ◦C.
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Figure 8. Conversion of oleic acid and selectivity of jet fuel hydrocarbons at different temperatures
and 2.07 MPa H2 pressure over the (E) Fe(1)-Cu(13)/SiO2-Al2O3, (F) Fe(2)-Cu(13)/SiO2-Al2O3,

(G) Fe(3)-Cu(13)/SiO2-Al2O3 and (H) Fe(5)-Cu(13)/SiO2-Al2O3 catalysts.

Figure 9. Conversion of oleic acid and selectivity of jet fuel hydrocarbons at different temperatures and
2.07 MPa H2 pressure over the Fe(3)-Cu(13)/HZSM-5 catalyst.
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Figure 10. Conversion of oleic acid and selectivity of jet fuel hydrocarbons at different temperatures
and 2.07 MPa H2 pressure over the Fe(3)-Cu(13)/ZSM-5 catalyst.

Figure 11. Conversion of oleic acid and selectivity of jet fuel hydrocarbons at different temperatures
and PH2: 2.07 MPa H2 pressure over the Fe(3)-Cu(13)/SiO2-Al2O3 catalyst.
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Table 5. Yield of C8–C16 hydrocarbons at t: 2–10 hours; T: 300–340 ◦C, and PH2: 2.07 MPa H2 pressure.

Catalyst Temperature (◦C)
Residence Time (h)

2 4 6 8 10

Fe(3)-Cu(13)/SiO2-Al2O3

300 26.3 36.3 43.5 59.5 59.7
320 21.5 39.0 48.4 53.7 41.8
340 45.4 45.3 45.2 45.2 51.8

Fe(3)-Cu(13)/ ZSM
300 27.3 38.4 23.3 50.2 39.1
320 22.3 44.6 56.4 55.7 32.4
340 47.0 40.0 49.9 56.4 52.5

Fe(3)-Cu(13)/ HZSM-5
300 4.6 8.5 14.7 38.0 30.1
320 19.2 29.5 38.3 39.5 38.9
340 39.6 48.0 42.64 40.0 39.2

The highest yield and selectivity of jet fuel hydrocarbons were recorded for Fe(3)-Cu(13)/
SiO2-Al2O3 catalyst at 300 ◦C as shown in Figure 11 and Table 5. The total number of surface
atoms of Cu and Fe per the total number of atoms present in the catalyst increases with surface
area. Catalysts of high Brønsted/Lewis acid site ratio favours cracking, while oligomerization and
dehydrogenation are favoured by catalysts of low Brønsted/Lewis acid sites ratio [37]. The internal
diffusion calculation was carried out using the Weisz–Prater criterion [38]. The Weisz–Prater parameter
for this reaction was 3.6 × 10−7, which is much less than 1 indicating that the internal diffusion
in catalyst particles is absent. The experimental data show that with reaction time, more lighter
hydrocarbons (C5–C7) were produced from jet-fuel range hydrocarbons (C8–C16) due to deep and
mild cracking. This may be due to acidic nature of the catalysts used in this study. Hydroprocessing
reactions of fatty acids, triglycerides and vegetable oils require catalysts of mild Brønsted acid sites
to produce jet-fuel range hydrocarbons. Catalysts of high Brønsted sites have higher tendency of
producing hydrocarbons that are lighter than the jet-fuel range hydrocarbons [8]. Catalysts of low
Brønsted acid sites favor only the hydrodeoxygenation reaction with no sufficient cracking strength.
The Fe(3)-Cu(13)/SiO2-Al2O3 catalyst has mild Brønsted/Lewis acid sites ratio as proven from Figure 6.
The relationship between the metal dispersion, Brønsted/Lewis acid sites ratio and selectivity of
jet-fuel range hydrocarbons at 300 ◦C and 2.07 MPa H2 pressure over the Fe(3)-Cu(13)/SiO2-Al2O3,
Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5 catalysts are shown in Figure 6. Fe(3)-Cu(13)/HZSM-5
catalyst has the lowest metal dispersion and Brønsted/Lewis acid sites ratio and the lowest selectivity
of jet-fuel range hydrocarbons, while the Fe(3)-Cu(13)/SiO2-Al2O3 catalyst has the highest metal
dispersion and Brønsted/Lewis acid sites ratio and the highest selectivity of jet-fuel range hydrocarbons.
The productivity of Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5 catalysts
in terms of g jet fuel/g catalyst/h and g jet fuel/m2 metals surface area/g catalyst are shown in Table S3.
The Fe(3)-Cu(13)/SiO2-Al2O3 catalyst is the most productive catalyst, with 1.0 g jet fuel/g catalyst/h
and 2.6 g jet fuel/m2 metals surface area/g catalyst. The Fe(3)-Cu(13)/SiO2-Al2O3 catalyst is the most
promising when the entire temperature range(300–340 ◦C) is considered. This can be attributed to the
relatively low Brønsted/Lewis acid sites ratio [8], high Cu and Fe metals dispersion, high pore volume,
specific surface area of the Fe(3)-Cu(13)/SiO2-Al2O3 catalyst and high surface composition of oxophilic
iron metal observed from XPS fitting.

3. Experimental Methods

3.1. Catalyst Synthesis

Reduced Cu/SiO2-Al2O3, FeCu/SiO2-Al2O3, FeCu/ZSM-5 and FeCu/HZSM-5 bimetallic catalysts
were synthesized using diffusional impregnation and co-impregnation techniques.
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3.1.1. Chemical and Materials

Oleic acid (code number: 364525) and amorphous silica–alumina catalyst support (SiO2/Al2O3:
6.25, code number: 343358) were procured from Sigma-Aldrich (Missouri, U.S.A). Copper (II) nitrate
hemipentahydrate (code number: 467855) and iron nitrate nonahydrate (code number: 254223) were
purchased from ES company (New Jersey, U.S.A) and Millipore (Canada) Ltd (Ontario, Canada)
respectively. ZSM-5 zeolite (code number: CB2314, SiO2/Al2O3: 23) was supplied by zeolyst
international (Kansas, U.S.A).

3.1.2. Support Preparation

HZSM support (SiO2/Al2O3: 23) was prepared by exchanging ZSM-5 with a 1.0 M ammonium
nitrate solution at 100 ◦C for 3 h followed by calcination in air at 550 ◦C for 4 h [39]. Two commercial
supports (amorphous silica alumina and ZSM-5) were used alongside with the synthesized HZSM.

3.1.3. Catalyst Preparation by Impregnation

Monometallic 5, 10, 13 and 15 wt% Cu/SiO2-Al2O3 catalysts were synthesized using copper (II)
nitrate hemipentahydrate as precursor for copper. The solution of the precursor was impregnated
on amorphous silica alumina using diffusional impregnation technique and then the mixture was
dried overnight at 100 ◦C in a drying oven for each of the four catalyst samples. For instance, 15 g of
13 wt% Cu/SiO2-Al2O3 was synthesized by impregnating 7.1 g of copper (II) nitrate hemipentahydrate
on 13.1 g of amorphous silica alumina. The dried mixture was calcined in air in a muffle furnace
at 450 ◦C for 6 hours at 1 ◦C /min heating rate, reduced under 50 mL/min H2 flow at 400 ◦C for
4 hours at 1 ◦C/min heating rate and passivated with 1% O2/N2 flowing at 50 mL/min for 1 hour
ambient temperature. Thirteen wt% Cu/SiO2-Al2O3 was selected from the four catalyst samples for
iron promotional effect studies.

Bimetallic Fe(1)-Cu(13)/SiO2-Al2O3, Fe(2)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/SiO2-Al2O3,
Fe(1)-Cu(13)/ SiO2-Al2O3 catalysts were synthesized using copper (II) nitrate hemipentahydrate
and iron nitrate nonahydrate as precursors for copper and iron respectively. Copper (II) nitrate
hemipentahydrate solution and iron nitrate nonahydrate solution was first impregnated on amorphous
silica alumina using diffusional co-impregnation method and then the mixture was dried overnight
at 100 ◦C. For instance, 15 g of Fe(3)-Cu(13)/SiO2-Al2O3 was synthesized by co-impregnating 7.1 g
of copper (II) nitrate hemipentahydrate and 3.3 g of iron nitrate nonahydrate solution on 12.6 g of
amorphous silica alumina. The dried co-impregnated mixture was calcined in air in a muffle furnace
at 450 ◦C for 6 hours by heating at 1 ◦C/min, reduced under 50 mL/min H2 flow at 400 ◦C for 4 hours
at 1 ◦C/min heating rate and passivated with 1% O2/N2 flowing at 50 mL/min for 1 hour ambient
temperature. Fe(3)-Cu(13)/SiO2-Al2O3 catalyst was selected as the catalyst from the four bimetallic
catalysts for supports optimization studies.

For effective support optimization, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5 catalysts were
also synthesized using the same procedure as Fe(3)-Cu(13)/SiO2-Al2O3 catalyst.

3.2. Catalyst Characterization

3.2.1. ICP-OES

The mass compositions of copper and iron in Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and
Fe(3)-Cu(13)/HZSM-5 catalysts were evaluated using a concentrated mixture of HF/HNO3/HClO3

to digest 0.125 g of each catalyst samples to dryness in a Teflon tube to analyze copper and also
utilizing Ox automated fusion instrument to fuse the combination of Lithium metaborate and Lithium
tetraborate mixture with 0.1 g of each catalyst samples in a graphite crucible for analyze iron. Dilute
HNO3 was then used to dissolve the dry residue and fused product obtained respectively from the
copper and iron analyses and they were analyzed with Perkin Elmer ICP-OES (Optima 5300 DV) in the
geoanalytical laboratory of the Saskatchewan Research Council.
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3.2.2. N2-Adsorption/Desorption Measurement

Micrometrics ASAP 2020 instrument was used to characterize all the catalyst samples and their
respective supports with the BET method. Each catalyst sample was degassed in a sealed tube in
vacuum conditions at 250 ◦C for 5 h and evacuated until a static pressure of less than 1.33 Pa was
obtained. Physisorption analysis was then carried out with N2 at −196 ◦C.

3.2.3. XRD

X-ray diffraction patterns of all the catalyst samples and their respective supports were obtained
with a monochromatic Cu Kα radiation source of 0.15406 nm wavelength using an Ultima IV instrument
from Rigaku Instruments. The normal scan rate of the equipment is 2◦ scan/min within 10–80◦ diffraction
angle and 0.02 step size. The average crystallite size of the intense XRD peaks obtained for all the
catalyst samples was calculated using Equation (4).

L =
kλ

β cos θ
(1)

k = constant; λ = wavelength of the source of X-ray; β= Full width at half maxima; θ= half of the
Bragg angle.

3.2.4. XPS

XPS was used to study the phases of the active sites (Copper and Iron) at the surface of
Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5 catalyst samples. Kratos
(Manchester city, United Kingdom) AXIS Supra system equipped Rowland circle monochromated
source of 1486.6 eV Al K-α was used for XPS measurements for all three synthesized catalyst samples.
Three high-resolution regional scans were carried out using 0.05 eV steps with 20 eV pass energy.
An accelerating voltage of 15,000 eV and an emission current of 0.015 A were used for the analysis.

3.2.5. FTIR Spectroscopy.

A JASCO FT-IR 4100 instrument was used to identify the functional groups of the all the synthesized
catalyst samples and their respective supports. For analysis, 3 mg of sample was uniformly mixed
with 0.4 g of KBr pellets. Qualitative analysis of the functional groups of the catalyst samples were
obtained with 32 scans of 4 cm−1 nominal resolution. The IR spectra of pelletized samples were later
recorded in transmission mode in the wavenumber range of 400–1400 cm−1

.

3.2.6. CO Chemisorption

The metal dispersion and crystallite size of Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5
and Fe(3)-Cu(13)/HZSM-5 catalyst samples were measured using the Micrometrics ASAP 2020
chemisorption system. The catalyst samples were heated to 350 ◦C at 10 ◦C/min ramp rate in the
presence of H2. They were then held for 2 h and later cooled down to 35 ◦C and evaluated to a static
pressure below 1.3 × 10−5 N/m2. Pulses of CO were passed over the evacuated sample and the total
CO uptake was measured at 35 ◦C. Stoichiometric factor of 0.5 mole of CO per metal atom was used
for copper and iron.

3.2.7. Temperature Programmed Reduction (TPR)

H2-TPR of Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5 catalyst
samples were conducted at 101.3 KPa using Micrometrics Auto Chem II 2920 analyzer. 10% H2/Ar was
circulated to 0.05 g of each sample in a steel tube at 50 cm3/min and the temperature was increased
to 850 ◦C from ambient temperature at 10 ◦C/min. As the temperature increases, the reaction of the
catalyst and hydrogen gas proceeds to produce water vapour, which was trapped through a cold trap
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by outlet stream circulation. The exit gas stream was channeled via a calibrated thermal conductivity
detector (TCD) for the detection of varying H2 concentrations due to catalyst reduction.

3.2.8. Pyridine FTIR

The FTIR technique was utilized to study the nature of acid sites of Fe(3)-Cu(13)/SiO2-Al2O3,

Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM-5 catalyst samples and their respective supports using a
wavenumber region of pyridine (1400–1700 cm−1). A sample cylindrical cup in a Spectrotech diffuse
reflectance in situ cell equipped with a thermocouple and zinc selenide windows was loaded with 0.01 g
of each catalyst sample. These three catalyst samples and their respective supports were pretreated
at 350 ◦C in order to remove any adsorbed water on the catalyst surface. Pyridine vapor was then
passed over each catalyst sample at 100 ◦C for 1 hour to obtain pyridine chemisorbed samples. After
adsorption of pyridine, nitrogen gas was used for the stabilization of the catalyst samples at 100 ◦C for
30 min with a ramping rate of 5 ◦C/min, then allowed to cool to ambient temperature. The samples
were analyzed with a JASCO FT-IR 4100 instrument in the wavenumber range of 1400–1700 cm−1

and their respective IR spectra were recorded. Brønsted/Lewis acid sites ratio of all the three catalyst
samples were calculated using Equation (5):

CB

CL
=

IMEC(B)−1

IMEC(L)−1
.
IT(B)
IT(L)

(2)

where, CB
CL

= ratio of concentration of Bronsted and Lewis acid sites. IMEC(B) and IMEC(L) are
integrated molar extinction coefficients (cm/μmol) of Brønsted and Lewis acid sites, respectively. IT(B)
and IT(L) are integrated transmittances of Brønsted and Lewis acid sites, respectively [40,41].

3.3. Catalyst Evaluation

The catalytic reactions were carried out in a Parr stirred batch reactor. It is made in a bench top
with moveable vessel mounting style. The capacity of the reactor vessel is 300 mL, with dimension of
2.5 inches diameter and 4 inches depth and the reactor is connected to a Parr 4848 reactor controller.
The catalyst samples were evaluated in this Parr batch reactor. Two g of each of the catalyst samples
and 40 g of oleic acid were placed in the reactor and hydrogen gas was used to pressurize the reactor to
2.07 MPa. Cu/SiO2-Al2O3 and FeCu/SiO2-Al2O3 catalysts were evaluated at 340 ◦C. The temperatures
of the reaction involving support optimization studies were set at 300, 320 and 340 ◦C. The impeller
speed and reaction time were 500 rpm and 10 h, respectively. The liquid product samples were collected
at 2 h interval, filtered and diluted using chloroform as the diluent. The solution of liquid product
samples was analyzed with GC (Agilent 7890A) equipped with a flame ionization detector (FID).
A 30 m long DB-5 capillary column with 0.25 mm inner diameter was used. The temperature of the
oven was programmed to start from 40 ◦C for 2 min and increased to 280 ◦C at 10 ◦C/min ramping
rate with a 5 min final hold time. One μL of each product sample was injected with a split ratio of
10:1 into the column. C6–C20 aliphatic hydrocarbons were used as external standard to quantify the
liquid hydrocarbons produced. The gaseous products were analyzed using an online GC equipped
with FID and catalyst performance was evaluated based on oleic acid conversion and jet-fuel range
hydrocarbons (C8–C16) selectivity as given below.

Oleic acid conversion (%) =

(
amount of oleic acid reacted

amount of oleic acid initially taken

)
× 100 (3)

Selectivity of jet− fuel range hydrocarbons (%) =

(
amount of jet− fuel range hydrocarbons

amount of products formed

)
× 100 (4)
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Yield of jet− fuel range hydrocarbons (%) =

(
amount of jet− fuel range hydrocarbons

amount of oleic acid initially taken

)
× 100 (5)

4. Conclusions

In summary, copper metal with optimized loading on silica alumina support was suitable for
hydroprocessing of oleic acid for production of jet-fuel range hydrocarbons. The best monometallic
catalyst performance with 41.9% selectivity of jet-fuel range hydrocarbons (C8–C16) was achieved at
340 ◦C, 2.07 MPa H2 pressure and 6 hours reaction time over the catalyst with the largest pore size of
5.3 nm (Cu(13)/SiO2-Al2O3).

Optimization studies of iron promotional effects for hydroprocessing of oleic acid for production
of jet-fuel range hydrocarbons on the Cu(13)/SiO2-Al2O3 catalyst showed more promising result in
comparison with the monometallic copper catalysts due to effect of iron loading in lowering metal
crystallite size indicating increase in metal dispersion. The best catalyst performance with 51.8% yield
and 53.8% selectivity of jet-fuel range hydrocarbons was achieved over the iron-promoted copper
catalyst with the lowest crystallite size (Fe(3)-Cu(13)/ SiO2-Al2O3) at 340 ◦C, 2.07 MPa and 10 h of
reaction time.

Support optimization studies on HZSM-5, ZSM-5 and SiO2-Al2O3 supports reveal that
Fe(3)-Cu(13)/ SiO2-Al2O3 catalyst gives the best catalyst performance with 59.5% yield and 73.6%
selectivity of jet-fuel range hydrocarbons. This promising performance was attributed to its large
pore diameter, large pore volume and large surface area; low crystallite size and weak metal–support
interaction from H2-TPR analysis, indicating, high metal dispersion from CO chemisorption analysis,
high oxophilic iron content from XPS fitting and mild Brønsted acid sites from pyridine FTIR analysis.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/9/12/1051/s1,
Figure S1. N2-adsorption isotherms of SiO2-Al2O3, Cu(5)/SiO2-Al2O3, Cu(10)/SiO2-Al2O3, Cu(13)/SiO2-Al2O3
and Cu(15)/SiO2-Al2O3, Fe(1)-Cu(13)/SiO2-Al2O3, Fe(2)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/SiO2-Al2O3 and
Fe(5)-Cu(13)/SiO2-Al2O3 catalysts. Figure S2. N2-adsorption isotherms of SiO2-Al2O3, ZSM-5 and HZSM-5
supports; Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and Fe(3)-Cu(13)/HZSM catalysts. Figure S3. Py-FTIR
spectra of SiO2-Al2O3, ZSM-5 and HZSM-5 supports; Fe(3)-Cu(13)/SiO2-Al2O3, Fe(3)-Cu(13)/ZSM-5 and
Fe(3)-Cu(13)/HZSM catalysts. Table S1: Selectivity of lighter hydrocarbons at t: 8 h; T: 300 ◦C, and PH2:
2.07 MPa H2 pressure. Table S2: Selectivity of C8–C16 hydrocarbons at t: 8 h; T: 300 ◦C, and PH2: 2.07 MPa H2
pressure. Table S3: Catalysts productivity towards C8–C16 hydrocarbons at t: 8 hours; T: 300–340 ◦C, and PH2:
2.07 MPa H2 pressure.
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Abstract: The roles of catalyst acidity and basicity playing in catalytic conversion of oleic acid were
studied in a fixed-bed micro-reactor at atmospheric pressure. The chemical compositions of the
petroleum-like products were obtained and the reaction pathways of different catalysts are discussed.
The metal oxides are suitable for upgrading oleic acid into organic liquid products (OLPs). Over 98%
oxygen was removed when CaO, MgO, and TiO2 were implemented, whereas a minimum oxygen
removal lower than 20% was obtained by using quartz. The oxygen removal was 73% by alumina;
however, the light oil yield (to feed) and the valuable product yield received were the highest in all
investigated catalysts. The hydrocarbons in OLPs, overwhelmingly presenting in the product, were
found to be alkenes and cycloalkenes, followed by saturated hydrocarbons, and then aromatics lower
than 4%. For Lewis acidic catalysts, higher acidity of the catalyst is beneficial to deoxygenation but
also secondary cracking. CaO has higher dehydrogenation capability than MgO does.

Keywords: catalytic conversion; oleic acid; catalyst acidity and basicity; product distribution;
reaction pathways

1. Introduction

With the development of the economy, the consumption of crude oil and its products keeps
increasing. On the other hand, petroleum is non-renewable energy; therefore, oil products are
becoming scarce. Furthermore, the ongoing strengthen environmental policies make the emission
limitation continuously strict. Therefore, researchers have transferred their focus onto biofuels [1,2].
However, biofuels cannot be directly utilized because of the existence of oxygenates and unsaturated
carbon–carbon double bonds [3]. Catalytic cracking is one of effective processes for biofuel
upgrading [4–7].

As the structure, the active (acidic or basic) sites, and the bond between the metal and oxygen
enhance the adsorption of reactants on the active sites, metal oxides are often used as biofuel upgrading
catalysts [6]. The early acidic and basic cracking catalysts for biofuels upgrading dated back to the
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1980s [8]. At 300~500 ◦C, Both acid and base metal oxide catalysts were found to be effective catalysts
in the deoxygenation of fatty acids or triglycerides to a mixture of oxygen containing products and
hydrocarbons [4,9–12]. The various impacts of oxygenates upgraded by both acid and base catalysts
were also compared [13–16]. The Al2O3 was able to remove 94 wt.% of oxygen from waste cooking
oil at the temperature of 470 ◦C [4]. The basic sites in a catalyst were found to be capable of strongly
inhibiting secondary cracking, which resulted in high residual oil yields and low gas yields. Xu et al.
found that the amounts of carboxylic acids and aldehydes, as well as the high acid value of liquid
products, were significantly decreased by using base catalysts, and that the catalysts were modified by
using base catalysts such as CaO rather than Al2O3. Furthermore, at low temperature, the product of
the formers showed good solubility in diesel, good cold flow properties, and high heat value [14–16].
This is contributed to by the neutralization reactions taking place between the basic sites on catalysts
and acidic intermediates in liquid products. The produced neutral hydrocarbons had more similar
molecular structure to diesel fuels and better properties than acidic oxygenate intermediates.

Some literature reported the reaction processes of the catalytic cracking oxygenates to
petroleum-like products over metal oxide catalysts; however, most of the catalytic cracking work has
been performed using acid catalysts, and the effect of the basic sites on catalyst performance and
reaction mechanisms have not been sufficiently discussed. In this study, the specific roles that the
acidity and basicity, and the types of acidic sites of the catalyst, played in the product distribution of
oleic acid were investigated.

2. Results and Discussion

2.1. Catalyst Characterization

2.1.1. Thermal Treatment

Catalyst thermal treatment results are shown in Figure 1a,b. The weight loss of the titania and
alumina are only due to the absorbed water, and there was no weight loss during quartz thermal
treatment. There was obvious weight loss in CaO and MgO thermal treatment process, which
corresponded to the released water and CO2. Therefore, CaO and MgO were undergone in-situ drying
with nitrogen at the temperature of 800 ◦C for 2 h before activity performance evaluation.

 
(a) (b) 

Figure 1. (a) Weight loss and derived weight loss of catalysts; (b) released substrates.

2.1.2. Physical Properties

The properties of all catalysts are given in Table 1.
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Table 1. Physical and chemical properties of catalysts.

Properties
Surface Area

(m2/g)
Pore Volume

(cm3/g)

Amount of Active Sites (× 10−2 mmol/g) *

Weak Medium Strong

Quartz 1 0.1 4.8 × 10−4 0.0 0.0 0.0
MgO 1 11.6 0.2 20.7 0.0 0.0
CaO 1 13.7 0.1 0.0 0.0 153.8
TiO2

2 56.9 0.9 39.8 10.8 8.0
Al2O3

2 152.9 0.5 14.0 3.9 7.5

* the specific testing procedures are shown in Section 3.4 Catalyst Characterization. 1 was tested by NH3-TPD. 2 was
tested by CO2-TPD.

Compared to other catalysts, quartz, the neutral catalyst, is bare of pore structures, and has
extremely low surface area, and rather small pore volume. Generally speaking, acidic catalysts have
higher surface areas and lager pore volume than alkaline catalysts do, which are in accordance with
pore size distribution in Figure S1.

2.1.3. Amount, Types, and Strength of Active Sites

The amount and strength of active sites on acidic and alkaline catalysts are listed in Table 1.
Compared to Al2O3, TiO2 has a higher amount of acids with higher strength. Both the amount and the
strength of active sites on CaO are higher than those on MgO. There is no active site on quartz.

Figure S2a,b shows the Py-FTIR spectra of Al2O3 and TiO2, respectively. The peaks around
1450 cm−1, 1540 cm−1, and 1490 cm−1 are indicative of Lewis acids, Bronsted acid, and both [17]. Lewis
acids are the only one appearing on these two catalysts.

2.2. Products

2.2.1. Catalytic Upgrading by TGA

Figure S3 shows the oleic acid decomposition process catalyzed by different catalysts by TGA tests.
The corresponded MS spectra are shown in Figure S4. From Figure S3, the decomposition temperature
of oleic acid ranged from 200 to 500 ◦C. As shown in Figure S3, 450–500 ◦C is an appropriate temperature
range for oleic acid deoxygenation by alumina under experimental conditions and therefore then
temperature of 475 ◦C was selected in the current study.

2.2.2. Product Distribution

The operational parameters and the product yield distributions are shown in Table S1 and
Table 2, respectively. The total product yields reached 100 ± 5.0% during all investigated experiments.
As expected, the conversion of quartz upgraded organic liquids was as low as 35%. Around 65% of the
oleic acid was left in organic liquid products, and catalytic cracking resulted in lower liquid, higher
gas, and higher coke yields.

Table 2. Product distributions and oxygen removal.

Yields (%) Oil Coke
Gas

Hydrocarbons
Water CO/CO2 H2

Light Oil *
Yields

OR

Quartz 93.4 0.1 0.9 0.5 2.6 0.1 20.8 18.5
Al2O3 82.5 5.1 3.0 1.6 10.6 0.4 40.8 73.0
TiO2 75.3 2.0 3.6 0.9 16.3 1.4 29.1 100.0
MgO 67.5 5.3 5.5 2.3 14.9 0.1 22.0 99.4
CaO 29.0 51.2 3.8 0.0 19.8 1.0 16.6 97.7

* light oil represents that the oil product fractions with the boiling point lower than 350 ◦C.
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All liquids spontaneously stratified into two phases: Oil and water. According to the type of
catalysts, the yields of oil products are in the following order: Silica (93.4 wt.%) > alumina (82.5 wt.%) >
titania (75.3 wt.%) >MgO (67.5 wt.%) > CaO (29.0 wt.%). In contrast, the total amount of water, carbon
oxide, and hydrogen were found to increase during the catalytic process, indicating that dehydration,
decarbonoxide reaction, and dehydrogenation were enhanced by catalyst. It has been reported that
activated alumina was an effective catalyst in the decarboxylation of fatty acids under atmospheric
pressure and at 450 ◦C, and the liquid product yields vary in the range between 65% and 79% with
n-alkanes and n-alkenes [11].

Deoxygenation of oleic acid under the current condition showed variations when upgrading
with different types of catalysts. All these catalysts underwent more deoxygenation by the removal
of CO and CO2 than by water. The liquid yields, the gas hydrocarbon yields, and the coke yields
appear to be closely associated with the types of active sites on the catalysts. Higher liquid but lower
gas hydrocarbon and coke yields are achieved first by quartz, then by acidic catalysts, and finally by
alkaline catalysts. The stronger the active sites on catalyst were, the lower liquid yields and the higher
gas hydrocarbon yields reached. The more active sites on catalyst, the lower coke yields. However,
CaO is an exception, which has lower gas hydrocarbon yield and higher coke yield than MgO.

Moreover, certain amount of hydrogen was detected by GC-RGA. Serrano et al. studied the
feasibility to produce hydrogen, and received 0.12% hydrogen through the decomposition of vegetable
and microalgal oils [18].

Oxygen removal and light oil yields in oil products are also shown in Table 2. The amount of
active sites strongly affects the oxygen removal. Even though the oxygen removal of Al2O3 in oil
products is lower than those of TiO2 and alkaline catalysts, the yield of light oils is the highest, which
is supported by the previous publication [12].

2.2.3. Product Compositions

Table S2 shows the contents of gas hydrocarbons. C1–C3 olefin and paraffin are the principal
organic gas products. Generally, the contents of olefins are higher than those of paraffin with the same
carbon number. Only CaO caused different results that the content of methane is relatively higher than
that of other organic gases, which might be because the high concentration of hydrogen reacting with
CO forms methane. It is worth of noting that the contents of paraffin upgraded by CaO are higher
than those of olefin with the same carbon number. The high concentration of hydrogen may make the
olefins in CaO upgrading gases saturated [19–21].

The group and elemental compositions, and the carbon number distribution of hydrocarbons of
oil products, are shown in Figures 2 and 3, respectively. The types and carbon number distributions of
oxygenates in organic liquid products (OLPs) are shown in Figures 4 and 5. In general, the chemical
compounds does not differ greatly between acidic and alkaline upgrading oils. The OLPs contained
hydrocarbons of C6 to C18, and C22 to C24, including of alkanes, alkenes, cycloalkanes, cycloalkenes,
aromatics, and oxygenates. Most oxygenates were removed by acidic and alkaline catalysts. It is easy
to find the low aromatics content, which is in accordance with the molar ratio of hydrogen to carbon,
which was 1.81 ± 0.06 in both acidic and alkaline catalyst upgrading oil products. The oxygen content
well resembled oxygenate contents in all catalytic upgrading oil products. Demirbas et al. [22] reported
the same trend with low concentration of aromatics, while some researchers obtained different results.
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Figure 2. Chemical compositions of organic liquid products (OLPs).

Figure 3. Carbon number distribution of hydrocarbons.

Figure 4. Types of oxygenates.

Figure 5. Carbon number distribution of oxygenates.
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Aldehydes, esters, ketones, and alcohols were found in the OLPs. Certain amount of di-epoxide,
aldehyde, epoxide, acid, and ester were presented in some samples. Low conversion with the high
concentration of fatty acids was achieved when working with quartz. Ketones and aldehydes were
found in the catalytic reactions, but were not detected during thermal cracking. Esters were found in
both catalytic and non-catalytic upgrading oil products.

Figure S5 shows the TPO analysis results of all investigated catalysts except for the quartz.
The reason is neither oxygen was consumed, nor water and CO2 were released (same to oxygen TGA
results in Figure 6). As shown in Figure 6 and Figure S5, different catalysts have significantly different
TPO results. For Alumina, the released water below 250 ◦C should be the produced water that was
absorbed by the alumina; and the weight loss between 250 ◦C and 700 ◦C is from the coke because the
oxygen was consumed within this range. For titania, TPO result is very simple and clear, and only coke
is burnt out in the range of 300–600 ◦C. For CaO, the released water and CO2 were from coke when
the temperature was lower than 500 ◦C, while the CO2 should be decomposed from CaCO3 when the
temperature was higher than 500 ◦C for no oxygen was consumed. The MgO TPO result is similar to
the CaO one, and only the temperature and the amount of released CO2 from metal carbonate are not
the same. The coke was burnt out when the temperature was higher than 400 ◦C, while the released
CO2 ranging from 150 to 400 ◦C is from MgCO3. All the relevant calculations, such as the produced
water and CO2, as well as the coke content, were based on those results.

Figure 6. Weight loss of spent catalysts.

2.3. Reaction Pathways

The possible reaction mechanisms for the deoxygenation of oleic acid illustrated in Scheme 1
are included the followings [5,23]: (1) The production of anhydrides from the dehydration of acids,
the decarboxylation of anhydrides to aldehyde/ketones, and the decarbonylation (or reduction) of
aldehyde/ketones to alkenes (or alcohols); (2) the breaking of the C–H bond was promoted by the
presence of Lewis acids and the generation of active hydrogen; the reduction of oleic acids to aldehydes,
alcohols, alkenes, and eventually alkanes in turn by the produced active hydrogen; (3) the neutralization
of acid and alkali to form salt, and the decarboxylation of the produced salt to form alkenes. The molarity
compositions of deoxygenation products are shown in Table 3. The deoxygenation of oleic acid with
nitrogen at 470 ◦C mainly proceed via DCO, yielding high concentration of carbon monoxide, and
suggesting decarbonylation is the major deoxygenation pathway. Decarboxylation also occurred,
demonstrated by the presence of carbon dioxide in Table 3. As discussed previously, CaO is still an
exception, which favors decarboxylation over decarbonylation.
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Scheme 1. Possible reaction mechanisms in the current study. M stands for the metal elements.

Table 3. Molarity compositions of deoxygenation products.

Molarity (mol/mol Oleic Acid) CO CO2 H2O

Quartz 0.13 0.05 0.06
Al2O3 0.52 0.21 0.19
TiO2 1.11 0.39 0.14
MgO 0.82 0.27 0.30
CaO 0.02 0.89 0.00

Deoxygenation of oleic acid under the current condition favors decarbonylation over
decarboxylation. Tani et al. had the same conclusion when upgrading palm oil by silica and
MgO-silica catalysts [24].

CaO is a good dehydrogenation catalyst, however, with high coke content. For other catalysts,
more active sites result in higher concentrations of hydrocarbon gases and coke. When the reaction
temperature is at 470 ◦C, CaO reacts with CO2, producing CaCO3 (see Figure 6), accelerating the water
gas shift reaction (Equation (3)), resulting in a phenomenon in which carbon monoxide and water are
consumed to release CO2 and H2, consequently leading to the high hydrogen concentration in CaO
upgrading gas products. Gosselink gave the same explanation [19].

CO + H2O↔ CO2 + H2 (1)

2.3.1. Acidic Catalysts

Alumina and titania were used to evaluate the effect of Lewis acids on the product distribution.
Compared to other catalysts, yields of various products and compositions of gas products obtained
with titania were rather close to those obtained with alumina. This is because both of them have
relative high surface area, large pore volume, and rich of pore structures; proper amount and strength
of acidic sites; and same acid type (Lewis acids only).

On the other hand, compositions of hydrogen and OLP obtained with titania (both higher acidity
and strength) were significantly different from those with alumina. A comparison of the compositions
of hydrogen obtained with various catalysts (Table 2 and Table S2) shows that the hydrogen content in
the gas product with alumina catalysts was lower than those with titania. This result is in accordance
with the chemical composition of OLPs shown in Figure 2, where the unsaturated hydrocarbon
(alkene, cycloalkane, and aromatics) contents of OLP upgraded by titania are much higher than
those by alumina. Moreover, the oxygenate amount of titania upgrading OLP is much lower than
that of alumina. These results show that there was a larger involvement of dehydrogenation and
deoxygenation reactions with titania than with alumina, which may be caused by the higher amount
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of acidic site on titania. In addition, Table 2 shows that the gas hydrocarbon yield with titania was
higher than that with alumina. The high gas hydrocarbon yield with titania may be attributed to the
accelerated secondary cracking due to the stronger acidity and the higher density of acidity (the acidity
on per surface area of catalyst).

The reaction mechanisms for the deoxygenation of oleic acid over Lewis acidic catalysts include
the followings [5,23]: The breaking of the C–H bond and the generation of active hydrogen were
promoted by Lewis acids, and therefore, the reduction of oleic acids to aldehydes, alcohols, alkenes,
and finally alkanes by the produced active hydrogen were enhanced. As shown in Figure S4 and
Table 3, the contents of alcohols, ketones, and ethers in the acidic catalyst upgrading products were
lower than those in the basic catalyst upgrading products.

2.3.2. Neutral Catalyst

Analysis of the gas products upgraded by quartz showed the existence of CO and CO2, indicating
that deoxygenation reaction proceeded through decarbonylation or decarboxylation mechanisms [25].
Analysis results of the OLP revealed that alkenes and fatty acids were the primary products, especially
for fatty acid, which is as high as 94.4%, and predominance of C18 (65%), C16 (18%), and C14 (8%) fatty
acids. Analysis of oxygenates in OLP shows the presence of a mixture of alcohols, esters, and acids.
The results indicated that at 470 ◦C with quartz, the conversion of oleic acid to the anhydrides was
low, which resulted in the lack of ketones in the OLP [26]. Bare aromatic compounds and only a small
number of alkane and cycloalkane species were detected, which implies that less secondary thermal
cracking occurred. All these results agree with other researchers’ [27]. Compared to the yields and
compositions obtained by all investigated catalysts, the presence of the catalyst reduced the amount of
the liquid product and caused further removal of the acid groups [9].

2.3.3. Alkaline Catalysts

Tests running over calcium oxide and magnesium oxide catalysts were used to assess the effect of
basic sites on the product distribution. The yields of various products and the compositions of gas and
OLPs are shown in Figures 2–5, Figure S3, and Figure S4 and Tables 2 and 3, and Table S2. Compared
to other catalysts, the yields of OLPs, coke, and gas hydrocarbons, the oxygen removal, as well as the
compositions and carbon number distributions of OLPs and oxygenates in OLPs obtained with CaO,
were rather close to those obtained with MgO. This is probably due to their similar surface area, pore
volume, and basic sites. It was an interesting observation that there was a difference between the yield
of water and that of carbon oxide and hydrogen for calcium oxide, as well as the concentration of those
for magnesium oxide. As discussed in Section 2.2.3, at a reaction temperature of 470 ◦C, CaO reacts
with CO2, producing CaCO3 (see Figure 6), accelerating the water gas shift reaction, resulting in a
phenomenon where carbon monoxide and water are consumed to produce CO2 and H2. This leads to
the higher yields and concentration of carbon oxide and hydrogen obtained by CaO than by MgO.
In addition, CaO has a relative high dehydrogenation capability, which is confirmed by the higher
aromatic, cycloalkane, and alkene concentration in CaO upgrading OLP. Furthermore, the water yield
obtained by MgO was rather higher than by CaO. Different from the literature [8], the alkaline catalysts
(CaO and MgO) in the current study did not inhibit the secondary cracking, which was deduced by the
low oil yields and the high gas yields.

The amount of fatty acid left in the liquid products decreased most drastically and reached a
rather lower level than that in other catalyst upgrading OLPs, except with titania. This was probably
attributed to the saponification of the fatty acid by the base [9]. However, the removal of the acid
functions in the liquid products did not necessarily lead to oxygen groups-free products. The liquid
product consisted of an certain amount of ketones and aldehydes with –C=O, alcohols with –OH, esters
(especially di-esters) with –COOC-, and epoxides (especially di-epoxides) with –C-O-C-, as shown in
Figure 4.
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MgO/CaO reacts with the produced CO2 to form MgCO3/CaCO3, which promote the
decarboxylation of oleic acid. It should be noted that CaCO3 is so stable under reaction condition
(470 ◦C) that a high temperature (>700 ◦C) is needed to decompose it to CaO [28]. However, MgCO3

is easy to be decomposed to CO2 and MgO under the investigated reaction conditions. In practice,
the TGA-MS analysis results (Figure 1) showed that both MgCO3 and Mg(OH)2 were decomposed to
MgO at 450 ◦C.

The reaction mechanisms for the deoxygenation of oleic acid over basic catalysts include the
following: (1) The production of anhydrides from the dehydration of acids, the decarboxylation of
anhydrides to aldehyde/ketones, and the decarbonylation of aldehyde/ketones to alkenes were enhanced
by the basic catalysts; (2) the neutralization of acid and alkali to form salt, and the decarboxylation of
the produced salt to form alkenes; and (3) the reduction of oleic acids to aldehydes, alcohols, alkenes,
and eventually alkanes in succession by the produced active hydrogen. As shown in Figure S4 and
Table 3, the acid and ester contents in the acidic catalyst upgrading products were much higher than
those in the basic catalyst upgrading products, which further illustrates the neutralization of oleic acids
with basic catalysts.

2.3.4. Aromatization

As shown in Figure 2, the aromatic contents upgraded by all investigated catalysts (neutral, base,
Lewis acids only) are lower than 3.9 wt.%. Thus, the similarity in product distribution between acidic
catalysts (titania and alumina) and other catalysts shows clearly that Lewis acid is not the dominative
factor in aromatization involving oleic acid as feed, although Cerny et al. has reported over 40% and
around 85% aromatics in the <150 ◦C and >150 ◦C fractions when a ultra-stable zeolite Y (USY, with
the same amount Bronsted and Lewis acid) was used as the catalyst [29]. In addition, Omar et al.
found that adding ZSM-5 (with both Bronsted and Lewis acids) catalyst produced an appreciable
quantity of aromatic compounds [27]. Therefore, a key property, the existence of Bronsted acids on
catalyst surface, was important to the formation of aromatics. Frety et al. got the same conclusion [30].
Part of the acidic sites (Lewis and Brønsted acids) will change to each other during the reaction process
with the presence of water, which is confirmed by the higher yields of aromatic hydrocarbons when
running with titania and alumina (Lewis acid only catalysts) as compared to quartz (non-acid catalyst).
Other reasons, such as pore structures of catalysts [12] and high-power treatment (by microwave [27]),
were found to affect the formation of aromatics.

3. Materials and Methods

3.1. Catalyst Reaction Performance Evaluation

Oleic acid (CAS No.: 112-80-1, purchased from Fisher Scientific, Canada) was used as the feed in
the current study. For obtaining the information between the catalytic decomposition of oleic acid
and reaction conditions, a mixture of oleic acid and catalysts was tested first by the TGA combined
with an Residue gas analyzer (mass spectrometer), which was used to record the decomposed volatile
gases. An amount of 10 mg catalyst was loaded in the TGA testing pan and was pretreated at 700 ◦C
for 2 h. Then, around 10 mg oleic acid was added into the testing pan and tested with a heating rate of
10 ◦C/min to 800 ◦C. A quartz fixed-bed reactor was used as the reaction system under atmospheric
pressure. The schematic of the reaction system is shown in Figure S6. This system consists of a quartz
tube reactor (inner diameter: 10 mm; length: 100 mm), a nitrogen gas feed system, a liquid feeding
syringe, a heater and temperature control system, a condenser, and a mixture of iced ethanol-saturated
salt cooling system; in addition, liquid and gas products collection systems were also introduced.
The reaction conditions are shown in Table S1 in the Supplemental Files.
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3.2. Catalyst Preparation

Alumina was prepared from Boehmite. An amount of 100 g Boehmite was dissolved in about
150 mL deionized water and was acidified by HCl to the PH value at 3–4 under a temperature of
60–65 ◦C until the colloidal substances were produced. The solution was dried in an oven at 105 ◦C for
5 h and then was calcined in a muffle oven under 700 ◦C for 2 h [31]. TiO2 and quartz were used to
maintain the state when they were purchased. CaO and MgO were undergone in-situ drying with
nitrogen at 800 ◦C in order to remove the metal hydroxide and metal carbonate, and to remain in the
state of metal oxide only during the reaction process (see Section 2.1).

3.3. Products Analysis

Compositions of inorganic gases, such as CO, CO2, and H2, were tested by GC (Varian GC-3400,
Varian, Agilent Technologies, Inc., Santa Clara, CA, USA), which is equipped with an Agilent
HP-PLOT Q column and combined with the residue gas analyzer (RGA-200, Stanford Research
Systems, Sunnyvale, CA, USA). Compositions of hydrocarbons in gas products were determined by
GC/FID (GC-17A, Shimadzu Scientific Instruments, Kyoto, Japan).

The contents of carbon, hydrogen, and oxygen were tested by LECO CHNS-932. Samples were
combusted in an oxygen atmosphere at 1150 ◦C. Boiling point distribution of liquid products was
tested in accordance with ASTM D2887, using a gas chromatography (Shimadzu GC-2010, Shimadzu,
Shimadzu Scientific Instruments, Kyoto, Japan), which is equipped with Agilent Technologies DB-2887
column. The compositions of liquid products were analyzed by a gas chromatography (SHIMADZU
GC-17A, Shimadzu Scientific Instruments, Kyoto, Japan) coupled with mass spectrometry (SHIMADZU
MS-QP5000, Shimadzu Scientific Instruments, Kyoto, Japan) (GC/MS), which was equipped with an
Agilent HP-5MS column.

The coke content of spent catalysts was determined by TGA-Q500 (TA Instruments, New Castle,
DE, USA). The sample treatment procedures and analyzing program were the same to the TPO testing
indicated in Section 3.4.

3.4. Catalysts Characterization

Surface area, pore volume, and pore size distribution were measured at 77K on an Autosorb-1
(ANTON PAAR USA INC., Ashland, VA, USA). The specific surface area of the catalyst powder
was calculated by employing the Brunauer-Emmet-Teller (BET) method. The total pore volume of
nitrogen was adsorbed under relative pressure p/p0 0.995. Pore size distribution was calculated by the
Barrett-Joyner-Halenda (BJH) method.

The strength and amount of acidic/alkaline sites on the surface of catalysts was determined by
NH3/CO2 temperature program desorption (TPD) using a Quantachrome Autosorb 1-C and a Residue
Gas Analyzer (RGA-200, Stanford Research Systems, Sunnyvale, CA, USA). About 100–1000 mg catalyst
sample was loaded into a U-shaped quartz tube, which was then installed in a furnace. The catalyst
was treated in-situ at 120 ◦C for 1 h in helium and then was vacuumed (lower than 3000 micron) for
30 min. The catalyst underwent NH3 or CO2 adsorption at 120 ◦C for 1 h, and then physi-desorption at
120 ◦C by helium purging. Finally, the catalyst was heated up to 900 ◦C (at a rate of 10 ◦C per minute)
for chemi-desorption. The weak, medium, and strong active sites of the catalyst were assigned to the
peak areas of the NH3/CO2-TPD curves lower than 350 ◦C, between 350 and 500 ◦C, and above 500 ◦C.

The types and strengths of acids on the surface of catalysts were tested by Pyridine-FTIR. A catalyst
sample of 2–15 mg was pressed to form wafers (1 cm in diameter) and installed on the support located
in a cell. The cell included two KBr windows through which IR could be transmitted. The IR cell
was degassed at 450 ◦C by an N2 flow for 1 h. When the cell’s temperature cooled down to 150 ◦C,
the pressure of the system was evacuated to 100 micron by a high vacuum pump. Pyridine was then
introduced for adsorption. The excess or physisorbed pyridine was purged by N2. Infrared spectra
were recorded on a Nicolet FTIR-6700 (Thermo Fisher Scientific, Waltham, MA USA) at temperatures
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of 150, 250, 350, and 450 ◦C. Data obtained from the spectrometer were analyzed by Omnic 8 software.
The characteristic bands at 1450 cm−1 and 1550 cm−1 were assigned to Lewis acid sites and Bronsted
acid sites [17], respectively.

The type and the amount of coke on the spent catalysts, was determined by TPO, using a
Quantachrome Autosorb 1-C and an RGA-200. About 100–200 mg sample of catalyst was loaded
in a U-shaped quartz tube and installed in a furnace. The catalyst was exposed to a flow of helium
(50 mL/min), and heated to 120 ◦C at a rate of 10 ◦C/min, remaining at 120 ◦C for 1 h. The physisorbed
water in the catalyst sample was removed. Subsequently, the catalyst was heated up to 900 ◦C at a rate
of 10 ◦C/min and under a flowing gas mixture of 2% vol oxygen (1 mL/min) in helium (49 mL/min).

3.5. Calculations

Oxygen removal (OR)
OR = (MOF −MOO)/MOF * 100%, (2)

where
OR: Oxygen removal, %
MOF: Mass of Oxygen in the Feed, g. “M” means mass, “O” and “F” respectively stands for

“oxygen” and “feed”.
MOO: Mass of Oxygen in the Oil products, g. “M” means mass, “O” and “O” respectively stands

for “oxygen” and “oil products”.

4. Conclusions

Under inert N2 atmosphere, liquid product yields fall into the range of 29.0 and 93.4 wt.% of
the feed but are lower with active sites. The higher oxygen removal (97.7–100.0 wt.%) are obtained
with the presence of CaO, MgO, and Titania, whereas a minimum oxygen removal (18.5 wt.%) is
obtained with quartz. Even though the oxygen removal of alumina is as high as 73.0 wt.%, light oil
yield (to feed) and the valuable product yield are still the highest in all investigated catalysts. Liquid
products were composed mainly of hydrocarbons ranging from 6 to 18 in the terms of carbon number,
while oxygenates from 10 to 18, 20, 22, and 24. The hydrocarbons in OLPs majorly were found to be
alkenes and cycloalkenes, followed by cycloalkanes and alkanes, and aromatics content was lower
than 3.9 wt.%. For Lewis acidic catalysts, more acidity of the catalyst is beneficial for deoxygenation
and secondary cracking as well. For basic catalysts, the saponification of oleic acid occurred. CaO has
higher dehydrogenation capability than MgO does. The existence of Bronsted acids is important to the
formation of aromatics.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/9/12/1063/s1,
Figure S1: Pore size distributions of the studied catalysts; Figure S2: Py-FTIR spectra of the acidic catalysts;
Figure S3: Oleic acid decomposition process with different catalysts by TGA; Figure S4: the corresponding MS
spectra of the Figure S3; Figure S5: TPO testing of the spent catalysts; Figure S6: Reaction flow chart of this
study. Table S1: Operational parameters of catalyst activity performance evaluation; Table S2: Organic gas
products compositions.
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Abstract: Catalytic properties of physical mixture of MoP/SiO2 catalyst with SiC, γ-Al2O3, SAPO-11
and zeolite β have been compared in hydrodeoxygenation of methyl palmitate (MP). MoP/SiO2

catalyst (11.5 wt% of Mo, Mo/P = 1) was synthesized using TPR method and characterized with N2

physisorption, elemental analysis, H2-TPR, XRD and TEM. Trickle-bed reactor was used for catalytic
properties investigation at hydrogen pressure of 3 MPa, and 290 ◦C. The conversions of MP and
overall oxygen-containing compounds have been increased significantly (from 59 to about 100%)
when γ-Al2O3 or zeolite materials were used instead of inert SiC. MP can be converted to palmitic acid
through acid-catalyzed hydrolysis along with metal-catalyzed hydrogenolysis, and as a consequence
the addition of material possessing acid sites to MoP/SiO2 catalyst could lead to acceleration of MP
hydrodeoxygenation through acid-catalyzed reactions. Isomerization and cracking of alkane were
observed over the physical mixture of MoP/SiO2 with zeolites, but the selectivity of MP conversion
trough the HDO reaction route is remained on the high level exceeding 90%.

Keywords: molybdenum phosphide; hydrodeoxygenation; methyl palmitate; isomerization

1. Introduction

In the last decade, the research efforts in the transportation fuels production from renewable
sources have grown due to environmental issues and limitation of oil reserves [1–4]. One of the
versatile and already commercial routes to produce diesel and aviation fuels is hydrodeoxygenation of
triglyceride-containing feedstock, including animal fats, waste frying oils, non-edible vegetable oils
and so on [5,6]. Oxygen removal from triglyceride molecules includes several alternative routes [7–9]:
hydrodeoxygenation (HDO) or decarboxylation/decarbonylation (HDeCOx). The HDO pathway
results in alkanes with the same numbers of carbon atoms in the chain and molecules of water, while
HDeCOx reactions give COx molecules and alkanes with the reduced carbon chains [7]. The HDO
reaction route is more attractive in terms of atom economy, greenhouse gases production and hydrogen
recycle [10,11]. Thus, the current research issue is the design of the catalysts with high activity and
high selectivity towards HDO pathway.

Sulfided Ni(Co)Mo/Al2O3 catalysts are widely used and studied in triglycerides and esters
hydrodeoxygenation [5–7,12–15], but the necessity of the sulfiding agent feeding to save the catalyst
in sulfide state stimulate the development of new catalytic systems containing supported metal
Ni [16–21], base metal carbides [22–24], nitrides [25] or phosphides [26–35]. Among them, transition
metal phosphide catalysts demonstrate promising catalytic properties in hydrodeoxygenation of fatty
acids or alkyl esters [26,28,30,32,36], vegetable oils [33], co-processing of renewable oils with petroleum
products [37]. The activity of silica-supported catalysts in the HDO of methyl laurate is decreased in
the following order [26]: Ni2P >MoP > CoP–Co2P >WP > Fe2P–FeP.
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Nevertheless, the high selectivity of MoP-based catalysts in the conversion of aliphatic oxygenates
through the HDO route [26] makes MoP/SiO2 the system of choice from the consideration of carbon
atom economy and effluent gases composition, because carbon oxides make difficult purification of
circulating hydrogen.

It was reported that acid sites can affect appreciably the HDO of aliphatic esters [26,29,38–46].
The authors of [26,29,39,40] have proposed, that Brønsted acidic sites of silica-supported nickel
phosphide catalysts participate in the reaction of carboxylic ester to carboxylic acid. Also, the rate of
ethyl stearate HDO over Ru/TiO2 catalyst was increased when the catalyst was mixed with the grains
of γ-Al2O3 [41]. The synergetic effect of Ni2P/SiO2 and γ-Al2O3 physical mixture was observed in
methyl palmitate HDO resulting in the enhancement of methyl palmitate conversion over Ni2P/SiO2

catalyst after mixing it with alumina grains [42]. It was observed that Ni2P catalyst supported on
γ-Al2O3 exhibits higher conversion of methyl palmitate HDO in comparison with silica-supported one,
though both catalysts contain Ni2P nanoparticles with close mean particle size and nearly the same
nickel content [43]. The authors [42,43] proposed that the acid sites of the alumina increase the reaction
rate of methyl palmitate hydrolysis, that enhance the methyl palmitate conversion. The assumption
was made earlier [44,45], that the Lewis acid sites of the support enhance the rate of hydrolysis of
aliphatic esters over alumina-supported sulfide catalysts.

The above examples of activity enhancement in the presence of acidic material allowed us to
suggest that the replacement of silica support with the alumina may increase the catalytic activity
of MoP catalyst in methyl palmitate HDO without reducing selectivity. The synthesis of supported
MoP/γ-Al2O3 catalysts is sophisticated task due to interaction between alumina surface and phosphate
groups that makes the reduction difficult and prevents the formation of MoP nanoparticles on alumina
support [47–49]. Up to now, the silica-supported MoP catalysts have been studied in the HDO reactions,
due to relatively easy reduction of phosphate groups that makes possible the formation of highly
dispersed MoP phase on silica support [26,50].

The goal of the current study is the investigation of the catalytic properties of mechanical mixtures of
MoP/SiO2 catalyst and materials with different acidity (SiC, γ-Al2O3, SAPO-11 and zeolite β) in methyl
palmitate hydrodeoxygenation as the representative model component of triglyceride-based feedstock.

2. Results and Discussion

2.1. Catalyst Characterization

Physicochemical properties of MoP/SiO2, prepared using phosphate and phosphite precursors by
TPR are shown in Table 1. MoP_A was prepared using ammonium paramolybdate and ammonium
phosphate, MoP_I was prepared using ammonium paramolybdate and phosphorous acid. MoP is a
bulk sample, prepared for comparison and XRD analysis. Initial Mo/P molar ratio in impregnating
solution was 1. This ratio is usually used to prepare MoP catalysts [26,51] and the samples with this
ratio were shown to be more active in hydrotreating reactions [52]. After reduction Mo/P ratio is
slightly decreased to 0.91 for MoP_A and MoP and to 0.83 for MoP_I (Table 1). This can be due to Mo
losses at impregnation step. Mo/P ratio determined from EDX data differ slightly from the chemical
analysis results, but still remains close to Mo/P = 1.

Table 1. Physicochemical properties of SiO2, MoP/SiO2 and MoP samples.

Sample
Mo,
wt%

P, wt%
Mo/P Molar Ratio

in Reduced
Catalyst

Mo/P
EDX

SBET,
m2/g

Dpore,
nm

DTEM,
nm

XRD Phase DXRD, nm

SiO2 – – – – 300 10.6 – – –

MoP_A 11.5 4.0 0.91 1.02 178 10.4 1.4 amorphous
phase –

MoP_I 11.5 4.3 0.83 0.97 235 7.9 2.0 amorphous
phase –

MoP 51.7 18.4 0.91 1.17 211 2.0 – MoP 12
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Initial SiO2 support has SBET = 300 m2/g and Dpore = 10.6 nm. MoP_A and MoP_I have decreased
value of SBET and Dpore in comparison with the silica support. Both active component and unreduced
phosphate groups can block pores and decrease SBET. Bulk MoP has quite high area due to presence of
large quantities of citric acid in the precursor, which are transformed to carbon after reduction.

The precursors and POx/SiO2 samples were investigated by H2-TPR (Figure 1). There are two
peaks for the bulk MoP precursor: at 490 and at 720 ◦C. The first corresponds to Mo+6 → Mo+4

reduction, the second corresponds to Mo+4→Moδ+ and P+5→ Pδ− phosphide formation. Reduction of
phosphates in POx/SiO2 sample occurs at higher temperatures (> 750 ◦C, Figure 1). H2-TPR of MoP_A
and MoP_I precursors have the maximums at the temperatures similar to the reduction temperature of
bulk MoP. H2-TPR shows that precursor nature does not influence the temperatures of reduction of
silica-supported MoP precursors. It was shown that in the case of Ni-based phosphide catalysts during
H2-TPR of phosphite precursors the additional amount of hydrogen is produced, which is detected
in H2-TPR curves [40,43]. For the Mo-phosphide precursors there is only slight difference between
H2-TPR curves of MoP_A and MoP_I precursors (Figure 1). This can be attributed to oxidation of
HPO3

2− by paramolybdate after impregnation:

Figure 1. H2-TPR curves of POx/SiO2, supported MoP_A, MoP_I and bulk MoP oxide precursors.

2Mo7O24
6− + 7HPO3

2− + H2O→ 14MoO3
− + 7PO4

3− + 9H+

Mo7O24
6− + 7HPO3

2− + 4H2O→ 7MoO3
2− + 7PO4

3− + 15H+

These reactions are visible, because presence of Mo(IV/V) species gives the characteristic blue
color of the catalysts. Moreover, the reduction peak of MoO3 in H2-TPR of MoP_I sample is almost
invisible (Figure 1), which corresponds to the presence of Mo, preferably in Mo (IV/V) states.

The calculated consumption of H2 during MoP_A reduction is 1.1 mmol/g, while the MoP_I
consumes 0.80 mmol/g. This difference can be explained by the different states of Mo species.

XRD analysis of unreduced bulk MoP precursor did not show presence of any crystal phases
(Figure 2), only increased intensity at low 2θ angles, which corresponds to amorphous carbon residues.
XRD pattern of reduced bulk MoP sample include well defied maximums, corresponding to MoP
phase (PDF№ 24-0771). This pattern also has some amorphous phase corresponding to an increased
base line in a 2θ range of 35–40◦. DXRD of MoP particles is 12 nm (Table 1). In supported MoP_A and
MoP_I samples, there were broad signals of SiO2 at ~20◦; low-intensive broadening is also observed in
the range of 35–45◦ that can be due to highly dispersed MoP (<3 nm) nanoparticles.
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θ °  
Figure 2. XRD of reduced MoP_A, MoP_I and bulk MoP samples and unreduced MoP precursor.

Figure 3 shows images of TEM analysis of MoP_A, MoP_I and bulk MoP samples. Size distributions
of MoP particles are shown for MoP_A and MoP_I samples. Supported MoP_A and MoP_I samples have
quite small particles (1.4 and 2.0 nm correspondingly, Table 1) and narrow particle size distributions.
MoP sample has particles of 10–50 nm; therefore, there is no particle size distribution on Figure 3 for
this sample.

θ °

Figure 3. Images of TEM MoP_A (a), MoP_I (b), bulk MoP (c,d).

In preliminary MP HDO experiments (LHSV = 60 h−1, T = 290 ◦C, PH2 = 3 MPa, H2/feed =
600 cm3/cm3) 59 and 60% MP conversion were obtained over MoP_A and MoP_I, respectively. MoP_A
sample was used for catalytic experiments with different diluters.
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The diluters used for catalytic experiments in this work were SiC, γ-Al2O3, SAPO-11 and zeolite
β (Table 2). XRD analysis proved corresponding crystal structures for these materials (Figure S1 in
Supporting Information).

Table 2. Physicochemical properties of the diluters.

Diluter SBET, m2/g Vpore, cm3/g Dpore, nm NH3-TPD, 10−3 mol/g

SiC 1 – – –
γ-Al2O3 235 0.79 13.4 0.421
SAPO-11 295 0.26 3.5 1.11
zeolite β 609 0.49 3.2 1.92

Unlike SiC, an inert material with extremely low SBET (1 m2/g), γ-Al2O3, SAPO-11 and zeolite
β have developed textural structures (Table 2). The acidity of these materials, in accordance with
NH3-TPD data, is decreased in the following order: zeolite β > SAPO-11 > γ-Al2O3 (Table 2).

Zeolite β is characterized by Brønsted acid sites and three-dimensional system of channels, with
sizes of 0.56 × 0.56 and 0.66 × 0.67 nm [53]. SAPO-11 has one-dimensional system of channels with
size of 0.40 × 0.65 nm. SAPO-11 is a mesoporous structure, which has Brønsted acid sites of middle
strength [54].

2.2. MP HDO Results

Catalytic properties of physical mixtures of MoP/SiO2 with SiC, γ-Al2O3, SAPO-11 or zeolite β

were investigated in MP HDO at T = 290 ◦C, PH2 = 3 MPa, H2/feed = 600 cm3/cm3, LHSV = 60 or 10 h−1,
using 0.4 or 1.4 g of catalyst and volume ratio of Vcat:Vdiluter = 1:10.5 or 1:1.5. Stable conversion as a
function of time on stream was obtained for all tested systems (Figure S2 in Supporting Information).
The results of comparative study of these systems in the methyl palmitate HDO are presented on
Figure 4, which displays the values of MP conversion (XMP) and oxygen conversion (XO). MoP/SiO2

sample diluted with inert SiC grains displays the lowest XMP (59%) and XO (55%) values, whereas XMP

and XO data for systems containing γ-Al2O3, zeolite β and SAPO-11 are higher than 90%. It is well
known that HDO of fatty acid esters includes consecutive and parallel reactions: hydrogenolysis of C–O
(HDO) and C–C (HDeCOx) bonds, hydrolysis of ester, hydrogenation of double bounds, dehydration
of alcohols and esterification of acids, which occur over metal and acid active sites of catalysts, supports
and diluters [26,42,55]. In particular, MP can be transformed at metal centers through hydrogenolysis
to acid or aldehyde, or via acid-catalyzed hydrolysis to acid [56]. Thus, the higher conversions of MP
over MoP/SiO2 catalyst in the presence of Al2O3, SAPO-11 or zeolite β can be explained by the higher
rate of methyl palmitate hydrolysis, which is favored by the acid sites of these materials.

The main HDO product over MoP/SiO2–SiC and MoP/SiO2–γ-Al2O3 is hexadecane at 100%
conversion of MP; the selectivity of MP conversion through the HDO pathway exceeds 96% (Figure 5).
Thus, the use of γ-Al2O3 instead of SiC in the mixture with MoP/SiO2 increases the MP conversion, but
has minor impact on the product distribution. The dilution of MoP/SiO2 with the same amount of
SAPO-11 or zeolite β instead of SiC decreases the selectivity of C16 alkane formation in the course of
MP HDO and increases the quantity of iso-C16, iso-C15 and C6–C14 hydrocarbons among the liquid
products. Especially increased formation of hydrocarbons with ≤14 carbon atoms in the hydrocarbon
chains is observed over MoP/SiO2–zeolite β catalytic system. Apparently, Brønsted acid sites in
MoP/SiO2–SAPO-11 and MoP/SiO2–zeolite β result in partial cracking and structural isomerization of
linear C15 and C16 hydrocarbons, which are formed in the HDO reaction of the ester. In these cases,
the secondary reactions of the alkanes that are formed in MP HDO make it unattainable to calculate
selectivities of HDO and HDeCOx pathways using the results of liquid phase analysis. To estimate
the effect of SAPO-11 and zeolite β on the selectivity of MP conversion the amounts of carbon oxides
were compared for MoP/SiO2–SiC, MoP/SiO2–SAPO-11 and MoP/SiO2–zeolite β (Figure 6). The results
obtained let us see that the use of MoP/SiO2–SAPO-11 and MoP/SiO2–zeolite β induces only negligible
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increase in the amounts of carbon oxides in the gas phase in comparison with MoP/SiO2–SiC system.
Appreciable amounts of light hydrocarbons with the carbon number ≤5 were detected in the gas-phase
products of MP HDO over MoP/SiO2–zeolite β that is the evidence of alkane overcracking in the
presence of zeolite β.

Figure 4. MP and O conversion in MP HDO over MoP/SiO2 catalyst diluted with different materials.
Vcat = 0.4 cm3, LHSV = 60 h−1, T = 290 ◦C, PH2 = 3 MPa, H2/feed = 600 cm3/cm3.

β

Figure 5. Selectivities of MP HDO products over MoP/SiO2 catalyst diluted with different materials
(XMP = 100%). C16O—hexadecanal, C16OH—hexadecanol, PA—palmitic acid, PP—palmityl palmitate.
Vcat = 1.8 cm3, LHSV = 10 h−1, T = 290 ◦C, PH2 = 3 MPa, H2/feed = 600 cm3/cm3.
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β

Figure 6. Concentration of gas-phase products of MP HDO over MoP/SiO2 catalyst diluted with
different materials (XMP = 100%). Vcat = 1.8 cm3, LHSV = 10 h−1, T = 290 ◦C, PH2 = 3 MPa, H2/feed =
600 cm3/cm3.

The above results show that the use of the MoP/SiO2 catalyst in the mixtures with acidic
materials, like γ-Al2O3, SAPO-11 and zeolite β improves the catalytic activity of MoP catalyst in the
hydrodeoxygenation of MP without reducing selectivity through HDO pathway. MoP/SiO2–γ-Al2O3

system gives hexadecane with the selectivity up to 96%, while MoP/SiO2–SAPO-11 produces iso-alkane
and some amount of C6–C14 hydrocarbons. Therefore, MoP catalysts on SAPO-11 are perspective in
one-pot HDO/hydroisomerization of aliphatic esters.

3. Materials and Methods

3.1. Catalysts Preparation

Commercial silica “KSKG” (SBET = 300 m2/g, Vpore = 0.80 cm3/g, Dpore = 10.6 nm) was obtained
from ChromAnalit (Moscow, Russia), it was used as support material. Commercial SiC (Chelyabinsk
Plant of Abrasive Materials, Chelyabinsk, Russia), alumina “IKGO-1” (γ-Al2O3, Promkataliz, Ryazan,
Russia), zeolite β in H form (Angarsk catalyst and organic synthesis plant, Angarsk, Russia), SAPO-11
(Zeolyst International, Conshohocken, PA, USA) were utilized as diluters. Before catalysts preparation
and experiments silica and alumina were dried (at 110 ◦C, 7 h) and calcined (at 500 ◦C, 4 h). Afterwards
the materials were crushed using mortar and pestle, and sieved to obtain granules with size of
0.25–0.50 mm.

Preparation method of MoP/SiO2 samples
Incipient wetness impregnation method was used to prepare precursors of MoP/SiO2 samples.

Mo/P molar ratio in impregnation water solution was taken equal 1 (Mo content~11.5 wt%). The label
MoP_A was chosen for the MoP/SiO2 sample, which was prepared from phosphate solution, the label
MoP_I—for the MoP/SiO2 sample, which was prepared from phosphite solution.

Phosphate method (MoP_A). To synthesis samples using this technique 2.357 g of (NH4)2HPO4

(Alfa Aesar, Kandel, Germany) and 3.151 g of (NH4)6Mo7O24·4H2O (Reakhim, Moscow, Russia) were
dissolved under stirring in distilled water. Subsequently the support (8.5 g SiO2) was impregnated by
this solution. After drying on air overnight (at room temperature) the precursors were dried for 4 h at
110 ◦C. Calcination of the dried samples was carried out at 500 ◦C for 4 h, and reduction of the calcined
samples (TPR) was performed in H2 flow (100 mL/(min·g)). TPR has the following program: heating
to 370 ◦C (with the rate of 3 ◦C/min), heating to 650 ◦C (with the rate of 1 ◦C/min), keeping the samples
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at 650 ◦C (for 1 h). Passivation of the reduced samples (to prevent oxidation on air atmosphere) was
carried out at room temperature in 1 vol% O2/He (at 40 mL/(min·g) for 2 h).

Phosphite method (MoP_I). First, silica support (8.5 g) was impregnated with aqueous solution
containing 3.151 g of (NH4)6Mo7O24·4H2O and 1.464 g of H3PO3. Then, after drying overnight and
subsequently at 80 ◦C (for 24 h), the samples were reduced (TPR) in H2 flow (100 mL/(min·g)). TPR
was carried as follows: heating to 650 ◦C (with the rate of 1 ◦C/min), keeping at 650 (for 1 h). The same
passivation technique was carried out for MoP_I samples as in case of MoP_A samples.

POx/SiO2 sample. SiO2 (5 g) was impregnated by the solution of 2.357 g of (NH4)2HPO4 in
distilled water. Drying was performed at room temperature overnight and at 110 ◦C (for 4 h). After
calcination at 500 ◦C (for 4 h), the precursor was reduced and passivated according the same TPR and
passivation programs as for MoP_A and MoP_I precursors.

Bulk MoP reference sample preparation method. The bulk molybdenum phosphide sample (bulk
MoP) was prepared as follows: to the water solution of (NH4)2HPO4 was added water solution of
(NH4)6Mo7O24. The Mo/P initial molar ratio was equal to 1. After evaporation of the water, the
obtained sample was dried at 87 ◦C (for 48 h) and then at 124 ◦C (for 24 h). Calcination of the sample
was performed at 500 ◦C (for 5 h). Afterwards, TPR was carried out (at H2 flow of 150 mL/(min·g)):
heating to 650 ◦C (with the rate of 1 ◦C/min), keeping at 650 ◦C (for 1 h). The obtained bulk sample
was passivated in flow of 1 vol.% O2/He (80 mL/(min·g), for 3 h).

3.2. Catalysts Characterization

Nitrogen physisorption was used to determine textural characteristics of the MoP, MoP/SiO2 and
diluters. It was carried out at 77 K on ASAP 2400 instrument (USA).

Inductively coupled plasma atomic emission spectroscopy (ICP-AES) was used to perform
elemental analysis of the MoP and MoP/SiO2 samples. ICP-AES was carried out on Optima 4300 DV
(Perkin Elmer, Villebon-sur-Yvette, France).

Bruker D8 Advance X-ray diffractometer (Bruker, Bremen, Germany) was used to carry out XRD
analysis. CuKα radiation (with λ = 1.5418 Å) was used, and 2θ scanning range was from 10 to 70.
To determine crystal phases JCPDS database was used [57]. Scherrer equation was used to calculate
average crystallite size (DXRD).

Transmission electron microscope JEM-2010 (JEOL, Tokyo, Japan) was used to obtain high
resolution transmission electron microscopy (TEM) images. The accelerating voltage and
resolution were 200 kV and 0.14 nm correspondingly. EDX spectrometer was used to analyze
elemental composition.

H2 temperature-programmed reduction (H2-TPR) was performed to determine reduction
temperatures of the prepared samples. The sample mass was about 0.10 g, it was heated in 10
vol.% H2/Ar (60 mL/min, with rate of 10 ◦C/min) from 80 ◦C to 900 ◦C. Thermal conductivity detector
(TCD) was used to determine H2 consumption.

3.3. Experimental Setup and Procedure

Methyl palmitate (hexadecanoic acid methyl ester, ≥97%), n-dodecane (≥99%) and n-octane
(≥99.5%) were obtained from Sigma-Aldrich (St. Louis, MO, USA), Acros Organics (New Jersey, NJ,
USA) and Kriokhrom (Saint Petersburg, Russia), correspondingly.

A trickle-bed reactor was used to evaluate catalytic activity of the prepared MoP catalysts in
methyl palmitate HDO (Figure S3 in Supporting Information). The reaction conditions: T = 290 ◦C,
PH2 = 3.0 MPa, volume ratio H2/feed = 600, LHSV = 60 or 10 h−1. The liquid feed consisted of: 10 wt%
of methyl palmitate, 0.5 wt% of n-octane (internal standard), the rest is n-dodecane. The catalysts
particles were diluted with SiC, Al2O3, SAPO-11 or zeolite β (0.2–0.3 mm) in a ratio 1:10.5 or 1:1.5,
placed in the catalytic reactor between. Above and under the catalytic layer there were SiC layers.
Before methyl palmitate HDO experiments reduction of the catalyst precursors was performed in
situ by TPR technique described earlier in catalysts preparation section. Collecting of liquid product
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effluent was carried out hourly until the reaction reaches steady-state. For all experiments time on
stream = 8 h (Figure S2 in Supporting Information).

XMP—methyl palmitate conversion was calculated as follows:

XMP =

(
1− CMP

Co
MP

)
· 100% (1)

co
MP and cMP (mol/L)—methyl palmitate concentration in the initial feed and in the liquid

product correspondingly.
XO—oxygen-containing compounds conversion was calculated as follows:

XOCC =

(
1− CO

Co
O

)
· 100% (2)

co
O and cO (mol/L)—oxygen concentration in the initial feed and in the liquid product

correspondingly.
Si—selectivity was calculated as follows:

Si =

(
ci

co
MP − cMP

)
· 100% (3)

ci (mol/L)—concentration of the ith compound in the liquid product.

3.4. Analysis of the Reaction Products

7000 GC/MS Triple QQQ GC System 7890A (Agilent Technologies, Santa Clara, CA, USA) was
used to identify HDO products. The GC was equipped with VF-5MS column (length 30 m, inner
diameter 0.25 mm, film thickness 0.25 μm). Quantitative analysis was performed using GC with flame
ionization detector (FID, Agilent 6890N, USA) and an HP-1MS column (length 30 m, inner diameter
0.32 mm, film thickness 1.0 μm). Carbon balance for all experiments was not lower than 97%.

Elemental analyzer Vario EL Cube (Elementar Analysensysteme GmbH, Langenselbold, Germany)
was used to determine oxygen content in the liquid reaction mixture.

The concentration of gas-phase products was determined using GC Khromos-1000 with FID
(Khromos, Dzerzhinsk, Russia). CO and CO2 were analyzed after methanation over Pd catalyst.

4. Conclusions

In this work catalytic properties of MoP/SiO2 catalyst in MP HDO were studied in mechanical
mixture with materials having different acidity: SiC, γ-Al2O3, SAPO-11 and zeolite β.

A method was chosen for the preparation of SiO2-supported MoP catalyst. Two samples were
prepared using (NH4)6Mo7O24 and different P precursors: (NH4)2HPO4 and H3PO3 (MoP_A and
MoP_I samples, correspondingly). It was shown that H2-TPR curves for MoP_A and MoP_I samples
are coinciding regardless of P precursor that can be explained by the oxidation of H3PO3 in the reaction
with ammonium paramolybdate during impregnation and drying of support. The silica-supported
MoP catalysts samples were synthesized by reduction (TPR) of the precursors at 650 ◦C, and according
to TEM data, the particle sizes of MoP nanoparticles were 1.4 and 2.0 nm for MoP_A and MoP_I samples,
respectively. Both catalysts (MoP_A and MoP_I) display similar activity in the MP hydrodeoxygenation;
MoP_A sample (designated as MoP/SiO2) was chosen for the experiments with different diluters.

The comparative study of MoP/SiO2–SiC, MoP/SiO2–γ-Al2O3, MoP/SiO2–SAPO-11 and
MoP/SiO2–zeolite β systems has demonstrated the enhancement of MoP/SiO2 catalyst activity in MP
HDO in mechanical mixtures with alumina, SAPO-11 and zeolite β. The higher conversions of MP
over MoP/SiO2 catalyst in the presence of Al2O3, SAPO-11 and zeolite β can be explained by the higher
rate of methyl palmitate hydrolysis, which is favored by the acid sites of these materials. The use
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of γ-Al2O3, SAPO-11 and zeolite β instead of SiC in the mixture with MoP/SiO2 increases the MP
conversion, but has minor impact on the HDO selectivity. It was shown that selectivities of methyl
palmitate conversion through the HDO pathways are nearly the same for the different systems, because
the amounts of CO and CO2 in the gas-phase products differ only slightly. The main HDO product
observed in the liquid products of MP HDO over MoP/SiO2–SiC and MoP/SiO2–γ-Al2O3 is hexadecane;
the selectivity of HDO pathway exceeds 96% at 100% of MP conversion. The use of MoP/SiO2 in the
mixture with the SAPO-11 or zeolite β instead of SiC changes the product distribution due to partial
cracking and structural isomerization of linear C15 and C16 hydrocarbons, which are formed in HDO
reaction of ester. Thus, MoP/SiO2–SAPO-11 system produces iso-alkane and some amount of C6–C14

hydrocarbons, while increased formation of hydrocarbons with ≤ 14 carbon atoms in the hydrocarbon
chains is observed over MoP/SiO2–zeolite β catalytic system.

The obtained results show, that the use of the MoP/SiO2 catalyst in the mixtures with γ-Al2O3,
SAPO-11 and zeolite β enhances the catalytic activity of MoP catalyst in the hydrodeoxygenation of
MP without reducing selectivity through HDO pathway. The product distribution in the liquid phase
depends on the dilutor nature. Linear alkanes are produced in the presence of γ-Al2O3. SAPO-11 can
be considered as the perspective material for the one-pot HDO/hydroisomerization of aliphatic esters.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/10/1/45/s1,
Figure S1: XRD patterns of materials used as catalyst diluters, Figure S2: MP conversion vs time on stream for
MoP/SiO2 catalysts diluted with different materials, Figure S3: The scheme of the experimental setup.
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Abstract: Ketonization is a promising way for upgrading bio-derived carboxylic acids from pyrolysis
bio-oils, waste oils, and fats to produce high value-added chemicals and biofuels. Therefore,
an understanding of its mechanism can help to carry out the catalytic pyrolysis of biomass more
efficiently. Here we show that temperature-programmed desorption mass spectrometry (TPD-MS)
together with linear free energy relationships (LFERs) can be used to identify catalytic pyrolysis
mechanisms. We report the kinetics of the catalytic pyrolysis of deuterated acetic acid and a reaction
series of linear and branched fatty acids into symmetric ketones on the surfaces of ceria-based oxides.
A structure–reactivity correlation between Taft’s steric substituent constants Es* and activation energies
of ketonization indicates that this reaction is the sterically controlled reaction. Surface D3-n-acetates
transform into deuterated acetone isotopomers with different yield, rate, E�, and deuterium kinetic
isotope effect (DKIE). The obtained values of inverse DKIE together with the structure–reactivity
correlation support a concerted mechanism over ceria-based catalysts. These results demonstrate that
analysis of Taft’s correlations and using simple equation for estimation of DKIE from TPD-MS data are
promising approaches for the study of catalytic pyrolysis mechanisms on a semi-quantitative level.

Keywords: carboxylic acids upgrading; ketonization; deuterated acetic acid; acetone D-isotopomers
distribution; H/D exchange; inverse deuterium kinetic isotope effect; kinetic parameters; activation
energy; catalytic pyrolysis of biomass; bio-oil

1. Introduction

Catalytic pyrolysis can effectively convert second-generation feedstocks (lignocellulose, waste oils,
fats, algae, agricultural and forest residues, etc.) into bio-oil or pyrolysis oil [1–7]. The potential for the
use of biomass resources of second-generation feedstocks in Europe is very high [8]. At the same time,
the cost of second-generation raw materials is low [8]. One of the major components of bio-oil [1–7,9–14]
is organic acids. Currently, some of them, including acetic, valeric, levulinic (γ-ketovaleric acid),
2,5 furan dicarboxylic acids, etc., are considered as key-building platforms in biomass conversion
technologies [1–7,12,14]. The upgrading of bio-derived carboxylic acids has great economic, social and
environmental advantages compared with the traditional use of fossil hydrocarbon resources.

The ketonization reaction, or ketonic decarboxylation is one of the attractive ways to convert
carboxylic acids into sustainable biofuels and valuable industrial products with high added
value [15–23]. Ketonization provides for the formation of a new C-C bond in one step, preserves
the initial functional group C = O, and significantly reduces the oxygen content in the molecule
due to decarboxylation and dehydration. In addition, the carbon chain almost doubles as a
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result of the symmetric ketone formation. The obtained ketones can be upgraded by catalytic
hydrogenation/dehydration to liquid long-chain hydrocarbons [12,14].

Despite the close attention to the ketonization reaction, last year’s publications [15–18], including
numerous studies and reviews [16,17,19–23] suggested that the mechanism of this reaction is not
completely clear. Over the past few decades, several basic mechanisms of this reaction have
been proposed [19–41]: (i) free-radical mechanism [24], (ii) direct concerted mechanism [20,25],
(iii) mechanism involving an acyl intermediate [26], (iv) ketene based mechanisms [27–29], (v) and
a beta-keto-acid-intermediate based mechanisms [30–35] (Scheme 1). The free-radical mechanism,
the acyl-based mechanism, and ketene-based mechanism involve the participation of free radicals,
acylium cation and ketene species as key intermediates of ketonization, respectively. The concerted
mechanism was proposed by Rand et al. [25] for ketonization of adipic and 2,2,5,5-tetramethyladipic
acids. This mechanism involves (a) decarboxylation with carbanion formation, (b) nucleophilic attack
of carbanion with C-C bond formation, and (c) formation of ketone and a hydroxide anion (Scheme 1).

 

Scheme 1. Simplified schemes of possible ketonization mechanisms and their key intermediates.

At the moment, the beta-keto-acid-intermediate-based mechanism is considered the most
plausible [19,30–34,37,39]. The last two mechanisms require a stage of enolization with the elimination
of hydrogen in the alpha position to the carboxyl group [19,30–34]. Two basic pieces of evidence are used
to confirm mechanisms involving enolization. The first evidence is the presence of isotope exchange
of D-H in the alpha position to the carboxyl group on the surface of the catalysts [28,29] (Scheme 2).
On this basis, it is concluded that alpha hydrogen atoms take part in the reaction. The second proof is
that a symmetric ketone pivalone is not formed from pivalic acid (CH3)3C-COOH) [28,30,35]. It was
postulated that the reason for the lack of ketonization of pivalic acid is the absence of α-hydrogen,
which excludes enolization, so ketonization is impossible [19,30,33]. However, this fact may be due
to the steric effect of the substituents at the reaction center in the transition state (TS) for pivalic acid.
Accordingly, it was assumed that enolisation is the rate-limiting step of the ketonization reaction.
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Scheme 2. H/D exchange and enolization on the surface of the catalyst.

However, on the basis of a detailed kinetic analysis [33], quantum chemical calculations [32],
and an investigation of the isotopic effect [26,36], it was shown that enolization is not a rate-limiting
stage. Rather the loss of the CO2 or the formation of a new C-C bond are the likely rate-determining
steps [26,32,33,36]. Despite the enormous efforts spent on the establishment of the mechanism of this
reaction, kinetic studies, isotope effect studies [26,27,36], quantum chemical calculations [30–33,36],
studies of cross-ketonization reactions [28,30,33,38], 13C/12C exchange studies [34], H/D exchange
studies on the catalyst surfaces [28,29,39], experiments with 13C-labeled acetic acids [28,33,34], Fourier
Transform Infrared Spectroscopy FT-IR studies [36,37,39–41], etc., the question of establishing the full
details of the ketonization reaction mechanism is still not completely closed [39]. However, linear
free energy relationships (LFERs) have never been applied to study of the mechanism of ketonization.
LFER is a very informative experimental approach because it can give information about the TS and the
reaction mechanism on a semiquantitative basis [42,43]. Therefore, in our work, we decided to apply
three of the most important experimental methods [42] to establish the mechanism of this reaction over
ceria-based catalysts [44], which were not used or insufficiently used in previous works: 1) kinetic
study and analysis of kinetics (n, Tmax, E�, ν0, dS�), 2) analysis of substituent effects (Taft plots) or
LFERs between activation free energies change induced by substituents and the steric, the electron
donating or electron withdrawing characteristics of the substituent and 3) study of the magnitude and
the origin of deuterium kinetic isotope effect (DKIE).

The novelty of this study is due to the fact that using the LFERs principle, we obtained
structure–reactivity correlation between Taft’s steric substituent constants Es* and activation energies
of ketonization, and evaluated the contribution of the electronic and steric effects of the substituents
for a wide reaction series of carboxylic acids (acetic, propionic, butyric, isobutyric, valeric, pivalic,
hexanoic, heptanoic, nonanoic, octanoic, decanoic). In addition, a novel simple approximate equation
was proposed for a quick estimate of the DKIE from temperature-programmed desorption mass
spectrometry (TPD-MS) data. The values of inverse DKIE of the formation of a series of acetone
D-isotopomers have been obtained using this simple equation. The obtained values of the inverse
DKIE allowed us to get new physical insights about the sterically controlled mechanism of catalytic
pyrolysis of aliphatic carboxylic acids into symmetric ketones over ceria-based catalysts.

2. Results and Discussion

2.1. Kinetic Study

It is well known that on the surfaces of various oxide catalysts, different pathways of the conversion
of aliphatic acids may take place [18,44–46] (Scheme 3). Depending on the surface properties of the
catalyst, reactions can occur such as ketenization, ketonization, decarboxylation, decarbonylation,
cracking, reduction to aldehydes, and others.
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Scheme 3. The possible pathways of the conversion of aliphatic acids on the surfaces of oxide catalysts.

As was previously established [43,47–49], the ketenization reaction (pathway b, Scheme 3)
proceeds on the silica at 300–450 ◦C with a high level of selectivity. Ketenes formation has also been
observed over Al2O3/SiO2, TiO2/SiO2 [41] and aluminosilicates due to the presence of Brönsted acid
sites on their surfaces [50]. Cinnamic acids on the silica surface transform into corresponding ketenes,
vinyl- and acetylene-benzenes via three parallel pathways b, e and f: ketenization, decarboxylation,
and decarbonylation, [51–53]; whereas over the nanoceria surface, only the decarboxylation (f) takes
place [54]. A comparative study [41] of pyrolytic decomposition of valeric acid over SiO2, Al2O3,
CeO2/SiO2, Al2O3/SiO2, and TiO2/SiO2 catalysts showed that propylketene forms on the surfaces of
all these oxides except for CeO2/SiO2. The formation of both ketene and ketone was observed on the
surface of Al2O3. The ceria-based catalyst converted valeric acid into dibutylketone most efficiently in
the investigated series of oxides due to the presence of basic sites on its surface [41]. As was noted
earlier [40], ceria is the most basic oxide in the series of oxides CeO2, TiO2, and Al2O3.

The acid-base and redox properties of ceria-based materials have been extensively investigated
because the unique catalytic activity enables ceria to catalyze a variety of organic reactions [55–58].
The surface of ceria is characterized by very low Lewis and Brönsted acid site density and weak acid
strength [39], while at the same time extremely high density [59] of strong Lewis-base sites [60], which
interact with carboxylic acids to form different types of carboxylates (monodentate, bidentate: chelate
and bridge) [40,41,61]. Subsequent transformation of the surface carboxylates leads to the formation of
ketones [37,40,41,61].

The main pyrolysis products of aliphatic carboxylic acids on the CeO2/SiO2 surface are the
corresponding ketones and CO2. The typical TPD-MS data of the catalytic ketonization of aliphatic
carboxylic acids are presented in Figure 1A,B with the example of propionic acid. Figure 1A,B show the
mass spectrum and TPD curves obtained during the catalytic pyrolysis of propionic acid immobilized
on the CeO2/SiO2 surface. The TPD profiles of the molecular ion of the ketonization product (diethyl
ketone or 3-pentanone) with m/z= 86 and its fragment ions with m/z= 72 C2H5COCH2

+), 57 (C2H5CO+),
and 29 (C2H5

+) reflect the shape of each other (Figure 1B). These ions are present in the spectra at
the temperature of the maximum rate of the 3-pentanone formation, Figure 1A. It is known that
ketonization is always accompanied by the release of water and CO2. Intensive decarboxylation
accompanying the formation of the corresponding symmetrical dialkyl ketone is observed during
propionic acid pyrolysis (Figure 1A,B) and all studied acids (C2–C10), except pivalic acid. As was
previously established [19,35], and also observed it in this work, pivalic acid forms two other major
products, isobutene and 2-dimethyl-4-methyl-3-pentanone (Table 1).
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Figure 1. Catalytic pyrolysis of propionic acid supported on the nanocomposites CeO2/SiO2 with
low amount of CeO2 (lCeSi) surface (0.6 mmol g−1). (A) Mass-spectrum of pyrolysis products at 265
◦C, obtained after electron impact ionization. (B) temperature-programmed desorption curves (TPD
curves) of the molecular ion of propionic acid with m/z = 74 and its fragment ions with m/z = 72, 44,
29, 28, 17 attributed to the desorption of the physically adsorbed and hydrogen-bonded acid. TPD
curves attributed to the ketonization products: molecular ion of CO2 with m/z = 44, and molecular ion
of 3-pentanone with m/z = 86 and its fragment ions with m/z = 72, 57, 29. TPD curve attributed to water
desorption: fragment ion of molecular ion of water with m/z = 17. (C) Vapor pressure measured as a
function of temperature (P/T curve); deconvolution of P/T curve (R2 = 0.99554); experimental data is
black line, fitting curve—Red line, Gaussians—Green line.
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The possible side products were monitored but were not definitively detected, including pathways
b, c, d, e, Scheme 3. The complex shape of the TPD curve for the ion with m/z = 44 may be evidence of
the presence of path (f) at ~200 ◦C. Our assumption confirms the presence of peaks in the TPD curves at
~200 ◦C for ions with m/z = 28 and 29, which are the most intense in the ethane EI mass-spectrum [62].
The P/T curve was decomposed into individual Gaussians in order to semi-quantify the contribution
of ketonization and decarboxylation with the formation of ethane in the process of propionic acid
conversion, Figure 1C.

A comparative analysis of the peaks on the TPD curves (Figure 1B) with the peaks on the P/T
curve (Figure 1C) shows that the P/T curve is the result of a superposition of several peaks that
correspond to the desorption of water, physically adsorbed and hydrogen-bonded propionic acid,
and desorption of pyrolysis products. The decomposition of the P/T curve into individual Gaussians
allowed us to identify peaks 1 and 3 with desorption of propionic acid in molecular form, peaks 2 and
6 with processes of desorption of water and peaks 4 and 5 with desorption of products of catalytic
transformations, because they are centered at the same temperature as corresponding TPD peaks,
Table 2, Figure 1B,C.

The calculated integral intensities of peaks 1, 3, 4, and 5 make it possible to semi-quantify the
efficiency of the catalytic conversion of propionic acid, Table 2. The degree of conversion of propionic
acid during the pyrolysis is about 0.67, while the selectivity for the formation of 3-pentanone is above
0.90 and ethane is about 0.02. The obtained data are in good agreement with previously published
data [63,64] regarding the catalytic activity of catalytic systems based on CeO2/SiO2 and catalytic
systems based on ZrO2 in the ketonization of propionic acid [37]. The selectivity of 3-pentanone is
higher than 97.5% on the ZrO2–based catalysts [37] and >93% on the CeO2/SiO2–based catalysts [63].
Deng et al. [64] have also confirmed a high catalytic activity of CeO2/SiO2 for acetic acid ketonization
because it could convert acetic acid to acetone with high selectivity 96.63%. The activation energy E�

for propionic acid ketonization with 3-pentanone formation is 122 kJ·mol−1 (calculated by Arrhenius
plot method), and 119 kJ·mol−1 (calculated by the modified equation), Table 1. These data also are in
good agreement with the previous reports of 117 kJ·mol−1 on m-ZrO2 [33] and 124 kJ·mol−1 on m-ZrO2

and 100 kJ·mol−1 on t-ZrO2 [37].
Conversion and selectivity are highly dependent on reaction conditions, especially temperature.

The effect of the reaction temperature on the degree of conversion and selectivity to ketone was
studied [16,37,64]. It was shown that an increase in temperature to 425 ◦C allows the conversion of
acetic acid to be achieved at about 93%–100% [16,64]. Importantly, the highest conversion of propionic
acid on the zirconium surface was observed at a temperature of the highest ketonization rate [37].
Therefore, we can assume that the obtained temperature values of Tmax (Table 1), which are attributed
to the temperature of the maximum rate of ketonization reaction of CnH2n+1COOH (n = 1–9), can be
very useful for choosing the optimal conditions for the catalytic conversion of carboxylic acids into
symmetric ketones. Tmax for the investigated series of carboxylic acids is in the range 247–292 ◦C.
We suggest that optimal temperature conditions for the efficient catalytic ketonization of carboxylic
acids over CeO2/SiO2 catalyst could also be in this range.

It is known that cerium-based oxides are effective catalysts of ketonization [21,38,56,63,64].
Therefore catalytic systems for industrial applications have been developed on their basis.
Gliński et al. [63] investigated over 20 metal oxides supported on SiO2, Al2O3, and TiO2. It was
demonstrated, that CeO2 was proved to be the most efficient as an active phase for ketonization
reaction [63,64]. Gliński and coworkers [63] have suggested that high activity of CeO2 supported on
SiO2, TiO2, and Al2O3 are a result of the synergy due to the interaction between the CeO2 and oxide
support. We also assume synergies between the support and the active phase of the catalyst that
contains strong basic centers. This determines the high catalytic activity of CeO2 materials.
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2.2. Analysis of Kinetics Data

Detailed and targeted kinetic studies for reaction series of aliphatic carboxylic acids C2–C10 (acetic,
propionic, butyric, isobutyric, valeric, pivalic, hexanoic, heptanoic, nonanoic, octanoic, decanoic) on
the surface of nanosized CeO2/SiO2 have been investigated by temperature-programmed desorption
mass spectrometry (TPD MS), Table 1. The obtained data and our previous study [41] showed that
CeO2/SiO2 is suitable catalysts for ketonization.

The kinetic parameters (n, Tmax, E�, ν0, dS�) of the reaction of ketone formation were calculated, as
described previously [43] (Table 1). The obtained values of the kinetic parameters show that the reaction
proceeds according to the first order, since the determination coefficients (R2) are much higher, and the
calculated deviation values are much smaller for the first order than for the second order. In addition,
the first order of the reaction was also confirmed by us earlier [41] by studying the influence of the
degree of surface coverage on the reaction rate. Namely, the absence of Tmax displacement towards low
temperatures with increasing acid concentration on the surface indicates the first order [65].

The pre-exponential factor for this reaction series has close values within the limits of the same
order. This indicates that the transition state for this reaction series has a similar structure. Thus,
the entropy of activation for this series is constant (dS� = const), so this reaction series is an isentropic
series. This fact has allowed us to apply a Redhead peak maximum method to calculate the activation
energy [66]. This method avoids the effect of various distortions in the form of a peak on the calculated
values of the activation energy that can be produced by using complete analysis of TPD curves and
the Arrhenius plot method [65–68]. In this work, we used the modified Equation (1) as suggested
by Kislyuk and Rozanov on the basis of Redhead equation [67]. This relation directly includes the
temperature of the peak maximum Tmax, [67]:

E� = R Tmax ln(B/lnB) (1)

where
B = (nν0TmaxCmax

n−1)b (2)

In this formula, n is the reaction order, ν0 is the pre-exponential factor, Cn−1
max is the concentration

of the adsorbate at Tmax and b is the value of the sample heating rate.
A study of a number of acids shows an increase in the Tmax of reaction with an increase in the

number of the methylene units and the branching in the molecule (Table 1). The corresponding increase
in the activation energy was also obtained by using modified Equation (1) and the arithmetic average
of the pre-exponential factor ν0average = 1/10 Σν0 acid=3.53 ± 1.89 × 109 s−1 for the reaction series of
10 acids.

Thus, as a result of the kinetic analysis carried out, it is established that the reaction is of first order,
the activation entropy has a negative value, i.e., the number of degrees of freedom in the transition
state decreases and the transition state has a highly ordered structure. Thus, the next task is to establish
how changes in the structure of the acid molecule affect the activation energy. This task can be solved
by investigating the effect of the substituent using the approaches of LFERs.

2.3. Analysis of Substituent Effects (Taft Plots) or Linear Free Energy Relationships (LFERs)

We were unable to find literature data on the use of LFERs to study the mechanism of ketonization,
despite the fact that more in-depth data about the structure of the transition state can be obtained
from studies of substituent effects [42]. So the next step was to search for correlations between the
kinetic parameters and the thermodynamic ones: the activation energy and the Taft’s constants of
substituents, respectively. An important step in the search for such correlations is the E�-σ* and E�-Es
analysis, which allows us to determine the reaction center in the molecule. Such correlations can be
obtained only if the reaction center is chosen correctly. Taft’s correlation was obtained (Figure 2A) only
if the α-carbon atom was chosen as the reaction center, and not, for example, the β-carbon atom or
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the carbon atom of the carboxyl group. So, a linear correlation between the activation energies and
the sum of the Taft steric constants at the α-carbon atom (E�-ΣEs) with a high squared correlation
coefficient R2 = 0.9488 indicates that the ketonization reaction is sterically sensitive, Figure 2A. The
correlation E�-Σσ* sum of induction Taft’s constants (Figure 2B) has a low value of the squared
correlation coefficient R2 = 0.8227. These data indicate that the activation energy of ketonization
is predominantly dependent on the steric effects of the substituents. That is, the transition state is
less sensitive to the inductive effect of the substituents, although it is possible that electron-donor
substituents slow down this reaction. The Taft correlation E�-ΣEs indicates that the LFER principle
is applicable to this reaction series. The presence of large substituents in the reaction center may
prevent the interaction of atoms and thereby slow down the reaction or make it impossible. The steric
effect does not allow to achieve the necessary conformation in the transition state for the realization
of ketonization, the so-called “tert-butyl effect”. Although pivalic acid does not form a pivalon, it is
an important member of this reaction series. Pivalic acid is the standard for this reaction series since
the sum of both the induction and steric Taft’s constants for the α-carbon atom of the pivalic acid is
0 ((ΣEs = 3 × Es(CH3)=3 × 0 = 0; Σσ* = 3xσ*(CH3) = 3 × 0 = 0). Thus, the greatest steric effect should
be observed, namely, for pivalic acid.

 

Figure 2. (A) Linear correlation between the activation energies of ketonization of reaction series of
carboxylic acids (C2–C10) on lCeSi and the sum of the Taft steric constants (ΣEs*) at the α-carbon
atom of carboxylic acids. (B) The correlation between the activation energies and the sum of the Taft
induction constants (Σσ*) at the α-carbon atom of the carboxylic acids.

2.4. Study of DKIE During Catalytic Ketonization of CD3COOH (D3)

The isotopic effect is one of the most powerful tools for establishing the mechanism of reactions
along with LFER and kinetic studies [42]. The presence of a primary H/D isotopic effect indicates that
the bond containing the H atom being broken or formed in a kinetically relevant step [42]. However,
there are contradictory data in the literature. Thus, for example, Hendren and coworkers [27] obtained
the values of the primary isotopic effects k(H) = k(D) between 1.4 and 6.7 for the ketonization reaction.
The absence of a primary isotopic effect was demonstrated in the study of the ketonization of deuterated
acetic acid [26]. A very low value of the primary isotopic effect k(H)/k(D) = 1.1 was obtained in the
work of Wang and Iglesia [36]. Thus, recent experimental data of the DKIE [26,36], as well as quantum
chemical calculations [32,33] completely exclude enolization as a rate-limiting stage. However, this
is not enough to completely exclude it as a necessary stage. In this regard, TPD-MS was used to an
elucidation of DKIE by studying of the kinetics of the thermal transformations of deuterated acetic acid
(CD3COOH) on the surface of the nanocomposites CeO2/SiO2 with higher amount of CeO2 (hCeSi).

2.4.1. The Distribution of Acetone Isotopomers

The results of the TPD-MS studies confirm the presence of isotopic exchange on the surface of the
catalysts, (Figure 3A,B). The peaks on the TPD curves corresponding to the isotopomers of acetone have
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a different intensity, and different Tmax localization, (Figure 3A,B). Earlier, in 1978, Munuera et al. [29],
in their extremely important work, had already estimated the relative yield of isotopomers of acetone
as result of the ketonization of a mixture of acids CD3COOH (76%) and CH3COOH (24%) adsorbed on
the surface of titanium dioxide. However, due to the then instrumental imperfection, these estimates
were not accurate enough, since they were made only on the basis of the peak height in the mass
spectra at a fixed temperature ~250 ◦C. It is necessary to take into account the integrated intensity of
the peaks for correct estimation.

 

Figure 3. (A) TPD curves for the ions of acetone isotopomers with m/z = 64, 62, 61, 60, 59, 58; (B) TPD
curves for the ions of acetone isotopomers with m/z = 62, 60; TPD curves for the ions of D2O+ with
m/z = 20 for the ions of D2

+ with m/z = 4 were obtained during the pyrolysis of CD3COOH on the
hCeSi surface.

In this regard, the mathematical procedure has been conducted to obtain the correct values of
Tmax and integral intensities of the isotopomers peaks (see Figure 4, Figures S1–S5 and Table 3). Thus,
the integral intensities of TPD peaks and distribution (%) for ions of acetone isotopomers with m/z = 62
(4%), 61 (11%), 60 (24%), 59 (35%), 58 (26%) were obtained during the pyrolysis of isotopic-labeled
acetic acid CD3COOH on the hCeSi surface (Figure 4 and Table 3). It is noteworthy that the sum of the
integral intensities of TPD peaks of ions of isotopomers with m/z = 62, 61, 60, 59, 58 is very close to
integral intensities of TPD peaks of molecular ions of (CH3)2CO and (CH3)2

13CO that were obtained
during the pyrolysis of nonlabeled acetic acid and 13C-labeled acetic acid (Figure 5, Figures S6 and S7,
and Table 3).
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Figure 4. Deconvolution of TPD curve for the ion of acetone with m/z = 58 that was obtained during
the pyrolysis of nonlabeled acetic acid on the hCeSi surface (A). Deconvolution of TPD-curves for the
ions of acetone isotopomers with m/z = 62, 61, 60 and 59 that were obtained during the pyrolysis of
deuterated acetic acid on the hCeSi surface (B–E). Experimental data is the black line; the fitting curve
is the red line.
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Table 3. Temperature of the maximum desorption rate Tmax, integral intensity (
∫

I(m/z)) and distribution
(%) of acetone isotopomers with m/z = 64, 62, 61, 60, 59, 58 obtained during the catalytic pyrolysis of
isotopic-labeled acetic acid CD3COOH, CH3

13COOH and nonlabeled acetic acid CH3COOH on the
hCeSi surface (0.6 mmol·g−1).

m/z
Isotopomer of Acetone

Tmax

∫
I(m/z), a.u. Distr., % R2 a

CD3COOH
58, C2D0H6CO 269.9 10.21 26.20 0.9906
59, C2D1H5CO 263.1 13.58 34.85 0.9929
60, C2D2H4CO 250.4 9.17 23.53 0.9817
61, C2D3H3CO 229.5 4.32 11.09 0.9774
62, C2D4H2CO 208.1 1.44 3.70 0.9641
64, C2D6H0CO - <0.25 <0.64 -∑ ∫

I(m/z) ~38.97 ~100 -
CH3

13COOH
(CH3)2

13CO 255.7 ~37.30 ~100 0.9955
CH3COOH

(CH3)2CO 256.4 ~36.79 ~100 0.9912
a The coefficient of determination.

 

 

Figure 5. TPD curves for the molecular ion of acetone with m/z = 58, molecular ion of 13C-labeled
acetone with m/z = 59, molecular ion of CO2 with m/z = 44, molecular ion of 13CO2 with m/z = 45, ion of
H3O+ with m/z = 19, fragment ion of deuterated water HDO with m/z = 19 and fragment ion of water
with m/z = 17 were obtained during the pyrolysis of CH3COOH (A); CD3COOH (B); CH3

13COOH (C)
on the hCeSi surface.

The maximum yield is observed for monodeuterated acetone with m/z = 59, (Figures 3A, 4B
and 5A). The increase in the number of deuterium atoms decreases the yield of the isotopomer.
Unfortunately, we were unable to estimate the amount of fully deuterated (m/z = 64, C2D6H0CO) and
mono-deuterated acetone (m/z = 63, C2D5H1CO) because their molecular weights are equal to the
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molecular weights of the molecular ions CD3CO2D and CD3CO2H, respectively. As a consequence,
overlapping of the peaks of these isotopomers of acetone (C2D6H0CO and C2D5H1CO) with desorption
peaks of physically adsorbed CD3CO2D and CD3CO2H acid molecules could occur.

It is most likely that the H/D isotope exchange on the surface and the ketonization reaction are two
independent processes that are not related to each other. It seems that isotopic exchange easily proceeds
on the oxide surface at temperatures much lower than a temperature at the start of ketonization. The
adsorption layer of isotopomers of surface acetates –O-C(=O)-CDnH3-n with a different percentage
distribution is formed in the isotopic exchange result, which is due to the efficiency of H/D exchange
on the surface of a particular oxide. The efficiency of H/D exchange depends on the nature of the oxide
surface. Based on the experimental data obtained, it can be said that on the surface of CeO2/SiO2,
the H/D exchange starts at a quite low temperature ≤150 ◦C (Figure 3A,B). This process can likely
proceed very easy through the tunneling mechanism, or through an enolization (see Scheme 2). H/D
exchange was observed by Kozhevnikov et al. as a result of the exchange between surface acetates and
the Brønsted acid sites [39].

Upon further heating, these exchanged deuterium atoms are desorbed in the form of deuterated
water molecules DHO (m/z = 19) and D2O (m/z = 20) as a result of dehydration of surface, (Figures 3B
and 5B). The differences in the processes of water desorption during the pyrolysis of isotope-labeled
and nonlabeled acetic acids are clearly seen in Figure 5A–C.

2.4.2. Study of the Magnitude and the Origin of DKIE

We assume that initially an adsorption layer from the surface complexes of acetic acid isotopomers
DnH3-nCOOH is formed on the surface as a result of the H–D exchange. Their percentage distribution
is due to the amount and strength of the surface active centers on which the H/D exchange occurs.
Furthermore, these surface complexes of acetic acid isotopomers DnH3-nCOOH are transformed upon
heating. As a result of ketonization, seven isotopomers and three isomers of isotope-labeled acetone
can be formed: m/z = 64, 63, 62 (2 isomers), 61 (2 isomers), 60 (2 isomers), 59 and 58 (Scheme 4). The
same value of the rate of formation of various isotopomers and accordingly, the same value of the
primary DKIE, should be observed if the “beta-ketoacid” mechanism works.

 

Scheme 4. The possible mechanism of deuterated acetic acid ketonization into the acetone isotopomers
involves the simultaneous carbon–carbon bond and carbon dioxide formations in one single step.
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Interestingly, the TPD peaks for the isotopomers of acetone were observed at different temperatures
of the maximum desorption rate (Tmax) on the CeO2/SiO2 surface (see Figures 3 and 4, Table 3). Most
importantly, TPD peaks are shifted to higher temperatures with an increase in the numbers of H-atoms
in a molecule of an isotopomer. As was shown earlier in the work performed by Leardini with
co-authors, this may indicate the presence of an inverse isotope effect [69]. Determination of the
exact value of the isotopic effect is a difficult experimental and calculation problem [42,69]. However,
establishing even the type of isotope effect—primary, secondary or inverse—can play a key role in
determining the reaction mechanism.

Therefore, we decided to use the modified Taft equation for the DKIE calculation. This equation
was earlier proposed in the work of one of the coauthors [43] to study the mechanisms of catalytic
reactions using the TPD-MS data:

lgk/ko = lg(B/2.3lgB)·ΔTmax/To max (3)

After some manipulation, we obtain the simple equations for the elucidation of KIE values from
TPD-MS data:

KIE = k/ko = 10lg(B/2.3lgB)·ΔTmax/To max (4)

DKIE = k(H)/k(D) = 10lg(B/2.3lgB)·(Tmax(D)-Tmax(H))/Tmax(D) (5)

The calculating kinetic parameters of ketonization reaction of CD3COOH, CH3COOH and
CH3

13COOH on the hCeSi surface showed that the pre-exponential factors have close values within
the limits of the same order ~109 as in the cause of reaction series of carboxylic acids on the lCeSi
surface (Table 4). This result allows using Equation (5) for calculation of DKIE of formation of acetone
isotopomers from deuterated acetic acid in comparison with formation acetone from nonlabeled
acetic acid.

Table 4. Kinetic parameters (temperature of the maximum desorption rate Tmax, reaction order
n, activation energy E�, pre-exponential factor ν0 and activation entropy dS�) of ketonization of
CD3COOH, CH3

13COOH and CH3COOH on the hCeSi surface; the deuterium kinetic isotope effect
(k(H)/k(D) obtained using the suggested Equation (5).

m/z, Isotopomer of
Acetone

Tmax, ◦C k(H)/k(D) n E�, kJ
mol−1 ν0, s−1 dS�, cal

K−1 mol−1
D±, % R2 a E� b, kJ

mol−1

CD3COOH

58, C2D0H6CO 269.9 - 1 125 5.1 × 109 −15 11 0.908 120.3
2 225 8.3 × 1019 31 24 0.854 -

59, C2D1H5CO 263.1 1.3951
1 116 1.1 × 109 −17 3 0.959 118.7
2 168 3.1 × 1019 6 8 0.901 -

60, C2D2H4CO 250.4 0.7368
1 118 3.8 × 109 −16 4 0.973 116.2
2 240 2.3 × 1022 45 30 0.922 -

61, C2D3H3CO 229.5 0.2402 1 - - - - - 111.2
62, C2D4H2CO 208.1 0.0689 1 - - - - - 106.4

CH3
13COOH

59, CH3
13COCH3 255.7 - 1 117 1.8 × 109 −17 7 0.960 117.0

2 204 2.5 × 1018 25 11 0.906 -
CH3COOH

58, CH3COCH3 256.4 - 1 122 5.4 × 109 −15 6 0.963 117.2
2 220 1.1 × 1020 32 13 0.900 -

a The coefficient of determination. b E� = ln(B/lnB)RTmax .

We calculated the isotope effect for isotopomers from one to four deuterium atoms in a molecule
(Table 4). The reaction rate constant of formation of the deuterated d4-ketone in ~14.5-fold is larger
than the reaction rate constant of the formation of nonlabeled ketone from nonlabeled CH3COOH.
In addition, based on the fact that the Tmax of acetone formation from CH3

13COOH is rather close to
Tmax of acetone formation from CH3COOH, it can be concluded that KIE = k(12C)/k(13C) is about ~1
(Table 4 and Figure 5).
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The obtained values of inverse DKIE for C2D2H4CO (m/z = 60), C2D3H3CO (m/z = 61),
and C2D4H2CO (m/z = 62) isotopomers formation confirm the concerted mechanism (Table 4). It is
known that inverse DKIE is observed for a mechanism involving concerted bonds reorganization in the
cyclic TS—for example, the Cope rearrangement [42,70,71]. The reason for this is that the compacting
of the cyclic TS is the most important condition and a requirement for this type of reaction. Moreover,
the different values of inverse DKIE confirm participating of all deuterium/protium atoms in the cyclic
TS. As such, it has been suggested that the concerted mechanism involves the simultaneous single-step
formation of a carbon–carbon bond and carbon dioxide release (Scheme 4).

The smaller size of the deuterium atom facilitates the achievement of the planar cyclic TS,
in which the synchronous reorganization of bonds can occur easily only due to electron transfer,
Scheme 4. Most likely, the reaction is realized in a single surface complex in which two acid
residues are monodentate-bonded to two cerium atoms or one cerium atom. Ding and coauthors,
by using the in situ Diffuse reflectance infrared Fourier transform spectroscopy (DRIFTS), showed
that monodentate carboxylates are much more active then bidentate species during ketonization over
ZrO2-based catalysts [37]. It is known that the deuterium atom is ~15% smaller than the protium
atom. Replacement of each next atom of protium by deuterium leads to a decrease in the volume
of the TS and, correspondingly, to an increase in the reaction rate and to a decrease in the activation
energy. We calculated the activation energies of acetone isotopomers formation by using Equation
(1) (Table 4). In point of fact, we can see that an increase in the number of deuterium atoms in the
isotopomer molecules lead to a decrease in the activation energy of ketonization. This explains the
presence of different isotope effects during the formation of acetone isotopomers.

3. Materials and Methods

3.1. Materials

The research was carried out for a deuterated acetic acid D3CCOOD (Sigma-Aldrich, St.Louis, USA,
>99.5 atom %D), 13C-labeled acetic acid H3C13COOH (Sigma–Aldrich, St.Louis, USA, 99 atom %13C),
and a reaction series of aliphatic carboxylic acids CnH2nCOOH (n = 1–9): acetic (Merck, Schuchardt,
Germany, 99.7%), propionic (Merck, 99.5%), butyric (Merck, Schuchardt, Germany, 99.5%), isobutyric
(Merck, Schuchardt, Germany, 99.5%), valeric (Merck, Schuchardt, Germany, 99.5%), hexanoic (Merck,
Schuchardt, Germany, 99.5%), heptanoic (Merck, Schuchardt, Germany, 99.5%), octanoic (Merck,
Schuchardt, Germany, 99.5%), nonanoic (Merck, Schuchardt, Germany, 99.5%), decanoic (Merck,
Schuchardt, Germany, 99.5%), and pivalic (Fluka, 99.5%). Nonporous nanocomposites CeO2/SiO2

with low amount of CeO2—lCeSi and with higher amount of CeO2—hCeSi were prepared by using
powdery fumed silica and cerium (III) acetylacetonate (Sigma-Aldrich). The modification of silica with
cerium acetylacetonate and the characterization of obtained CeO2/SiO2 oxides using X-ray diffraction
XRD and low-temperature Ar adsorption/desorption were described previously [72] (Table 5).

Table 5. Characteristics of CeO2/SiO2 catalysts: specific surface area, amount and crystal size of CeO2.

Catalysts 1 Sa, m2g−1 Amount of CeO2,% dav,nm

lCeSi 230 12.3 5
hCeSi 212 18.3 5

1 Catalysts preparation and characterization were described previously by Borysenko et al. [72].

Samples of aliphatic carboxylic acids on the surfaces of the nanosized oxides with loadings of
0.6 mmol g−1 were obtained by impregnation. In a typical sample preparation session, 1 g of oxide was
gradually mixed with 25 mL of a solution of acid. The samples were then aged at room temperature
for 24 h, dried and stored in a desiccator until its use in the TPD-MS experiment. Ethanol solutions
were used to prepare samples of reaction series of aliphatic carboxylic acids C2–C10 on the lCeSi
surface. Aqueous solutions were used to prepare samples of deuterated acetic acid, nonlabeled acetic
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acid and 13C-labeled acetic acid on the hCeSi surface. Due to the fact that the deuterium atom of
the hydroxyl group of the acid is subjected to very fast H/D exchange in aqueous solutions; in fact,
the impregnation was performed with d3-acetic acid (D3CCOOH). This is what we wanted to achieve,
in order to eliminate the distortion of the results due to the rapid exchange of acidic hydrogen atoms of
the carboxyl group.

3.2. Temperature-Programmed Desorption Mass Spectrometry and Kinetic Parameters

The experiments were performed in an electron ionization MKh-7304A monopole mass
spectrometer (Sumy, Ukraine) adapted for temperature-programmed desorption [33]. Sample weighing
~10 mg was first placed in a molybdenum-quartz ampule (5.4 mm in diameter, 20 cm in length, and 12 mL
in volume) and evacuating to ~5 × 10−5 Pa at ~20 ◦C. For all measurements, the molybdenum-quartz
ampule was filled to only approximately <<1/16 of the full volume to limit interparticle-diffusion
effects [43]. All TPD measurements were carried out by heating the samples to ~750 ◦C at a constant
rate of 0.17 ◦C s−1 using a programmed linear heating schedule (dT/dt = b, in which b is the heating rate).
The mass spectra and the P/T curves (pressure-temperature curves; P, the pressure of volatile pyrolysis
products; T, the temperature of samples) were recorded and analyzed using a computer-based data
acquisition and processing setup. The pressure of volatile pyrolysis products was measured with a
pressure vacuum gauge VMB-14. The mass spectra were recorded for a mass range of 1–210 amu. The
kinetic parameters (temperature of the maximum desorption rate Tmax, reaction order n, activation
energy E�, pre-exponential factor ν0 and activation entropy dS�) were calculated from the well-resolved
TPD peaks for which the shape and position on the temperature scale were repeated with good
resolution in several measurements. The procedure of obtaining kinetic parameters from TPD-MS data
and full details of this equipment has been extensively described elsewhere [43].

4. Conclusions

In this study, the applicability of TPD-MS together with LFERs for the elucidation of the mechanism
of catalytic pyrolysis of carboxylic acids into ketones over CeO2/SiO2 was investigated. The kinetic
parameters of catalytic pyrolysis of CnH2nCOOH (n = 1–9), CD3COOH, and CH3

13COOH into ketones
were calculated and analyzed. On their bases, the structure–reactivity correlation between Taft’s steric
substituent constants Es* and activation energies of catalytic ketonization for the reaction series of fatty
acids on the surface of nanosized CeO2/SiO2 was obtained. This correlation shows that ketonization
is a sterically sensitive reaction. The study of the pyrolysis kinetics of deuterated acetic acid on the
CeO2/SiO2 surface showed that H/D exchange starts at low temperature, <150 ◦C, and led to the
formation layer of surface acetates isotopomers —O-C(=O)-CDnH3-n. It seems that H–D exchange
on the surface and the ketonization are two independent processes and isotopic exchange proceeds
easily at temperatures lower than the temperature of the start of ketonization reaction. Surface acetates
during heating transform into deuterated acetone isotopomers with different yield, Tmax, rate, E�,
and DKIE. Activation energy and DKIE decrease with increasing of D-atoms number in the acetone
isotopomer molecule. The obtained values of inverse DKIE do not confirm enolization as a rate-limiting
step of ketonization over CeO2/SiO2. Moreover, the obtained values of inverse DKIE together with
the structure–reactivity correlation support the concerted mechanism involving the synchronous
reorganization of bonds in the cyclic TS. A proposed simple equation (5) can be a useful tool for
the elucidation of KIE values from TPD-MS data. Its applicability has been demonstrated on this
experimental data.

Supplementary Materials: The following are available online at http://www.mdpi.com/2073-4344/10/2/179/s1,
Figures S1–S5: Fitting of the TPD peaks for the molecular ion of acetone isotopomer with m/z = 58–62 obtained
during the pyrolysis of isotopic-labeled acetic acid CD3COOH on the hCeSi surface (0.6 mmol·g−1). Figure S6:
Fitting of the TPD peak for the molecular ion of acetone obtained during the pyrolysis of nonlabeled acetic acid
CH3COOH on the hCeSi surface (0.6 mmol·g−1). Figure S7: Fitting of the TPD peak for the molecular ion of acetone
obtained during the pyrolysis of isotopic-labeled acetic acid CH3

13COOH on the hCeSi surface (0.6 mmol·g−1).
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