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Preface to ”Catalytic Conversion of Energy Resources

into High Value-Added Products”

Catalysis is involved in a large number of industrial processes for the production of chemicals, 
pharmaceuticals, fuels, and the cleaning or suppression of environmental pollutants. More than 90%

of the chemical processes used in industry use catalysts, with heterogeneous catalysts being the most 
used (80%). Although the global market for catalysts is important per se, the greatest impact of 
catalysts comes from the value generated by the chemicals and fuels they produce.

The growing concern about the massive use of fossil fuels and its effect on climate change has 
encouraged research in the development of technologies related to a more efficient use of energy 
resources. Scientific advances in this area of knowledge are therefore essential to meet the challenges 
related to global warming and the finite nature of fossil fuels. Therefore, the development of active, 
selective and energy efficient heterogeneous catalytic processes is of paramount importance for the 
production of high-value-added products from energy resources in a more sustainable manner.

In this Special Issue of Energies, we collect some of the latest progress in the development of 
cleaner, more efficient processes for the conversion of these feedstocks into valuable fuels, chemicals 
and energy. A total of 8 high-quality papers focused on different catalytic systems are showcased. 
Most of the works are focused on the conversion of biomass related materials which clearly reflects 
the paramount importance that the biorefinery concept will play in the years to come.

The novelty and contributions of these papers are briefly summarized in the next paragraphs. 
Ramirez-Reina et al address the upgrading of biogas, a gaseous mixture of methane and carbon 

dioxide produced by the anaerobic digestion of biodegradable matter, via dry reforming into high 
value syngas using nickel-based catalysts. The novelty of this work lies on the use of multicomponent 
Ni-Sn/CeO2-Al2O3 catalyst and the optimization of the process conditions, namely temperature and 
biogas composition. When compared towards a benchmark catalyst, the multicomponent catalyst 
achieved similar conversion and benefited from greater coke resistance, confirming the promotion 
effect of both tin and ceria.

One of the most critical technical challenges in biomass gasification is the tars formation, which 
can cause serious risks to downstream equipment. Therefore, tars should be removed from the 
biomass gasification effluent stream. In the contribution by Millan et al, a commercial Ni/Al2O3 

catalyst was used to determine the optimum conditions of the steam reforming of toluene, used as tar 
model compound. Thus, the influence of reforming temperature, steam to carbon molar ratio (S/C) 
and gas hourly space velocity (GHSV) on the toluene reforming performance was thoroughly studied.

These process parameters are considered key to fine-tune the reaction and maximize the overall 
performance. A temperature of 800 ºC, GHSV of 61,200 h-1

 and S/C ratio of 3 provided the most 
suitable reaction conditions for toluene conversion and H2 production in steam reforming of toluene. 
Under these optimized conditions, a steady state of toluene conversion over 94% and a H2 production 
of 141.6 mol/mol toluene with no obvious deactivation observed in five-hour test was obtained.

Biofuels can be obtained through thermochemical routes based on the pyrolysis of biomass 
wastes and subsequent catalytic conditioning to reduce the oxygen content, a topic brilliantly 
addressed by Garcı́a et al. Firstly, a two-step catalytic process (in-situ catalytic pyrolysis using CaO 
followed by a catalytic cracking of the vapours released using ZSM-5 zeolites) was used to directly 
obtain an upgraded bio-oil with an oxygen content of 16.4 wt.%. The resulting bio-oil was mixed 
with ethanol and gasoline in a 2/8/90 vol% ratio, and its behavior was studied in a stationary spark
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ignition engine, showing similar fuel consumption than pure gasoline at the same engine conditions.

Additional benefits from gasoline blending with bio-oil and ethanol were a reduction in both the

PAH and the carcinogenic equivalent concentrations, thus decreasing the environmental impact of

the exhaust gases.

A different strategy for bio-oil upgrading based on the hydrodeoxygenation (HDO) reaction

was used in the contribution of Suelves et al. In this work, a series of different carbon materials

(namely, carbon nanofibers, carbon nanotubes, graphene oxide and activated carbons) were used as

support for the preparation of Mo2C based catalyst via carbothermal hydrogen reduction (CHR).

The differences in the catalyst characteristics and their catalytic behavior were addressed using

guaiacol, an aromatic model compound of fast pyrolysis bio-oils. Mo2C catalyst supported on

carbon nanofibers showed the best catalytic activity, with the highest selectivity to oxygen-free HDO

products and guaiacol conversion as compared with other carbon-supported catalyst tested. This

performance was related to its higher gasification resistance, good Mo2C dispersion and crystal

formation in CHR, which makes it the most suitable carbon material support for Mo2C-based

catalysts, paving the way for the deployment of HDO bio-oil upgrading technologies.

The use of novel catalyst to produce valuable chemicals from renewable resources is addressed

in the three following contributions. Thus, Solsona et al studied the catalytic synthesis of

γ-Valerolactone (GVL), a valuable chemical that can be used as a clean additive for automotive fuels,

via dehydration and hydrogenation of levulinic acid, a biomass derived compound. A series of

natural and low-cost clay-materials were used as Ni support. Different strategies aiming to avoid

the addition of pressurized H2 were pursued, such as the use of Zn in the aqueous media and

the addition of an H2 donor molecule (formic acid). Best results were obtained using Zn in the

reaction media at 180º C and Ni supported on attapulgite or on a high surface area sepiolite as

catalysts, leading to γ-valerolactone yields higher than 98%. The cellulose conversion into sorbitol

via hydrolytic hydrogenation was addressed by Román–Martı́nez et al using mesoporous activated

carbon supported Ru catalysts. Although a positive effect of a large amount of acidic oxygen

surface groups was foreseen, such groups promoted the formation of by-products, and lower the

sorbitol selectivity.

Therefore, highest sorbitol selectivity (91%) at 52% cellulose conversion was obtained under

relatively mild reaction conditions with the pristine commercial mesoporous AC without further

treatment. Another approach was used by Taylor et al to convert glycerol, a byproduct of biodiesel

synthesis, into methanol and other useful chemicals, in a one-step low pressure process without

the addition of hydrogen gas. A careful analysis of the process conditions was carried out and the

influence of the surface area of CeO2 as redox catalysts on their performance for glycerol conversion

was addressed. The importance of the morphology of the catalyst and its impact on the of the

reactivity of glycerol and its intermediates was proposed.

The last contribution of this special issue focused on the prospects of obtaining high quality

hydrochar from red jujube branch, a by-product jujube industry, via hydrothermal carbonization.

The hydrochar synthesis was optimized in terms of carbonization temperature and solid residence

time, resulting in a material with very interesting properties as solid biofuel.

In conclusion, the papers collected in this Special Issue provide a very comprehensive snapshot

about some of the most interesting trends in the catalysis area, such as the use of carbon supported

catalyst, nickel as a replacement of noble metal and ceria as redox material. It is striking that most

of the work here published are focused on the transformation of biomass derived molecules, clearly
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reflecting the enormous deal of attention that the technologies related to the development of the

catalytic process in the context of biorefinery is gaining in the last years. This gives also a glimpse

of the promising prospects of the catalysis in the area of biomass conversion technologies. We hope

that all the reader enjoys these outstanding collections provided by our colleagues from some of the

most prestigious research centers and universities wordwide, as we did as editing this special issue.

Of course, all our gratitude for their outstanding work and implication. Special thanks to Ms. Vickie

Zhang and Ms. Sally Xu for all their support during the edition of this special issue and its reprint as

book format.

José Luis Pinilla, Isabel Suelves, Tomás Garcı́a

Editors
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Abstract: Biogas is a renewable, as well as abundant, fuel source which can be utilised in the
production of heat and electricity as an alternative to fossil fuels. Biogas can additionally be
upgraded via the dry reforming reactions into high value syngas. Nickel-based catalysts are well
studied for this purpose but have shown little resilience to deactivation caused by carbon deposition.
The use of bi-metallic formulations, as well as the introduction of promoters, are hence required to
improve catalytic performance. In this study, the effect of varying compositions of model biogas
(CH4/CO2 mixtures) on a promising multicomponent Ni-Sn/CeO2-Al2O3 catalyst was investigated.
For intermediate temperatures (650 ◦C), the catalyst displayed good levels of conversions in a
surrogate sewage biogas (CH4/CO2 molar ratio of 1.5). Little deactivation was observed over a
20 h stability run, and greater coke resistance was achieved, related to a reference catalyst. Hence,
this research confirms that biogas can suitably be used to generate H2-rich syngas at intermediate
temperatures provided a suitable catalyst is employed in the reaction.

Keywords: biogas; syngas production; DRM; Ni catalyst; bi-metallic catalyst; ceria-alumina

1. Introduction

Rising greenhouse gas (GHG) emissions and the associated global warming threat are some of
the largest challenges facing the world today. The energy sector alone accounts for two-thirds of total
greenhouse gas emissions, and around 80% of carbon dioxide emissions [1]. The majority of CO2

emissions are produced from the combustion of fossil fuels for the generation of energy, and from other
industrial processes. With global energy demand growing rapidly, the need for the decarbonisation of
the energy industry has never been greater. Although CO2 is the primary greenhouse gas emitted, the
detrimental impact of releasing methane, with a global warming potential (GWP) of 25 [2], into the
atmosphere should not be underestimated.

In recent years, more efforts have been made by national governments to implement GHG
mitigating processes and technologies, such as carbon capture and storage. However, there is still
much to be done to meet the target agreed on by ‘The Paris Agreement’ of limiting the global average
temperature to below 2 ◦C above pre-industrial levels. Therefore, it is crucial to redirect the global
focus from fossil fuels to renewable energy sources in order to minimise the destructive effects of
climate change.

Biogas is one possible source of renewable energy and is commonly referred to as a gaseous
mixture of methane and carbon dioxide produced by the anaerobic digestion of biodegradable matter.
Typical feedstocks for biogas are waste materials, such as municipal waste, sewage sludge and
agricultural waste. Other components present in biogas include water vapour, nitrogen and hydrogen

Energies 2019, 12, 1007; doi:10.3390/en12061007 www.mdpi.com/journal/energies1
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sulphide. However, the actual composition, as well as the CH4/CO2 ratio, differs depending on the
type of feedstock and the digestion process used [3]. Although biogas is the main renewable energy
source contributing to the global energy supply [4], technical challenges still prevent it from being
fully utilised for the generation of electricity.

Alternatively, biogas can be converted into high value syngas, a gaseous mixture of carbon
monoxide and hydrogen, via the dry reforming of methane (DRM), as shown in Equation (1).

CH4 + CO2 ↔ 2CO + 2H2 ΔH298K = +247 kJ/mol (1)

Syngas is an extremely useful intermediate as it is used as a precursor to synthesise valuable
fuels and chemicals such as methanol, as well as long chained hydrocarbons via the Fischer–Tropsch
process [5,6]. Furthermore, syngas has been suggested as a feed gas to high temperature solid oxide
fuel cells (SOFCs) with either internal or external reforming to generate electricity [7–9]. Figure 1
illustrates the opportunity to generate renewable energy from organic waste by combining anaerobic
digestion with DRM and SOFCs. The high operating temperatures of SOFCs makes direct internal
reforming feasible. However, the direct use of biogas in SOFCs is still associated with carbon deposition
and sulphur poisoning in the fuel cell anode, which weakens cell durability and causes loss of cell
performance [10].

Figure 1. Block flow diagram illustrating the potential of utilising organic waste to generate ‘green energy’.

Due to the endothermic nature of the dry reforming reaction and the high stability of the reactants,
high reaction temperatures and a stable catalyst are required to achieve high syngas yields [11].
However, high reaction temperatures often lead to the deactivation of the catalyst. Deactivation
is caused by either solid carbon deposition forming on the catalyst, which physically blocks the
active metal phase and is known as coking, or through sintering of the catalyst active phase at high
temperatures. There are a number of side reactions which are responsible for the formation of carbon,
and hence negatively affect the performance of the catalyst. In dry reforming, carbon is most commonly
produced by the Boudouard reaction, as shown in Equation (2), methane decomposition, as shown in
Equation (3) as well as carbon monoxide reduction, as shown in Equation (4).

2CO ↔ C + CO2 ΔH◦
298 = −171 kJ mol−1 (2)

CH4 ↔ C + 2H2 ΔH◦
298 = 75 kJ mol−1 (3)

CO + H2 ↔ C + H2O ΔH◦
298 = −131 kJ mol−1 (4)

Therefore, an effective dry reforming catalyst needs to be thermally stable in order to be resistant
to coking and sintering, whilst yielding optimal conversions. Additionally, it must be economically
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viable so that it can be cost effectively scaled-up for industrial applications. All these factors are heavily
dependent on the selected active metal, as well as the properties of the support and/or promoter [5].

Nickel-based materials are widely regarded as effective catalysts for the dry reforming of methane
as they display good activity and respectable conversions [12]. However, the main drawback of
Ni-based catalysts is that they suffer from quick deactivation as a result of carbon deposition and an
inclination to sintering. Noble metal-based catalysts are frequently cited as a superior alternative due
to greater stability and higher resilience to coking. Catalysts based on Ru and Rh in particular show
higher activity compared to nickel [13]. Despite this, noble metal catalysts are far more expensive
and have limited availability in comparison to Ni-based ones and are therefore unfeasible for use in
industrial applications.

In order to develop a stable, high performing nickel-based catalyst, the material is often upgraded
using an appropriate support or adding a promoter. Alumina (Al2O3)-based supports have been
thoroughly investigated due to their high specific area which improves metal dispersion [14]. Yet
implementing alumina as a support is still associated with catalyst deactivation, caused mainly by
coke formation on the acid sites [14]. To combat this problem, basic promoters such as ceria (CeO2)
can be used to stabilise the support. It has been shown that Ni catalysts supported on CeO2-Al2O3

systems showed far better performance than either CeO2 or Al2O3 supported nickel catalysts [15].
Indeed, ceria not only tunes the acid/base properties of the support but also provides excellent oxygen
mobility (due to its high oxygen storage capacity), thus helping to prevent coking via oxidation of the
coke precursors [16].

Moreover, bi-metallic systems can further enhance catalytic performance; the addition of a second
metal has shown to improve the activity, as well as the stability of the catalyst [17–19]. It is believed
that this is related to the metal–metal interactions which reduce the electron donor capacity of the
active metal, limiting its tendency to form strong bonds with carbon precursors [20,21]. As recently
demonstrated by Stroud et al., bi-metallic Ni-Sn supported Al2O3 and CeO2-Al2O3 catalysts can
effectively generate good conversions for DRM whilst exhibiting high stability [16]. The positive effect
of Sn as an added metal to Ni was further investigated by Guharoy et al. in a DFT study concluding
that the beneficial effect of tin is credited to Sn atoms occupying C nucleation sites in the vicinity on Ni
atoms, slowing coke formation (i.e., increasing the energy barrier for coke nucleation) [22].

Under these premises, the aim of this work is to investigate the performance of an optimised
multicomponent Ni-Sn/CeO2-Al2O3 catalyst for the production of syngas from a biogas feed via the
dry reforming of methane. The impact of the type of biogas and more precisely its origin (i.e., sewage,
municipal waste, landfill and organic waste) is also a subject of this study which aims to showcase a
suitable upgrading route for different types of biogases via reforming reactions.

2. Materials and Methods

2.1. Catalyst Preparation

The Ni-Sn/CeO2-Al2O3 catalyst was synthesised by sequential impregnation. First, the
ceria promoted support was prepared by impregnation of the correct amount of Ce(NO3)2·6H2O
(Sigma-Aldrich) on γ-Al2O3 powder (Sasol) in order to obtain a 20 wt % loading of CeO2. After
1 h of stirring, the solvent, acetone, was evaporated at reduced pressure in a rotary evaporator.
The resulting powder was dried overnight at 80 ◦C and calcined at 800 ◦C for 4 h. The support was
then impregnated in the same way with the necessary amount of Ni(NO3)2·6H2O (Sigma-Aldrich)
dissolved in acetone, to achieve a 10 wt % metal loading. Lastly, the obtained solid was impregnated
with SnCl2 (Sigma-Aldrich) following the same procedure to achieve a Sn/Ni molar ratio of 0.02.
This ratio was chosen based on previous work [16]. For simplicity the catalyst will be referred to as
Ni-Sn/CeAl from here on.

3



Energies 2019, 12, 1007

2.2. Catalyst Characterisation

N2-adsorption-desorption analysis was performed in a QuadraSorb Station 4 at liquid nitrogen
temperature. Prior to the analysis, the catalyst was degassed at 250 ◦C for 4 h in vacuum. The surface
area was calculated from the Brunauer–Emmett–Teller (BET) equation.

X-ray fluorescence (XRF) analysis of the catalyst was carried out on an EDAX Eagle III
spectrophotometer using rhodium as the radiation source.

X-ray diffraction (XRD) analysis was conducted on fresh and spent samples using an X’Pert
Powder instrument from PANalytical. The diffraction patterns were recorded over a 2θ range of 10
to 90◦. A step size of 0.05◦ was used with a time step of 450 s. Diffraction patterns were recorded at
30 mA and 40 kV, using Cu Kα radiation (λ = 0.154 nm).

Temperature-programmed reduction (TPR) in hydrogen was carried out on the calcined sample
in a U-shaped quartz cell using a 5% H2/He gas flow of 50 mL·min−1, with a heating rate of 10 ◦C
min−1. Prior to analysis the catalyst was treated with He at 150 ◦C for 1 h. Hydrogen consumption
was measured by on-line mass spectrometry (Pfeiffer, OmniStar GSD 301).

Thermogravimetric analysis (DSC-TGA) was carried out on the samples post stability test in an
SDT Q600 V8 from TA Instruments. The samples were ramped from room temperature to 900 ◦C at
10 ◦C min−1 in air.

2.3. Catalytic Activity

The catalytic performance for the dry reforming of methane at varying compositions of model
biogas (CH4 and CO2) was carried out in a continuous flow quartz tube reactor (10 mm ID) equipped
with a thermocouple, at atmospheric pressure. Reactants and products were followed by an on-line
gas analyser (ABB AO2020). In order to achieve a weight hourly space velocity (WHSVs) of 30 L g−1

h−1, a mass of 0.2 g of catalyst was used for each screening. All samples were pre-reduced in situ using
100 mL·min−1 of 10% H2 in N2 at 850 ◦C for 1 h.

Reactions were conducted using a total flow of 100 mL·min−1 of varying biogas compositions
for temperatures ranging from 550 to 850 ◦C in 50 ◦C increments. The catalytic performance was
measured for CH4/CO2 molar ratios of 1, 1.25, 1.5 and 1.85 balanced in N2. These ratios were carefully
chosen in order to model DRM of biogas produced from a range of residues [23]. Table 1 lists the types
of biogas source, as well as the corresponding CH4 and CO2 content, being modelled by the specific
CH4/CO2 molar ratio selected for each reaction.

Table 1. List of biogas sources and the corresponding methane and carbon dioxide content, and the
resulting CH4/CO2 molar ratio. Adapted from Lau et al. [23].

Biogas Source CH4 Content (%) CO2 Content (%) CH4/CO2 Molar Ratio

Model Composition 50 50 1:1
Landfill Waste 55 45 1.25
Sewage Waste 60 40 1.5
Organic Waste 65 35 1.85

Lastly, stability tests were carried out on Ni-Sn/CeAl and a reference nickel on alumina with the
same Ni loading (Ni/Al) catalyst using CH4/CO2 molar ratio of 1 and 1.5 and a temperature of 650
◦C for 20 h. The low temperature was chosen in order to simulate a syngas suitable for direct use
in intermediate temperature SOFCs aiming for the hypothetical utilisation of biogas in an internal
reforming SOFC.

Conversions of the reactants, as well as the H2/CO ratio and H2 yields, were calculated for each
run to determine the effect of varying the biogas composition on the performance of the catalyst
as follows:

XCH4(%) = 100 ∗ [CH4]In − [CH4]Out
[CH4]In

(5)
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XCO2(%) = 100 ∗ [CO2]In − [CO2]Out
[CO2]Out

(6)

H2/COratio =
[H2]Out
[CO]Out

(7)

YH2(%) = 100 ∗ [H2]Out
2[CH4]In

(8)

3. Results and Discussion

3.1. Physicochemical Properties

The N2 adsorption-desorption isotherm of the calcined catalyst is shown in Figure 2. The analysis
generated a type IV isotherm with a characteristic hysteresis loop, which is associated with the presence
of well-developed cylindrical mesopores. The steepness of the loop suggests that the mesopores were
homogeneously distributed throughout the structure of the sample [24].

Figure 2. Nitrogen adsorption-desorption isotherm of Ni-Sn/CeAl sample.

The surface area, calculated using the BET method, the total pore volume and the average pore
diameter of the calcined catalyst are listed in Table 2 along with its elemental composition determined
by XRF. Although the textural properties were primarily governed by the γ-Al2O3 support, the surface
area and pore volume measured were smaller than that of the support itself due to CeO2 and Ni
particles present on the surface and covering the pores [25]. The metal content of the obtained catalyst
was very close to the intended value.

Table 2. Textural properties of Ni-Sn/CeAl post calcination as determined by the Brunauer–Emmett–
Teller (BET) equation and X-ray fluorescence (XRF) analysis.

NiO wt % Sn wt % SBet (m2·g−1) VPore (cm3·g−1) DPore (nm)

Ni-Sn/CeAl 10.3 1.3 103 0.31 8.3

CeAl - - 130 0.34 9.6

3.2. Reducibility: H2-TPR

The temperature programmed reduction was conducted in order investigate the interactions
between the support and metallic species, as well as the redox properties of the catalyst which are
essential for DRM [5]. Figure 3 shows the H2-TPR profile of the calcined catalyst. The Ni-Sn/CeAl
sample presents a main reduction peak at around 820 ◦C. This high reduction temperature is attributed
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to the reduction of Ni2+ to Ni, strongly interacting with the alumina support. The high reduction
temperature may indicate the presence of NiAl2O4 spinel, which is difficult to reduce and is associated
with high reduction temperatures of 600–870 ◦C [16,26]. It appears that a second reduction process
occurs at 900 ◦C, possibly due to the reduction of CeO2 and Al2O3 to CeAlO3, in good agreement with
the XRD results that will be discussed later in the paper [27,28].

Figure 3. H2-TPR profile of Ni-Sn/CeAl.

3.3. XRD

The structural properties of the Ni-Sn/CeAl catalyst after calcination (fresh) and after reduction
under H2 at 850 ◦C for 1 hour were determined and the XRD profiles are shown in Figure 4. The fresh
catalyst profile shows no presence of characteristic crystalline peaks associated to Sn or SnOx due
to the low amount used, metallic nickel (Ni0) or oxidised nickel (NiO) species. The profile presents,
however, peaks related to γ-Al2O3 (JCPDS# 00-048-0367) and NiAl2O4 (JCPDS# 00-010-0339). Although
γ-Al2O3 and NiAl2O4 phases are hardly distinguishable due to their broad and overlapping diffraction
peaks, the formation of nickel aluminate spinel (NiAl2O4) can be identified due to the slight shifts
towards smaller angles of three strong diffraction peaks associated with γ-Al2O3: at 2θ 37.0◦, 45.5◦

and 66.3◦ [27]. Indeed, the nickel aluminate spinel can be formed at high calcination temperature
(800 ◦C) via the reaction between NiO and Al2O3. Additionally, for the full formation of aluminate
spinel, a Ni loading of around 33 wt % is necessary [29], therefore, since the Ni loading in this sample
was much lower it is most likely that NiAl2O4 spinel co-exists with Ni nanoparticles supported on the
γ-Al2O3 support.
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Figure 4. XRD profiles of the fresh and reduced Ni-Sn/CeAl catalyst.

The fresh sample presents, as well, the typical diffraction peaks of CeO2 fluorite cubic cells
(JCPDS# 01-075-0390) at 28.5◦, 33.1◦, 47.8◦ and 56.3◦. However, once the sample was reduced,
an additional CeAlO3 tetragonal phase (JCPDS# 01-081-1185) was detected. When reduced at
temperatures above 600 ◦C, Ce2O3 and γ-Al2O3 reacted to produce CeAlO3 in good agreement
with the results discussed in the TPR section [28]. However not all CeOx species were reacted to
CeAlO3 since traces of CeO2 cubic phase can still be detected at 28.5◦. Finally, the XRD pattern of the
sample reduced in hydrogen shows the presence of metallic Ni particles (JCPDS# 87-0712), which
indicates that Ni0 will be the predominant active phase for the dry reforming reaction. The shift
towards the higher angles of the 37.0◦, 45.5◦ and 66.3◦ peaks confirms that NiAl2O4 has been reduced
to Ni metallic and γ-Al2O3 upon reduction at 850 ◦C, confirming the TPR results.

3.4. Catalyst Performance

The catalytic performance for DRM was studied over a range of temperatures (550–850 ◦C) at
CH4/CO2 molar ratios of 1, 1.25, 1.5 and 1.85. The effect of varying the biogas feed concentration, in
terms of CH4 conversion as a function of temperature, is reported in Figure 5a. It was shown that
with increasing methane concentration, the overall CH4 conversion decreases. Indeed, methane was
introduced in excess for DRM. Additionally, CH4 conversion increased with temperature; this aligns
with expectations, as the endothermic nature of the reaction requires higher temperatures to reach
equilibrium conversion. Hence, superior activity of the catalyst was observed during the temperature
screening at a 1:1 molar ratio of CH4/CO2, which reached a methane conversion of 93% at 850 ◦C.
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(a) (b) 

Figure 5. Catalytic performance of Ni-Sn/CeAl at CH4/CO2 molar ratios of 1, 1.25, 1.5 and 1.85 as a
function of temperature: (a) methane conversion; (b) carbon dioxide conversion.

Figure 5b shows the conversion of CO2 as a function of temperature for various biogas
compositions. The temperature screening carried out at CH4/CO2 molar ratio of 1.5 displayed
the highest conversion for most temperatures. For all ratios, the highest CO2 conversion was achieved
at 850 ◦C, reaching around 98%. Overall, the conversion witnessed for CO2 was much higher than
that of CH4; CO2 being the limiting reactant for ratios greater than 1. For the model biogas mixture
(CH4/CO2 = 1) however, CH4 and CO2 conversions should be similar. The fact that CO2 conversion
was slightly higher than CH4 conversion for temperatures lower than 850 ◦C was due to the occurrence
of the reverse water gas shift (RWGS) reaction, consuming CO2 and H2 to form CO as previously
reported elsewhere [5]. This can also be attributed to the high activation energy of methane [11,22].

The effect of varying the biogas feed concentration on the H2/CO ratio is illustrated in Figure 6a.
As a general rule, the H2/CO ratio increased with higher temperatures, with the exception of the
temperature screening carried out at a CH4/CO2 molar ratio of 1.85, where the H2/CO ratio initially
decreased with the increment of the temperature and only increased once a temperature of 650 ◦C was
reached. The high concentration of hydrogen in the products stream may be explained by the excess
of methane in the feed gas. It is likely that this excess created favourable conditions for the methane
decomposition reaction to take place, which contributed to a higher concentration (partial pressure) of
H2 at lower temperatures. Furthermore, it was observed that at lower temperatures (550–600 ◦C), a
larger CH4/CO2 ratio yielded a higher H2/CO ratio. Whereas, at higher temperatures (700–850 ◦C),
the H2/CO ratio exhibited the largest value for a model biogas feed of 1:1 molar ratio of CH4/CO2.

The H2 yield obtained for each biogas composition as a function of temperature is shown in
Figure 6b. As expected, yields increased along with temperature and CH4 conversion. As the CH4/CO2

molar ratio increased, H2 yields decreased due to excess CH4 in the feed and reduced CH4 conversion.
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Figure 6. (a) H2/CO ratio and (b) H2 yield for Ni-Sn/CeAl at CH4/CO2 molar ratios of 1, 1.25, 1.5 and
1.85 as a function of temperature.

In order to establish a more general comparison with previously reported Ni-based catalysts
for biogas reforming reactions, different reported catalysts and the conditions used in the biogas dry
reforming are presented in Table 3. As shown in the table, our Ni-Sn/CeAl catalyst can be deemed to
perform with superior behaviour in the compared conditions, especially in terms of hydrogen yields.
Furthermore, our catalyst continues showing a good performance tested at lower temperatures and
long-term tests, which reinforces the exceptional behaviour of the developed system.

Table 3. Catalysts employed, and conditions used in catalytic biogas dry reforming, using CH4/CO2

ratio: 1.5. WHSV: weight hourly space velocity.

Temperature
(◦C)

WHSV
(L·g−1h−1)

CH4

Conversion
(%)

CO2

Conversion
(%)

H2 Yield
(%)

Reference

Ni/MgO 800 60 62.2 92.3 52.6 [30]
Ni/Ce-Al2O3 800 60 59.3 77.8 57.1 [30]
Ni/Zr-Al2O3 800 60 58.4 73.5 51.9 [30]

Ni/Ce-Zr-Al2O3 800 60 64.5 85.6 57.5 [30]
Rh-Ni/Ce-Al2O3 800 60 60.1 94.4 63.3 [30]

Ni/Al2O3 800 120 60.0 83.0 48.0 [14]
Ni/Ce-Al2O3 800 120 63.0 89.0 50.0 [14]
Ni/La-Al2O3 800 120 69.0 94.0 57.0 [14]

Ni/Ce-La-Al2O3 800 120 69.0 94.5 58.0 [14]
Ni/CaO-Al2O3 800 120 57.9 75.2 30.5 [6]
Ni/MgO-Al2O3 800 120 57.7 75.2 32.4 [6]
Reformax® 250 750 18 64.0 86.0 28.8 [31]

Ni-Sn/Ce–Al2O3 800 30 63.1 97.5 62.3 This work
Equilibrium 800 - 65.5 99.1 65.2

3.5. Stability Test

Long-term stability tests were carried out at a temperature of 650 ◦C. The temperature was
selected in order to simulate a syngas suitable for direct use i+n intermediate temperature SOFCs.

The results of the stability tests are displayed in Figure 7, which shows both CH4 and CO2

conversion as a function of time. Figure 7a compares the stability of Ni-Sn/CeAl under two biogas
mixtures: 1 and 1.5 CH4/CO2 molar ratios. When tested with the model biogas mixture, the catalyst
showed good performance with 79% CO2 conversion and 60% CH4 conversion. The performance was
stable with a slight deactivation equivalent to 5% conversion loss. On the other hand, when the feed
CH4/CO2 molar ratio was increased to 1.5, CH4 conversion was much lower, as previously observed,
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but the deactivation of the catalyst, although not drastic, was more pronounced than the one of the
model mixture. The excess of methane in the feed stream seems to promote methane decomposition
and therefore enhance the coking of the catalyst. This resulted in the loss of 10% and 15% conversion
for CO2 and CH4, respectively.
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Figure 7. Dry reforming of methane (DRM) stability test at 650 ◦C on (a) Ni-Sn/CeAl at CH4/CO2

molar ratios of 1 (model biogas) and 1.5 (sewage waste) and (b) Ni-Sn/CeAl and Ni/Al catalyst using
CH4/CO2 molar ratios of 1.5: CO2 and CH4 conversions.

The long-term test using sewage waste biogas was compared to a reference Ni/Al2O3 catalyst
on Figure 7b. The reference catalyst seems to perform slightly better than the promoted catalyst with
slightly higher conversions. In fact, the introduction of Sn in the formulation of the catalyst was
meant to prevent coke formation since Sn has a similar electronic configuration and was nucleating
with Ni. Nevertheless, such an interaction may reduce the catalytic activity of the catalyst. Indeed,
the deactivation of the reference catalysts was clearly more pronounced than that observed in the
multicomponent catalyst, again highlighting the robustness of the Ni-Sn catalysts for long runs.

3.6. Study of Carbonaceous Deposits

Thermogravimetric analysis was conducted on the samples after reacting for 20 h to estimate the
coke formation during reaction. Figure 8a shows the effect of biogas mixture on coke deposition. When
subjected to the model biogas mixture, around 0.256 gC/gcat was formed whereas for sewage derived
biogas, 0.268 gC/gcat was formed. The catalyst displayed faster deactivation under methane rich
biogas, confirming that methane decomposition, as shown in Equation (3), must have been favoured,
hence forming more coke on the catalyst. Figure 8b compares the carbon loading on two different
catalysts after reacting with methane-rich biogas. The reference catalyst Ni/Al had similar catalytic
performance to the Ni-Sn/CeAl catalyst, however, it was more prone to coking with 0.346 gC/gcat.
The multicomponent catalyst benefits from the high oxygen storage capacity of ceria that facilitates
carbon oxidation [5]. In addition, Sn atoms were occupying C nucleation sites in the vicinity of Ni,
preventing carbon from poisoning the active sites [16]. Moreover, the gasification of the coke present
on the Ni/Al catalyst occurred at higher temperatures, suggesting the formation of more graphitic
carbon as previously observed in the literature [16].
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(a) (b) 

Figure 8. Thermogravimetric analysis for the catalysts after (a) Ni-Sn/CeAl at CH4/CO2 molar ratios
of 1 (model biogas) and 1.5 (sewage waste) and (b) Ni-Sn/CeAl and Ni/Al catalyst using CH4/CO2

molar ratios of 1.5.

3.7. Post Reaction Characterisation

Figure 9 shows the XRD profiles of the Ni-Sn/CeAl catalyst after reduction, after reacting from
550 to 850 ◦C and after the 20 h stability run at 650 ◦C in a biogas ratio of CH4/CO2 = 1.5. The reduced
sample, as described earlier, presents the characteristic peaks of CeAlO3, Ni, CeO2 and Al2O3. After
reacting at temperatures up to 850 ◦C, CeO2 seems to have completely reacted with Al2O3 to form
CeAlO3 exclusively. The high temperatures and reducing atmosphere associated with the reaction
conditions favoured the phase transition. After the stability test however, the CeO2 cubic phase
displayed peaks of higher intensities than those of the reduced catalyst and the post temperature
screening reaction catalyst. The low temperature of the stability test, 650 ◦C, seems to have favoured
the reverse reaction and allowed CeAlO3 to re-oxidise back to CeO2. Indeed, the peaks associated
with CeAlO3 decreased in intensity while the CeO2 diffraction peaks increased. Additionally, all
post mortem samples presented a large peak at 26◦ associated to graphitic carbon. In terms of
Ni crystallite size, Ni was estimated using the Scherrer equation at 17 nm, 20 nm and 11 nm in
the sample reduced, after the temperature-dependant run and after the stability test, respectively.
The temperature-dependant experiment was performed up to 850 ◦C, temperatures far above the
Tammann temperature of Ni. Nickel sintering was prone to happen at such temperatures, explaining
the increase in crystallite size. However, a reduction in the nickel crystallite size was observed after
the 20 h stability test. First, the test took place at a much lower temperature (650 ◦C), which may have
slowed down sintering. Second, the reaction atmosphere has an influence on the interactions amongst
Ni, CeO2 and Al2O3. The re-oxidation of CeAlO3 to form CeO2 may have re-dispersed Ni crystallites
on the catalyst surface. Zou et al. observed the same phenomenon on a Ni/ CeO2-Al2O3 catalyst
reduced at 800 ◦C and after 105 h reaction at 350 ◦C. It appears Ni crystallites were re-constructed on
the catalyst surface under the reaction atmosphere [27].
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Figure 9. XRD characterisation spectra for Ni-Sn/CeAl reduced, post reaction and post stability at a
CH4/CO2 molar ratio of 1.5.

4. Conclusions

In this work, a high performing Ni-Sn/CeO2-Al2O3 catalyst was developed for the conversion
of biogas to syngas via the dry reforming of methane. The synthesised material was based on the
DRM catalytic standard of Ni/Al2O3, which is an inexpensive alternative to high performing noble
metal-based catalysts, and upgraded using CeO2 and Sn.

The performance of the multicomponent catalyst was investigated for a range of temperatures
and model biogas compositions by determining the conversion of each reactant, as well as the H2/CO
ratio of the syngas produced and the H2 yield. Additionally, multiple characterisation techniques were
carried out on fresh, reduced and spent samples of catalyst, exhibiting the crystal structure changes
and the reversible reducibility for the support.

Overall, the Ni-Sn/CeAl catalyst exhibited respectable conversions of both CO2 and CH4 ratios
for all compositions of biogas. The effect of biogas composition on the stability of the catalyst was
investigated, and although no extensive signs of deactivation were detected during 20 h, the presence
of excess methane accelerated the deactivation of the catalyst due to additional methane decomposition.
The stability of the catalyst was also compared with the standard Ni/Al2O3. Although both catalysts
displayed similar catalytic activity, the multicomponent catalyst benefited from greater coke resistance,
confirming the promotion effect of both tin and ceria.

In summary, our multicomponent catalyst is a suitable material—highly active and considerably
stable—to be implemented in a biogas upgrading unit to generate renewable energy (i.e., using a
SOFC) or added-value products using syngas as a platform chemical.
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Abstract: Identifying the suitable reaction conditions is key to achieve high performance and economic
efficiency in any catalytic process. In this study, the catalytic performance of a Ni/Al2O3 catalyst,
a benchmark system—was investigated in steam reforming of toluene as a biomass gasification
tar model compound to explore the effect of reforming temperature, steam to carbon (S/C) ratio
and residence time on toluene conversion and gas products. An S/C molar ratio range from one
to three and temperature range from 700 to 900 ◦C was selected according to thermodynamic
equilibrium calculations, and gas hourly space velocity (GHSV) was varied from 30,600 to 122,400 h−1

based on previous work. The results suggest that 800 ◦C, GHSV 61,200 h−1 and S/C ratio 3 provide
favourable operating conditions for steam reforming of toluene in order to get high toluene conversion
and hydrogen productivity, achieving a toluene to gas conversion of 94% and H2 production of
13 mol/mol toluene.

Keywords: toluene; steam reforming; GHSV; S/C ratio; coke formation

1. Introduction

Greenhouse gas (GHG) emissions from fossil fuel combustion for power generation represent a
major contribution to climate change. For this very reason, a switch from conventional to renewable
power resources, i.e., solar, wind, hydroelectric energy and biomass is necessary [1].

Biomass can consistently provide energy and fuels and has an advantage over other renewable
energies sources as it is more homogeneously distributed over the earth and is an abundant resource [2].
International Energy Outlook 2017 reported that biomass could provide over 14% of the world’s
primary energy consumption, which is the highest among renewable energy resource, and it will
contribute a quarter or third of the global primary energy supply by 2050 [3].

For all the above and as a consequence of unstable oil prices and the alarming climate change,
biomass gasification has increasingly received interest [4]. Indeed, this is a versatile and interesting
way to re-use different wastes (e.g., agricultural and urban wastes, energy crops, food and industrial
processing residues) to produce bio-syngas, which can be used for electrical power generation (fuel
cells, gas turbine or engine), or as feedstock for the synthesis of liquid fuels and chemicals such as
methanol [5]. Furthermore, the necessary technology for this process can be adapted from old coal
gasification units [6]. However, one of the most critical technical challenges in biomass gasification is
the formation of tars. Tar condensation can cause serious risks to downstream equipment. Therefore,
tars should be removed from the effluent stream of biomass gasification [7].

Existing techniques for tar removal after a gasifier include separation either by physical
(mechanical) methods, using ceramic candle filters or wet scrubbers, or thermochemical conversion
methods using high temperature thermal or catalytic cracking to convert tar into syngas [8]. Physical
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separation methods would cause secondary pollution since they only remove tar from gas products,
resulting in a waste stream that needs treatment. Conversely, thermal cracking has received increasing
attention because tar can be converted into useful gas products and increases the overall efficiency of
the gasification process [9]. Thermal cracking without catalysts operates at high temperature (>1000 ◦C)
to decompose the tars in smaller non-condensable molecules. The high energy consumption makes this
process less interesting. By contrast, catalytic cracking of tars can be carried out at lower temperatures
converting tars into useful gases in a more efficient manner and is being widely studied as a principal
method for tar removal [10]. As a steam reforming reaction, the proposed reaction could remove tar
by a catalytic process and produce fuel H2 and CO at relatively low temperatures. At the same time,
tar steam reforming poses some challenges that must be addressed related to the reaction conditions.
Reforming catalysts can lose activity over time due to carbon deposition and sintering over the active
phases [5]. These problems can be minimised with optimal operating conditions in the presence of the
right catalyst. Real tar composition is highly complex and most studies use model tar compounds such
as toluene, benzene or naphthalene to ascertain the catalytic mechanism [11–13]. However, previous
studies have shown that these compounds represent a worst-case scenario in the tendency of the
system to form carbon deposits [14,15].

Noble metals and Ni are most widely active phases used in reforming catalysts. Noble metal
catalysts including Pt, Rh and Ru are known for their exceptionally good activity and stability in tar
steam reforming. However, these catalysts have had limited use due to their high costs [16].

Nowadays, the aim is to develop an economically viable material, ideally not containing noble
metals, which produces the same high levels of conversion and reaction performance as the noble
ones. Ni is an attractive choice as steam reforming catalytic metal thanks to its good performance in
the conversion of different types of hydrocarbons [16], being, for instance, the most popular active
phase in methane steam reforming [17,18]. In particular, Ni/Al2O3 catalysts are considered as the
state-of-the-art materials for steam reforming processes. Furthermore, the high surface area of alumina
and its mechanical properties result in an excellent choice as support for nickel nanoparticles [19].

Under these premises, this work showcases the application of a Ni/Al2O3 catalyst in the steam
reforming of toluene (C7H8) as a tar model compound in a fixed bed reactor. Until now, the catalytic
performance in the steam reforming of toluene has been mainly evaluated as a function of catalyst
design variables, such as the nature of the support [20–22] and metal [23,24], but little attention has been
paid to the reaction conditions, especially for this benchmark catalytic formulation [25]. Identification
and optimisation of the reaction parameters in the presence of a commercial-like catalyst (Ni/Al2O3) are
vital to achieving the best catalytic performance. However, few studies involving parameter screening
have been carried out [8].

Herein we analyse the influence of reforming temperature, steam to carbon molar ratio (S/C) and
gas hourly space velocity (GHSV) on the toluene reforming performance. These are considered the key
parameters to fine-tune the reaction and maximise the overall performance.

Parallel reactions in this system can be numerous. The main reactions that can occur during
toluene steam reforming are represented as follows:

Toluene steam reforming

C7H8 + 14 H2O→ 7CO2 + 18 H2 (1)

C7H8 + 7 H2O→ 7CO + 11 H2 (2)

Water–gas shift
CO + H2O↔ CO2 + H2 (3)

Hydrodealkylation
C7H8 + H2 → C6H6 + CH4 (4)
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Methane steam reforming
CH4 + H2O↔ CO + 3H2 (5)

Boudouard reaction
2CO↔ CO2 + C (6)

Steam reforming of toluene is irreversible and Reactions (1) and (2) are dependent on the S/C
ratio used. CH4 is produced from hydroalkylation (Reaction (4)) and pyrolysis of toluene. Methane
reforming followed by a water–gas shift reaction converts the produced CO with steam to H2 and CO2.
A Boudouard reaction is an exothermic reaction that produces C from CO. All of these reactions are
heavily conditioned by the temperature, space velocity and reactants ratio [26–28]. Hence, a careful
assessment of the impact of these parameters will allow us to identify the optimum conditions towards
the generation of added value products.

For all the above, this work fills an essential gap in tar reforming literature via the systematic study
of key reaction parameters using a state-of-the-art catalyst to reveal the optimum process conditions.

2. Experimental

2.1. Catalyst Preparation

The nickel-based catalyst was prepared following a wet impregnation method. The necessary
amount of Ni(NO3)2·6H2O (≥97.0%, Sigma-Aldrich) to obtain 20 wt.% NiO was dissolved in an excess
of acetone (≥99.8%, Sigma Aldrich). Then, the support γ- Al2O3 (≥98.0% purity, Sasol) was added
into the solution and, after stirring for 2 h, the solvent was removed under vacuum at 60 ◦C by using
a rotating evaporator. The remaining mixture was dried overnight at 110 ◦C. Finally, the solid was
calcined at 600 ◦C with a ramping rate of 2 ◦C·min−1 for 4 h. It has been reported that Ni/Al2O3

catalysts are stable under reaction conditions despite the calcination temperature being lower than
those of the experiments [29,30]. Lower calcination temperatures have been shown to lead to better
catalytic performance in steam reforming [31]. The obtained sample was labelled Ni/Al2O3. The Ni
content assuming complete reduction from NiO to Ni is 16.4 wt.%.

2.2. Characterisation

Thermogravimetric analysis (TGA) was carried out to investigate the coke deposition on the
catalyst in a Pyris 1 thermogravimetric analyser from PerkinElmer (Waltham, MA, USA). The samples
were ramped from room temperature to 900 ◦C at a rate of 10 ◦C·min−1 in air.

N2-adsorption-desorption analysis was conducted in a TriStar 3000 V6.07 A analyser from
Micromeritics (Norcross, GA, USA). Before the analysis, the catalyst was degassed at 150 ◦C for 4 h
in a vacuum. The Brunauer–Emmett–Teller (BET) method was used to calculate the surface area of
the catalyst.

2.3. Catalytic Toluene Steam Reforming Tests

Toluene steam reforming was carried out in a fixed bed reactor used in previous bio-oil reforming
work [24]. Before the reaction, the reactor was purged with N2 to remove air. The catalyst was reduced
under 50 mL·min−1 of H2 up to 700 ◦C for 1 h before each test.

Figure 1 shows the schematic diagram of the experimental reaction set-up, and the reaction zone
is shown in Figure 2. The reactor was heated up by two copper electrodes; toluene and steam were
injected by two syringe pumps from the top of the reactor and preheated at 200 ◦C to the vapour
phase in a preheating chamber. Toluene was carried by N2 with a fixed concentration of 100 g Nm−3.
Then the reactant stream entered an incoloy alloy 625 tube (12 mm i.d., 2 mm thick, 253 mm long),
equipped with an inner quartz tube (9 mm i.d., 1 mm thick, 300 mm long) to prevent any contact
between the reactant gas stream and the incoloy internal surface. 500 mg of Ni/Al2O3 catalyst with a
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particle size in the range of 250–500 μm was placed right in the middle of the quartz tube. A K-type
thermocouple was used to determine the catalytic bed temperature.

Figure 1. Schematic diagram of the catalytic toluene steam reforming system.

The product gases after reaction pass through two condensers in series to collect any liquid
product as well as unreacted toluene and water. Ice and dry ice were used as coolant in the two
condensers, respectively. The products identified in the gas phase were H2, CH4, CO2 and CO.
Two on-line gas analysers were used to determine the product gas compositions: an MGA3000
Multi-Gas infrared analyser (ADC Gas Analysis, Herts, UK) for CO2, CH4 and CO, followed by a
K1550 thermal conductivity H2 analyser (Hitech Instruments, Luton, UK).

The performance of catalysts was evaluated by the conversion into gaseous products (based on a
carbon balance between the inlet and the outlet stream of the reactor), selectivity to main products
(where “i” is CO2, CO and CH4 in moles) and hydrogen yield, which were defined as follows:

% Carbon Conversion =
C in the gas product

C fed into reactor
∗ 100 (7)

% “i” selectivity =
“i” produced in moles

C atoms in the gas products
∗ 100 (8)

Hydrogen yield =
total Hydrogen production in moles

toluene fed into reactor in moles
(9)

The experimental error in toluene conversion, gas selectivity and gas yield is ±2%. Toluene
conversion and H2 production could be influenced by experiment conditions and parameters.
Reforming temperature, S/C ratio and residence time are reported to be the key factors that would
affect the total conversion and H2 yield. In this paper S/C ratios of 1, 2 and 3; temperatures of 700, 800
and 900 ◦C, and GHSV of 30,600, 61,200, 91,800 and 122,400 h−1 were investigated.

18



Energies 2020, 13, 813

Figure 2. Reactor diagram of catalytic toluene steam reforming.

2.4. Thermodynamic Simulation

The ASPEN software package (AspenTech, Bedford, MA, USA) was used to determine the
thermodynamic equilibrium of the toluene reforming reactions over the different reaction conditions.
An ideal property method, an RGIBBS reactor (based on Gibbs free energy minimisation) was selected
to investigate the thermodynamic equilibrium. Material flows into the reactor are identical to those
from the corresponding experiment. The influence and effects of experimental parameters, including
reforming the temperature and S/C ratio on the toluene conversion, the yield of main light gases and
the carbon deposition was investigated.

3. Results and Discussion

3.1. Textural Properties of the Synthetised Catalyst

The N2 adsorption-desorption isotherm of the calcined Ni/Al2O3 catalyst is shown in Figure 3,
which shows a type IV isotherm with a characteristic hysteresis loop for mesoporous materials.
The adsorption average pore width was 9.1 nm, the total pore volume was 0.35 cm3·g−1 and BET
Surface Area was 153 m2·g−1. The BET surface area, pore volume and pore width of the original Al2O3

was 230 m2·g−1, 0.5 cm3·g−1 and 10 nm respectively. Textural properties are actually governed by the
primary support gamma-alumina, which provides mechanical and thermal stability as well as high
surface area.
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Figure 3. Toluene conversion to C-containing gases and CO/CO2 selectivity at different temperatures
(S/C:3, gas hourly space velocity (GHSV):61,200 h−1).

3.2. Influence of Temperature on Toluene Steam Reforming

The steam reforming temperature was concluded to have a significant influence on toluene
conversion since higher temperatures could increase syngas production and conversion from toluene to
gas products [32]. When reforming is envisaged as a downstream tar upgrading unit after gasification,
the most interesting temperature interval for atmospheric reforming is between 600 and 900 ◦C, since
the gasification effluent temperature will normally be lower than 900 ◦C [33]. Research also suggested
that high temperature might reduce H2 yield as the reverse water–gas shift reaction is favoured
due to its endothermic nature [34–36]. The experiments were conducted at different temperatures
to investigate the most suitable conditions for toluene conversion and H2 production. Catalytic
performance tests were performed at 700, 800 and 900 ◦C, with a fixed S/C ratio of 3 and a GHSV of
61,200 h−1 (corresponding to a N2 flow rate of 300 mL·min−1) for 5 h.

Figure 3 shows the toluene conversion and CO2/CO selectivity (based on conversion to C-containing
gases) at the three different temperatures in a steady state within the five hours of reaction and compares
with equilibrium selectivity. CO and CO2 were the main gases. The experimental selectivity of CH4

at all temperatures was under 0.1%. Conversion and selectivity of the gases approached that of
thermodynamic equilibrium as temperature increased. Thermodynamic equilibrium predicts total
toluene conversion at 700 ◦C or higher temperatures. At 700 ◦C, the thermodynamic equilibrium
indicated a CH4 selectivity of 1.1%, and for higher temperatures only CO and CO2 were predicted as
C-containing gas products. Experimental toluene conversions ranged from 84% to 96% and approached
equilibrium with the temperature increase from 700 to 900 ◦C. Coke formation only accounted for less
than 1% of toluene conversion, the rest being to gas phase products. Unreacted toluene was condensed
in the cooling trap, which enabled closing the mass balance within 98%. The high conversions of toluene
achieved for the three temperatures highlight once again the good performance of this commercial-like
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catalyst (Ni/Al2O3). Both experimental and equilibrium selectivity showed that the CO/CO2 ratio
increases as temperature increases. This is likely dominated by a reverse water–gas shift reaction in
the high-temperature area (Reaction (3), as the increasing temperature would favour the endothermic
direction, and nickel contents would also promote the reaction at high temperatures [11].

Table 1 shows the gaseous product yields including CO, CO2, H2 and CH4. The yields of CO
and CO2 have similar trends to selectivity. However, for H2 yield the maximum was achieved at
800 ◦C with a H2 production of 13.0 mol/mol toluene, while the highest H2 production in equilibrium
conditions was predicted at 700 ◦C. This can be due to, in the experimental test at 700 ◦C, the lowest
toluene conversion into gases was obtained. Toluene conversion to gas stayed over 94% at 800 ◦C or
above, while a higher temperature would lead to a slight decrease in the content of H2 in gaseous
products due to the presence of the reverse water–gas shift reaction as discussed above. It is interesting
to remark that only at 700 ◦C the undesirable CH4 side product was obtained and it was only in a small
amount. The absence of CH4 at higher temperatures can be due to the methane reforming to CO and
other parallel processes consuming methane as suggested by the equilibrium results.

Table 1. Product yields for the gaseous products at the three different temperatures (S/C:3, GHSV:
61,200 h−1).

Temperature (◦C)
CO2 (mol/mol

Toluene)
CO (mol/mol

Toluene)
H2 (mol/mol

Toluene)
CH4 (mol/mol

Toluene)

700 2.1 3.8 10.3 0
(equilibrium) (3.7) (3.2) (14.5) (0.1)

800 2.2 4.5 13.0 0
(equilibrium) (3.2) (3.8) (14.3) (0)

900 2.1 4.7 11.8 0
(equilibrium) (2.8) (4.2) (13.8) (0)

Thermogravimetric analysis was conducted on the catalysts after a five-hour reaction to estimate
the coke formation during the three different temperatures reaction tests. It has been reported that
coke deposition on Ni/Al2O3 catalysts is the main cause for deactivation and high nickel contents
could also favour coke formation. Although coke deposition is thermodynamically unfavourable at
high temperatures (>600 ◦C), methane decomposition in the high temperature range could lead to
the production of solid carbon [37]. Table 2 shows the carbon conversion from toluene to coke and
the fraction of coke on the catalyst as a function of temperature. As the temperature increased, the
conversion to carbon deposits was slightly higher. It is likely that carbon at the higher temperatures
was formed from the reforming of CH4 observed at lower temperatures, as CH4 is known to favour
coke formation on Ni-based catalysts [27]. Notwithstanding coke formation at these temperatures,
the amount of coke is very low, and the catalyst remains stable during the whole experiment.

Table 2. Toluene conversion to coke and fraction of coke deposited on the catalyst at different reforming
temperatures (S/C:3, GHSV:61,200 h−1, 5-h test).

Reforming Temperature 700 ◦C 800 ◦C 900 ◦C
Coke/C in toluene 0.43% 0.61% 0.77%

Coke/Catalyst (gC/gcat) 0.118 0.167 0.211

Based on the results presented above, 800 ◦C was considered the most suitable reforming
temperature due to the highest H2 production, an excellent overall conversion (94%) and acceptable
coke deposition levels. On the contrary, despite the 900 ◦C experiment showing a slightly higher
toluene conversion, lower H2 production, greater coke deposition and lower energy efficiency made
this temperature not preferable with the 800 ◦C test.
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Gas analysis as a function of time on stream at the chosen temperature is shown in Figure 4 for a
five-hour test. There was no CH4 detected throughout the test and CO, CO2 and H2 concentration
stayed stable ca 11%, 23% and 66% (figures corrected from N2 dilution), respectively, during the whole
experiment. Furthermore, no obvious change in the CO/CO2 ratio, or drop in H2 yields and catalyst
deactivation were observed in this test.

Figure 4. Gas product concentration at 800 ◦C, S/C:3, GHSV:61,200 h−1 in a 5-h test.

3.3. Influence of GHSV in Toluene Steam Reforming

In view of the results obtained in the temperature screening, a temperature of 800 ◦C was chosen
to study the effect of GHSV to elucidate the suitable residence time for a complete conversion of toluene.
High GHSV, or lower residence time, might inhibit toluene conversion and H2 production. Literature
suggests that suitable GHSVs for steam reforming were mostly between 10,000 and 70,000 h−1 [38,39]
over different catalysts. For our benchmark catalyst, tests were carried out with 500 mg of catalyst, and
a fixed temperature (800 ◦C) and S/C ratio of three during 5 h of reaction. The feeding rates of toluene,
steam and N2 were changed according to the desired GHSV. The GHSV studied were 30,600, 61,200,
91,800 and 122,400 h−1. Some of the space velocities selected in this study are indeed over the standard
ranges mentioned above. In fact, high space velocities normally involve lower reactor volumes, thus
decreasing the capital cost of the reformer.

Figure 5 shows the toluene conversion and CO2/CO selectivity (based on conversion to C-containing
gases) at the four different GHSVs in a steady state within the five hours of reaction and compares
them with equilibrium selectivity. Toluene conversion decreased from 96% to 86% when GHSVs
increased from 30,600 to 122,400 h−1. When GHSV was 91,800 h−1 or lower, toluene conversion to gas
remained higher than 90%, without notorious differences for the two lowest GHSV studied (30,600 h−1

or 61,200 h−1), which showed a stabilised conversion at around 95%. The selectivity of CO and CO2

approached the equilibrium results slowly when GHSV decreased. It could be seen that toluene
conversion and CO2 selectivity declined with the increasing of GHSV, as a result of shorter residence
time and reaction period. It is interesting to note that the selectivity is less affected by the residence
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time than the conversion. Negligible or no methane was detected in the product gas, which was in line
with literature that suggested that at temperatures higher than 750 ◦C very small amounts of CH4 are
produced [11].

Figure 5. Toluene conversion to C-containing gases and CO/CO2 selectivity at different GHSVs (S/C:3,
800 ◦C).

The gas product CO2, CO and H2 yields are shown in Table 3. As expected, GHSV 30,600 h−1

led to the highest H2 production (13.2 mol/mol toluene). As a trend, CO, CO2 and H2 yields dropped
when GHSV increased. This decrease in yields for all gas products at high GHSV is linked with the
drop in conversion as the residence time became shorter. An exception occurred at 61,200 h−1 GHSV
as the reverse water–gas shift reaction could cause a small increase in CO. Previous studies suggest
that some tar model compounds (naphthalene) had no apparent trends for the hydrogen yields or
selectivity, as the product was affected by the equilibrium of the water–gas shift reaction and other side
reactions [40]. In this work, hydrogen yield and total conversion showed a slightly increasing trend in
conversion and yields with the decrease of residence time, but this trend was more remarkable in the
conversion of toluene than in selectivities.

Table 3. Product yields for the gaseous products at different GHSV (S/C:3, 800 ◦C).

GHSV (h−1) CO2 (mol/mol Toluene) CO (mol/mol Toluene) H2 (mol/mol Toluene)

30,600 2.4 4.3 13.2
61,200 2.2 4.5 13.0
91,800 2.1 4.2 12.8
122,400 2.1 3.9 10.8

(Equilibrium) (3.2) (3.8) (14.3)

Table 4 shows the carbon conversion from toluene to coke with different GHSVs. This data led
us to a better understanding of the coke deposition. The reactant toluene and steam feeding rate
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increased three times when GHSV increased from 30,600 to 122,400 h−1; however, the coke conversion
reduced from 0.38% to 0.22%. This means that the higher GHSV used resulted in a higher coke amount
deposited but lower conversion rate. This result is the balance between the higher feed of toluene used
and the decrease in conversion due to the high GHSV used.

Table 4. Toluene conversion to coke deposited on the catalyst with different GHSV (S/C:3, 800 ◦C,
five-hour test).

GHSV(h−1) 30,600 61,200 91,800 122,400

Coke/C in toluene 0.38% 0.31% 0.23% 0.22%
Coke/Catalyst (gC/gcat) 0.105 0.167 0.188 0.242

Although the lower space velocity leads to higher conversion, greater selectivity and the lower
net amount of carbon deposits, for practical applications (i.e. manufacturing cost savings) higher space
velocities are desired. In this sense, 61,200 h−1 yields very similar conversion and selectivity levels, low
net coking and lower conversion to coke. Hence, this space velocity was selected to optimise the next
reaction parameter.

3.4. Influence of S/C Ratio in Toluene Steam Reforming

Steam, as a principal reactant in catalytic steam reforming, is widely recognised to have a strong
influence on H2 production. Steam is involved in most of the relevant reactions in the toluene reforming
and therefore the steam to carbon ratio was chosen as a key variable to study. A high steam partial
pressure improves gasification reactions and moves the water–gas shift equilibrium towards hydrogen
production, while the partial pressure of toluene in the gas stream is lower due to dilution as the S/C
ratio rises [37]. Suitable S/C ratios to investigate the catalyst performance were mostly between one
and four in the literature [16,41]. Although steam is the main reactant in a reforming process, a large
excess of water in these experiments could condense into ice in the cooling trap and block the system.
It is also reported that the saturation of the catalyst surface by steam at a high S/C ratio would not
favour the conversion of toluene or H2 production [5].

In this study, the catalytic performance tests were performed at three different S/C ratios of 1, 2, 3,
at 800 ◦C, 500 mg of samples and a GHSV of 61,200 h−1 for five hours.

Figure 6 shows the influence of the S/C ratio on the selectivity of carbon containing products.
Both experimental and equilibrium results showed that an increment in S/C ratio results in a large
improvement of CO2 selectivity and toluene conversion. In the experimental tests, toluene to gas
conversion increased from 53% to 94% when the S/C ratio increased from one to three. Equilibrium
results indicated that a higher S/C ratio always increases the H2 production, as the excess steam would
promote the water–gas shift reaction. A higher S/C ratio also increased toluene conversion to gas.
Some researchers suggested that the most suitable S/C ratio was mostly between 2.5 and 3.5, because
more excess steam would not increase toluene conversion or H2 production, causing a drop in toluene
partial pressure [26].

Table 5 compares the product yields of CO, CO2 and H2 with different S/C ratios. Equilibrium
simulation and experiments both showed large increases in CO2 and H2 production with the S/C ratio.
Experimental H2 yield increased from 5.1 to 13.0 mol/mol toluene when the S/C ratio raised from one to
three. The opposite equilibrium trend is expected for CO, but this did not happen in the experiments.
Instead, the CO yield was observed to increase with the amount of steam as the trend was dominated
by the higher conversion achieved at higher S/C ratios. Despite the experimental CO yield showing a
slight increase, in general the CO/CO2 ratio decreased with the increase of the S/C ratio in line with the
equilibrium results.
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Figure 6. Toluene conversion to C-containing gases and CO/CO2 selectivity at different S/C ratios
(GHSV:61,200 h−1, 800 ◦C).

Table 5. Product yields for the gaseous products under different S/C ratios (GHSV:61,200 h−1, 800 ◦C).

S/C ratio CO2 (mol/mol Toluene) CO (mol/mol Toluene) H2 (mol/mol Toluene)

1 0.2 3.5 5.1
(Equilibrium) (0.2) (6.8) (9.8)

2 1.7 4.3 10.5
(Equilibrium) (2.1) (4.9) (13.0)

3 2.2 4.5 13.0
(Equilibrium) (3.2) (3.8) (14.3)

The coke weight on the spent catalyst with S/C ratio 1, 2, 3 is 0.289, 0.222, 0.167 gC/gcat, respectively.
As expected, the higher S/C ratio promoted carbon gasification avoiding coke formation [42]. Table 6
shows the carbon conversion from toluene to coke for the three different S/C ratio studied. As discussed
above, it can be seen that the excess of steam inhibited, but did not suppress, the formation of coke.
For all the above, the better choice is to use a S/C ratios of three since it permits the highest H2

production and toluene conversion and the lowest coke amount.

Table 6. Toluene conversion to coke deposited on the catalyst at different S/C ratios.

S/C ratio 1 2 3

Coke/C in toluene 1.07% 0.82% 0.61%
Coke/Catalyst (gC/gcat) 0.289 0.222 0.167

4. Conclusions

To remove tar produced from biomass gasification, catalytic steam reforming was conducted for
toluene as a model tar compound. Simulations of a thermodynamic equilibrium based on Gibbs free
energy minimisation and experiments in a fixed bed reactor using a Ni/Al2O3 catalyst were carried
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out. The effect of reforming temperature, S/C ratio and GHSV on toluene conversion and product
distribution was studied.

Increasing the temperature from 700 to 900 ◦C increased total conversion, with a potential risk of
higher coke deposition. A temperature of 800 ◦C observed the highest H2 production, high toluene
conversion (>94%) and relatively lower coke deposition.

The Ni/Al2O3 catalyst only requires a very short residence time (GHSV < 91,800 h−1) for toluene
reforming with this catalyst and effectively removes low density toluene in a mixed gas stream. H2 yield
and toluene conversion increased slightly and approached simulated thermodynamic equilibrium
results when GHSV decreased. Coke deposition increased at a lower rate as GHSV increased.

A high S/C ratio would greatly increase total conversion, hydrogen production and reduce the coke
formation on the catalyst. The presence of excess steam could shift the equilibrium of the water–gas
shift reaction to produce more H2.

A temperature of 800 ◦C, GHSV of 61,200 h−1 and S/C ratio of three provided the most suitable
reaction conditions for toluene conversion and H2 production in steam reforming of toluene, obtained
a steady state of a toluene to gas conversion over 94%, a H2 production of 141.6 mol/mol toluene in
a five-hour test, with no obvious deactivation observed in five hours. Based on these results, this
condition would be suitable for tar model compound removal.
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Abstract: This paper reports the performance of a spark ignition engine using gasoline blended
with an upgraded bio-oil rich in aromatics and ethanol. This upgraded bio-oil was obtained using a
two-step catalytic process. The first step comprised an in-situ catalytic pyrolysis process with CaO in
order to obtain a more stable deoxygenated organic fraction, while the second consisted of a catalytic
cracking of the vapours released using ZSM-5 zeolites to obtain an aromatics-rich fraction. To facilitate
the mixture between bio-oil and gasoline, ethanol was added. The behaviour of a stationary spark
ignition engine G12TFH (9600 W) was described in terms of fuel consumption and electrical efficiency.
In addition, gaseous emissions and polycyclic aromatic hydrocarbon (PAH) concentrations were
determined. Trial tests suggested that it is possible to work with a blend of gasoline, ethanol and
bio-oil (90/8/2 vol%, herein named G90E8B2) showing similar fuel consumption than pure gasoline
(G100) at the same load. Moreover, combustion could be considered more efficient when small
quantities of ethanol and organic bio-oil are simultaneously added. A reduction, not only in the PAH
concentrations but also in the carcinogenic equivalent concentrations, was also obtained, decreasing
the environmental impact of the exhaust gases. Thus, results show that it is technically feasible to use
low blends of aroma-rich bio-oil, ethanol and gasoline in conventional spark ignition engines.

Keywords: drop-in fuels; biomass; bio-oil; pyrolysis; spark engine; gasoline

1. Introduction

Biomass pyrolysis produces solid, gas and liquid fractions. The first one, known as biochar,
has several uses as a fuel, in soil remediation and even as a precursor of activated carbon,
among others [1,2]. Both gases and liquids are also potentially renewable fuels and they can be
used directly or mixed with traditional fuels in conventional internal combustion engines [3]. Pyrolysis
gas can be easily used in energy generation, either in spark ignition or compression ignition engines.
However, combustion parameters such as calorific value, flame velocity and ignition energy are key
parameters regarding the feasibility of using such a low grade gaseous fuel [4]. Regarding to the liquid
fraction, known as bio-oil, it still presents several challenges to be used directly to replace fossil fuels
in conventional internal combustion engines. The presence of solid particles, high values of acidity,
water content and viscosity, storage and thermal instability (due mainly to the presence of a wide
range of oxygenated compounds [5]), low cetane number and low heating value prevent its direct
application [6]. Thus, upgrading processes must be carried out to incorporate this product into existing
infrastructure or to be used directly as drop-in fuel.

The use of bio-oils (both crude and upgraded), especially in compression ignition engines,
has been reviewed, and the performance and exhaust emissions have already been studied [4,7,8].
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In this sense, different experimental campaigns have reported several difficulties associated with the
adverse properties of bio-oil. Mainly, these problems are related to the corrosion and clogging of the
injectors, short combustion duration and long ignition delay, difficulties in engine start-up, unstable
operation, coke deposition in the piston and cylinders, and subsequent engine seizure [4,9]. Similarly,
some experiences show a preheating of the bio-oil prior to combustion. Likewise, costly and complex
modifications of the engine can lead to improve the combustion conditions of bio-oil. Among others,
these changes include special spark ignition systems for start-up, dual fuel systems, corrosion resistant
injectors, and even an increase in the compression ratio [10].

Blending bio-oil with traditional fossil fuels is also an alternative method for utilising this
renewable fuel in conventional combustion engines with nor or minor modifications. However, bio-oil
blending with commercial fuels is not an easy task because bio-oil is not usually miscible with these
fuels [11]. Even using emulsifying agents, stability problems often appear in the bio-oil/diesel blends
leading to separation of phases [4]. Nevertheless, some experimental tests have been reported in
the literature using bio-oil mixtures with biodiesel, ethanol and diesel fuels in compression ignition
engines [9,10,12,13]. Van de Beld et al. [9] used a binary blend of ethanol (30 wt%) and bio-oil (70 wt%)
in a modified one-cylinder diesel engine. For that, a stainless steel fuel injector was adapted to the
engine. Surprisingly, the ethanol/bio-oil blend improved the overall engine performance, while CO
emissions decreased and NOx emissions increased. However, the modification of the engine might be
difficult to justify from an economic point of view. Hossain et al. [4] observed that 20 vol% of bio-oil
obtained from de-inking sludge blended with 80 vol% biodiesel can be used in a multi-cylinder diesel
engine without adding any ignition additives or surfactants. Although some solid deposits were
observed inside the fuel filters, no deterioration in engine condition was observed after 3 h of operation.
Pradhan et al. [12] found that the bio-oil from Mahua oilseed has high viscosity and low cetane number,
and hence is not suitable for direct utilisation in a diesel engine. However, these authors reported
that this bio-oil can be used blended in 30 vol% with diesel fuel in a single-cylinder diesel engine.
Lee and Kim [14] examined the performance and emission characteristics of a modified diesel engine
(dual-injection diesel engine) using a bio-oil-ethanol mixture. The pilot injection system ensured the
proper combustion of high cetane number fuels developing those conditions to keep the main injection
stable, which contained the bio-oil-ethanol blend. The results showed that although stable engine
operation was possible, the engine efficiency should be improved. Additionally, hydrocarbons (HC)
and CO emissions should be reduced.

Although most of the studies reported so far have been carried out using diesel-like fuels blended
with bio-oil in compression ignition engines, the use of bio-oil in these engines still faces important
challenges to reach a commercial level. On the other hand, the use of these bio-oils or any other kind of
bio-fuel derived from them in spark ignition engines is rather rare in the literature. Latest advances in
bio-oil upgrading have shown that it is possible to obtain an aroma-rich fraction [15,16]. This fraction has
some of the main components of gasoline and could be considered a real additive for this fuel. In addition,
upgraded bio-oil/ethanol blends could form a stable mixture without using surfactants or additives.
The resulting viscosity is lower than that of pure bio-oil, improving not only atomisation conditions but
also the storage and handling properties [17]. The application of a final mixed fuel comprised of gasoline,
ethanol and upgraded bio-oil rich in aromatic compounds could emerge as a promising alternative to
reduce the use of fossil fuels, while keeping the efficiency of the engine. In this line, the work carried
out by Pelaez-Samaniego et al. [18] has shown promising results with a mixture of a fraction derived
from a bio-oil obtained in the pyrolysis of sugarcane (rich in esters of carboxylic acids) with gasoline in
a spark engine. Specifically, their results showed no significant differences in power and specific fuel
consumption, concluding that it is technically feasible to use that mixture in a conventional Otto engine.

However, to the best of our knowledge, there have been no studies on the use of a direct drop-in
fuel derived from an upgraded bio-oil in a spark ignition engine. Related studies found in the literature
are mainly based on the use of the pyrolytic gas fraction [19]. Thus, successful application of upgraded
drop-in fuel obtained from biomass pyrolysis in a spark ignition engine could have a positive impact
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on actual transportation fuel infrastructure. There are several important parameters, such as fuel
consumption and electrical efficiency, that should be addressed to ensure technical feasibility. Moreover,
exhaust emissions, including polycyclic aromatic hydrocarbons (PAHs) would provide not only useful
information about combustion performance, but also a critical analysis of the air quality from the
perspective of human health impacts.

In this work, the organic fraction obtained from a two-step catalytic process was blended in low
proportions with commercial gasoline and ethanol. The resulting mixture was fed to a generator
group (model G12TFH) equipped with Honda GX620 engine with a common-rail injection system.
The main characteristics of the fuel were analysed, and important combustion parameters such as fuel
consumption, electrical efficiency, gaseous emissions (O2, CO, CO2, CH4, C2H6, C2H4, C3H8, C3H6

and NOx,), and PAH concentrations were also determined.

2. Materials and Methods

2.1. Raw Bio-Oil

Bio-oil used in this work was obtained using a two-step catalytic process. The first step consisted
of a catalytic pyrolysis using pine woodchips as feedstock and CaO as a catalyst. This step was carried
out in an auger reactor at pilot scale at 450 ◦C and using N2 as carrier gas. Detailed information about
experimental conditions and results can be found in previous works [20–22]. The second step also
comprised a catalytic process, where the partial-deoxygenated organic fraction produced in the first
step was heat-treated at 450 ◦C in a fixed-bed reactor with hierarchical ZSM-5 zeolite. More details
about the catalytic cracking process and chemical characterisation of bio-oil can be found in previous
research articles [23–27].

2.2. Gasoline and Ethanol

The gasoline used as commercial fuel reference and for blending was acquired from CEPSA
Corporation (Spain). This fuel meets all the requirements established in the specifications defined by
Royal Decree 1088/2010. It complies with Directive 2009/30/EC and with the European standard CEN
EN 228. On the other hand, commercial ethanol (96 vol%) was provided by Scharlab, S.L.

2.3. Spark Ignition Engine and Generator

The experimental tests were carried out in a generator group (model G12TFH) equipped
with an air-cooled, 4-Stroke, overhead valve (OHV), 90 L V-twin Honda GX620 engine with
common-rail injection system. Specific characteristics of engine and generator can be seen in Tables 1
and 2, respectively.

Table 1. Main specifications of the spark ignition engine.

Engine Type Air-Cooled, 4-Stroke, OHV, 90 L V-twin

Bore × Stroke 77 × 66 mm
Displacement 614 cm3

Compression Ratio 8.3:1
Net Power Output 13.5 kW at 3600 rpm

Net Torque 40.6 Nm at 2500 rpm
Number of cylinders 2

Nominal fuel consumption 4.1 L/h
Dimensions (L ×W × H) 388 × 457 × 452 mm

Net Weight 42 kg
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Table 2. Main specifications of the generator group.

Start Type Electric, Automatic

Number of phases 3 (380/220 V/V)
Type of generator Synchronic

Active power 9.6 kW
Total power 12 kVA
Noise level 77 dB

Dimensions (L ×W × H) 900 × 600 × 580 mm
Weight 107 kg

2.4. Characterisation of Organic Bio-Oil Fraction

The organic bio-oil fraction used in this work was analysed by determining different
physicochemical properties according to different standard methods. Thus, ultimate composition
(Carlo Erba EA1108) and calorific value (IKA C-2000) were determined according to UNE-EN ISO
16948:2015 [28] and UNE-EN ISO 18125:2018 [29], respectively. Water content was also determined
by Karl-Fischer titration (Crison Titromatic) in accordance with ASTM E203-96 [30], while pH and
total acid number (TAN) were determined at room temperature using a Mettler Toledo T50 device
coupled with an electrode Inlab Micro and an electrode DGi118-solvant, respectively. Likewise, density
(Antor-Paar DMA35N) and viscosity (Brookfield LVDV-E) were also measured following the standard
ASTM D445 [31].

The chemical composition of the organic bio-oil fraction was determined by gas chromatography-
mass spectrometry (GC/MS) by means of a Varian CP-3800 gas chromatograph (GC) coupled to a
Saturn 2200 Ion Trap mass spectrometer (MS). A capillary column, CP-Sil 8 CB, low bleed: 5% phenyl,
95% dimethylpolysiloxane, (60 m, 0.25 mm i.d., film thickness 0.25 μm film thickness) was used.
The oven temperature was initially set at 70 ◦C and then was kept there for 1 min. Then, a final
column temperature of 300 ◦C was set, implementing a heating rate of 4 ◦C/min. From this point,
the temperature was maintained for 21 min. He (BIP® quality) was used as the carrier gas was at a
constant column flow rate of 1 mlN/min. 1 microliter of samples (1:25 wt%, solvent CH2Cl2:C2H6O
(1:1)) was injected with a solvent delay of 7.5 min and a split ratio 25:1. The temperatures of the injector,
detector and transfer line were 280 ◦C, 200 ◦C and 300 ◦C. Electron ionisation mode ranging between
35-550 m/z was used by MS, and compounds were determined by integrating the corresponding m/z.
Duplicate analyses were carried out for each sample giving results as an average. At this point, it should
be mentioned that relative standard deviation (RSD) values were lower than 10% for all components,
and these low variations do not affect the discussion and conclusion sections. The percentage of each
compound in the bio-oil was calculated by area normalisation, based on dividing the area of each peak
between the total area. In this way, the compounds were classified into families according to their
nature. The NIST2011 library was used to identify the mass spectra obtained from the GC/MS analyses.

2.5. Gas Emissions and Polycyclic Aromatic Hydrocarbons (PAHs) Trapping System

Gas emissions (O2, CO, CO2 and light hydrocarbons (CxHy)) were determined by gas chromatography.
For this, several gas samples were analysed (every 5 minutes) in a Hewlett Packard series II GC
connected to a Thermal Conductivity Detector (TCD). A Molsieve 5 Å column was used to analyse
O2 and CO (isothermal at 60 ◦C) and a HayeSep Q column to analyse CO2 and CxHy (isothermal at
90 ◦C). In addition, a TESTO 350 XL analyser placed in the exhaust pipe of engine was used to carry out
on-line characterisation of some of the gaseous emissions released (O2, CO2, NOx and SO2). It should
be pointed out that the emissions always remained at similar values for all tests (RSD values lower
than 7%–5% when gas % or ppm were measured).

A flow sampling system was also installed in the exhaust pipe to capture PAH emissions.
The trapping system used for this purpose consisted of a quartz filter (47 mm diameter) to capture the
PAHs present in the produced particulate matter and two connected steel tube cartridges filled up
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with XAD-2 resin (1.5 g each one) supported by quartz wool. The adsorption system was maintained
at 120 ◦C, avoiding water condensation. Filters and resins were cleaned-up by Soxhlet extraction with
DCM (24 h) before sampling.

PAHs were quantified using the GC/MS system previously described and following the
methodology shown in a previous work [32]. Briefly, it consisted of individual Soxhlet extraction of the
filter and each resin with the addition of deuterated-PAH surrogate standards containing different PAHs,
such as anthracene-d10 (An-d10), acenaphthene-d10 (Ace-d10), benzo(a)anthracene-d12 (BaA-d12),
benzo(ghi)-perylene-d12 (BghiP-d12) and benzo(a)pyrene-d12 (BaP-d12). Samples were concentrated
by a rotary evaporator and afterwards by a nitrogen stream flow exchanging the solvent to n-hexane
and p-terphenyl (p-tph) native was added as recovery standard.

Each compound was quantified by GC-MS/MS that operates at electron impact energy of 70 eV and
utilising the multiple reaction monitoring (MRM) mode (S.1, PAH analysis). PAH quantification was
conducted using the internal standard method that is in relation with the closest eluting PAH surrogate.
Standard calibrations were prepared at different concentrations obtaining six-point calibration curves
with correlation coefficients (r2) higher than 0.99. Injections were performed in the splitless mode
using a selective PAH capillary column (0.25 mm inner diameter and 30 m length and with a film
thickness of 0.25 μm). Helium BIP® at a constant flow of 1.5 mL/min was used as a carrier gas.
The temperature/time program was 70 ◦C, 1 min until 325 ◦C with a ramp of 10 ◦C/min and this
temperature was maintained for 13.5 min. The injector, ion trap and transfer line were kept at 280 ◦C,
200 ◦C and 300 ◦C, respectively.

The following PAHs were quantified by GC-MS/MS, according to their elution time: naphthalene
(Np, m/z 102), acenaphthene (Ace, m/z 151), acenaphthylene (Acy, m/z 150), fluorene (Fl, m/z
163), fluoranthene (Fth, m/z 200), phenanthrene (Phe, m/z 152), anthracene (An, m/z 152),
2+2/4-methylphenanthrene (2+2/4MePhe, m/z 189), 9-methylphenanthrene (9MePhe, m/z 189),
1-methylphenanthrene (1MePhe, m/z 189), 2,5-/2,7-/4,5-dimethylphenanthrene (DiMePhe, m/z 191),
pyrene (Py, m/z 200), benzo(b)fluoranthene (BbF, m/z 250), benzo(a)anthracene (BaA, m/z 226), chrysene
(Chry, m/z 226), benzo(k)fluoranthene (BkF, m/z 250), benzo(a)pyrene (BaP, m/z 250), benzo(e)pyrene
(BeP, m/z 250), indeno(1,2,3-cd)pyrene (IcdP, m/z 274), dibenzo(a,h)anthracene (DahA, m/z 276),
benzo(ghi)perylene (BghiP, m/z 274) and coronene (Cor, m/z 298) [33]. Detailed information about the
conditions for the PAH quantification by GC-MS/MS and PAH compounds and their toxic equivalency
factors (TEF) was included in the supporting information (Tables S1 and S2).

2.6. Blending Step

The bio-oil organic fraction was first mixed with ethanol, maintaining a proportion of 20/80
in volume. This sample was kept for 1 day at 25 ◦C, showing no evidence of phase separation.
The resulting mixture was then mixed with commercial gasoline (10/90 in volume) achieving a total
mixture of 90/8/2 vol% of gasoline/ethanol/bio-oil. From this point, this sample will be referred to
as G90E8B2. No higher proportions were able to be tested due to availability of the bio-oil sample.
It should be noted that, based on the amount of available biomass for energy generation and, more
concisely, based on the amount of bio-oil that can be generated by pyrolysis processes (which is low in
comparison with fossil-based commercial fuels market) [34], this selected proportion is considered
as representative to assess the influence of the biofuel as a drop-in fuel [4]. Moreover, it should be
mentioned that new legislation concerning the promotion of the use of biofuels, as well as other
renewable fuels in transport, proposes to reach higher percentages each year. Particularly, the European
Directive 2009/28/EC [35], related to the promotion of the use of energy derived from renewable sources,
establishes that each Member State shall guarantee that the share of energy derived from renewable
sources concerning all types of transport in 2020 is at least equivalent to 10 percent of its final energy
consumption in transport. Hence, considering that the ethanol is obtained from renewable sources,
this mixture can be considered as a good approach to assess the results. The resulting sample was kept
and filtered, ensuring no solid particles presence in the final mixture. Finally, in order to check the
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stability of the sample, it was stored for 1 day at 25 ◦C. After that period of time, no phase separation
was observed and sample was considered ready to be used. An aliquot of the mixture can be seen in
Figure 1.

Figure 1. Final sample of G90E8B2 after filtering.

2.7. Fuel Consumption and Electrical Efficiency

The fuel consumption is an important parameter to assess the performance of a fuel in an internal
combustion engine. The assessment of this parameter estimates the potential fuel savings and costs,
as well as reductions in CO2 emissions. Together with efficiency, this parameter gives a general
perspective on how the engine works with a particular fuel. In this case, the electrical efficiency was
calculated according to Equation (1) [13]:

Electrical Efficiency (%) = 100 ×
∅ f uel × ρ f uel× LHV f uel

3.6× Pe
(1)

where Øfuel corresponds with fuel consumption (l/h), ρfuel with the density (kg/L), LHVfuel with the
lower heating value of each fuel (MJ/kg) and Pe with the electrical output (kW), being the same for the
two tests (4.4 kW).

3. Results and Discussion

3.1. Properties of the Bio-Oil, Ethanol and Gasoline

Table 3 shows the main physicochemical characteristics of the upgraded bio-oil, the gasoline (G100),
the ethanol (EtOH) and the resulting mixture of these fuels (G90E8B2). For comparison purposes,
the same characterisations from common bio-oils were also included. Generally speaking, common
bio-oils produced from biomass pyrolysis are characterised by a great amount of undesired oxygenated
compounds. This composition and the remarkable water content (15–30 wt%), entails a polar nature
that avoids a complete blending with commercial hydrocarbons. Moreover, the significant content of
organic acids, such as acetic or formic acid, confers it a high acidic character (pH values around 2–3).
Among other reasons, common pyrolysis oil presents poor ignition properties, complicating its use in
common diesel or spark engines. A complete characterization of common pyrolysis oils can be found
in extensive reviews [36]. On the other hand, the upgraded bio-oil used in this study shows interesting
properties to be considered as potential drop-in fuel. Although there is still oxygen in the bio-oil, its
content is much lower than that found in conventional bio-oils obtained from biomass pyrolysis [37,38].
This elemental composition entails a relative high calorific value (32.5 MJ/kg), which is a very important
factor for the purpose of this work. In addition, acidic problems related to common bio-oils are
expected to be reduced as higher pH and lower TAN values are observed. Also, it is important to
highlight that water content is reduced with a final value lower than 5 wt%, keeping density and
viscosity at the same values as those of common bio-oils. Regarding the mixture G90E8B2, it was
observed that the proportions of ethanol and bio-oil used barely modified the main properties of the
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final fuel when compared to the initial gasoline sample. However, the applicability of a prospective
bio-fuel can only be analysed by means of test engine runs [39]. For this reason, experiments in the
engine were performed without any modification in comparison with the G100 experiment.

Table 3. Some properties of common crude bio-oils (adapted from [8]), organic bio-oil fraction used in
this work, gasoline, ethanol and G90E8B2 blend.

Fuel
Ultimate Analysis (%.wt) Calorific Value

(MJ/kg)
Water Content

(%.wt)
pH–25 ◦C TAN

(mgKOH/g)
Viscosity

(cP)–40 ◦C
Density

(kg/L)–25 ◦CC O H N S

Crude bio-oils 30–40 35–55 6–7 0.2–0.5 0.0 16–17 15–30 2–3 60–90 10–15 1.1–1.4
Upgraded bio-oil 75 16.4 8.4 0.2 0.0 32.5 4.7 4.0 21.3 9.4 1.15

G100 87.2 0.0 12.9 0.0 0.01 43.6 <0.1 2.9 <5 0.12 0.75
EtOH 52.2 34.7 13.1 0.0 0.0 29.6 3.8 7.3 <5 1.9 0.78

G90E8B2 84.2 3.1 12.8 0.004 0.009 42.3 0.4 3.2 <5 0.45 0.77

Regarding the chemical composition of common bio-oils, it can be stated that bio-oil is a complex
organic mixture of compounds, mainly alcohols, ketones, phenols, aldehydes, ethers, esters, sugars,
furans, alkenes, nitrogen and other different oxygenated compounds [40]. This liquid also presents
considerable amount of reactive molecules with high molecular weight, that contribute to their
instability [41]. Thus, upgrading post-conversion treatments are necessary to produce potential market
bio-products [42,43]. Specifically, to facilitate the compatibility of bio-oil with other fuels, upgrading
methods are focused on bio-oil deoxygenation and hydrogenation. Our research group has reached
important advances in this field, achieving a great reduction of the oxygen content in the final bio-oil,
as well as increasing the production of value-added products like aromatics. In this case, after the
two-step upgrade process, it has been possible to obtain a significant deoxygenated organic phase rich
in light aromatic compounds. These kinds of hydrocarbons make up a large part of gasoline, containing
up to 35 vol%. Other hydrocarbons are olefins (18 vol%) and benzene (1 vol%) according to technical
data files of CEPSA corporation [44]. It should be pointed out that the aromatic fraction of the upgraded
bio-oil is mainly composed of C6–C8 aromatics (40–60 %). These components can be considered to be
benzene, toluene and xylene (BTX) hydrocarbons, which are very valuable aromatic compounds. Thus,
due to its properties and chemical composition, this liquid has been considered a potential renewable
hydrocarbon biofuel able to be used as infrastructure-compatible fuel, i.e., as drop-in fuel. Detailed
information about this process can be consulted in previous works [20,21,23,24].

3.2. Performance of Engine Tests

Experiments were conducted showing no operational problems and no difficulties in the start-up
of the engine, which is one of the common problems when bio-oil is used as fuel in internal combustion
engines [4,7]. It should be mentioned that, unfortunately, due to the availability of the bio-oil sample,
it was only possible to check one mixture at one operational condition. However, for these conditions,
the test was carried out over approximately one hour, showing no symptoms of malfunction. Hence,
we consider that these results could be a very interesting starting point for future research, encouraging
its application at a higher scale. Indeed, our research group has achieved recent advances in the field
of drop-in fuels at higher scales [45], which could also have a great potential for this application.
Interestingly, there is no remarkable differences in the specific fuel consumption when the G100 (0.74
g/kWh) and G90E8B2 (0.77 g/kWh) are used at the same load. This suggests that fuel mixture G90E8B2
could maintain the same power consumption as that of commercial gasoline, the small differences
being related to the slightly lower calorific value of the mixed fuel [46]. These results are in line with
those carried out by Pelaez-Samaniego et al. [18]. In that work, no significant differences in the fuel
consumption were found when a bio-oil/gasoline blend (90/10 vol%) was used in a spark ignition
engine. Likewise, the presence of ethanol in bio-oil has the advantage of improving viscosity and
combustion conditions that seem to be favoured because of the higher octane number and higher
flame speed compared to gasoline [47,48]. In addition, the electrical efficiency of the different fuels
at the same load was found to be 9.72% and 9.99% for G100 and G90E8B2, respectively. Even so,
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it can be highlighted that overall efficiencies were very similar for both fuels but slightly superior for
G90E8B2 sample.

3.3. Exhaust Gaseous Emissions

Figure 2 presents the gas emissions obtained from the GC analysis for O2, CO and CO2, for both
fuels (G100 and G90E8B2) under steady state conditions. As it can be observed, oxygen amount in the
exhaust gas is lower when the fuel mixture G90E8B2 is fed (16.5 g/kWh), as compared to that found for
the G100 (42.0 g/kWh). This is directly related to the increase of CO2 emissions, which is higher for
G90E8B2 (107.8 g/kWh) than for G100 (50.4 g/kWh). In addition, CO emissions were slightly lower
for G90E8B2 (9.03 g/kWh) than for G100 (9.63 g/kWh). CO is a product of incomplete combustion,
but it also depends on both the temperature in the cylinder and the oxygen content present in the fuel.
Although it was not included for brevity and clarity, these tendencies of O2, CO and CO2 emissions at
steady state could be verified by the results obtained using TESTO XL 350. O2, CO and CO2 emissions
suggest a better combustion performance of the G90E8B2, mainly due to the fact that the oxygen
content provided by both ethanol and bio-oil is higher. The availability of oxygen in G90E8B2 helps
to reduce CO at expenses of CO2. Similar results have been reported in the literature. For instance,
Deng et al. [49] observed in a four-cylinder spark ignition engine operated at different engine speeds
that increasing ethanol concentration in a blend with gasoline lead to lower CO emissions than pure
gasoline. Sakthivel et al. [50] also reported a decrease in the CO emissions with increasing ethanol
content as compared to pure gasoline using a single-cylinder spark-ignition engine.

Figure 2. O2, CO and CO2 emissions at steady state obtained from the gas chromatograph (GC) analysis.

Another parameter that can provide some useful information about combustion efficiency is the
amount of hydrocarbons (HC) emitted. Although differences are not very remarkable, the results
shown in Figure 3 confirm that the total HC emissions were slightly higher when commercial gasoline
was used instead of G90E8B2.
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Figure 3. Hydrocarbon and NOx emissions at steady state obtained from the GC analysis.

NOx emissions are another key parameter in assessing the environmental impact of any fuel used
in an internal combustion engine. It is well known that thermal NOx generation mainly depends on
temperature in the cylinder, the oxygen concentration in the combustion reaction, and the residence
time. Ethanol has a higher latent heat and a lower energy density than gasoline, and hence a lower
temperature is expected. However, as can be seen in Figure 3, NOx emissions (either NO and NO2) were
higher when G90E8B2 (0.22 mg/kWh) was used, as compared to G-100 (0.11 mg/kWh). Deng et al. [49]
also reported higher NOx emissions when the proportions of ethanol increased in a gasoline blend.
This could be explained by the slightly higher nitrogen content accounted for the upgraded bio-oil
(see Table 3). However, it cannot be completely ruled out that the increase in NOx emissions are
directly related to the temperature and oxygen content in the combustion chamber, or even due to
the higher water content of the mixture [12]. This fact could be also explained by the different value
of the viscosity found for the mixture that could entail a different behaviour in the atomisation of
the fuel in the cylinder [9]. It is also worth mentioning that SO2 was also evidenced, but only was
significant in the first minutes of the experiment. While 3.44 mg/kWh were measured when G100 is
tested, 0.68 mg/kWh were evidenced for the mixture G90E8B2. Although these can be considered
small quantities, the fact of their incorporation in bio-oil can reduce environmental issues related to
this component. This could be explained by the negligent sulphur content of the upgraded bio-oil
fraction. If ethanol comes from renewable sources, its carbon footprint will be significantly reduced.

3.4. PAH Concentrations

Polycyclic aromatic hydrocarbons (PAH) can be produced because of the incomplete combustion
of organic compounds. In any energy generation process, the identification and quantification of these
compounds is very important owing to their carcinogenic and mutagenic effects with harmful impacts
on human health [51]. This is one of the main reasons why 16 PAHs were recognised by the United
States Environmental Protection Agency (US EPA) as a strong carcinogenic teratogenic PAH [52].

PAH concentrations for the two fuels (G100 and G90E8B2) were determined according to the
sampling system; a Teflon filter and two simultaneous XAD®-2 resins (Figure 4). Each sample was
injected by duplicate and relative standard deviation lower than 10% was obtained for each PAH,
in each individual trap system. It was observed that the total PAH concentration was remarkably lower
when using the G90E8B2 mixture (4164 ng/m3) than the one obtained working with G100 (6914 ng/m3).
Moreover, this reduction was mainly appreciated in the resins system (gas phase PAHs). It is also
important to highlight the distribution of PAHs according to their volatility as a function of the trapping
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system. In this regard, the resin was able to trap most of the volatile PAHs, whereas the Teflon filter
retained a wider range of PAHs, including heavier PAH-like Cor. According to these results, it seems
that the introduction of oxygen into the fuel provided by the ethanol and the upgraded bio-oil improved
the efficiency of the combustion process, producing a smaller amount of PAHs, in particular the most
volatile ones, which were mainly retained in both resins. These results were in accordance with the
gas emission profile showed in the previous section, since oxygen values were lower for the G90E8B2.
Other authors [53,54] already observed that oxygenated fuels decreased the soot precursor species
during the fuel-rich premixed ignition and promoted the oxidation of the already-formed soot in a
diffusion flame. Because certain unsaturated hydrocarbons, such as some PAH and acetylene, are the
most likely precursors of soot particles [14], carbon atoms bonded to oxygen atoms in oxygenated fuels
do not influence particulate matter formation, and this could explain the low PAH concentration from
G90E8B2 combustion.

 

Figure 4. Cont.
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Figure 4. (A): Polycyclic aromatic hydrocarbon (PAH) concentrations for each fuel as a function of the
trap system. (B,C): Distribution of PAH according to their volatility as a function of the trapping system.

This could be also explained according to the nature of the fuel burnt. Authors like Yinhui et al. [55]
found that higher concentration of aromatics in gasoline resulted in much higher particulate matter
(PM) and PAH emissions. Reducing aromatic compounds content in gasoline by the addition of other
fuel component, such as bio-oil/ethanol blend, could result as an important approach to reduce primary
particulate emissions of gasoline vehicles and, in consequence, improve air quality [55]. Results
found in this work corroborated the lower PAH concentration in G90E8B2 versus the G100 with the
substitution of a fraction of gasoline by an ethanol/upgraded bio-oil blend.

As mentioned above, PAH are listed as priority pollutants by the US EPA and they are released
to the atmosphere after combustion processes. An interesting parameter to consider, in addition to
PAH concentrations, is related to their carcinogenic character. One of the most carcinogenic PAHs is
benzo(a)pyrene. In fact, this PAH is regulated by European directives (Directive 2004/107/EC [56])
setting a target value for PAHs in terms of concentration of BaP of 1.0 ng/m3 in the air as annual
mean value measured in the particulate matter equal to or less than 10 μm (PM10) in aerodynamic
diameter. In this way, an assessment of this character as a function of the different fuels based on toxic
equivalency quotient (TEQ) relative to BaP (BaP-TEQ) was calculated. This behaviour was calculated
by considering the toxic equivalency factors (TEF) of Nisbet and LaGoy (1992) [57] (Table S2) and
multiplying the TEF by the concentration of each individual PAH in each sample. Results obtained
for the two experiments were expressed as a function of the trapping system as BaP-TEQ (Figure 5A).
It was observed that the fuel composed of the upgraded bio-oil presented a lower carcinogenicity
factor than using pure gasoline. Despite some PAHs like DahA did not show a high contribution to the
total PAHs, its contribution to the BaP-TEQ was remarkable, whereas other compounds like Np with
high contribution in the G100 combustion were negligible in the BaP-TEQ concentration (Figure 5B).
Independently of the fuel burnt, BaA, BaP and IcdP were the PAH with the maximum contribution
to the BaP-TEQ. These results reflected the importance in studying PAH emissions, not only PAH
concentrations but also the nature and the carcinogenic character of the individual PAH.
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Figure 5. (A): Benzo(a)pyrene (BaP)-TEQ (ng/m3) as a function of the fuel for each individual trap
systems. (B): percentage of contribution of each individual PAH to the BaP-TEQ for each fuel.

The promising results achieved in this work could offer the first insights on the potential application
of upgraded bio-oil fraction as a drop-in fuel in current commercial engines. Extended duration tests
and improving bio-oil properties, jointly with the study of different proportions in the final product,
are the next steps to consider this application at higher scales.

4. Conclusions

In this work, an upgraded bio-oil/ethanol blend has been successfully tested as a drop-in fuel
in a spark ignition engine. This renewable hydrocarbon biofuel can therefore be considered as an
infrastructure-compatible fuel. Ethanol was added to facilitate the mixture and stability. The results
revealed that it is possible to work with a blend 90/8/2 vol% of gasoline, ethanol and upgraded
bio-oil fraction evidencing similar specific fuel consumption and electrical efficiency. Moreover,
exhaust emissions suggest that combustion can be considered more completed. Likewise, this blend
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produces lower PAH concentrations than those with pure gasoline, mainly in the gas phase. Moreover,
these emissions are less carcinogenic, which strongly improves the air quality from human health
impact. Thus, the results showed that it is technically feasible to use low blends of aromatics-rich
bio-oil and ethanol with gasoline in conventional spark engines.

Supplementary Materials: The following are available online at http://www.mdpi.com/1996-1073/13/8/2089/s1,
S.1 PAH analysis, Table S1: Composition conditions for PAH quantification by GC-MS-MS, Table S2: PAH
compounds and their toxic equivalency factors (TEF).
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Abstract: The impact of using different nanostructured carbon materials (carbon nanofibers, carbon
nanotubes, graphene oxide and activated carbon) as a support for Mo2C-based catalysts on the
hydrodeoxygenation (HDO) of guaiacol was studied. To optimise the catalyst preparation by
carbothermal hydrogen reduction (CHR), a thermogravimetric study was conducted to select the
optimum CHR temperature for each carbon material, considering both the crystal size of the resulting
β-Mo2C particles and the extent of the support gasification. Subsequently, catalysts were prepared in
a fixed bed reactor at the optimum temperature. Catalyst characterization evidenced the differences
in the catalyst morphology as compared to those prepared in the thermogravimetric study. The HDO
results demonstrated that the carbon nanofiber-based catalyst was the one with the best catalytic
performance. This behaviour was attributed to the high thermal stability of this support, which
prevented its gasification and promoted a good evolution of the crystal size of Mo species. This
catalyst exhibited well-dispersed β-Mo2C nanoparticles of ca. 11 nm. On the contrary, the other
supports suffered from severe gasification (60–70% wt. loss), which resulted in poorer HDO efficiency
catalysts regardless of the β-Mo2C crystal size. This exhibited the importance of the carbon support
stability in Mo2C-based catalysts prepared by CHR.

Keywords: Mo2C catalysts; nanostructured carbon materials; hydrodeoxygenation of guaiacol;
carbothermal hydrogen reduction

1. Introduction

Since the development in 1985 by Boudart et al. of high specific surface area carbides and
nitrides by temperature-programmed reduction [1], several authors have synthetised Mo2C catalysts
by this method using hydrocarbon/hydrogen mixtures [2–8]. Alternatively, for carbon-supported
Mo2C catalysts, the carbothermal hydrogen reduction (CHR) method may transform Mo oxides
into hexagonal-close-packed carbides (β-Mo2C) at relatively moderate temperatures (<800 ◦C) using
pure hydrogen [9–14]. CHR has attracted scientific attention due to the fact that it might avoid
carbide contamination by polymeric carbon deposition on the active sites when hydrocarbons are
used as a carbon source [15]. Besides, the use of milder temperature conditions may mitigate the low
specific surface area obtained due to the partial destruction of the support [16]. Nevertheless, several
parameters are involved in the resulting crystallographic and morphological characteristics of the
Mo2C phase, such as carburization temperature, heating rate, carburization time, Mo precursor, Mo
content and the nature of the carbon support [11,12,14,17–19].

The carbon support, besides being the carbon source in CHR, is regarded as one of the best choices
as a support in biomass-based liquid phase reactions [15,20–24], with the high efficiency in oxygen
removal minimizing the H2 consumption [25]. Thus, these materials have been widely studied both in
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the CHR and as catalyst support. Mordenti et al. studied Mo2C formation from activated carbon (AC)
in CHR at 700 ◦C, showing complete carburization which led to Mo2C crystals of 14 nm on average. In
addition, the authors observed an increase of the metal loading and a depletion of the specific surface
area after CHR due to gasification [9]. Pielaszek et al. compared the use of two different ACs (NC100
and carbon monolith from expanded graphite) in the formation of Mo2C by CHR at temperatures up
to 700 ◦C [26]: for the former support, at 700 ◦C, the authors observed the formation of hexagonal
close packing Mo2C crystals smaller than 10 nm; for the latter, this crystal formation took place at
lower temperatures (450 ◦C). The monolith also showed a Mo metal signal in some cases. Additionally,
the authors explored different carburization times (1 h and 108 h) for this support at relatively low
temperatures 450–600 ◦C. Longer times led to a slight increase of the crystal size in contrast to the
relative high increase obtained in the Mo metal phase. Liang et al. [10] used a high surface area carbon
obtained from petroleum coke as the support of a Mo catalyst with 10% Mo content by CHR. They
obtained 6 nm Mo2C crystals at 700 ◦C; this was accompanied with a surface area depletion from
3234 m2/g to 2341 m2/g [10]. Wang et al. [12] used a similar petcoke with 10%Mo; in contrast, they
determined 750 ◦C to be the optimum carburization temperature to obtain a mesoporous catalyst
without suffering Mo2C sintering and support collapse. In turn, they extended the carburization time
for 90 min, provoking an enlargement of the Mo2C crystal and an increase on the mesoporous volume.
This resulted in a higher catalytic activity in 4-methyl phenol hydrodeoxygenation (HDO) [12]. In
order to determine the carburization temperature effect in CHR using an activated charcoal, Wang et al.
prepared Mo2C/AC catalysts varying the CHR temperature from 600 ◦C to 800 ◦C. They concluded that
an increase in temperature led to a higher crystallization degree and less oxygen in the intermediate
MoOxCy species commonly obtained in the carburization process. However, an overpass at 700 ◦C
resulted in a metallic agglomeration, which diminished the catalytic activity in the HDO of 4 methyl
phenol [11]. He et al. studied the effect of Mo loading (10 wt.%, 20 wt.%, 30 wt.%, 50 wt.% and 80 wt.%)
on raw AC activated with HNO3 on the CHR at 700 ◦C. Higher Mo loading resulted in a decrease of
the BET surface area and total volume pore due to the partial destruction of the support and in turn
resulted in larger Mo2C crystals and agglomerations [27]. They tested these catalysts in the vanillin
HDO, concluding that the optimum Mo loading was 20 wt.% due to a good balance between the Mo
content and the absence of particle agglomeration [27].

Nanofilamentous supports such as carbon nanofibers (CNF) and nanotubes (CNT) were also
studied in CHR. For CNT, Frank et al. evaluated the CHR conditions (gas flow, heating rate and Mo
loading), and they noticed that the defects of the CNT structure were crucial in the MoxC crystal
formation, which led to a highly active catalyst in the steam reforming of methanol (SRM) [28].
Subsequently, aiming to enhance the Mo2C/CNT properties in this reaction, they modified the CNT
surface with heteroatoms (O, N and S). The performed functionalization affected the final nature
of the Mo2C nanoparticles and, in particular, N-doped CNT increased the Mo dispersion and the
catalytic activity [29]. For the same purpose, Barthos et al. transformed the Mo precursor (ammonium
heptamolybdate) into MoO3 prior to CHR and used the resulting Mo2C/CNT as a catalyst for SRM. In
the preparation, they observed by X-ray photoelectron spectroscopy (XPS) the appearance of Mo2C at
500 ◦C and the complete transformation of MoO3 to Mo2C at 700 ◦C [30]. Li et al. studied the CHR
process using CNT (as-received and nitric-treated) at four different carburization temperatures ranging
from 500 ◦C to 700 ◦C; Mo2C formation was observed at a relatively low temperature of 580 ◦C for both
supports. However, the nitric treatment prevented the metallic agglomerations and the destruction of
the support after the process even if the CHR was conducted at high temperatures [31]. Although some
works have been undertaken using CNF as a catalytic support of Mo2C nanoparticles [20,23] most of
them have been based on carbothermal reduction using N2, and only a few have focused on CHR. With
regard to flowing N2, Stellwagen and Bitter compared the catalytic activity of CNF-supported W and
Mo carbide catalysts in the deoxygenation of stearic acid and related intermediates. An apolar CNF
treated with HCl and a polar CNF functionalised with HNO3 were prepared and used as the supports.
The catalyst prepared on the apolar support showed larger crystals compared to the oxidised CNF,
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which was more stable due to its higher resistance against the metal oxidation [32]. With regard to
flowing H2, Moreira et al. prepared Mo2C supported on commercial CNF at 750 ◦C and subsequently
used this in the HDO of guaiacol under different operating conditions. They reported the possibility of
suffering etching during the CHR when this support is used [33].

The effect of different carbon supports on the formation of Mo2C during CHR needs to be further
studied. Santillana et al. tested three carbon supports (AC, CNT and CNF) with 7.5 Mo wt.% or 20 Mo
wt.% in diluted 10% H2/He at 1000 ◦C in the HDO of guaiacol. For Mo2C/AC, only an amorphous Mo
phase was observed, in contrast to Mo2C/MoC crystalline particles for the filamentous carbon. Indeed,
due to the well-dispersed Mo2C nanoparticles on CNF, this catalyst showed the highest selectivity to
phenol and catalytic activity at 350 ◦C [24]. In two different works, Qin et al. compared several carbon
supports: AC, CNF, CNT carburised at 700 ◦C [21]; and AC, graphite, fullerenes and reduced graphene
oxide (RGO) carburised at 500–700 ◦C in CHR [34]. The work optimised the Mo2C loading in 20 wt.%
and compared the three supports in the HDO of methyl palmitate. In this reaction, all the catalysts
showed a similar conversion, even though the Mo2C/CNT showed different product distribution
compared to Mo2C/CNF and Mo2C/AC. The latter work was focused on the Mo2C formation in CHR
at ranging temperatures of 500–700 ◦C and their catalytic activity in the HDO of maize oil. Particularly,
the catalyst prepared on RGO by means of oxidation and a reduced method showed the highest
catalytic activity, enhanced by the active sites and Mo2C particle size. These authors attributed a
catalytic behaviour comparable to noble metal catalysts to the Mo2C-based catalyst due to C insertion
into the Mo lattice, which shows that the d-electron density of the states of the early transition metal
becomes higher at the Fermi level [35].

In addition, when Mo2C is prepared by CHR using carbon materials as a support, the formation
of coke on the surface of the catalysts, typically associated with the use of hydrocarbons in the
carburization step, is avoided [28]. Normally, Mo2C supported in metal oxides (TiO2, ZrO2, CeO2, SiO2

or Al2O3) prepared by temperature programmed reduction with hydrocarbons shows deactivation
problems due to coke deposition, resulting in a low specific surface area and low stability, and thus
low catalytic activity [14].

As described in this brief introduction, CHR is a complex process in which the carbon source is
one of the key factors. Depending on the nature of the carbon structure, the CHR conditions may
not necessarily remain the same. Therefore, in order to compare the influence of carbon as a Mo2C
support, it is mandatory to determinate the most suitable CHR conditions individually in order to
simultaneously preserve the physicochemical properties of the support and achieve well-developed
Mo2C crystal formation. The successful development of carbon-supported Mo2C catalysts may pave
the way for the deployment of HDO technologies, which is of utmost importance to effectively
producing high value-added products from biomass resources.

In this work, differently nanostructured carbon nanomaterials (CNF, CNT, RGO and a commercial
AC) were used as Mo2C supports. Within the framework described above for the CHR, it is of utmost
importance to carefully select the CHR condition since each carbon support shows its inherent properties
in the carburization of Mo, resulting in different β-Mo2C crystal sizes and affecting considerably the
final textural properties of the catalyst. Thus, prior to the carburization process, Mo-impregnated
supports were subjected to a thermogravimetric study mimicking the CHR conditions, followed by
the characterization by X-ray diffraction of the resulting catalysts. The objective was to determine the
optimal CHR temperature, aiming to preserve the support and achieve a well-developed β-Mo2C
crystal structure. Once the carburization temperatures were selected for each support, the catalyst was
prepared by CHR in a fixed bed reactor. Subsequently, its catalytic activity was tested in the HDO of
guaiacol at relatively mild conditions (300 ◦C, 20 H2 bar and 2 h). The guaiacol molecule is widely used
as an aromatic model compound of fast pyrolysis oil [36–38]. The catalysts were compared regarding
theur guaiacol conversion, product distribution and selectivities, and oxygen removal efficiency.

47



Energies 2020, 13, 1189

2. Materials and Methods

2.1. Synthesis of Nanostructured Carbon Materials

Carbon nanofibers were produced in a rotatory bed reactor by CH4:CO2 (50:50 vol.%) catalytic
decomposition at 650 ◦C using a Ni-Co/Al2O3 catalyst (33.5:33.5:33 molar%). This material was purified
with concentrated HCl at 60 ◦C for 4 h and under mild sonication. After that, the solid was filtered,
rinsed with distillate water until a pH of 7 was reached and dried overnight at 60 ◦C. Subsequently,
an oxidation stage was performed with concentrated HNO3 at boiling point for 1 h and under reflux.
After oxidation, the product was filtered, washed and dried as in the previous purification stage. These
purified and oxidised carbon nanofibers are referred to as CNF in the manuscript. More details of this
synthesis can be found in previous works [18,19].

CNTs were produced by the decomposition of a methane-rich stream (H2 = 10 L/h; CH4 = 48 L/h;
N2 = 38 L/h) in a rotatory bed reactor, as elsewhere described [39]. Fe-Mo/MgO (7.5:1.5:91.0 molar %)
prepared by co-precipitation was used as a catalyst at 900 ◦C and for 30 min. The synthesis of these
catalysts and the procedures of CNT growth are described elsewhere [40,41]. Additionally, CNTs were
purified and oxidised as previously described for CNF.

RGO was synthetised by the chemical unzipping of CNT using a modification of Hummers’
method [42] and subsequent hydrothermal reduction. In this case, CNTs were produced in the rotatory
bed reactor with a massive Fe-based catalyst, as described in [42]. Aiming to remove the high oxygen
content obtained after Hummers’ method, the graphene oxide was reduced hydrothermally at 180 ◦C
and for 6 h in an autoclave reactor [43]. After reduction, RGO was dried overnight at 60 ◦C.

Commercial activated carbon (NORIT C GRAN, CABOT), designed as AC, was used as received.
This material was ground in a mortar, and no further treatments were performed. All these carbon
materials were grouped under the acronym NCM (nanostructured carbon material).

2.2. Mo Precursor Impregnation and Carbothermal Hydrogen Reduction

Mo was incorporated on the NCM by incipient wetness impregnation using an
(NH4)6Mo7O24·4H2O aqueous solution (AHM) [18] in order to obtain a Mo content of 10 wt.%
after drying (10.6 wt.% of Mo after the transformation of AHM into Mo2C in CHR process). These
materials were labelled as AHM/NCM (where NCM refers to CNF, CNT, RGO or AC). Although
the temperature program used in the CHR was established in previous works for CNF-supported
catalysts [18,19], the CHR temperature was initially optimised for the different carbon supports by
using a thermobalance coupled with a mass spectrometer (TG-MS) (NETZSCH TG 209 F1 Libra®

thermobalance coupled to a MICROMERITICS AutoChemTM II 2920 mass spectrometer), where
the reduction process was simulated followed by the structural analysis of the resulting catalysts
(labelled as Mo2C/NCM) by X-ray diffraction (XRD). The impregnated NCM was introduced in the
thermobalance and carboreduced for 2 h at temperatures ranging from 650 ◦C to 800 ◦C, using H2/Ar
(10/90 vol./vol.) as reduction gas and with a temperature ramp of 10 ◦C/min.

Once the carburization temperature for each support was selected, the CHR of each AHM/NCM
was carried out in a fixed-bed tubular quartz reactor using 2.0 g of the sample, 100 mL/min of pure H2

and atmospheric pressure. The carboreduction program consisted of three steps: fast heating to 350 ◦C
at 10 ◦C/min, slow heating to the optimal temperature at 1 ◦C/min [18], and an isothermal period of 1 h
at this temperature. Subsequently, the reactor was cooled down under an N2 atmosphere, and the
catalysts were passivated with an O2/N2 (1/99 vol./vol.) mixture using a flow rate of 24 mL/min at
25 ◦C for 2 h. The carboreduced catalysts (reduced to their optimal temperatures) were named as
Mo2C/NCM and used in the HDO of guaiacol.

2.3. Catalytic Hydrodeoxygenation of Guaiacol Using Mo2C/NCM

The catalytic tests were conducted in an autoclave reactor at 300 ◦C and 20 bar of H2 (at room
temperature). In a typical run, 1.2 mL of guaiacol was dissolved in 40 mL of n-decane and introduced
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in the reactor with 0.2 g of catalyst. This mixture was heated to 300 ◦C at 10 ◦C/min under soft stirring
(300 rpm) to minimize the contact. Once the operating temperature was reached, the reaction was
performed for 2 h under vigorous stirring (1000 rpm). The liquid products were filtered and analysed
by Gas Chromatography with a Flame Ionization Detector (GC-FID) as in previous works [18].

Briefly, the guaiacol conversion, HDO ratio (parameter which allows comparing the oxygen
proportion in the products), specific product yield (SPY) and mass balance were calculated as follows:

Conversion (%) = (mol of guaiacol in feed −mol of guaiacol in the product)/mol of guaiacol in feed × 100 (1)

HDO ratio (%) = (mol of O in feed −mol of O in the product)/mol of O in feed × 100 (2)

Mass balance (%) = (mass of products +mass of unreacted guaiacol)/mass of guaiacol in feed × 100 (3)

SPY (wt.%) = (mass of product/mass of Mo in the catalyst) × 100 (4)

2.4. Characterization of NCM and Mo2C/NCM Catalysts

The physical properties of the carbon supports were determined by means of Micrometrics
ASAP2020 equipment. Through the 77 K N2 physisorption, the specific surface area according to
the BET method (SBET) and the total pore volume (Vt) at a relative pressure of P/P0 > 0.971 were
calculated. Additionally, for RGO, CO2 physisorption at 273 K was performed in order to determine
the micropore surface area by the Dubinin–Radushkevich equation. The residual catalyst of the
prepared support and the metallic impurities of AC were determined by thermo-gravimetric analysis
by flowing 50 mL/min of air and heating the NCM to 1000 ◦C at 10 ◦C/min; the mass loss was recorded
in a TG 209 F1 Libra (NETZSCH®). The textural properties of the prepared NCM were observed by
transmission electron microscopy (TEM), supporting the NCM in copper grids covered with a lacey
amorphous carbon film. TEM images were captured using a JELO-2000 FXII microscope operating
at 200 KeV for CNF; for AC, CNT and RGO, a Tecnai F30 (FEI) at 300 KeV was employed. For the
identification and size determination of the crystal phases, a DIFRAC PLUS EVA 8.0 diffractometer
was used. The identification of the crystal phases was determined by TOPAS software using Rietveld
refinement, while the phase identification was realised according to the EVA software package with
the International Centre for Diffraction Data database.

The sample scanning was performed at 2θ = 20◦–80◦ by 0.02◦/s by means of a Bruker D8
Advance Series 2 diffractometer equipped with Ni-filtered CuKα radiation and a secondary graphite
monochromator. The catalyst surface was determined by an ESCAPlus (OMICROM) spectrometer
under a <5 × 10−9 Torr vacuum and analysed using CASA XPS software applying a Shirley-type
background. The emitted radiation was generated by a hemispherical electron energy analyser, an X-ray
at 225 W (15 mA and 15 KV) and a non-monochromatised MgAlα. In order to determine the metallic
final composition, the catalyst was treated following the sodium peroxide fusion procedure prior to
introduction in a Spectroblue (AMETEK) inductively coupled plasma-optical emission spectrometer
(ICP-OES). To obtain the high-angle annular dark field (HAADF) images, the samples were deposited
in amorphous carbon-coated copper grids an introduced into a Tecnai F30 (FEI) at 300 KeV using the
scanning transmission electron microscope (STEM) mode. The STEM mode allows the use of a coupled
energy-dispersive X-ray spectroscope (EDX) for in situ chemical composition analysis.

3. Results and Discussion

3.1. Characterization of NCM

The morphological appearance of the supports was observed by TEM, as shown in Figure 1. CNF
showed a graphite stacking in the form of a fishbone-type nanofilament, with an inner hollow core
of around 6 nm in diameter and an average outer diameter of 20–30 nm (Figure 1a,b). CNT showed
narrower diameters (10–15 nm) with a regular stacking of 8–20 concentric layers (Figure 1c–d). RGO was
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composed by agglomerates of wrinkled sheets of 4–6 layers (Figure 1e–f). The commercial AC consisted
of spherical aggregates composed of randomly aligned small graphite crystallites (Figure 1g–h).

 
(a) (b) 

 
(c) (d) 

Figure 1. Cont.
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(e) (f) 

  

(g) (h) 

Figure 1. Transmission electron microscope (TEM) images of carbon nanofibers (CNF) (a,b), carbon
nanotubes (CNT) (c,d), reduced graphene oxide (RGO) (e,f) and commercial activated carbon (AC) (g,h).

In order to determine the surface chemistry of the supports, XPS analysis was performed. The
results are summarised in Table 1. All samples are mostly compounds of C and O, related to the
functionalities introduced in the oxidation stage, and minor elements (N, P, B, Ni, Co or Al) from their
different synthesis routes accounting for below 2 at.%. CNFs could be observed at the surface of Ni,
Co and Al, related to the catalysts used in the preparation and which were not completely removed
after the oxidation treatment. Commercial AC showed the presence of surface B and P.

The textural properties of carbon supports were determined by N2 physisorption and are shown
in Table 1. AC had a high surface area value (1230 m2/g), which was higher than carbon nanofilaments
(99–104 m2/g) and RGO (23 m2/g). Likewise, Vt, ranging from 0.1 cm3/g to 0.9 cm3/g, followed the
same order as SBET. RGO showed the lowest values of surface area and pore volume, although this
material presented a high content of micropores (up to 76 m2/g of micropore surface area calculated
with Dubinin–Radushkevich using CO2 as adsorbate).
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Table 1. Physicochemical properties of nanostructured carbon materials. NCM: nanostructured carbon
material; XPS: X-ray photoelectron spectroscopy.

NCM
XPS (at.%) N2 Physisorption

C O S N Others SBET (m2/g) Vt (cm3/g)

CNF 93.2 4.8 0.0 0.0 2.0 99 0.463
CNT 95.0 4.3 0.0 0.7 0.0 104 0.590
RGO 70.3 20.5 6.7 2.5 0.0 23 0.105
AC 90.7 7.4 0.0 0.0 1.9 1230 0.913

3.2. Carburization Study in Thermobalance

In order to determine the optimal CHR temperature, the carburization of AHM/NCM samples was
carried out in a thermobalance coupled with MS (TG-MS). As previously reported [18], the evolution
of m/z = 28 during the CHR stage allowed us to select the temperature necessary to carry out the
carburization process. This m/z value is related to the CO formed during the carburization of MoO2

to Mo2C. Figure 2 shows this evolution with temperature. The appearance of a CO signal started at
different temperatures depending on the support used in the AHM carboreduction. Thus, an m/z =
28 signal appeared at around 500 ◦C for AHM/AC, at around 560 ◦C for carbon nanofilaments (CNF
and CNT) and at around 630 ◦C for RGO. An m/z = 28 signal reached a maximum at temperatures
centred around 625–645 ◦C, except for RGO, for which the MoO2 carburization (and CO formation)
was hindered and shifted up to around 725 ◦C. These differences may be tentatively attributed to the
physicochemical properties. Thus, the lower oxygen content in the support resulted in lower CO onset
temperature. This factor may influence the dispersion and interaction between the Mo precursor and
the support, thus affecting the CO evolution during carbide formation.

Figure 2. m/z = 28 evolution of the different (NH4)6Mo7O24·4H2O aqueous solution (AHM)/NCM
measured by a thermobalance coupled with mass spectrometer (TG-MS).

The transformation of AHM/NCM (10.0 Mo wt.%) to Mo2C/NCM entails a theoretical mass loss
of 5.4% (AHM→ MoO3→MoO2→Mo2C); nevertheless, all materials exhibited larger mass losses,
which were attributed to the gasification of the carbon support (Figure 3a). Gasification is a key
parameter to be considered in CHR, since it may modify not only the catalyst porosity but also the
final Mo content [18]. Besides this, the CH4 released during the support gasification may also increase
the carburization degree and the β-Mo2C crystal size. In this way, the weight changes suffered by
AHM/NCM materials after an isothermal period of 2 h at different CHR temperatures were analysed
(Figure 3a). AHM/CNF suffered mild gasification (13.0–14.3 wt.%) regardless of the final carburization
temperature, indicating the larger thermal stability of this material. On the contrary, the gasification in
the other NCM was more severe, with the weight loss observed being higher when the carburization
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temperature was increased. The largest weight loss was observed for the AHM/CNT, ranging from
51.6% to 83.5% when the temperature was increased from 650 ◦C to 750 ◦C. AHM/RGO and AHM/AC
showed similar behaviours, with weight loss values ranging from 34.4% to 66.1% as the temperature
was raised. In the case of RGO, the principal cause may be derived from the removal of the large
amount of oxygen functional groups and the subsequent defect generation. Likewise, the thinness of
the RGO may favour the fast gasification of this material, contributing to the mass loss. Equally, AC
presents a high surface area and a pseudo-amorphous structure, which makes it easier for gasification
to occur during CHR.

 

Detection limit

(a) (b) 

Figure 3. Weight loss (a) and β-Mo2C crystal size (b) of AHM/NCM and catalysts, respectively, after 2 h
carburization in TGA at different temperatures. Dashed lines delimit the optimal β-Mo2C crystal sizes.

After carburization, Mo2C/NCM catalysts were analysed by XRD in order to quantify the size of
the β-Mo2C crystal phase (Figure 3b). For temperatures that resulted in crystal sizes below the XRD
detection limit, no data are shown. As previous work revealed [18], the optimal β-Mo2C crystal size
for the HDO of guaiacol is around 10 nm. Generally, an increase in the carburization temperature led
to larger β-Mo2C crystals, although the extension of this growth was markedly different depending on
the support. CNT showed larger β-Mo2C crystals than those obtained for RGO and AC at the same
temperature: for instance, at 700 ◦C, the β-Mo2C crystal size of these last catalysts was 2.6 nm and
below the detection limit, respectively, in contrast to the 15.0 nm obtained for CNT. The formation of
β-Mo2C over CNF showed an intermediate behaviour: 5.8 and 11.4 nm crystals were achieved at 650
and 750 ◦C, respectively. Likewise, as important as the formation of well-developed β-Mo2C crystals
is the mitigation of the gasification of the support. The deep gasification of the support hampers the
control of the Mo loading, reducing the surface area of the catalyst and worsening the Mo dispersion
on the support surface. Therefore, carbon gasification should be avoided as far as possible to achieve
the best catalytic behaviour. It is important to observe that not all NMC tested led to the formation of
β-Mo2C crystals of ca. 10 nm. Instead of this, an optimal carburization temperature for each NCM was
selected, minimizing the support gasification and aiming to form β-Mo2C crystals as close to 10 nm
as possible. In the case of the CNT-supported catalyst, 10 nm β-Mo2C crystals were formed when
performing the CHR at 650 ◦C. Besides this, the selection of this temperature minimizes the gasification
of the support (51.6% weight loss). The CHR temperature selected for the CNF-supported catalyst was
750 ◦C. This support withstood this temperature without suffering a significant mass loss (14.2%) and
led to 11.4 nm β-Mo2C crystals. Regarding the optimal CHR temperature for RGO, 750 ◦C was the
temperature selected despite obtaining relatively small β-Mo2C crystals (4.9 nm) and high weight loss
(48.4%). Finally, in the case of AC, only temperatures above 800 ◦C resulted in β-Mo2C crystals over
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the detection limit, so this temperature was selected as the optimal one, resulting in ca. 6.3 nm crystals
and 66.1% weight loss.

3.3. Characterization of Catalysts Using Different NCM

The carburization of AHM/NCM samples was conducted in a fixed-bed reactor at the optimal
temperature selected in the previous section. In this case, 100% of H2 flow and a 1 h isothermal
period were employed. Figure 4 and Table 2 show the XRD patterns and β-Mo2C crystal sizes of the
different catalysts. Catalysts showed the typical reflections associated with graphite and the hexagonal
close packing structure of β-Mo2C. AC also showed the presence of MoO2 and an oxycarbide specie
related to MoC2O4, which indicates the incomplete carburization of this catalyst. Additional reflections
were assigned to support impurities (tge diffractograms of supports are shown in Figure S1 in the
Supplementary Information): Mo2C/CNT contained metallic Fe from the CNT catalyst, and Mo2C/AC,
B and BPO4 from the AC functionalization treatment. Regarding the β-Mo2C crystal sizes obtained,
they differed from those obtained in the thermobalance (previous section), but this discrepancy was
attributed to the H2 concentration used (10 vol.% vs. 100 vol.%). Pure H2 flow may facilitate the
initial reduction of AHM to MoO2 [44], hence promoting the carburization of MoO2 to Mo2C at lower
temperature [28]. Mo2C is known to act as a gasification catalyst with the concomitant production of
CH4 [9]. This would explain the relatively large β-Mo2C crystal sizes obtained in the fixed-bed reactor,
except for Mo2C/CNF, which presented a similar β-Mo2C crystal size than that obtained in TGA. It
seems obvious that gasification promotes the sintering of the Mo2C crystals upon reaction with the
CH4 formed, at least for the AC and CNT-supported catalysts. The gasification of the support during
the CHR was further evidenced by the ICP-OES results (Table 2), where a drastic increase of the Mo
content was observed for these two catalysts. Taking into consideration the fact that the theoretical
Mo value should be around 10.6 wt.% in the final catalyst, the increase in the weight loss observed is
entirely provoked by the partial gasification of the support. The fact that the RGO-supported catalyst
did not follow this trend could be attributed to the fact that most of the weight loss observed during
the CHR stage might be related to the loss of oxygen surface groups rather than carbon gasification.
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Figure 4. XRD patterns of Mo2C/NCM catalysts obtained after carbothermal hydrogen reduction (CHR)
at the optimum temperature using a heating rate of 1 ◦C/min and a 1 h isothermal period.
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Table 2. Results of characterization of Mo2C/NCM catalysts obtained in fixed-bed reactor. XRD: X-ray
diffraction; ICP-OES: inductively coupled plasma-optical emission spectrometry.

CHR
XRD
(nm)

ICP-OES
(wt.%)

XPS (at.%) N2 Phys.

Catalyst T (◦C) Wt. loss (%) β-Mo2CMo C O Mo Others Mo6+ Mo4+ Moδ+ Mo2+ SBET

(m2/g)
Vt

(cm3/g)

Mo2C/CNF 750 30 10.9 12.9 92.6 5.1 2.3 0.01 68.8 2.6 11.7 16.8 64 0.398
Mo2C/CNT 650 70 15.5 25.6 89.7 7.0 3.2 0.14 69.8 3.3 10.4 16.5 106 0.551
Mo2C/RGO 750 58 13.6 13.7 69.2 12.5 6.6 11.8 80.6 1.9 3.1 14.5 40 0.097
Mo2C/AC 800 70 12.5 23.6 85.8 7.9 3.1 3.13 89.6 7.9 0.04 2.5 572 0.653

The surface atomic composition of all catalysts was measured by XPS. XPS survey spectra
showed different Mo contents depending on the catalyst (Table 2). The catalysts presented Mo surface
compositions in the range of 2.3–3.2 at.%, except for Mo2C/RGO, which exhibited a higher Mo content
(6.6 at.%). In the case of Mo2C/RGO, 11.8 at.% of S was identified, which was related to the H2SO4

used in the RGO synthesis by Hummers’ method; no other element, with the exceptions of Mo, C and
O, was detected. Finally, the Mo2C/AC catalyst showed 3.13 at.% of impurities (B and P). On the other
hand, the impurities detected at the surface for Mo2C/CNT and Mo2C/CNF were negligible. Regarding
the oxygen content, a part of the oxygen measured belonged to the O2 passivation and the formation
of MoOxCy species [11,34], except for the RGO catalyst, in which the oxygen content is inherent to its
structure. Before passivation, CHR removed most of the oxygen groups created in the functionalization
of carbon nanofilaments [45].

Aiming to determine the oxidation state of Mo on the catalysts, the deconvolution of the XPS
Mo 3d region was undertaken (see Figure S2 in the Supplementary Information). The most oxidised
species, Mo6+ and Mo4+, are related to MoO3 and MoO2, respectively, and are mostly due to the
passivation treatment. Several authors reported that the Mo surface is extremely sensitive to oxidation
when the sample is in contact with air or O2 in the passivation treatment [23,32,34,46]. An intermediate
oxidation state found between MoO2 and Mo2C, named Moδ+ (2 < δ+ < 3), was associated with
oxycarbides [18,19]. Mo2+, located at 228.2–228.4 eV, was related to the Mo2C specie. Even though the
carbide was the desired phase in the catalyst, the results suggested that both species, Mo2+ and Moδ+,
may contribute to its hydrodeoxygenation activity [11,18,47]. In any case, the Mo active phase content
(Mo2+ and Moδ+) followed this order: Mo2C/CNF >Mo2C/CNT >Mo2C/RGO >>Mo2C/AC.

SBET and Vt of the Mo2C/NCM catalysts were measured by N2 physisorption, and the results
are listed in Table 2. As a general rule, the catalysts showed smaller SBET and Vt values than their
respective supports, motivated by the partial covering of the pores by the Mo phase (Table 1), except for
the Mo2C/GO catalyst which had a slight increase in the porosity values due to the formation of meso
and micropores upon the removal of the oxygen and sulphur surface groups, as evidenced in Figure S3
in the Supplementary Information. The AC-based catalyst had a much more pronounced SBET and
Vt reduction, attributed to a partial destruction of its micro and mesoporosity (see Figure S3 in the
Supplementary Information).

The morphology of all catalysts was observed by STEM. Likewise, the composition of bright
particles was determined by EDX (see Figures S4–S6 in the Supplementary Information). Particle
size was calculated by measuring the diameter of isolated metallic bright particles from TEM images.
In order to do so, more than 250 particles were considered in the analysis. Mo2C/CNF (Figure 5)
showed a β-Mo2C particle size distribution around 4.9 ± 2.1 nm along with the nanofiber structure. The
particle sizes of these nanoparticles shown by the HAADF images are different from those calculated
by XRD (10.9 nm). On the other hand, a homogeneous dispersion of nanoparticles lower than 2 nm was
observed covering the CNF (Figure 5b). However, these nanoparticles were under the detection limit
of EDX and XRD techniques due to their small size. In the case of Mo2C/CNT (Figure 6), the STEM
micrographs revealed some differences in the morphology and composition of particles in the sample.
Figure 6a shows a representative image of this material, showing some areas of metal accumulation
probably motivated by a heterogeneous impregnation of the precursor (white rectangle). These areas

55



Energies 2020, 13, 1189

coexisted with the presence of long CNTs decorated with β-Mo2C particles of different sizes both in
the inner and in the outer surface (white circles) and iron particles from the catalyst employed on the
support growth embedded in the inner core (white arrows), as determined by EDX (see Figure S4
in the Supplementary Information). In the case of Mo2C/RGO (Figure 7), this catalyst showed a
high concentration of well-dispersed small metallic nanoparticles (2–4 nm). Besides, the chemical
composition of bright particles was related exclusively to Mo species as shown in Figure S5 (see
Supplementary Information). Similarly, Mo2C/AC showed a high metal concentration covering the
support (Figure 8). According to the performed EDX (see Figure S6 in the Supplementary Information),
the support was comprised of Mo, C and P, with the bright round nanoparticles being the dispersed
Mo2C.

  
(a) (b) 

Figure 5. Low (a) and high-magnification (b) STEM images of Mo2C/CNF.

  
(a) (b) 

Figure 6. Low (a) and high-magnification (b) STEM images of Mo2C/CNT.
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(a) (b) 

Figure 7. Low (a) and high-magnification (b) STEM images of Mo2C/RGO.

  
(a) (b) 

Figure 8. Low (a) and high-magnification (b) STEM images of Mo2C/AC.

3.4. Catalytic HDO of Guaiacol

Catalysts prepared by CHR were tested in the HDO of guaiacol: Mo2C/CNF carboreduced at
750 ◦C, Mo2C/CNT at 650 ◦C, Mo2C/RGO at 750 ◦C and Mo2C/AC at 800 ◦C. As previously stated,
the temperatures used in the carburization of each catalyst correspond to the optimum temperature for
each support as determined in the previous section. The reaction was performed at 300 ◦C, 20 H2 bar
measured at room temperature and 2 h of reaction time. The results for each catalyst are summarised
in Table 3 and Figure 9. Overall, the catalytic activity (guaiacol conversion and HDO ratio) followed
this order: Mo2C/CNF >Mo2C/AC >Mo2C/RGO >Mo2C/CNT. With regard to the characterization
results, the β-Mo2C crystal size measured by XRD, which for this set of catalysts ranged from 10.9 to
15.5 nm, was inversely proportional to the guaiacol conversion. However, this feature cannot solely
explain the catalytic activity. A plethora of other parameters, such as the textural properties and the
Mo content in the bulk and at the surface, as well as the Mo and composition, have to be also taken
into consideration. For instance, the Mo content determined by ICP was 12.9–13.7 wt.% for the CNF
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and RGO-supported catalysts, where it almost doubled in the case of AC and CNT-based catalysts as a
result of the different gasification extents.

Table 3. The conversion, hydrodeoxygenation (HDO) ratio and mass balance obtained for all
Mo2C/NCM catalysts in the HDO of guaiacol at 300 ◦C, 20 H2 bar and under a 2 h reaction.

Catalyst Conversion (%) HDO Ratio (%) Mass Balance (%)

Mo2C/CNF 67.0 37.20 83.28
Mo2C/CNT 14.23 9.09 94.34
Mo2C/RGO 20.68 9.59 99.99
Mo2C/AC 42.00 24.97 83.72

 
(a) (b) 

Figure 9. Catalytic results obtained in the HDO of guaiacol using different NCMs as a support of Mo2C:
(a) product distribution grouped by oxygen content; (b) product production per gram of Mo (SPY).

Mo2C/CNF showed the best catalytic performance towards the HDO of guaiacol: 67.0% conversion
and a HDO ratio of 37.2%. Although Ni and Co traces were detected for this support, the catalytic
contribution of these metals were low due to their small proportion and localization [18]. Thus, the
catalytic activity of this catalyst can be entirely attributed to Mo2+ and Moδ species, which according
to the literature are the most active Mo phases [11]. Mo2C/CNF showed the largest values, suffering
from very soft gasification, and hence the morphology of the support was mostly preserved. Mo2C/AC
followed in terms of the conversion and HDO ratio (42.0% and 25.0%, respectively). It should be
noted that this catalyst exhibited a high Mo concentration (24 wt.%) with a similar β-Mo2C crystal
size to Mo2C/CNF (12.4 nm). The HAADF-STEM images showed a high concentration of metallic
particles without agglomerations covering the AC surface. Nonetheless, the low values of surface Mo
active phases determined by XPS are striking. Beside this, the microporous nature of this material (see
Figure S3 in the Supplementary Information) may account for the lower catalytic activity as compared
to the CNF-supported catalysts, despite the larger amount of Mo. The active sites in CNF are much
more accessible since they are composed mainly of meso and macropores. A plausible explanation for
this observation is that part of the β-Mo2C in AC is deposited in the micropores, and its activity is
hindered by the diffusion constraints of the relatively bulky guaiacol molecule.

Mo2C/RGO showed low catalytic activity (20.7% conversion and a 9.6% HDO ratio). According
to the TEM study, it is clear that this material is mostly composed of very finely dispersed small Mo
particles whose oxidation state is not possible to elucidate by this technique. XRD showed the presence
of β-Mo2C, although the small size of the diffraction peak showed that the contribution of this phase is
relatively low. Therefore, this catalyst seems to be formed mostly by Mo oxide nanoparticles with a
low catalytic activity towards HDO, hence explaining the low activity observed.

Mo2C/CNT showed the poorest catalytic activity and HDO ratio (14.2% and 9.1%, respectively),
even though the catalyst exhibited relatively large Mo2C crystals (15.5 nm), a similar concentration
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of Mo active phases in the surface as compared to the Mo2C/CNF catalyst and a relatively high SBET

(105.9 m2/g). This phenomenon may be tentatively explained by the partial destruction of the support
morphology, as evidenced the TEM study, highlighting the importance of the support in not only
dispersing the active phase but also possibly serving as a hydrogen reservoir for the hydrogenation
reactions [48]. In addition, the exposure of the iron particles that were originally embedded on the
inner part of the tubes upon the excessive gasification that takes place during the CHR may also have
affected the catalytic behaviour due to the competitive adsorption of guaiacol molecules in Fe and
Mo particles.

In addition to the catalytic activity, the product distribution may also be affected by the support
used in the catalyst synthesis, as is shown in Figure 9a. The product distribution was split into three
categories according to the number of oxygen atoms: 2 (catechol), 1 (phenol, anisole, cresol, xylenol
and methyl-cyclohexanol) and 0 (toluene and benzene/cyclohexane. All catalysts showed a higher
production of one-oxygen products (O × 1) as a consequence of the removal of one oxygen atom.
Likewise, phenol was the main product obtained by the remotion of –OCH3 (see Table S1 in the
Supplementary Information).

All catalysts allowed guaiacol to transform into O-free products (under the reaction scheme
suggested in previous works [18,48]), and the content was increased for the catalysts with larger
Mo2C crystals. However, only Mo2C/CNF and Mo2C/CNT showed a relevant concentration of these
compounds in the final liquid (ca. 10%). Despite this, both show a similar catalytic distribution;
in the case of O-free products, the Mo2C/CNF favoured the cyclohexane +benzene production in
contrast to Mo2C/CNT, which exhibited toluene as the main O-free product. Likewise, Mo2C/RGO
showed the highest 0-Oxy concentration due to its selectivity to toluene. Toluene may be formed by
the dihydroxylation of cresol or as a consequence of partial deoxygenation from anisole. Regarding
the product distribution, the non-detection of anisole for Mo2C/CNT may be due to the fast conversion
of toluene, although a relative proportion of it is identified in Mo2C/AC and Mo2C/RGO (2.25% and
0.34%, respectively).

On the other hand, cyclohexane + benzene could be formed by the demethoxylation of anisole or
dihydroxylation of phenol; both reaction paths may take place, because both compounds were detected.
Particularly, the Mo2C/CNF catalyst showed a relatively high concentration of those compounds
in the final liquid (10%); this fact probably was due to the good catalytic activity shown (with a
guaiacol conversion of 66.98%) in the HDO of guaiacol, which led to the reaction achieving the largest
product formation.

Catechol was the only product detected by GC which did not show any oxygen removal (2-O
product). This product is considered to be an intermediate in the phenol production, and it may form
via the cleavage of the O-CH3 bond from guaiacol [47]. Some authors conclude that the formation of 2-O
was favoured by the support acidity [49]. In contrast to this hypothesis, some authors attributed higher
2-Oxy production to acidic/basic nature of Mo2C, which is created by the Mo-C mass transfer [50].
For both cases, the support plays a crucial role in the catalytic behaviour of the active Mo2C sites.
Regarding the 2-O product concentration, higher production was obtained for RGO, which had the
largest value of oxygen content and hence the largest acidity, followed by Mo2C/CNT and Mo2C/AC.
Nonetheless, the possibility that catalytic activity may be affected by other factors such as Mo content,
β-Mo2C crystal size or Mo2+/Moδ+ ratio cannot be discarded.

The selectivity to the most important and relevant deoxygenated products is shown in Table S2,
where phenol, cyclohexane + benzene and toluene were listed. All catalysts were more selective to
phenol (1-Oxy product), although there were differences in 0-Oxy selectivity. The CNF-supported
catalyst showed higher cyclohexane + benzene selectivity as compared to CNT and RGO-supported
catalysts, which were more selective to toluene.

The last group of products plotted was named “Others”; these compounds were calculated by
the mass difference between the conversion and the final mass obtained in the identified products.
These high molecular compounds were solubilised in the liquid phase but could not be detected by
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GC [20]. The production of “Others” was augmented as long as conversion increased (see Table S1
in the Supplementary Information), although their final content was masked by the increase of the
formation of detected products with the guaiacol conversion. For that reason, the Mo2C/AC showed a
higher “Others” concentration than Mo2C/CNF when the production in both reaction tests was similar.

Finally, catalysts were compared according to the specific product yield (SPY), as previously
reported in [19] (Figure 9b), which considered the amount of Mo present in the catalyst. Mo2C/CNF
clearly exhibited the highest total yield (as the sum of SPY) compared to the rest of the catalysts. In
turn, Mo2C/AC showed a lower total yield than Mo2C/RGO, which means that the catalytic activity
of the former is more related to the high amount of Mo than to the effectiveness of the active phase.
Mo2C/CNT shows the lowest SPY as a consequence of the possible Fe competition with Mo2C.

Considering all factors, Mo2C/CNF showed the best catalytic activity, with good selectivity to
oxygen-free HDO products and high guaiacol conversion. This performance was related to its higher
gasification resistance, good Mo2C dispersion and crystal formation in CHR, which makes it the most
suitable CNM support for Mo2C-based catalysts.

4. Conclusions

The nanostructured carbon materials had a direct effect on the formation of β-Mo2C in the
carbothermal hydrogen reduction and hence in the hydrodeoxygenation of guaiacol. The carbon
nanofiber-based catalyst resulted in the best catalytic performance, obtaining the highest conversion and
yield of desired products (mainly phenol, benzene and cyclohexane). This behaviour was attributed to
the higher thermal stability of CNF, which prevented its gasification and promoted a good evolution of
the crystal size of Mo species. This catalyst exhibited well-dispersed β-Mo2C nanoparticles of ca. 11 nm.
On the contrary, the other supports suffered from severe gasification (60–70% wt. loss), which resulted
in poorer HDO efficiency catalysts regardless of the β-Mo2C crystal size. This demonstrated the
importance of the stability of carbon supports in the Mo2C-based catalyst prepared by CHR.

Supplementary Materials: The following are available online at http://www.mdpi.com/1996-1073/13/5/1189/s1.
Figure S1: XRD patterns of supports after their corresponding purification and functionalization treatments;
Figure S2: Mo 3d deconvolution of the Mo2C/NMC catalysts; Figure S3: DFT Pore size distributions of catalysts
and supports measured by N2 physisorption; Figure S4: EDX performed to Mo2C/CNT; Figure S5: EDX performed
to Mo2C/RGO; Figure S6: EDX performed to Mo2C/AC. Table S1: Product distribution (wt.%). Table S2: Selectivity
(mol %).
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Abstract: γ-Valerolactone (GVL) is a valuable chemical that can be used as a clean additive for
automotive fuels. This compound can be produced from biomass-derived compounds. Levulinic
acid (LA) is a compound that can be obtained easily from biomass and it can be transformed into
GVL by dehydration and hydrogenation using metallic catalysts. In this work, catalysts of Ni
(a non-noble metal) supported on a series of natural and low-cost clay-materials have been tested
in the transformation of LA into GVL. Catalysts were prepared by a modified wet impregnation
method using oxalic acid trying to facilitate a suitable metal dispersion. The supports employed are
attapulgite and two sepiolites with different surface areas. Reaction tests have been undertaken using
an aqueous medium at moderate reaction temperatures of 120 and 180 ◦C. Three types of experiments
were undertaken: (i) without H2 source, (ii) using formic acid (FA) as hydrogen source and (iii) using
Zn in order to transform water in hydrogen through the reaction Zn +H2O→ ZnO +H2. The best
results have been obtained combining Zn (which plays a double role as a reactant for hydrogen
formation and as a catalyst) and Ni/attapulgite. Yields to GVL higher than 98% have been obtained at
180 ◦C in the best cases. The best catalytic performance has been related to the presence of tiny Ni
particles as nickel crystallites larger than 4 nm were not present in the most efficient catalysts.

Keywords: levulinic acid; γ-valerolactone; hydrogen from water; Zn: Ni; sepiolite; attapulgite

1. Introduction

Due to the gradual depletion of oil and restrictions on its use to preserve the environment and
reduce climate change effects nowadays, new technologies and methods have been developed to
produce fuels and valuable chemicals from renewable resources [1]. New resources have been studied
to obtain these chemicals and fuels, especially biomass derivatives. Biomass is a renewable and
abundant resource in Nature [2–4] with notable environmental advantages. Many products can be
produced from biomass by different methods [5] such as, for example, levulinic acid (LA), which can be
easily obtained from carbohydrates or lignocelluloses and it can be transformed into γ-valerolactone
(GVL) by hydrogenation through different catalytic routes [6].

Interestingly, GVL has very low toxicity and presents good transport and storage properties.
GVL is a colorless liquid with low melting point (−31 ◦C), open cup flash (96 ◦C) and high boiling
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point (207 ◦C). All these characteristics make GVL an easy and safe to store chemical [7–10]. GVL can
be produced cheaply and can be a useful additive to different automotive fuels, reducing undesired
emissions while maintaining or barely decreasing performance. GVL can be mixed with gasoline
and diesel fuels, leading to a decrease in harmful CO, residual hydrocarbon and particulate matter
emissions [11,12]. For example, it has been reported that upon mixing 7% of GVL with diesel fuel the
engine performance hardly varies but the smoke produced is reduced by 25% compared to the same
diesel fuel without the addition of GVL [13]. Thus, GVL can help combat air pollution and mitigate
global warming. In another work, GVL was recommended as a lighter fluid for charcoal and as an
illuminating liquid since does not create smoke or odor, producing low levels of VOC emissions [14].
GVL also presents good properties as a green solvent [5,7] and can be a precursor for other valuable
chemicals such as alkyl valerates, 4-hydroxypentanol, butanes, 2-methyltetrahydrofuran and adipic
acid (nylon) [7–10,15,16].

There are different catalytic alternatives to transform LA into GVL. Thus, this catalytic reaction can
be homogeneous or heterogeneous. The heterogeneous pathway is more interesting due to the easier
separation of the catalyst and is usually carried out with catalysts containing noble or non-noble metals.
Despite the fact non-noble metals are invariably cheaper, they have been less studied because noble
metal catalysts give higher conversions at low temperatures, especially those with ruthenium [17–20].
Nevertheless, many studies have used non-noble metals to produce high added value chemicals from
biomass [21–28], and nickel sites are some of the most usual active metal sites.

The use of metals deposited on inexpensive supports has been studied for the conversion of LA
into GVL [29–32]. In this context, it is of interest to use clay minerals as supports because they are
abundant and cheap natural materials. These supports usually present high surface areas and this
can lead to a good dispersion of metals on their surface, and as a consequence, this can increase the
catalytic activity compared to metals deposited on low surface area supports [33]. Therefore, we have
thought that the synthesis of nickel supported on clay minerals can be an interesting option.

The choice of a suitable solvent is also highly important. Unfortunately, there are no solvents
without any drawbacks [11,12]. Alcohols, such as isopropanol and 2-butanol, are good options with
the additional advantage of promoting the catalytic transfer hydrogenation of levulinic acid into
valerolactone. Hydrogen gas solubility in alcohols is slightly higher than in water, but the GVL
selectivity is usually higher in water. Alcohols might assist the activation of LA for conversion, but
water seems to favor the pathways for selective GVL production. In many cases alcohols are used to
mitigate the leaching of metals, which is higher in aqueous media. Other solvents such as dioxane and
THF have been also studied as solvents, presenting some advantages in terms of reaction temperature
required or extent of metal leaching, but they are toxic and non-environmentally friendly. Overall,
water can be considered as the greenest solvent from any viewpoint considered: human health, safety
and environment [12].

The catalytic concversion of LA into GVL involves two steps. Firstly, LA has to be hydrogenated
to produce 4-hydroxypentanoic acid as a reaction intermediate or dehydrated to form angelica lactone.
In the next step the intermediates can form GVL in two possible ways: 4-hydroxypentanoic acid is
cyclized and dehydrated or angelica lactone is reduced [11,34–36].

Molecular hydrogen is commonly used in the hydrogenation step [37,38], but it has problems due
to its high cost and difficult storage and transport. Formic acid (FA) has been explored as a hydrogen
donor, and there are studies about hydrogenation of LA into GVL using this compound with different
metallic catalysts [39–41]. FA can be decomposed into H2 and CO2 using efficient catalysts, and this
hydrogen can be used to transform LA into GVL thus avoiding the need for an external hydrogen
supply (Scheme 1). The advantage of using FA for LA hydrogenation lies in the possible cost reduction.
Moreover, FA can be formed together with LA when is obtained from sugars.

Another possibility to avoid the use of molecular hydrogen is through the in-situ production of
hydrogen from water using metallic catalysts. This catalytic route has been explored in some studies
with different non-noble metals for very different applications [42,43]. One of these catalytic routes
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would involve the use of zinc (Zn) to produce hydrogen from water [44]. Zn has been used in other
studies for the transformation of LA into GVL [45]. Then, Zn is able to react with water in order
to produce H2 although in parallel ZnO is also formed. The ZnO formation is, in fact, one of the
main problems of using Zn, as it has to be reduced again if we want to re-use the catalyst several
times. However, it is possible to reduce the ZnO into Zn in a percentage higher than 90% using solar
energy [46–48]. Then, the oxidation of Zn would be less troublesome if solar energy was used to reduce
the oxide for a new use [49].

Scheme 1. Reaction of hydrogenation of levulinic acid into γ-valerolactone employing formic acid as
hydrogen donor.

Table 1 lists recent studies about Ni catalysts for GVL synthesis using as substrates levulinic
acid or its derivatives methyl levulinate (ML) and ethyl levulinate (ET) [50–65]. In many cases,
Ni was supported on different materials or mixed with other metals to increase its catalytic activity.
Most of these reactions were carried out with molecular hydrogen [50,53–57,59–64], whereas other
studies [28,30,51,52] used 2-propanol or formic acid as a hydrogen source [58,64].

Table 1. Overview of Ni catalysts for GVL synthesis from methyl levulinate (ML), ethyl levulinate (EL)
and levulinic acid (LA).

Catalyst Substrate Solvent H2 Source T (◦C) Time (h) GVL Yield (%) Ref.

Ni-Zr-O ML Water Molecular H2

200 3 98
[50]170 3 97

150 3 95

Ni-Cu/SBA-15 ML 2-propanol 2-propanol 170 3 87 [30]

RANEY Ni ML 2-propanol 2-propanol 120 1 94 [51]

RANEY Ni EL 2-Propanol 2-propanol 80 2 99 [28]

Ni/ZrO2
ML 2-propanol 2-propanol 100 20 94 [52]
LA 2-propanol 2-propanol 120 20 86

Ru−Ni/Meso-C LA H2 Molecular H2 150 2 96 [53]

Ni/NiO LA Dioxane Molecular H2 120 4,5 99 [54]
Ni/Mg2Al2O5 LA Dioxane Molecular H2 160 1 99 [55]

Ni/Al-LDH LA Water Molecular H2 200 6 100 [56]

Ni/HZSM-5 LA Dioxane Molecular H2 220 10 93 [57]

Ni-Cu/SiO2 LA N2 Formic acid 285 - 98 [58]

10NiNb/TiO2 LA Water Molecular H2 275 - 25 [59]

Cu/Ni/Mg/Al LA Dioxane Molecular H2 140 3 100 [60]

Ni/SiO2 LA H2 Molecular H2 250 0.3 89 [61]

Ni/Al2O3 LA H2 Molecular H2 200 4 92 [62]

Ni/HZSM-5 LA H2 Molecular H2 320 0.5 99 [63]

Ni/SiO2–Al2O3 LA
THF Molecular H2

200
0.5 100

[64]Isopropyl alcohol Isopropyl alcohol 0.25 99
Water Formic acid 10 70
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In this paper we have studied the use of Ni supported on different clay minerals (two different
sepiolites and attapulgite) as a catalyst in the transformation of levulinic acid into γ-valerolactone.
Moreover, we have compared the use of different hydrogen sources (formic acid and water as a result
of its reaction with Zn) to perform the hydrogenation of LA into GVL at two different temperatures:
120 and 180 ◦C. The novelty of the present work is focused on two main aspects: (i) molecular hydrogen
has not been used and (ii) we have used catalysts containing nickel supported on cheap and abundant
materials (extracted from quarries), which have not been previously reported in this reaction.

2. Materials and Methods

2.1. Preparation of Catalysts

Ni was supported on attapulgite, which was collected from Senegal and provided by Sepiolsa
(Azuqueca de Henares, Spain). The natural attapulgite used in the present work also contains some
other phases, being its percentage composition the following: attapulgite 86 wt.%, smectite: 10 wt.%,
quartz: 3 wt.%, dolomite: 1 wt.%. Catalysts were synthesized by a wet impregnation method using
ethanol as a solvent. Different Ni concentrations were used by adding the appropriate amount of nickel
nitrate (Ni(NO3)2·6H2O from Sigma–Aldrich, St. Louis, MO, USA, >98%) and oxalic acid dihydrate
(H2C2O4·2H2O also from Sigma–Aldrich) with a molar Ni:oxalic acid ratio of 1:3. Oxalic acid has
been used in the synthesis as it is an organic acid with reducing character which is often used in these
preparation procedures to decrease the crystallite size of metals and metal oxides such as in the case
of nickel, this way increasing the amount of available nickel sites [66,67]. Attapulgite was added to
the mixture and placed in a hotplate stirrer at 60 0C under vigorous stirring until all the solvent was
evaporated. These catalysts were labeled as xNi/Atap, being x the Ni content (1, 2 and 5 wt.% were
tested).

Two wt.% Ni was selected to synthesize other catalysts using different materials as supports.
These supports have been named as Sep and Sep B. Both supports consist of sepiolite collected from
Toledo (Spain), and also provided by Sepiolsa. The natural sepiolites used in this work present
some other phases. Their composition was: sepiolite 97.0 wt.%, dolomite: 1.9 wt.%, other clays 1.1%.
Both supports present the same composition but differ in their crystallinity and surface areas. Thus,
the sample called “Sep” is less crystalline than “Sep B”. The surface area of “Sep” is 242 m2·g−1 whilst
that of “Sep B” is 381 m2·g−1. The corresponding supported nickel catalysts were called 2Ni/Sep and
2Ni/SepB, respectively. These sepiolite-based catalysts were prepared by an impregnation method
using oxalic acid, as in the case of the Ni/Atap catalysts.

Finally, samples were dried at 100 ◦C for 12 h and later treated at 500 ◦C in air for 2 h. Before the
reaction and in order to reduce metal oxide precursors, catalysts were heat-treated for 2 h in a flow of
H2 at 400 ◦C. We decided to reduce in H2 at 400 ◦C since at this temperature all the nickel is present as
metallic nickel (according to our TEM results). Chemical analysis of 2Ni/Sep, 2Ni/SepB and 2Ni/Atap
showed Ni loadings (2.0, 2.1 and 2.1 wt.%, respectively) very close to the theoretical values.

2.2. Characterization Techniques

Catalysts were analyzed by high resolution TEM (HR-TEM), employing a field emission gun
TECNAI G2 F20 microscope (FEI Company, Hillsboro, OR, USA) at 200 kV and a JEM 3000F microscope
(JEOL, Tokyo, Japan, 300 kV), in order to analyze their structure and morphology. This equipment was
also used for energy dispersive X-ray (EDX) and selected area electron diffraction (SAED). Catalyst
samples for TEM were sonicated for 20 min in absolute ethanol and deposited on a holey carbon
film supported on a copper grid. Then, the copper grid was dried. TEM photographs were used to
calculate the average size of the nickel particles. Particle-size histograms were typically constructed by
measuring between 80 and 100 particles, depending on the catalyst.

X-ray diffraction (XRD) was used in order to know the crystalline phases of the catalysts and
to check if nickel was oxidized or reduced. The apparatus utilized is an Enraf Nonius FR590 sealed
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tube diffractometer (Bruker, Delft, The Netherlands) equipped with a monochromatic Cu Kα1 source
(30 mA and 40 kV).

N2 adsorption was undertaken at −196 ◦C, with a Micromeritics ASAP 2460 apparatus
(Micromeritics, Norcross, GA, USA). Samples were firstly degassed at 150 ◦C before reaching vacuum
conditions. Total pore volumes were obtained using the adsorbed volume at a relative pressure of
0.97. The specific surface area following the multipoint Brunauer–Emmet-Teller approach (SBET) was
obtained at the 0.05 to 0.25 relative pressure range. The pore size distribution was determined employing
the Barrett–Joyner–Halenda (BJH) method through the analysis of the N2 adsorption isotherms.

2.3. Catalytic Tests and Analyses

The catalytic tests for the transformation of LA into GVL were carried out in a 13 mL stainless steel
autoclave. The inner steel walls of the autoclave are covered by a Teflon container (made in-house).
For the reaction, the autoclave was fed with 3.5 mL of water, 1.24 mmol of LA and 175 mg of catalyst.
Three types of reactions were conducted: (i) without any additives, (ii) with the addition of 171.6 mg
of Zn and (iii) with the addition of 2.65 mmol of FA. This way the GVL production using different
hydrogen sources can be compared. Controls were realized using bare sepiolite, sepiolite B, attapulgite,
Zn and FA to test the conversion of LA. Before the reaction, the autoclave was purged with N2 to
minimize the metal oxidation. Later, the autoclave was sealed and introduced in a silicon bath and
stirred for 2 h at 800 rpm. This stirring rate was selected in order to ensure a good mixing between
the catalyst and the reactants. The reaction was realized at two different temperatures to compare the
conversion: 120 and 180 ◦C. After 2 h, the autoclave was immediately cooled in an ice-bath to stop the
reaction. Finally, the dispersion was filtered with an appropriate membrane to obtain the product in
order to be analysed.

The analysis of the products has been undertaken as in [21] and [45]. GVL and LA were analyzed
by gas chromatography (GC), using a mod. 5890 GC instrument (Hewlett Packard, Palo Alto, CA,
USA). This GC has an Agilent HP-1 column (30 m × 0.32 mm × 0.25 μm), a FID detector working
at 240 ◦C, and an injection port at 220 ◦C. The temperature program for the chromatographic cycle
was as follows: (i) 35 ◦C isothermal for 6 min, (ii) a heating rate of 20 ◦C min−1 from 35 to 230 ◦C and
(iii) 230 ◦C isothermal for 26 min. Controls without LA and without catalysts were also undertaken
and analysed to compare with the other reaction samples. The retention times for γ-valerolactone
and levulinic acid are 5.4 and 9.5 min, respectively. Other reaction products were identified using
gas chromatography-mass spectrometry (GC-MS 5977A MSD-7890A, Agilent, Santa Clara, CA, USA).
The catalytic tests carried out with FA were also analyzed by GC-MS (GC-MS 5977A MSD-7890A,
Agilent).

3. Results

Characterization Results

Figure 1 shows the XRD patterns of the Ni catalysts prepared on different supports before (A) and
after (B) their reduction. For comparative purposes, the XRD patterns of the supports are also shown.

In the XRD pattern of pure sepiolite, all maxima have been indexed to an orthorhombic symmetry
with space group Pnan [68]. Sepiolite is a silicate with fibrous characteristics presenting an ideal
formula [Si12Mg8O30(OH)4](H2O)4.8H2O. It has a layered structure made up of large tunnels parallel
to the phyllosilicate ribbons (Figure 2A) which are partly occupied by H2O molecules. These tunnels
measure 3.7 × 10.6 Å in cross section.

As it is well known, if sepiolite is heat treated structural modifications due to the loss of water
molecules are observed. Preisinger [69] reported that the loss of the bound H2O leads to a phase
change during which the structure is folded by rotation of the phyllosilicate ribbons. These ribbons
rotate around an axis through the Si-O-Si corner bonds which link the ribbons (Figure 2B).
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A B 

Figure 1. XRD patterns of NiO precursors (A) and final Ni catalysts (B) and the supports (Sep, SepB
and Atap). Symbols: (•) sepiolite, (o) sepiolite-dehydrated, (�) attapulgite, (�) attapulgite-dehydrated,
(�) quartz. – NiO, – Ni.

Figure 2. Schematic representation of sepiolite structure (A) before and (B) after thermal treatment.

Thus, a phase change takes place at ~600–650 K for the sepiolite heat treated in air. This transition
is likely due to the folding of the sepiolite structure when the first moiety of the structural H2O is lost.
This sepiolite “anhydride” is designated as “Sepiol-2H2O”, where “2H2O” corresponds to the two
remaining structural molecules of H2O.

The Bragg maxima in the XRD pattern of 2Ni/SepB have been indexed on the basis of this structure.
The structural change due to the folding becomes irreversible at 570 ◦C [70]. In this sense, the Ni/Sep
catalysts seem to be formed by a mixture of Sep and Sepiol-2H2O, since the thermal treatment of these
phases did not exceed 500 ◦C.

On the other hand, attapulgite exists in structurally related orthorhombic and monoclinic forms.
In the XRD pattern of pure attapulgite (Figure 1), all maxima have been indexed on the basis of
an orthorhombic structure. Moreover, there are two maxima that could be assigned to SiO2 quartz,
as indicated with triangles in Figure 1A. Similarly to sepiolite, attapulgite is a fibrous silicate (ideal
formula (Mg2Al2)(Si8)O20(OH)2 (H2O)4) presenting a layer structure built from large tunnels parallel
to the phyllosilicate ribbons which are partly occupied by H2O molecules. These tunnels measure
3.7 × 6 Å in cross section. In the thermal treatment in air of this clay a structural change to a folded
structure also occurs. Indeed, the maxima corresponding to this folded phase, Atap-dehydrated,
are observed in the XRD pattern of Ni/Atap samples (Figure 1A).

The XRD patterns of the Ni precursors (Figure 1A) show in the case of the catalysts with attapulgite
and sepiolite Sep a pattern very similar to that of the pure supports whereas Sep B was affected
by the calcination and a diffractogram with new peaks was observed. We should indicate that the
peaks at 2θ = 37.3◦, 43.3◦ and 63.2◦ are typical of face-centered cubic crystalline structure of nickel
oxide (represented by lines in the Figure 1A) and, however, these reflections have not been clearly
observed in these precursors although a low intensity peak at 2θ = 43.3◦ cannot be completely ruled
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out. This absence of peaks must be due to the fact that the amount of nickel is very low and NiO
particles are well dispersed on the support.

In the XRD patterns of the Ni-based catalysts (Figure 1B), it can be observed that catalysts seem
to be reduced as the low intensity NiO peak observed in the precursors is now absent. However,
it is not possible to see the main peaks of metallic Ni (2θ = 44.5◦, 51.1◦, 76.1◦) likely due to the low
concentration of nickel in the catalysts and to the low size of nickel particles.

The textural properties of the Ni catalysts supported on different materials were determined by
N2 adsorption-desorption. BET equation was used to determine the specific surface area and the
results are shown in Table 2. All the Ni catalysts displayed reduced specific surface areas compared to
the support materials. The surface area of the standard sepiolite (Sep) is 242 m2·g−1, which slightly
decreases after the nickel incorporation. Then, the surface area for 2Ni/Sep is 202 m2·g−1. The Sep
B support reaches a high surface area of 381 m2·g−1 but drastically decreases until 121 m2·g−1 in the
final Ni-catalyst. This drop is in agreement with the variations observed by XRD in which different
patterns are observed in the support and in the final Ni-catalyst. Thus, after the thermal treatment
which provokes a folding in the structure, the surface area of the catalysts decreases, in good agreement
with the existing literature [70].

Table 2. Textural properties of the Ni-based catalyst supported on different materials.

Sample SBET (m2·g−1) VT (cm3·g−1)

Sep 242 0.392
2Ni/Sep 202 0.447

SepB 381 0.619
2Ni/SepB 121 0.579

Atap 216 0.499
2Ni/Atap 75 0.440

In the case of the attapulgite a notable decrease of the surface area was also observed (216 m2·g−1

in the support vs 75 m2·g−1 in the final catalyst). Again, this fact could be related to the folding
of the structure as a consequence of the thermal treatment, in good agreement with the XRD data,
as commented above.

Figure 3A shows the isotherms patterns for the catalysts with 2 wt.% Ni supported on both sepiolites
and attapulgite, and their corresponding single supports. According to the IUPAC classification the
isotherms of the catalysts and the supports were classified as Type IV [71]. These isotherms patterns
are typical for mesoporous adsorbents, therefore showing the mesoporous nature of the sepiolite
and attapulgite clays. No big differences were appreciated between the shape of the isotherms
corresponding to the supports and those for the final catalysts. However, as mentioned above there are
important differences in the amount of N2 adsorbed.

The pore distribution of the catalysts with Ni content of 2 wt.% is shown in Figure 3B. The original
supports present a maximum at ca. 4 nm corresponding to the presence of small mesopores, as typical
of this type of clays [72]. However, only in the Ni catalyst on the standard sepiolite (2Ni/Sep catalyst)
the maximum at about 4 nm is still visible whereas it is absent in 2Ni/Atap and 2Ni/SepB. This confirms
the collapse of the structures of attapulgite and the sepiolite B after the nickel incorporation and the
heat-treatments. This data is in agreement with the slight decrease of the surface area in the case of Sep
and the drastic drop in the catalysts with attapulgite and the Sep B.

The microstructural characteristics of the supported catalysts were analyzed by high resolution
transmission electron microscopy (HRTEM). Figure 4 shows the HRTEM images and corresponding
histograms of the 2Ni/Sep, 2Ni/SepB and 2Ni/Attap catalysts.

Clay-support fibers with length varying from 50 nm to several μm and widths ranging between 5
and 20 nm can be clearly observed. The analysis of the nickel-containing particles showed the presence
of metal nickel and the absence of NiO particles. Periodical contrasts of 0.21 nm in the images, which
correspond to (111) interplanar distances of cubic Ni (inset of Figure 4A), indicate the crystallinity
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of the Ni nanoparticles. Moreover, when a magnet is placed close to the samples, the particles are
attracted by the magnet. This is a typical behaviour of metallic Ni which is ferromagnetic and this
would not happen if the particles were NiO, which is antiferromagnetic. Therefore, the presence of Ni
nanoparticles can be undoubtedly assumed. These Ni nanoparticles are covering the clay support with
similar homogeneity in all the cases and present an average size around 3 nm. In a very small extent,
they appear agglomerated in clusters of 6–9 nm in size. Taking into account the particle size distribution
histograms (insets in Figure 4A–C), Ni nanoparticles of an average size 3 nm are predominant in all the
cases. However, whereas for 2Ni/Sep ca. 25% of the particles are larger than 4 nm, the 2Ni/SepB and
2Ni/Atap catalysts are practically composed only of nanoparticles with sizes less than 4 nm.

A B 

Figure 3. N2 isotherms patterns for the catalysts with 2 wt.% Ni supported on different materials (A)
and representative pore distributions (B).

Figure 4. Representative HRTEM images for (A) 2Ni/Sep, (B) 2Ni/SepB and (C) 2Ni/Atap catalysts,
and (D) distribution of the size of Ni particles in these catalysts.
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Initially, different amounts of Ni (1, 2 and 5 wt.%) were supported on attapulgite in order to check
the amount of nickel to use with the different supports. These Ni/attapulgite catalysts were tested in
the transformation of LA at 180 ◦C. These preliminary tests were undertaken in the absence of formic
acid or Zn. For comparison, data of an unsupported Ni catalyst prepared in the same way (catalyst
named as 100Ni) is also included. Figure 5 shows that GVL was produced in all cases. GVL yield was
16% in the unsupported Ni catalyst whereas the blank experiment without catalyst gave no conversion
of LA to GVL. It is noteworthy that catalysts with 2 and 5 wt.% Ni obtained yields of ca. 13%, which
are very close to that achieved by the catalyst with 100% Ni. The Ni amount of 2 wt.% was selected to
prepare the catalysts with the different supports because it has a similar conversion into GVL than
5 wt.%, but its productivity per Ni loading is the highest of all the catalysts tested.

This reaction has been undertaken without an external hydrogen source. However, H2 proceeds
from the water molecules as nickel reacts with water leading to the formation of metal oxide and
hydrogen (according to Ni + H2O→ NiO + H2). Nickel then acts as both source of hydrogen and
catalyst for the AL to GVL transformation.

Figure 5. Influence on the Ni-loading in Ni/attapulgite catalysts (A) on the conversion of LA into GVL
and (B) on the GVL productivity per mass of catalyst (•) or per mass of Ni (�). Reaction conditions:
T = 180 ◦C, 3.5 mL of water, 1.24 mmol of LA and 175 mg of catalyst.

Then, a Ni loading of 2 wt.% was selected to be used for the impregnation of the three supports.
The first assays were carried out with LA, water and in the absence of another hydrogen source.
Then two different assays in the presence of either Zn or formic acid were undertaken in order to
produce additional hydrogen (Zn from the reaction with water and formic acid from its decomposition).
The experiments were conducted at two different reaction temperatures (120 ◦C and 180 ◦C). It must
be indicated that in all cases the main reaction product observed has been γ-valerolactone with
selectivities over 95%. Then, at the two tested temperatures other compounds were identified by
GC-MS as byproducts of the reaction although in low amount. These compounds were 5-methyl
2(3H)-furanone and 5-methyl 2(5H)-furanone.

Table 3 shows the GVL yield and productivity results obtained by the catalysts with different
hydrogen sources at 120 ◦C and 180 ◦C. The reactions carried out without hydrogen source with
2Ni/Sep, 2Ni/SepB and 2Ni/Atap show low GVL yield in all cases. At 120 ◦C the yields to GVL did not
exceed 5.1% whereas at 180 ◦C the yield never reached 15%. As expected, the LA conversion and the
GVL formation increase when the reaction temperature increases.

Interestingly, upon adding Zn (that plays mainly the role of reactant as mentioned above) to the
nickel catalysts the catalytic activity highly increased. Then at 120 ◦C in all cases the LA conversion
exceeded 70%, being similar with 2Ni/SepB and 2Ni/Atap, giving 82% and 82.7% of GVL yield,
respectively. In the case of the 2Ni/sep catalyst the yield to GVL was lower (72.6%). The same trend
was observed working at 180 ◦C. Using 2Ni/SepB and 2Ni/Atap catalysts all the LA reacted, leading to
GVL yields higher than 98%. Lower GVL yield (85%) was obtained with 2Ni/Sep catalyst.

Using formic acid in the medium the results were very poor. Thus, the GVL yield results obtained
using formic acid as hydrogen source were much worse than those achieved using Zn. In fact, lower
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yields to GVL were obtained in the presence of formic acid than in its absence. Although formic acid at
appropriate temperatures and with a suitable catalyst decomposes into H2 and CO2, in the conditions
employed in this article the dissociation of acid formic was low and did not help in the production of
GVL. Thus, none of the used catalysts gave a GVL yield higher than 7% at the two different tested
temperatures. It seems that the presence of formic acid hinders the hydrogen formation from water
(Ni + H2O→ NiO + H2) originated by the presence of nickel. It is also possible that the negative
effect of formic acid is due to the fact that metallic nickel reacts with formic acid, this leading to the
formation of hydrogen, and then no active nickel sites are available to undertake the hydrogenation of
levulinic acid.

Table 3. Yield of LA into GVL (%) and productivity (mmol GVL/g catalyst/h and mmol GVL/g Ni/h)
using Ni on different supports and hydrogen sources.a

Additional GVL Yields molGVL kg−1
catalyst h−1 molGVL kg−1

Ni h−1

Catalyst H2 Source 180 ◦C 120 ◦C 180 ◦C 120 ◦C 180 ◦C 120 ◦C
2 Ni/Sep No 14.6 2.31 0.510 0.082 25.8 4.08

2 Ni/SepB No 12.0 5.05 0.428 0.180 21.3 8.93
2 Ni/Atap No 12.9 1.01 0.451 0.040 22.7 1.77

2 Ni/Sep Zn added 85.2 72.6 3.01 2.57 151 128
2 Ni/SepB Zn added >98 82.0 3.54 2.90 177 145
2 Ni/Atap Zn added >98 82.7 3.54 2.92 177 146

2 Ni/Sep Formic acid 5.39 6.50 0.187 0.233 9.52 11.5
2 Ni/SepB Formic acid 3.02 4.54 0.111 0.156 5.41 8.02
2 Ni/Atap Formic acid 4.02 6.26 0.142 0.219 7.09 11.1
a Reaction conditions: water (3.5 mL), LA (1.24 mmol), 2 wt.% supported metal catalyst (175 mg) reaction temperature
(180 ◦C and 120 ◦C), time (2 h) and Zn (171.6 mg) or FA (122 mg).

Comparing these three strategies, the use of Zn turns out to be the most effective in transforming
LA into GV. Thus, the productivity to GVL is at least one order of magnitude higher when using Zn than
when using formic acid or without using additives. Analyses of the gas of the batches demonstrates
that in all the experiments done with the Ni-catalysts some hydrogen was formed, being much more
abundant in the experiments with Zn. The quantification of the hydrogen has not been possible to be
carried out with high accuracy due to experimental limitations.

For comparison a 2 wt.% Ni catalyst supported on silica (Aerosil, surface area 181 m2·g−1) was
prepared in the same way and tested in the LA transformation in the presence of Zn at 180 ◦C. It was
observed that this option also produced high amounts of GVL (yield = 73.7%) but less than comparable
catalysts with natural clays as supports. Controls were undertaken in the three conditions mentioned
above but in the absence of catalyst. Then, with formic acid or without additives the levulinic acid
conversion was negligible. However, in the case of using Zn alone a yield to GVL of 35% was obtained
at 180 ◦C. Then in the experiments undertaken with Ni/catalysts and Zn at 180 ◦C the catalytic role of
both Zn and nickel sites must be considered in order to explain the catalytic performance. In these
control experiments hydrogen was detected in the gas-phase in the test using Zn in contrast with the
experiment in which additives were not added.

4. Discussion

Ni is an effective non-noble metal capable of producing the conversion of LA into GVL with high
efficiency. This way, the use of noble metals is avoided making this process less expensive. In fact, we
have observed that it is possible to produce GVL in high yield using small amounts of Ni supported
on cheap and highly available supports employing an easy preparation method by impregnation
with oxalic acid. The best results have been obtained with 2Ni/SepB and 2Ni/Atap using Zn as a
hydrogen source.
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In the Ni catalysts supported on clays, nanoparticles cover the support with similar homogeneity
and with most particles presenting a size of ca. 3 nm. However, on attapulgite or on the more
crystalline sepiolite (Sep B) there are no nickel particles larger than 4 nm, whereas on the standard
sepiolite there is an important portion of big particles of 6–9 nm in size. This microstructural feature
is probably connected to the better performance of the 2Ni/SepB and 2Ni/Atap catalysts compared
to 2Ni/Sep. Then, the higher GVL yields obtained with nickel on attapulgite or on Sep B is likely
linked to the lower presence of big nickel particles than on the standard sepiolite. Then, for a fixed
nickel loading (2.0–2.1 wt.% in our catalysts) the lower the crystallite size the higher the amount of
available active sites is. We want to mention that the catalytic role of the environment around Ni sites
cannot be neglected, although the similitude between the support surfaces, lead us to conclude that the
main differences are likely due to the different nickel crystallite size. Similarly, in [73,74] it was shown
that Ni sites can catalyze hydrogen transfer reactions through a coupling effect, and dispersed Ni
nanoparticles present the highest catalytic efficiency in the LA to GVL reaction whereas bare Ni foam
could not activate LA. Interestingly, the solvent has a crucial role in the hydrogen transfer reaction
because could interact with the metal and react to supply hydrogen.

In order to confirm that metallic Zn had been oxidized to ZnO, samples of Ni-catalysts with Zn
were collected after reaction at 120 ◦C and 180 ◦C and they were analyzed by XRD. Figure 6A shows
the XRD patterns of the 2Ni/sepB catalyst with Zn after reaction at 120 ◦C and 180 ◦C. In the sample
used at 120 ◦C, apart from the diffractions of the Ni-catalyst, high intensity peaks corresponding to
ZnO (JCPDS: 36-1451) were observed. However, diffractions of metallic Zn (JCPDS: 04-0831) were
hardly observed. Then, at 120 ◦C more than 95% of the initial metallic Zn has been transformed into
ZnO in the presence of water with the consequent hydrogen formation. In the sample used at 180 ◦C,
apart from diffractions of ZnO (main crystalline phase detected) and Zn, peaks corresponding to a new
Zn-containing phase are observed at 2θ = 12.7, 21.7, 22.1, 25.5, 31.5, 34.0, 38.8 and 49.0◦ (only cited the
most intense). This pattern fits well with that of a Zn-silicate (Zn2SiO4 phase, JCPDS: 08-0492). Then,
in this case Zn/ZnO reacts with part of the silicon of the sepiolite to form this new phase.

Figure 6. XRD patterns of 2Ni/SepB (A) and 2Ni/Atap (B): fresh, after use at 120 ◦C with Zn and after
use at 180 ◦C with Zn. For comparison the XRD pattern of Zn used at 180 ◦C has been also included.
Symbols: (�) Zn0, (•) ZnO, (�) Zn2SiO4.

Figure 6B shows the XRD patterns of the 2Ni/Atap catalyst with Zn after reaction at 120 ◦C and
180 ◦C. In the experiment undertaken at 120 ◦C apart from the diffractions of the Ni-catalyst, intense
peaks of ZnO were detected. The relative intensity of the most intense peaks of ZnO compared to
Zn is ca. 5, which is lower than that observed with 2Ni/SepB, in which almost all of the zinc was
present as ZnO. Moreover, in this sample the formation of Zn2SiO4 phase is already visible at 120 ◦C in
contrast with 2Ni/SepB. This fact could be explained taking into account the presence of some amount
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of quartz as a secondary phase in the pristine attapulgite, as observed by XRD data and commented
above (Figure 1A). In the sample at 180 ◦C the main reflections correspond to Zn2SiO4 phase whereas
peaks of lower intensity of Zn and ZnO have also been detected. These results indicate that silicon
from attapulgite reacts with Zn/ZnO to form the Zn-silicate phase.

The XRD pattern of the Zn alone sample used at 180 ◦C shows that ca. 40% of Zn is oxidized
into ZnO. This oxidation takes place to a lesser extent than when zinc is together with Ni/SepB or
Ni/Atap catalysts (Table 4). It seems that the presence of the nickel catalysts initially accelerates the Zn
oxidation to ZnO and then, especially at high temperatures, reacts with a part of the support.

Table 4. Relative intensity of the most intense XRD peaks of Zn, ZnO and Zn2SiO4 in used samples.

Experiment/Sample Reaction Temperature (◦C) ZnO/Zn Zn2SiO4/Zn

Zn alone 180 0.71 -
2Ni/SepB + Zn 120 98 0
2Ni/SepB + Zn 180 8.9 4.0
2Ni/Atap + Zn 120 5.2 2.2
2Ni/Atap + Zn 180 1.5 3.5

A microscopy study of the Zn + 2Ni/SepB sample used at 120 ◦C shows sepiolite fibers with
small patches of nickel together with large particles of ZnO (Figure 7). As indicated above, the length
of the sepiolite fibers ranges from 50–100 nm to 4 μm whereas their width varies from 5 to 20 nm.
The particles of ZnO are quite heterogeneous in size and shape although most of them are rectangular
with typical length of 200–300 nm and width of 80–150 nm. In the initial microscopy study, it was
observed that nickel of the fresh Ni/supported catalysts was present as metallic nickel. In Figure 7c we
can observe by HRTEM a particle containing nickel deposited on a sepiolite rod. The lighter part of the
particle likely corresponds to nickel oxide (dhkl = 0.21 and 0.24 nm, assigned to NiO 200 and NiO 111,
respectively) whilst the darkest part probably corresponds to metallic nickel (dhkl = 0.20 and 0.18 nm
assigned to Ni 111 and Ni 200, respectively). Then, after the reaction not only is Zn oxidized but also
a part of the metallic nickel transforms into NiO. It must be mentioned that the size of Ni/NiO particles
in the used catalyst was similar to that of the fresh catalyst and, overall, no enlargement of the particles
is apparent. Nevertheless, although most of particles (>95%) were smaller than 6 nm, a couple of large
particles (>15 nm) were also observed in the used sample.

 
Figure 7. TEM (a,b) and HRTEM (c) images of 2Ni/Sep B with Zn after use at 120 ◦C.

The reaction using 2Ni/Atap and adding Zn was selected to study the influence of the reaction
time in the GVL yield. Two more catalytic tests were carried out for 1 and 6 h at 120 ◦C (Figure 8).
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After 1 h of reaction the yield to GVL was 53.6% and after 2 h the yield to GVL had increased to 82.7%.
However, for longer reaction times (6 h) the yield to GVL (84.3%) remained almost identical to that after
2 h. This scarce increase must be due to the fact that after 2 h most of the Zn is already transformed
into ZnO (Figure 8B) and then from 2 to 6 h there is hardly any hydrogen available for further reaction.
In order to corroborate this, Figure 8B shows the XRD patterns of 2Ni/Atap with Zn after 1, 2 and 6 h of
reaction at 120 ◦C. It can be observed that when the reaction time increases metallic Zn is transformed
into ZnO and Zn2SiO4. Then, after 1 h there is a high amount of Zn available whereas after 2 h it has
drastically decreased. Finally, after 6h there is not any metallic Zn.

Figure 8. Effect of the reaction time on the yield to GVL (�) using 2Ni/Atap + Zn at 120 ◦C (A) with
their corresponding XRD after use (B). Symbols: (�) Zn0, (•) ZnO, (�) Zn2SiO4.

Finally, the recyclability of 2Ni/Atap was studied. After use under standard conditions at 120 ◦C,
the mixture of Ni/Atap + Zn was collected and dried. Then a further catalytic experiment, with a
previous reduction, was conducted at 120 ◦C under standard conditions. Before the second test we
had Zn not yet oxidized during the reaction plus metallic Zn obtained from the reduction of the ZnO
of the sample used in the first test. As a part of the used mixture could not be collected we assume
that the loss of Ni/Atap and Zn is proportional. Then, in the re-testing experiment it was observed a
moderate drop in the GVL productivity per mass of catalyst from 2.92 mol GVL kg−1

catalyst h−1 in the
fresh catalyst to 2.29 mol GVL kg−1

catalyst h−1 in the re-used catalyst. This drop of the productivity
could be related to: (i) the formation of the Zn-silicate after use which could modify both the nature of
the catalytic sites and the amount of the hydrogen available from the oxidation of Zn and (ii) to the
leaching of the nickel active sites. In fact, it can be observed by microscopy that the used catalyst has
lower density of nickel nanoparticles than the fresh catalyst. A third re-testing led to a moderate drop
in the productivity (2.22 mol GVL kg−1

catalyst h−1).
We must indicate that a similar recyclability test at 120 ◦C but without previous reduction led

to a drastic drop of the GVL productivity (from 2.92 mol GVL kg−1
catalyst h−1 in the fresh catalyst to

0.42 mol GVL kg−1
catalyst h−1 in the re-used catalyst) probably due to the low hydrogen availability in

the reaction medium and maybe to the lack of activation ability of the oxidized nickel.
One of the positive aspects of this catalytic system is the low loss of catalytic activity after use if

there is a previous reduction. However, there is a lack of structural stability as during the catalytic
reaction the supports react with Zn forming a new phase (Zn-silicates). Interestingly, in spite of this
lack of structural stability a drastic deterioration of the catalytic performance has not been observed.

The presence of both metals (Ni and Zn) is essential because Ni is able to transform LA into GVL
in the presence of hydrogen and Zn is able to produce hydrogen when it reacts with water. In purity,
both nickel sites and Zn can play both roles: (i) produce hydrogen from water and (ii) be catalytically
active in the dehydration/hydrogenation of LA to GVL. However, attending to the catalytic results
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obtained the main role of Zn sites is the supply of hydrogen from its reaction with water whereas the
main role of nickel sites is catalytic (hydrogenation/dehydration) (Scheme 2).

Finally, we would like to indicate that the use of metals to produce hydrogen through the reaction
with water presents the drawback of the need of a further reduction to be re-used. However, the use of
other options such as propanol or formic acid requires new feedings of these compounds, as they are
spent during reaction. Therefore, a possible advantage of the approach followed in the present article
is that, if the catalytic system is stable enough, it would not be necessary to add fresh metals for the
new cycles.

 
Scheme 2. Reaction of hydrogenation of levulinic acid into γ-valerolactone using the reaction of Zn
with water to produce H2 and Ni/sepiolite catalysts.

Overall, the results presented in this article are notorious since GVL yields greater than 98%
have been obtained at 180 ◦C and these are among the best catalytic results reported using other
options without feeding molecular hydrogen (Table 1). Now, the next objective is to achieve a
further improvement in the stability of the system so that it could be reused without worsening the
catalytic performance.

5. Conclusions

Ni-catalysts supported on inexpensive and readily available supports (sepiolites with different
crystallinity and attapulgite) were tested in the transformation of levulinic acid into γ-valerolactone in
an aqueous medium using three different alternatives without added pressurized H2: (i) no hydrogen
source, (ii) adding Zn to the reaction mixture and (iii) adding formic acid. The reactions carried out
without any hydrogen source or using formic acid led to low γ-valerolactone yields. The use of Ni
supported on attapulgite or on a high surface area sepiolite has led to yields to γ-valerolactone higher
than 98% using Zn in the reaction media at 180 ◦C. Moreover, the structure folding of the clays after
thermal treatment seems to provide best yield to GVL. The best performance of nickel on attapulgite or
on high surface area sepiolite is likely related to the lower size of nickel particles on these two supports
compared to low surface area sepiolite, leading to a higher amount of available active sites. During
these experiments, Zn transforms into ZnO and also reacts with the silicon of the supports to form
Zn2SiO4, this limiting their reusability. Interestingly, the catalytic performance of the mixture of the
Ni-catalyst + Zn can be restored to a large extent.
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Abstract: Catalysts consisting of Ru nanoparticles (1 wt%), supported on mesoporous activated
carbons (ACs), were prepared and used in the one-pot hydrolytic hydrogenation of cellulose to
obtain sorbitol. The carbon materials used as supports are a pristine commercial mesoporous AC
(named SA), and two samples derived from it by sulfonation or oxidation treatments (named SASu
and SAS, respectively). The catalysts have been thoroughly characterized regarding both surface
chemistry and porosity, as well as Ru electronic state and particle size. The amount and type of
surface functional groups in the carbon materials becomes modified as a result of the Ru incorporation
process, while a high mesopore volume is preserved upon functionalization and Ru incorporation.
The prepared catalysts have shown to be very active, with cellulose conversion close to 50% and
selectivity to sorbitol above 75%. The support functionalization does not lead to an improvement of
the catalysts’ behavior and, in fact, the Ru/SA catalyst is the most effective one, with about 50% yield
to sorbitol, and a very low generation of by-products.

Keywords: Ru nanoparticles; activated carbon; one-pot hydrolytic hydrogenation; cellulose conversion;
sorbitol

1. Introduction

Concerns on the climate change explain the increasing interest of researchers in low carbon
fuels and sustainable energy, which has boosted the investigation on the production of biofuels and
chemicals from renewable feedstocks like biomass [1,2]. One of the most attractive approaches is
based on the use of non-food biomass, whose conversion into valuable chemicals has recently become
the object of study for many researchers dealing with biorefinery processes [1,3–5], and with related
reactions such as hydrolysis, pyrolysis, fermentation, dehydration, hydrogenation, etc. A big effort is
being made in this field in order to convert cellulose into sugar alcohols. Among these compounds,
sorbitol is attractive because of its large number of applications: in pharmacies, food, cosmetics, and as
an alternative for biofuel production [6–8]. This polyol can be obtained by two consecutive reactions:
hydrolysis of cellulose to produce glucose, followed by glucose hydrogenation to sorbitol, meaning
that the process requires two different catalytic functions. In fact, it is usually carried out with catalytic
systems consisting of mineral liquid acids (like H2SO4 or HCl) as hydrolysis catalysts, and supported
metals with activity in hydrogenation reactions [9,10]. However, liquid acids are considered not to be
green options, because of their corrosive properties and because they cannot be reused. Stable acidic
solids are an interesting alternative because they can be easily recovered from the liquid media [11,12],
diminishing its contamination, and they can, potentially, be reused. Because of that, they can be
considered promising catalysts that could replace liquid acids to make the processes greener.
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This is the context of this proposal, which focuses on the use of heterogeneous bifunctional
catalysts to obtain sorbitol from cellulose by the combined reaction known as hydrolytic hydrogenation.
A suitable heterogeneous catalyst must be composed of a solid acid and supported metal particles to
enhance, respectively, cellulose hydrolysis and the hydrogenation of hydrolysis products. Examples of
recent works dealing with this topic are shown in references [13–16].

Considering the simultaneous need of acidic and metallic active sites for this approach, it is
necessary to focus on a solid able to bear both acidic functional groups and metal nanoparticles on
its surface. Carbon materials can easily be such a solid because both the surface area and the surface
chemistry can be tuned in order to suit their properties to the desired application. In particular,
acidic sites can be created without detriment of the textural properties. Besides, it has been fully
recognized that they have outstanding properties as catalyst supports in many reactions [17,18].

Among the metals active for the target reaction, Ru and Ni have proven to be very interesting [10,19,20].
In fact, this combination, catalysts based on carbon supported Ru and Ni metallic particles has been
studied before, showing outstanding results. For example, Komanoya et al. reported 68% sorbitol yield
with a Ru/active carbon (AC) catalyst and a mix milling process [21], and Deng et al. also reported
69% sorbitol yield with Ru supported on carbon nanotubes (CNT), but using a concentrated H3PO4

solution for cellulose pretreatment [22]. More recently, Ribeiro et al. reported 86% sorbitol selectivity,
also using mix milling and Ru-Ni bimetallic catalysts supported on AC and CNT [23].

The present work deals with the preparation and characterization of Ru catalysts supported
on activated carbons for the hydrolytic hydrogenation of cellulose. The pristine selected activated
carbon is a commercial one, named SA, interesting mainly for its developed mesoporosity. Two further
supports, named SASu and SAS, have been prepared from SA by sulfonation and oxidation treatments,
respectively, with the purpose of increasing the carbon acidity. The relatively high mesoporosity of these
carbon supported Ru catalysts is expected to facilitate the access of cellulose to the catalyst’s surface,
thus enhancing the interaction with the active sites, particularly acidic sites that catalyze cellulose
hydrolysis. According to the research work of Chung et al. [24], the adsorption and transformation
of β-(1→4)-glucans can be enhanced in the pores of a mesoporous carbon material, where the long
cellulose chains can be more easily hydrolyzed to glucose monomers.

2. Materials and Methods

2.1. Catalysts Preparation and Characterization

The commercial powder activated carbon SA-30 from MeadWestvaco (USA) was used for this
study, with abbreviated name SA. It was submitted to the following chemical treatments: A- 1 M
H2SO4, and B- (NH4)2S2O8 saturated solution in 1 M H2SO4. In both treatments, the 1 g carbon/10 mL
solution mixture was stirred for 24 h at room temperature. Afterwards, the solid was recovered by
filtration and washed several times with distilled water (up to the total elimination of sulfates in the
filtrate (determined by BaCl2 testing)). The samples resulting from these treatments are named as
SASu and SAS, respectively.

Ru nanoparticles were supported on the carbon samples (SA, SASu and SAS) as follows: each
degasified carbon sample (150 ◦C, 4 h, vacuum) was put in contact with a RuCl3 aqueous solution
(1 g carbon/10 mL solution) of the appropriate concentration to obtain 1 wt% Ru loading, and kept
under stirring for 14 h at room temperature. Afterwards, the mixture was stirred in an ultrasound bath
for 3 h. Finally, the solvent was removed at 60 ◦C for 10 h, and then it was dried at 110 ◦C for 24 h.
Before being used in a catalytic activity test, the Ru containing samples, named Ru/SA, Ru/SAS and
Ru/SASu, were submitted to a reduction treatment under H2 flow (80 mL/min), at 250 ◦C for 4 h.

Preparation conditions have been selected after previous, still unpublished, works.
The textural properties of the original and Ru containing carbon materials were determined

by N2 adsorption-desorption at −196 ◦C (Autosorb-6B, Quantachrome). The specific surface area
(SBET) and the total micropore volume (Vmicro) were determined from N2 adsorption data by applying
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the Brunauer–Emmett–Teller (BET) and the Dubinin–Radushkevich (DR) equations, respectively.
To estimate the mesopore volume (Vmeso), the difference of the volume of N2 adsorbed as liquid at
P/P0 = 0.9 and P/P0 = 0.2 was calculated [25,26].

The surface chemistry of the prepared catalysts was studied by temperature programmed
desorption (TPD) experiments in the following conditions: the sample (9–12 mg) was heated at
20 ◦C/min in He flow (100 mL/min) up to 900 ◦C. The equipment used was a thermobalance (TA-SDT
Q600) coupled to a mass spectrometer (Thermostar, Balzers), allowing the simultaneous record of
weight loss and the analysis of evolved gases (CO2, CO, and H2O) during the experiment.

Transmission electron microscopy (TEM, JEOL JEM-2010), with the Infinity Analyze software for
image analysis, was used to analyze the size and distribution of the supported Ru particles.

X-ray photoelectron spectroscopy (XPS, VG Microtech Multilab ESCA-3000 spectrometer) was used
to characterize the surface chemical composition and the electronic state of Ru in the prepared catalysts.

2.2. Cellulose Hydrolytic Hydrogenation

The commercial Avicel microcrystalline cellulose (99%, Sigma Aldrich) was ball-milled (agate
balls/cellulose weight ratio of 3500 rpm, with reverse rotation every 60 min, for 7 h). Catalytic tests
were carried out in a 50 mL stainless steel Parr reactor (Model 4792) lined with a Teflon container,
and equipped with a manometer and a thermocouple (see Figure S1 (S accounts for Supplementary
Material)), as follows: 500 mg milled cellulose, 125 mg catalyst and 25 mL distilled water, together with
a magnetic rod, were introduced in the reactor. After closing the reactor, it was purged several times to
remove air, and then, it was filled with H2 and heated, under stirring, to reach the reaction conditions
of 50 bar and 190 ◦C. The reaction time was 3 h in all catalytic tests. Reaction conditions have been
selected after previous, still unpublished, works. To determine the reaction progress, the solid and
liquid phases were separated by filtration, after cooling down, and then, the liquid phase was analyzed
by high performance liquid chromatography (HPLC, 1200 infinity Agilent Technologies Hi-Plex Ca
(Duo), 300 × 6.5 mm. An example of the obtained spectra is shown in Figure S2. The remaining solid
(catalyst and unreacted cellulose) was dried and weighted to calculate the cellulose conversion.

The products yield was calculated from HPLC results, as indicated in Equation (1):

Yield (to A) = ((Mol of A)/(Mol of charged cellulose)) × 100 (1)

Conversion was calculated as shown in Equation (2):

Conversion = (1 − (Weight of unreacted cellulose)/(Weight of charged cellulose)) × 100 (2)

Moreover, selectivity was calculated in terms of conversion and yield as follows (Equation (3)):

Selectivity = (Yield/Conversion) × 100 (3)

3. Results

3.1. Textural Properties

The −196 ◦C N2 adsorption-desorption isotherms are presented in Figure S3. They are type IV
according to the IUPAC classification [27]. The relatively high adsorption at low relative pressure and
the steep slope indicates that these materials contain significant volumes of both micro and mesopores.

The textural parameters calculated from the isotherms data are shown in Table 1. Carbon SA
presents high surface area and pore volume, with a similar proportion of micro and mesopore volumes.
Treatment A (1 M H2SO4), that leads to sample SASu, results in a slight modification of the porous
structure of the SA carbon, while treatment B ((NH4)2S2O8 saturated solution in 1 M H2SO4), leading to
sample SAS, produces a significant decrease of the adsorption capacity of the original carbon material.
Such an effect can be due either to the destruction of pores, or to some blockage of the porosity by the
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abundant surface oxygen groups. This was previously reported for other carbon materials submitted
to a similar treatment [28].

Table 1. Textural parameters determined from N2 adsorption isotherms (at −196 ◦C).

Sample SBET
[a] (m2g−1) Vmicro

[b] (cm3g−1) Vmeso
[c] (cm3g−1)

SA 1464 0.73 0.74

SASu 1522 0.78 0.60

SAS 1274 0.65 0.48

Ru/SA 1416 0.71 0.66

Ru/SASu 1406 0.68 0.63

Ru/SAS 1218 0.60 0.47
[a] BET surface area and [b] micropore volume, determined by applying the Brunauer–Emmett–Teller
(BET) and the Dubinin–Radushkevich (DR) equations to the N2 adsorption data, respectively;
[c] mesopore volume estimated by the difference of the volume of N2 adsorbed as liquid at
P/P0 = 0.9 and P/P0 = 0.2.

The incorporation of Ru produces only a slight decrease of the surface area and porosity of SA,
SASu and SAS carbons, indicating that the supported Ru nanoparticles produce almost no blockage of
the carbon porosity. Thus, comparing the Ru-containing catalysts, it can be observed that Ru/SA and
Ru/SASu show a similar porosity, somewhat higher than that of Ru/SAS.

3.2. Surface Chemistry

Both original and Ru-containing carbon materials were characterized by TPD. Table 2 includes
the quantification of the obtained TPD profiles. The TPD-CO2 and TPD-CO curves of the three
Ru-containing catalysts are shown in Figure 1, while those corresponding to the carbon materials can
be seen in Figure S4.

The evolution profiles of CO2 and CO, produced by the decomposition of oxygen functional
groups (OFG), can give information about the nature of such OFG. Those that decompose at lower
temperature, mainly as CO2, have acidic character (carboxylic, anhydrides and lactones), and those
that decompose as CO are weakly acidic, like phenol type groups, or basic, like carbonyl and quinone
type groups. Based on the reported temperature intervals for the thermal decomposition of each type
of group [29–32], Figure 1 shows their approximate distribution in the TPD profiles (see the figure
caption for the identification of oxygen functional groups).

  
(a) (b) 

Figure 1. CO (a) and CO2 (b) TPD profiles for the Ru containing samples (SC: strong carboxylic acid, WA:
weak carboxylic acid, CA: carboxylic anhydride acid, PH: phenol, CQ: Carbonyl and Quinone, LC: Lactone).
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Table 2. Quantification of evolved CO2 and CO in TPD experiments and the corresponding calculated
O wt%.

Sample
CO2

(mmolg−1)
CO

(mmolg−1)
CO + CO2

(mmolg−1)
O [a]

(wt %)

Acidic OFG
[b] (mmol/g)

SA 0.5 2.8 3.3 5.7 1.9
Ru/SA 0.7 4.5 5.2 8.6 2.9
SASu 0.7 3.6 4.3 7.4 2.5

Ru/SASu 0.9 5.3 6.2 10.2 4.0
SAS 2.2 6.3 8.5 14.6 7.2

Ru/SAS 1.2 6.0 7.2 11.8 4.5
[a] determined from data of (mmol O)/g calculated as (mmol CO)/g + (2 mmol CO2)/g. Moreover,
[b] determined from deconvolution data, as the sum of quantification corresponding to SC, WC, CA,
PH and LN functional groups.

Pristine SA carbon has an intermediate amount of OFG compared to other activated carbon
materials that have been reported in the literature, but the large content of groups that evolve as
CO can be pointed out. It can be observed that treatment A renders a moderated amount of surface
oxygen functional groups (sample SASu), while treatment B resulted, as expected, in an important
development of surface functional groups (sample SAS). Thus, the sum of evolved CO2 and CO is,
in SAS, more than double than in SASu.

A comparison of the TPD results corresponding to the carbon materials and the carbon supported
Ru catalysts (Table 2 and Figure S4) shows that the amount of CO2 + CO released from Ru/SA
and Ru/SASu is larger than the amount released from the respective supports. This means that the
preparation process of the supported Ru nanoparticles (impregnation and reduction treatment) leads
to a certain restructuration of the carbon surface chemistry. This likely involves the creation of new
groups and the transformation of previously existing ones [33,34]. Besides, the Ru nanoparticles can
catalyze the decomposition and/or transformation of OFG during the TPD experiment and, thus,
the TPD profiles are much more difficult to interpret because of that. In contrast, the evolution of CO2

and CO decreases after Ru incorporation in the SAS carbon. In this case, the net balance of the effect of
the catalyst preparation steps (impregnation and reduction) is the loss of a certain amount of OFGs
from the surface of the highly oxidized SAS support.

Deconvolution of the TPD curves, according to the criteria from previous works [32,35,36],
was performed in order to better identify the nature of functional groups, and to try to quantify all
of them (the deconvoluted curves can be seen in Figure S5). As indicated above, the main OFG are
carboxylic acid (weakly (WC) and strongly (SC) acidic), carboxylic anhydride (CA), phenol (PH) and
lactone (LN), with acidic character, and carbonyl and quinone (CQ), with basic character.

The calculated amount of each type of functional groups in the carbon materials and in the Ru
catalysts is shown as bar diagrams in Figure 2. The experimental error in these data is below 5%,
estimated from the precision of data usually obtained in TPD experiments performed with the device
used in this work.

It can be observed that, upon treatment A (sample SASu), basic CQ groups are mainly developed,
followed by carboxylic anhydride (CA) groups, whereas treatment B (sample SAS) leads to an extensive
development of carboxylic anhydride (CA) and phenol type (PH) groups. Regarding the effect of Ru
incorporation, and compared to the respective supports, data of Figure 2 show that: in the case of the
Ru/SA sample, the increase in the amount of CQ groups is very important and the increase in the
amount of CA and PH groups is also relevant; in Ru/SASu, the content of all types of OFG, excepting
SC and WC increases, and in Ru/SAS, in spite of the general decrease of the OFG amount, the CQ and
LN groups content increases.
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Figure 2. OFG distribution determined by deconvolution of the TPD spectra (SC: Strong acidic carboxyl,
WC: Weak acidic carboxyl, CA: Carboxylic anhydride, CQ: Carbonyl or Quinone, PH: Phenol, LN: Lactone).

According to these data, the amount of acidic sites present in the studied samples has been
estimated as sum of the amount of SC, WC, CA, PH and LN groups, and has been included in Table 2.
This table shows that for both, the carbon supports and the analogous metal containing catalysts,
the acidic groups content follows the relative order: SA < SASu < SAS.

3.3. XPS and TEM Analysis

XPS analysis of the three Ru containing catalysts was carried out to determine the electronic state
of the supported Ru species, to identify potential sulfur species present, and to analyze the oxygen
species, to complete the information obtained by TPD. Figure 3 shows the Ru 3p XPS spectra of the
three studied catalysts.

Figure 3. Ru 3p XPS spectra of the three studied catalysts.

The Ru 3p fitted spectra of the three Ru catalysts reveal the presence of metallic Ru (B.E = 462.3 eV) [37],
and oxidized Ru species (B.E. = 464.7 eV) [38,39]. This means that the reduced catalysts become
partially oxidized upon exposition to air, being the proportion of metallic Ru respect to total Ru close to
50% (56%, 41% and 67% in Ru/SA, Ru/SASu and Ru/SAS catalysts, respectively; the differences cannot
be considered as fully significant, because the time of air exposure after the reduction treatment was
not exactly the same for the three catalysts). In any case, the oxidized species will probably be reduced
again to the metallic state during the reaction, because of the presence of high-pressure hydrogen at
190 ◦C. The total amounts of Ru determined by XPS are 1.13wt%, 1.02wt% and 1.52 wt% in Ru/SA,
Ru/SASu and Ru/SAS, respectively, which is in line with the nominal metal loading of the catalysts.
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Figure 4 shows the O 1s XPS spectra deconvoluted according to the B.E. assignments reported in
the literature [30,40,41]. It can be seen that they show mainly four signals corresponding to the C=O
bond in quinone groups (about 531.0 ± 0.4 eV), C=O or –OH related to lactone or hydroxyl groups
(532.0 ± 0.2 eV), C–OH attributed to phenol groups (at 533.0 ± 0.3 eV) and –COOH (534.0 ± 0.5 eV),
assigned to carboxylic groups.

a) b) 

c) 

  

 

Figure 4. O 1s XPS spectra of: (a) Ru/SA, (b) Ru/SASu and (c) Ru/SAS. The code color indicated is the
same in Figures (a–c).

The quantification of the O1s spectra, as oxygen wt %, in all the mentioned oxygen-containing
surface species, is presented in Table 3.

Table 3. Distribution of OFG as O wt% determined from the deconvolution of the O 1s XPS peaks.

O wt %

Acidic OFG [b]

(mmol/g)
Peak 1 2 3 4 O in

acidic
OFG [a]

B.E. (eV) 531 ± 0.4 532 ± 0.2 533 ± 0.3 534 ± 0.5

Sample C=O C=O or OH C-OH C-OOH

Ru/SA 3.32 2.26 2.77 0.62 3.39 1.93

Ru/SASu 3.63 2.91 3.36 2.75 6.11 2.99

Ru/SAS 3.34 7.51 7.05 3.83 10.88 5.60
[a] sum of O wt% in C-OH and C-OOH groups (from data in columns 3 and 4). [b] calculated from O wt. % in C-OH and
C-OOH groups (from data in columns 3 and 4), taking into account that column 4 corresponds to functional groups with
two oxygen atoms.

Considering that the main acidic groups determined by XPS are carboxylic and phenol type ones,
the O wt% related to these groups (columns 3 and 4 in Table 3) has been summed up and assimilated to
the amount of O in acidic oxygen functional groups. Data show that it increases from Ru/SA to Ru/SAS,
in agreement with the TPD data. For a more proper comparison of XPS and TPD data, the amount
of oxygen in acidic groups has been calculated as mmol/g of acidic groups (taking into account that
column 4 corresponds to functional groups with two oxygen atoms). The calculated values are included
in Table 3. Compared with analogous data of Table 2, it can be concluded that the results of both
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techniques are in line (the differences can be related with inherent differences in the fundamentals of
analysis of the two techniques).

The S 2p XPS spectra of the Ru/SASu and Ru/SAS catalysts reveal the presence of sulfonic
groups (peak at ~168.5 ± 0.1 eV) [42]. However, those spectra present a lot of noise, which makes the
quantification of sulfur species quite imprecise.

Figure 5a–f show TEM images obtained for the Ru catalysts. It must be mentioned that although,
in general, well dispersed Ru nanoparticles have been observed (Figure 5a–c), some agglomeration of
particles has also been found (Figure 5d–f), particularly in the case of the catalyst prepared with the
most oxidized support. The particle size distribution has been plotted as bar diagrams in Figure 5g–i,
being 1.3, 1.4 and 1.6 nm the average particle sizes in Ru/SA, Ru/SASu and Ru/SAS catalysts, respectively.
Figure S6 shows a TEM image of the original SA activated carbon.

In general, TEM data indicate that the impregnation method used was successful for the formation
of small Ru nanoparticles (average size lower than 2 nm) on SA, SASu and SAS carbon materials, and it
seems that the particle size slightly increases with the support oxidation. This can be related to the
anchorage of the Ru precursor species on the OFG, and the effect of their partial decomposition during
the reduction heat treatment, which could lead to some metal sintering [43–45].

   

   

 

Figure 5. TEM images and Ru particle size distribution of catalysts: Ru/SA (a,d,g); Ru/SASu (b,e,h);
and Ru/SAS (c,f,i).
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3.4. Catalytic Conversion of Cellulose

Table 4 shows the obtained cellulose conversion and yield of the main reaction products values.
Other products (not shown here) have also been obtained in a very low amount, and most of them
could not be identified. Figure 6 shows a simplified scheme of the reaction pathway from cellulose to
the products presented in Table 4.

Figure 6. Scheme of the reactions and products considered in the present work.

Table 4. Cellulose conversion and products yield.

Catalyst Conversion %
Yield %

Glucose HMF Sorbitol Mannitol

Blank 35 13 10 - -

Ru/SA 52 - - 48 3

Ru/SASu 46 - - 35 1

Ru/SAS 43 1 - 33 1

Reaction conditions: 500 mg cellulose, 125 mg catalyst, 25 mL water, 190 ◦C, 50 bar, 3 h.

In the blank test (without catalyst), cellulose conversion was 35%, and small amounts of glucose and
hydroxymethylfurfural (HMF) were formed (Table 4). In the tests carried out with the carbon supported
Ru catalysts, a noticeable increase of cellulose conversion compared with the blank experiment and a
high sorbitol yield have been achieved. The experimental error in these data is below 5%. It has been
estimated from the deviation determined when catalytic activity tests have been repeated.

Selectivity data have been plotted in Figure 7.

Figure 7. Selectivity data of the three studied catalysts.

Data from Table 4 show that, among the Ru containing catalysts, Ru/SA is the best performing
one in terms of cellulose conversion and sorbitol yield. As shown in Figure 7, the three catalysts are
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quite selective to sorbitol (selectivity above 75%), being Ru/SA highly selective (91%). It can be pointed
out that catalysts Ru/SASu and Ru/SAS produce a significant amount of by-products.

Catalyst Ru/SA was tested for recyclability. After the first run, the catalyst and the unreacted
cellulose were recovered from the reaction media by filtration, and after washing and drying, they were
used in a second run in the same conditions (adding the necessary amount of cellulose). In the second
run, cellulose conversion was 45% and selectivity to sorbitol was 73%. This means that the catalyst
preserves a relatively high activity and selectivity, which makes it reusable.

In a previous work dealing with the catalytic activity of SA, SASu and SAS carbons for cellulose
hydrolysis [46], it was concluded that cellulose conversion and selectivity to glucose depend on the
amount and type of surface OFG. In that study, the SAS carbon was found to lead to the highest cellulose
conversion and glucose yield (61% and 52%, respectively). However, in the case of the Ru catalysts,
the surface chemistry seems to have the opposite effect. As mentioned above, the presence of a high
amount of OFG might lead to a less effective dispersion of the Ru particles, which could be associated
with a lower activity. Moreover, some OFG, mainly those of acidic character (more abundant in
Ru/SASu and Ru/SAS samples) may direct, likely assisted by the metal sites, the reaction to by-products
through the conversion of glucose or sorbitol into other products. Furthermore, the presence of
sulfonic groups, although in a low proportion, can contribute to acid catalyzed transformations that
led to by-products.

Thus, in summary, the Ru/SA catalyst was found to be effective in enhancing the production of C6
polyols (sorbitol and mannitol), hindering the generation of by-products. It shows a good catalytic
capability for the one pot hydrolytic hydrogenation of cellulose, similar or even higher than that
shown by other catalysts reported in the literature, as some of those presented in the review work
of Shrotri et al. [47] For comparison purposes, some examples of literature reported results obtained
with carbon supported Ru catalysts (including reaction conditions) are summarized in Table 5 and
commented on next.

Table 5. Summary of reported results in the hydrolytic hydrogenation of cellulose, using carbon
supported Ru catalysts.

Entry Cat. Name Pret. [a] S/Ru [b] T
(◦C)

P
(Bar)

T
(h)

Xcellulose

(%)
Ysorbitol

(%)
Ref.

1 Ru/BP2000 BM-2d 1620 190 50 24 86 37 [19]
2 Ru/AC(N) - 324 190 9 3 51 17 [21]
3 Ru/AC(N) MM-4d 324 190 9 3 89 58 [21]
4 Ru/CNT H3PO4-MM 320 185 50 24 - 69 [22]
5 Ru/MC - 556 190 50 1.5 35.4 20 [16]
6 Ru/CCD BM-1d 25 180 40 10 32.7 - [13]
7 Ru/CCD-SO3H BM-1d 25 180 40 10 100 63.8 [13]
8 Ru/AG-CNT BM 556 205 50 5 100 60.4 [15]
9 Ru/SA BM-7h 400 190 50 3 52 48 this work

[a] Cellulose pretreatment conditions; BM: ball milling, MM: Mix-milling, d: days, h: hours. [b] Substrate/Ru ratio (mg/mg).
Ru was calculated taking into account the mass of catalyst used in the experiment and the wt. % Ru loading.

Kobayashi et al. [19] (entry 1) used a Ru catalyst supported on the BP2000 carbon black and high
substrate (cellulose) to Ru ratio, and they achieved a very high cellulose conversion and an acceptable
sorbitol yield but in a large reaction time (24 h). Komanoya et al. [21] (entry 2) used a Ru catalyst
supported on an activated carbon and reported 51% cellulose conversion and 17% sorbitol yield
using a relatively low hydrogen pressure (9 bar). However, when these authors applied mix milling
(catalyst/cellulose) pretreatment (entry 3), both conversion and selectivity strongly increased (89%
conversion and 58% sorbitol yield). This is a good result, but the long milling time (4 days) requires a lot
of energy. Deng et al. [22] (entry 4) achieved a high sorbitol yield (69%) (cellulose conversion was not
reported), using Ru supported on carbon nanotubes as catalysts. The reaction temperature was slightly
lower than in the other examples, but cellulose was pretreated with a concentrated H3PO4 solution,
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and the reaction time was long (24 h). In the work of Zhang et al. [16] (entry 5), Ru was supported
on a mesoporous carbon, but the obtained results were relatively poor; a significant improvement
(95% cellulose conversion and 52% sorbitol yield) was achieved combining the Ru/MC catalysts with a
zirconium phosphate (1.8 g per gram of cellulose). The recent work of Li et al. [13] that deals with Ru
catalysts supported on carbonized cassava dregs (CCD), reported the need of the carbon sulfonation
to achieve a high cellulose conversion and sorbitol yield (entries 6 and 7). Conditions of the process
include, among others, harsh sulfuric acid treatment of the CCD material and high catalyst dosage.
Finally, Rey-Raap et al. [15] (entry 8) reported very good sorbitol yield, using catalysts supported on a
hybrid carbon material prepared with a glucose derived activated carbon and carbon nanotubes. The
authors used ball-milled cellulose (milling conditions not indicated), 5 h reaction time, and a reaction
temperature higher than in other reported works.

Regarding preparation conditions, with the exception of catalysts prepared by Kobayashi et al. [19]
(entry 1) that use Ru(NO)(NO3)3; in all cases, RuCl3 has been used as Ru precursor. Additionally,
like in the present work, impregnation has been the general preparation procedure employed. It can
be mentioned that, in the case of catalysts presented in entries 2 to 7, the catalysts reduction treatment
temperature is higher than in the present work (300, 350 or 400 ◦C, vs. 250 ◦C), Rey-Raap et al. [15] also
reduced the catalysts at 250 ◦C, and in the work of Kobayashi et al. [19], the catalysts were reduced
at 180 ◦C, but suspended in water and under 4 MPa H2, being then collected by filtration and dried,
which adds some steps to the preparation process.

Some of the studies reported in Table 5 include reusability tests. After reaction, Li et al. [13]
separated the mixture of catalyst and unreacted cellulose from the solution, and after washing and
drying, fresh cellulose was added to start a second run. They repeated the process for up to five
recycles, and found about a 10% decrease in sorbitol yield [13]. A slight sorbitol yield decrease (3%)
was also observed by Komanoya et al. [21] in three reusing experiment tests, and Deng et al. [22] also
found a decrease of the sorbitol yield (10%), especially after the first reuse. This behaviour is similar to
the one found for the Ru/SA catalysts of the present work, in which sorbitol yield in the second run
was about 15% lower than in the first one. However, Rey-Raap et al. [15] report very good reusability
of their Ru catalyst supported on a hybrid carbon material (sorbitol yield kept above 60%).

To summarize, some interesting conclusions can be extracted, comparing our results with those
dealing with carbon-based catalysts previously published. For example, the sorbitol yield obtained in
the present work is higher, and it has been obtained in a much shorter time than in the study reported
by Kobayashi et al. [19] (entry 1). The high cellulose conversion and the much lower sorbitol yield
obtained by these authors indicate that their process is not very selective. The good results obtained by
Komanoya et al. [21] (entry 3) require, as already mentioned, four days’ mix-milling and, comparing
the results of the present work with those of Deng et al. [22] (entry 4), a higher sorbitol yield has been
obtained avoiding acid cellulose pretreatment, in a shorter reaction time and with a higher S/Ru ratio.
The good results of Rey-Raap et al. [15] (entry 8) are undoubtedly very interesting, but compared with
the present work, they have a required higher temperature and reaction time.

This comparison allows concluding that the catalysts prepared in this work are competitive in
relation to other catalysts developed for the hydrolytic hydrogenation of cellulose, pointing out that
both the catalysts’ preparation and the reaction conditions used are mild, and can be considered as
environmentally friendly.

4. Conclusions

The combined hydrolytic hydrogenation of cellulose into sorbitol was successfully achieved
using catalysts prepared by supporting Ru nanoparticles (1 wt% Ru) on mesoporous carbon materials
(the commercial activated carbon SA, and SASu and SAS carbons, both obtained by SA functionalization).
The sulfonation treatment creates a moderated amount of oxygen functional groups on the carbon
surface, and only a slight modification of the porous structure of the SA carbon. On the other hand,
the oxidation treatment leads to an important development of surface functional groups, and a
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significant decrease in the adsorption capacity. Besides, the amount and type of the surface functional
groups of the carbon materials becomes modified as a result of the Ru incorporation process. In spite
of these modifications, it has been concluded that the mesopore volume remains high in the three
catalysts. The Ru nanoparticles are small and well dispersed, and about 50% Ru is present in zero
valent state even after air exposition of the catalysts.

The three catalysts exhibited high cellulose conversion and very good selectivity to sorbitol under
relatively mild reaction conditions. The Ru/SA catalyst is the best performing one, with 52% cellulose
conversion and a very high sorbitol selectivity (91%). The differences in surface chemistry seem to
determine the observed differences in the catalytic behavior, and although a positive effect of a large
amount of acidic OFG was foreseen, the results allow one to conclude that in the Ru containing catalysts,
such groups can catalyze the formation of by-products, and are responsible for lower selectivity.

The findings of this study highlight the performance of the Ru/SA catalyst in the one pot hydrolytic
hydrogenation of cellulose, which surpasses those of many other bifunctional catalysts. Moreover,
it can be pointed out that both the catalyst preparation and the reaction conditions used in this work
can be regarded as economically convenient and environmentally friendly.

Supplementary Materials: The following are available online at http://www.mdpi.com/1996-1073/13/17/4394/s1,
Figure S1. Reactor scheme, Figure S2. Example of HPLC data obtained in the catalytic activity experiment carried
out with the Ru/SA catalyst, Figure S3. N2 adsorption isotherms at −196 ◦C of the carbon supports and Ru catalysts,
Figure S4. TPD profiles for supported Ru on carbon catalysts and carbons support, Figure S5. Deconvolution of
the TPD profiles obtained for the supported Ru catalysts (SC: Strong acidic carboxyl groups, WC: Weak acidic
carboxyl groups, CA: Carboxylic anhydride groups, CQ: Carbonyls or Quinones, PH: Phenol, LN: Lactones).
Figure S6. TEM image of the SA activated carbon.
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Abstract: The reaction of aqueous glycerol over a series of ceria catalysts is investigated, to produce
bio-renewable methanol. Product distributions were greatly influenced by the reaction temperature
and catalyst contact time. Glycerol conversion of 21% was achieved for a 50 wt.% glycerol solution,
over CeO2 (8 m2 g−1) at 320 ◦C. The carbon mass balance was >99% and the main product was
hydroxyacetone. In contrast, at 440 ◦C the conversion and carbon mass balance were >99.9% and
76% respectively. Acetaldehyde and methanol were the major products at this higher temperature,
as both can be formed from hydroxyacetone. The space-time yield (STY) of methanol at 320 ◦C and
440 ◦C was 15.2 and 145 gMeOH kgcat

−1 h−1 respectively. Fresh CeO2 was prepared and calcined at
different temperatures, the textural properties were determined and their influence on the product
distribution at iso-conversion and constant bed surface area was investigated. No obvious differences
to the glycerol conversion or product selectivity were noted. Hence, we conclude that the surface
area of the CeO2 does not appear to influence the reaction selectivity to methanol and other products
formed from the conversion of glycerol.

Keywords: ceria; glycerol; methanol; biodiesel

1. Introduction

The increased availability of glycerol; a by-product of first generation biodiesel production, has
provided researchers with an opportunity to identify new routes to important platform chemicals
and fuels from glycerol [1,2]. Production of biodiesel produces impure glycerol at approximately
one tenth the mass of biodiesel [3] and consumes methanol derived from fossil fuels [4–6]. For this
reason, it would be advantageous to develop a means of producing methanol directly from glycerol in
a sustainable and economic manner.

To date, vapour phase reactions of dilute glycerol have been dominated by the solid acid catalysed
production of acrolein [7–10]. The double dehydration of glycerol can produce acrolein in high
yields and optimised catalysts can maintain this performance for >100 h [11]. Acrolein is a valuable
intermediate for the production of acrylic acid [12], which is used in the manufacture of many plastics.
Recently, Ueda and co-workers prepared an acid catalyst capable of producing acrylic acid from
glycerol in one step [13].

Alternatively, hydroxyacetone [14,15], carbonates [16,17] and other polyols [17,18] can be
produced from dilute glycerol, typically at reaction temperatures below 300 ◦C. The hydrogenolysis
of glycerol to 1,2- and 1,3-propanediol in modest yields over CuO/ZnO [19], Rh based catalysts [20],
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Raney Ni [21,22], and Cu-based catalysts [23] under high hydrogen partial pressures have also
been reported. Copper-based catalysts have been successful in achieving high hydroxyacetone
yields [14,15,24]. Nimlos and co-workers [25] proposed several reaction pathways for glycerol
dehydration under both neutral and protonated forms. When protonated, the barrier to acrolein
formation is substantially reduced and hydroxyacetone is formed in large quantities. They concluded
that the barrier to glycerol dehydration under neutral conditions is high, and can therefore only occur
at relatively high temperatures. Antal et al. [26] reported formation of the decomposition products
acetaldehyde and acrolein, amongst other gaseous products, formed from glycerol in supercritical
water at 500 ◦C. Further experiments were conducted to understand the formation of the liquid
products with an acid catalyst and it was concluded that dehydration via a carbonium ion was
enhanced by the presence of acids. In contrast, the acid catalyst did not enhance the formation of
acetaldehyde via radical based homolytic C-C cleavage, which occurs readily at high temperatures [26].

The formation of products such as 1,2-propandiol, methanol and hydroxyacetone from dilute
glycerol feeds over basic catalysts has been reported by Chai et al. [27]. They concluded that over CeO2

and MgO, a high proportion of the product mixture was not identifiable and only small quantities
of acrolein were observed. Furthermore, carbonaceous deposits were found to be 50 mg gcat

−1 over
MgO at 315 ◦C, with 36.2 wt.% glycerol in water as the reaction solution. Velasquez et al. [24] reported
the formation of methanol in very low yields (<1%) over a La2CuO4 catalyst. The yield of the main
product, hydroxyacetone was found to be very sensitive to the oxidation state of the Cu contained in
the mixed metal oxide. Over La2O3 the yield of hydroxyacetone was low and the carbon mass balance
was less than 50%.

We recently developed a novel method to utilise both crude and refined glycerol to produce a
crude methanol mixture [28]. This reaction of glycerol with water over very simple basic or redox
oxide catalysts produced methanol, and other useful chemicals, in a one-step low pressure process
without the addition of hydrogen gas. We proposed that methanol formed via a radical mechanism
from some of the reaction intermediates; hydroxyacetone and ethylene glycol [28]. This paper details
efforts to further investigate the process conditions and study the influence of the surface area of CeO2

as redox catalysts, on their performance for glycerol conversion. Furthermore, the complex product
mixture obtained over ceria and a total carbon content of a typical reaction is described in an attempt to
close the carbon balance. The results presented here should then form the basis for future development
work with ceria catalysts in order to achieve greater product yields to methanol, for example, through
catalyst design.

2. Materials and Methods

2.1. Materials

Glycerol (≥99.5%), cerium(IV) hydroxide, cerium(III) nitrate hexahydrate (99.9% trace metals
basis) were procured from Sigma-Aldrich (now Merck, Darmstadt, Germany). Ceria (CeO2) (99.9%
trace metal basis) from Acros Organics (now VWR, Radnor, PA, USA) and argon gas was purchased
from BOC (Guildford, UK). These materials were used with no further treatments. Deionised (DI)
water was provided in-house. Silicon carbide (SiC, 98%, Alfa Aesar, Ward Hill, MA, USA) of 40–50
mesh size was washed (DI water) and dried prior to use.

2.2. Catalyst Preparation

The precipitated ceria was prepared in the following way; a solution of cerium(III) nitrate
hexahydrate was made (50 mL, deionised) and added to pre-heated deionized water under vigorous
stirring (total 300 mL at 80 ◦C). The pH of the solution was monitored and ammonium hydroxide
solution (1 M) was added dropwise until the pH reached 9. At this point, the slurry was immediately
filtered and washed with warm deionised water (500 mL) and subsequently ethanol (200 mL).
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The recovered solid was dried (120 ◦C, 16 h) and calcined under static air at 400, 500, 600 or 700 ◦C for
5 h, after a temperature ramp of 10 ◦C min−1 from ambient.

2.3. Catalyst Testing

Catalytic reactions were carries out using a gas-phase micro-reactor operating under continuous
flow. Aqueous solutions containing glycerol (50 wt. %) were fed using an HPLC pump at flow
rates of 0.016–0.048 mL min−1 into a preheater and vaporised (305 ◦C). The glycerol vapour passed
through the reactor using a carrier gas; argon (15–45 mL min−1). The reactor pipes were heated to
prevent condensation of feedstock or reaction products. Catalysts were used with a uniform particle
size (250–425 μm) and formed through pelleting, crushing and finally sieved. Typically, the catalyst
samples (0.5 g) were diluted with silicon carbide to a uniform volume (2 mL) and placed into a stainless
steel tube with an 8 mm inner diameter supported by quartz wool, above and below the bed. These
conditions resulted in mass velocities and space velocities between 675–5400 L h−1

Ar kg−1
cat. and

1580–10,800 L h−1
Ar L−1

cat. respectively. A thermocouple was placed in the catalyst bed and used to
control reaction temperature, typically between 320–480 ◦C. Reaction products (liquids) were collected
using a stainless steel trap (held at ca. 0 ◦C). Gaseous products were collected in a gas bag that was
attached at the exit line of the liquid trap.

Analysis of Liquid reaction products were performed offline using a CP 3800 gas chromatograph
(GC1, Varian now Agilent Technologies, Santa Clara, CA, US; capillary column; ZB-Wax plus,
30 m × 0.53 mm × 1 μm). An external standard (cyclohexanol) was used. Gaseous, carbon based
reaction products were analysed offline using a Varian 450-GC gas chromatograph (GC2; capillary
column; CP-Sil5CB, 50 m × 0.32 mm × 5 μm). Non-carbon based gases; H2 and O2 were analysed
using a Varian CP3380 gas chromatograph (GC3; Porapak Q column). Product selectivities (carbon
mol. %) were calculated from the moles of carbon in a product recovered divided by the total moles of
carbon in all products. Product yield (mol. %) was calculated from the moles of product recovered
divided by the total number of moles of glycerol injected. Product list and retention times based on
GC analysis is illustrated in Table S1. Additional qualitative analysis of the post reaction liquid sample
was achieved with liquid chromatography-mass spectrometry (LCMS). Analysis was performed with
a Bruker Amazon SL ion trap mass spectrometer, operated in a positive electrospray ion mode and
paired to an Ultimate HPLC system (Thermo Fisher Scientific, Waltham, MA, USA). The HPLC (C-18
column and maintained at 40 ◦C) analysis used a gradient elution, consisting of 0.1% formic acid in
H2O (A) and 0.1% formic acid in acetonitrile. The gradient elution was performed as reported in
Table 1 on 10 μL samples of the reaction mixture.

Table 1. The makeup of the mobile phase for the gradient elution.

Time (min) A 1 (%) B 2 (%)

0.0 98 2
1.0 98 2
15.0 2 98
17.0 2 98
18.0 98 2
20.0 98 2

1 A = 0.1% formic acid in H2O and 2 B = 0.1% formic acid in acetonitrile.

2.4. Calculations

The glycerol conversion (CGLY) was calculated according to Equation (1) and based on the molar
difference between carbon from glycerol fed into the reactor, gmi, and that detected at the outlet, gmo:

CGLY (%) =

(
gmi − gmo

gmi

)
× 100 (1)
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The product selectivity (Sp(x), carbon mol. %) for any product, x, was calculated from the moles of
carbon recovered in x, xCm divided by the sum of moles of carbon in each product, yCm (Equation (2)):

Sp(x)(%) =

(
xCm

∑y yCm

)
× 100 (2)

The carbon balance can be obtained by comparing the moles of carbon accounted for in unreacted
glycerol and in the identified products to the moles of carbon in glycerol entering the reactor:

BC(%) =

(
gmo + ∑x xCm

gmi

)
× 100 (3)

Functional group yield (Y, carbon mol. %) data were calculated by the sum of products containing
that functional group as a function of their selectivities (SG), multiplied by conversion CGLY, multiplied
by the carbon balance BC, omitting coke (Equation (3)).

Y (%) =

(
(Σ SG) × CGLY

100

)
× BC (%) (4)

The overall carbon balance BCtot was calculated (Equation (5)) by dividing the sum of the carbon
moles of products xCm, coke xCcoke estimated from post reaction characterisation and unreacted glycerol
gmo by the carbon moles of glycerol injected into the reactor gmi:

BCtot =

(
∑x xCm + xCcoke + gmo

gmi

)
× 100 (5)

The hydrogen balance BH was calculated (Equation (6)) by dividing the sum of the hydrogen
moles of products xH, hydrogen gas (GC3) xHgas and moles of hydrogen in unreacted glycerol gHmo by
the moles of hydrogen in glycerol injected into the reactor gHmi.

BH =

(
xHp + xHgas + gHmo

gHmi

)
× 100 (6)

The oxygen balance BO was calculated (Equation (7)) by dividing the sum of the oxygen moles of
products xO, oxygen gas (GC3) xOgas and moles of oxygen in unreacted glycerol gOmo by the moles of
oxygen in glycerol injected into the reactor gOmi:

BO =

( xO + xOgas + gOmo

gOmi

)
× 100 (7)

Carbon deposition, referred to as coke on the catalyst was calculated dividing the mass loss as
analysed by TGA of the used catalyst mLOST, by the carbon moles of glycerol feed over the catalyst gmi
(Equation (8)):

Coke (%) =

(
mLOST

gmi

)
× 100 (8)

The methanol space-time-yield STYMeOH, was calculated (Equation (9)) from the mass of methanol
mMeOH, produced per h (reaction time Rt), per mass of catalyst (mcat, kg):

STYMEOH =

(
mMEOH (g)

Rt (h) × mcat (kg)

)
(9)

2.5. Catalyst Characterisation

Powder X-ray diffraction (XRD) analysis of the catalysts was carried out on a PANalytical X’pert
Pro powder diffractometer (Malvern Panalytical, Malvern, UK) using a Cu source operated at 40 KeV
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and 40 mA with a Ge (111) monochromator to select Kα1 X-rays. Patterns were analysed from
measurements taken over the 2θ angular range 10–80◦ (step size of 0.016◦).

Thermal gravimetric analysis (TGA) and differential thermal analysis (DTA) were carried out
using a Labsys 1600 instrument (Setaram, Caluire, France). Alumina crucibles containing the samples
(20–50 mg) were loaded into the instrument and heated to 900 ◦C (5 ◦C/min) under synthetic air
(50 mL min−1). To exclude buoyancy effects, for specified TGA runs a blank experiment was subtracted
from the relevant data.

Surface area analysis was carried out using the Brunauer Emmett Teller (BET) method with a
QUADRASORBevo™ surface area and pore size analyser (Quantachrome a brand of Anton Parr,
Boynton Beach, FL, USA). A forty point (20 adsorption and 20 desorption points) analysis was carried
out using an adsorbate gas (N2 at −196 ◦C). Samples (300 mg) were degassed under vacuum for 3 h at
110 ◦C prior to analysis.

Raman spectroscopy was performed using an inVia microscope (Renishaw, Gloucestershire, UK)
operated at a wavelength of 514 nm. 10 acquisitions were performed per sample with an exposure
time of 10 s; the laser was employed at 1% power.

3. Results and Discussion

3.1. Influence of Contact Time and Reaction Temperature

To ensure consistency across batches, commercially available CeO2, obtained from Acros Organics,
(8 m2 g−1) was used as a catalyst to examine the influence of contact time and reaction temperature on
the conversion of glycerol. Figure 1 illustrates the effect of the contact time on the product yield per
gram of the catalyst, for reactions at 320 ◦C with a 50 wt.% aqueous glycerol feed, over 0.5, 1.5 and 4 g
of CeO2. Increasing the catalyst mass, increased the bed volume accordingly, which was determined to
be 0.25, 0.65 and 1.7 mL for the reactions with 0.5, 1.5 and 4 g of CeO2 respectively. This consequentially
effected the GHSV, which ranged from 10,800 to 1588 h−1. The glycerol conversion increased from 5,
to 21, to 56% with the increasing catalyst bed volume. The carbon mass balance remained high (>99%)
over the 0.5 g and 1.5 g catalyst samples. Over 4 g of catalyst, the mass balance was 92%. We consider
the high carbon mass balances observed are due to the low relative glycerol conversion and the nature
of the products formed, i.e., a low yield of aldehydic molecules.

Figure 1. Influence of contact time on the yield of product groups per gram of catalyst over 0.5 g
(black bar, conversion 5%), 1.5 g (grey bar, conversion 21%) and 4 g (white bar, conversion 56%) of ceria
at 320 ◦C. Respective GHSV; 10800 h−1, 4154 h−1 and 1588 h−1.
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Comparing the product selectivities from the experiments collected in Figure 1 is challenging,
given that the glycerol conversions observed are notably different. These reactions do however, offer
a means to understand the broad influence of catalyst contact time. The full product distributions
for these experiments are complex and the full range of products are displayed in the supplementary
information (Table S2). Over 1.5 g of ceria, the main products observed were hydroxyacetone,
1,2-propanediol and methanol with carbon mole selectivities of 45.4%, 6.0% and 6.0% respectively.
Here we classify hydroxyacetone as a ketone despite its dual functionality, according to the most
oxidised group taking precedent. Previously [28,29], we reported that a number of the products,
including; methanol, acetaldehyde and 2,3-butanedione, originate from secondary reactions, which
we proposed were formed from hydroxyacetone. As such, it would be rational to consider that as the
contact time increases, the abundance of these products should also increase. However, in general the
product yields per gram of catalyst remained similar.

Over 1.5 g and 4 g of ceria, the yield per gram of hydroxyacetone was slightly reduced and
an increase in the yield of an ester was also observed, along with a modest decrease in the yield of
carboxylic acids. This result suggests that the catalyst surface, may promote the conversion of acids to
esters. Interestingly, when the product yields are normalised to account for changes in the catalyst
mass, the observed loss of acid products does not appear to account for the significant increase in
esters and other unidentified products that could now be present (Figure 1). However, we consider
that the modest reduction of hydroxyacetone selectivity in combination with the loss of acids could
account for the generation of esters. Chen et al. [30] reported the possibility of the esterification of a
primary alcohol with a carboxylic acid, which suggests that hydroxyacetone reacted with acetic acid
for example. Consequently, the increase in the yield of 2-oxopropyl acetate (Scheme 1), can be related
to the increased contact time over high mass catalyst beds, where products can react further.

Scheme 1. Condensation reaction of hydroxyacetone and acetic acid to form 2-oxopropyl acetate. Similar
reactions could account for the increase in unidentifiable products at high contact times over CeO2.

The methanol STYs calculated from the experiments conducted over 0.5 and 1.5 g of ceria is
comparable; 15.8 and 15.2 gMeOH kgcat

−1 h−1 respectively. However, over 4 g of ceria this reduces to
11.6 gMeOH kgcat

−1 h−1, which we attribute to the increased contact time and an increased potential for
product re-adsorption and subsequent reaction, demonstrated by the increased quantity of unknowns
produced. In contrast, the space-time-yield of hydroxyacetone was comparable over 1.5 and 4 g of
ceria, and calculated to be 84.2 and 85.5 ghydroxyacetone kg−1 and h−1 respectively, compared with
63.3 ghydroxyacetone kg−1 h−1 over 0.5 g of ceria.

A reaction temperature of 320 ◦C, does not appear to be high enough to significantly promote
secondary reactions involving hydroxyl containing intermediates, such as hydroxyacetone, ethylene
glycol or 1,2-propanediol, which can undergo sequential reactions that lead to the formation of
methanol. As we noted previously [28], the STY of methanol is highly dependent on the reaction
temperature, which we previously postulated to be due to the conversion of intermediate products
such as hydroxyacetone. Table 2 contains the product yields, and Figure 2 the product selectivities
collated into major functional groups, as a function of the reaction temperature. The individual product
selectivities from these reactions are given in Table S3. At lower reaction temperatures; below 400 ◦C,
the formation of hydroxyacetone, 1,2-propanediol and ethylene glycol predominate. At reaction
temperatures above 400 ◦C, the yield of ketones decreases from 18.3 to 12.5%, and the production of
alcohols and aldehydes increases from 16.6 to 21.6% and 18.8 to 30.7% respectively. The yield of COx
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also increases to 11.6% and the carbon mass balance decreases to 77% as the reaction temperature
is increased.

Very little hydroxyacetone was observed for the reactions conducted at temperatures above
400 ◦C. However, increases in the quantity of acetone and 2,3-butanedione were observed as the
reaction temperature was raised. These products are also considered to originate from hydroxyacetone,
which correlates with the substantial increase in the quantity of both acetaldehyde and methanol [28].
Methanol accounts for the vast majority of the total alcohol products and is considered to be relatively
stable at the higher reaction temperatures used (Table S4). The quantity of diols; 1,2-propanediol, ethyl
glycol and 1,3-propanediol, also reduced in a similar fashion to hydroxyacetone (<1% selectivity) over
the catalyst at 440 ◦C. The STY of methanol increases when the reaction temperature is increased;
from 15.8 to 59.8 to 100.2 to 145.7 gMeOH kgcat

−1 h−1 at 320, 360, 400 and 440 ◦C respectively.
The differences in the product distributions at lower and high reaction temperatures strongly suggest
that many of the C2+ oxygenates, predominantly formed at low temperatures, are likely to be reaction
intermediates. More specifically, it appears that C2 and C3 molecules containing one or more hydroxyl
groups can undergo both C-O and C-C dissociation at higher temperatures.

Table 2. Glycerol conversion and product distribution for reactions over CeO2 at different temperatures.

RT a/◦C CGLY
b/%

Mol. Balance c/% Yield/% e

BC
d BH BO Alc. Diols Ald. Ket. Ac. Est. COx Unk.

320 21 100 97 95 2.0 3.1 3.1 10.6 1.8 0.0 0.5 1.6
360 84 87 78 72 10.1 12.9 12.9 29.4 6.6 1.7 3.7 13.0
400 98 80 68 62 16.6 6.9 6.9 18.3 10.4 2.0 6.7 18.1
440 100 77 62 57 21.6 1.3 1.3 12.5 6.3 1.3 11.6 14.3

a Reaction temperature; b Glycerol conversion; c Carbon, hydrogen and oxygen mass balance (±3%) of products
detected in GC1 and GC2; d Carbon balance, values in parenthesis include coke from TGA measurements; e yield of
products by functional group detected in GC1 and GC2; Alc., alcohols; Ald., aldehydes; Ket., ketones; Ac., acids;
Est., esters; Unk., unidentified products (Full product list in Table S2). Reaction conditions; CeO2 (8 m2 g−1) 1.5 g,
GHSV 4154 h−1, 50 wt.% Gly/H2O, Ar 45 mL min−1.

Figure 2. Influence of the reaction temperature on the product group selectivity at 320 ◦C (black bar),
360 ◦C (dark grey), 400 ◦C (light grey) and 440 ◦C (white bar). Reaction conditions; CeO2 (8 m2 g−1)
1.5 g, GHSV 4154 h−1, 50 wt.% Gly/H2O, Ar 45 mL min−1.

The decrease of the carbon mass balance from 100 to 77% as the reaction temperature increases,
coincides with an increase in the quantity of aldehydes observed. The stability of aldehydes over
ceria has been studied on polycrystalline materials [31] and thin films with a (111) surface [32,33].

103



Energies 2019, 12, 1359

These studies indicated that the ceria surface can dramatically influence the acetaldehyde reactivity.
Idriss et al. [31] reported that acetaldehyde can undergo many reactions on the surface of ceria, which
can result in the desorption of products such as CO2, CH4 and C4 olefins at similar temperatures to
those used in the present study (400 ◦C). Acetaldehyde has been reported to chemisorb weakly
on oxidised ceria, however, it was found to bind strongly as a carbanion to reduced ceria [32].
This carbanion species will likely partake in sequential reactions to form other products or be retained
on the surface as coke, and hence, lower the carbon mass balance. Surface-bound organic molecules or
coke, only contribute to approximately 2% of the overall carbon mass balance, which was determined
from TGA of the post-reaction samples.

3.2. Influence of Catalyst Calcination Temperature

Low surface area ceria has been shown to be an effective catalyst for the conversion of glycerol to
methanol, but typically requires a high reaction temperature (>400 ◦C). However, at these temperatures
the selectivity to methanol is compromised by an increased production of aldehydic molecules such as
acetaldehyde (Table S3). Modifications to the ceria surface area may allow for a greater methanol
selectivity at lower reaction temperatures. For this reason, the influence of ceria calcination temperature
on product selectivity was investigated, and the influence of the surface area and crystallite size with
respect to the catalytic activity and methanol STY was established. A cerium hydroxide catalyst
precursor was prepared from Ce(NO3)3·9(H2O) by precipitation with NH4OH. The precursor was
calcined at 400, 500, 600 and 700 ◦C and characterised by powder XRD, Raman spectroscopy and N2

adsorption; to determine the crystallite size, defect density and BET surface area respectively. These
materials were subsequently tested at 340 ◦C with a 50 wt.% aqueous glycerol feed.

The powder XRD patterns of the CeO2 materials calcined at different temperatures are displayed
in Figure 3. All the reflections can be indexed to a cubic fluorite structure (JCPDS no. 34-0394) and
are characteristic of an Fm-3m space group. The intensity of diffraction peaks increase and the peak
widths decrease with increasing calcination temperature, and consequently the crystallite size increases
(Table 3). The crystallite size was calculated with the Scherrer equation, however, we take the values as
a guide due to the cubic nature of the CeO2 particles within this polycrystalline material. Mamontov
et al. also observed an increase in crystallite size according to an increasing calcination temperature,
and determined that this change was permanent upon cooling [34]. Concurrent with this increase
of crystallite size is an expected loss of surface area. The ceria calcined at 400 ◦C exhibited a surface
area of 38 m2 g−1 which decreases to 22 m2 g−1 when calcined at 700 ◦C (Table 3). Additionally,
the defect density generally decreases according to the increasing calcination temperature (Table 3).
The defect density was calculated from Raman spectroscopy by considering the ratio of the peak areas
at ca. 465 cm−1 (F2g) and the mode at ca. 590 cm−1, which indicates the presence of intrinsic oxygen
vacancies giving rise to a Ce3+ defect mode [35,36]. The F2g mode represents the symmetrical stretching
of the oxygen atoms about Ce4+. The ratio of the Raman lines can be used to estimate the defect density.
The material calcined at 400 ◦C has a defect density of 0.58%, which increases to 0.83% when calcined
at 500 ◦C. At higher calcination temperatures, this decreases significantly to 0.05% after calcination
at 700 ◦C, and can be attributed to the increase in the crystallinity of the structure. The intensity of
the F2g mode initially decreases with increasing calcination temperature, however, when calcined at
700 ◦C the intensity significantly increases due to the restructured crystallites. The defect density has
been strongly linked to redox catalytic activity of ceria through its oxygen storage capacity [35,37,38].
All the ceria materials in this study, typically possess low quantities of defects (Table 3) compared to
CeO2 materials doped with rare-earth metals such as Pr3+ or Sm3+ [39].
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θ

Figure 3. Powder XRD pattern of CeO2 calcined at different temperatures (400–700 ◦C); reflections
match the cubic fluorite structure of ceria (Fm-3m).

Table 3. Textural properties of CeO2 catalysts calcined at different temperatures.

Calcination
Temperature/◦C

BET Surface
Area a/m2 g−1

Crystallite
Size b/nm

Defect
Density c/%

Defect Density
per Surface Area
c/×10−3% m−2

FWHM d of
F2g Mode

400 38 14 0.58 1.5 17.96
500 34 15 0.83 2.4 18.03
600 27 16 0.11 0.4 16.61
700 22 19 0.05 0.3 13.35

a calculated from N2 adsorption measurements at −196 ◦C (adsorption/desorption isotherm Figure S1); b calculated
from the Scherrer equation using the (111) reflection in Figure 3; c Calculated from Raman spectroscopy in Figure 4
by ID/IF2g where ID is the integrated area of the band at ca. 590 cm−1 and IF2g is the integrated area of the F2g band
at 460 cm−1; d Full width at half maximum.

Figure 4. Raman spectra of the ceria samples calcined at different temperatures with F2g mode at ca.
465 cm−1; (a) 400, (b) 500, (c) 600 and (d) 700 ◦C. Insert highlights the relative intensity of the defect
mode (*) at ca. 590 cm−1.

The corresponding glycerol conversions and product yields for ceria catalysts calcined at varying
temperature are displayed in Table 4. These reactions were carried out using differing catalyst masses
to maintain a consistent catalyst bed surface area. Furthermore, the argon gas flows was adjusted such
that the GHSV in each of the experiments was comparable; approximately 3450 h−1 based on a uniform
catalyst bed volume. The glycerol partial pressure changed from 47 to 29 Pa over the catalysts in
Table 4, and represents ca. 0.05% of the total system pressure. The glycerol conversion was ca. 83% over
each of the CeO2 catalysts tested (Table 4). Therefore, if any changes in the product selectivity (Figure 5)
are observed, this can be assigned to surface features of the different CeO2 catalysts. We reported
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previously on the influence of the SiC diluent and we consider that the minor changes to the mass of
SiC in this set of experiments will not significantly impact the product distribution [29]. The collective
product yields produced in these experiments are listed in Table 4 and are comparable for each of the
catalysts tested.

The carbon mole selectivity to hydroxyacetone over each of the catalysts calcined at 400–700 ◦C
was 32.1, 33.0, 28.8 and 29.1% respectively, with a standard deviation of 1.8% (Table S5). The deviation
of other major products such as acetaldehyde, methanol and ethylene glycol was also minimal, and
calculated to be <1%. Therefore, we consider the reaction selectivities reported in Figure 5 and Table S5
to be comparable. The carbon mass balance across the samples tested was similar (ca. 82%), and for all
catalysts the degree of fouling by carbon deposition was low (ca. 20 mgCoke g−1). This result implies
that the surface area differences, crystallite size and defect density do not appear to direct the product
selectivities at iso-conversion. This observation suggests that the surface crystallite facets may have
more influence on product selectivity and work is underway to investigate this.

Carbon deposition on the catalyst during the reactions was determined to be insignificant
(<3%), even when reactions were conducted at high temperatures. Total organic carbon analysis
was performed on the post-reaction effluent and was determined to be 95% over the CeO2 catalyst
calcined at 600 ◦C. As such, we conclude that the remaining 5% of the missing carbon is attributed to
reactor fouling. The carbon mass balance based on liquid and gas phase products, as quantified by
GC1 and 2, along with any catalytic carbon deposition, was 85%, with 79% comprised of liquid phase
products (Table S6). The inference is that chemical species are present which cannot be analysed by
GC totalling ca. 10% of the carbon moles injected into the reactor. Consequently, LC-MS analysis was
utilised to qualitatively monitor the presence of species with high molecular weights. Fragments were
analysed between 100 and 1000 m/z. The reaction performed at 340 ◦C, over 0.7 g of ceria calcined at
600 ◦C, was analysed by LC-MS (Figure S2). A blank sample (D.I. water) was also analysed to exclude
any column bleed, which may be observed at the end of the trace. The corresponding chromatogram
was very complex, with numerous peaks detected, making product identification very challenging.
However, whilst specific products cannot be identified, the use of LC-MS confirms the presence of
high molecular weight fragments, which may form through base-catalysed condensation reactions,
indicating the presence of undesirable side products. Therefore, we attribute the difference between the
TOC observed post reaction (95%) and the corresponding carbon mass balance (85%) to a proportion
of heavy products produced during the reaction, which are not visible by GC.

Figure 5. The product group selectivity over CeO2 calcined at different temperatures where the catalyst
mass and Ar flow rate has been adjusted to maintain a consistent catalyst bed surface area; 400 ◦C
(black bar), 500 ◦C (dark grey), 600 ◦C (light grey) and 700 ◦C (white bar). Reaction conditions; 340 ◦C,
50 wt.% Gly/H2O, GHSV ca. 3450 h−1.
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4. Conclusions

The conversion of glycerol over ceria catalysts is a complex process, consisting of numerous
reaction routes which can result in a wide variety of products. Both the temperature and catalyst
contact time heavily influence the product distribution, with higher temperatures required to achieve
higher space-time-yields of methanol. Increasing reaction temperatures resulted in a reduction in
hydroxyacetone, potentially via its participation in sequential catalytic reactions; leading to increased
quantities of acetaldehyde, COx, coke and other undetectable products. A subsequent investigation
was conducted in order to establish the relationship between some physicochemical properties of
CeO2 and product distribution. In order to test these materials at comparable GHSVs, the quantity
of catalyst used in these experiments was normalised to account for their variations in surface area.
There appears to be no clear relationship between the quantity of CeO2 defect sites and the reactivity of
glycerol and its intermediates. As such, we propose that the reactivity of glycerol and its intermediates
in this reaction are predominantly driven by the morphology of the catalyst, which will provide a
foundation for future work in this area.

Supplementary Materials: The following are available online at http://www.mdpi.com/1996-1073/12/7/1359/s1,
Figure S1: Nitrogen adsorption and desorption isotherms for ceria calcined at 400, 500, 600 and 700 ◦C, Figure S2:
LC-MS chromatogram corresponding to the post reaction solution of a reaction run over CeO2 for 6 h. Table S1:
Liquid and gas product list, Table S2: Influence of contact time on dilute glycerol reaction, Table S3: Influence of
reaction temperature on dilute glycerol reaction, Table S4. Methanol stability over commercial CeO2 at 400◦C,
Table S5: Influence of CeO2 calcination temperature on dilute glycerol reaction with GHSV ca. 3450 h−1, Table S6:
The total carbon content (%) observed in a reaction over CeO2 for 6 h at GHSV ca. 3600 h−1.
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Abstract: Biomass energy is becoming increasingly important, owing to the decreasing supply of
fossil fuels and growing environmental problems. Hydrothermal carbonization (HTC) is a promising
technology for producing solid biofuels from agricultural and forestry residues because of its lower
fossil-fuel consumption. In this study, HTC was used to upgrade red jujube branch (RJB) to prepare
hydrochar at six temperatures (220, 240, 260, 280, 300, and 320 ◦C) for 120 min, and at 300 ◦C for 30,
60, 90, and 120 min. The results showed that the energy recovery efficiency (ERE) reached maximum
values of 80.42% and 79.86% at a residence time of 90 min and a reaction temperature of 220 ◦C,
respectively. X-ray diffraction results and Fourier transform infrared spectroscopy measurements
show that the microcrystal features of RJB were destroyed, whereas the hydrochar contained an
amorphous structure and mainly lignin fractions at increased temperatures. Thermogravimetric
analysis shows that the hydrochar had better fuel qualities than RJB, making hydrochar easier to burn.

Keywords: red jujube branch; hydrothermal carbonization; hydrochar; energy recovery efficiency;
solid fuel

1. Introduction

Fossil-fuel combustion increases CO2 emissions, leading to global warming. The development
of renewable energies, such as biomass energy, has the potential to reduce the global dependence on
fossil fuels [1]. With the development of the Xinjiang jujube industry in China, the output of red jujube
branch (RJB) exceeded 1.9 million tons in 2012. RJB is the by-product of the development of the jujube
industry. It has a high lignocellulose content, which is an excellent renewable biological resource.
However, biomass disposal has become a contentious issue. When hydrochar is used as a solid fuel,
it helps reduce NOx emissions during the combustion of conventional energy sources [2]. Recently,
hydrothermal carbonization (HTC) has helped increase bio-energy production efficiency, and HTC has
received attention owing to its ability to convert organic waste into solid fuel [3–5]. The pathway to
convert agricultural and forestry residues into solid fuels may be a viable RJB treatment method for
reducing environmental pollution from RJB, while also providing new energy sources [6].

Compared with the biomass treatment technology of pyrolysis and combustion, HTC has the
advantages of low energy input and mild reaction conditions [7]. Therefore, HTC is a good approach
to convert biomass feedstocks to upgraded solid products or high-performance fuels. RJB has great
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potential as a raw material for the production of hydrochar [8]. Thus far, although RJB is a typical
biomass in northwestern China, there have been few studies on the HTC of RJB for hydrochar
production. Hydrochar can specifically be used as a solid fuel, activated carbon, and in other such
applications. Presently, many studies focus on the HTC of other biomass [9–12].

In this study, the effects of modifying the reaction conditions of HTC on hydrochar production
was examined. The results were analyzed to comprehensively evaluate the effect of temperature and
time on product characteristics. The main objectives of this study are: (1) to report on the study of
the structural and morphological properties of the hydrochar; (2) discuss the investigation of the
combustion behavior of the hydrochar; and (3) report on the study of the fuel properties and combustion
performance, as well as the evaluation of the optimal reaction conditions for the preparation of the
hydrochar. The research results of RJB can provide readers with a deeper understanding of the HTC of
RJB to prepare the hydrochar and provide a theoretical basis for the energy utilization of RJB. In terms
of the efficient utilization of energy, the HTC of RJB seems to be a viable pathway.

2. Materials and Methods

2.1. Materials

The RJB used in the experiment was sourced from Alar City, Xinjiang Uygur Uyghur Autonomous
Region. The industrial analysis of the red jujube branch is shown in Table 1.

Table 1. The physical and chemical properties of red jujube branch (RJB).

Sample Moisture (%)
Proximate Analysis (%)

Heating Value (MJ kg−1)
Fixed Carbon Volatile Matter Ash

RJB 8.85 17.91 73.57 2.5 19.06

2.2. HTC Experiment

HTC was conducted in a laboratory-scale 500-mL high-pressure reactor using a magnetic stirrer
(Parr 4575HP/HT, USA). The reactants were mixed to form a slurry, with RJB and distilled water at
a ratio of 1:10 (w/v). The sample was stirred at a rate of 300 rpm throughput the experiment using a
magnetic actuator with constant torque. Meanwhile, the heating rate was set at 10 ◦C/min. Then, the
autoclave was pressurized to 4.0 MPa with nitrogen. The slurry used in each experiment was weighed
and then poured into the reactor. The reactor was then sealed with a reactor cover and purged with
nitrogen to remove the air. The control system was then turned on to set the temperature required for
the reaction. The temperature inside the reactor was monitored continuously. The reaction residence
time was calculated based on the instant the temperature of the reactor reached the required value. The
effect of the reaction temperatures of 220, 240, 260, 280, 300, and 320 ◦C on the HTC of RJB was studied
at a residence time of 120 min. In addition, the effect of the residence times of 30, 60, 90, and 120 min
on the HTC of RJB was investigated at a reaction temperature of 300 ◦C. The control system was shut
down after completion of each HTC experiment. After the reactor was rapidly cooled, the reactor cover
was opened, and the reaction product was collected in a beaker. Finally, the weight of the collected
product was recorded. The solid product was separated from the process water using a vacuum
suction filter. The weights of the separated solid and liquid products were recorded. The solid and
liquid yields were calculated using the ratio of the weight of the solid and liquid products, respectively,
to the initial weight of the raw slurry. The gas yield was calculated using the difference [13]. Each test
was conducted three times, and the average of the three tests was used as the test value. The energy
recovery efficiency (ERE) was calculated as the ratio of the calorific value of dry hydrochar and raw
materials to the mass yield.

Solid yield =
Weight of solid after filtration

Weight of raw slurry
(1)
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Liquid yield =
Weight of liquid after filtration

Weight of raw slurry
(2)

Mass yield =
Weight of dry matter in hydrochar

Weight of dry solid matter in raw material
(3)

Energy recovery efficiency =
Calorific value of hydrochar

Calorific value of raw material
×Mass yield (4)

2.3. Analytical Method

A powder sample with a particle size of 250 μm was prepared by sieving for testing. Proximate
testing was performed on a YX-GYFX 7701 automatic industrial analyzer. The higher heating values of
the sample were measured by a YX-ZR bomb calorimeter. The Fourier transform infrared spectroscopy
(FT-IR) test of the sample was performed using a Thermo Fisher Nicolet iS10 FT-IR spectrometer.
The tableting sample was prepared using dry potassium bromide to reduce the interference of water.
Spectrum data were recorded over a wavenumber range of 4000 to 400 cm−1 at a resolution of 4 cm−1.
Thermogravimetric analysis (TGA) of RJB and hydrochar was performed using an STA 449 F5 Jupiter®

thermogravimetric analyzer. The data of the mass loss and mass loss rate of the sample were obtained
under the analysis conditions shown in Table 2.

Table 2. Operating conditions for TGA.

TGA Conditions Value

Sample weight 8 mg
Heating rate 10 ◦C min−1

Atmosphere Air
Gas flow rate 30 mL min−1

Starting temperature 30 ◦C
Final holding temperature 800 ◦C

3. Results and Discussion

3.1. Product Distribution

The effect of residence time on the three-state yield was studied. The three-state yield results are
shown in Figure 1a–c. From 30 to 120 min, the solid yield showed an upward trend; however, both
the liquid and gas yields showed downward trends. When the residence time reached 120 min, the
solid yield reached a maximum value of 23.42%. The increase in residence time is mainly due to the
decrease in solid yield. In the experimental group, longer residence times may allow more time for the
hydrothermal reaction, resulting in an increased pore structure of hydrochar and the adsorption of
more liquid, which may be the reason for the increase in the solid yield [13,14].
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(a) (b) (c) 

   

(d) (e) (f) 

Figure 1. Effect of residence time (300 ◦C) and reaction temperature (120 min) on the yield of solid,
liquid, and gas. (a) Solid yield; (b) liquid yield; (c) gas yield; (d) solid yield; (e) liquid yield; (f) gas yield.

Numerous studies have evaluated the HTC of RJB. Heilmann et al. studied the HTC of distiller’s
grains at an initial reaction pressure of 1.72 MPa. The results showed that the highest hydrochar yield
was 45.6% at a temperature of 190 ◦C and residence time of 2 h. The lowest hydrochar yield was 30.2%
at a temperature of 210 ◦C and residence time of 0.5 h [15]. Elaigwu et al. investigated the HTC of
lignocellulosic waste material at a reaction pressure of 1.80 MPa. The results showed that the highest
hydrochar yield was 37.87% at a temperature of 200 ◦C and residence time of 2 h. The lowest hydrochar
yield was 30.6% at a temperature of 200 ◦C and residence time of 20 min [16]. The yield of our study
was lower than those of reports, which is mainly attributed to the following three reasons. First, within
the investigated parameters, longer residence times resulted in more complete carbonization, and
consequently lower hydrochar yields [17]. Second, the reaction temperature significantly affected
the physicochemical properties of the water (subcritical water) in the HTC process. The density of
water changed up to one order of magnitude depending upon the temperature (0–350 ◦C), which
allowed easier penetration of water in porous media and resulted in enhanced decomposition of the
biomass [18]. Finally, oxygen was lost during the liquefaction reactions, which are parallel reactions to
the hydrothermal process of the biomass [16].

The reaction temperature affected the HTC. The three-state yield results are shown in Figure 1b–f.
With the increase in reaction temperature, the solid yield first increased, then decreased, and finally
stabilized. With the increase in temperature from 220 to 320 ◦C, the liquid and gas yields showed
downwards and upwards trends, respectively. The solid yield reached a maximum value of 21.82% at
the reaction temperature of 240 ◦C; this may be due to the higher temperature causing the raw material
to further decompose into a liquid phase, resulting in a lower solid yield. The reaction temperature,
residence time, and material properties are the main factors in the HTC process [14].

3.2. Energy Recovery Efficiency

Energy was used in the HTC process to improve the fuel properties of the products [15]. Figure 2
shows the hydrochar ERE and heating value results. Therefore, the HTC process was evaluated by ERE,
which was affected by the reduced product yield and increased heating value (Figures 1 and 2) [19]. The
ERE of hydrochar after residence time treatment is shown in Figure 2a. The ERE trend is inconsistent
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with the solid yield over time. The ERE first increased and then decreased with increasing residence
time. The ERE reached a maximum value of 80.42% for a residence time of 90 min.

  
(a) (b) 

  

(c) (d) 

Figure 2. Energy recovery efficiency and higher heating value of hydrochar after hydrothermal
carbonization (HTC) treatment (residence time (300 ◦C) and reaction temperature (120 min). (a)
Residence time; (b) reaction temperature; (c) residence time; (d) reaction temperature.

As shown in Figure 2b, the effect of reaction temperature on ERE was studied. In contrast to
the solid yield, the ERE was inconsistent with the reaction temperature. The ERE decreased and
then increased with increasing reaction temperature. The ERE reached a maximum of 79.86% for the
reaction temperature of 220 ◦C during the HTC process because the decarboxylation and dehydration
reactions increased the temperature [19,20]. For lignocellulosic biomass, ERE generally decreased with
increasing reaction temperature, which is consistent with the findings of Kambo [21].

The heating value of hydrochar increased with increasing reaction temperature. In addition,
the solid yield was reduced owing to a decrease in the volatile-matter content caused by chemical
dehydration and decarboxylation reactions (i.e., excluding CO2) [19,22,23].

Therefore, the maximum ERE can be obtained under optimal temperature conditions during
HTC [24–27]. ERE is an important factor in evaluating the production of hydrochar by HTC. The
highest ERE is used to represent the optimum reaction temperature during HTC [28].

The effect of residence time and reaction temperature on the heating value of hydrochar is shown
in Figure 2c,d. The results indicate that the heating value of hydrochar follows the order 90 min >
60 min > 120 min > 30 min, and the highest heating value is 31.57 MJ kg−1. For identical treatment
temperatures, the heating value of hydrochar increased with increasing residence time, but the heating
value decreased more than 90 min. It is possible that the residence time was too long, which lead to
an increase in the ash content and a decrease in the volatile content of the hydrochar. The heating
value of hydrochar followed the order 320 ◦C > 280 ◦C > 260 ◦C > 300 ◦C > 240 ◦C > 220 ◦C, and the
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highest heating value was 30.00 MJ kg−1. Similarly, for identical residence times, as the treatment
temperature increased, the degree of removal of water or oxygen in the organic matter increased,
resulting in an increase in the heating value of the hydrochar. The result shows that the optimum HTC
temperature produced energy-rich solid fuels. Because lignin is the most abundant compound in RJB,
HTC improves the heating value of lignin and the solid yield.

3.3. Characterization of RJB and Hydrochar

As shown in Figure 3a, the test results of the hydrochar obtained from the residence time and
RJB contain broad peaks between 10◦ and 30◦, which may be due to the diffraction of amorphous
carbon [27,29]. This suggests that the RJB was carbonized. There are two crystalline peaks on RJB,
which are the cellulosic peaks at 22.7◦ and 30.36◦, respectively [30]. However, hydrochar has no
crystalline peak at 30.36◦, which may be due to the fact that hydrochar contained mainly amorphous
components [31]. The results indicate that the crystalline structure of hydrochar was destroyed.

  
(a) (b) 

Figure 3. XRD spectra for RJB and hydrochar produced by HTC. (a) Residence time; (b) reaction temperature.

The XRD patterns for hydrochar obtained from the reaction temperature and RJB were compared,
as shown in Figure 3b. There are two sharply crystalline cellulosic peaks from the cellulose crystal
structure of RJB at 22.7◦ and 30.36◦; however, there is no peak at 30.36◦ in the hydrochar, indicating
that it contained mainly amorphous components. The decomposition of cellulose in RJB occurred
during HTC, which realized the transformation of hydrochar from a microcrystalline structure to a
non-crystalline structure. The main component of the hydrochar product obtained by HTC was lignin,
which has an amorphous structure [32].

The FT-IR spectra of RJB and hydrochar are shown in Figure 4. The FT-IR spectra of hydrochar
obtained from the residence time and reaction temperature are similar, differing only in the intensity of
some peaks. The FT-IR spectrum of hydrochar was similar in part to that of RJB. The FT-IR spectra
indicated that all samples contained an -OH functional group at 3500–3300 cm−1.
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(a) (b) 

Figure 4. FT-IR spectra of RJB and its derived hydrochars. (a) Residence time; (b) reaction temperature.

The peak intensity exhibits no clear changes with increasing residence time (or reaction
temperature), which confirms that -OH was not decomposed during HTC, as shown in Figure 4a or
Figure 4b. The C-H stretching vibration at 3000–2800 cm−1 was attributed to either -CH2 or -CH3

functional groups, and the intensity of the peak indicates the presence of an aliphatic compound in
the hydrochar.

The stretching vibration peak of aliphatic C-H obtained from the hydrochar tended to increase
with residence time from 30 to 120 min (or from 220 to 320 ◦C; see Figure 4b), as shown in Figure 4a [33].
The peak at 1742 cm−1 is derived from the ester C=O stretching vibration of hemicelluloses and
lignin [34].

The ester carbonyl group of the spectrum of RJB at 1734 cm−1 disappeared completely in the
hydrochar, which may be because of the decomposition under hydrothermal conditions, including
residence time or reaction temperature [35,36]. The peaks of RJB and all hydrochars around 1620 cm−1

correspond to the stretching vibration of the C=C of the aromatic groups in lignin [20], confirming
the stability of the aromatic structure of lignin [33]. This indicates that lignin does not completely
decompose under hydrothermal conditions [37].

D-xylose and cellulose have a C-O stretching vibration peak at 1000–1200 cm−1, which means that
there was either an ether bond or a methoxy group [20,37]. This -O peak decreased or disappeared
with gradually increasing residence time (or reaction temperature), which may be attributed to the
decomposition of carboxyl groups during the HTC process [20,31,37]. In addition, previous studies
have shown that the C-O peak does not exist in the hydrochar components after HTC [20,33].

3.4. Combustion Behavior of Hydrochar

The thermogravimetry (TG) and derivative thermogravimetry (DTG) profiles of RJB hydrochar at
different hydrothermal temperatures are shown in Figure 5. Most of the hydrochars (except the raw
material) had a mass loss of more than 91% between 250 and 540 ◦C, and these hydrochars remained
relatively stable below 250 ◦C. The raw material had a mass loss of 90% in the range of 200 to 550 ◦C.
The maximum mass loss of the hydrochar occurred at approximately 460 ◦C, whereas the maximum
mass loss of the raw material occurred at 319 ◦C. The results show that the weight-loss temperature of
hydrochar moved to the high temperature zone after HTC, and HTC reduced the temperature range of
the combustion zone. This is because the hydrothermal reaction destroys the original structure of the
biomass, allowing some of the volatile components to dissolve in the water, producing a more stable
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aromatic carbon. In addition, the burnout temperature of the hydrochar is lower than that of the raw
material, making the hydrochar easier to burn out, which is beneficial for use as a fuel [37].

  
(a) (b) 

  
(c) (d) 

Figure 5. TGA of red jujube branch hydrochar. (a) TG of residence time; (b) derivative thermogravimetry
(DTG) of residence time; (c) TG of reaction temperature; (d) DTG of reaction temperature. Note: The
raw material is abbreviated as RM.

According to the peak of the remaining mass of the TG and the DTG curve, the thermostability of
the treatment group was better than that of the raw material. The thermal stability increased with
increasing residence time and reaction temperature. This may be because the volatile matter was
reduced, and the fixed carbon was enhanced at higher temperature and longer residence times; these
are the main factors affecting thermal stability [30]. HTC can cause many cracks in the hydrochar
structures (Figure 5). Therefore, the combustion temperature of hydrochar is more concentrated [28].

The raw material is referred to as RM.

4. Conclusions

The fuel qualities of the produced hydrochars were evaluated by ERE. The results confirmed that
RJB can produce hydrochar products with a higher ERE than RJB by HTC. ERE also increases with the
increase in the severity of HTC reactions (longer time and higher temperature). Studies have found that
the ERE of the hydrochar increased at higher reaction temperatures; however, most can be achieved at
moderate temperatures. The experimental results showed that the ERE reached maximum values of
80.42% and 79.86% at a residence time of 90 min and a reaction temperature of 220 ◦C, respectively.
The FT-IR and XRD measurements were used to obtain information about the chemical structure and
thermal properties of the related hydrochar. The results showed that the microcrystal features of RJB
were destroyed, and the hydrochar contained an amorphous structure and mainly lignin fractions at
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increased temperatures. TGA showed that the hydrochar has better fuel qualities than the RJB. For
example, the burnout temperature and combustion temperature range of hydrochar decreased, making
hydrochar easier to burn.
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