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Preface to ”Thermal Performance of Membrane

Distillation”

Membrane distillation (MD) is a thermally driven membrane operation able to theoretically

reject 100% of all non-volatiles contained in aqueous streams. It is based on the evaporation of

the feed to be treated at the feed–membrane interface, the migration of the vapor/volatiles through

the micropores, and the condensation and recovery of the permeated species at the distillate side.

Membranes used are hydrophobic and microporous. The driving force of the process is the difference

of partial pressure created across the membrane, and the temperature at the feed–membrane interface

has been shown to have the greatest impact on the transmembrane flux. However, the temperature at

the feed–membrane interface is usually lower than the feed bulk temperature because of temperature

polarization phenomena, with a consequent decrease in the process efficiency. In addition, during

MD, the feed is cooled inside the module, not only due to the evaporation but also due to the heat lost

by conduction through the membrane matrix and the heat lost towards the environment. Therefore,

the effective temperature for the evaporation is further reduced. This Special Issue focuses on the

research efforts made to improve the thermal performance of MD, including the development of new

module designs and heat recovery systems, the preparation of new types of membranes, the use of

renewable energies and the integration with other membrane units. For instance, the analysis of heat

and mass transport correlations, the development of membranes for localized heating, the design

of new modules and condensation devices, the use of solar energy, the integration of different MD

configurations and the thermal efficiency of MD in specific applications, are presented and discussed.

My most sincere thanks to all the Authors who contributed to the success of this Special Issue.

Alessandra Criscuoli

Editor
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Determination of Heat and Mass Transport Correlations for
Hollow Membrane Distillation Modules

Peter M. Hylle, Jeppe T. Falden, Jeppe L. Rauff, Philip Rasmussen, Mads Moltzen-Juul, Maja L. Trudslev,

Cejna Anna Quist-Jensen and Aamer Ali *

Department of Chemistry and Bioscience, Aalborg University, Fredrik Bajers Vej 7H, 9220 Aalborg, Denmark
* Correspondence: aa@bio.aau.dk

Abstract: Development and optimization of the membrane distillation (MD) process are strongly
associated with better understanding of heat and mass transport across the membrane. The current
state-of-the-art on heat and mass transport in MD greatly relies upon the use of various empirical
correlations for the Nusselt number (Nu), tortuosity factor (τ), and thermal conductivity (κm) of the
membrane. However, the current literature lacks investigations about finding the most representative
combination of these three parameters for modeling transport phenomena in MD. In this study, we
investigated 189 combinations of Nu, κm, and τ to assess their capability to predict the experimental
flux and outlet temperatures of feed and permeate streams for hollow fiber MD modules. It was
concluded that 31 out of 189 tested combinations could predict the experimental flux with reasonable
accuracy (R2 > 0.95). Most of the combinations capable of predicting the flux reasonably well could
predict the feed outlet temperature well; however, the capability of the tested combinations to predict
the permeate outlet temperatures was poor, and only 13 combinations reasonably predicted the
experimental temperature. As a generally observed tendency, it was noted that in the best-performing
models, most of the correlations used for the determination of κm were parallel models. The study
also identified the best-performing combinations to simultaneously predict flux, feed, and permeate
outlet temperatures. Thus, it was noted that the best model to simultaneously predict flux, feed, and
permeate outlet temperatures consisted of the following correlations for τ, Nu, and κm: = ε

1−(1−ε)1/3 ,

Nu = 0.13(Re)0.64(Pr)0.38, κm = (1 − ε)κpol + εκair where ε, Re, Pr, κpol , and κair represent membrane
porosity, Reynolds number, Prandtl number, thermal conductivities of polymer and air, respectively.

Keywords: membrane distillation; modeling; Nusselt number; thermal conductivity; tortuosity factor

1. Introduction

Membrane distillation (MD) is a thermally driven process where the driving force is a
vapor pressure difference created by a temperature difference across a porous hydrophobic
membrane. MD can use low-grade heat from different sources, such as the sun, geothermal
wells, and industrial processes, to produce ultra-fresh water [1–3]. MD is also an interesting
candidate to achieve zero liquid discharge and crystallization from different solutions
due to its ability to treat highly concentrated solutions, such as brine from desalination
facilities [4–7]. The use of MD for simultaneous recovery of freshwater and minerals from
different sources of impaired water makes it relevant to achieving sustainability and a
circular economy [6,8].

MD can be operated in several configurations, including air gap, vacuum, sweep
gas, and direct contact. Direct contact membrane distillation (DCMD) is the simplest
configuration of the process in terms of the equipment and modules involved [9–11]. In
DCMD, the membrane is in direct contact with the feed solution on one side and with the
permeate on the other side. The driving force (i.e., vapor pressure difference) is induced
by keeping the feed solution at a higher temperature than the permeate stream, creating
a positive heat transfer through the membrane. Water and volatile compounds from the

Energies 2023, 16, 3447. https://doi.org/10.3390/en16083447 https://www.mdpi.com/journal/energies1
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liquid feed evaporate, travel through the membrane pores, and are condensed at the
membrane surface on the permeate side.

In DCMD, heat is transferred from the feed side to the permeate side due to the
transport of water vapor through the membrane pores and conduction through the mem-
brane [12,13]. As a result, the temperature at the membrane surface differs from its value
in the bulk of the solution. The mass (vapor) flux across the membrane is directly linked
with the difference in vapor pressures at the membrane surface on the feed and permeate
sides, where the mass transfer coefficient of the membrane appears as a constant. The
temperature difference between the bulk solution and membrane surface is known as
temperature polarization, which decreases the effective driving force across the membrane
and results in a reduction in transmembrane vapor flux [13]. The mass transfer coefficient
of the membrane is a function of membrane properties including pore size, overall porosity,
thickness, and the τ which, depending upon the membrane pore size and mean free path of
the water vapor, can be calculated according to different models [3]. Determination of the
vapor pressure at the surface requires knowledge of the membrane surface temperatures,
which are linked with the bulk temperatures through heat transfer coefficients [14]. The
thermal conductivity of the membrane (κm) affects the heat conducted across the mem-
brane and therefore directly influences the total heat transport across the membrane and
hence the temperature at the membrane surface [15]. Thus, the determination of flux is
associated with the calculation of surface temperatures and the mass transfer coefficient of
the membrane.

Understanding heat and mass transport in MD is important to design, improve, and
optimize the process and module design [3,16–18]. Numerous semi-empirical correlations
have been proposed to calculate the Nusselt number (Nu) for heat transfer coefficient in
MD channels (see Section 2.3) [13,19]. The ultimate selection of the correlation for the Nu
for a given fluid is a function of the applied hydrodynamics and the system configuration
(e.g., flat sheet, hollow fiber). Likewise, Nu, several correlations have been proposed
to describe the κm, including the parallel resistance model, the series resistance model,
and the Maxwell I model, as described in Section 2.3. In all these correlations, effective
membrane thermal conductivity models account for the membrane porosity, the thermal
conductivity of stagnant air within the pore, and the thermal conductivity of the membrane
material. High κm decreases the temperature gradient across the membrane, which results
in lower vapor flux [20]. For τ, which is inversely linked with the vapor flux, three different
approaches have been adopted [21,22]: (i) use it as an adjustable parameter in the model;
(ii) use a constant value (usually between 1 and 2, but occasionally greater than 2) for the τ;
and (iii) use theoretical approaches to link the membrane porosity with the τ.

Despite their fundamental importance, heat and mass transport in MD are poorly
understood [13,23,24]. The current state-of-the-art modeling of MD approaches has two
major limitations regarding the use of various correlations for the Nu, κm, and τ of the
membrane. Firstly, they compare the validity of various correlations proposed for any of
the three parameters (Nu, τ, and κm) for a fixed combination of the other two parameters. In
other words, the state-of-the-art approaches do not test the validity of various combinations
of correlations for the Nu, κm, and τ of the membrane. For instance, in some studies
for the determination of a suitable correlation for the Nu, it was assumed that the κm
could be represented by the parallel model [13,25]. Phattaranawik et al. considered the
suitability of κm correlations in their DCMD model but neglected the correlations for τ [26].
Kim et al. studied the effect of using eleven different correlations for the τ on the flux and
concluded that the use of an inappropriate correlation can incorporate a significant error in
the predicted flux [27]. However, the study was carried out by assuming that heat transport
within the membrane and in feed and permeate channels can be described by using a fixed
combination of correlations for κm and Nu. This approach is clearly very specific to the
membrane and operating setup applied in each of the studies, and its validity for a broad
set of membrane and module characteristics cannot be guaranteed. The second important
limitation of the current state-of-the-art is that the validation of different correlations for Nu,
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κm, and τ has been tested by comparing the theoretical and experimental values of vapor
flux only [11,15,27–29]. The potential of these models to predict the outlet temperatures of
feed and permeate, which are crucial to calculating thermal and cooling energy demand,
respectively, is broadly neglected in the current literature.

The overall objective of the current study is to analyze the capability of various
combinations of state-of-the-art correlations for Nu, κm, and τ to predict the experimental
flux and outlet temperatures for hollow fiber membrane modules. The ultimate objective is
to find the best-suited combination of Nu, κm, and τ to predict the experimental data (flux
and outlet temperatures).

2. Materials and Methods

2.1. MD Test

Experimental analysis of DCMD has been conducted to validate the model predictions
by using a polypropylene hollow fiber membrane from Membrana GmbH. The membrane
has a porosity of 73%, a mean pore size of 0.2 μm, and a thickness of 450 μm. The membrane
module, consisting of 19 hollow fibers with an effective length of 51 cm placed in a shell
with a 2.1 cm internal diameter, was fabricated in the laboratory. The experiments were
performed with pure water as feed and permeate circulating on the lumen and shell sides,
respectively, of the hollow fiber membrane module operating in the countercurrent mode.
The Reynolds numbers for the permeate and feed sides were in the ranges 130–300 and
200–1800, respectively. Inlet and outlet temperatures of the feed and permeate streams
were measured by using thermocouples (TECPEL thermometers). The flux was measured
by following the weight loss of the feed container as a function of experimental time.
Circulation of hot and cold streams was achieved by using a peristaltic pump (Masterflex
L/S). The temperatures of the feed and permeate streams were controlled by using heating
(Grant) and cooling (Julabo 200F) systems, respectively. Detailed experimental design
parameters can be found in Table 1, whereas a schematic illustration of the experimental
setup can be found elsewhere [30–32]. The experimentation was designed to comprehend
the effect of different operating parameters, including feed inlet temperature and feed and
permeate flow rates, on the process performance.

Table 1. Experimental temperatures and flow rates used in the study.

No.
Feed Inlet

Temperature (◦C)
Permeate Inlet

Temperature (◦C)
Feed Flow Rate

(Lh−1)
Permeate Flow

Rate (Lh−1)

1 35 12 99 29
2 39 13 99 29
3 44 14 99 29
4 48 15 99 29
5 49 18 99 29
6 49 22 99 29
7 57 17 99 29
8 65 16 99 29
9 48 14 68 29
10 48 14 43 29
11 47 14 29 29
12 49 14 99 23
13 48 15 99 32
14 48 15 99 50

2.2. Model Development

Mass flux in MD can be described mathematically as follows:

J = B
(

Pf m − Ppm

)
(1)

3
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where Pfm and Ppm are the vapor pressures at the membrane surface on the feed and
permeate sides, respectively. B is a characteristic membrane parameter, and different
models can be used to determine it [3]. The ultimate selection of the model depends on
the mean free path of the water vapor and the nominal pore size of the membrane. For
PP hollow fiber membranes, the mean free path of water molecules and the nominal pore
size are in the same order of magnitude [20,33], and thus the combined Knudsen- and
molecular diffusion model is used to determine B (see Equation (2)).

B =

[
3τδm

2εr

(
πRTm

8M

) 1
2
+

τδmPairRTm

εPtotDM

]−1

(2)

Pair is the air pressure, and Ptot is the total pressure inside the membrane [3]. τ can be
described by different correlations, as detailed in Section 2.3. D is the vapor diffusivity and
is affected by both the temperature and Ptot. An empirical correlation between Ptot and D is
proposed in a study by Yun et al. [4] (see Equation (3)) and is used in our study.

PtotD = 1.19 · 10−4 · T1.75 (3)

To estimate the mass flux over the membrane, the difference in vapor pressure at the
two membrane surfaces must be known. The vapor pressure is described as a function of
temperature in the Antoine equation (see Equation (4)) [5]. Therefore, temperature on the
membrane surfaces in the feed (Tfm) and permeate (Tpm) is a prerequisite for the calculation
of Pfm and Ppm.

P = exp
(

Aa − Ba

T + Ca

)
(4)

Since mass flux is driven by a temperature gradient between the feed and permeate
streams, an accurate calculation of the heat transfer across the membrane must be applied.
Heat transfer in MD can be divided into three steps [6]:

1. Heat transfer from the feed bulk to the membrane surface with the rate Qf;
2. Heat transfer across the membrane with the rate Qm;
3. Heat transfer from the boundary layer to the bulk solution on the permeate side is at

a rate of Qp.

Both the heat transfer in the permeate and feed solutions are convection processes
and thus dependent upon a convective heat transfer coefficient (h f /p) and the temperature
polarization according to Equations (5) and (6) [34]:

Q f = h f

(
Tf − Tf m

)
(5)

Qp = hp
(
Tpm − Tp

)
(6)

The heat transfer coefficient in the feed and permeate solution can be estimated from
the following correlation between Nu, the thermal conductivity of the solution κp/ f , and
the equivalent diameter De of the channel (see Equation (7)).

hp/ f =
Nup/ f ·κp/ f

De
(7)

The equivalent diameter corresponds to the diameter of the fibers in the solution on
the lumen side. For the solution on the shell side, Equation (8) should be used due to the
triangular arrangement of the fibers [7]. Furthermore, multiple empirical correlations have

4
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been proposed to determine Nu. Thus, to ensure the most accurate prediction of the flux,
different Nu correlations are investigated in this study (see Section 2.3) [14].

De =
3.44 · P2

t − π·d2
out

π · dout
(8)

dout is the outer diameter of the fibers, and Pt is the average distance between the centers of
the fibers [7].

The heat transfer rate across the membrane is affected by the κm and the mass transfer
across the membrane (see Equation (9)) [35].

Qm =
κm

δm

(
Tf m − Tpm

)
+ JΔHv = hc

(
Tf m − Tpm

)
+ hv

(
Tf m − Tpm

)
(9)

where κm can be calculated according to different correlations relating the thermal con-
ductivity of the polymer used as membrane material, κpol and the thermal conductivity
of the air, κair, present in the pores, as detailed in Section 2.3 [6]. δm is the thickness of
the membrane, and ΔHv is the latent heat of water vapor, which is dependent on the
temperature at the membrane surfaces (see Equation (10))

ΔHv = 1.7535
(Tf m + Tpm

2
+ 2024.3

)
(10)

Under the steady state conditions:

Q f = Qm = Qp (11)

Due to the equality of the different heat transfer rates at steady state, the following
correlations between Tfm, Tpm, Tf, and Tp can be derived [3].

Tf m = Tf − (Tf − Tp)

1
h f

1
hv+hc

+ 1
hp

+ 1
h f

(12)

Tpm = Tp + (Tf − Tp)

1
hp

1
hv+hc

+ 1
hp

+ 1
h f

(13)

To calculate the temperature profile along the module, the energy balance along the
fibers must be applied. This is done by dividing the system into (L/n) elements, where
L is the total length of the system and n is the total number of elements. The energy
difference between the entrance and exit on the feed side for the i-th element is equal to the
amount of energy transferred across the membrane due to conduction and convection (see
Equations (14) and (15)), with a corresponding correlation also applicable for the permeate
stream [3]. Thus, the feed and permeate temperatures for element i + 1 along the fiber for
the countercurrent configuration can be calculated as follows:

Tf |i+1
=

.
m f CpTf |i −

(
κm
δm

(
Tf m − Tpm

)
dA + JΔHvdA

)
.

m f Cp|i+1

(14)

Tp|i+1
=

.
mpCpTp|i −

(
κm
δm

(
Tf m − Tpm

)
dA + JΔHvdA

)
+ Qe

.
mpCp|i+1

(15)

Calculating temperature profiles along the module length allows for the determination
of mass transfer both parallel to the flow and across the membrane in discrete steps. This is

5
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simply calculated as the difference of mass flux along the module and across the membrane
of the previous element:

.
m f |i+1

=
.

m f |i − JidA (16)

The heat transfer to the environment (Qe in Equation (18)) is firstly governed by the
convective heat transfer from the bulk solution on the shell side to the inner surface of the
module with a rate Qinner, and secondly by the conductive heat transfer across the module
with a rate Qmodule. Lastly, heat is transferred from the outer surface of the module to the
environment via both convection with the rate Qouter and radiation with the rate Qr. The
formula for the different rates is presented in Equation (17) [8].

Qinner = hinner Ainner(Tbulk − Ts,inner)

Qmodule =
kmodule

δtube
Am(Ts,inner − Ts,outer)

Qouter = houter Aouter(Ts,outer − Tair)

Qr = AouterCε
(
T4

s,outer − T4
air
)

(17)

At steady state, the following equality for the heat loss can be applied.

Qe = Qin = Qmodule = Qout + Qr (18)

2.3. Variable Parameters

Three parameters used for the modeling computations are varied, i.e., τ, κm, and Nu.
Nine correlations for the Nu, seven for τ, and three for the κm are tested. The specific
details about the correlations used are presented in Table 2. All possible combinations of
the considered correlations are tested, i.e., 189 combinations in total. Nu correlations are
empirically determined and depend on various dimensionless parameters, module length,
and equivalent diameter. The correlations presented in the table are valid in the laminar
flow regime, i.e., Re < 2100. Considered correlations for κm are the parallel resistance model,
the series resistance model, and the Maxwell I model [8].

Table 2. Correlations of τ, Nu, and κm used in the DCMD computations.

Tortuosity (τ)

τ1 = (2−ε)2

ε
[27]

τ2 = ε

1−(1−ε)1/3 [28]

τ3 = 1√
ε

[30]

τ4 = 1
ε [27]

τ5 = (3−ε)
2

[30]
τ6 =

√
1 − ln(ε/2) [30]

τ7 = ε

1−(1−ε)2/3 [30]

Nusselt number (Nu)

Nu1 = 1.86
(

RePr
L/De

)1/3 [31]

Nu2 = 4.36

(
0.036RePr(De/L)

1 + 0.0011RePr(De/L)0.8

)
[31]

Nu3 = 0.13(Re)0.64(Pr)0.37 [32]

Nu4 = 1.95
(

RePr
L/De

)1/3 [33]

Nu5 = 0.097(Re)0.73(Pr)0.13 [34]

Nu6 = 3.66 +

(
0.104RePr(De/L)

1 + 0.106RePr(De/L)0.8

)
[33]

Nu7 = 1.62(RePrDe/L)0.33 [35]

Nu8 = 4.36 + 0.023Pe/(L/De)
1 + 0.0012Pe/(L/De)

[36]

Nu9 = 4.364 + 0.02633

(L/(DePe)0.506)exp(41L/(DePe))

(
Pr

Prw

)k

k = 0.20—feed, k = 0.19—permeate
[36]

6
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Table 2. Cont.

Membrane thermal conductivity (κm)

κm,1 = (1 − ε)κpol + εκair [37]

κm,2 =
(

ε
κair

+ 1−ε
κpol

)−1 [37]

κm,3 = κair

(
1 + (1−ε)2βpol−air
1−(1−ε)2βpol−air

)
βpol−air =

(
κpol − κair

)
/
(
κpol + 2κair

) [37]

3. Results and Discussion

3.1. Experimental Mass Fluxes and Outlet Temperatures

Details of experimental input (inlet temperatures and flow rates) and output (outlet
temperatures and fluxes) parameters are provided in Table 3. It is evident from the table
that the flux increases with an increase in feed temperatures and flow rates. Experiments 1–
8 indicate that flux increases exponentially from 1.05 to 6.07 kg/m2.h by increasing the feed
temperature from 35 to 65 ◦C at a constant feed and permeate flow rate. This agrees with
the exponential dependence of flux on temperature in MD reported in the literature [3,36].
The corresponding feed outlet temperature also increases, from 34 to 60 ◦C. A similar trend
is also observed for the permeate outlet temperature. Experiments 9–11 were aimed at
investigating the effect of feed flow rate on transmembrane flux and outlet temperatures. It
is evident from the corresponding data that the flux decreases with the feed flow rate. This
is a direct consequence of increased temperature polarization and feed temperature drop
along the membrane module, as evident from the corresponding Tfout data. The observed
trend again corresponds to the observations reported in the literature [37]. Experiments
12–14 were carried out to explore the effect of permeate flow rates on the mass flux and
temperature drops along the module. As evident from the corresponding flux data reported
in Table 3, flux exhibits a very weak dependence upon the permeate flow rate. Both feed
and permeate outlet temperatures drop slightly with an increase in permeate flow rate,
which was expected due to improved heat transfer on the permeate side and a shorter
residence time for the permeate stream inside the module.

Table 3. Experimentally measured inlet and outlet temperatures and trans-membrane flux at known
feed and permeate temperatures and flow rates.

No. Tf,in [◦C] Tf,out [◦C] Tp,in [◦C] Tp,out [◦C] Qf [L/h] Qp [L/h] J [kg m−2h−1]

1 35 34 12 18 99 29 1.05
2 39 38 13 20 99 29 1.35
3 44 42 14 21 99 29 1.84
4 48 46 15 24 99 29 2.35
5 49 47 18 27 99 29 2.27
6 49 47 22 29 99 29 2.38
7 57 54 17 29 99 29 3.76
8 65 60 16 32 99 29 6.07
9 48 42 14 23 68 29 2.13
10 48 42 14 23 43 29 2.15
11 47 38 14 22 29 29 1.84
12 49 47 14 25 99 23 2.45
13 48 47 15 23 99 32 2.43
14 48 46 15 22 99 50 2.48

3.2. Evaluation of the Model Predictions

All possible combinations of Nu, κm, and τ shown in Figure 1 have been evaluated to
assess their ability to predict the experimental values of the average flux across the mem-
brane and the outlet temperatures Tf,out and Tp,out. The accuracy of the results is determined
by the R2-value of the fit to the function y = x of the experimental (y) and model prediction
(x) data. Detailed results are shown in Table A1 in the Appendix A, which indicates that
the R2 values for flux and outlet temperatures predicted by each of the combinations differ
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widely. Thus, R2-values for J fall in the interval −2.866 < R2 < 0.989, while R2 values for
Tf,out and Tp,out lie in the intervals 0.891 < R2 < 0.977 and −0.529 < R2 < 0.969, respectively.
The variation of R2-values across all models is noteworthy, as it indicates that model
predictions are significantly affected by the combination of the adjustable parameters used.

Figure 1. An illustration of different combinations of km, τ, and Nu tested in the study. The numbering
for each correlation is according to Table 2.

A statistical analysis of the data has been provided in Figure 2. It is evident from
Figure 2 that only 31 out of 189 combinations could predict the flux with accuracy exceeding
R2 > 0.9. This emphasizes the significance of using the appropriate combination of tortuosity,
heat transfer, and κm correlations in DCMD modeling. Furthermore, the variation and the
number of low R2-values suggest that many combinations yield inaccurate predictions.
Thus, evaluation of the prediction performance of a given model may have to account
for the relative model performance rather than the absolute performance. The number of
combinations that could predict Tf,out with R2 > 0.9 was the highest (180). On the other
hand, only 13 combinations could predict Tp,out with reasonable accuracy (R2 > 0.9).

 

τ

Figure 2. Statistical analysis of different combinations of Nu, τ, and κm used to predict the experi-
mental parameters.

8
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3.3. Selection of the Best Fitting Model

The selection of the best-fitting model in this study is based on the highest sum of the
R2-values for J, Tf,out, and Tp,out. The combinations of the three adjustable parameters τ, Nu,
and κm with the best overall prediction performance based on the conditions set in this
study are reported in Table 4 along with the corresponding R2-values. The accuracy of the
fit to flux, feed, and permeate outlet temperatures is represented with R2(J), R2(Tf,out), and
R2(Tp,out), respectively. R2

tot is the average of R2(J), R2(Tf,out), and R2(Tp,out).

Table 4. R2-values and correlation numbers (numbers for τ, Nu, and κm correspond to Table 3) for
the best-fitting model (based on fit for Tf,out, Tp,out, and J).

τ Nu κm R2(J) R2(Tf,out) R2(Tp,out) R2
tot

2 3 1 0.970 0.976 0.951 0.966
1 3 1 0.911 0.976 0.948 0.945
2 5 1 0.951 0.973 0.907 0.944
1 5 1 0.880 0.973 0.903 0.918
6 9 1 0.942 0.970 0.805 0.906

The model with the best predictability for all the parameters is the one that combines
τ2, Nu3, and κm,1. The experimental values are plotted against the predicted values for
this model in Figure 3 to confirm the model’s performance. It is evident from the figure
that the model predicts all three parameters well, but standard deviations vary between J,
Tf,out, and Tp,out, where J-standard deviations are generally higher than those of Tp,out and
especially Tf,out.

τ

 
Figure 3. Model using τ2, Nu3, and κm,1. (a) Experimental versus predicted J (both axes are on a
logarithmic scale of base 10); (b) experimental vs. predicted Tf,out; and (c) experimental vs. predicted
Tp,out. Note that error bars in some cases are smaller than the points and, therefore, are not visible for
some points.

One may note from Table A1 that the model with the best overall prediction ability
does not have the best prediction ability when solely focusing on the flux. Therefore, it
is necessary to investigate the best model when only taking flux prediction into account.
Several combinations of τ, Nu, and κm can determine the flux accurately. The best five
models for flux prediction are shown in Table 5 along with their corresponding R2 values
for their general predictions. It is evident from the table that even though a given model
can predict the flux well, this does not necessarily entail that it is also able to predict the
outlet temperatures well.

It is evident from Table 5 and Figure 4 that the best models to predict J can also predict
feed outlet temperature reasonably well with R2-values above 0.9; however, their capability
to predict permeate outlet temperatures is poor, and the corresponding R2-values fall in
the range −0.187 < R2 < 0.758. However, accurate prediction of outlet temperatures for
permeate as well as the feed stream is important as these parameters play a significant role
in the heating and cooling energy consumption of the DCMD process.
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Table 5. R2-values and correlation numbers (numbers for τ, Nu, and κm correspond to Table 3) for
the best-fitting model for the flux.

τ Nu κm R2(J) R2(Tf,out) R2(Tp,out) R2
tot

2 3 3 0.989 0.965 0.758 0.904
1 3 2 0.986 0.916 −0.071 0.610
1 5 2 0.985 0.910 −0.187 0.569
2 5 3 0.984 0.959 0.657 0.866
2 5 2 0.978 0.911 −0.154 0.578

Figure 4. Model using τ2, Nu3, and κm,3. (a) Experimental versus predicted J (both axes are on a
logarithmic scale of base 10); (b) experimental vs. predicted Tf,out; and (c) experimental vs. predicted
Tp,out. Note that the error bars in some cases are smaller than the points.

4. Observed Tendencies

All different combinations of adjustable parameters and the corresponding R2 values
are shown in Table A1 in the Appendix A. The results have been reported in decreasing
order with respect to Rtot

2. From Table A1, it is evident that Rtot
2 values vary significantly for

different combinations, and even though it is not possible to clearly evaluate the prediction
accuracy for every correlation, some tendencies can be observed.

It is noteworthy that among the best-performing models, the most commonly used
correlation for the determination of κm is κm,1. This indicates that κm,1 can describe the heat
transfer across the membrane more accurately than the remaining correlations. Contrarily,
most of the models with poor overall prediction performance use κm,2 correlation. Models
based on κm,2 especially show poor prediction of the outlet temperatures, suggesting that
κair and κpol are not weighted appropriately in the series resistance model (κm,2) and that
the focus of this correlation may be flux prediction.

A similar tendency is observed when examining tortuosity correlations, where τ2,
when paired with the appropriate correlations for Nu and κm, best predicts the experimental
outputs. The poorest prediction of the correlations for τ follows the order τ5, τ3, and
τ7. Generally, a tendency is observed where a lower value of τ corresponds to a lower
prediction ability, except for τ1 and τ2. This suggests that the optimal value of τ is around
2.0 for a membrane with high porosity, which is also reported in a study by Khayet et al. [3].
The value of τ has a direct impact on the permeability coefficient, B, which is used to
determine the transmembrane flux. Higher values of τ entail lower B and thereby also
lower predicted flux. This observation leads to the conclusion that most of the correlations
used for τ tend to overestimate the flux.

When observing the Nu correlations, no clear tendency was observed. This is evident
from the fact that Nu3 and Nu5 are present in both the models with the highest and lowest
prediction accuracy. This might also suggest that the choice of the Nu correlation is of
less significance than those of τ and κm. Furthermore, these observed tendencies for the
correlations of τ, Nu, and κm emphasize the importance of making the correct choice of
model for theoretical DCMD modeling.

10
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5. Conclusions

In the present work, different combinations of state-of-the-art empirical correlations
for the tortuosity factor, Nusselt number, and thermal conductivity of the membrane have
been evaluated for their ability to predict outlet temperatures and flux in DCMD. In total,
189 combinations have been investigated, with varying results. Only 31 combinations
were able to predict the experimental flux with reasonable accuracy (R2 > 0.95) whereas
180 correlations could accurately predict the feed outlet temperature. The worst predictions
were observed for the permeate outlet temperatures, where only 13 tested combinations
could predict the experimental temperature with reasonable accuracy. Only five combi-
nations could predict all three set parameters simultaneously (flux, feed, and permeate
outlet temperatures) with reasonable accuracy. This highlights the importance of using an
appropriate combination of the adjustable parameters when using a theoretical model to
predict the performance of a DCMD setup. The model with the best ability to predict J,
Tf,out, and Tp,out consists of τ2, Nu3, and κm,1, where the numbering in subscript is according
to Table 2. This model has an average R2 = 0.97 for the fit of predicted values against
experimental values.

Author Contributions: Conceptualization, A.A.; Methodology, P.M.H., J.T.F., J.L.R., P.R., M.M.-J.,
M.L.T. and A.A.; Software, P.M.H., J.T.F., J.L.R., P.R. and M.M.-J.; Validation, P.M.H., J.T.F., J.L.R., P.R.,
M.M.-J. and M.L.T.; Formal analysis, P.M.H., M.M.-J. and C.A.Q.-J.; Investigation, J.L.R. and P.R.;
Writing—original draft, P.M.H., J.T.F., J.L.R., P.R. and M.M.-J.; Writing—review & editing, C.A.Q.-J.
and A.A.; Supervision, C.A.Q.-J. and A.A.; Project administration, A.A.; Funding acquisition, C.A.Q.-J.
All authors have read and agreed to the published version of the manuscript.

Funding: This research was funded by the Ministry of Foreign Affairs of Denmark (MFA) through
the Danida Fellowship Centre (DFC) under Grant no. 20-M01AAU (“Membrane crystallization for
water and mineral recovery”).

Data Availability Statement: No data, in addition to what is reported in the manuscript, were
created or analyzed in this study. Data sharing is not applicable to this article.

Acknowledgments: The authors are thankful to the Ministry of Foreign Affairs of Denmark for their
financial support through the Danida Fellowship Centre for this work.

Conflicts of Interest: The authors declare no conflict of interest.

Abbreviations

Math symbols

τ Tortuosity
κ Thermal conductivity
κpol Thermal conductivity of polymer
κair Thermal conductivity of air
J Mass flux
P Vapour pressure
B Membrane characteristic parameter
d Nominal pore size
λ Mean free path of water vapour molecules
Kn Knudsen number
δm Membrane thickness
ε Membrane porosity
r Pore radius
R Gas constant
T Temperature
D Diffusivity of water vapour
M Molecular weight
Aa, Ba, Ca Antoine’s equation coefficients
Q Heat flux
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h Heat transfer coefficient
De Equivalent diameter
dout Outer fiber diameter
Pt Average distance between fibers
ΔHv Latent heat of water vapour
L Module length
Cp Isobaric heat capacity

Appendix A

Table A1. R2 values for the correlation between experimental and theoretical data for J, Tf,out, Tf,out,
and total average R2. Model no. indicates the correlations used for the model in the following order:
τ, Nu, and κm.

MODEL NO. R2(J) R2(Tf,out) R2(Tp,out) R2
tot

231 0.970 0.976 0.951 0.966
131 0.911 0.976 0.948 0.945
251 0.951 0.973 0.907 0.944
151 0.880 0.973 0.903 0.918
691 0.942 0.970 0.805 0.906
621 0.905 0.971 0.838 0.905
233 0.989 0.965 0.758 0.904
681 0.923 0.970 0.817 0.903
661 0.892 0.970 0.836 0.899
491 0.908 0.970 0.808 0.895
641 0.924 0.966 0.783 0.891
133 0.959 0.964 0.746 0.890
481 0.880 0.970 0.820 0.890
421 0.856 0.971 0.840 0.889
611 0.939 0.964 0.756 0.886
461 0.837 0.970 0.839 0.882
441 0.880 0.966 0.785 0.877
411 0.901 0.965 0.758 0.875
253 0.984 0.959 0.657 0.866
671 0.971 0.959 0.658 0.863
471 0.952 0.959 0.660 0.857
261 0.780 0.969 0.809 0.853
153 0.941 0.958 0.645 0.848
221 0.760 0.970 0.811 0.847
791 0.756 0.970 0.815 0.847
781 0.701 0.970 0.827 0.833
281 0.737 0.969 0.791 0.832
721 0.657 0.971 0.847 0.825
771 0.846 0.959 0.666 0.824
711 0.739 0.965 0.766 0.823
241 0.745 0.965 0.756 0.822
741 0.700 0.966 0.792 0.820
291 0.699 0.969 0.779 0.816
761 0.623 0.970 0.846 0.813
161 0.664 0.969 0.805 0.813
651 0.524 0.974 0.933 0.811
121 0.642 0.970 0.807 0.806
211 0.722 0.964 0.730 0.806
181 0.615 0.969 0.787 0.790
391 0.569 0.970 0.821 0.787
263 0.882 0.952 0.516 0.783
141 0.624 0.965 0.752 0.780
223 0.867 0.953 0.519 0.780
371 0.703 0.959 0.671 0.778
631 0.388 0.976 0.965 0.776
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Table A1. Cont.

MODEL NO. R2(J) R2(Tf,out) R2(Tp,out) R2
tot

693 0.834 0.954 0.538 0.775
191 0.573 0.969 0.775 0.772
623 0.768 0.956 0.584 0.769
683 0.797 0.954 0.556 0.769
451 0.387 0.974 0.936 0.766
283 0.851 0.952 0.491 0.765
381 0.488 0.970 0.832 0.763
111 0.599 0.964 0.726 0.763
663 0.745 0.954 0.583 0.761
311 0.543 0.965 0.772 0.760
493 0.768 0.954 0.544 0.755
643 0.798 0.950 0.512 0.753
591 0.463 0.970 0.823 0.752
243 0.858 0.948 0.448 0.751
571 0.620 0.959 0.674 0.751
613 0.825 0.948 0.478 0.750
341 0.486 0.966 0.798 0.750
293 0.824 0.951 0.474 0.750
321 0.425 0.971 0.853 0.750
163 0.790 0.952 0.506 0.749
483 0.721 0.954 0.562 0.746
271 0.642 0.959 0.636 0.746
123 0.772 0.953 0.508 0.744
423 0.684 0.956 0.591 0.744
213 0.842 0.946 0.416 0.735
463 0.656 0.955 0.589 0.733
673 0.897 0.941 0.362 0.733
361 0.376 0.970 0.852 0.733
443 0.721 0.950 0.518 0.730
413 0.755 0.948 0.484 0.729
183 0.752 0.951 0.481 0.728
581 0.369 0.970 0.835 0.725
511 0.433 0.965 0.774 0.724
431 0.225 0.976 0.966 0.722
473 0.847 0.941 0.368 0.719
143 0.760 0.947 0.438 0.715
193 0.720 0.951 0.464 0.712
541 0.367 0.966 0.801 0.711
521 0.296 0.971 0.855 0.708
171 0.510 0.959 0.632 0.700
113 0.740 0.945 0.406 0.697
561 0.241 0.970 0.854 0.688
793 0.521 0.955 0.561 0.679
273 0.783 0.940 0.307 0.677
773 0.654 0.942 0.383 0.660
783 0.444 0.955 0.580 0.660
653 0.272 0.962 0.733 0.656
723 0.385 0.956 0.609 0.650
713 0.498 0.949 0.501 0.649
743 0.444 0.951 0.535 0.643
173 0.672 0.939 0.298 0.636
633 0.109 0.968 0.830 0.636
763 0.341 0.955 0.607 0.634
232 0.965 0.918 −0.037 0.615
751 −0.082 0.974 0.942 0.611
132 0.986 0.916 −0.071 0.610
453 0.095 0.962 0.741 0.599
393 0.248 0.955 0.575 0.593
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Table A1. Cont.

MODEL NO. R2(J) R2(Tf,out) R2(Tp,out) R2
tot

373 0.433 0.942 0.395 0.590
252 0.978 0.911 −0.154 0.578
433 −0.095 0.968 0.837 0.570
152 0.985 0.910 −0.187 0.569
383 0.142 0.956 0.594 0.564
313 0.216 0.949 0.515 0.560
573 0.311 0.942 0.401 0.551
343 0.142 0.951 0.549 0.547
323 0.062 0.957 0.623 0.547
593 0.100 0.955 0.582 0.546
731 −0.323 0.976 0.968 0.541
363 0.002 0.956 0.622 0.527
262 0.968 0.903 −0.306 0.522
222 0.962 0.904 −0.305 0.520
583 −0.020 0.956 0.600 0.512
513 0.065 0.949 0.521 0.512
282 0.955 0.903 −0.333 0.508
292 0.943 0.902 −0.354 0.497
162 0.922 0.902 −0.334 0.497
242 0.960 0.899 −0.372 0.496
543 −0.020 0.951 0.556 0.496
122 0.913 0.903 −0.333 0.494
523 −0.111 0.957 0.629 0.492
212 0.954 0.897 −0.402 0.483
182 0.902 0.902 −0.360 0.481
142 0.908 0.898 −0.399 0.469
563 −0.178 0.956 0.628 0.469
192 0.884 0.901 −0.381 0.468
112 0.898 0.896 −0.429 0.455
351 −0.570 0.974 0.947 0.451
272 0.929 0.892 −0.505 0.439
692 0.522 0.910 −0.186 0.415
753 −0.492 0.963 0.761 0.411
172 0.860 0.891 −0.529 0.407
682 0.461 0.910 −0.162 0.403
622 0.414 0.912 −0.131 0.399
672 0.633 0.898 −0.353 0.393
612 0.505 0.904 −0.238 0.390
642 0.461 0.906 −0.203 0.388
662 0.381 0.911 −0.130 0.387
492 0.398 0.910 −0.169 0.380
551 −0.827 0.974 0.949 0.366
482 0.325 0.911 −0.145 0.364
472 0.529 0.898 −0.338 0.363
422 0.271 0.913 −0.113 0.357
412 0.377 0.905 −0.221 0.353
331 −0.887 0.976 0.969 0.353
733 −0.766 0.969 0.855 0.352
442 0.326 0.907 −0.186 0.349
462 0.231 0.912 −0.112 0.343
772 0.176 0.900 −0.297 0.260
792 −0.019 0.912 −0.123 0.257
531 −1.183 0.977 0.969 0.254
652 −0.222 0.920 0.050 0.249
632 −0.411 0.927 0.177 0.231
782 −0.126 0.913 −0.099 0.230
712 −0.050 0.907 −0.177 0.227
353 −1.087 0.963 0.777 0.218
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Table A1. Cont.

MODEL NO. R2(J) R2(Tf,out) R2(Tp,out) R2
tot

742 −0.125 0.909 −0.141 0.214
722 −0.206 0.915 −0.066 0.214
762 −0.263 0.914 −0.065 0.195
452 −0.465 0.921 0.071 0.175
372 −0.186 0.901 −0.264 0.150
432 −0.684 0.928 0.198 0.147
333 −1.444 0.969 0.869 0.131
392 −0.444 0.914 −0.087 0.128
553 −1.396 0.964 0.784 0.117
312 −0.483 0.908 −0.141 0.095
572 −0.375 0.902 −0.249 0.092
382 −0.583 0.915 −0.062 0.090
342 −0.580 0.910 −0.105 0.075
322 −0.687 0.916 −0.029 0.067
592 −0.666 0.915 −0.071 0.059
362 −0.761 0.915 −0.027 0.042
512 −0.708 0.909 −0.125 0.025
582 −0.820 0.916 −0.045 0.017
533 −1.796 0.970 0.875 0.016
542 −0.817 0.911 −0.088 0.002
522 −0.937 0.917 −0.011 −0.010
562 −1.019 0.916 −0.010 −0.037
752 −1.250 0.923 0.125 −0.067
732 −1.560 0.931 0.254 −0.125
352 −2.023 0.925 0.169 −0.309
332 −2.422 0.933 0.300 −0.397
552 −2.419 0.926 0.189 −0.435
532 −2.866 0.934 0.320 −0.537
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Abstract: Membrane distillation (MD) is a thermal-based membrane operation with high potential
for the treatment of aqueous streams. However, its implementation is limited and only few examples
of MD pilots can be found in desalination. One of the reasons behind this is that MD requires thermal
energy for promoting the evaporation of water, which implies higher energy consumption with
respect to pressure-driven membrane operations, like reverse osmosis (RO). Recently, among the
different methods investigated to improve the thermal efficiency of MD, attempts for obtaining a
localized heating of the feed, close to the membrane surface, were carried out. This work reviews
experimental activities on the topic, dealing with both modified membranes, used under solar irradi-
ation or coupled to an electric source, and specifically designed heated modules. The main results
are reported and points of action for further optimization are identified. In particular, although at
an early stage, this type of approach led to improvements in membrane flux and to a reduction of
energy consumption with respect to conventional MD. Nevertheless, long tests to ensure a stable
performance time, the optimization of operating conditions, the development of methods to control
fouling issues, and the identification of the best module design, together with the scale-up of mem-
branes/modules developed, represent the main research efforts needed for future implementation of
localized heating strategy.

Keywords: electrical heating; irradiation heating; flux; energy consumption

1. Introduction

Water scarcity today affects many countries worldwide. Climate change, due to the
greenhouse effect, significantly increased the number of regions suffering from drought.
As an example, as this article is being written, Italy is experiencing one of the driest seasons
with the water flows of the most important rivers reduced by 90% in some areas. In addition
to the problem of drought, population growth, as well as the intensive industrial activities
contributed in recent years to the depletion of fresh water sources available on the planet.
The recovery of purified water, to be re-used from polluted streams is thus becoming an
urgent need. In this respect, membrane distillation is among the membrane operations
most investigated because of the possibility of rejecting all non-volatile species present in
the same unit into the feed, leading to a high-concentrated retentate and to a high-quality
water (distilled water) as permeate [1–3]. It has been successfully applied in different fields,
like ultrapure water production, purification of textile effluents, olive mill waste waters and
heavy metal-contaminated waters, juice concentration, brackish and seawater desalination,
and brine treatment. The basic principle is to use a hydrophobic microporous membrane for
aqueous feed evaporation. In particular, one side of the membrane is in direct contact with
the aqueous stream and by creating a difference of vapor pressure at the two membrane
sides the liquid starts to evaporate at the feed-membrane pore mouths. Then the formed
water vapor migrates through the micropores to be recovered as liquid at the permeate
side. The driving force being a difference of vapor pressures rather than a difference of
pressures, MD is less affected by osmotic limitations, encountered in RO therefore, higher

Energies 2022, 15, 5990. https://doi.org/10.3390/en15165990 https://www.mdpi.com/journal/energies17



Energies 2022, 15, 5990

water recovery factors can be obtained. However, to make the liquid water evaporate
there is a need to heat the feed stream. Although MD works at lower temperatures than
conventional distillation columns (typical MD temperatures range from 40 to 80 ◦C), the
thermal energy supply represents one of the main obstacles for the implementation of MD
at a commercial scale. The energy consumption per produced permeate can be reduced by
acting both on the productivity of the process and on the effective use of the thermal energy
supplied. Given that MD is a thermal-driven operation the trans-membrane flux and thus,
the productivity (defined as the amount of produced permeate) depends not only on the
membrane properties but also on the thermal efficiency (e.g., temperature established at
the membrane surface for water evaporation). Therefore, an improvement of thermal
energy use during the operation is crucial. In MD thermal losses into the environment
through the pipelines and the membrane module can occur. Furthermore, the permeate
acquires the heat of condensation of the water vapor. If not recovered, this is another step
where the heat supplied is lost. The thermal losses to the outside can be decreased by a
proper insulation of the circuit and of the module, and choosing low-conductive materials
will also assist in their realization. Concerning the heat recovery from the permeate, the
use of a heat exchanger in which the feed is pre-heated while the permeate is cooled, as
well as the design of modules with internal heat recovery are possible solutions [4–10]. In
addition to the reduction of heat losses, the energy efficiency of MD is also based on the
minimization, especially at the feed side, of the temperature polarization which consists
of the temperature gradient created between the bulk of the stream and the membrane
surface. For an optimal evaporation process, it is desirable to have the membrane surface
at the same temperature as the bulk, so as to effectively use the warm stream. However,
the membrane temperature is often lower than that of the bulk, due to the heat transfer
resistance offered by the boundary layer (Figure 1), therefore, the water evaporation is
lower than that achievable at the feed bulk temperature. Moreover, during the MD process,
the temperature at the membrane surface further decreases because of the evaporative
cooling of the water in contact with the membrane.

Figure 1. Temperature difference at the feed side, due to the boundary layer resistance.

An increase of the feed flow rate and/or the realization of modules with baffles/turbulence
promoters could enhance the turbulence inside the module, thus reducing the boundary
layer resistance [11–14]. However, pressure drops must be carefully controlled, in order
to not overcome the liquid entry pressure value of the membrane with a consequent
wetting of micropores. On the other hand, the temperature reduction caused by the water
evaporation could not be avoided by the above strategies. Recently, the possibility of
applying localized heating was investigated as a new approach to enhance the thermal
performance of MD through the reduction of the temperature polarization at the feed side.
In particular, both the heating inside the module and the direct heating of the membrane
surface were studied. In the first case, heat was supplied to the module, without changing
the membrane properties, while in the second case the membrane itself was also modified.
Both approaches had the aim of increasing the temperature of the feed at the membrane
surface, thus enhancing the water evaporation and the permeate production. By acting on
the temperature close to the membrane surface, the cooling effect of the evaporation can
also be better compensated. Solar and electrical energy sources were used to provide heat.
Research in the field has significantly increased in last years and in this contribution, the
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main experimental activities carried out on localized heating are presented and discussed.
Future research needs are also underlined.

2. Basic Indicators in Membrane Distillation

The performance of membrane distillation can be evaluated in terms of some spe-
cific indicators (well-known and conventionally used in MD), like the water vapor trans-
membrane flux, which is linked to the process productivity, the temperature polarization
factor, which takes into account the difference between the feed temperature in the bulk
liquid and at the membrane surface, as well as the indicators linked to the energy consump-
tion of the process and to the thermal energy use for evaporation. When solar irradiation
is employed for localized heating another indicator, solar efficiency, is introduced. In the
following section, definitions and main equations to be used are reported.

Permeate flux (J)

The distillate flux J is calculated using the following equation:

J =
m

Amb·t (1)

where:

J = distillate flux (L·m−2 h−1) or (kg·m−2 h−1);
m = mass of distillate produced (kg);
Amb = membrane area (m2);
t = time (h).

High permeate fluxes are desired to ensure high productivities (high permeate pro-
duction) of the system.

Temperature Polarization Factor (TPF)

The TPF (temperature polarization factor) is defined as:

TPF =
Tm

f

Tb
f
× 100 (2)

where:

Tm
f = membrane surface temperature at the feed side (◦C);

Tb
f = bulk temperature of the feed (◦C).

TPF < 1 indicates that the temperature at the membrane surface is lower than that
of the feed bulk. This implies that the evaporation occurs at a lower temperature, with a
consequent lower permeate flux.

Specific Energy Consumption (SEC)

SEC is defined as the amount of total energy supplied (thermal and electrical) with
respect to the produced distillate (kW·kg−1). In a formula:

SEC =
QT
m

(3)

where:

QT = total energy supplied (kW);
m = mass of distillate produced (kg).

Low SEC values are desired to work with low energy consumptions and high produc-
tivities of the system.

Gain Output Ratio (GOR)
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GOR is a key performance indicator which shows the relation between the energy
needed for the feed evaporation and the overall thermal energy supplied. In a formula:

GOR =
md ·ΔH

QH· (4)

where:

md = distillate flow rate (kg·h−1);
ΔH = enthalpy of vaporization (kJ·kg−1);
QH = overall thermal energy supplied (kJ·h−1).

A GOR > 1 indicates a good use of the heat supplied. Its value depends on the
membrane and module properties, on the operating conditions, and on the heat recovery
systems adopted. At lab scale a GOR < 1 is often registered [15], while at a larger scale a
value > 10 can be obtained.

Solar Efficiency

The solar efficiency of the process is defined as the ratio between the energy used for
water evaporation and the overall solar irradiance. In formula [16]:

Solar E f f iciency =
J·ΔH

I
(5)

where:

J = distillate flux (kg·m−2·s−1);
ΔH = enthalpy of vaporization (kJ·kg−1);
I = incident light intensity (kJ·m−2·s−1).

High solar efficiencies are desired to effectively use the solar irradiance supplied to
the system.

3. Localized Heating with Modified Membranes

Membranes were modified in order to make themselves “heating units” inside the
modules. Modifications were carried out on the membrane surface only, as well as on the
whole membrane structure. Depending on the type of membranes produced, both solar
and electrical energies were supplied, so as to warm up the membrane and to enhance
the water evaporation (Figure 2). In the following part, the main information on the type
of membranes prepared, experimental tests, and improvements obtained with respect to
traditional MD are reported. The most relevant results are summarized in Tables 1 and 2.

Figure 2. Modified membranes under (a) irradiation, (b) electrical field, and (c) temperature difference
at the feed side.
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3.1. Electrical Heating on Modified Membranes

Song et al. [17] employed a nichrome resistance wire (NRW) inside a polyvinylidene
fluoride (PVDF) hollow fiber membrane (HFM) to realize an electro-thermal PVDF/NRW
HFM module with an effective area of 20.17 cm2. The experimental tests were carried out
using a 3.5 wt% NaCl aqueous solution as feed and the vacuum membrane distillation
(VMD) configuration (vacuum pressure: −0.04 MPa). The feed was heated up to 70 ◦C by
a hot water bath. When a low direct current of 0.15 A was applied, a 2.5-fold increase of
the permeate flux was measured with respect to that obtained without the application of
electrical current.

A high-quality hexagonal boron nitride (hBN) nano coating was coated on stainless-
steel wire cloth (SSWC), and the obtained hBN-SSWC was successively attached to a
commercial PVDF membrane by Zuo et al. [18], to create a Joule heater in MD (SHMD
surface heating membrane distillation). The flat SHMD module had a membrane area of
1.6 cm2 and by starting with a 100 g/L NaCl feed a high-concentrated brine of 302.9 g/L
was obtained, corresponding to a 67% single pass-recovery with a percentage of input
energy utilized to produce vapor of 57%, when the energy input was 50 kW·m−2. The long-
term stability of the membrane was also assessed for 100 h of operation and a spiral-wound
SHMD module was produced with a percentage of input energy utilized to produce vapor
of 79.1% and 875.8 kW·m−3 of energy consumption without heat recovery.

Dudchenko et al. [19] realized a stable dual-layer structure with hydrophilic–hydrophobic
characteristics through the deposit of CNT (carbon nanotube)–PVA (polyvinyl alcohol)
films onto a hydrophobic polytetrafluoroethylene (PTFE) membrane (area of 450 cm2).
By supplying a current, the high temperature reached at the membrane surface allowed
single-pass recovery up to 100% during MD desalination tests to be registered. A GOR of
0.55 was obtained and no degradation of the CNT deposit was observed.

To cover the situations in which the solar intensity is not at the desired value (e.g.,
cloudy days), photothermal and Joule heating MD were coupled by using a composite
membrane made of three layers: a bottom PVDF layer, a middle multi-walled carbon nan-
otube (MWCNT) layer, and a top polydimethylsiloxane (PDMS) layer [20]. The module’s
upper part had a transparent optical glass window to allow irradiation by sunlight, while
the electricity was supplied through an alternating-current power source. In the bottom
part, a condensation chamber was used to condense the vapor. The combined inputs of
solar and electric energy allowed it to work under a constant total power. Interestingly, at
the same input-power density, the Joule heating MD led to higher feed-water temperatures
than the solar energy with consequent higher trans-membrane fluxes. To further optimize
the performance of the Joule heating MD, Huang et al. [21] investigated different strategies.
First of all, the feed was not recirculated but kept in the upper part of the cell, so as to
heat just the water close to the membrane rather than the whole stream. By acting on
the power supply and on the conductive layer area it was possible to further increase the
temperature for the evaporation. Moreover, a three-level heat recovery design, where the
condensing heat of the upper level was recovered by the feed stream of the lower level, was
studied. In this case, only the first level contained the PDMS/MWCNT/PVDF membrane
and underwent electrical energy supply, while the second and the third levels were only
equipped with PVDF membranes. By moving from a single-level to a three-level system,
the water flux increased by 2-fold with a GOR of 1.89.

Ahmed et al. [22] prepared an electrically conductive carbon nanostructure (CNS)
coated polypropylene (PP) membrane and tested it in a direct contact membrane distillation
(DCMD) configuration (membrane area, 22.5 cm2) with and without applying current, while
the circulating feed was externally heated. At 60 ◦C, the electrical current supply led to a
61% increase of flux (22.9 vs. 14.2 kg·m−2 h−1) and to a reduction of the specific energy
consumption higher than 50% (1.7 vs. 3.7 kW·m−3).

In the study of Li et al. [23] a new methodology that used a composite RGO (reduced
graphene oxide)-PTFE (polytetrafluoroethylene) membrane for reverse Joule heating air
gap MD (AGMD) was presented. In particular, the layer of RGO Joule heating was located
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at the air gap side and the contact with the feed brine, which could cause water splitting
and RGO degradation in saline environments, was prevented by the PTFE membrane.
A membrane module of 29.65 cm2 was used to carry out the experiments and it was
demonstrated that the permeate flux was kept stable during 115 h of testing at a value
around 1 (as normalized flux), indicating that the RGO layer had good stability.

Subrahmanya et al. [24] tested a graphene-PVDF flat membrane Joule heater for VMD
desalination. The graphene and PVDF content were varied from 10 to 25% and from 1 to
10%, respectively, with respect to the solvent N-Methyl-2-pyrrolidone (NMP). Desalination
tests were carried out with a module of 778.54 mm2 membrane area and best results were
obtained for the graphene 2.5-PVDF1 membrane, working at the lowest feed flowrate
(1 mL/min) and with an energy supply of 2 W, for which a temperature of 56 ◦C was
registered on the membrane surface and the GOR was 5.72.

Metallic (stainless steel—SS) hollow fiber membranes were coated or impregnated
with PDMS and used in sweep gas membrane distillation (SGMD) for water evaporation
tests under electrical heating [25]. The membrane area at the lumen side, where dry air
flowed, was 140 cm2 and experiments were carried out at different water inlet temperatures.
In all tests, by supplying electrical energy, water evaporation flux enhancement factors
were registered, ranging from 1.1 to 1.4.

Anvari et al. [26] have studied a new IH (induction heating)-VMD system based
on a ‘self-heating’ composite membrane realized by spraying a coating of iron oxide-
carbon nanotubes on a hydrophobic PTFE commercial membrane. The induction heating
allowed the membrane surface to heat in a contactless mode. The membrane module
(32 cm2) was made of nylon and was used for both IH-VMD and traditional VMD tests
(with a commercial unmodified PTFE membrane) in the same operating conditions. For a
35 g/L NaCl feed, the IH-VMD system led to an 8-fold higher trans-membrane flux (4 vs.
0.5 kg·m−2 h−1) and to a 6-fold lower specific energy consumption (197 vs. 1202 W·kg−1).
The GOR was 3.45.

3.2. Irradiation Heating on Modified Membranes

The studies of Politano et al. [27,28] illustrated a plasmonic photothermal MD process
that employed asymmetric PVDF flat-sheet microporous membranes in which metallic Ag
NPs (nanoparticles) were incorporated in variable percentages (from zero to 25%). The
authors carried out tests using the VMD configuration with a UV lamp (with a wavelength
of 366 nm) to irradiate 21.24 cm2 of membrane area through a quartz window. The best
results were obtained with a 25% Ag NPs load: for a 0.5 M feed solution at an initial
temperature of 303 K, the bulk temperature was increased by about 4 K, the trans-membrane
flux (25.7 kg·m−2 h−1) was 9-fold higher than the corresponding value for the unloaded
membrane, while the temperature polarization factor (TPF) moved from 98.25% (unloaded
membrane) to 106.5%, due to the interface temperature being higher than that in the bulk.

Ag photothermal nanoparticles (Ag NPs) were also incorporated in different amounts
into a hydrophobic PVDF nanofibrous membrane by Ye et al. [16] to carry out tests of
ultraviolet light driven DCMD. The electrospinning technique was applied and an effective
membrane area of 12 cm2 was located inside a module with a quartz window. The best
performance was reached with the membrane containing 20 wt% Ag NPs, leading to the
highest flux and solar efficiency (53%) during 60 h of testing.

A mixed matrix of hydrophobic photoactive membrane was prepared by Pagliero et al. [29]
by dispersing carbon black (CB) in a PVDF dope solution and using NIPS (non-solvent
induced phase separation) as a preparation technique. Then, VMD tests were carried out
on a 30 cm2 membrane area located in a membrane module made of PMMA (transparent
polymethylmethacrylate) which was irradiated. The best performances were obtained with
the membrane containing 7.5 wt% CB, with a 2-fold increase of the trans-membrane flux
with respect to the pristine PVDF membrane (2.3 vs. 1 kg·m−2 h−1).

Dongare et al. [30] used CB NPs for the preparation of a photothermal membrane
consisting of two layers: a hydrophilic polyvinyl alcohol (PVA) coating, with a thickness
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of 25 μm, deposited onto a commercial PVDF membrane. Tests were carried in a DCMD
configuration (countercurrent mode) sending at the feed side a 1% NaCl solution, whereas
at the distillate side flowed deionized water. A quartz window (3.3 cm × 6.8 cm) allowed
the irradiation of the membrane at the feed side without additional heat sources, leading to a
solar efficiency of over 20%. When compared with the traditional MD, at parity of operating
conditions, a higher flux was obtained at low feed velocity (0.3 vs. 0.05 kg· m−2 h−1).

Said et al. [31] carried out tests with a membrane prepared by directly coating function-
alized CB NPs on a commercial hydrophobic PTFE membrane. The membrane module had
an area of 0.17 m2 and was equipped with a transparent window of durable Plexiglas. A
polycrystalline solar panel was used to supply energy and in cloudy conditions a reduction
of the experimental flux was registered (0.12 kg·m−2 h−1 at 88 W·m−2) with an average
value of 0.55 kg·m−2 h−1.

Wu et al. [32] used PVDF membranes coated with CB NPs or SiO2/Au for direct solar
DCMD tests on a 28.3 cm2 membrane area, which was irradiated through a quartz window
with simulated sunlight obtained using six halogen tungsten lamps. Ultrapure water was
sent at the cold side and 1% NaCl solution at 35 ◦C was used as the feed. The sample with a
CB coating density around 0.14 g m−2 led to the highest permeate flux with a 15% increase
with respect to that achieved in tests without irradiation.

A CB NPs-coated PVDF membrane (25 cm2) was developed and used by Tanvir et al. [33]
in a passive, single-stage, permeate-side-heated solar MD unit. In this case, the feed filled
a bottom chamber and was in contact with the PVDF side of the membrane while the CB
coating was irradiated. The evaporated water was condensed at the top side in a condensing
chamber equipped with a reflective cover. Seawater, canal water, and wastewater were
treated, and initial fluxes were 1.48, 1.34, and 1.32 kg·m−2 h−1, respectively. Corresponding
operating time were 32, 18, and 10 days, after which, wetting was observed due to scaling,
organic fouling, and the presence of surfactants, respectively. Interestingly, the produced
permeates were of high-quality, but contained dichloromethane and methyl ethyl ketone,
probably originating from the acrylic cement used for fixing the system. Under natural
sunlight (652 W·m−2) the energy efficiency was 67.5%.

In the work of Chen et al. [34] a PVDF membrane surface was coated by 1H,1H,2H,2H-
Per-fluorodecyltriethoxysilane (FAS17) modified CB NPs, in order to combine the pho-
tothermal activity of CB NPs with omniphobic properties conferred by the presence of
the fluorinated species. DCMD desalination tests were carried out on a flat membrane
(31 cm2), which was located in a module and was irradiated through a quartz window.
The feed was sent to the module at 35 ◦C. Under irradiation, the composite membrane
led to a 25% increase in flux with respect to the pristine PVDF (3.19 vs. 2.56 kg·m−2 h−1).
Moreover, when compared with traditional DCMD (without irradiation) a 55.6% increase
of the input energy used to produce fresh water was registered. Tests with a model surfac-
tant solution of sodium dodecyl sulfate (SDS) confirmed the omniphobic character of the
produced membrane. The membrane was not affected by wetting in all the concentration
ranges investigated (0.1–0.4 mM), while the PVDF membrane started to be wetted by the
0.2 mM SDS feed. This result is quite interesting for the treatment of wastewaters contain-
ing detergents, soaps, and surfactants, for which typical MD membranes suffer from loss
of hydrophobicity.

Gong et al. [35] worked with a multilevel-roughness membrane by immobilizing a
nanoparticle-assembled superstructure on a nanofibrous membrane. The particular mem-
brane structure was obtained spraying a FTCS (fluorododecyltrichlorosilane)-CB (carbon
black) suspensions at different concentration values (the optimal percentage was 2.0%) on
a PVDF membrane. The DCMD configuration was used to carry out the experimental tests
with natural seawater and oil-contaminated solutions as feed, and illumination was pro-
vided though a quartz window. During 48 h of testing, membrane stability and antifouling
behavior were assessed, with solar efficiencies ranging from 55 to 67% for illuminations of
1 kW·m−2 and 10 kW·m−2, respectively.
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In the study of Wu et al. [36] a polydopamine (PDA)—coated PVDF membrane was
employed in a solar-driven membrane distillation process. The PDA-PVDF membrane
was subjected to a treatment of fluoro-silanization (FTCS-PDA-PVDF membrane), to in-
crease its hydrophobicity, and was used in DCMD tests on a 0.5 M NaCl solution. Under
0.75 kW·m−2 and 7.0 kW·m−2 irradiation, the FTCS-PDA-PVDF membrane led to a corre-
sponding trans-membrane flux 5-fold (0.49 vs. 0.09 kg·m−2 h−1) and 19-fold higher (4.23 vs.
0.22 kg·m−2 h−1) than that of the FTCS-PVDF membrane. Moreover, a solar efficiency of
45% and 41% were registered, under 0.75 kW·m−2 and 7.0 kW·m−2 irradiation, respectively.

Ghim et al. [37] developed a membrane by using the spray-coating with deposition of
graphene onto a hydrophobic PTFE membrane with polymerized dopamine (PDA) and
trichloro (1H,1H,2H,2Hperfluorooctyl) silane (FTCS). The FTCS-PDA/graphene/PTFE
membrane was used in the first (upper) layer of a multi-layer stacked membrane module
with air gaps, realized to recover the latent heat of vaporization, while the other layers were
equipped with PTFE membranes. During tests, the feed (a salty solution) was stagnant
(3 mm thick) to reduce heat losses. With four recovery layers and under 0.75 kW/m2 of
irradiation, a 105% solar efficiency was registered.

Huang et al. [38] used photothermal PVDF/ATO (antimony doped tin oxide) hybrid
nanofiber membranes in VMD tests. The feed was sent to the module at 70 ◦C, using
an external heater. When the membrane area of 19.63 cm2 was irradiated at the highest
ATO percentage (5%) a 3-fold increase of flux was registered with respect to that achieved
without irradiation, sending a salty solution as feed (27 vs. 8 kg·m−2 h−1).

A membrane with photothermal characteristics using TiN (titanium nitride) NPs, capa-
ble of absorbing sunlight and converting it into energy, was developed by Zhang et al. [39].
The support was a PVDF flat-sheet membrane, and the technique used to produce the
membrane consisted of a facial two-step method: electrospun onto PVDF membrane of
a TiN/PVA suspension and crosslinking of this PVA layer. The produced membrane had
an area of 19.625 cm2 and was tested in AGMD on salty solutions. The best results were
achieved with the 10 wt% TiN NPs, with a solar efficiency of 64%, and an increase of 65.8%
in flux (0.94 vs. 0.57 kg·m−2 h−1) with respect to the PVDF membrane. Moreover, the
TPC increased from 95.90% (PVDF) to 97.21% and the membrane was stable after 240 h
of testing.

The performance of a Fe3O4/PVDF-HFP (co-hexafluoropropylene) membrane with
high porosity in solar MD desalination, was studied by Li et al. [40]. The tests were
carried out with a membrane area of 37.5 cm2 under different irradiations for both the
composite and the pristine PVDF membrane. At 1 kW·m−2 and 3 kW·m−2 irradiation
values, the composite membrane showed a permeate flux 4 (0.97 vs. 0.26 kg·m−2 h−1) and
6 (2.9 vs. 0.48 kg·m−2 h−1) times higher than the PVDF-HFP one. The corresponding solar
efficiencies were 53% and 59%, respectively. The prepared membrane was stable in 10 days
of testing and showed interesting performance also as a pilot scale (at 3 kW·m−2, a flux of
about 22 kg·m−2 h−1 was registered).

Huang et al. [41] prepared a PDMS/CNT/PVDF trilayer membrane. Desalination
MD tests were carried out in a two-level device (16 cm2 membrane area) where the top
level contained the trilayer membrane in contact with the feed, which was covered with
glass for the irradiation. The second level was equipped with a PVDF membrane and used
the heat from the permeate produced in the first level for heating the feed. Both levels
had condensation chambers to condense the water vapor. A higher productivity than the
pristine PVDF, linked to the photothermal activity of the trilayer membrane, was observed
for tests carried out on only one level (the top one). In this case, a 2.4-fold increase in flux
was measured (0.37 vs. 0.89 kg·m−2 h−1), while the solar efficiency was 24.7% and 59% for
the PVDF and the trilayer membrane, respectively.

Han et al. [42] developed, for the first time, a bio-derived membrane to be used in solar
driven MD. Eggshell was the starting material from which a carbonized eggshell membrane
(cESM) was produced and functionalized with carbon nanotubes (cESM-CNTs). When used
under irradiation in DCMD tests on salty solutions at different concentrations, a stable trans-
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membrane flux was obtained (2.52 times higher than that of the PVDF membrane −1.11 vs.
0.42 kg·m−2 h−1) with a solar efficiency greater than 75.6% (vs 31.5% of the PVDF).

Tan et al. [43] used MXene as a coating on a PVDF membrane together with PDMS, to
confer both photothermal and anti-fouling characteristics. DCMD tests in counter-current
flow mode were carried out on a feed containing 200 mg/L bovine serum albumin (BSA)
and 10 g/L NaCl. The membrane area was 37 cm2 and was placed into a module made of
acrylic. Tests were carried out by recirculating the feed at 65 ◦C. In prolonged tests (21 h), a
reduction of 12% of the heat energy input per unit volume distillate and around 60% of the
flux decline was registered, with respect to the uncoated membrane.

MXene was coated also onto commercial PTFE membranes by Mustakeem et al. [44]
and tested as a self-heating source using only irradiation. The DCMD membrane module
was in acrylic, housed 25 cm2 of membrane area, and was tested on salty solutions at
different concentrations. The best performances were obtained at the lowest feed concen-
tration (0.36 g/L), at which a solar efficiency of 65.3% was registered. By increasing the
feed salinity, both the vapor flux and the solar efficiency decreased, due to the higher salt
amount on the MXene nanosheets which provoked a scattering of the incident light, with a
consequent lower temperature at the membrane surface. Already at 10 g/L, the vapor flux
decreased by ca. 40%, while the photothermal efficiency was around 38%.

Table 1. Electrical heating on modified membranes (best results).

Heating/Membrane
Material

MD Configuration Feed Energy Supply
Flux

(kg·m−2 h−1)
SEC

(kW·kg−1)
Refs.

NRW/PVDF VMD 3.5 wt% NaCl 3.15 W 14 11.86 a [17]

hBN-
SSWC/PVDF DCMD 100 g/L NaCl 1–50 0.32–42.7 * calc: 3–1.17 [18]

CNT-PVA/PTFE DCMD 100 g/L NaCl 50 W 7.5 1.25 [19]

PDMS-
multiwalled CNT
(MWCNT)/PVDF

Distillation with
condensation

chamber
3.5 wt% NaCl 0.4–1.6 W 0.24–1.1 n.a. [20]

PDMS-
multiwalled CNT
(MWCNT)/PVDF

Three-level
distillation with

condensation
chamber

3.5 wt% NaCl 1.6 W 2.77 0.36 [21]

CNS/PP DCMD 10 g/L NaCl 50.4 W 22.9 1.7 a [22]

RGO/PTFE AGMD 35 g/L NaCl 5.5 W 1.1 n.a. a [23]

Graphene/PVDF VMD 3.5 wt% NaCl 2 W 23.44 0.11 [24]

SS-PDMS SGMD Water 12 W 0.11 n.a. a [25]

Fe-CNT/PTFE ** VMD 35 g/L NaCl 0.781 kW·m−2

(2.46 W)
4 0.2 [26]

* calculated as the ratio between the Energy Supply for electrical localized heating (kW·m−2) and the Flux
(kg·m−2 h−1). ** Induction heating. a external heated feed.
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Table 2. Irradiation heating on modified membranes (best results).

Heating/Membrane
Material

MD Configuration Feed
Energy Supply

(kW·m−2)
Flux

(kg·m−2 h−1)
SEC *

(kW·kg−1)
Refs.

Ag/PVDF VMD 0.5 M NaCl 23 25.7 0.90 a [27,28]

Ag/PVDF DCMD 3.5 wt% NaCl 3.2 2.5 1.28 [16]

CB/PVDF VMD Deionized
water 0.675 2.3 0.29 [29]

CB-PVA/PVDF DCMD 1 wt% NaCl 0.7 0.3 2.3 [30]

CB/PTFE VMD 40 g/L NaCl 0.088–1 0.12–0.77 0.73–1.30 [31]

CB or
SiO2-Au/PVDF DCMD 1 wt% NaCl 1.37 6.12 0.22 a [32]

CB/PVDF
Permeate-side-

heated solar
MD unit.

Seawater, canal
water,

wastewater
1.8 1.48, 1.34, 1.32 1.21, 1.34, 1.36 [33]

FAS17-CB/PVDF DCMD 35 g/L NaCl 1 3.19 0.31 a [34]

FTCS-CB/PVDF DCMD seawater 1–10 0.78–9 1.28–1.11 [35]

FTCS-PDA/PVDF DCMD 0.5 M NaCl 0.75–7 0.49–4.23 1.53–1.65 [36]

FTCS-PDA-
graphene/PTFE AGMD 0.5 M NaCl 0.75 1.17 0.64 [37]

ATO/PVDF VMD 3.5 wt% NaCl n.a. (100 W
power) 27 n.a. a [38]

TiN-PVA/PVDF AGMD 35 g/L NaCl 1 0.94 1.06 [39]

Fe3O4/PVDF-
HFP DCMD 3.5 wt% NaCl 1–3 0.97–2.9 1.03 a [40]

PDMS/CNT/PVDF
Two-level distillation

with condensation
chamber

3.5 wt% NaCl 1 1.43 0.7 [41]

PDMS-
multiwalled CNT
(MWCNT)/PVDF

Distillation with
condensation

chamber
3.5 wt% NaCl 0.25–1 0.13–0.92 1.92–1.09 [20]

cESM-
CNTs/PVDF DCMD 2.9–35 g/L

NaCl 1 1.11 0.90 [42]

MXene/PVDF DCMD 200 mg/L BSA
in 10 g/L NaCl 5.8 10 0.58 a [43]

MXene/PTFE DCMD 0.36 g/L NaCl 1 0.77 1.30 [44]

* calculated as the ratio between the Energy Supply for irradiation (kW·m−2) and the Flux (kg·m−2 h−1). a external
heated feed.

3.3. Some Remarks

Localized heating of modified membranes was mainly investigated for the treatment
of salty solutions. While fluxes and energy efficiency varied for the different studies,
salt was always well rejected, leading to a purified permeate. Flat membranes were
mainly developed (often starting from PVDF as pristine membrane material), and small
membrane areas were often tested in lab-scale MD experiments. A direct comparison of
the main results achieved is not easy, as they depend on various factors, such as the MD
configuration, module design and operating conditions (energy supply, external heating
of the feed, feed flow, etc.). Nevertheless, all studies confirmed the improvement of
flux and the reduction of the energy consumption due to the higher temperature at the
membrane surface. The electrical heating of modified membranes flux ranged from 0.11 to
42.7 kg·m−2 h−1, with SEC varying from 0.11 kW·kg−1 to 11.86 kW·kg−1 kg. For the
irradiated modified membranes, flux and SEC ranging from 0.12 to 25.7 kg·m−2 h−1 and
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from 0.22 to 2.3 kW·kg−1, respectively, were registered. It was demonstrated that, at
the same input-power density, the Joule heating MD is able to lead to higher feed-water
temperatures than the solar energy, with consequent higher trans-membrane fluxes. The
combination of electrical and solar heating can also be an interesting option to cover the
periods with low solar radiation (e.g., cloudy periods). When comparing photothermal
membranes to conductive ones, it must be noted that it is necessary to act both on the
membrane preparation step and on the module design in order to allow the irradiation of
the membrane surface. Thus, an extra step is present for their testing in MD applications
(see Figure 3).

 

Figure 3. Main steps for localized heating on modified membranes.

4. Localized Heating Inside the Module

Different strategies were developed to heat the feed inside the module-self, through
the supply of solar or electrical energy. In this case, commercial membranes were directly
used without modification. In the following section, the main information on the type of
module developed, experimental tests, achievements, and improvements obtained with
respect to traditional MD heating (bulk feed heating) are reported. The most relevant
results are summarized in Table 3, while Figure 4 depicts the investigated approaches.

Photothermal nanofluids are known to be able to absorb solar radiation and to trans-
form solar energy into heat. A possible way to improve the solar energy use inside the
module is to employ these materials in the feed of a solar powered membrane distillation
(SPMD) process. This approach was investigated by Zhang et al. [45], who studied the
effect of TiN (titanium nitride) NPs in AGMD tests on salty solutions. To minimize heat
losses, the feed was kept static on the membrane surface (PVDF, 19.625 cm2 membrane
area) which was irradiated through a quartz window. The TiN content was varied, and the
highest flux was obtained at 100 mg/L TiN. Under 1 kW·m−2 irradiation, a 57.4% increase
of the solar energy utilization efficiency (50.5% vs. 32.1%), together with a 57% increase of
flux (0.74 vs. 0.47 kg·m−2 h−1), were registered with respect to the use of a base fluid (salty
aqueous solution).

Schwantes et al. [46] proposed a configuration, named the feed gap air gap membrane
distillation (FGAGMD), in which the feed was heated inside the module through a polymer
film in contact with a heating stream while the permeate side worked with the traditional
air gap configuration. The authors developed two plate and frame modules equipped
with PTFE membranes (single module membrane area: 8 m2) to which a salty feed (at
various concentrations) was sent. With respect to the traditional spiral wound AGMD
module, a 155 g/L NaCl feed in the new system led to a 9% improvement in flux (1.2 vs.
1.1 kg·m−2 h−1), a 15-fold higher recovery ratio (45 vs. 3%), and a 9% higher thermal
efficiency (50 vs. 46%), defined as the ratio between the energy needed for the feed
evaporation and the overall heat transported into the module, while the GOR was lower
(1.1 vs. 1.4).
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A multi-stage membrane distillation (MSMD) module integrated on the backside of a
commercial solar cell, so as to use the waste heat of the solar cell as heat source for MD,
was realized by Wang et al. [47]. The module contained hydrophobic electrospun porous
polystyrene (PS) membranes with a membrane area of 16 cm2. Each stage consisted of a
top thermal conductive layer (to transfer the heat to the liquid feed), a hydrophilic porous
layer (where the evaporation occurs), a hydrophobic porous layer (through which the
water vapor is transported), and a condensation layer (where the water vapor condensed).
The first stage received heat from the solar panel, while in the others, the liquid water
was warmed up by the latent heat of water vapor released during the condensation. With
seawater as feed, by working in static conditions, the flux was slightly higher than in
the configuration with feed cross-flow, due to a lower heat loss (see Table 3 for values).
However, salt accumulation in the device was observed, and washing cycles were needed.

Mustakeem et al. [48] compared the traditional DCMD configuration with three types
of localized heating: localized heating cross-flow (LHCF), localized heating dead-end
(LHDE) with no feed circulation, and localized heating dead-end with intermittent feed
channel flush (LHIF). In all cases, the membrane was in PTFE and the membrane area was
213 cm2. The localized heating was realized locating a heating coil close to the membrane
surface. In the LHCF design, the feed (Red Sea water) was re-circulated, while in the LHDE
and LHIF designs, the feed filled the module by gravity. In all cases, higher flux (from
10.2 to 75%) and GOR (from 78 to 150%) and lower specific energy consumption (from
44 to 57%) than the DCMD configuration were obtained, with the LHIF design showing
the best efficiency, due to the coupling of the low heat losses to the low fouling of the
membrane surface. Specifically, the flux increased from 5.6 kg·m−2 h−1 (conventional
DCMD) to 6 kg·m−2 h−1 (LHCF), 7.2 kg·m−2 h−1 (LHDE), and 9.8 kg·m−2 h−1 (LHIF);
the GOR moved from 0.24 (conventional DCMD) to 0.6 (LHIF); the SEC decreased from
2762 kW·m−3 (conventional DCMD) to 1183 kW·m−3 (LHIF).

Table 3. Localized heating inside the modules (best results).

Heating Type
MD

Configuration
Feed

Energy Supply
(kW·m−2)

Flux
(kg·m−2 h−1)

SEC
(kW·kg−1)

Refs.

Photothermal
nanofluid (TiN) AGMD 35 g/L NaCl 1–5 0.74–2.77 * 1.35–1.8 [45]

Heating with a
heating solution

through a
polymer film

FGAGMD 155 g/L NaCl n.a. 1.2 n.a. [46]

Solar
cell-Photovoltaic

panel
Three-stage MD 3.5 wt% NaCl 1

1.71
(dead-end)-1.65

(cross-flow)
* 0.58–0.61 [47]

Heating coil in
the module LHIF Red seawater 1 kW 9.8 1.18 [48]

Aluminum layer SHVMD-3 35 g/L NaCl n.a. 9 1.17 [49]

Aluminum layer
and aluminum

meshes
VMD 100 g/L NaCl 25 W 7.6 0.87 [50]

Pt-MBT@Ag
NSs/NF spacer DCMD 0.5 M NaCl 0.8 3.6 2.5 [51]

Pt-Ni foam spacer DCMD 5 g/L NaCl 50 W 13 2.8 ** a [52]

P-G-Nifoam
light absorber SVGMD 3.25–16.70 wt% NaCl

Oil-contaminated water
1
1

1.13–0.96
1.07

* 0.88–1.04
* 0.93 [53]

* calculated as the ratio between the Energy Supply for localized heating (kW·m−2) and the Flux (kg·m−2 h−1).
** heater input energy per produced distillate. a external heated feed.
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Figure 4. Investigated approaches for heating the feed inside the module through the use of (a) pho-
tothermal nanofluids, (b) a heating solution, (c) solar cells, (d) heating coils, (e) thermal conducting
layers, (f) metallic spacers and (g) light absorbers.

Han et al. [49] used aluminum shim as thermal conducting layer in VMD desalination.
Three different locations of the shim inside the cell were investigated: into the feed channel
(SHVMD-1), close to the membrane surface (SHVMD-2), and both into the feed channel
and close to the membrane (SHVMD-3). A hydrophobic PTFE membrane with an effective
area of 40 cm2 was used. The SHVMD-2 and SHVMD-3 designs were proven to be the most
efficient ones, leading to flux values of 7 kg·m−2 h−1 and 9 kg·m−2 h−1, respectively, with
corresponding SEC values of 1.1 kW·kg−1 and 1.17 kW·kg−1. A reduction of 20% in SEC at
the expense of less than 10% flux reduction can be obtained through intermittent heating.

Aluminum layer and aluminum meshes were located inside a module equipped with
a PP membrane (40 cm2), to supply localized heat, by Wang et al. [50]. VMD tests were
carried out on a salty feed with different direct heating configurations: aluminum layer in
the feed channel, not in contact with the membrane; aluminum meshes in direct contact
with the membrane (at the feed or at the distillate side); aluminum layer in the feed channel
and aluminum meshes at the distillate side. The highest flux was obtained by combining
the aluminum layer and meshes (7.6 kg·m−2 h−1) with an SEC of 0.87 kW·kg−1, while the
lowest SEC was achieved by the mesh-only configuration (0.26 kW·kg−1) which led to a
flux of 3.5 kg·m−2 h−1.
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In order to overcome the issues of the membrane pore reduction and of the NPs loss
under feed recirculation, which are usually encountered when modifying the membrane
to heat it under solar irradiation, Ang et al. [51], created a plasmonic spacer to be used in
the module. It consisted of Pt NPs grown on a porous nickel foam (NF), an Ag NP coating,
and a nano-ligand (4,8-bis(methylthio)benzo [1,2-d:4,5-d0]bis [1,3]dithiole-2,6-dithione,
denoted as MBT) embedded at the Pt–Ag interface (Pt-MBT@Ag NSs/NF). The spacer was
located in direct contact with the membrane at the feed side and led to a 70% increase of the
distillate flux with respect to the pristine NF (3.6 vs. 2.1 kg·m−2 h−1), with a photothermal
efficiency of 98% under 0.8 kW·kg−1 irradiation.

Metal spacers (Ni and Cu foams) also coated with platinum nanosheets (Pt NSs)
photocatalyst were employed at the feed side of a membrane module (37.1 cm2) made
of clear acrylic, so as to allow the irradiation of the feed channel, by Tan et al. [52]. Tests
were carried out on a salty solution in DCMD mode with a PVDF membrane. During
experiments, the feed was recirculated at 65 ◦C using a hot plate stirrer. All metal spacers
led to similar fluxes of the traditional PP spacer. However, the heater input energy per unit
volume distillate of the PP spacer was the highest (4 kW·kg−1), while with the metallic
foams lower values were achieved (up to 21% lower, under irradiation, because of the
absorption of the heat from the light source), and further reduced (by 28%) when the
Pt-coated Ni foam spacer was used due to the photothermal conversion.

Gong et al. [53] showed a particular solar vapor gap membrane distillation (SVGMD)
process where a free-standing graphene-nickel foam with polymer coating (P–G–Nifoam)
was prepared and used to transport (via graphene nanochannels) the feed from a sink
where it was immersed. The feed was then evaporated under localized solar irradiation.
The produced vapor migrated through a gap and reached a PVDF membrane, which
blocked all microorganisms at one side and led to the final distillate at the other side. With
this system, the direct contact of the feed and the membrane was prevented, so fouling
issues were avoided. Tests were carried out on salty solutions at lab scale (membrane area
4 cm2) and on oil/water mixture in a scaled-up system (membrane area 21 cm2). In the
second application, while the feed water was lifted to the upper part, the oil was rejected
underwater, thanks to the superhydrophilic and underwater superoleophobic nature of the
light absorber. A high solar efficiency (73.4% at 1 kW·m−2) was obtained during tests on
salty water. When feeding oil-contaminated water, the TOC concentration in the distillate
was <2 mg/L, confirming that oil was effectively rejected. Obtained fluxes are listed in
Table 3.

Some Remarks

The heating of the fluid inside the module was obtained by following different strate-
gies, with the final aim of reducing the energy needed to heat the feed (no external heating
systems were used, except in one case study) and of increasing the temperature close to the
membrane surface, without acting on the membrane itself. PVDF and PTFE membranes
were mostly used and MD tests on salty solutions always rendered high-purity permeates.
The research addressed the employment of photothermal nanofluids, heating solutions,
solar cells, coils, and thermal conductive layers, as well as plasmonic spacers. A particular
system where a light absorber material was used in combination with a PVDF membrane
was also investigated. Typical membrane areas were in the range of 4–200 cm2, with mod-
ules up to 8 m2 developed when using heating solutions. As for the irradiated modified
membranes, in cases where photothermal elements are used inside the module, a window
for the irradiation must be designed at the feed side. When compared to conventional MD
modules, better performances were achieved. Flux and SEC ranged from 0.74 kg·m−2 h−1

to 13 kg·m−2 h−1 and from 0.58 kW·kg−1 to 2.8 kW·kg−1, respectively.

5. Concluding Remarks and Future Perspectives

Localized heating was investigated as a means of improving the thermal efficiency
of membrane distillation. In this respect, actions were made on the membrane properties
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and on the module design. Both solar and electric energy were considered for the energy
supply and, as a general result, improvements in trans-membrane flux and a reduction
of energy consumptions were achieved with respect to traditional MD systems. For ex-
ample, a comparison of the specific energy consumption of a localized heated MD, where
a silver membrane connected with an electrical source was used, and those obtained in
conventional MD configurations led to a significant difference (from 10,000–30,000 kJ·kg−1

of evaporate for localized heating versus 60,000–120,000 kJ·kg−1 for traditional DCMD
and 57,600–122,400 kJ·kg−1 for conventional AGMD) [54]. Interestingly, due to heating
close to the membrane surface in the investigated systems, the TPF could reach values
higher than 100%, while in conventional MD it is often significantly lower. However, the
higher temperature at the membrane surface could lead to the deterioration of thermolabile
molecules (e.g., proteins), which, when present in the feed need to be treated. Therefore,
it must be managed with care. To the best of our knowledge, no studies of localized
heating for treating feeds containing thermolabile compounds were carried out until now.
Nevertheless, this aspect deserves particular attention if the localized heating approach is
going to be applied in the food and beverage or pharmaceutical fields. Plasmonic spacers
and modified membranes, with enhanced hydrophobicity and antifouling properties, were
successfully prepared and tested mainly at lab scale. The use of solar energy is certainly a
sustainable choice; however, MD performance could be affected by an unstable freshwater
production during periods with low solar irradiation. Membranes with good photothermal
and Joule heating proved to be an interesting option to ensure a constant productivity,
while reducing the electrical energy consumptions linked to the Joule heating. On the other
hand, Joule heating could cause water splitting and membrane degradation in high-salinity
environments, thus, isolation of the electrothermal material from saline water must be con-
sidered. It has to be noted that when modifications are carried out on membranes/spacers,
an aspect of concern is the possible release in time of the heating materials used, with a con-
sequent reduction of the system efficiency together with a pollution of the feed stream. In
addition, the life time of these materials must be investigated, as well as the most appropri-
ate strategies to reduce fouling issues without affecting the membranes/spacers properties.
Commercial membranes without modification were also tested when the localized heating
was made inside the module. Both localized heating strategies (acting on the membrane or
acting on the module) increase the complexity of the MD plant, due to the need of specifi-
cally designed modules (especially for solar irradiation tests) and of systems for an efficient
energy supply, like external electric circuits or the use of a lens to collect and concentrate
solar energy. Moreover, for modules to be used under irradiation, flat membranes must
be employed, with consequent reduction of the module compactness. Therefore, although
encouraging results were obtained in both localized heating strategies, it is too early to
make a clear choice among the tested MD units. Research is still at the first stage and
further optimizations are needed in terms of type and amount of material to be used in
membrane/spacer modification, power intensity, inclination of the unit to enhance solar
irradiation, feed flow rate, etc. For instance, it was demonstrated that better efficiencies
can be obtained without re-circulating the feed, so as to reduce the energy consumption
for heating and the heat losses along the circuit. However, strategies to minimize fouling
must be conceived (e.g., intermittent flushing). Moreover, lower energy consumptions were
obtained with heat recovery inside the module. In addition to the above observations, for a
large-scale implementation of the modified membranes and plasmonic spacers, it is also
important to ensure their stability in time (long-term tests are needed) and to evaluate their
ease in upscaling. Furthermore, the scaling up of the specifically designed module must
also be carried out, as well as the development of systems to control the input power by
artificial intelligence technologies. Therefore, there are various aspects which need further
investigation before a localized heating MD can be adopted. Nevertheless, it is expected
that the localized heating approach will significantly impact the application of membrane
distillation in different fields.
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Abstract: Water reclamation is becoming a growing need, in particular in developing countries where
harvesting the required energy can be a challenging problem. In this context, exploiting solar energy
in a specifically tailored membrane distillation (MD) process can be a viable solution. Traditional MD
guarantees a complete retention of non-volatile compounds and does not require high feed water
temperatures. In this work, a suitable amount of carbon black (CB) was incorporated into the whole
matrix of a polymeric porous membrane in order to absorb light and directly heat the feed. The mixed
matrix membranes were prepared forming a uniform CB dispersion in the PVDF dope solution and
then using a non-solvent induced phase separation process, which is a well-established technique for
membrane manufacturing. CB addition was found to be beneficial on both the membrane structure,
as it increased the pore size and porosity, and on the photothermal properties of the matrix. In fact,
temperatures as high as 60 ◦C were reached on the irradiated membrane surface. These improvements
led to satisfactory distillate flux (up to 2.3 L/m2h) during the direct solar membrane distillation
tests performed with artificial light sources and make this membrane type a promising candidate for
practical applications in the field of water purification.

Keywords: carbon black; photothermal; direct solar membrane distillation; PVDF; renewable energy

1. Introduction

Membrane distillation (MD) is a thermally driven separation process based on a
hydrophobic porous membrane which contacts a hot concentrated solution and pure water.
The temperature difference applied at each side of the membrane induces a vapor pressure
difference across the membrane that acts as driving force for the process and establishes a
water vapor flux from the hot to the cold section [1,2].

Membranes used for MD application must comply with important specific require-
ments. First, high porosity is mandatory to maximize the trans-membrane water flux since
the mass transfer coefficient is proportional to the mean porosity of the membrane itself [3].
Another essential feature is good surface hydrophobicity. In fact, the pores need to remain
dry during MD operation since their flooding can cause a decrease of the distillate flux, as
well as a reduction of the separation ability of the membrane [4,5]. This property can be
controlled either by decreasing the surface wettability or by developing membranes with
small pores and a narrow pore size distribution. Smaller pores are indeed less prone to
wetting phenomena [6].

MD membranes exist in two basic configurations: hollow fiber and flat sheet. They
can be arranged in different modules [7,8] and are generally prepared using hydropho-
bic polymers, such as polypropylene [9,10], polyethylene [11], polytetrafluoroethylene
(PTFE) [12,13] and polyvinylidene fluoride (PVDF) [14–17], or using modified ceramic ma-
terials [18–20]. Among all of the aforementioned materials, PVDF is particularly attractive
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because it can be easily dissolved in most common organic solvents so membranes can be
prepared via traditional processes, such as thermally induced phase separation (TIPS) and
non-solvent induced phase separation (NIPS) [21].

Four main configurations of MD have been developed, namely direct contact MD
(DCMD), sweeping gas MD (SGMD), air gap MD (AGMD) and vacuum MD (VMD).
The main differences among these configurations reside in the distillate section of the
equipment [22].

In this work, VMD configuration has been used to assess the performance of the
prepared membranes. In this mode, a partial vacuum pressure is applied on the distillate
side of the membrane to remove the water vapor molecules from the membrane module.
Since the partial water vapor pressure is constantly maintained as low as possible, VMD
guarantees the highest fluxes among all of the MD configurations and reduces the heat
losses correlated to heat conduction through the membrane. However, in some conditions,
the net pressure difference across the membrane can favor pore flooding, possibly causing
a reduction of the process productivity and separation ability [2,23].

Nowadays, MD is a mature technology and it appears to be one of the best technologies
for developing off-grid desalination/wastewater treatment plants due to its modular con-
figuration, low power consumption and ability to harness low-grade energy resources [24].

An important problem affecting MD scale up is the heat loss associated to water evap-
oration in the feed section along the surface of the membrane module. The phase transition
that takes place at the feed/pore interface reduces the temperature of water flowing along
the module in the feed channel, gradually decreasing the effective driving force of the
process [25]. This effect in practice limits the maximum length of the membrane module.
An effective solution to contain the feed temperature reduction along the membrane mod-
ule recently developed is the so-called membrane localized heating that can be obtained
using several different techniques. Tan et al. [26], for example, harnessed the high thermal
conductivity of nickel and its capacity to be inductively heated by placing a nickel foam in
the feed channel of the membrane cell in place of a traditional plastic spacer. The advantage
was the possibility of increasing the foam temperature by electromagnetic induction, and
therefore heating the feed directly inside the membrane cell. Experimental tests proved
that this arrangement was able to improve the energy efficiency and the productivity of the
DCMD process. A similar solution was followed by Anvari et al. [27] who spray-coated a
commercial PTFE membrane with a layer containing multiwall carbon nanotubes coated
with iron oxide. This added layer had magnetic properties that allowed for providing
inductive heating directly on the surface of the membrane. It was observed that increasing
the nanoparticles loading and the feed residence time improved the distillate flux since
heat transfer from the membrane to the feed solution was enhanced. Moreover, these
membranes showed high efficiency for feed solutions containing highly saline solutions,
proving that this process can be applied to traditional brine treatment.

A particular approach recently explored aims to achieve localized heating by harness-
ing solar energy. One of the main advantages of the direct solar membrane distillation
(DSMD) layout is that the feed temperature is raised in the boundary layer in contact
with the membrane surface. Therefore, temperature polarization effects are drastically
reduced, and the effective driving force of the process is increased [28]. The DSMD process
has been proposed by many researchers as an effective solution to developing larger MD
plants [29–31]. The basic solar MD setup consists of a photovoltaic panel used to provide
the electrical current required to run the feed water circulation system, and a solar collector
that is used to heat the feed. However, this simple configuration is characterized by some
flaws, namely the heat losses along the pipes connecting the feed tank to the membrane
cell and the need for large solar collectors to reach an adequate feed temperature [32]. Said
et al. [28] recently tested a DSMD small pilot plant, assessing its performance in real life op-
eration conditions. The plant was completely powered by solar energy, with a photovoltaic
panel providing the electricity for feed circulation and a 0.12 m2 photoactive membrane cell.
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During the testing time the plant mean distillate flux reached 0.55 L/m2h with a rejection
factor of 99.8%.

The main research efforts on the development of photoactive membranes for DSMD
have been focused at present on the surface modification of commercial hydrophobic
membranes; many researchers have coated membrane surfaces with an additional layer
containing different fillers, such as carbon nanotubes [33] or carbon black (CB) [28,34–36]
and silica-gold nanoparticles [35]. In particular, Wu et al. [35] created a layer composed
of polyvinyl alcohol containing carbon black or silica-gold nanospheres. CB-coated mem-
branes showed an increase of 33% in distillate flux when irradiated with solar-like light,
while membranes treated with silica-gold nanoparticles produced a more limited improve-
ment of 17%.

In this work, a novel approach was adopted, i.e., hydrophobic photoactive membranes
were autonomously prepared in our laboratory, including carbon black directly inside
the starting bulk of the polymeric matrix rather than adding a supplementary layer on
a preformed membrane. These original nanocomposite membranes were then produced
easily with a common NIPS technique. The aim of this study was to explore the effect of
the filler on the membrane photothermal properties, as well as on the membrane’s internal
structure. The influence of CB loading on the MD performance was investigated. To the best
of our knowledge, intrinsically photoactive membranes of this particular kind, intended
for direct solar membrane distillation, have not been prepared and studied before.

2. Material and Methods

2.1. Dope Solution and Photoactive Membrane Preparation

The membrane type studied in this work was prepared in our laboratory through a
method described in a previous article [37]. CB (Vulcan XC72R, Cabot Corp—Boston, MA, USA,
primary particle size: 30–60 nm [38]) was first dispersed in a green organic solvent (i.e., tri-
ethyl phosphate, TEP, Merck—Darmstadt, Germany). To this end, a precise amount of CB
powder was placed inside a 50 mL bottle together with 15 g of TEP and was then sonicated
with an ultrasonic bath for 30 min at 25 ◦C to improve the dispersion.

The membranes were prepared via the NIPS technique, by dissolving a commercial
PVDF (Solef® 6010, Solvay Specialty Polymers—Bollate, Italy, Mw 300 kDa) dissolved in the
CB/TEP dispersions to create a CB doped solution and provide the desired photothermal
properties to the final membrane. A 300 μm thick film of dope solution was cast on a
commercial PET non-woven support (Viledon® FO-2401, Freudenberg—Weinheim, Ger-
many) and then immersed in a weak coagulation bath containing ethanol 96 v/v% (VWR
International—Radnor, PA, USA). After 2 h, the membranes were removed from the non-
solvent, washed with deionized water to remove ethanol from the pores and finally dried
overnight at room temperature. Table 1 summarizes the preparation conditions of all of the
membranes assessed. In the sample name, the first part refers to the polymer concentration
in the dope solution, while the second part refers to the CB concentration.

Table 1. Preparation conditions of the tested membranes.

Sample 145_0 145_2 145_5 145_75

CB concentration 1 [wt%] 0 2.0 5.0 7.5
PVDF concentration 2 [wt%] 14.5

Solvent TEP
Non-solvent EtOH 96 v/v%

Casting temperature [◦C] 25
Casting thickness [μm] 300

1 with respect to PVDF mass; 2 with respect to the solution mass.

2.2. Light Absorption Measurements

Absolute hemispherical reflectance spectra of the membranes were acquired using an
UV/VIS/NIR spectrophotometer (Lambda9, Perkin Elmer—Waltham, MA, USA) equipped
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with a 150 mm integrating sphere. The inspected spectral range was between 200 and
2700 nm. A TiO2 coated layer was used as a blank sample.

For each sample, four spectra were registered, rotating the specimen by 90◦ each
time. The four spectra allowed for estimating the surface homogeneity of the sample and
compensating for any possible influence related to defects in the sample and its surface
roughness. The final results were reported as absorbance values, which were then calculated
as the mean of the four measurements.

The photothermal properties of the dry membranes were assessed by measuring the
surface temperature change over time after a light source was turned on with the setup
schematized in Figure 1.

 

Figure 1. Sketch of the setup used for surface temperature measurements.

The samples (17.5 cm2 surface area) were put in a special container made of expanded
PVC—used to avoid heat losses related to conduction through the membrane—and placed
under the light source at a distance (D) of 9 cm. The surface temperature was determined
using an infrared thermometer (RS-8662, RS PRO—Kuala Lumpur, Malaysia).

2.3. Membrane Performance Evaluation

The prepared membranes were tested using a DSMD setup expressly built in the
laboratory for this application. VMD configuration was selected because of the high
distillate flux that it guarantees in comparison to other MD modes. Figure 2 reports a
scheme of this apparatus.

 

Figure 2. Sketch of the DSMD setup used to test the photothermal membranes.

The membrane cell was equipped with a transparent polymethylmethacrylate (PMMA)
film that allowed the passage of simulated solar light. The feed channel was 3 mm thick
and the peristaltic pump used for recirculating the liquid had a flow rate of 40 mL/min,
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therefore, the velocity inside the membrane cell was 53 cm/min and the residence time
was almost 15 s. The concentrate was recirculated to the feed tank continuously. Two K
type thermocouples, connected to a digital data logger (HD2128.1, Deltaohm—Selvazzano
Dentro, Italy), were mounted at the feed inlet and at the concentrate outlet to measure the
liquid temperature gradient along the membrane module.

The driving force was applied by connecting the support side of the cell (grey in
Figure 2) to a vacuum pump that maintained the permeate side at 20 mbar (absolute
pressure). Before the start of each test, a precise amount of deionized water (40 mL) was put
in a closed tank equipped with a graduated pipette that was used to measure the distillate
flux through the lowering of the liquid level after a set time interval (60 min).

The only heat source for these tests was a light source mounted 7 cm away from
the membrane surface. Each membrane was tested using two different light sources: a
traditional 75 W incandescent light bulb (OSRAM—Munich, Germany), and a 100 W solar
spectrum LED light (Shenzhen Milyn Technology—Guangdong, China). A reference test
was also performed in order to evaluate the membrane performance without any external
light source. In this case, the membrane cell was covered with an aluminum foil during
operation.

Figure 3 reports the emission spectra of the two lamps used, compared with sunlight.

Figure 3. ASTMG 173 AM1.5 solar emission spectrum (blue), and common incandescent light
bulb (red) and natural white 100 W LED lamp (yellow) spectra [39]. Note the different ordinate scales.

The irradiance of the two light sources at different distances ranging between 4 cm and
approximately 40 cm was determined using a solar power meter (ISM 410, RS PRO—Kuala
Lumpur, Malaysia). The measurements were performed by placing the lamp vertically
above the sensor.

Table 2 summarizes the operating conditions used to test the DSMD performance of
the prepared membranes.

Table 2. DSMD tests conditions.

Tested Feeds Deionized Water

Light distance 7 cm

Feed temperature 24 ◦C

Feed flow rate 40 mL/min

Membrane area 30 cm2

Vacuum degree 20 mbar
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3. Results and Discussion

3.1. Light Source Characterization

A major system characteristic to be investigated when using light sources to simulate
the solar energy is the irradiated power per unit area, which is called irradiance. The
irradiance then must be compared to the average yearly standard solar conditions at the
sea level (about 1000 W/m2) [40]. Figure 4 reports the values collected at different distances
for the two lamps employed in this work.

Figure 4. Irradiance of the two used lamps, LED and incandescent, W, through a PMMA window (left)
and measuring setup scheme (right).

The traditional incandescent lamp (red) was able to provide higher power than the
solar-like LED lamp (yellow). However, both light sources showed a hyperbolic-like
decrease of the irradiance value as the distance between the source and the sensor was
increased. This imposed a strict control on the distance between the lamp and the membrane
surface in the successive VMD tests.

3.2. Light Absorption of Membranes

Common cells for traditional MD processes are generally made of non-transparent
materials, such as stainless steel or plastic, owing to their ability to withstand the feed
temperature and salinity. However, such materials are not transparent to UV and visible
radiation. Since membranes for DSMD application must be able to absorb light and to
transform the energy captured in the available heat, their surface should be allowed to be
irradiated with light. Among all of the transparent material, PMMA was selected for this
purpose during the VMD cell assembling due to its low absorbance in a broad wavelength
interval, as reported in Figure 5.
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Figure 5. Light absorbance of the VMD cell window made of PMMA (black) and ASTMG 173 AM1.5
solar emission spectrum (blue).

Spectral solar irradiance was shown and PMMA proved to be completely transparent
in the majority of the wavelength interval of solar emission spectrum; it presented intense
absorption bands only below 400 nm and over 1300 nm. In the interval 400–1300 nm,
almost 90% of the whole solar irradiance is emitted. Therefore, PMMA was considered an
ideal material to create the window required in this special VMD cell.

When the membrane surface is irradiated with light, the obvious key parameter for
DSMD application is the membrane photoactivity that can be estimated by measuring the
absorbance in the UV/visible wavelength interval. These measurements were performed
using a Perkin Elmer Lambda9 UV/VIS/NIR spectrometer in the spectral range between
200 and 1400 nm (recall the comments on Figure 5). Figure 6 reports the registered spectra
for the four membranes prepared at increasing CB loading as well as for the CB as such.

Figure 6. UV/VIS/NIR absorption spectra of the four membranes and of carbon black.

CB (red dotted line in Figure 6) showed a broad absorption band in the whole wave-
length interval investigated with a wide maximum in the visible light range.

On the other hand, the pure PVDF membrane (blue line in Figure 6) was characterized
by a far less intense absorption in the same wavelength interval. Most of the solar radiation
evidently was reflected by the white surface of the membrane.

The introduction of CB inside the dope solution greatly increased the light absorption
of the samples in the UV/VIS/NIR spectral region of interest. In particular, the absorbance
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showed an impressive enhancement, moving from 145_0 sample to 145_2 and then 145_5,
i.e., with an increase in CB concentration.

Figure 6 illustrates that the unloaded PVDF membrane had a very low ability to
capture solar energy with a slight increase at higher wavelengths. The 145_2 sample partly
retains the effect of the PVDF matrix, showing an almost linear growth of the absorbance,
but, in contrast, it reaches noticeable values at higher wavelengths. The samples 145_5 and
145_75 exhibited a sharp increment of absorbance at lower wavelengths and their spectra
appeared quite similar to that of the CB as such. Moreover, there does not seem to be a
substantial difference between the behaviors of the two membranes.

These features were reflected in the photothermal activity shown by the various
samples. Figure 7 reports the surface temperature change over time when the membrane
surface was exposed to the two different lamps (A: LED lamp, B: incandescent lamp).

Figure 7. Membrane surface temperature change using (A) LED lamp and (B) incandescent lamp.

The two lamps were characterized by different emission spectra (Figure 3), as well as
a different irradiance (Figure 4). These tests were performed by placing the light source
9 cm above the membrane, meaning that the LED irradiance was around 90 W/m2, while
the incandescent lamp provided about 435 W/m2 to the membrane surface. This difference
was confirmed by the surface temperature measurements. Using the LED light (Figure 7A),
the CB loaded membrane’s temperature rose almost instantly from about 20 ◦C to 30 ◦C
and continued to increase for several minutes reaching a stable value at around 35 ◦C. The
incandescent lamp, thanks to its higher irradiance at an equal distance, showed a similar
trend but higher temperatures were developed on the membrane surface that reached for
all the membranes values of about 60 ◦C. In both cases A and B, adding CB to the dope
solution generated a great difference between unloaded and loaded membrane and an
almost 40% temperature increase was obtained for all of the samples. However, the CB
concentration had only a marginal effect on the surface temperature of the membrane since,
when irradiated under the same conditions, all of the CB-loaded membranes performed
similarly. Table 3 reports some literature data of the maximum surface temperature reached
by photoactive membranes irradiated with solar-like light sources.
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Table 3. Literature data of surface temperature of photoactive membranes.

Membrane Type
Photoactive

Material
Irradiation

[W/m2]
Surface Temperature

[◦C]
Ref.

Coated PVDF Carbon
nanotubes 1000 70 [33]

Coated PVDF Carbon black 1000 48 [34]
Coated PVDF Polydopamine 750 35 [41]

Mixed matrix PVDF Carbon black 435 60 This work

While it is almost impossible to find results obtained under identical conditions, the
data reported in Table 3 highlight the excellent performance of the membranes developed
in this work. In fact, despite being tested with a less powerful light source, the samples
prepared directly including CB inside the PVDF matrix were able to reach temperatures
higher than—or at least similar to—the ones obtained with coated membranes.

3.3. Distillation Performance

The membrane distillation performance was evaluated using the setup shown in
Figure 2. The feed temperatures were registered over a one-hour test for each light source
and the registered differences during this time span, ΔTm, are reported in Figure 8, and are
expressed as follows:

ΔTm =
(Tout60 − Tout0) +

(
Tin60 − Tin0

)
2

(1)

where the subscripts in60 and out60 indicate the liquid temperature at the cell inlet and
outlet after 60 min of testing, respectively, while the in0 and out0 subscripts represent the
same values recorded at the start of the tests.

Figure 8. Mean feed temperature difference between MD test end and start with no light (NL, black),
LED lamp (yellow) and incandescent light bulb (W, red).

For all of the samples, the test performed without light (black in Figure 8) showed a
decrease of the feed temperature over time. In the absence of any external energy supply the
latent heat absorbed by water evaporation at the membrane surface caused an appreciable
feed cooling.

The ΔTm values obtained when the membranes were irradiated with a light source
exhibited a completely different trend. The LED lamp (yellow in Figure 8) was able to
counteract the heat loss related to water evaporation but, since its irradiance was quite
weak (see Figure 4), the feed temperature remained almost constant during the test. On the
other hand, the incandescent lamp (red in Figure 8) provided more energy to the system
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and the feed temperature was increased during the time span of DSMD operation for all of
the tested samples. These findings are in agreement with the data reported in Figure 7A,B.

The beneficial effect of the light irradiation obviously affected the distillate fluxes as
expected. Figure 9 summarizes the results concerning the MD tests for all of the samples
and all of the lighting options.

Figure 9. (A) mean distillate flux and (B) flux enhancement registered during the MD tests with no
light (black), LED lamp (yellow) and incandescent light bulb (red).

The distillate fluxes (Figure 9A) obtained during the tests without light sources con-
firmed the results obtained during a previous work carried out in our laboratory [37]. That
study also revealed that the addition of CB to the dope solution enhances both the pore
size and porosity of the membrane and therefore can induce an increase in the membrane
permeability. It was found that introducing a proper amount of CB led to an increment
of both pore size—which passed from about 100 (sample 145_0) to about 850 nm (sample
145_75)—and overall porosity, which rose from 76% to 87%. Both of these parameters
strongly affect the membrane mass transfer resistance; it is well known that larger pore
size and porosity values provide higher transmembrane vapor fluxes during MD opera-
tion. Moreover, in the same study, it was demonstrated that higher CB loadings led to an
enhancement of the matrix hydrophobicity, preventing negative phenomena, such as pore
flooding. For all of these reasons, even without light irradiation the distillate flux of the
145_75 sample was somewhat higher compared to the one registered for the pure PVDF
membrane (145_0).

In this work, using only light as the energy supply for feed heating was proved to be
effective for all of the samples prepared. In fact, under irradiation, the distillate flux was
always enhanced. This effect became more intense as the CB loading in the dope solution
was raised from 2 wt% to 7.5 wt%. The flux enhancement (FE%) reported in Figure 9B was
calculated using the following equation:

FE% =

(
JLight − JNL

)
JNL

·100 (2)

where JLight is the distillate flux obtained irradiating the membrane with a light source
while JNL is the distillate flux without irradiation.

Increasing the CB concentration improved the light absorbance of the membranes
(Figure 6) and boosted the feed temperature rise on the membrane surface. As a conse-
quence, the vapor pressure at the pore entrance got higher and enhanced the driving force
of the process. The distillate flux increment became more evident as the CB loading grew. It
can be seen from Figure 9B that, for the 145_75 sample, a distillate flux enhancement of up
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to 60% and 70% was reached when the LED or incandescent lamps were used, respectively.
Table 4 reports a VMD performance comparison between the membranes prepared in this
work and a sample tested by Ma et al. [42] who coated a PTFE membrane with carbon
nanotubes.

Table 4. VMD performance comparison.

Membrane
Type

Photoactive
Material

Irradiation
[W/m2]

Vacuum
[mbar]

Feed
Temperature

[◦C]

Distillate
Flux

[L/m2h]
Ref.

Coated PTFE Carbon
nanotubes 750 50 20 2.8 [42]

Mixed matrix
PVDF Carbon black 675 20 24 2.3 This work

The two membranes were tested under similar conditions in terms of vacuum pres-
sure, feed temperature and light irradiance and showed comparable distillate fluxes. These
results confirmed the potential of mixed matrix membranes for DSMD application. The
advantages of preparing a single layer membrane are, primarily, the easier procedure re-
quired and the more robust final structure. On the contrary, when a commercial membrane
is coated with photothermal conversion materials, a poor adhesion between the support
material and the surface skin can induce the delamination phenomena that can undermine
the integrity and the performance of the membrane.

4. Conclusions

A simple and innovative preparation method to produce photoactive membranes
was proposed, which involves incorporating the light absorbing filler directly inside the
membrane matrix. The preparation procedure was based on a traditional NIPS technique
and the filler was first dispersed in the polymeric dope solution. In line with the goals
of an environmentally sustainable and safe membrane preparation process, a green sol-
vent, triethyl phosphate, was used. The main novelty in this work was incorporating the
selected filler, carbon black, inside the entire polymeric matrix. This particular formulation
allowed to produce favorable outcomes on the internal membrane structure. Nearly all
of the strategies to achieve surface heating MD are currently based on membrane surface
modification by various techniques. However, based on our findings, inclusion of carbon
black nanoparticles inside the whole membrane structure seems to have multiple beneficial
effects on the membrane performance. In fact, the filler acts not only on the photothermal
properties enhancing the light absorbance, but also on the membrane morphology increas-
ing porosity and pores size. These latter characteristics, which are very important to reduce
the membrane mass transfer resistance, were improved with the rising CB content.

In terms of photothermal properties, membranes prepared with a sufficient CB loading
were able to reach satisfactory surface temperatures when exposed to light sources.

On the whole, as the carbon black loading was raised, the effectiveness during direct
solar membrane distillation operation was improved and the membranes prepared with
the highest CB concentration showed the best flux enhancement factor.
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Abstract: The paper presents the sweeping gas membrane distillation realised by using the capillary
module (length 1.1 m and area 0.1 m2) without housing (module shell). During the tests, the feed
was flowing inside the hydrophobic polypropylene membranes. The studies were performed for two
variants of process: with pre-heating (313–330 K) and without heating of the feed (brines). Under low
gas flow (0.005 m/s) the evaporation performance varied in the range of 0.15–0.25 L/m2h, depending
on the relative humidity (42–63%) and the air temperature (293–300 K). The application of feed
pre-heating to 330 K led to an increase in the evaporation performance to 2.4 L/m2h. The permeate
flux increased by 60% when the air flow velocities between the capillaries increased to 1.8–2.5 m/s.
Increasing the feed flow rate from 0.1 to 0.59 m/s led to increase the permeate flux about 20% for
feed temperature 293–310 K, and over 55% for feed temperature higher than 323 K.

Keywords: sweeping gas membrane distillation; membrane evaporation; submerged module

1. Introduction

Membrane distillation (MD) is performed by phase change; therefore, this process is
energy-consuming and over 2500 kJ/kg of permeate obtained is required [1]. The water
released from the feed in the form of vapour flows to the other side of the membrane where
it is condensed, e.g., in the cold distillate stream. Such a case is called direct contact MD
(DCMD) [2,3]. In the MD process, porous membranes made of hydrophobic polymers
with a low thermal conductivity coefficient are used [4–6]. However, due to the small
thickness of the membranes (e.g., 100 μm), it does not eliminate the heat conduction from
the feed to the permeate side and, as a result, heat losses in the DCMD process may exceed
50% [2,7]. This inconvenience was limited by separating the membrane from the cold
distillate with a gas layer (Air Gap MD) [8]. In another variant of the MD process, a gas
stream flows on the permeate side [1,5]. A flowing gas is used to sweep the vapour out of
the membrane permeate side, and this variant is called sweeping gas MD (SGMD) [1,3–6].
The gaseous layer increases the resistance to heat transfer which decreases the heat loss
by conduction. For this reason, the application of the SGMD variant allowed to reduce
heat losses to the level of 20% [9]. However, it must be recognised that in order to obtain
freshwater from salt water in the SGMD variant, an external vapour condenser should be
additionally used [1,10].

Water can also be desalinated by evaporating it from a wet surface of hydrophilic
membranes. However, such evaporation caused a rapid crystallization of salts on the
membrane surface [11], hence, the hydrophilic membranes can be only used for the sepa-
ration of feed without solutes. When the hydrophobic membranes are applied, as in the
SGMD process, the evaporation of water proceeds at the feed/membrane interface and
a cross-flow of non-saturated feed prevents the precipitation of solutes, even for a high
concentrated brine [12].

The driving force for mass transport in the MD process is the difference in vapour
pressure [2,9]. In the case of SGMD, it results from the vapour pressure at the evaporation
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surface in the pores of the membrane and the water vapour content in the gas [1,5]. Mass
and heat transfer causes both the concentration and temperature in the membrane adjacent
layers to differ from those in the bulk (polarization effects), which reduces the driving
force [2,5,9]. It has been reported that increasing the turbulence flow of the stream usually
allows to limit the influence of polarization phenomena [10,13,14]. The polarization is
particularly high on the side of the gas, which quickly becomes saturated with water
vapour [15]. However, in classic modules with high membrane packing density, increasing
the gas flow velocity is limited due to a significant increase in flow resistance [4]. To solve
this problem, in the present work, an idea of open capillary modules was applied. In
the modules, the water evaporation takes place from the surface of capillary membranes,
whose bundles are loosely distributed inside large chambers. In such a system, the use
of even high gas flow velocities do not cause a significant pressure drop. Apart from the
flow velocity, the efficiency of the SGMD process is also influenced by the temperature of
the feed and gas [1,4]. Increasing the feed temperature causes an exponential increase in
the saturated vapour pressure, which leads to a significant increase in the driving force of
mass transport [15,16]. As a result, the efficiency of the MD process increases, regardless of
its variant [17–19].

It must be stressed that, in the published articles, the presented assessment of the influ-
ence of the process parameters on the SGMD course differs many times. Indeed, increasing
the feed flow velocity most often significantly increased the permeate flux [10,15,17,20];
however, in other studies, a slight influence of this parameter was shown [14,18]. The
gas temperature at the inlet to the module usually has little effect on the process per-
formance [4,15,21], although its importance was shown in [4]. The discrepancies in the
presented results are generally due to the design of the membrane modules used and their
size. For example, when the membranes surface is small, the evaporation of water does
not cause a significant change in the temperature of the gas transported in large amounts,
hence, the influence of the gas temperature on the SGMD efficiency can be observed [21,22].
In the case of using modules with a large membrane surface (e.g., 1–2 m2), due to the mass
and heat transport, the gas temperature quickly becomes close to the temperature of the
feed and, as a result, this temperature affects the efficiency of the SGMD process [4,22].

The use of small SGMD modules for testing allows for very favourable yields, often
above 20 L/m2h [15,16,18,20]. Unfortunately, similarly to large DCMD modules, increasing
the process scale causes a multiple decrease in the permeate flux [4–6,13,23]. The amount of
water vapour that the gas can absorb is small and increases with temperature, e.g., for air
from 12.5 to 40.8 g/m3 with a temperature change from 293 to 313 K. This means that for a
temperature of 313 K, the evaporation of 10 kg/h of water requires the supply of air to the
module in the amount over 245 m3 (0.068 m3/s). In the tested industrial modules, due to
high flow resistance, the gas flows used were much smaller and, as a result, the gas quickly
reached the saturation state, which significantly reduces the SGMD efficiency. For instance,
in [4], for the Celgard Liqui-Cel® Extra-Flow module with an area of 1.4 m2, the permeate
flux of 0.5 L/m2h was obtained. The efficiency at a level of 0.1 L/m2h was obtained for a
similar large module in work [23]. In this case, this was due to the fact that the permeate
flux was only calculated by measuring the difference in gas humidity at the inlet and outlet
of the module. Meanwhile, during tests in the SGMD installation with a vapour condenser,
it was repeatedly found that the amount of water sweep by the gas from the module was
greater than that resulting from the change in gas humidity [5,17,22]. This was explained
in [22,23], where it was shown that after the gas is saturated, water vapour condenses and
is removed from the module in the form of a mist. These observations were also confirmed
in tests with the use of the industrial module [4,6].

A large evaporation surface can be obtained by using capillary modules [1,4,23].
However, in this case it is difficult to maintain a uniform gas flow between the capillaries,
especially for higher packing density of the membranes [10,24]. The conclusions from
these works are similar to those obtained during tests of DCMD capillary modules, the
efficiency of which increased significantly when the arrangement of capillaries ensured
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static mixing [25]. The best conditions for mass transport in the MD module can be obtained
by using cross-flow of the feed and permeate streams [14], which was successfully applied
in the construction of a small SGMD installation proposed for freshwater production in
remote area [1]. However, it can be expected that in large modules, e.g., with a capillary
length of 1 m, the cross-flow of gas stream will cause the “sail effect”. This effect for
higher gas flow velocities (e.g., 5 m/s) may, due to increased stresses, cause the capillaries
to break at the point of their attachment to module head. For this reason, the design of
SGMD modules should ensure low gas flow resistance for its high flow velocities [4]. Such
a possibility is given by the proposed open SGMD module design, where, additionally,
flexible mounting of the capillary bundles can be used, which should limit the influence of
the “sail effect”.

In the modules with shell, both the temperature of the streams and the feed concen-
tration change along the module, which causes a decrease in the efficiency of the MD
process [15]. Uniformity of parameters along the entire surface of the capillary membranes
was obtained in the MD process using submerged DCMD modules [7]. Worthy of note,
similar conditions can be achieved in the case of SGMD by using modules with membranes
loosely placed inside large chambers with natural convection or forced air flow generated
by fans. Due to the significant polarization on the gas side, the use of fans increasing the
gas flow velocity should significantly increase the efficiency of the process [15]. In the
SGMD process, the use of the feed flow between capillaries is also possible. Indeed, it was
carried out in the tests of 30 cm long module [16]. However, in the case of longer modules,
the pressure of the gas flowing inside capillaries will increase significantly, which may
increase the costs of gas pumping [4] and its bubbling through the pores of the membrane
to the feed [21]. Therefore, in the SGMD process, the feed flow is generally used inside
the capillaries [1,4,10,23].

MD module efficiency is strongly affected by the capillaries distribution configurations
and membrane packing density [10,24,25]. In the proposed open capillary modules, the
packing density of the membranes can be reduced, e.g., for membranes with a diameter
of 2.6 mm spaced every 1 cm it would be 52 m2/m3. This value is several times lower
than the value of 293 m2/m3 in Celgard Liqui-Cel® Extra-Flow module, which did not
allow to obtain good conditions for the SGMD process [4]. The advantage of reducing
the packing density is facilitated gas flow. Moreover, in a hot, sunny remote area, a large
chamber with membranes could also function as a heat exchanger for air heating, which
would significantly simplify the construction of the installation. In the presented work, the
effectiveness of the SGMD process implemented in a capillary module without an external
shell was tested. The aim of the research was to determine the influence of the process
parameters on the level of real efficiencies of SGMD; hence, a module with a length similar
to industrial modules was applied. Additionally, it was assessed whether, instead of feed
pre-heating inside an external heat exchanger, it is possible to evaporate the water using
only energy taken from the air flowing in the module.

Theory

The pores of the hydrophobic membranes applied in the SGMD process are non-
wetted, and the feed evaporates from the feed/gas interface created inside the pores. The
driving force for the water evaporation is created by a difference between the partial pres-
sure of water vapour (in equilibrium with liquid feed), and its value in the air surrounding
the membranes (Figure 1). The obtained permeate flux is proportional to the driving force,
which is usually expressed by the application of mass transfer coefficient (Km) [17,22]:

J = Km(PF − PAir) = KmΔP (1)

where PF and PAir correspond to the saturated vapour pressure above the evaporation
surface and the vapour pressure in the gas (air) stream, respectively.
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δ 

 
Figure 1. Water evaporation through non-wetted (hydrophobic) membranes. δ—thickness of the
viscous boundary layer, s—membrane thickness, CF—feed concentration, J—permeate flux.

The partial pressure of water vapour is strongly affected by the liquid temperature, and
its value increases exponentially with increasing feed temperature, which can be expressed
by the following equation [26]:

PF(T) = exp
(

8.07131 − 1730.63
233.42 + T

)
(2)

where the units of T and PF are ◦C and mmHg, respectively.
During the streams flowing inside the SGMD module, the value of driving force

may change [6,15]. The water evaporation increases the solutes concentration in the feed
(Figure 1—Cm) which, in turn, decreases the PF value. Moreover, the gas temperature and
humidity fast increases, which strongly affects the SGMD module performance [4,26].

The vapour diffusion across the membrane pores creates the resistance for mas trans-
fer [27]. The Knudsen or molecular diffusion mechanism influences, in a different degree,
on this resistance due to a pore size distribution and the process conditions (e.g., temper-
ature level). Taking these parameters into account, the Km coefficient is expressed in the
form [17,18,22]:

Km =
ε

χs
M

RTm
DWA (3)

with the following parameters: porosity (ε), thickness (s), tortuosity (χ), molecular mass of
water (M), gas constant (R), membrane temperature (Tm), and effective diffusion coefficient
(DWA). In the case of membrane with the pores below 0.1 μm the effective diffusion is
dominated by the Knudsen diffusion [6,22].

In the case when the water is evaporated into the ambient air, a viscous boundary
layer is formed above the evaporation surface through which the diffusion of water vapour
takes places [10]. The rate of liquid volume change evaporated from the wet surface under
the isothermal conditions can be determined using Fick’s law [11]:

dV
dt

=
D A M
δ ρ R T

(PF − PAir) (4)

where D is the diffusion coefficient of liquid particles in the air, A is the liquid surface area
available for evaporation, δ is the thickness of viscous boundary layer, ρ is a density of liquid.

An important point which should be noted is that the thickness of the viscous boundary
layer formed above the membrane surface can be reduced by increasing turbulence in
the gas flow [15]. However, this method cannot change the value of membrane thickness
(s), which contributes to the value of δ (Figure 1); hence, the thickness of the membrane
has a significant effect on the SGMD process efficiency [14]. Moreover, the value of PAir
is associated with air humidity, expressed e.g., by relative humidity (RH), thus, water
evaporation increasing a value of the humidity also decreases the evaporation rate. For this
reason, the process efficiency is limited in the modules with shell, because a value of the
relative humidity of the air in the SGMD module rapidly increases even for high flow rates
of air [22,27].
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The maximal content of water vapour in air at given temperature is expressed by
following equation [10,22]:

X = 0.622
PS

Patm − PS
(5)

where PS is water vapour pressure in saturated air and Patm is atmospheric pressure.
Evaporation is an energy intensive process, therefore, the transport of heat to the

interface is the rate-limiting step for the evaporation of liquids into an inert gas. Depending
on the membrane installation design and process conditions, the temperature in the gas
phase near the liquid–gas interface can be higher or lower than that of the liquid (Figure 2).
The application of feed temperature higher than the air temperature allows to increase
the driving force of process, hence, pre-heating of feed (Figure 2b) is usually realised in
SGMD process [4,14,15,18]. In this case, the limitation is a small amount of water vapour
that caused the saturation of the air, which can lead to unfavourable condensation of
vapour inside the membrane module [22,26]. The vapour condensation on the membrane
surface can be avoided when the modules without an external shell will be used, which
also allows to curry out the evaporation without heating of the feed (natural evapora-
tion). In this case, the bulk temperature of the air is higher than the temperature of the
evaporating feed [4,15].

 
(a) (b) 

Figure 2. Temperature profile at feed–air interface. Membrane evaporation of water: (a) without feed
heating; (b) with feed pre-heating. Q—heat.

A temperature profile without feed heating is presented in Figure 2a. The energy
for evaporation (QV) can only be taken from the gas phase (QA); therefore, the water
temperature is quickly aligned to the constant value due to a larger thermal conductivity
and the temperature gradient in liquid is negligible. The heat transfer is described by the
following equations [9,28]:

QV = J ΔHV (6)

QV = QA = h (TAir − Tm) (7)

where ΔHV is the latent heat of water vapour evaporation and h is the convective heat
transfer coefficient (on the air side). When the feed is heated, a part of the feed energy is
lost by conductivity (Figure 2b, QC) into the air [26]:

QC = H (TF − TAir) (8)

where H is the overall heat transfer coefficient.
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The thermal efficiency (E) of MD process can be determined from the following
relationship [9]:

E = QV/(QV + QC) (9)

The value of convective heat transfer coefficient can be calculated from the Nusselt
number estimated from following correlation [28]:

Nu =
h dh
λ

= 4.36 +
0.036Pe dh

L

1 + 0.0011
(

Pe dh
L

)0.8 (10)

where Nu is Nusselt number, Pe is the Peclet number, L—length of channel (e.g., membrane
capillary), dh—hydraulic diameter, λ—heat conductivity coefficient. The remaining model
equations applied for calculation of submerged MD modules were presented in work [7].

2. Materials and Methods

The studies of open capillary modules applied for SGMD were carried out using an
installation presented in Figure 3. During experiments with feed pre-heating the feed tank
was immersed inside a water thermostat, which allowed to control the feed temperature.

  
(a) (b) 

Figure 3. Experimental set-up. (a) Diagram: 1—SGMD membrane module, 2—capillary membrane,
3—polypropylene net, 4—peristaltic pump, 5—feed tank (thermostatic), 6—balance, 7—hygrometer,
8—computer, 9—fan with heat element, TFin, TFout—thermometers. (b) Photo of the open module.

The commercial hydrophobic K1800 polypropylene capillary membranes, manufac-
tured for microfiltration (Euro-Sep, Warszawa, Poland), were used for the studies of
membrane evaporation. A module was equipped with 16 capillary membranes, which
were glued on both ends inside the PCV tube (1/2” diameter). The capillary membranes
have the internal diameter of 1.8 mm and outer diameter of 2.6 mm, and the effective length
of 1.1 m. The total membranes area calculated for the lumen side amounted to 0.1 m2. The
membranes were positioned rectangular in every third mesh of two polypropylene nets. A
distance between each capillary membrane was about 1 cm. The obtained module packing
fractions was 0.05 and membrane packing density 52 m2/m3.

In [1], a horizontal arrangement of capillary membranes was proposed, which is
possible in the case of short capillaries. Filling long horizontal capillaries with water would
cause their significant deflection and stress in the places of their attachment, which would
increase the risk of capillary breakage. For this reason, in the modules used, the capillaries
were mounted vertically, with flexible mounting of the lower head of the module, as
schematically shown in Figure 3. This solution enables a capillary bundle wave, which
allows eliminating the negative influence of the “sail effect”, which may be important for
higher gas flow velocities through the chamber.
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In this work, most of the tests were carried out in a room with air circulation caused
by the ventilation system, which, for the required multiple air changes per hour, assured
the air flow in the range of 0.002–0.005 m/s. Tests were also carried out with air forced
by the fan from the bottom to the top of the capillaries. In this case, the gas flow velocity
in the lower part of the module was 2.3–2.5 m/s and along the module it decreased to
1.8 m/s in the upper part. The fan did not have rotor speed control, hence, the obtained
air flows resulted from the factory efficiency of the fan. Whereas the fan was equipped
with an electrical heat element, which made it possible to additionally carry out tests with
hot air (313 K). The air flow velocity was measured using electronic anemometer MT-881
(MeasureMe, China).

The feed flowed inside the capillaries (lumen side) during the evaporation experiments.
A peristaltic pump was used, and the feed flow rate was equal to 0.1 m/s. The influence of
flow velocity (0.1–0.59 m/s) on the evaporation efficiency was additionally investigated.

The total dissolved solids (TDS) of solutions were measured with a 6P Ultrameter
(Myron L Company, Carlsbad, CA, USA). This meter was calibrated for measurements as
NaCl using TDS/conductivity standard solution (Myron L Company). The air temperature
and relative humidity were measured by electronic hygrometer AZ8829 (AZ-Instruments,
Kraków, Poland) connected with computer software TRLOG v. 3.4. The feed temperature
was measured using electronic thermometers PT-401 with measurement accuracy 0.1 K
(Elmetron, Zabrze, Poland).

The membrane evaporation tests were carried out using distilled water or NaCl
solutions (pure NaCl, Chempur, Piekary Śląskie, Poland) as a feed. The studies was
conducted continuously for several months. Indeed, the experiments started in June
(summer) and ended in October (autumn). The changes of module efficiency (maximum
permeate flux) were measured periodically at established periods using distilled water as a
feed. The MD installation was working continuously. The permeate flux was calculated
every 20–24 h, based on the decrease of the feed volume.

3. Results

3.1. Influence of Process Parameters on the Permeate Flux

The presented work considers the possibility of implementing the SGMD process in
open modules, which are created by bundles of capillaries distributed symmetrically in
gas-filled chambers. Open SGMD module can operate in conditions similar to natural
evaporation or in chambers with forced gas flow. In the first stage of studies, the operation
of the open SGMD module under very low air flow conditions was tested.

The feed temperature is one of the most important parameters in the MD process. The
performed tests confirmed that also in the case of open modules, the feed temperature has
a significant impact on the SGMD process performance. The results presented in Figure 4
show that increasing the inlet feed temperature from 293 to 323 K resulted in a three–four-
fold increase in the permeate flux, which, for 323 K, was equal to 2.4 L/m2h (vF = 0.59 m/s).
It is essential to mention that similarly high increases in the process performance were
obtained by increasing the feed temperature in traditional SGMD modules [5,17,20].

Water evaporation from the feed causes a significant increase in the concentration of
solutes in the boundary layer (Figure 1—Cm). The results obtained during the separation
of the solution containing 100–120 g NaCl/L are additionally presented in Figure 4. The
noted permeate fluxes were only slightly lower than those obtained for distilled water.
Therefore, it can be concluded that such a significant increase of concentration caused only
a small decline of the performance, which is a known advantage of the MD process [7,12].
As a result, the MD process can be used not only for the preparation of freshwater from
concentrated brines, but also for the concentration of solutions [14,18,29].
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Figure 4. The influence of feed temperature and velocity on the permeate flux. Feed: distilled water
and NaCl solutions (100–120 g/dm3).

In the MD process, solutions can be concentrated up to the saturation state [12].
According to Raoult’s law the vapour pressure decreases with increasing of feed water
salinity as follows [30]:

PF = (1 − x) PF
0 (11)

where PF
0 is the vapour pressure of pure water and x is the molar fraction of salt in the water.

For example, for almost saturated NaCl solution (5.5 mole/L) with a water concentration
of 55.5 mole/L, we have x = 5.5/(55.5 + 5.5) = 0.09, which gives about a 10% decrease
in driving force. The decrease in permeate flux obtained with saturated solutions was
greater than 20%, which, in addition to reducing water activity, was also influenced by an
increase in feed viscosity [31]. It is important to note that, during the MD of concentrated
solutions, the feed flow conditions should be ensured to prevent salt crystallization on the
membrane surface [12].

In addition, the obtained results (Figure 4) showed a significant influence of the feed
flow velocity on the permeate flux. An important point which should be noted is that this
effect increased with increasing feed temperature. Indeed, for instance, for TF = 323 K,
increasing vF from 0.28 to 0.59 m/s resulted in an increase of the permeate flux by 55%
(from 1.55 to 2.4 L/m2h). During the feed flow through the module, due to mass and
heat transfer, the feed temperature decreases, which can be reduced by increasing its flow
velocity [7,20]. Conducting the SGMD process in small modules and at relatively high flows
does not cause significant changes in the feed temperature [26]. Hence, in some studies
a slight influence of the feed flow velocity was shown [26,32], which, however, changes
when modules with a much larger membrane area are tested [10,17,20].

As stated before, in the presented work, the active length of the membranes in the
capillary module was 1.1 m, which allowed to obtain a significant difference in the feed
temperature between the inlet and outlet from the module (Figure 5). Similar changes in
the feed temperature was presented in [20].

The obtained TFinlet-TFoutlet values increased exponentially with the increase of the
TFinlet temperature as the amount of evaporated water also similarly increased (Figure 4).
Increasing the feed velocity limited its temperature decline, e.g., from 12 to 4 K when the
flow velocity has increased from 0.28 to 0.59 m/s (Figure 5). It should be noted that this
stabilizing effect of the feed temperature results not only from the feed velocity but also
from the channel cross-sectional area, which determines the ratio of the volumetric feed
velocity (L/s) to the membrane area [m2]. In the case of the tested capillary module, it was
equal to 0.11 L/s m2 (vF = 0.28 m/s) and 0.24 L/s m2 for the flow velocity of 0.59 m/s. For
an example of a plate module with a size of 10 × 10 cm and a channel height of 0.2 cm,
at feed velocity of 0.59 m/s, the value of this ratio is equal to 11.8 L/s m2. Such a high
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value explains the slight changes in the feed temperature when testing such small modules.
However, if the length of this plate module will be increased to 1 m, the obtained value
will be equal to 0.118 L/s m2. It will result in a significant decline in the feed temperature,
which reduces the SGMD efficiency several times, e.g., to the level of 0.3 kg/m2h [15].

 

Figure 5. The influence of feed velocity and feed inlet temperature on the feed temperature decline.

It is necessary to mention that the feed flow velocity also has a significant impact on
the value of the convective heat transfer coefficient (h), which determines the value of the
temperature Tm (Figure 2). The temperature of the evaporation surface determines the
vapour pressure at the interface phases (PF—Figure 1, and Equation (2)). For the capillary
membranes used, the value of the h coefficient can be calculated from the correlation
expressed by Equation (10). For TF = 323 K, the obtained h value was 2380 W/m2K
(vF = 0.28 m/s) and 2465 W/m2K for vF = 0.59 m/s. The temperature distribution along
the module calculated for the vF = 0.59 m/s is presented in Figure 6. The difference in
temperature TFout and Tm did not exceed 1 K, which corresponds to the values of the feed
temperature profile presented in work [15].

 

Figure 6. The distribution of feed temperatures profile (outlet and at the evaporation surface)
calculated for SGMD and DCMD capillary modules.

The results of numerical calculations performed for a submerged DCMD module
(similar to SGMD module) immersed in the distillate are additionally shown in Figure 6.
All parameters from the SGMD module calculations were adopted, however, the air was
replaced with distilled water at 293 K. It has been found that the value of the temperature
polarization on the feed side is twice as large, which is due to the fact that in the DCMD
variant, the membrane is in contact with the cold distillate, and this significantly increases
the value of the conducted heat (Figure 2b, QC). As a result, the calculated thermal efficiency
of the tested SGMD module, amounting to 68%, decreased to 43% in the case of its operation
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in the DCMD variant. Similar values of thermal efficiency for DCMD submerged modules
were obtained in work [7].

Since the feed temperature decreases as it flows along the module, the module size has
the significant impact on the MD process run. Indeed, for small modules, the TF change
is insignificant, hence the conversion fluxes (L/m2h) are overestimated and many times
greater than those obtained in modules whose area is actually 1 m2 or more [13].

Effect of Gas Flow Rate

The thermal equilibrium between the air and the feed depends not only on the air
temperature but also on the evaporation rate which is influenced by the boundary layer
conditions (Equation (4)). For this reason, increasing the flow velocity, reducing the thick-
ness of the layer δ [15], has a significant impact on the course of the SGMD process [23].
The reduction of the water vapor concentration at the membrane surface caused by the gas
flow increases the value of the vapor pressure difference (dP/dx), which is schematically
presented in Figure 7.

 
(a) (b) 

Figure 7. The changes of water vapour concentration in the boundary layer. (a) natural convection,
(b) forced convection.

Forced convection of gas increases the rate of evaporation [4], which was confirmed
by the results presented in Figure 8 (Tests 1 and 2—without feed pre-heating), showing that
the permeate flux increased from 0.240 to 0.385 L/m2h (60%) when the fan was started and
air was flowing between the capillaries at a velocity of 1.8–2.5 m/s. A similarly large effect
of increasing the gas flow velocity was demonstrated in SGMD modules with a shell [20,32].
However, the process efficiencies obtained for such classical modules are presented in a
wide range of 0.1–50 L/m2h [4,16,22]. Such different efficiencies result from the fact that
the vapour condensation (mist) in the sweep gas significantly increases the efficiency of the
tested modules [22,26]. In the studied case (Figure 8), there was no vapour condensation,
hence, the use of an open structure made it possible to keep the vapour content in the air
below its saturation value (Figure 9). Moreover, the performed measurements showed that
the use of the fan reduced the air humidity between the capillaries. The air temperature
inside the module also slightly decreased, which confirms that the energy used for the
increased evaporation came from the air surrounding the membranes. The higher the air
temperature, the more energy is transferred to the evaporation surface, which allowed to
significantly increase the efficiency (Figure 8, Tests 3 and 4). The possibility of feed heating
by the air surrounding the membranes is presented in the next Section.
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Figure 8. The comparison of SGMD performance obtained for natural convection (Test 1) and
forced convection with air flow 1.8–2.5 m/s (Tests 2–4). Conditions: (1) RH = 40% for TAir = 295 K,
(2) RH = 47% for TAir = 294.8 K, (3) RH = 39.3% for TAir = 293.8 K, air heating: inlet 313 K and outlet
305 K, (4) RH = 44.9% for TAir = 294.5 K, air heating: inlet 313 K and outlet 307 K.
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Figure 9. The changes of air temperature and humidity inside the capillary bundle during SGMD
carried out with and without fan working. Parameters of air surrounding the module: TAIR = 295.8 K
and relative humidity 33.4%.

In the SGMD process assumption, the air flowing out of the module should not be sat-
urated, which prevents vapour condensation in the module channels [5]. Notwithstanding,
in the SGMD module, conditions are often created for supersaturation of the gas, which
causes the formation of water droplets on the permeate side [22]. In this case, a significant
part of the water evaporated from the feed is discharged from the module in the form of a
mist, which significantly increases the calculated permeate flux [5,17,22,26]. The maximum
amount of water vapour that the air can contain at a given temperature was calculated
using Equations (2) and (9) and is shown in Figure 10. The amount above 0.1 kg H2O/kg
air increases rapidly, similar as does the water vapour pressure, for temperatures above
323 K. The obtained values were converted into the maximum flux that would result in
air saturation at a given temperature. The results of the calculations performed show that,
e.g., for a permeate flux of 30 L/m2h, the air supply (343 K) should be 90 m3/h per 1 m2 of
membranes. For the example flat channel dimension, 1 m wide and 5 mm high; this would
correspond to a flow velocity of 5 m/s. Reducing the flow velocity to 1 m/s would allow
about 5 kg/h of evaporating water to be removed from 1 m2 of membranes. It follows
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that obtaining higher efficiencies in the SGMD process requires the use of high gas flow
velocities, which is difficult to obtain in large modules due to the arising significant air flow
resistance [4]. The proposed open modules, due to the use of a lower packing factor of the
membranes, would facilitate the use of higher air flow velocities. For the tested module
with air flow along the capillaries (cross-section 5 × 5 cm) with a speed of 2 m/s, an air
flow of 18 m3/h was obtained, with no visible effects of waving membranes.

 

Figure 10. The influence of air temperature on the water vapour capacity (X) and maximum permeate
flux possible for exemplary volume flow air velocity (m3/m2h) without vapour condensation inside
SGMD module. Assumed air density 1.2 kg/m3. Flow velocity [m/s] recalculated for channel cross
section dimension 1 m × 0.5 cm.

The results shown in Figure 8 demonstrated that besides the gas flow velocity, the
feed temperature also has a great influence on the SGMD performance. Increasing its value
from 294 to 302 K resulted in an increase in the permeate flux from 0.38 to 0.95 L/m2h. If
temperature TF < TAir, the gas will be the energy source for water evaporation.

3.2. Feed Heating by Sweeping Gas

The heat of water vaporization is high (2500 kJ/kg), while the specific heat of air
is low (1.005 kJ/kg), hence, its use as a heating medium requires forcing large volumes
of gas through the module. In classic modules with a shell, which are characterised by
a high degree of membrane packing density, it is not possible to obtain large gas flows
due to a significant increase in flow resistance [4]. Open capillary modules allow for the
implementation of SGMD in conditions of a significant excess of flowing gas in relation
to the surface of the membranes, which makes it possible to use air to heat the feed. This
variant is schematically shown in Figure 2a. The results presented in Figures 8 and 9 show
that energy transfer from air to the membrane can be accomplished for both natural and
forced convection.

In the MD process, the permeate volume obtained in relation to the feed is small,
therefore, in MD installations multiple feed recirculation is used [33]. In the case when
the external heat exchanger (feed pre-heating) is not used, the water evaporation in the
module cool-down feed, but simultaneously the air surrounding the installation heats the
feed. As a result of multiple recirculation, an equilibrium temperature is achieved, and
the TFinlet was closed to the TFout temperature (Figure 11). A variant of operation without
feed pre-heating was used during summer studies, e.g., obtaining the feed temperature
over 300 K on hot days (TAir = 302 K), whereas the feed temperature along the module did
not undergo changes. The tests were carried out without a fan working and the permeate
flux was in the range of 0.2–0.3 L/m2h. This noteworthy result indicates that the process
performance depends not only on the temperature but also on the humidity of the air
surrounding the installation, which changed during test in the range 49–57%.
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Figure 11. The influence of air and feed inlet temperature on the value of feed temperature at the
module outlet (TFout). Feed velocity 0.1 m/s.

The permeate flux obtained for almost a constant feed temperature allows to determine
the value of Km coefficient from Equations (1) and (3). This part of studies was carried out
using distilled water as a feed, and the value of Km = (1.3 +/− 0.15) × 10−4 L/m2h Pa was
obtained. The air parameters changes in the range: TAir = 299–300.8 K and RH = 45–53%
during this study. More than 10 times lower values (1 ÷ 8 × 10−5 L/m2h Pa) were obtained
for industrial modules in [5]. This value increased with the increase of the gas flow velocity,
which confirms the conclusion from Figure 10 that the gas is saturated quickly in large
modules with shell [4,23]. As a result, the main component of the mass transport resistance
is on the gas side, in contrast to the tested open module, where the parameters of the
membranes determine the evaporation rate.

The results presented in Figure 8 indicated that the increase in SGMD performance
can be obtained by increasing the gas flow velocity between the capillary membranes.
Additionally, for the variant with forced gas flow, it is possible to heat the feed with the
hot gas, which allows to increase the feed temperature and increase the performance of
the process several times. In the tested case, the temperature of the air flowing along the
membranes varied from 313 K (module bottom) to 299 K (the top of the module). As a
result, the permeate flux was equal to 0.72 L/m2h when the feed temperature increased
to 300.6 K and 0.95 L/m2h for TF = 302.6 K (Figure 8). For comparison, the temperature
distribution along the module for the case without air heating was also shown in Figure 9.
In this case, the feed temperature will be lower than the air temperature, it tends to the wet
bulb temperature, which lowers the vapour pressure in the pores of the membrane and, as
a result, the evaporation efficiency is lower. In the case of small laboratory installations, it
should be taken into account that not only the air parameters (TAir, RH) but also the instal-
lation parameters (e.g., feed volume, tank, and tubing wall surface) affect the test result.
The influence of the ratio of the feed volume to the membrane area on the stabilization
of the installation operation is shown in Figure 12. It is worth noting that, in the case of
starting large industrial modules, the SGMD stabilization period was about 2 h [23].

Heating the feed with the hot gas is a method that provides an to increase energy
efficiency—as, once equilibrated, all heat is used for evaporation (Figure 2a). In contrast,
when the module is fed with hot water, only part of the energy from the feed goes to
evaporation (Figure 2b). In the case of the tested K1800 capillary membranes, a module
with an area of 1 m2 for vF = 1.22 m/s supplies 0.5 kg/s of the feed, i.e., for TF = 333 K, the
feed energy is equal to 126 kW. Assuming that the permeate flux is 10 kg/m2h [7], only
6.9 kW is used for evaporation (ΔH = 2500 kJ/kg). The temperature at the outlet from the
module for these conditions is about 10 K lower, which ensures a decrease in energy by
21 kW, i.e., a thermal efficiency of 33%.
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Figure 12. The changes of TF inlet during feed recirculation for different ratio of initial feed volume to
membrane area. SGMD conditions correspond to test number from Figure 8: 80.4—1, 75—2, 71—3
and 20—4, respectively.

In SGMD modules, the separation of the membrane by a gas layer limited heat loss
and the thermal efficiency increased to 50–75% [4]. This value depends mainly on the tem-
perature of the feed. Considering only the drop in temperature of the feed flowing through
the Celgard Liqui-Cel module (1.4 m2) [4], the energy consumption for water evaporation
were calculated and presented in Figure 13. As the temperature of the feed increases, the
efficiency increases, but also the energy consumption approaches the minimum value of
694 kWh/m3 (calculated for ΔH = 2500 kJ/kg).

 

Figure 13. The influence of feed temperature on the permeate flux and energy amount consumed for
water evaporation. Data for calculations taken from [4].

In the SGMD variant with the feed pre-heating (Figure 13), most of the energy con-
sumed resulted from the drop in the temperature of the feed in the module. In the proposed
open-module solution, energy for water evaporation is taken from the environment around
the installation. The air heated by the sun flows between the capillaries and transfers
its energy to the surface of the membranes. In this case, the energy consumption in the
process will be mainly due to the operation of the fans. However, even large fans with a
capacity of several thousand m3/h consume much less energy compared to the heat of
water vaporization [34].

The motor power of the fan used in addition to capacity is also influenced by the flow
resistance of air inside the chamber. Importantly, the determination of their values for the
air flow in the open module requires further research. However, considering that the flow
resistance through the ventilation grille is in the order of 20–40 Pa, it can be assumed that
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the flow resistance through a chamber with a cross section of 0.5 × 1 m in which 5 rows of
capillaries are arranged, each of which is located 1–2 cm from the other, should not exceed
500 Pa. Sample fan GMT-R-60 series equipped with a 340 W motor and capacity decreasing
from 540 to 400 m3/h with increasing flow resistance from 230 to 1000 Pa [34] should be
appropriate for the open module in which 250 capillaries with a length of 1 m were installed
(area of 1.4 m2). This installation allows for the evaporation of a similar amount of water
(Figure 8) as obtained in the Celgard Liqui-Cel module [4], which, however, consumed
many times more energy (Figure 13).

3.3. Long-Term Studies

The MD process is most often proposed for water desalination, but other applications
such as concentration of solutions are also contemplated. One of the examples is the use of
SGMD to concentrate solutions of glycerol [29], sugar [32], or fruit juices [18]. In the case
of solution concentration, there is no need to use a vapour condenser, which significantly
simplifies the installation and allows the use of the open SGMD variant of the modules
without the need to achieve a state of supersaturation of the vapour in the sweeping gas
(inside condenser). The effectiveness of water evaporation in open capillary modules
without the use of feed pre-heating has been proven in long-term studies.

The studies of SGMD were carried out for 4 months corresponding to over 1100 h
of module work using distilled water with 5 g/L of NaCl as a feed. After such period of
operation, the module performance was changed only slightly (Figure 14). Fluctuations
of maximum permeate flux with time presented in this figure mainly resulted from the
changes of ambient air temperature and relative humidity. The data presented in Figure 14
were calculated as the averages for each day. In order to achieve the operation conditions
close to the natural ones (outdoor), the installation was left in a room with a slightly open
window, which caused the changes of parameters of installation operation depending on
weather conditions and time of day. The studies were started on summer (average air
temperature 299 K) and were ended on autumn, when the average air temperature dropped
to 295 K. The increase in humidity results not only from rainfalls, but also from increasing
mean air temperature, which intensifies the water evaporation from soil and plants. It
is worth noting that despite significant changes in air parameters, the obtained average
daily performance was at a similar level. It also shows that the capillary membranes used
were not wetted despite their long service life. It is well known that the membrane wetting
is a major operational issue in the MD process. This problem also applies to the SGMD
variant, as a result of which, the permeate flux decreased by 40% already after 140 h of the
process run [16].

 

Figure 14. Changes the maximal permeate flux and average changes (daily) temperature and
relative humidity of air surrounding the membrane module during studying of NaCl (5 g/L)
solution evaporation.

63



Energies 2022, 15, 1454

To simplify the installation, the long-term tests were carried out without air flow
forced by fan. However, the results presented in Figure 8 indicate that the use of fans would
allow the permeate flux to be increased to a level of 0.3 L/m2h. For the membrane packing
density 52 m2/m3 used in the work, for an exemplary chamber 2 m wide and 5 m long,
an installation with an area of over 500 m2 would be obtained, which would allow for the
evaporation of 150 L/h of water. The analysis of the impact of the packing degree on the gas
velocity distribution presented in [24] shows that a two–three-fold increase in the packing
density should not significantly affect the operation of the installation and the capacity of
500 L/h should be available for an example installation without feed pre-heating.

4. Conclusions

The performance obtained in the conducted research was similar to the SGMD results
presented in the literature obtained for industrial membrane contactors, which indicates
that the proposed open capillary modules are an interesting alternative to classic modules
with shell.

The conducted tests confirmed that, in the case of industrial SGMD installations, a
permeate flux at a level of a few L/m2h should be expected. For this performance, in order
to prevent vapour condensation in the module the air stream in the range of 10–20 m3/h
per 1 m2 of membranes will be required. Providing such a large gas flow in classic modules
with a shell would significantly increase the flow resistance, which can be limited using
open capillary modules with lower membrane packing density.

An important point that should be noted is that the application of the capillary modules
without an external shell allows to realise this process without feed pre-heating (natural
evaporation) with the permeate flux at a level of 0.15–0.3 L/m2h. In the case when hot air
(313 K) heating the membrane surface the water evaporation increased to 0.95 L/m2h for
feed temperature equal to 302.6 K.

An increase of the feed temperature from 295 K to 330 K allowed to increase the
evaporation performance from 0.3 to 2.4 L/m2h for very low gas flow. The evaporation
efficiency increased about 60% when gas flow increased to 1.8–2.5 m/s.
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Abstract: This is an experimental work performed to identify the influence of direct contact conden-
sation inside an eductor. The fluid used in the experiments is water in two different phases: liquid
and vapor, for primary and secondary flows, respectively. This study was conducted in an attempt to
establish the suitability of an eductor as a combined vacuum generator and condenser for membrane
desalination applications. The pressure and temperature measurements at critical points in the flow
paths have been summarized to identify the influence of primary flow on secondary fluid saturation
and condensation. In addition, the mechanism of phase change has been explained through the
photography of fluid flow in a two-dimensional eductor. A consistent oscillation of the gas-liquid
interface was observed during steady-state operations of the eductor. This work also contributes
to the validation of future computational research. It will provide a baseline for computational
thermal fluid analysis related to the mixing of condensing and non-condensing flow. In general, the
research encompasses the practical operational scenario and provides information on the heat and
mass transfer of direct contact condensation with a finite secondary source.

Keywords: eductor; condensation; saturation; experiment; mechanism visualization

1. Introduction

Ejectors/eductors are mechanical devices that operate on the principle of converting
primary flow energy into secondary fluid entrainment. They are among the standard indus-
trial devices used for moving liquid, particles, and gas or to create a vacuum. The principal
fluid might be either liquid or gas, depending on the application [1,2]. They can also
perform multiple fluid dynamic features like multiphase mixing, heat and mass transfer,
pumping, fluid flow expansion, and compression [3–5]. The absence of moving parts
and simple construction make them some of the more widely preferred multifunctional
components [6].

The existing literature outlines the role of the eductor and how it might be modified for
different uses. Most of the existing literature focuses on air jet or steam jet systems, with only
a few studies conducted on water-jet eductors. Zhang et al. [7] performed an experimental
and empirical study of flow inside a water jet eductor. The secondary source used in this
study was superheated steam from a steam generator. Axial pressure measurements were
performed to explain the phenomenon. The pressure along the axial direction decreased
up to the exit of the throat for the selected geometry. Shah et al. [8] conducted a numerical
and experimental study of a steam jet ejector with the primary fluid being superheated
steam and the secondary fluid being cooling water. Their numerical study considered
an infinite source of liquid, which is not difficult to approximate, since water is in liquid
form under standard conditions. This is among the limited studies considering the mass
transfer rate during the computational analysis of ejectors. Banu et al. [9] performed a
numerical and experimental study for a refrigeration application with a primary fluid of
superheated steam. The primary focus of the study is to evaluate the influence of primary
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fluid swirl on the performance of ejectors. An increase in primary fluid swirl was found to
have enhanced entrainment. Yan et al. [10] performed an experimental study with swirling
primary fluid (water) to entrain steam from the secondary source. These swirling vanes
introduced vortices resulting in more significant interaction time between the fluids for
better mixing [11,12]. Narabayashi et al. [13] experimentally studied an ejector for a passive
core injection system to be used in next-generation reactors, with primary water, and
secondary steam fitted with throat drains. The use of steam from a high-pressure turbine
to run the steam injector reduced the plant efficiency by 1%. Yan et al. [14] performed
experiments with primary steam and secondary water for heating purposes. A shock
wave was reported to occur during phase change within the flow channel. One of the key
factors in the existing literature is the use of an infinite and common secondary source
(e.g., superheated steam, compressed air, or water). Some of the practical aspects that
have been identified as significant knowledge gaps are the behavior of eductor-aided
sub-atmospheric saturation conditions, low-grade heat input for phase transformation,
and synchronous multifunctional activity in eductors (e.g., combined degassing, pumping,
and heat exchange). In addition, for applications that include 2 phase single species flows,
eductors can be developed to function as a direct contact heat transfer device/condenser.

This work focuses on two objectives: First, determining the influence of eductor
operating conditions on the sub-atmospheric vapor generation at the secondary flow source
and condensation within the eductor. Second, establishing a foundation for the verification
of computational studies on the thermo-fluid analysis of similar phenomena. The plan
is to develop an eductor for use as an active vapor transfer and condensation unit for
desalination systems. During this study, the pressure at different axial positions and the
influence of phase change during direct contact condensation were examined, along with
the eductor-aided saturation process in a control volume. The thermodynamic mechanism
of heat transfer (explored using a T-S diagram), calculation of the overall heat transfer
coefficient, and overall exergy analysis are three major theoretical knowledge contributions
that can provide a new direction to the existing work. The outcome of this work can
also be referenced for verification of computational activities related to the following four
thermal-fluid processes: flow dynamics in eductors, heat and mass transfer, multiphase
fluid mixing, and sub-atmospheric saturation.

2. Eductors for Active Vapor Transport and Condensation

The primary and secondary inlet, as well as the suction chamber, mixing chamber,
throat, and diffuser, make up an eductor. Eductors work by converting pressure energy into
velocity energy, with secondary entrainment occurring in the low-pressure zone. When
a high-velocity primary fluid leaves the primary nozzle, it generates a continuous eddy
current in the surrounding fluid, keeping the suction chamber at low pressure. When
connected to a secondary fluid source, the secondary port degasses the area between
the secondary fluid surface and the mixing chamber before pulling it to the mainstream.
The physical model of an eductor for active vapor transfer and condensation is shown
in Figure 1. The input work supply pump, condenser, and pressure rising diffuser are
the main functional components. The working fluid, in this case, is liquid water, which
serves numerous roles during the energy conversion. Liquid works as a working fluid in
the pumping portion, pulling secondary fluid (water vapor) into the mainstream. This
flow is caused by a positive pressure difference between the secondary fluid source and
the suction chamber. In addition, it works as a condensing/cooling fluid in the condenser
by direct contact condensation and cooling. A single-phase fluid made up of the primary
and secondary flows exits the eductor system through the diffuser at a pressure higher
than the secondary flow inlet but lower than the primary flow inlet. The greater the rate of
condensation, the greater the entrainment because the collapsing vapor bubbles resulting
from condensation form large empty volumes, allowing for additional incoming flow to fill
the space. Outlet pressure is a limiting component; raising the outlet pressure improves the
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condensation rate but obstructs the fluid flow; thus, entrainment rises for a brief period
before progressively decreasing.

Figure 1. Physical model of eductor.

The performance of the eductor is defined in terms of its entrainment ratio and pressure
ratio. The entrainment ratio is defined as the ratio of the mass flow rate of secondary fluid
that is pumped into the system to the mass flow rate of the primary fluid that is driving the
pumping action, given by Equation (1).

Entrainment ratio (Er) = ṁs/ṁi (1)

The pressure ratio is defined as the mechanical compression capacity of the entrained
vapor, given by Equation (2).

Pressure ratio (Pr ) = (Po − Ps)/(Pi − Ps ) (2)

Figure 2 is the estimated T-s diagram for a two-phase single species flow, with condens-
ing secondary flow. The high velocity subcooled liquid (primary fluid) reaches the suction
chamber at a constant temperature and slightly higher entropy due to its low pressure. As a
result of the pressure difference between the secondary source and the suction chamber,
saturated vapor (secondary fluid) enters the system from 3w. Inside the chamber, the two
phases interact with each other and the energy exchange is initiated. At the secondary fluid
inlet, the energy balance between the vapor source and the suction chamber can explain
the vapor rising phenomenon in the eductor. Applying this energy balance, the secondary
mass flow rate can be described through Equation (3):

ṁs = ρv As

√
(2(hvo − hv1 ) ) (3)

In addition, the primary fluid mass flow rate can be estimated by continuity and the
Bernoulli equation applied to the primary nozzle:

ṁi = ρl An

√
2 ηn

(
Pl0 − P2

ρl

)
(4)

The velocity of the subcooled liquid is initially much higher than the saturated vapor,
hence the effect of the friction between the phases at their interface propels the movement
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of the secondary fluid. This shear stress between the phases due to leading and lagging
velocity is given by:

τ =
1
2

f ρv(Vv − Vl)
2 (5)

Figure 2. T-S diagram estimated for the eductor.

With the thermal interaction between the two phases, the vapor fraction starts de-
creasing in the annular flow surrounding the primary fluid flow. The sub-cooled liquid
continues to receive thermal energy (the latent heat of vaporization) released during the
phase change. The pressure energy in the fluid also varies due to the variation in the
axial cross section of the eductor. By the time, the primary and secondary fluids reach the
throat, complete condensation takes place, and the two streams finally form a homogeneous
mixture in the diffuser (between points 7 and 8). Although the local heat transfer coefficient
at a given axial location, in this case, is a function of the local pressure and the inter-phase
area between Sections 4–6, the overall coefficient of heat transfer can be defined by:

Hc =
ṁv h f g

(Tv − Tl) AiA
(6)

where Hc is the overall convective heat transfer coefficient, ṁv is vapor mass flow rate, f g is
the latent heat of condensation, Tv is vapor temperature (secondary fluid), Tl is the liquid
temperature (primary fluid), and AiA is the total surface area of interphase interface.

3. Experimental Description

Figure 3 is the schematic view of the components for the experimental setup, together
with the position of the sensors and the instrumentation. The major components of the
setup include a centrifugal pump, pressure tank, eductor, viewing piece, sump, piping,
and instrumentation for data acquisition and recording. A piezo-resistive sensor for suction
pressure measurement and pressure transducers for the pressures at other locations are
connected to a Datataker DT80, along with thermocouples for temperature measurements.
In open loop operation, the primary flow sub-cooled liquid water is pumped using a cen-
trifugal pump to the inlet of the eductor and the outlet is discharged to the sump. The setup
can also function in closed-loop operation for particle tracking and flow visualization.
The low-pressure secondary vapor is generated by supplying heat to a vacuum-sealed
conical flask via a plate heater. The power rating of the plate heater is described in Table 1.
The reliability of the experimental setup has been ensured through sensor calibration,
repeatability testing, and uncertainty analysis. The relative uncertainty of the sensors used
in the system is in the range of ±0.4% to 1.2%.
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Figure 3. Schematic diagram of experimental setup.

Table 1. Operational parameters of Eductor.

Parameter Description Units

Inlet Pressure 168.3 kPa
Inlet Temperature 22.4 ◦C
Inlet Flow rate 16.54 LPM

Outlet Pressure BP1 BP2 BP3 BP4 BP5 BP6 kPa98.67 100.12 101.99 106.31 111.70 118.83

Suction Temperature BP1 BP2 BP3 BP4 BP5 BP6 ◦C93.61 94.54 95.26 96.48 98.37 105.1

Figure 4 is the experimental setup built at the Thermo-Fluid lab, RMIT University,
Australia for performance estimation of eductors. For this experiment, the primary flow
creates a low pressure in the space between the water surface in the conical flask (Figure 4d)
and the eductor suction chamber, hence allowing the secondary fluid in the flask to reach
saturation at lower temperatures. The generated vapor is entrained into the mainstream
of the eductor where the exchange of heat and mass occurs between the primary and
secondary fluid streams. To maintain consistency, all the experiments were conducted at a
constant heat supply rate from the plate heater and a constant inlet pressure. The valve
VV308-02 was fully opened and VV308-06 was fully closed. Eductors operate on the pres-
sure difference between their inlet and outlet; therefore, given the constant inlet pressure
condition, the experiment was performed by controlling the outlet pressure, which in turn
varied the suction pressure of the eductor. Six different opening levels of VV308-03 were
selected to measure the influence of backpressure on performance. The operational condi-
tions have been described in Table 1. The axial pressure was measured using pressure taps
in three different axial positions (suction chamber, mixing chamber, and throat) (Figure 4a).
The eductor used for this study is a 3D printed part reverse-engineered from a commercial
eductor design and modified to accommodate three pressure ports for experiments (see
Figure 4a).
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Figure 4. Experimental setup at Thermo-fluid Lab-RMIT.

4. Results and Discussion

This section describes the experimental results with regard to three different criteria:
thermal saturation phenomenon, axial flow in non-condensing and condensing cases,
and functional performance of the eductor (i.e., working range for outlet pressure and
entrainment ratio).
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4.1. Sub-Atmospheric Vapor Generation

In the experimental setup (Figures 4 and 5), the secondary flow of water vapor was
produced by heating liquid water inside a sealed conical flask using a plate heater, while
the pressure inside the flask was controlled by the eductors suction action to maintain
sub-atmospheric conditions. This section describes the thermal saturation phenomenon
and the influence of the eductors parameters on the process. This is one of the contrasting
features of this study, i.e., where the response of an eductor to a finite secondary source
has been evaluated. In practice, an unlimited vapor source will be of no practical interest
during hybrid desalination. Figure 5 is a schematic of the conversion of mechanical and
thermal energy within an eductor. The mechanical energy in the primary fluid is used to
maintain low pressure and pumping of the secondary fluid. Similarly, the thermal energy
contributes to saturated vapor generation and direct contact condensation (DCC) of the
secondary fluid.

Figure 5. Fluid energy scenario in the eductor.

There are two thermocouples fitted in the vapor generation apparatus of the exper-
imental setup to monitor the conditions during evaporation of the secondary fluid: the
first one submerged in the liquid water towards the base of the flask and the second one
suspended near the mouth of the flask. The measurement of suction pressure was per-
formed at about 29 cm above the mouth of the flask. In the following section, the key
observations made during the experiments regarding the secondary fluid evaporation
under sub-atmospheric conditions with respect to the operational characteristic of the
eductor have been discussed.

Figures 5 and 6 show secondary flow (suction) pressure, secondary fluid liquid temper-
ature, and secondary fluid vapor temperature measurements successively as the secondary
fluid changes from subcooled to saturated condition, while the primary flow is maintained
at back pressure 1 (BP1). In Figures 5 and 6, before the start of active vapor transfer (i.e.,
during secondary fluid heating), the pressure fluctuations were monitored in the suction
chamber, with an average pressure of 83 kPa being recorded. Although the secondary fluid
temperature was well below the saturation temperature corresponding to the measured
suction pressure, there was no vapor generation and, therefore, no vapor transfer. The va-
por generation only started when the secondary fluid temperature reached the saturation
condition, allowing active vapor transfer to occur between the vapor generation source and
the eductor. It can be seen in Figures 5 and 6 that there was a period of abrupt pressure
drop, known as coughing flow, which represents the period in which a small amount of
vapor is generated, pushing the small amount of air present in the flask to the suction
chamber, which in turn is extracted by the eductor. This removal of air, while the secondary
fluid has not reached saturation temperature, causes the suction pressure to drop for a
short period, as can be seen in the figure. This coughing effect is observed for almost all
operating conditions and is one of the important start-up considerations that large-scale
applications need to consider to prevent collapsing of the secondary fluid pipe due to the
sudden vacuum created.

After the secondary fluid reaches thermal saturation, the vapor flow starts, and the
average suction pressure stabilizes at 85 kPa. Compared to when the secondary fluid is
sub-cooled, large fluctuations in suction pressure are observed when the secondary fluid
reaches thermal saturation. The accompanying small fluctuations in temperature could be
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due to these changes in pressure causing a change in the saturation point. This fluctuation
in the suction pressure is due to the direct condensation of water vapor in the sub-cooled
primary flow (liquid water). The vapor bubbles from the secondary fluid flow enter the
sub-cooled primary flow and abruptly collapse due to rapid heat and mass transfer. This
gives rise to pressure waves (shock waves) which are recorded as large fluctuations in the
suction pressure measurement.

With increasing back pressure in the system, the fluctuations in the suction pressure
become even greater. This is due to the shifting of the condensation region towards
the mixing chamber, which is closer to the suction port. Similarly, a similar behavior was
reported during the computational study by Koirala et al. [15]. The mechanical performance
of the system is negatively affected by the back pressure; however, an improvement in
thermal performance has been observed. The study shows that for two phase single-species
condensing flow, thermal activity has a greater contribution to entrainment compared to
mechanical work. The increase in condensation rate with larger interaction time allows
more vapor to enter the system, but this is limited to the critical point as a certain amount
of mechanical work is essential to accelerate the process. The effect on pressure and
entrainment has been elaborated on in the following sections.

Figure 6. Pressure and temperature measured at secondary source for different back pressures.

4.2. Axial Pressure Distribution
4.2.1. Non-Condensing Flow

Figure 7 is the pressure distribution measurement over the axial points P1, P2, and P3
(as shown in Figure 4a at different back pressures for secondary non-condensing flow (air)).
The lowest pressures for P1, P2, and P3 were measured at BP2 conditions with values of
approximately 70 kPa, 75 kPa, and 90 kPa (absolute) respectively. Similarly, the highest
pressures for P1, P2, and P3 were measured at BP6 condition with values of 92 kPa, 98 kPa,
and 110 kPa (absolute), respectively. In an eductor, the two-phase region with the lowest
pressure is at point P1, which is measured via a tapping fitted in the wall of the suction
chamber. This is the region immediately after the primary nozzle where the two phases
(primary and secondary fluids) first come in contact and start to mix. The design and
arrangement of this component play an important role in the entrainment capacity of an
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eductor. The most suitable positioning will maintain the largest possible pressure difference
between the secondary source and the eductor flow path, resulting in the highest level
of entrainment. With increasing backpressure, the pressure at each of these points was
measured and found to increase.

Figure 7. Axial pressure distribution in non-condensing flow.

4.2.2. Condensing Flow

Figure 8 is the graph for the time-averaged pressure distribution measurements at
the axial points P1, P2, and P3 for different back pressures, with secondary condensing
flow (water vapor), at the same conditions defined in the previous section. For each of the
points, the lowest pressure was measured at the back pressure BP1, and highest pressure
was measured for the back pressure BP6. The lowest pressures of 69 kPa, 72 kPa, and 87 kPa
(absolute) were measured under conditions P1, P2, and P3 respectively at BP1 condition.
Similarly, the highest-pressure values of 92 kPa, 98 kPa, and 108 kPa (absolute) were
measured at P1, P2, and P3, respectively, at BP6 condition. The impact of back pressure was
found to be greater at P2 compared to P1 and P3.

Figure 8. Axial pressure distribution in condensing flow.
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4.3. Influence of Condensation
4.3.1. Quantitative Study

Figure 9 shows the comparative study of pressure fluctuation between condensing
and non-condensing cases for different back pressure conditions at points P1, P2, and P3.
In most of the experiments related to phase change, condensation was reported to result in
large bubbles collapsing. They are either visually monitored or measured through pressure
fluctuations. Here, a statistical method based on the standard deviation was selected to
summarize the variation in the crest and trough from mean pressure values. The cases with
the non-condensing flow can be considered as controls or references, where, except for
some minor condensation of atmospheric moisture, the air is largely dry. The condensing
flow contains a finite volume of water vapor. In the case of BP1, i.e., the lowest back
pressure, the largest fluctuation was measured at P3 (in the throat); hence, most of the
mass transfer occurred there. For the cases of BP2, BP3, and BP4, the fluctuation tends to
stabilize due to the damping action of the increased back pressure. In addition, the largest
fluctuation was also found to shift toward P2, indicating that most of the condensation
starts to occur in this region. For the cases of BP5 and BP6, with further increased damping,
most of the condensation was measured to occur in the suction chamber and the mixing
chamber. The influence of this is also reported in Figure 6.

Figure 9. Deviation from the mean pressure.

4.3.2. Qualitative Study of Eductor Mechanism

Figure 10 shows the adjustments made to the experimental setup to visually observe
if complete condensation occurs within the system. On the basis of the prior literature, it
would be expected that there would be bubbles in the water stream in case of unfinished
condensation. During the entire series of experiments; however, no bubbles were observed
beyond this point. Therefore, it can be assumed that under the operational conditions
applied, complete condensation occurs within the eductor system. It is necessary, however,
to find the mechanism of mass transfer over the axial region of the inter-phase interaction
within the eductor.
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Figure 10. Visual inspection of bubbles.

The answer to this question regarding the mechanism of mass transfer helps to
strengthen the understanding related to internal flow. There is evidence of visualiza-
tion practices for internal flows in the existing literature. Yang et al. [16] studied the
condensation of steam in a sub-cooled water pool using a nozzle and barrel adjustment.
Innings et al. [17] visually studied steam condensation in an ultra-high temperature treat-
ment system.

The current study developed a cascade geometry, Figure 11, to make visual records
of the condensing flow of low-pressure vapor into a sub-cooled water jet. The Figure 12
is the pressure distribution plotted based on the computational analysis. The setup was
designed such that the pressure distribution within the cascade channel becomes like the
eductor. It is analogous to the axisymmetric geometry of an eductor, extruded to have
a similar wall pressure. The flow video was taken at a frame rate of 480 FPS. There are
records of theoretical descriptions of flow within an eductor, but visual evidence of actual
flow is missing. This is the first experimental evidence showing the mechanism of mass
transfer between low-pressure secondary fluid vapor and primary fluid water jet. Figure 13
is a summary of the images showing two-phase mixing and mass transfer within the
cascade. It includes two phase regions between the suction chamber and the diffuser.
At the primary fluid volume flow rate of 6.2 LPM and vapor temperature of 98.24 ◦C,
the low-pressure vapor slowly entrains into the main flow stream. The thick mixing region
can be clearly seen, where the saturated vapor is in transition to reach the compressed
liquid. The vapor axially oscillates between the mixing chamber and throat. The axial
pressure is a function of back pressure, in this case, it gradually increases from the suction
chamber to the diffuser [18]. Hence the saturated vapor initially entrained in the passage
starts condensing through this non-constant cross-sectional mixing chamber. At the same
time, the vapor temperature is also gradually decreasing, and hence the point of complete
condensation shifts to the start of the mixing chamber. The varying area of the vapor–liquid
interface and the resulting variation in the heat and mass transfer coefficient results in the
oscillations observed. This is also visible in the pressure fluctuations seen in Figure 6.

Figure 11. 3D printed transparent cascade.
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Figure 12. The pressure distribution between eductor and cascade for the analogy of the study.

Figure 13. Framewise observation of phase change within Eductor cascade.

4.4. Performance of Eductor
4.4.1. Entrainment Ratio

Figure 14 shows the plot for the entrainment ratio with respect to the pressure ratio
of the eductor. Here, the pressure ratio is defined as the ratio of the difference between
the outlet and suction pressure to the difference between inlet and suction pressure (see
Equation (5)-1). With increasing pressure ratio, the entrainment ratio was measured to
decrease. The highest entrainment ratio of 0.0001452 was recorded for a pressure ratio
of 0.17. The measurements were taken until the condition in Figure 14 was achieved.
During the experiments, the pressure ratio was controlled by controlling the back pressure
(outlet pressure of the Po system). The momentum transfer from the high-velocity jet to the
surrounding fluid in the suction chamber performs degassing and creates a low-pressure
zone. The secondary fluid at higher pressure flows inward to maintain equilibrium. In the
case of a control volume with a finite secondary fluid source, the available secondary
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fluid is pumped in, and the remaining energy is used to maintain the sub-atmospheric
pressure. The total energy is divided into entraining the secondary flow and maintaining
the system’s sub-atmospheric condition. The entrainment ratio and pressure ratio are
the dimensionless numbers defining these two functional characteristics of an eductor.
From the Equations (1) and (2), this can further aid in visualizing the characteristics of an
eductor as both a compressor and a pump during simultaneous operation.

Figure 14. Entrainment ratio vs. Pressure ratio for eductor.

4.4.2. Maximum Operational Range

Figure 15 shows the optimal operating conditions (points) of the eductor at different
inlet pressures. It is at the value of back pressure (outlet pressure Po) where there will be no
secondary entrainment. Any further increase in the outlet (back) pressure value will result
in reverse flow through the secondary nozzle. The respective flow rate has also been plotted
to visualize the total energy of the system. With increasing inlet pressure, the difference
between inlet pressure and the ultimate back pressure point is larger. The conversion of
energy as the primary fluid moves axially forward is the prime operational characteristic.
The conversion of pressure energy to kinetic energy, and then to pressure energy with
positive action of friction on the interface for the work done is the specific modality of
conversion. The value of inlet pressure and corresponding flow rate describe the total
inlet energy. The measured value of optimum compressibility (outlet pressure) for the
corresponding inlet conditions creates an idea of the operational extent of eductor.

4.4.3. Efficiency and Exergy Analysis

i. Efficiency
As the eductor can perform multiple functions based on its application, e.g., com-

pression, pumping, mixing, condensing, degassing, etc., its efficiencies are also defined
accordingly. In this application, defining the eductor as a compressor tends to cover most
of its functionality. Therefore, the compression efficiency of the eductor has been defined as
the ratio of the rate of work carried out on the secondary fluid to the rate of work supplied
by the primary fluid (see Equation (5)-7). The maximum efficiency of 12% was calculated
for the eductor operating at BP5 (Figure 16). This efficiency term incorporates the effect
of multiple functions that occur in the background. The work involves degassing the
suction chamber, pumping secondary fluid into the chamber and then in the direction
of the outlet, exchange of thermal energy and mass between the two fluid streams, and
finally releasing at a pressure higher than the suction pressure. The system is analogous
to the piston-cylinder system, where the cylinder is the eductor, the piston is the primary

79



Energies 2022, 15, 8620

fluid, and the volume X is the suction chamber. When the piston moves in the direction
A, X becomes a low-pressure zone, as the volume increases but the mass content of the
system remains constant. As soon as the valve is opened, the surrounding fluid rushes into
volume X. With an eductor, the primary fluid sweeps away the gas content in the suction
chamber, converting it to a low-pressure volume analogous to X, as soon as the secondary
inlet valve is opened, as the fluid rushes in to fill the space. The pressure difference is
the prime driving force within the eductor, which can be further aided by mass transfer
due to condensation. The efficiency for other functions (e.g., pumping efficiency, heat,
and mass transfer performance, etc.) can be higher or lower, as the definitions of input
and output for these functions can vary. The compression efficiency is a good indicator of
overall performance, as it is the result of all the mechanisms that occur within an eductor
(Equation (7)).

ηeductor =
V̇suction × (Pout − Psuction)

V̇inlet × (Pin − Pout)
× 100 (7)

Figure 15. Optimum operational point of eductor.

Figure 16. Efficiency of Eductor at different back pressure.
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ii. Exergy (xE) analysis
Exergy analysis has been performed to analyze the energy destruction within an

eductor system for different back pressures. Equations (8)–(10) define the inlet, suction, and
outlet-specific exergy, respectively. The exergy and exergy destruction in the eductor were
calculated using Equation (11) and Equation (12), respectively. The dead state pressure and
temperatures were taken to be 100 kPa and 295.4 K, respectively. For the exergy analysis,
velocities of the primary and secondary fluid have been calculated based on the flow
measurements. The velocity of the primary fluid at point 1 was estimated using the volume
flow rate, specific volume, and cross-sectional area at point 1 (Figure 17). A vortex flow
meter (Grundfos VFS 2-40) was used to measure the volume flow rate of the primary fluid.
The velocity of the secondary fluid at point 3 was estimated based on the average mass
flow rate, specific volume, and cross-sectional area at point 3. The average mass flow rate
of the secondary fluid was estimated based on the change in the mass of the secondary
fluid in the boiling flask over the period of the experiment. The specific volume of the
secondary fluid was assumed to be equal to a specific volume of saturated water vapor at
the suction pressure measured at point 3. The diameter of inlet, outlet, suction, and nozzle
are 22 mm, 20 mm, 22 mm, and 5 mm, respectively. Standard water property tables were
used to estimate the values of specific enthalpy and specific entropy at different points in
the eductors at measured pressures and temperatures [19].

Figure 17. Locations in eductor for exergy (xE) analysis.

The calculation of exergy for difference locations within eductor was calculated using
the following equations;

Primary inlet;

xe1,l = (h1,l − ho)− To(s1,l − so) +
v2

1,l

2
+ gz1,l (8)

Secondary Inlet;

xe3,v = (h3,v − ho)− To(s3,v − so) +
v2

3,v

2
+ gz3,v (9)

Outlet;

xe8,l = (h8,l − ho)− To(s8,l − so) +
v2

8,l

2
+ gz8,l (10)

The general exergy equation can be written as:

xEr,p = ṁp.xer,p (11)

Overall exergy destruction is given by:

xEd =x E1,l +x E3,v −x E8,l (12)

It is shown that greater exergy is destroyed with a larger secondary flow inside the
system. Figure 18 shows the exergy destruction within the eductor. Future optimization of
eductors will include increasing secondary flow into the system as a primary focus; hence,
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it will also be essential to work toward minimizing exergy destruction to offset this trend
and ensure high performance.

The efficiency and exergy destruction at BP6 is estimated to be minimal. At point
BP6, the back pressure is the highest and the driving pressure difference is the lowest.
This results in a minimum secondary flow, and from Equation (7), it can be seen that the
efficiency will decrease with a drop in the secondary flow rate; hence the lowest efficiency
among the six back pressure conditions tested. Another observation is that at BP6, the
exergy destruction is also minimum, and this also can be attributed to the minimum
secondary flow rate. Consider Equation (12), which has three exergy terms, the first and
third term in that equation is related to the liquid phase of the fluid and this phase does not
have a significant temperature change. The second term is related to the vapor phase, which
undergoes a phase change and hence the largest contribution to the exergy. Therefore, in
BP6, the rate of exergy destruction is minimal, corresponding to the lowest mass flow rate
of the secondary fluid.

Figure 18. Exergy destruction in Eductor.

5. Eductor for Membrane Distillation

The thermal desalination technologies are energy-intensive processes, but utilization
of waste heat (especially low-grade heat) would make it feasible on synergetic (combined
recovery of energy and water production) grounds. All thermal systems require large con-
densers/heat exchangers either for vapor condensation or cooling of the condensing fluid.
Although they have large recovery ratios, effective recovery using low-grade heat requires
sub-atmospheric vapor generation and large condensers for sensible cooling. The appli-
cation of eductors for combined vacuum generation, vapor transfer, and condensation
would significantly reduce the footprint of existing technology. Eductors are simple static
mechanical devices capable of performing multiple fluid functions: pumping, degassing,
mixing, direct contact condensing, and compressing. Focusing on MD, replacing the vac-
uum pump and condenser with an eductor would simplify the existing system and could
enhance performance.

Membrane Distillation (MD) is a hybrid technology that is driven thermally and
separated through hydrophobic membranes. Based on the permeate flux management
method, they are classified into Direct Contact MD (DCMD), Vacuum MD (VMD), Air Gap
MD (AGMD), and Sweep Gas MD (SGMD), as shown in Figure 19 [20,21]. All of these
processes have a feed and a permeate chamber. At the feed side, continuous feed circula-
tion/recirculation occurs, allowing evaporation at the membrane surface. The hydrophobic
nature of the membrane material allows the vapor to cross the membrane boundary while
preventing the flow of liquid feed water from crossing. The mechanism of transmembrane
vapor transfer mechanism and the management of this vapor differentiate these processes.
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Figure 19. Membrane Distillation Desalination Processes.

For a general Vacuum Membrane Distillation process, feed pressure and temperature,
permeate side pressure, permeate vapor suction, condensation, and freshwater transfer
are the primary operations and variables. The eductor is capable of vacuum generation,
pumping, mixing, heat and mass transfer, and higher-pressure discharge. These capabilities
align perfectly with the permeate side operational requirements of a VMD. Figure 20 is
the schematic layout of an ejector-based VMD process. The vapor separates from the feed
through a hydrophobic membrane (details on VMD can be accessed through), since the
permeate chamber pressure is maintained lower than the vapor pressure, condensation
does not occur, and the vapor is entrained by the eductor (where there is already primary
fluid flow). The primary fluid and secondary fluid (the vapor) mix, transferring mass
followed and heat before finally discharging as a single phase fluid at a pressure higher
than the secondary (vapor) pressure. Particularly, in an off-grid small-scale desalination
unit, this technology could ensure simplicity and reliability. There is great potential for
an eductor to improve the sustainable production of freshwater using the abundance of
low-grade thermal energy available (solar, industrial waste heat, etc.).

Figure 20. Eductor-based MD process.

6. Conclusions

In contrast to the previous literature, this study developed the eductor as an active
vapor transfer and condensation device. A single species fluid (water) with two phases
(liquid water as the primary, and water vapor as the secondary) has been used for this
study. The prime objective of this application of the eductor is to use the eductor in MD.
The study also discusses the operational characteristics of two-phase single species flow
within an eductor, to identify the operational range in the developed system.

The series of experiments studied eductor behavior at six different back pressure
conditions, and the results have been discussed. With increasing back pressure, the pressure
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around the suction chamber and the mixing chamber increased. This negatively affected
the entrainment of the secondary fluid in the system. One way to identify the zone of
condensation was to measure the static pressure. During the phase change from saturated
vapor to mixture, a large quantity of vapor bubbles collapse, and the surrounding water
molecules rush into the voids. This forms large pressure fluctuations within the flow region,
which could be measured. The visualization experiments performed suggest that this filling
of voids by liquid is an oscillating phenomenon that is a result of the eductor geometry and
plays a vital role during sub-atmospheric thermal saturation.

In applications where the mixing of primary and secondary fluid does not have
any influence on the desired product, eductors can be used to maintain sub-atmospheric
pressure, secondary pumping, control of vapor generation, and direct contact condensation.
The control of all these parameters can be conducted precisely and non-invasively by
controlling the back pressure or pressure difference. This strengthens the usability of the
eductor in MD for fresh water production.

It was shown that the larger the secondary mass flow rate, the larger the exergy
destruction calculated. Hence, design optimization focusing on the entrainment ratio
should also target the pressure ratio to have minimum exergy destruction.

This study contributes to flow phenomena studies, along with providing experimental
data for verification of computational models related to thermal saturation, mixing of
condensing flow, mixing of non-condensing flow, and phase transformation. More studies
are required to focus on the factors that influence the frequency of oscillation during direct
contact condensation between two-phase flows. In addition to the study of fundamental
flow physics, the performance study of eductor-based MD is an additional important topic
for the future study.
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The following abbreviations are used in this manuscript:
Er Entrainment ratio
Pr Pressure Ratio
ṁ Mass Flow rate
ρ Density
P Pressure
V Velocity
T Temperature
hc Heat Transfer Coefficient
BP Back Pressure
DCC Direct Contact Condensation
ηeductor Efficiency of eductor
xe Specific Exergy
xE Exergy
Subscript
S Suction
i Inlet
O Outlet
V Water Vapor
l Water Liquid
r Region
p Phase
d Destruction
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Abstract: In the direct contact membrane distillation (DCMD) system, the temperature polarization
due to boundary layer formation limits the system performance. This study presents the experimental
results and heat transfer analysis of a DCMD module coupled with a salinity gradient solar pond
(SGSP) under three different flow channel configurations. In the first case, the feed and permeate
channels were both empty, while in the next two cases, the feed and permeate channels were filled
with a porous spacer material. Two different spacer geometries are examined: 1.5 mm thick with a
filament angle of 65◦, and 2 mm thick with a filament angle of 90◦. The study considers only the
heat transfer due to conduction by replacing the hydrophobic membrane normally used in a DCMD
module with a thin polypropylene sheet so that no mass transfer can occur between the feed and
permeate channels. The Reynolds number for all three configurations was found to be between
1000 and 2000, indicating the flow regime was laminar. The flow rate through both the feed and
permeate sides was the same, and experiments were conducted for flow rates of 5 L/min and
3 L/min. It has been found that the highest overall heat transfer coefficient was obtained with the
spacer of 2 mm thickness and filament angle of 90◦.

Keywords: water desalination; membrane desalination; solar pond; heat transfer

1. Introduction

Water is a common, widely available substance. However, only about 3% of it is
available for human consumption. The remaining 97% is seawater. The availability of
even this 3% is affected by various factors. Environmental pollution is one problem.
According to the World Health Organization (WHO) and the United Nations International
Children’s Emergency Fund (UNICEF), about 2.1 billion people are deprived of access
to safe, readily available water at home and about 4.5 billion people do not have safe
sanitation facilities [1]. The problem is severe in the rural and remotely located areas of
developing countries. Although access to water has increased over the years, access to
safe water and sanitation is still a severe problem. The global population was 7.66 billion
in November 2018 and is expected to reach 8.5 billion by 2030 and 9.7 billion by 2050 [2].
It has been increasing rapidly since the industrial revolution of the 1800s, growing from
1.65 billion to 6 billion during the 20th century. However, it is expected to take about
200 years for the current population to double, compared to the 58 years it took to double
from three billion to six billion. However, the population is expected to increase at a much
higher rate in certain regions such as the Middle East and Sub-Saharan Africa, South Asia,
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Southeast Asia, and Latin America. Such growing population density in certain areas can
lead to heavy water demand combined with more significant pollution problems.

Traditional water treatment methods such as multistage flash (MSF), multi effect
distillation (MED), and reverse osmosis (RO) need either high temperature thermal energy
or electrical energy for operation. On the other hand, membrane desalination can operate
at much lower temperatures and hence in recent years there has been a significant research
focus on the development of membrane desalination systems. In this process, a microporous
hydrophobic membrane is used to separate liquids from dissolved solids [3]. The general
types of MD system configurations listed below are shown in Figure 1:

• direct contact membrane distillation (DCMD);
• sweep gas membrane distillation (SGMD);
• vacuum membrane distillation (VMD);
• air gap membrane distillation (AGMD).

    
DCMD SGMD VMD AGMD 

Figure 1. Schematic of different types of membrane desalination systems.

In DCMD, the feed solution is heated and is in direct contact with the surface of the
membrane. Therefore, quick evaporation occurs at the feedwater–membrane interface.
Vapor moves across the membrane due to the vapor pressure difference and then condenses
inside the membrane module. The hydrophobic nature of the membrane prevents the liquid
feedwater from penetrating the membrane, hence, vapor can only exist inside the membrane
pores. The DCMD configuration is the most straightforward configuration of membrane
distillation technologies. Hence, there is more widespread use of DCMD compared to
these other configurations. The heat lost by conduction is a significant limitation of DCMD.
Although the thermal conductivity of polymeric membranes is typically minimal, the
driving force for the desalination, i.e., the temperature differential, results in considerable
conductive heat transfer through the membrane material due to its minimal thickness. As a
result, DCMD has the highest energy loss by thermal conduction of any MD configuration,
resulting in low thermal efficiency [4]. DCMD is used in a variety of industrial applications,
including the desalination and concentration of aqueous solutions in food industries and
the manufacture of acids [5,6].

DCMD can be used for desalination and concentration of aqueous solutions; however
low energy efficiency is a major drawback affecting its use in large-scale applications. The
mass flux and energy efficiency can be increased by reducing the temperature polarization.
The first step for this is to understand the effects of flow regime on the heat transfer in the
absence of mass transfer. Hence, the estimation of heat transfer coefficients is essential for
analysis and design of efficient MD modules. Some recent research work on these aspects
is reviewed below.

An early study on the use of spacer-filled channels in MD applications by Martınez-
Dıez, Vázquez-González, and Florido-Dıaz [7] showed advantages in terms of enhanced
heat and mass transfers using low-grade heat sources. In commercially available membrane
distillation modules, the feed and permeate flow channels have different spacer material
and orientation. In a numerical study, Taamneh [8] found that the spacer increased shear

88



Energies 2022, 15, 8051

stress at the wall and doubled the Nusselt number in contrast to an empty channel. In
a DCMD module, mass flux enhancement by spacers was detected by Phattaranawik,
Jiraratananon, Fane, and Halim [9]. The authors developed a model to explain mass flux
increases due to spacers. Phattaranawik et al. [10] tested net type spacers fitted in DCMD
to enhance mass transfer coefficient. In their work, Yun, Wang, Ma, and Fane [11] studied
the effects of spacers on flux enhancement of DCMD using a high concentration NaCl
aqueous solution. The observed increase in mass flux was highest for the thick spacer, then
thin spacer, and then without spacer. Taamneh and Bataineh [12] used experimental and
numerical methods to test the effect of presence and orientation of filaments in spacers. An
empty channel was used for comparison.

A study on the trans-membrane heat and mass transfer using comprehensive 3D CFD
simulation covering the entire length of the module done by Chang, Hsu, Chang, and
Ho [13] showed that spacers created high velocity regions near the membrane surfaces.
The reputation in spacer geometry results in irregularity in heat and mass flux.

Gong et al. [14] proposed a new design with solar energy and graphene membrane,
called solar vapor gap membrane distillation (SVGMD). They showed that this design has
high energy efficiency and long-term stability and anti-fouling properties.

Quoc Linh Ve et al. [15] performed experimental analysis to determine the coefficient
of heat and mass transfer for DCMD. The experiment used copper plate for different
conditions; empty and spacer filled. The heat transfer correlations were within an accept-
able limit.

In a different application of MD, AGMD, Chernyshov, Meindersma, and De Haan [7]
investigated five geometries with the same thickness and different geometry. With spacers,
about 2.5 times higher flux was noted when compared with an empty channel, in another
application of MD

This seems to be higher than noted for DCMD. Different types of spacer configurations
were determined to be optimum depending on the different levels of importance attached
to either temperature or mass fluxes.

The objective of this experimental work is to determine the overall heat transfer
coefficient of a DCMD module with and without a spacer-filled channel to help understand
the effects of spacer on the temperature polarization. The channel gap of the DCMD module
was fixed, and the tests were conducted for three different configurations; empty channel,
thin spacer-filled channel, and thick spacer filled channel and compared with heat transfer
correlations presented in the literature to find the best fit.

2. Theory on Heat Transfer Phenomena in DCMD

Complex transport processes, including mass and heat transfer, occur concurrently
throughout the DCMD process as seen in Figure 2. A DCMD module is typically composed
of a flat module which has a feed chamber (for hot feedwater) and a cooling permeate
chamber separated by a hydrophobic microporous membrane. Heat transfer occurs via
convection/conduction across membrane (from feed to permeate) and convection/mass
transfer (vapor transport) through the membrane pores.

On the feed side, the feedwater temperature (Tf ) drops from the bulk fluid temperature
to the membrane surface temperature (Tm f ) across the boundary layer. As the vapor from
the feed side condenses in the water on the permeate side, the permeate stream temperature
increases. This results in a decreasing temperature gradient between the permeate fluid
nearest the membrane (Tmp), through the boundary layer to the bulk fluid stream (Tp).
The driving force is the difference in vapor pressure resulting from the difference in the
interface temperatures on the feed and permeate sides (Tm f and Tmp). This is lower than
the difference between bulk feed and permeate temperatures (Tf and Tp).

The temperatures near the membrane surfaces vary from the bulk fluid temperatures
due to the heat transfer that occurs throughout the DCMD process. This results in the
reduction in the driving force, and hence mass flux, compared to what would be expected
based on the bulk fluid temperatures. This “is known as temperature polarization and the
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temperature polarization coefficient (TPC) is the ratio between the actual driving force and
the theoretical driving force” [16–18].

Figure 2. Schematic diagram of the transport mechanism for the direct contact membrane distillation
(DCMD) process.

The Laplace–Young equation describes the pressure differential between liquid–vapor
interfaces. The liquid entry pressure (LEP) of a membrane is defined as the lowest possible
value of the hydrostatic pressure difference at which the feed liquid may pass through the
biggest holes of the membrane. The interfacial tension, the liquid’s contact angle at the
pore entrance, and the size and shape of membrane pores all have a role in the liquid entry
pressure. Franken et al. proposed the simple approach for determining the LEP value using
the Laplace–Young equation [19].

Although they are not specifically mentioned, the operating temperature and the
composition of the process solution may have a considerable effect on the liquid–solid
contact angle and liquid surface tension. Therefore, when choosing a membrane, these
impacts should not be ignored.

PTFE, PP, and polyvinylidene fluoride (PVDF) are the most often utilized materials for
MD membranes. MD membrane porosity has been observed to vary between 35% and 93%,
pore size typically varies between 100 nm and 1 μm, and membrane thickness typically s
between 0.04 and 0.25 mm [20].

2.1. Mechanism of Heat Tramsfer

Heat transfer in the proposed module configuration with impermeable membrane
occurs in three regions, defined in Figure 3. Heat transfer by convection occurs on the feed
side from the fluid to the membrane; heat is then transferred by conduction through the
thin plastic sheet; and finally, heat transfer by convection occurs on the permeate side from
the membrane to the fluid. It should be noted that heat transfer resulting from the mass
transfer would also occur if a vapor-permeable membrane was used. Figure 3 depicts the
heat transfer thermal resistance model used in this study.
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Figure 3. The thermal resistance series in empty and spacer-filled channels.

Equations (1) and (2) give convective heat transfer across feed to permeate side [21]:

.
Q f =

.
m × Cp ×

(
Tf ,in − Tf ,out

)
(1)

.
Qp =

.
m × Cp ×

(
Tp,out − Tp,in

)
(2)

.
Q f = h f × Am ×

(
Tf − Tsheet, f

)
(3)

.
Qp = hp × Am ×

(
Tsheet,p − Tp

)
(4)

where the difference between Tsheet, f and Tsheet,p is assumed to be negligible due to the
small thickness of the plastic sheet (0.1 mm).

Here Tf and Tp; are the average bulk temperature of fluid for both sides. It is calculated
using Equations (5) and (6)

Tf =
Tf ,in + Tf ,out

2
(5)

Tp =
Tp,out + Tp,in

2
(6)

The following Equation (7) can be used to determine the overall heat transfer coefficient of
the DCMD module:

U =

[
1

h f
+

tsheet
ksheet

+
1

hp

]−1

(7)

2.2. Empty Channel

For the case where an empty channel is used, the experiments were conducted using
the DCMD configuration module. The heat transfer coefficients are assumed to equal the
same mass flow rate for both feed and permeate sides, and channel geometry was used.
The Nusselt number for the experiments can be found in Equation (8)

Nuexp =
h ∗ D

k
(8)
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where h = h f = hp, and k and D are thermal conductivity and hydraulic diameter, respec-
tively. Hydraulic diameter D can be determined by

D =
2 ∗ W ∗ t

W + t
(9)

Table 1 shows different heat transfer correlations suggested in the literature. In order
to determine the optimal heat transfer correlation for the DCMD configurations consid-
ered here, these correlations are used to determine a theoretical Nusselt number. These
are then compared to the Nusselt numbers obtained from the experiments discussed in
Sections 3 and 4. The best correlation is based on the minimum variation between experi-
mental and theoretical Nusselt numbers, for a given configuration. The Reynolds number
and Prandtl number required for the correlations in Table 1 can be estimated using the
following equations.

Table 1. Different types of heat transfer correlation with Reynolds number in laminar flow range.

Correlation Equation Number Reference

Nu = 1.86
(

Re Pr
L/D

)1
3 (10) [22]

Nu = 1.95
(

Re Pr
L/D

)1
3 (11) [23]

Nu = 4.36 +
0.036Re Pr(D/L)

1 + 0.0011(Re Pr(D/L))0.8 (12) [21]

Nucooling = 11.5(Re Pr)0.23(D/L)0.5,

Nuheating = 15(Re Pr)0.23(D/L)0.5 (13) [24]

Nu = 0.13Re0.64Pr0.38 (14) [24]

Nu = 0.097Re73Pr0.13 (15) [25]

Nu = 3.66 +
0.104Re Pr(D/L)

1 + 0.0106(Re Pr(D/L))0.8
(16) [23]

Nu = 4.86 +
0.06063(Re Pr(D/L))1/2

1 + 0.09094(Re Pr(D/L))0.7 Pr0.17
(17) [26]

Nu = 1.62
(

Re Pr
L/D

)0.33
(18) [21]

Re =
ρ ∗ u ∗ D

μ
(19)

Pr =
μ ∗ Cp

k
(20)

where u is the superficial velocity of the fluid flow and can be determined by,

u =
V

W ∗ t
(21)

the overall heat transfer coefficient can be determined from the experimental results using
Equations (22) and (23) as suggested by Ve and Rahaoui [15].

U =

.
Q

A ∗ ΔTLMTD
(22)

92



Energies 2022, 15, 8051

where:

ΔTLMTD =

(
Tf ,in − Tp,out

)
−

(
Tf ,out − Tp,in

)
ln
[(

Tf ,in − Tp,out

)
/
(

Tf ,out − Tp,in

)] (23)

2.3. Spacer-Filled Condition

The net-type spaces are common in membrane modules for commercial systems
(ultrafiltration/spiral wound reverse osmosis). They can provide structural support to
the membrane and, depending on the orientation of the spacer, can also cause the fluid
flow to transition from a laminar to a localized turbulent flow regime. In a DCMD module,
turbulent flow improves heat transfer. This increases the driving temperature difference,
and hence the production of freshwater, and decreases the effect of temperature polarization.
The spacer orientation, geometry, and its relation to the flow direction are illustrated in
Figure 4.

 

Figure 4. Spacer used to fill DCMD module’s channels including orientation, geometry, and flow
attack angle.

For spacers that influence the fluid flow:

Nus = 0.664 ∗ kdc ∗ Re0.5 ∗ Pr0.33 ∗
(

2 ∗ dhs
lm

)0.5
(24)

and

kdc = 1.654 ∗
(d f

ts

)−0.039

ε0.75 ∗
(

sin
(

θ

2

))0.086
(25)

where dhs is hydraulic diameter for spacer filled condition, kdc is spacer geometry geometry
correction factor, lm is the mesh size, H is the spacer thickness, ε is the spacer voidage, and
θ the hydrodynamic angle.

For spacers that do not influence the flow direction (one set of filaments is parallel to,
and the other is transverse to the flow direction):

Nus = 0.664 ∗ kdc ∗ Re0.5 ∗ Pru ∗
(

dhs
lm

)0.5
(26)

where Re and Pr are calculated by using Equations (19) and (20), respectively, and u is
0.33. The following equation can determine the superficial velocity for a spacer filled
channel [27]:

u =
V

W ∗ t ∗ ε
(27)
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where ε is the spacer voidage which is defined by the following equation [28]:

ε = 1 −
π ∗ d2

f

2 ∗ lm ∗ ts ∗ sinθ
(28)

dhs is the spacer-filled channel hydraulic diameter and is defined by the following
equation [29]:

dhs =
4 ∗ ε(

2∗(W+t)
W t

)
+ (1 − ε) ∗ Svsp

(29)

The specific surface of the spacer is defined as

Svsp =
4
d f

(30)

An alternative Nusselt number correlation for the case of a spacer- filled channel has
been suggested by Schwager and Robertson [30] and is given by Equation (30):

Nus = 1.38 ∗ Re0.483 ∗ Pr0.33 ∗
(

dhs
lm

)0.531
(31)

Laminar and turbulent condition in channel flow and its influence on heat transfer
coefficient can be calculated using Equation (32) suggested by Zhang and Gray [31]

Nus = kdc ∗ 0.023 ∗ [1 + 6 ∗
(

dhs
L

)
] Re0.8 ∗ Pr0.33 (32)

where:

kdc = 1.923 ∗
(d f

ts

)−0.168

|sinθ|0.292 exp
[
−1.601 ∗ |ln

( εsp

0.6

)2
|
]

(33)

Phattaranawik [10] proposed another correlation for space filled case. It can be deter-
mined from Equation (34) below:

Nu = kdc

[
4.36 +

0.036 ∗ Re ∗ Pr ∗ (D/L)
1 + 0.0011 ∗ (Re ∗ Pr ∗ (D/L))0.8

]
(34)

3. Experimental Setup

A schematic of the experimental setup for the DCMD module in the Renewable Energy
Lab at RMIT University is shown in Figure 5. The solar pond is made of three layers, namely,
lower convective zone (LCZ), non-convective zone (NCZ) and upper convective zone
(UCZ). The DCMD module contains feed and permeate channels, normally separated by a
hydrophobic membrane. For these experiments, a thin plastic sheet (clear polypropylene of
100 μm thickness) replaces the hydrophobic membrane to exclude mass transfer between
the feed and permeate channels. Freshwater is circulated through both feed and permeate
channels as a heat transfer fluid. A 24 V, self-priming diaphragm pump with a maximum
flow rate of 8 L/min is used to pump the water through the system. The feed reservoir
tank is filled with 100 L of freshwater, which is pumped to an in-pond heat exchanger in
the SGSP to increase the temperature of the feed side fluid. In addition, an evacuated tube
solar collector combined with a thermal storage tank (E.T. tank) is used as an auxiliary
heat supply. After leaving the SGSP, the freshwater from the feed reservoir was circulated
through a heat exchanger in the E.T tank before being fed into the system and returned to
the reservoir. In the case of the permeate side, freshwater is transferred from the permeate
tank to the top layer of the SGSP to dissipate the heat gained from the feed side fluid. After
that, the cooled freshwater passes through the permeate channel in the DCMD module
and is then returned to the permeate tank. The 3D structural arrangement of the DCMD
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module is presented in Figure 6 and shows the channel gaps, spacers, and membrane sheet.

Figure 5. Schematic configuration of the sustainable experimental system using a thin plastic sheet.

 
Figure 6. The 3D structural arrangement of the DCMD module.

There are two loops in the proposed system: feed loop and permeate loop. Feed loops
experience loss of mass and energy while permeate loops gain mass and energy. Applying
energy balance to the feed loop which is connected to the solar pond LCZ and external
heater, we can estimate the feed water supply temperature to the feed channel as

Tout_ f = Tin_ f +

[
mSGSP_LCZ × clcz water

.
m f × c f eed

× ΔTlcz
Δt

]
+

[ .
Qheater

.
m f × c f eed

]
(35)

Here, Tout_ f is the feed water temperatue after it is heated in LCZ and external heater.
The mass flow rate of the feed

.
m f is constant while it is getting heated in solar pond and

external heater. The specific heat capacity of the feed water and the saline water of LCZ
is shown as c f eed and clcz water, respectively. On the left hand side, the second term in the
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square brackets represents the temperature rise of feed water in the solar pond and the
third term represent temperature rise in the external heater. In the second square bracket,
the mass of the water in solar pond LCZ is given as mSGSP_LCZ, while the ΔTlcz represents
change in the temperature of the solar pond LCZ in Δt time step. The time step is relative
to the time rate that is used for mass flow rate. The mass and energy balance in the feed
channel can be written as

.
m f × c f eed × Tin_ f _ch =

( .
m f − .

mp′
)
× c f eed × Tout_ f _ch +

.
Qcond +

.
mp′ × h f g@Tf _avg

(36)

Here, the term
.

mp′ represents the rate of mass transfer that happens from the feed
to the permeate side. The temperature of the feed inlet is estimated from Equation (35)
and is given as Tin_ f _ch. The change in the mass of the feed due to vapor transport to

permeate side is given as
( .

m f − .
mp′

)
, while the heat transfer through the solid parts of the

membrane is given as
.

Qcond. The mass and energy balance in the permeate channel can be
written as,

.
mp × cpermeate × Tout_p =

( .
mp +

.
mp′

)
× cpermeate × Tin_p +

.
Qcond +

.
mp′ × h f g@Tp_avg (37)

Here, the term
.

mp represents the mass flow rate of cold permeate that is coming into
the permeate channel. The permeate inlet and outlet temperatures are given as Tout_p and
Tin_p. The mass of the fresh permeate that is added to the permeate flow is recovered as an
overflow from the permeate tank. The warm permeate is cooled in the solar pond UCZ
heat exchanger and, if needed, in an external cooler. Applying energy balance, we can
estimate the temperature of the permeate after the cooling Tout_p1 as

Tout_p1 = Tin_p − mSGSP_UCZ × cUcz water
.

mp × cpermeate
× ΔTucz

Δt
+

.
Qcooler

.
mp × cpermeate

(38)

4. Result and Discussion

The following sections cover the experimental results and discussion of the heat trans-
fer within the DCMD module for both empty channel and spacer filled channel conditions.
The experimental results are compared with theoretical Nusselt number correlations to
determine the most suitable of these to use for further numerical modelling.

4.1. DCMD Heat Transfer with Empty Channels

In the case of empty channels, the experiment ran with the same setup conditions
shown in Figure 7 with two different flow rates. First, a counter flow arrangement uses
3 L/m on both feed and permeate sides. Then, it uses 5 L/m in both channels, also with
counter flow. Figure 7 shows the overall heat transfer coefficient calculated from the experi-
mental results for the two different flow rates. The average overall heat transfer coefficient
for the 3 L/m tests was 593 W/m2·◦C, and for 5 L/m, it was 724 W/m2·◦C. The experimen-
tal results show that the overall heat transfer coefficient increases by approximately 18% at
steady state when the flow rate increases from 3 to 5 L/min. In Figures 8 and 9, the feed
side outlet temperature (Tf _out) is lower than the inlet temperature (Tf _in) because of the
occurrence of heat transfer to the permeate side. Correspondingly, the outlet temperature
of the permeate side (Tp_out) increases due to heat transfer through the plastic sheet.

The Reynolds numbers for the two experimental conditions were calculated using
Equation (19). They suggested that the flow regime was laminar in both cases. The
theoretical Nusselt numbers from heat transfer correlations summarized in Table 1 were
calculated for the experimental flow rate conditions presented in Figures 10 and 11. The
correlation given by Equation (12) was the most appropriate correlation with a deviation of
10% between the theoretical and the experimental overall heat transfer coefficients.
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Figure 7. The overall heat transfer coefficient experimentally with different flow rates for the
empty channels.
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Figure 8. Feed and permeate temperature in case of the empty channel by using 3 L/min.
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Figure 9. Feed and permeate temperature in case of the empty channel by using 5 L/min.
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Figure 10. Correlation for empty channel (flow rate = 3 L/m).

 
Figure 11. Correlation for empty channel (flow rate = 5 L/m).

4.2. DCMD Spacer-Filled Condition

This system conducted the experiments on the same large-scale DCMD module used
for the empty channel experiments with the two different spacer geometries shown in
Figure 12 and Table 2. Figure 12(1) shows thinner mesh whereas Figure 12(2) shows
thicker mesh.

 

 

(1) (2) 

Figure 12. Non-woven plastic spacers (1) thin spacer, (2) thick spacer.

Similar to the empty, spacer-filled channel, these experiments investigated the con-
ductive heat transfer with each spacer geometry using two flow rates: 3 L/min and then
5 L/min. It can be seen in Figures 13 and 14 that the overall heat transfer coefficient in the
case of the spacer-filled channels is higher in the case of empty channels for both 3 and
5 L/min. Comparing just the heat transfer coefficients obtained with each of the two kinds
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of spacer, it can be seen that the thicker (2 mm) spacer produces a higher heat transfer
coefficient. The average values for overall heat transfer in the case of the spacer-filled
channel with a 1.5 mm thick spacer and flow rates of 3 and 5 L/min, were 949 W/m2·◦C
and 1379 W/m2·◦C, respectively. Furthermore, the average overall heat transfers for a
spacer-filled channel with a 2 mm thick spacer and flow rates of 3 L/m and 5 L/m were
1030 W/m2·◦C and 1465 W/m2·◦C, respectively.

Table 2. Characteristics of spacers.

No. Spacer Material
Length

(m)
Width

(m)
Thickness

(m)
Filament

size, df, (m)
Angle, θ,

(◦)
Mesh Size, lm,

(m)
Porosity

(%)

1 Non-woven Plastic 0.69 0.1339 0.0015 0.0008 66.5 0.0075 90
2 Non-woven Plastic 0.69 0.1339 0.0020 0.00156 90 0.0044 57

300

500

700

900

1100

1300

1500

5 10 15 20 25 30 35 40 45 50 55 60

W
/m

2.

Time (min)

Overall Heat Transfer Coefficient -Empty Channels
Overall Heat Transfer Coefficient -Thin spacer
Overall Heat Transfer Coefficient  -Thick spacer

Figure 13. Heat transfer in the empty and spacer-filled channels by using 3 L/min.
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Figure 14. Heat transfer in the empty and spacer-filled channels by using 5 L/min.

It is essential to mention that the DCMD channel thickness was fixed, while the
thickness of the two spacers was different. This allowed the thin spacer to float between the
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plastic sheet (membrane) and the wall of the DCMD module. The DCMD channel thickness
was 2.8 mm, whereas the thin spacer thickness was only 1.5 mm. Therefore, around 46% of
the channel was free. As a result, the thin spacer could have effectively created a thinner
‘empty channel’, which might have influenced the mechanism underlying the increase
in the overall heat transfer coefficient observed for the thin spacer compared to the thick
spacer. Thicker spacers have also been applied in later experiments, where the spacer filled
the channel completely. The thicker space has been observed to produce a slightly better
heat transfer performance compared to the thinner spacer, but the overall heat transfer
results of both thin and think spacer is very close and cannot be used to call any one of the
arrangements better than other.

Based on Equation (19), the Reynolds number was lower than 2100 for all of the
channel configurations and flow rates investigated. By knowing the Reynolds number, the
flow regime can be predicted, with a number between 600 and 2100 indicating a laminar
flow. For this experimental investigation, the bulk flow regime could be considered as
laminar for both flow rates and spacers used. The addition of the spacer reduces the height
of the cavity and increases the aspect ratio, and this increases the number of eddies [32].
These localized eddies break the boundary layer and reduces the temperature polarization.
In the present experiments, the membrane surface temperature is not measured, but the
addition of spacers has shown to improve heat transfer. Based on this observation, it is
better to have channels with high aspect ratio for a MD system.

Many researchers have investigated correlations for different kinds of channels; their
findings were applied to find the best agreement with the experimental results presented
from Figures 7–14. A summary of all the experimental and theoretical Nusselt numbers
is shown in Figures 15–17. Both Phattaranawik and Jiraratananon [33] and Kim and
Francis [34] presented heat transfer correlations for a DCMD module with non-woven
spacer-filled channels. Using their correlations, Equations (24) and (26) under the current
experimental conditions (1.5 mm and 2 mm spacers; and 3 and 5 L/m flow rates) produced
Nusselt number values that differed from experimental results by 90%. Correlations are
also given by Equations (31) and (32), which overpredicted the Nusselt number values by
55–72% as compared to experimental results.

The smallest deviation was found using Equation (34) for a 1.5 mm thick non-woven
spacer. For both flow rates, the deviation was 10–20%. However, the deviation using the
same equation for 2 mm thick spacer-filled channels was greater at 42–55%. Therefore,
Equation (34) produces the most appropriate heat transfer correlation among all the equa-
tions compared above. Nonetheless, the results from this correlation are still not satisfactory
for all cases.
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Figure 15. Correlations for spacer-filled channels with flow rate (3 L/min).
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Figure 16. Correlations for spacer-filled channels with flow rate (5 L/min).

 

Figure 17. Laminar flow correlation for spacer-filled channels with flow rate (3 L/min).

As discussed above, most of the heat transfer correlations for spacer-filled channels
that are recommended for localized turbulence (eddy flow) do not have a good fit with the
experimental results from the DCMD module used for this work. Hence, it was decided
to estimate the bulk flow conditions based on bulk Reynolds number. Based on the bulk
Reynolds number for the experimental results used in this research, the flow regime is
identified as laminar, so it was decided to compare the experimental results of the spacer
filled channel with the correlations for empty channels (Table 1). For the 1.5 mm spacer, the
most appropriate Nusselt number value was achieved using Equations (10) and (12), with
a deviation ranging between 5% and 10%. However, considering 1.5 and 2 mm spacers, the
heat transfer correlation for laminar flow given by Equation (18) resulted in the smallest
deviation between theoretical and experimental results, at less than 15% for all spacer
geometries and flow rates tested, as can be seen in Figure 17.

5. Conclusions

The heat transfer within a DCMD module separated by a thin plastic sheet instead
of a hydrophobic membrane was analyzed to investigate the applicability of theoretical
heat transfer correlations in two cases: empty channels and spacer-filled channels. For
empty channels with flow rates of 3 and 5 L/min, the best correlation was provided by
Equation (12). The results obtained using this correlation showed a deviation of less than
10% from the experimental results.
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The spacer-filled channel cases investigation included two spacer thicknesses (1.5 and
2 mm) and flow rates of 3 and 5 L/min. Other heat transfer correlations for spacer-filled
channels were applied, but the lowest deviation between experimental and theoretical
results for these correlations was 42%. The experimental results for spacer-filled channels
were also compared with the correlations for empty channels. It was found that the
correlation given by Equation (18) had the lowest deviation, of less than 15%, for all spacer
geometries and flow rates. As a result, the primary benefit of the outcomes of this study
comes from identification of the best Nusselt number correlation for use in modelling heat
transfer in DCMD systems, assuming similar channel geometries, flow rates and spacer
geometries.

The other major outcome based on the experimental results is that including a mesh
spacer material in the feed and permeate channels significantly increases the aspect ratio
of the channel encouraging eddy flow conditions. This helps with the reduction in the
temperature polarization. It should be noted that both 1.5 mm and 2 mm thick spacers
resulted in similar improvements (for a 2.8 mm thick channel), with the thicker spacer
giving slightly higher heat transfer. However, given the looseness of the fit within the
channel for the 1.5 mm spacer, it could not be determined whether these improvements
were the result of the same or different underlying mechanisms, so this is recommended as
an area for future research.
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Nomenclature

The following abbreviations are used in this manuscript:
Am The membrane’s active surface area (m2)
Cp Specific heat capacity (J/kg·K)
D Hydraulic diameter (m)
df Filament size (m)
dhs Hydraulic diameter or the spacer-filled (m)
H Spacer thickness (m)
hf Heat transfer coefficient at feed side (W/m2·◦C).
hp Heat transfer coefficient at permeate side (W/m2·◦C)
hfg Enthalpy of vaporization for water (J/kg)
k Thermal conductivity (W/m2·◦C).
kdc Spacer geometry correction factor
lm Mesh size of spacer (m)
.

m Flow rate (kg/s)
Nu Nusselt number
Pr Prandtl number.
.

Q f Heat transfer by convection at feed side (W)
.

Qp Heat transfer by convection at permeate side (W)
.

Qcond Heat transfer by conduction through the membrane (W)
Re Reynolds number.
Tf Average bulk temperature of the feed stream (◦C)
Tp Average bulk temperature of the permeate stream (◦C)
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Tsheet,f Feed side sheet surface temperature (◦C)
Tsheet,p Permeate side sheet surface temperature (◦C)
ΔTLMTD Log mean temperature difference (◦C)
U The overall heat transfer coefficient (W/m2·◦C)
u velocity (m/s)
ρ Water density (kg/m3)
δ Membrane thickness (m)
θ Hydrodynamic angle
ε Spacer void
lm Mesh size of spacer (m)
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Abstract: An integrated membrane distillation (MD) flowsheet, consisting of direct contact membrane
distillation (DCMD) and vacuum membrane distillation (VMD) units, was proposed and analysed
in terms of thermal performance and water recovery factor, for the first time. The same lab-scale
membrane module (40 cm2) was used for carrying out experiments of DCMD and VMD at fixed
feed operating conditions (deionised water at 230 L/h and ~40 ◦C) while working at the permeate
side with deionised water at 18 ◦C and with a vacuum of 20 mbar for the DCMD and the VMD
configuration, respectively. Based on experimental data obtained on the single modules, calculations
of the permeate production, the specific thermal energy consumption (STEC) and the gained output
ratio (GOR) were carried out for both single and integrated units. Moreover, the calculations were
also made for a flow sheet consisting of two DCMD units in series, representing the “traditional” way
in which more units of the same MD configuration are combined to enhance the water recovery factor.
A significant improvement of the thermal performance (lower STEC and higher GOR) was obtained
with the integrated DCMD–VMD flowsheet with respect to the DCMD units operating in series. The
integration of DCMD with VMD also led to a higher permeate production and productivity/size (PS)
ratio, a metric defined to compare plants in terms of the process intensification strategy.

Keywords: thermal performance; water recovery factor; direct contact membrane distillation (DCMD);
vacuum membrane distillation (VMD); integrated MD units

1. Introduction

The potential of membrane distillation has been successfully investigated in different
fields of industrial interest, such as wastewater treatment, desalination, agro-food and
beverage, and biomedical applications [1–7]. MD is able to well reject all non-volatile
compounds contained into the water stream to be treated, thanks to the fact that water is
not removed through the membrane as liquid, but as vapor. More specifically, the aqueous
feed is in contact at atmospheric pressure with one side of a microporous hydrophobic
membrane and it is not allowed to pass through the membrane. Then, to promote the
liquid evaporation, the feed is usually heated (typical temperatures range from 40 ◦C to
80 ◦C) while at the other side of the membrane:

(i) A colder aqueous stream (permeate stream) is sent at atmospheric pressure, which is
blocked at the membrane hydrophobic surface (DCMD configuration);

(ii) An air gap is created between the membrane and a condensing surface (air gap
membrane distillation: AGMD configuration);

(iii) A vacuum is applied (VMD configuration);
(iv) A cold sweep gas is sent (sweep gas membrane distillation: SGMD configuration).

A common drawback of all MD configurations is the need for thermal energy to heat
the feed and to keep it at the desired temperature throughout the process. One of the main
limitations of the industrial implementation of MD is, in fact, linked to its high thermal
demand [8–10]. In this respect, in addition to the use of renewable energies as heat sources
for the MD unit [11–13], the development of modules with internal heat recovery [14–16]
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is in progress. More recently, membranes with localized heating [17–21] have also been
investigated. Among the MD configurations previously reported, which are those most-
assessed, DCMD is the simplest and the most investigated one. In DCMD, during the
evaporation the feed becomes colder while the permeate increases its temperature because
of the vapor condensation. With this configuration, the heat recovery is not possible inside
the module, and it is therefore performed in an external heat exchanger where the feed is
pre-heated by the permeate stream, which, in turns, is pre-cooled. The final heat of the feed
and the cool of the permeate occur in two other external heat exchangers, so as to recirculate
both streams at the desired operating temperatures [22–24]. It has to be pointed out that
both the internal and the external heat recovery systems need feed temperatures higher
than 50 ◦C to operate with reasonable efficiency and, therefore, MD applications at lower
temperatures are not well covered. On the other hand, membranes with localized heating,
which can also be applied at low operating temperatures, are still at the development stage.
Considering the relevant number of studies on DCMD, this paper focuses on a possible
alternative strategy to improve the thermal performance of DCMD when operating at low
feed temperatures (~40 ◦C). It is known that in MD the water recovery factor per pass is
quite low (maximum 8% [25]) and, therefore, membrane distillation plants must work with
feed recirculation and with different modules in series, in order to ensure an acceptable
productivity. Usually, the same membrane distillation configuration is considered for the
modules which work in series.

In this work, it was proposed to couple two different MD configurations, so as to
improve not only the water recovery factor, but also the thermal performance. In particular,
for the first time to the best of the author’s knowledge, it was proposed to couple the
DCMD unit with a VMD one, so that the DCMD retentate is processed as feed in VMD
before being recirculated back to the DCMD module. VMD was chosen because it is able to
produce high trans-membrane fluxes also at low feed temperatures and it avoids the heat
loss by conduction through the membrane material.

DCMD and VMD have been compared in literature for different applications. Table 1
gives an overview of the main studies carried out.

Table 1. Comparison between DCMD and VMD reported in the literature.

Membrane Feed
J (kg/m2h)

Reference
DCMD VMD

PVDF-HF Salty solution ~16 ~24 [26]

PVDF-FS Salty solution ~32 ~40 [27]

PVDF-HF Distilled water ~8 ~42 [28]

PP-HF Distilled water ~5 ~22 [28]

Si3N4-HF Salty solution ~13.5 ~36 [29]

PP-HF OMWW ~6.5 ~19 [30]

PTFE-FS Dyes solution ~17.4 ~37.4 [31]

Ceramic-T Salty solution ~4 ~25 [32]

PP-HF Carbonate solution ~0.11 ~0.8 [33]
PTFE: polytetrafluoroethylene; HF: hollow fibre; FS: flat sheet; T: tubular; OMWW: olive mill wastewater.

In particular, the reported flux values are those obtained by working in the two MD
configurations at the same feed temperature and concentration. Membranes used were
mainly in polyvinylidene fluoride (PVDF) and polypropylene (PP). However, due to the
difference in membrane and module features, as well as the difference in the operating
conditions and in the treated feeds, trans-membrane fluxes varied for the different studies.
Nevertheless, in all cases, the VMD configuration led to a higher flux than the DCMD one.

The higher efficiency in permeate production of VMD was also confirmed in a the-
oretical work of Guan et al. [34] who simulated the performance of DCMD and VMD to
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treat a 7 wt% NaCl feed in a hollow fibre membrane distillation module. By working at the
same operating conditions, VMD led to a 2.5-fold increase in the permeate stream and to a
reduction of the specific energy consumption.

In this work, the proposed integrated DCMD–VMD flowsheet was compared in
terms of STEC, GOR and permeate production, with a flowsheet consisting of two DCMD
units in series, representing the “traditional” way in which more units of the same MD
configuration are combined to enhance the water recovery factor. The analysis did not
include the electrical energy consumptions, which are known to contribute to the overall
energy consumption of MD much less than the thermal ones. For instance, in the work of
Méricq et al. [35], the heat energy demand for VMD applied to seawater desalination is
more than 98% of the total energy requirements.

2. Materials and Methods

2.1. Experimental Lab Set-Ups

The DCMD and VMD tests were carried out on the same lab module (40 cm2 membrane
area) where a flat commercial polypropylene membrane (0.2 μm pore size, 70% porosity,
91 μm thickness) purchased from Membrana (Germany), now 3M, was used. All tests were
carried out on deionised water as feed, to make a more general analysis, then, avoiding
any potential issues linked to a specific feed to be treated. Deionised water was sent to the
bottom plate of the module in both cases and the feed-side was operated under the same
conditions of flow rate and temperature. In particular, the flowrate was set at the highest
value reachable by the pump (230 L/h, corresponding to a velocity of 0.46 m/s inside the
module), in order to reduce the heat transfer resistance of the boundary layer, to promote
more mixing, so as reducing fouling issues in applications with real aqueous streams, and to
decrease the feed temperature decay along the module, by reducing its residence time. The
feed temperatures at the inlet and outlet of the module were read by thermocouples. At the
top plate, a cold deionised stream was sent in counter-current during DCMD experiments
and the permeated vapor was directly condensed at the membrane-cold interface, while a
vacuum was applied for VMD runs. In the latter configuration, the top plate had only one
exit active for the permeate removal and its condensation occurred in a trap immersed into
liquid nitrogen. Liquid nitrogen was used to ensure that all water vapor was condensed
before the vacuum pump. It has to be noticed that this step can also be made using cooling
fluids in specifically designed condensers. Figures 1 and 2 show the schemes of the DCMD
and VMD lab set-ups, respectively.

In order to operate at a similar driving force during the VMD and DCMD experiments,
a vacuum of 20 mbar was applied at the permeate side in VMD, while in DCMD the
cold stream was recirculated at 18 ◦C temperature, at which the water vapor pressure is
19.7 mbar. The main operating conditions used are summarized in Table 2.

Table 2. Main operating conditions used during DCMD and VMD tests.

DCMD VMD

Qf (L/h) 230 230

Tf (◦C) 39.6 39.6

Qd (L/h) 200 /

Td (◦C) 18 /

Pv (mbar) / 20
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Feed
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Figure 1. Scheme of the DCMD lab set-up and sketch of the vapor transport through a micropore.

Feed

Under vacuum

Vapor

Vacuum pump

Flat membrane module

Trap into liquid
nitrogen Feed tank

Heater

Figure 2. Scheme of the VMD lab set-up and sketch of the vapor transport through a micropore.

2.2. Followed Methodology

Based on the tests carried out on the single DCMD and VMD units, the related
trans-membrane flux and decay of feed temperature along the module for the two MD
configurations were obtained. Then, the experimental values were used to analyse each
unit in terms of permeate production, thermal energy consumption and efficiency of
evaporation (see the following sections for details on their calculation). The same analysis
was then extended to the DCMD–DCMD and integrated DCMD–VMD flowsheets, which
were proposed considering the experimental results. Finally, the integrated DCMD–VMD
flowsheet was compared, also in terms of size, with the two DCMD units in series. Figure 3
summarizes the followed steps.
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Figure 3. Summary of the steps followed in this work.

2.3. Flux and Permeate Flow Rate Calculation

In DCMD, the mass of the permeate was weighed by a balance located under the
distillate tank. In VMD, the permeate was first recovered as liquid into the trap and
afterwards weighed. In both cases, the flux (J) was calculated by dividing the permeate
mass (m, g) by the membrane area (Am, m2) and the experimental time (t, h):

J =
m

Am × t
(1)

The permeate flow rate (Qp, g/h) was obtained by multiplying the permeate flux by
the membrane area:

Qp = J × Am (2)

2.4. Specific Thermal Energy Consumption and Gained Output Ratio Calculation

The STEC represents the thermal energy consumption (QH) associated with a cer-
tain permeate production and it is given by the ratio between the total thermal energy
consumption (J/h) and the permeate flow rate:

STEC =
QH
Qp

(3)

The GOR gives an indication of how much of the thermal energy consumption (QH)
is used to produce the permeate (evaporation efficiency), and it can be calculated by the
ratio between the thermal energy effectively used for the evaporation and the total thermal
energy consumption:

GOR =
Qp × ΔHv

QH
(4)

In the above formula, ΔHv is the enthalpy of vaporization (J/g).
QH is given by the sum of the single thermal energies (QHi) supplied to the plant:

QH = ∑n
i=1 QHi (5)

Each thermal energy is calculated as function of the properties of the stream i, such as
its flow rate Qfi (g/h), its specific heat capacity cpi (J/gK) and its difference of temperature
in the plant ΔTi (K):

QHi = Qfi × cpi × ΔTi (6)
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2.5. Productivity/Size Ratio Calculation

The PS ratio is a metric introduced to compare plants in terms of the process inten-
sification strategy parameters. In this strategy, an important aspect of future plants is to
work with higher productivity and reduced size [36]. In this respect, the PS ratio aims
to compare the ratio of the productivity and size of two plants [37] and in this study
was used to compare the investigated membrane distillation flowsheets by means of the
following formula:

PS =
Productivity/Size

∣∣∣MDflowsheet integrated units

Productivity/Size|MDflowsheet DCMD units in series
(7)

If PS is higher than 1, the MD flowsheet where the different MD units are integrated
(DCMD–VMD) must be preferred.

3. Results and Discussion

3.1. Single DCMD and VMD Units

Figure 4 shows the trans-membrane fluxes measured and the variations of the feed
temperature (ΔTf = Tfin − Tfout) registered for the two MD units. The experiments were re-
peated to ensure the reproducibility of the results and the average flux values are reported.
A significant difference in flux was observed, even though the same driving force was
applied. Being that the fluid dynamic at the feed-side is the same for the two MD configu-
rations, the difference in flux can be attributed to an increase in the vapor pressure at the
membrane-cold side of the DCMD unit. In fact, the distillate temperature at the membrane
surface can be higher than that of the bulk, due to temperature polarization phenomena,
which did not allow a fast removal of both the condensation heat and the heat transferred
by conduction through the membrane polymer from the feed to the distillate side [28].
Moreover, due to the negligible conductive heat loss in VMD, a higher driving force is
established during the VMD tests [34]. Finally, the vapor transport through the micropores
is usually regulated by a combination of the Knudsen and molecular diffusion mechanisms
in DCMD, whilst the Knudsen mechanism dominates in VMD [38]. Concerning the decay
of the feed temperature along the module, a slightly higher value was registered for the
DCMD tests, probably because of the heat lost by conduction through the polymer.

Figure 4. Trans-membrane flux and feed temperature variation for the two MD units.

The obtained results are in agreement with the literature data reported in Table 1, con-
firming the higher productivity of the VMD configuration at parity of feed-side conditions.
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Based on the operating conditions and the obtained data, the flowsheets for the two
MD configurations were sketched, as reported in Figures 5 and 6. In particular, each
flowsheet includes the flow rates and the temperatures of the feed streams, together with
the thermal supplies needed. From them, the main parameters for comparing the DCMD
and the VMD performance were calculated by Equations (2)–(4), and they are listed in
Table 3. It is evident that the VMD unit was more efficient, leading to a higher permeate
production and GOR and to a lower STEC. The main reason for these positive results lies
in the much higher permeate flux achievable with the VMD configuration.

40 cm2

Q1
Qdin Qdout

230 kg/h
39.6 °C

229,968 g/h
39.3 °C

229,968 g/h
39.6 °C

QEXT

32 g/h
25 °C

32 g/h
39.6 °C

Figure 5. DCMD flowsheet.

 

40 cm2

Q1 Vacuum

230 kg/h
39.6 °C

229,924 g/h
39.4 °C

229,924 g/h
39.6 °C

QEXT

76 g/h
25 °C

76 g/h
39.6 °C

Figure 6. VMD flowsheet.

Table 3. DCMD and VMD performances.

Configuration Qp (g/h) STEC (W/g/h) GOR

DCMD 32 2.52 0.27

VMD 76 0.72 0.93

In fact, by comparing the STEC and GOR of the two membrane operations at parity of
feed temperature decay along the module, the VMD unit always led to a better performance,
as reported in Figures 7 and 8, thanks to the more than double permeate production with
respect to the DCMD configuration. In particular, when the same temperature decay
registered in the VMD tests was considered (0.2 ◦C), the STEC of the DCMD unit decreased
from 2.52 W/g/h to 1.69 W/g/h, while the GOR increased from 0.27 to 0.4. When the
feed temperature decay measured in the DCMD tests was applied (0.3 ◦C), the STEC
and the GOR of the VMD unit moved from 0.72 W/g/h to 1.07 W/g/h and from 0.93 to
0.62, respectively.

3.2. DCMD Units in Series

Based on the experimental results on the DCMD unit, a flowsheet where two DCMD
units work in series was analysed, as reported in Figure 9. Both DCMD units worked in the
same manner as the experimental one, since the stream exiting the first DCMD unit was
heated up to the experimental temperature (39.6 ◦C) before entering the second DCMD
unit. The calculated STEC and GOR of the flowsheet were the same as those of the single
DCMD unit, the only difference being the higher membrane area (80 cm2) and permeate
production (64 g/h).
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Figure 7. STEC and GOR of the two MD units, considering for both the experimental feed temperature
decay of the VMD unit (0.2 ◦C).
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Figure 8. STEC and GOR of the two MD units, considering for both the experimental feed temperature
decay of the DCMD unit (0.3 ◦C).
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QdoutQ2
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39.6 °C
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39.3 °C
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39.6 °C
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229,936 g/h
39.3 °C

Qdin Q1

229,968 g/h
39.6 °C

Figure 9. DCMD–DCMD flowsheet.

3.3. Integrated DCMD–VMD Units

After having analysed the single MD units, an integrated DCMD–VMD flowsheet was
investigated, with the aim of boosting the DCMD thermal performance, taking advantage
of the higher efficiency of VMD. In this case, the feed stream exiting the DCMD unit was
sent to the VMD one before being recycled back to the DCMD module (see Figure 10).
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As for the DCMD units in series, in the integrated configuration, both DCMD and VMD
units operated under the same experimental conditions used in the single DCMD and
VMD flowsheets, respectively.

Q2

40 cm2

Qdin Qdout

230 kg/h
39.6 °C

229,968 g/h
39.3 °C

229,892 g/h
39.6 °C

QEXT

108 g/h
25 °C

108 g/h
39.6 °C

40 cm2

Vacuum

229,892 g/h
39.4 °C

Q1

229,968 g/h
39.6 °C

Figure 10. Integrated DCMD–VMD flowsheet.

Table 4 compares the flowsheet with the DCMD units in series to the DCMD–VMD
one in terms of permeate production. At parity of the membrane area, the integrated
flowsheet led to a substantial increment of productivity, moving from 64 g/L to 108 g/L.
It also showed lower STEC and higher GOR values (see Figure 11), thus improving the
thermal performance of the DCMD unit.

Table 4. Comparison between the flowsheet with the DCMD units in series and the integrated
DCMD–VMD flowsheet in terms of permeate production.

Configuration Qp (g/h)

DCMD–DCMD 64

DCMD–VMD 108

0

0,5

1

1,5

2

2,5

3
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DCMD-DCMD

DCMD-VMD

3
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1.5

1

0.5

0

Figure 11. Comparison between the flowsheet with the DCMD units in series and the integrated
DCMD–VMD flowsheet in terms of STEC and GOR.

Specifically, gains obtained with the integrated DCMD–VMD flowsheet are summa-
rized in Table 5. It is clear that, despite the same membrane area, the Productivity/Size ratio
is in favour of the new proposed integrated MD configuration, thanks to the significant
increase in the permeate production.

Table 5. Gain obtained with the integrated DCMD–VMD flowsheet.

Qp Increase
(%)

STEC Reduction (%) GOR Increase (%)
PS Ratio

(/)

69 50 100 1.69
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4. Conclusions

For the first time, as an alternative strategy to improve the thermal performance and
the water recovery factor of DCMD, the integration of DCMD and VMD was proposed
and investigated. In particular, the analysis was carried out at low operating tempera-
tures (∼40 ◦C), for which the existing heat recovery methods are not very efficient, since
they usually work at temperatures higher than 50 ◦C. Calculations were also made for
a flow sheet consisting of two DCMD units in series, representing the “traditional” way
in which more units of the same MD configuration are combined to enhance the water
recovery factor.

The integrated DCMD–VMD flowsheet led to significant benefits with respect to the
DCMD–DCMD units:

(i) Reduction of the STEC (by 50%);
(ii) Increase in the GOR (by 100%);
(iii) Increase in the permeate production (by 69%);
(iv) Higher productivity per membrane area (PS = 1.69).

On the basis of the above considerations, the application of a VMD unit in series with
the DCMD one resulted to be an interesting way to improve both thermal performance and
plant productivity, while fitting well the requirements of the process intensification strategy.
It has to be pointed out that, although this work was carried out to cover the application
of DCMD for treating feeds that need low operating temperatures, the same concept can
be extended to higher operating temperatures and, then, to a wider number of processes.
In this case, a comparison of the thermal performance of the proposed integrated MD
flowsheet with that of existing heat recovery methods must be made, in order to identify
the most effective one.
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Abstract: The use of waste incineration with energy recovery is a matured waste-to-energy (WtE)
technology. Waste incineration can reduce the volume and mass of municipal solid waste significantly.
However, the generation of high volumes of polluting flue gases is one of the major drawbacks of
this technology. Acidic gases are constituents in the flue gas stream which are deemed detrimental
to the environment. The wet flue gas desulphurization (FGD) method is widely employed to clean
acidic gases from flue gas streams, due to its high efficiency. A major setback of the wet FGD
technology is the production of wastewater, which must be treated before reuse or release into the
environment. Treating the wastewater from the wet FGD presents challenges owing to the high
level of contamination of heavy metals and other constituents. Membrane distillation (MD) offers
several advantages in this regard, owing to the capture of low-grade heat to drive the process. In
this study the wet FGD method is adopted for use in a proposed waste incineration plant located in
Ghana. Through a mass and energy flow analysis it was found that MD was well matched to treat
the 20 m3/h of wastewater generated during operation. Thermal performance of the MD system
was assessed together with two parametric studies. The thermal efficiency, gained output ratio, and
specific energy consumption for the optimized MD system simulated was found to be 64.9%, 2.34
and 966 kWh/m3, respectively, with a total thermal energy demand of 978.6 kW.

Keywords: waste-to-energy; municipal solid waste; flue gas desulphurization; membrane distillation;
thermal performance; thermal efficiency; gained output ratio; specific energy consumption

1. Introduction

Waste-to-energy (WtE) technology has been established to be an appropriate method of
dealing with municipal solid waste (MSW) worldwide [1]. Most developed countries have
embraced the use of it as an attractive means of treating non-recyclable and non-reusable
waste because not only it minimizes the risks and environmental concerns associated
with disposing copious quantities of MSW into landfill sites, but also it allows produc-
tion/recovery of useful energy (e.g., electricity). The use of MSW as fuel to generate energy
can reduce the over-dependence on fossil fuels as sources of energy.

Waste incineration is the most matured and widely used WtE technology [1–3]. Waste
incineration can reduce the volume of MSW by 80 to 95% and the mass by 70 to 75% [4].
The major setback with the use of this technology is the significant amount of pollutants
that are produced. There are some constituents (e.g., hydrofluoric (HF), hydrochloric (HCl),
and sulphur dioxide (SO2)) in the flue gases emanating from waste incinerators which are
proven to have a detrimental impact on the environment [5]. Therefore, strict limits on
the amount of such constituents are set. Different technologies have been considered for
removal of such emissions (e.g., wet, semi-dry, and dry scrubbing).

Absorption and adsorption are two distinct processes by which acidic gases are cleaned
from flue gas streams emanating from waste incinerators. These processes are classified
either as non-regenerative or regenerative. The non-regenerative technologies are further
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divided into three; dry, semi-dry and wet methods [6,7]. Figure 1 depicts the various meth-
ods in non-regenerative flue gas desulphurization (FGD) technologies that are used in acid
gas cleaning. Wet scrubbing is a FGD method that is widely employed in cleaning acidic
gases in flue gas streams, with Japan, USA and Germany enjoying the most patronage [8].
Advantages of this technology includes higher rates of desulphurization, relative ease of
operation, and smaller equipment. The limestone wet method of FGD is reported to be the
most widely used technology in the cleaning of acidic gases in flue gas streams from waste
incineration plants [9]. A study by Lecomte et al. [10] indicates that removal efficiencies of
up to 99% can be achieved using this technology. The major disadvantage with the use of
this method is the production of wastewater, which must be treated prior to reuse or release
into the environment. There are several wastewater treatment methods that are employed
in the treatment of various types of wastewater. Membrane separation methods employed
in the treatment of wastewater include microfiltration, ultrafiltration, reverse osmosis (RO),
etc. RO has enjoyed the most patronage among the various types of membrane separation
techniques. However, drawbacks include higher electricity demand in providing high
pressures at the intake, consequently affecting the membrane’s long-term performance [11].
There is, therefore, the need to explore other membrane separation processes.

Membrane distillation (MD) is a promising novel technology used in separation pro-
cesses where only water molecules can pass through a porous hydrophobic membrane
material. The application of MD technology is widespread in the desalination of seawater
and brackish water [12–15], and the treatment of wastewater that is polluted with radioac-
tive substances [16,17]. MD is also reported to have potential in the treatment of oily
wastewater from industries [18–20]. However, relatively few works have been carried out
on the application of MD technology in the treatment of flue gas condensate. Chuanfeng
et al. [21] investigated the use of MD in the framework of combined heat and power (CHP)
plants in Sweden. Subsequently, a pilot unit was installed at the Vattenfall Idb

..
a cken CHP

plant (a biofuel-fired plant) during 2006 and 2007 [22]. Later, a follow-up investigation
considered water recovery from flue gas condensate in MSW-fired cogeneration plants
using MD [11], and employed both laboratory and pilot-scale air gap MD modules in
combination with techno-economic analyses. The aforementioned studies demonstrated
that MD offers equal or superior separation efficiency as compared to RO with higher
specific costs. The availability of low-grade heat placed an upper limit on the capacity of
the MD system to about 100 m3/h. However, their work was carried out on cogeneration
plants, which supply both heat and electricity, and not for WtE facilities operating in con-
densing mode, where electricity is the only energy service provided. Therefore, there is the
need for further investigation if the MD technology is to be integrated in a WtE plant in
a tropical country such as Ghana, where the heat demand is low and thus cogeneration
is unprofitable when selected. Moreover, to meet the MD energy demand, the possibility
of using the recovered waste heat during the cooling of the flue gas stream prior to the
particulate matter (PM) separation process is considered.

This study, therefore, mainly focuses on different models of a waste incineration plant
simulated using Aspen Plus® software (version 11). In other words, three of the developed
models used for the study are presented, with emphasis on the simulation of acid gas
cleaning using wet FGD and the treatment of the produced wastewater via MD technology.
The current study is a subsequent part of a research investigation with the broader aim of
proposing optimal integration of WtE in Ghana.
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Figure 1. Non-regenerative flue gas desulphurization technologies [23].

2. System Description

This section describes the overall flow chart used in the study, and the system design
of a wet scrubbing system and how it is integrated to clean acidic gases in the flue gas
stream.

2.1. Block Flowchart of the Incineration Plant Used in the Study

The integrated system block flow chart for the waste incineration plant used in this
research is depicted in Figure 2. MSW is first fed into the incinerator/boiler, where sufficient
air is added to aid in the complete oxidation of the MSW. After combustion of the MSW
in the incinerator/boiler, the flue gas (which carries with it a high energy and particulate
matter) and ash are produced. While ash is collected at the bottom, the flue gas stream exits
into a heat recovery steam generator (HRSG). After heat exchange with high pressure water
to produce high pressure steam, the flue gas is first cooled down further before entering
a particulate matter (PM) separation device. At this stage, PM is separated from the flue
gas stream using either a cyclone, filter bag, electrostatic precipitator PM separation device,
or a combination of these. Then the flue gas stream goes into the wet FGD where water
and aqueous calcium carbonate (CaCO3) are added to clean out acidic gases. The flue
gas stream is further cleaned before its release to the environment through a stack. The
produced wastewater after acid gas cleaning, on the other hand, is sent to the MD system
for treatment prior to reuse or disposal into the environment. The wastewater that goes
into the MD system is treated and produces a cleaned water (permeate), and the captured
solids and the remains in the concentrate (retentate) can be returned to the MD system for
further cleaning or disposed.

2.2. Design of a Wet Scrubbing System

A typical design of a limestone wet method of FGD technology has two basic stages.
In the first stage, only water (acidic condition) is added. This stage is only effective in
the removal of HF, HCl and sulphur trioxide. The removal of SO2 in the first stage is
low due to the presence of HCl, which affects its absorption. Therefore, a second stage is
incorporated where a liquid with higher pH (neutral or alkaline condition) is added to
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remove the SO2. Studies [6,7,24–26] indicate that the second stage is capable of removing
other acidic compounds that are present in the flue gas stream.

Figure 2. Block flowchart of incineration plant used for the study.

3. Methodology

The integrated system is divided into three subsystems that are simulated using Aspen
Plus®. This section describes these three subsystem models simulated.

The first is the waste incineration plant, which is to determine the volume of emis-
sions, including the parameters of the various constituents, that were generated after the
combustion of the MSW. The second model is the wet scrubbing process, employed to
determine the volume of water needed to clean acid gases (limited to only HCl and SO2 in
this study) from the flue gas stream and subsequently the volume of flue gas condensate
(wastewater) generated in the process. The third model is the MD technology which is
used to treat the flue gas condensate produced during the acid gas cleaning.

The relations used in performing the thermal analysis of the MD system are also
presented in this section.

3.1. Models Used in the Study
3.1.1. Model of the Waste Incineration Plant

The waste incineration plant Aspen Plus® flowsheet [27] is shown in Figure 3. The
simulated plant has a nominal incineration capacity of 240 metric tons of MSW per day,
generating 30 MW of electrical power with an efficiency of approximately 31%. The waste
incineration plant model has four stages: (1) drying of the MSW, (2) combustion of the
MSW, (3) steam generation for only electricity generation, i.e., condensing mode and (4) PM
separation.

In the waste incineration plant, the wet MSW (WET-MSW) is sent into a vessel (DRY-
REAC), where hot air (HOTAIR) is mixed with WET-MSW. A calculator block is defined in
Aspen Plus to control the drying process in another vessel (DRY-FLSH) and the by-products
from this vessel are a dry MSW (DRY-MSW) and an exhaust vapour (EXHAUST), which is
discharged into the atmosphere.

DRY-MSW is now ready to be combusted. As its composition can vary based on the
source and regional factors (e.g., topography, seasons, food habits etc.), it has been defined
as non-conventional in the model. Consequently, for successful simulation of combustion
process, DRY-MSW first needs to be defined based on its content. Therefore, an extra vessel
(DECOMP) is included in the flowsheet where DRY-MSW is broken down into its various
elemental constituents (Q-DECOMPOST). Q-DECOMPOST is then sent into the combustion
chamber (BURN), where sufficient air (ATM-AIR) is added to achieve a complete oxidation
of the MSW. Energy is recovered from the flue gases (CPROD-H) from the combustion
process in the heat exchanger (HRSG) for the generation of superheated steam (HPSTEAM),
which turns a steam turbine (ST-TURB) for the generation of electrical power (WT-TURB).
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After the recovery of heat energy from CPROD-H, there is a drop in temperature in the flue
gas (CPROD-C) before entering particulate matter (PM) separation devices. In the model
depicted in Figure 3, all three types (cyclone, bag filter and the electrostatic precipitator
(ESP)) of PM removal devices are incorporated. The flue gas stream after the PM separation
(ESP-GAS) then goes into the wet scrubbing system for cleaning of acidic gases.

Figure 3. Waste Incineration Aspen Plus® model flowsheet [27].

3.1.2. Model of the Wet Scrubbing Process

An Aspen Plus® model (Figure 4) of a wet scrubbing process was developed in order
to simulate the cleaning process of acid gases from produced flue gas in the previous
model. The main output of this model is to determine the amount of flue gas conden-
sate (wastewater) that would be generated. The base method used in Aspen Plus® is
ELECNRTL.

Figure 4. Wet scrubbing process Aspen Plus® flowsheet [27].

As can be seen in Figure 4, the developed model has two stages. RadFrac (WTSCRUB1)
from the Aspen block built-in library, which is the acidic scrubber, is selected where the
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flue gas stream from the waste incinerator (GASFEED) and water (LIQFEED1) are the
feed streams. The products then are wastewater (LIQPROD1), and the flue gas stream
(GASPROD1). The second wet scrubber (WTSCRUB2), selected as the same as the first
scrubber in Aspen Plus, is the alkaline (or neutral) scrubber with two feeds: the partially
cleaned flue gas (GASPROD1) from WTSCRUB1 and a liquid feed (LIQFEED2). The latter
is an alkaline solution, which in this study is considered to be calcium carbonate (CaCO3).

Table 1 lists the operating condition used in the modelling of the wet scrubbing
process. It is assumed that there is no temperature and pressure drop in GASPROD1 from
WTSCRUB1 to WTSCRUB2.

Table 1. Operating conditions in the wet scrubbing process.

Parameter Value

Flue gas feed temperature to WTSCRUB1 160 ◦C
Flue gas feed pressure to WTSCRUB1 1.01 bar
Liquid feed temperature to WTSCRUB1 30 ◦C
Liquid feed pressure to WTCSCRUB1 1.5 bar
Operating Pressure in WTSCRUB1 1.01 bar
Number of stages in WTSCRUB1 10
Liquid feed temperature to WTSCRUB2 35 ◦C
Liquid feed pressure to WTSCRUB2 1.5 bar
Number of stages in WTSCRUB2 10

3.1.3. Model of the MD System

There are no available blocks in the Aspen Plus built-in library that can readily be
used in the simulation of an MD unit. Hence, it was modelled using a customised USER
Model2 in Aspen Plus. An excel file sheet built into Aspen Plus was modified with data
obtained from the simulation of the wet scrubbing model. Table 2 is a list of the operating
parameters used in the simulation of the MD system. This simulation work is based on the
MD system presented by Imtisal-e-Noor et al. [28]. However, there are a few differences
between that simulation work and this current work. The current model has a single air
gap MD module relative to the dual-cascaded MD modules used in that work. There are
also differences in parameters, such as the feed inlet temperature, coolant inlet temperature,
density of the feed, and the composition of the flue gas condensate. The feed and coolant
inlet pressures, however, remain the same.

Table 2. Operational parameters of MD system.

Operating Parameter Value

Feed flowrate 1500 L/h
Feed inlet temperature 85 ◦C
Feed inlet pressure 1.0 bar
Coolant flowrate 1500 L/h
Coolant inlet temperature 26 ◦C
Coolant inlet pressure 1.0 bar

The Aspen Plus® MD model flowsheet is shown in Figure 5, and the base method used
for this model is IDEAL. The flue gas condensate or wastewater (WWSCRUB) generated
from the wet scrubbing process is collected into a tank (TNK) at a temperature of 56.7 ◦C.
The wastewater stored in the tank (FD1) is then passed through a heat exchanger (HX) and
heated up to a temperature of 85 ◦C using heat from the cooling of the flue gas stream (from
440 ◦C to 160 ◦C) before particulate matter separation. The heated flue gas condensate
(FD2) then goes into the MD module (MD). The temperature of the flue gas stream drops
because of the latent heat of vaporization which corresponds to the permeate flux passing
through the membrane. The concentrate and permeate streams from the MD module are
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referred to as RET and PERM, respectively. The treated water (PERM) is then collected into
another tank for reuse.

Figure 5. MD system Aspen Plus® flowsheet [27].

During the simulation of the MD system, the coolant stream is considered to be water
to be pumped from the surroundings (e.g., from a river) with an ambient temperature of
between 25 to 27 ◦C (the ambient temperature of water in Ghana).

3.2. Thermal Energy Analysis of MD Systems

The permeate flux, or simply flux, of an MD (Jp) is considered the most relevant
metric used in the assessment of any membrane technology. It is defined as the flow rate
of permeate flowing through the membrane measured in kg/m2 s and can be expressed
mathematically as [29]

Jp =

.
mp

A
(1)

where
.

mp is the mass flow rate of the permeate measured in kg/s and A is the effective
membrane area measured in m2.

The thermal efficiency (TE) or evaporative thermal efficiency of MD systems is defined
as the ratio of the latent heat of vaporization to the total (latent and conduction) heat. The
TE of MD systems is considered an effective tool in the measurement of desired thermal
transport. It can be expressed mathematically as [29]

TE (%) =

.
mp ΔHv,w

Qm
× 100 (2)

where ΔHv,w refers to the enthalpy of vaporization of the water in kJ/kg, and Qm is the
total heat flux through the membrane in kW, which can be determined by using the relation
in Equation (3).

Qm =
.

m f Cp

(
Tf ,in − Tf ,out

)
(3)

In this expression,
.

m f refers to the feed mass flow rate measured in kg/s, Cp refers to
the feed water specific heat measured in kJ/kg ◦C, while Tf ,in and Tf ,out refer to the inlet
and outlet feed water temperatures, respectively, measured in ◦C.

Another important parameter for evaluation of the thermal performance of an MD
system is specific energy consumption (SEC). It is defined as the energy required to pro-
duce 1 m3 of distillate water in MD systems and can be determined using the following
relation [30]

SEC
(

kWh
m3

)
=

[
Qmρ

Jp A

]
/3600 (4)

where ρ refers to the density of water measured in kg/m3.
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Gained output ratio (GOR) is defined as the ratio of thermal energy that is required to
produce distillate water in an MD system to the energy input to the system. GOR, a dimen-
sionless parameter, can be expressed mathematically using the following equation [31]

GOR =
Jp A � Hv,w

Ein
(5)

where Ein refers to the total power input to the system measured in kW.

4. Results and Discussion

In this section, results for both the wet scrubbing and MD processes (including a
parametric analysis on the MD system) are presented and discussed.

4.1. Results from the Wet Scrubbing Process

Table 3 presents some key simulation results of the wet scrubbing process. The
temperature of the flue gas condensate was 56.7 ◦C, at a pressure 1.01 bar. The temperature
of the flue gas condensate was above its dew temperature. The temperature of the cleaned
flue gas (after acid gas cleaning) which continues into the stack to be emitted into the
atmosphere is 52.2 ◦C at a pressure of 1.01325 bar and this is also above its dew point. In all
the process can achieve an overall cleaning efficiency of over 99% for SO2 and over 95% for
HCl. There was also a little reduction in the other constituents of the flue gases exiting the
wet scrubber at the end of the cleaning process. The total flow rate of liquid feed used in
the wet scrubbing was 70,000 kg/h of water, 35,000 kg/h in the first scrubber and 35,000
kg/h in the second scrubber. It must be noted that in the second scrubber the liquid feed is
a mixture of water and CaCO3. (The mole fraction ratio of water to CaCO3 is 0.9:0.1).

Table 3. Simulation results from the wet scrubbing process.

Parameter Value

Flue gas condensate (wastewater) temp 56.7 ◦C
Flue gas condensate (wastewater) pressure 1.01 bar
Cleaned gas temperature 52.2 ◦C
Cleaned gas pressure 1.01 bar
SO2 cleaning efficiency Over 99%
HCl cleaning efficiency Over 95%
Volumetric flow rate of wastewater 19.4 m3/h

4.2. MD Model Simulation Results

This section presents the results obtained from the simulation of the optimized MD
model used in the study. The thermal performance of the MD system is also presented and
discussed. Table 4 list the results obtained after simulation of the MD model.

Table 4. Simulation results from the MD system.

Parameter Value

Feed/concentrate outlet temperature 77.1 ◦C
Coolant stream outlet temperature 34.2 ◦C
Membrane flux 6.22 L/m2/h
Total thermal energy demand 978.6 kW
Membrane area 699 m2

Number of modules 303
GOR 2.34
SEC 966 kWh/m3

TE 64.9%
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4.2.1. Thermal Efficiency

The thermal efficiency of the MD system was determined using Equation (2) when
increasing the feed inlet temperature from 75 ◦C to 90 ◦C while maintaining the coolant inlet
temperature at 26 ◦C. Values of the determined thermal efficiency against the corresponding
feed inlet temperature are reported in Figure 6a. It can be observed in the figure that
increasing the feed inlet temperature from 75 ◦C to 90 ◦C resulted in an increment of the TE
from 50.7% to approximately 73%. This increment in TE can be attributed to the increase in
permeation when the feed/concentrate inlet temperature increases. The thermal efficiency
of the MD system was determined again using Equation (2), but this time increasing the
coolant inlet temperature from 15 ◦C to 32 ◦C while maintaining the feed inlet temperature
at 85 ◦C. Values of the determined thermal efficiency against the corresponding coolant
inlet temperature are reported in Figure 6b. It can be observed that increasing the coolant
inlet temperature from 15 ◦C to 32 ◦C decreases the TE from 75.4% to approximately 57%.
This decrease in TE can be attributed to the low level of permeation due to the increase in
the coolant inlet temperature. These results conform to the results obtained in research by
Shahu et al. and Elmarghany et al. [32,33].

Figure 6. Effects on increasing feed/coolant inlet temperature versus TE: (a) Effects on increasing
feed inlet temperature vs. resulting SEC. (b) Effects on increasing coolant inlet temperature vs.
resulting TE.

4.2.2. GOR

The GOR of the MD system was determined using Equation (3) by increasing the
feed inlet temperature from 75 ◦C to 90 ◦C while maintaining the coolant temperature
inlet temperature at 26 ◦C. The values of the determined GOR against the feed inlet
temperature are reported in Figure 7a. It can be observed from that increasing the feed inlet
temperature from 75 ◦C to 90 ◦C increases the GOR from 1.82 to 2.53. Increasing the feed
inlet temperature increases permeation, which in turn increases the driving force of the
permeate, as much less thermal energy is required to produce distillate water in the MD
system. The GOR of the MD system was determined again using Equation (5), but this time
increasing the coolant inlet temperature from 15 ◦C to 32 ◦C while maintaining the feed
inlet temperature at 85 ◦C. Values of the GOR against the corresponding inlet temperature
are reported in Figure 7b. It can be observed from the figure that increasing the coolant
inlet temperature from 15 ◦C to 32 ◦C decreases the GOR from 2.72 to 2.06. This decrease
can be attributed to the fact that increasing the coolant inlet temperature decreases the level
of permeation and the driving force; therefore, higher amount of thermal energy is required
to produce distillate water in the MD system. These results conform to the results obtained
in research works carried out by Shahu et al. and Elmarghany et al. [32,33].
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Figure 7. Effects on increasing feed/coolant inlet temperature versus GOR: (a) Effects on increasing
feed inlet temperature vs. resulting GOR. (b) Effects on increasing coolant inlet temperature vs.
resulting GOR.

4.2.3. SEC

The SEC of the MD system was determined using Equation (3) by increasing the
feed inlet temperature from 75 ◦C to 90 ◦C while maintaining the coolant temperature
inlet temperature at 26 ◦C. The values of the determined SEC against the corresponding
feed inlet temperature are reported in Figure 8a. It can be observed that increasing the
feed inlet temperature from 75 ◦C to 90 ◦C decreases the SEC from 1237.4 kWh/m3 to
approximately 860 kWh/m3. As mentioned earlier, increasing the feed inlet temperature
increases permeation and thus increases the driving force of the permeate which in turn
decreases the energy required to produce the distillate water, therefore decreasing the
SEC. The SEC of the MD system was determined again using Equation (4), but this time
increasing the coolant inlet temperature from 15 ◦C to 32 ◦C while maintaining the feed
inlet temperature at 85 ◦C. The values of the determined SEC against the corresponding
inlet temperature are reported in Figure 8b. It can be observed that increasing the coolant
from 15 ◦C to 32 ◦C increases the SEC from 831.2 kWh/m3 to approximately 1074 kWh/m3.
Increasing the coolant inlet temperature decreases the level of permeation which in turn
decreases the driving force of the permeate, therefore more energy is needed to produce
the distillate water. These results conform to the results obtained in research works carried
out by Shahu et al. and Elmarghany et al. [32,33].

Figure 8. Effects on increasing Feed/Coolant Inlet temperature versus SEC: (a) Effects on increasing
feed inlet temperature vs. resulting SEC. (b) Effects on increasing coolant inlet temperature vs.
resulting SEC.
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5. Conclusions

The results obtained from the simulation of the MD process indicates it is possible
to achieve almost 100% separation of the various constituents of the flue gas condensate.
Additionally, a thermal performance assessment of the MD process indicates that increasing
the feed/concentrate inlet while minimizing that of the coolant inlet temperature is the
optimum means of operating the MD. It is therefore imperative to state that the coolant
inlet temperature of 25 ◦C is reasonable and the feed inlet temperature should be at 90 ◦C.

Results obtained earlier from the simulation of the wet FGD model indicate almost
100% cleaning of acid gases (HCl and SO2) from the flue gas stream, where a total volumetric
flow rate of 20 m3/h was used in the process. The total flue gas condensate produced at
the end of the process was approximately 19.44 m3/h.

In conclusion, it is worth noting that the energy recovered during the cooling of the
flue gas stream prior to PM separation is adequate for the operation of the integrated
MD system, and the wet FGD technology is an effective method of cleaning acid gases
from flue gas streams (achieving separation efficiencies of over 95% for the HCl and over
99% for the SO2). In addition, the MD technology is an effective method that can be
used in the separation of these acid gases in the flue gas condensate produced in the wet
FGD technology.

It is recommended that a techno-economics analysis on both the wet FGD and MD
technologies are performed on a typical waste incineration plant with energy recovery,
with Ghana as the location for the operation of the plant.
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Abstract: A new crystallization process for sodium bicarbonate (NaHCO3) was studied, proposing the
use of osmotic membrane distillation crystallization. Crystallization takes place due to the saturation
of the feed solution after water evaporation on the feed side, permeating through the membrane
pores to the osmotic side. The process operational parameters, i.e., feed and osmotic velocities,
feed concentration, and temperature were studied to determine the optimal operating conditions.
Regarding the feed and osmotic velocities, values of 0.038 and 0.0101 m/s, respectively, showed the
highest transmembrane flux, i.e., 4.4 × 10−8 m3/m2·s. Moreover, study of the temperature variation
illustrated that higher temperatures have a positive effect on the size and purity of the obtained
crystals. The purity of the crystals obtained varied from 96.4 to 100% In addition, the flux changed
from 2 × 10−8 to 7 × 10−8 m3/m2·s with an increase in temperature from 15 to 40 ◦C. However, due
to heat exchange between the feed and the osmotic solutions, the energy loss in osmotic membrane
distillation crystallization is higher at higher temperatures.
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1. Introduction

Climate change is redirecting global objectives to regulate greenhouse gas emissions.
Industry accounts for 21% of these emissions [1] Thus, in order to minimize waste produc-
tion and its effect on the environment, the design of more efficient processes is required.
Many industrial sectors are already focused on lower energy consumption, such as the
pharmaceutical industry, food industry, fine chemicals industry, and construction. However,
some of their processes are still far from sustainable [2,3]. That is the case for crystallization,
a separation technique for producing or purifying solid products from a supersaturated
solution. Crystals have high stability, are easy to store, and have a long life. For these
reasons, there is an immense requirement for their production from industry [4].

On a larger scale, several principles are used to form crystals, such as cooling of
the feed solution, evaporation of the solvent, and anti-solvent techniques. The conven-
tional equipment for performing crystallization is a batch stirred tank, which has several
drawbacks. Firstly, the conventional crystallizer cannot provide crystalline solid products
of sufficient morphological quality (size, shape, and crystal size distribution), structure
(polymorphism), and purity [5]. Secondly, there are some reproducibility issues such as
imperfect mixing, where the solution is not homogeneous, and the supersaturation con-
trol is limited. Moreover, the points at which crystallization can be performed vary from
one batch to another. Furthermore, a great deal of energy is needed either to heat/cool
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the solution in a conventional evaporator or to power vacuum systems, which are not
efficient [6].

In addition, the stirred tank mostly operates as a batch reactor, meaning that the
process is not continuous and has to be stopped to recover the products. It would be
more convenient and energetically more efficient to use a continuous process [5,7–9]. As
conventional crystallizers have many inconveniences, research has been conducted to find
alternatives allowing better control and performance during the crystallization process,
and membrane distillation crystallization is one of these alternatives [4].

Osmotic membrane distillation crystallization (OMDC) is an innovative technique
in which two liquids are brought into contact through a non-selective hydrophobic mi-
croporous membrane [10]. Because the concentration is not the same on both sides, this
induces a water activity difference and leads to the evaporation of water from the feed
to the osmotic side. Thus, the driving force is the vapor pressure gradient created by the
water activity difference between the two sides of the membrane. Figure 1 depicts the mass
transfer profile for the OMDC system [7,8].

Figure 1. Concentration profiles in osmotic membrane distillation crystallization.

OMDC has advantages over conventional distillation and crystallization processes.
This technique has a very high specific contact area, promoting higher mass transfer with
more compact equipment than in conventional crystallization or distillation. The main
advantage of OMDC is lower energy consumption [11,12]. As the driving force is created
through the partial pressure gradient, no additional pressure is required, which allows
equipment costs to be reduced and process safety to be increased in comparison with
pressure-driven processes. Residual heat or renewable energy can also be used, if available,
which could reduce the overall cost and environmental impact [12–14]. Another benefit of
OMDC is the use of polymer materials in the equipment, which decreases or even avoids
erosion problems [4–7].

OMDC is presented as an alternative option for crystallizing sodium bicarbonate
(NaHCO3). NaHCO3 is a salt obtained from a reaction between soda ash and carbon
dioxide (CO2) [15,16]. NaHCO3 is used in various industries such as food, pharmaceuticals,
agriculture, etc. However, the purity and the morphology of the obtained crystals play
an important role in where the NaHCO3 salts can be used. To crystallize NaHCO3 in a
conventional crystallizer, CO2 must be introduced to the tank atmosphere as NaHCO3,
which can easily be converted to CO2 by heat or stirring [15]. Shifeng Jiang also studied
the crystallization of NaHCO3 using a cooling crystallizer to generate more NaHCO3
crystals [17]. However, when using OMDC technology to crystallize NaHCO3, there is no
need for the constant addition of CO2. Moreover, as the solution is not heated, less NaHCO3
is converted to CO2, which is the main advantage of OMDC for crystallizing NaHCO3.
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To the best of our knowledge, no studies have been performed on the crystallization of
NaHCO3 using membrane distillation crystallization. However, OMDC has been used for
other materials. Israel Ruiz Salmon et al. studied OMDC for the crystallization of sodium
carbonate. It was observed that in OMDC, the main resistance was the membrane itself,
and the process suffered from concentration polarization and possible wetting [18].

In this study, the main objective was to optimize the OMDC system for the crystalliza-
tion of NaHCO3. Several operational parameters such as the feed and osmotic velocities,
the effect of feed concentration, and the feed temperature were studied. Moreover, the
purity, shape, and size of the crystals were analyzed using X-ray diffraction (XRD) and
scanning electron microscopy (SEM).

2. Materials and Methods

2.1. Chemicals

The feed solution for each experiment was produced by dissolving NaHCO3 salt
(sodium bicarbonate, ≥99.7%, AnalaR NORMAPUR, Leuven, Belgium) in ultrapure water,
and the osmotic solution was obtained by dissolving sodium chloride (NaCl) (sodium
chloride, ≥99.9%, AnalaR NORMAPUR, Leuven, Belgium) up to the maximum solubility
in ultrapure water.

2.2. Equipment

Figure 2 shows the scheme for the distillation/crystallization setup. The membrane
contactor used to carry out experiments was a 3MTM Liqui-CelTM MM-1 × 5.5 Series
Membrane Contactor. The characteristics of the membrane are given in Table 1. The feed
and osmotic solution were in contact with a countercurrent flow. The feed solution flowed
on the lumen side and the osmotic solution was on the shell side. The weight of the feed
reservoir was measured constantly using a balance (LP 4202I, VWR, Milano, Italy), and is
used in Equation (1) for calculating the transmembrane flux and in Equation (2) for the mass
transfer coefficient calculation. The feed solution was always kept in a closed-cap container.
The feed and osmotic solutions were kept at room temperature for most experiments, except
for the temperature study, in which a cooler (Corio CD-900F, Julabo, Seelbach, Germany)
and a water bath (VWB2 12L, VWR, Poole, UK) were used to change the temperature in the
range of 15 to 40 ◦C. The temperature was measured using thermocouple thermometers
(2000, TME, Birmingham, UK).

Figure 2. Schematic diagram of the membrane distillation crystallization setup: A feed solution;
B gear pump; C membrane contactor; D peristaltic pump; E osmotic solution; F balance; G water
bath/cooler; T1–T4 thermometers.
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Table 1. Characteristics of the membrane contactor and hollow fibers.

Contactor Type Liqui-Cel® 1 × 5.5 MiniModuleTM

Module configuration Hollow fibers
Housing/potting Polycarbonate/polyurethane
Membrane type X50 microporous fiber

Membrane material Pp (hydrophobic)
Porosity 40%

Effective pore size 0.04 μm
Inner diameter/outer diameter 300 μm/220 μm

Active surface area 0.18 m2

Number of fibers 2300

Scanning electron microscopy (SEM) (GEMINI, Zeiss, Ultra 55) was used to observe
the NaHCO3 crystals produced at different feed temperatures. The SEM images studied
were taken at 500× magnification with a signal A = E2.

X-ray diffraction (XRD) (Bruker, AXS D8 ADVANCE) was used to determine whether
the feed temperature altered the crystal purity. First, a metal sputter deposition system
(CEA030, Balzers, Liechtenstein) was used to coat the surface with a thin gold layer to
produce a conductive surface. Subsequently, the analyses were performed with a LYNXEYE
detector, with a 2Theta from 20◦ to 100◦.

2.3. Overall Mass Transfer Coefficient and Transmembrane Flux Calculation

Two parameters allow characterization of the operating conditions of the membrane
system, namely, the transmembrane flux (J, m3/m2·s) and the overall mass transfer coeffi-
cient (Kov, m3/m2·Pa.s). J was calculated by measuring the weight of the feed tank over
time and recorded in intervals of 20 min. The flux shown in the figures is an average of the
fluxes during the experiment, calculated by Equation (1) [12,19,20].

J = − 1
Aρw f

dw f

dt
=

1
ρw f

w f (ti+1)−w f (ti)

ti+1 − ti
(1)

For calculating Kov, the following relation is used [12,19,20]:

J = KovΔp = Kov

(
p∗f a f − p∗o ao

)
(2)

In this equation, p* and a are the vapor pressure and the activity coefficient of the feed
(f ) and osmotic (o) sides, respectively, which were computed following the procedure de-
scribed by Hamer et al. [21] and by Sandler [22] when the values of the osmotic coefficients
were not found in the literature [23]. The vapor pressure (mmHg) was calculated using
Antoine’s equation, with the temperature T given in ◦C:

φ =
− ln(aw)

vMm M
(3)

where aw is the sum of the ions of the electrolyte (−), Mm is the molar mass of water
(kg/mol), M is the molality (mol/kg), and aw is the water activity.

3. Results and Discussion

3.1. Influence of the Fluid Dynamics

Improving the mass transfer is the key to having a lower required contact area and
reducing capital costs. There are three resistances to mass transfer in the OMDC system: the
feed boundary layer, the membrane, and the osmotic boundary layer. An increment in the
velocity has a positive effect on reducing the lumen- and shell-side boundary resistances and
increasing Kov. Figures 3 and 4 show the flux and Kov versus the change in the osmotic/feed
velocities, respectively, while the velocity at the other side was set at a constant value. In
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addition to the boundary resistances, membrane crystallization is significantly affected by
the phenomenon of concentration polarization (e.g., when the concentration of the salt is
higher on the surface of the membrane), and therefore higher velocities in the membrane are
more suitable, since they result in higher turbulence and thus better mixing of the solution
in the membrane contactor. However, it can be observed in Figure 3a that overall, the
feed velocity presents a maximum flux at 0.04 m/s when the osmotic solution operates at
0.01 m/s. At higher velocities of the feed solution, there is a decrease in flux. This decrease
might be because of partial wetting of the membrane pores. As previously reported [17],
wetting of the pores results in a lower flux and a higher resistance to mass transfer. In
Figure 3b, with increasing feed velocity, Kov decreases slightly, reinforcing the idea of
potential membrane wetting. The error bars for the feed flow rate of 0.01 m/s are around
13%. Regarding the osmotic velocity, Kov increases slightly when a higher velocity is used,
which is an indication of more turbulence on the osmotic side and lower resistance to
mass transfer. It can be observed in Figure 4a that in general, there is a rise in flux with an
increase in the osmotic velocity. The maximum flux was observed at an osmotic velocity of
0.01 m/s. In Figure 4b, Kov increases when the feed flow rate is higher, to overcome the
resistance in the osmotic boundary layer. However, there is a drop after 0.015 m/s due to
possible membrane wetting. It can be concluded that the effect of the osmotic flow rate is
higher than that of the feed flow rate, and it is more favorable to have a higher osmotic
flow rate than a lower feed flow rate to avoid membrane wetting.

(a) (b) 

Figure 3. Effect of feed and osmotic velocities on (a) flux and (b) Kov. The concentration of the
NaHCO3 was at a maximum, and feed and osmotic solutions were at room temperature.

 
(a) (b) 

Figure 4. (a) Flux for changes in osmotic flow rate. (b) Kov for changes in osmotic flow rate. The
concentration of NaHCO3 was at a maximum, and the feed and osmotic solutions were at room
temperature.

Another set of experiments was performed to check whether there was total membrane
wetting. This would be the case if NaCl was found in the feed solution. Ultrapure water was
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placed in the feed container, and the conductivity of the feed was measured over time with
a conductivity meter. It was concluded that there was a high mass transfer of NaCl salts to
the feed container at high velocity. For example, when the feed and osmotic velocities were
0.078 and 0.02 m/s, respectively, the conductivity of the ultrapure water changed from 13
μS/cm to 32 mS/cm within 2 h. This also confirms the hypothesis of partial membrane
wetting at higher flow rates. Thus, velocities of 0.038 m/s (200 mL/min) for the feed side
and 0.01 m/s (~200 mL/min) for the osmotic side were chosen as the optimal conditions,
leading to a high Kov without significant membrane wetting. These velocities were set as
constant values for the rest of the experiments described in the following sections.

3.2. Influence of the Feed Concentration

Figure 5 shows the flux and Kov versus the change in NaHCO3 concentration. The
average flux decreases with an increase in concentration. This is due to a decrease in the
driving force. In osmotic membrane crystallization, the driving force for water evaporation
is the vapor pressure difference between the two sides of the membrane, which is influenced
by the water activity. To promote flux, the driving force must be increased. This can
be achieved either by increasing the osmotic concentration or by decreasing the feed
concentration. An increase in the osmotic concentration implies a lower water activity,
while a decrease in the feed concentration induces a lower water activity. Globally, this
results in a higher driving force [7]. Therefore, we expect to see a drop in flux with an
increase in feed concentration, as can be observed in Figure 5a. By calculating Kov using
Equation (2), the effect of the driving force will be removed, and a constant Kov is expected
with a change in concentration. However, it can be observed in Figure 5b that Kov still
decreases with an increase in the concentration. The factor that causes Kov to decrease
could be concentration polarization.

 
(a) (b) 

Figure 5. Effect of the concentration of NaHCO3 in the feed solution on: (a) flux and (b) Kov. Feed
velocity was 0.038 m/s, osmotic velocity was 0.01 m/s, and osmotic and feed solutions were at room
temperature.

3.3. Influence of the Feed Temperature

The temperature of the feed solution was varied in a range between 15 ◦C and 40 ◦C,
while the osmotic temperature was kept at 20 ◦C, equivalent to room temperature (see
the evolution of temperatures shown in Appendix A). This study was limited to 40◦ by
the membrane contactor characteristics. To investigate the effect of feed temperature on
the flux and the overall mass transfer coefficient, experiments were conducted with a
feed concentration of 0.8 mol/L (67.2 g/L) and an osmotic concentration of 6.16 mol/L
(360 g/L). The feed flow rate and the osmotic flow rate were at their optimal values for this
system. The results are presented in Figure 6. When the feed temperature increases, the
flux increases due to the vapor pressure difference created by the temperature difference
and the concentration difference across the membrane at the same time. After some time of
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operation, the feed solution and the osmotic solution reach the same temperature, since the
two streams are recirculated in the experimental setup. The membrane contactor acts as an
excellent heat exchanger between the feed and osmotic solutions, which unfortunately is
not the desired effect, since most of the energy is lost in heating the osmotic solution rather
than evaporating the water in the feed. Thus, it is more efficient if a membrane with a lower
heat conductivity is used. Unlike the flux, the mass transfer coefficient decreases when
the temperature increases, which could be explained by the presence of the temperature
polarization effect. These phenomena were also observed by Salmon et al. [18] and by
Boubakry et al. [24].

 

 
(a) (b) 

Figure 6. (a) Flux for changes in temperature, for 0,8 mol/L of NaHCO3. (b) Kov for changes in
temperature, for 0,8 mol/L of NaHCO3.

The results of previous studies on membrane crystallization are presented in Table 2,
for comparison with the results obtained in this study. It can be observed that the flux
obtained in this work was in good agreement with the values obtained with the same type of
hollow fibers but was inferior to the flux obtained in bigger membrane contactors. The fact
that most of the studies did not report the mass transfer coefficient is a critical limitation, in
terms of making a fair comparison. Sparenberg et al. [20] used the same type of membrane
contactor for direct contact and vacuum membrane crystallization. The vacuum membrane
crystallization had a higher flux in comparison to OMCD and DCMD, as the heat losses
during the process were lower. The same applied to Kov: the values obtained in previous
studies using the same type of hollow fibers were near the values obtained in this study,
ranging from 4.8 × 10 − 11 m3/m2·Pa·s to 6.53 × 10 − 11 m3/m2·Pa·s.

Table 2. Comparison of performance of previous membrane crystallization processes with the process
in this study.

Reference
Membrane

Process
Membrane

Type
Material Crystal Product Jmax (kg/m2·h) Kmax (m3/m2 Pa s)

[18] OMCD Hollow fiber PP NaCO3 0.138 6.53 × 10−11

[20] VMD/DCMD Hollow fiber PP NaCO3 0.8 and 0.11 4.8 × 10−11 and 3.7 × 10−11

[25] MDC Flat sheet PTFE CaCO3, NaCl, KC 6 -
[26] MDC Hollow fiber PVDF/PTFE particles NaCl 8 -
[27] VMDC Hollow fiber PVDF Al(NO3) 9.6 -
[28] MDC Flat sheet Elongated PTFE NH4NO3 2–5 -

This study OMCD Hollow fiber PP NaCO3 0.269 6.41 × 10−11

3.4. Crystalline Phases

Commercial crystals were observed via SEM for comparison with the crystals pro-
duced at 15, 20, 30, 35, and 40 ◦C. The images produced via SEM are shown in Figure 7a–f.
Commercial sodium bicarbonate is a powder consisting of flat sheet crystals with no
preferential shape, while the crystals produced by membrane distillation crystallization
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were in the form of squares, sticks, and other shapes. The shape of the crystals obtained
in this study was similar to that of crystals obtained in the literature using other novel
crystallization processes. Therefore, the effect of OMDC on the shape of the crystals was
not significant [17,29,30]. The temperature influenced the morphology and the size of the
crystals, giving bigger crystals at 35 ◦C. This is due to the fact that temperature has a great
effect on the nucleation and growth rate of crystals [16]. The experiment at 35 ◦C gave
larger crystals. This experiment was repeated four times, and it was observed that on two
occasions the crystal size was similar to the size in the experiment at 40 ◦C, while on the
other two occasions bigger crystals were obtained. For this reason, the average size should
be taken carefully. This is due to the effect that temperature, or the residence time of the
crystals in the tank, has on the nucleation and growth rate of crystals. The crystal size
obtained in this study agreed with the crystal size obtained by Adnan Abdel-Rahaman
et al. [31]. To find an optimal temperature, higher temperatures may have to be tested,
but this was not possible in this study due to the thermal limitations of the material of the
module.

 
Figure 7. SEM images of NaHCO3, comparing commercial crystals (a) with crystals obtained using
osmotic membrane distillation crystallization at different temperatures: (b) 15 ◦C; (c) 20 ◦C; (d) 30 ◦C;
(e) 35 ◦C; (f) 40 ◦C.

XRD analysis was performed on various bicarbonate crystals. The first was the original
sodium bicarbonate powder from the industrial supplier. The second to the sixth samples

136



Energies 2022, 15, 2682

analyzed were NaHCO3 crystals obtained after membrane crystallization distillation at 15,
20, 30, 35, and 40 ◦C for the feed solution. A comparison of the different XRD spectra is
shown in Figure 8. As previously reported [32,33], all the spectra compared showed peaks
at 29.7, 35.4, and 40.8 (2Theta), attributed to the NaHCO3 crystal phase.

Figure 8. NaHCO3 crystals—X-ray diffraction analysis.

The purity of the crystals obtained was in a range between 96.4 and 100%. While
the crystals obtained at 30◦ had the lowest purity, showing a composition of 96.4% pure
NaHCO3 and 3.6% hydrated Na2CO3, the highest purity was observed at 20, 35, and
40 ◦C, with crystals of 100% NaHCO3. The quantitative analysis of purity is included in
Appendix B. As observed by Wang et al. [34], two factors influence the decomposition
process of NaHCO3 to Na2CO3 + CO2 + H2O: temperature and water activity. The change
in water activity is sensitive to both temperature and the composition of the liquid. The
variation in the purity of the crystal can be explained by the membrane system’s energy
losses while heating the osmotic solution. This produces a slight variation along the
membrane that can induce decomposition of NaHCO3 to Na2CO3.

4. Conclusions

Osmotic membrane distillation crystallization (OMDC) is a novel technology consid-
ered as an alternative to conventional crystallizers. OMDC has been studied for crystal-
lization of sodium bicarbonate, due to its advantages such as lower energy and material
consumption, control over the operational parameters, and larger evaporation surface area,
among others. Several parameters such as the feed and osmotic velocities, feed concentra-
tion, and feed temperature were optimized. Regarding the feed and osmotic velocities, as
the velocity increases the possibility of membrane wetting increases significantly. Therefore,
a feed velocity of 0.078 m/s and an osmotic velocity of 0.01 m/s were chosen as the optimal
conditions, which resulted in obtaining a Kov of 5.4 × 10 − 11 m3/Pa·m2·s. In addition,
since the driving force in OMDC is the difference in concentration, an increase in feed
concentration reduces the driving force and results in a reduction in the flux. However,
when studying Kov and removing the driving force effect, the process was found to be
affected by concentration polarization, and Kov still decreased by 23.6%. Finally, the effect
of the temperature on water evaporation showed that the driving force of the system
increased with temperature, as the flux increased from 2.45 × 10−8 to 7.49 × 10−8 m3/m2·s,
but a great deal of energy was lost via the heat exchange between the feed and osmotic
solutions. It was also observed that the size and the purity of the crystals were affected by
the temperature, with larger sizes and higher purities obtained at higher temperatures.

5. Patents

The process presented here is registered under the patent application EP 2021163.
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Appendix A

 
(a) (b) 

 
(c) (d) 

Figure A1. Feed and osmotic temperature evolution with time during the thermal evaluation of
membrane distillation crystallization: (a) 15 ◦C; (b) 20 ◦C; (c) 35 ◦C; (d) 40 ◦C.
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Appendix B

 

Figure A2. XRD quantitative analysis for crystals produced at 15 ◦C.

 

Figure A3. XRD quantitative analysis for crystals produced at 20 ◦C.

 

Figure A4. XRD quantitative analysis for crystals produced at 30 ◦C.
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Figure A5. XRD quantitative analysis for crystals produced at 35 ◦C.

 

Figure A6. XRD quantitative analysis for crystals produced at 40 ◦C.
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