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Abstract

A numerical model was developed to simulate a fluidized bed reactor for isobutane
dehydrogenation. First, we constructed a hydrodynamic model of catalyst particle flu-
idization and a kinetic model for three chemical reactions in a simple lab-scale reactor
(H = 70 cm, D = 2.8 cm). Experimental studies and numerical simulation of the laboratory
reactor were carried out at four temperatures: 550, 575, 600, and 625 ◦C. The product
yield results from the computational fluid dynamics simulation show a close match to the
experimental data. The optimal process temperature in the laboratory reactor is 575 ◦C, at
which the isobutylene yield is ~46.03 wt%. With decreasing temperature, the isobutylene
yield decreases, and it rises as temperature increases. However, with rising temperature,
the total yield of by-products increases on average to 20 wt%. We compared the CFD
simulation results for two laboratory reactor models: a 3D model and a 2D axisymmetric
model. For gas phase fractions, absolute deviations ranged from 0.01 to 1.12%, while
relative deviations were between 0.006% and 0.114%. However, there are differences in the
solid-phase particle dynamics. Second, we applied the constructed CFD model to simulate
an industrial-scale reactor (H = 23.81 m, D = 4.6 m). In addition to its size, the industrial
reactor differs from the laboratory reactor in its heating principle. In this configuration, the
gas, preheated to 550 ◦C, and the catalyst particles, at 650 ◦C, are fed into the entire volume.
The objective of this study is to test the performance of the model, which was verified on a
laboratory reactor, for simulating an industrial reactor. Temperature fields and zones of
reaction product formation are analyzed. The average isobutylene yield is ~31.88 wt%,
which is consistent with the operation of real reactors but lower than the results for the
laboratory reactor at all temperatures. The industrial reactor is more challenging to heat
uniformly. It contains many internal elements that affect the movement of the gas–solid
system. Overall, the model developed for the laboratory reactor has proven to be suitable
for CFD modeling of an industrial reactor.

Keywords: fluidized bed; industrial reactor; CFD; two-fluid model; catalyst

1. Introduction
The industrial use of fluidized bed reactors is well-established, spanning many

decades [1,2]. Their main applications include oil refining (primarily catalytic cracking [3]),
petrochemistry [4], and gasification [5]. The contact between gas and solid particles in these
systems allows for highly efficient heat and mass transfer.
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The fluid catalytic cracking (FCC) process was initially developed for the conver-
sion of oil into fuel [6]. Beyond fuel production, FCC is also used to produce chemicals
such as ethylene, propylene, and butenes. Fluidized bed reactors are employed in oil
refining, coal combustion, and biomass combustion. Currently, a significant amount of
research is devoted to biomass gasification [7–9], driven by challenges in global energy and
environmental protection.

Due to the wide application of fluidized bed reactors, substantial knowledge about
their operation has been accumulated over the years, and various approximate models have
been developed to describe these processes. However, this knowledge was typically based
on experimental observations of external data without a deep understanding of the internal
behavior of all phases [10]. For characterizing large-scale fluidized beds, tomographic
scanning ranks among the most reliable techniques [11–19]. The primary value of X-ray
digital radiography and computed tomography lies in process understanding rather than
real-time monitoring. These techniques are exceptionally useful for characterizing porosity
distribution and macrostructures, including bubbles and jets.

A modern approach to obtaining data and knowledge about complex technological
processes is numerical modeling [20]. A key technique for simulating fluidized bed behavior
is computational fluid dynamics (CFD), which effectively models system hydrodynamics
and associated heat and mass transfer. Numerical simulations of fluidization are typically
based on two main approaches: the Eulerian-Lagrangian method (CFD-DEM, where DEM
denotes the Discrete Element Method) [21] and the Eulerian-Eulerian method, also known
as the Two-Fluid Model (TFM) [22]. The Eulerian-Eulerian model treats both the solid and
gas phases as interpenetrating continua. Particle-particle interactions are governed by the
kinetic theory of granular flow [23]. The Eulerian-Lagrangian framework simulates the
gas phase as a continuum and models solid particle behavior based on Newton’s laws of
motion [24]. CFD modeling methods for fluidized bed reactors are continuously evolving.
Many modified approaches have been developed, focusing on gains in either predictive
accuracy or computational performance [25–27]. TFMs are commonly applied to model
the flow of reacting particles in fluidized bed reactors [28]. The performance of fluidized
bed reactors is affected by a large number of parameters [29]. The authors also note that
due to high computational costs, the application of CFD to real reactors is limited when
detailed descriptions of mass and heat transfer and reaction mechanisms are required. The
study presented in [30] introduces a new microchannel shape in a liquid cooling plate
designed to address heat dissipation challenges. The authors investigate the effects of
channel location, conventional design, mass flow rate, and a uniformly varying width on
thermal performance.

The application of artificial intelligence to address complex problems has grown sig-
nificantly in recent years. For instance, article [31] proposes a two-layer structure for a
distributed Internet-based energy management strategy that addresses two major chal-
lenges in global real-time optimization processes. Fluidized bed reactors are characterized
by high complexity and strong interdependence among their parameters. Recently, artifi-
cial intelligence technologies have been increasingly applied for the in-depth analysis of
such systems [32]. For example, the authors of [33] present a study on optimization and
modeling of the dry methane reforming process in an industrial-scale fluidized bed reactor.
Machine learning models, trained on CFD data, provide precise predictions of process
outcomes and facilitate reactor performance analysis. These models employ a multi-criteria
genetic algorithm to identify operating strategies that maximize hydrogen production and
minimize coke formation.

Over the past decade, researchers have actively employed CFD simulations to model
large-scale industrial reactors or their key components. A two-fluid model was developed
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in [34] to simulate an industrial fluidized-bed olefin polymerization reactor with a height
of 5 m and a diameter of 1 m. The calculated average voidage of the layer shows strong
correlation with experimental results. However, this model only accounted for particle
motion without considering heat and mass transfer. Significant attention was devoted to
simulating polydisperse particles. In their subsequent work [35], the authors employed
an Eulerian-Lagrangian approach to simulate polydisperse particle motion in a fluidized
bed reactor with greater accuracy. The study in [36] simulated a large-scale circulating
fluidized bed furnace with various gas–solid drag models and validated the simulation
results against experimental measurements. Although the model shows a significant
difference from measured data in predicting the riser’s vertical solids distribution, it
successfully represents the annulus flow structure. The velocities of the downdraft and
updraft are qualitatively realistic. These results were achieved using subgrid-scale models
that were derived to modify the interphase momentum exchange coefficient solely based
on volume fraction.

In these studies [37,38], the authors demonstrate how the internal design of a large-
scale industrial reactor affects catalyst particle motion and overall reactor heating. The
industrial reactor model is a 2D axisymmetric representation. In [37] two different designs
of valve timing devices are investigated, namely false bottom and toroidal rings. The
authors use dehydrogenation reaction product (isobutylene) yield data from two industrial
units: 35.65 and 32.88% of the gas phase mass. The numerical simulation considered phase
movement and heat transfer. To evaluate reactor performance, an efficiency coefficient was
calculated based on an analysis of catalyst volume and gas temperature at each reactor
point. The obtained results, 49.467 and 46.062, are higher than industrial observations,
but their ratios are closer: 1.07392 versus 1.083. In [38] three design options for a heated
catalyst particle feeder are considered. Numerical simulations were also conducted for
various fine particle volume fractions (0–35%). An efficiency coefficient was also used
to evaluate reactor performance, which was used to estimate the reactor heating rate.
Thus, by installing additional partitions, the reactor heating rate can be increased almost
twofold. In [39], a CFD study of an industrial continuous fluidized bed calciner was
conducted using a Eulerian-Eulerian framework that modeled four granular phases and
one gas phase, analyzing its performance across various operating conditions. The study
investigates reactor performance across various operating conditions, aiming to maintain
product sulfide and sulfur contents below 0.4% at the design feed rate of 39.75 dm3/h. The
conversion of ZnS to ZnO across roaster sections was modeled using reaction kinetics at
an isothermal temperature of 1203 K. Predictions of the heat released and the resultant
temperature rise in each section were derived from the reaction enthalpy and the sensible
heat of the product streams. Model simulations indicated that at a design feed rate of
39.75 dm3/h, an increase in the inlet air O2 content to 25% would produce a product with
0.4% sulfide and sulfur. A three-dimensional numerical model for an industrial catalytic
biomass pyrolysis reactor was developed in [40] by employing the multiphase particle-in-
cell method in conjunction with catalytic pyrolysis kinetics. Peak catalytic efficiency (71.3%)
was achieved at an optimal primary gas flow rate of 4 kg/s. Using the highest-quality
liquid fuel and a dispersed intake mode that injected biomass and catalyst from opposite
sides achieved uniform particle distribution and thermal homogeneity in the dense phase
zone. This increased the catalytic efficiency to 75.6%.

In recent years, researchers have increasingly integrated chemical reactions directly
into CFD simulations. While initially possible only on small scales, publications now
exist for industrial reactor simulations that incorporate chemical reactions. One study [41]
presents CFD modeling of an industrial fluidized bed methanol-to-olefin process by in-
corporating a coke fraction balance model. Modeling shows that it is possible to account
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for the wide, uneven coke content distribution caused by the continuous supply of fresh
catalyst, flow heterogeneity, and reaction characteristics. The predicted ethylene and propy-
lene percentages (42.57% and 35.43%, respectively) align more closely with experimental
values when the model accounts for coke content distribution. The ethylene to propy-
lene ratio is less than 1.2, also demonstrating better agreement with experiment. Another
study [42] investigates the iso-paraffin maximization process, comparing two industrial
reactor modeling approaches in terms of solid and liquid concentrations, temperature,
coke fraction, gas velocity, and product yield. Another group [43] employed numerical
simulation to model biomass steam gasification in a double fluidized bed. Using the
multiphase particle-in-cell method, they analyzed the interdependencies among key pa-
rameters, including volume fraction, Reynolds number, solid temperature, heat transfer
and slip velocity. The most vigorous reactions occur in the upper regions of both reactors,
leading to the highest heat transfer coefficients for large particles. This is evidenced in the
industrial setup by the combustor sand’s time-averaged heat transfer coefficient, which is
approximately 40 W/(m2·K) greater than that of the gasifier sand. Relationships between
key variables—including volume fraction, heat transfer coefficient, slip velocity, Reynolds
number, and solid phase temperature—are investigated. A key finding is that a lower
particle volume fraction correlates with higher heat transfer coefficients and greater slip
velocities. In a follow-up study, the same authors [44] focus on simulating biomass steam
gasification in an industrial double fluidized bed gasifier with submerged tube bundles,
again using the particle-in-cell method. The use of submerged tubes can improve solids
entrainment and prevent excess particle leakage from the gasifier. Due to the gasifier’s
asymmetric structure, the temperature and gas composition both exhibit an asymmetric
distribution. The particle temperature near the loop seal outlet increases slightly with the
number of submerged tubes. Adding more submerged tubes raises the particle temperature
slightly near the loop seal outlet. Increasing the number of submerged tubes from three
to nine reduces the radial biomass dispersion coefficient by approximately 40.9% and the
axial sand dispersion coefficient by 28.9%. Another study [45] develops a mathematical
model for an industrial circulating fluidized bed boiler co-firing a 90:10 coal-to-sawdust
blend. The simulations employed an Eulerian-Eulerian multifluid model with four distinct
Eulerian phases: coal, sawdust, sand, and a gas mixture, while user-defined functions
were implemented to model heterogeneous reaction kinetics. Compared to burning coal
alone, a 10% sawdust/90% coal mixture significantly alters the combustion profile at the
boiler outlet. The mixed fuel reduces the pressure drop by 11.42% and increases the O2

mass fraction by 13.17%, while also lowering the mass fractions of key pollutants: carbon
monoxide (10.63%), sulfur dioxide (16.26%), and nitrogen oxide (7.17%). The application of
a novel turbulent ring for the enhancement of flue gas desulfurization performance in an
industrial-scale circulating fluidized bed is explored in [46]. According to the findings, the
turbulent ring increases desulfurization efficiency without elevating the pressure drop, and
concurrently mitigates wall erosion by structuring the flow. This work presents an original
turbulent ring configuration engineered to improve the hydrodynamic behavior inside a
desulfurization tower. Data from the investigation showed that the device served to anchor
vortex formation, dampen flow fluctuations, and achieve a more homogeneous spread
of the reagent in the reaction chamber, consequently boosting the rate of desulfurization.
Under a gas load of 1.74 million m3/h, the modified system exhibited a 5.9% gain in re-
moval efficiency relative to the unmodified tower, with no penalty in energy consumption
from added pressure loss. A secondary benefit was a decrease in abrasive wear on the
containment walls from solid particles, which served to improve the structural integrity
and operational dependability of the entire unit.
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Dehydrogenation is a common industrial method for large-scale olefin production. As
the chemical kinetics of such processes are highly temperature-dependent, catalysts are
employed. However, these catalysts require constant regeneration. To address these chal-
lenges, industrial fluidized bed technology was developed for the production of isobutylene
from isobutane [47,48] and propylene from propane [49]. The fundamental configuration
for isobutane dehydrogenation involves a fluidized bed reactor operating in conjunction
with a regenerator. The employment of specific catalysts, primarily those based on chromia-
alumina, is essential for attaining high reaction rates and selectivity [50,51]. The critical
importance of the catalyst in dehydrogenation has driven considerable research into op-
timizing its activity and selectivity. Authors of [52] performed experiments to optimize
a PtSnK/Al2O3 catalyst for isobutane dehydrogenation, investigating the effects of pa-
rameters such as the platinum-to-tin mass ratio, calcination temperature, and potassium
mass fraction on the dehydrogenation characteristics. The findings revealed that the Pt/Sn
mass ratio exerted the strongest influence on dehydrogenation performance, while the
concentration of H2PtCl6 had the weakest. An optimal catalyst formulation—achieved
with a Pt/Sn ratio of 1:1 and a potassium content of 0.8%—yielded an average isobu-
tane conversion of 46.59%. In studies [53,54], the authors experimentally investigated a
laboratory-scale fixed-bed reactor for isobutane dehydrogenation using a Ga2O3/Al2O3

catalyst at atmospheric pressure. The isobutane dehydrogenation process was also ana-
lyzed by [55] in a fluidized bed reactor, focusing on how different gallium loadings on
a Ga2O3/Al2O3 catalyst affected the reaction. Experimental data revealed that raising
the gallium content from 3% to 9% boosted isobutylene yield from 27 wt.% to 32 wt.%
and enhanced isobutane conversion from 42 wt.% to 55 wt%. Furthermore, the catalyst
maintained high activity and selectivity throughout 60 reaction cycles. The authors of [56]
assessed innovative methods for incorporating turboexpanders into the heating systems of
gas-feedstock mixtures. They conducted theoretical analyses to determine the energy re-
quirements for each configuration across different light alkane dehydrogenation processes.
A combined numerical and experimental investigation was conducted in [57] to evaluate
the role of propane co-feeding on the productivity of an isobutane dehydrogenation flu-
idized bed reactor utilizing a Cr2O3/Al2O3 catalyst. The study found that progressively
adding propane to the feedstock—up to 60 wt.%—enhanced the fluidized bed reactor’s
performance, increasing isobutylene selectivity over the Cr2O3/Al2O3 catalyst from 86% to
89%. A numerical simulation in [58] examined the dehydrogenation of isobutane within a
bubbling fluidized bed reactor, with a specific focus on the impact of operating parameters
on energy usage. This research analyzed the impact of reactor operating conditions on
energy consumption. The results, derived from a three-phase model used to calculate
isobutane conversion, demonstrated that energy consumption is inversely proportional to
the conversion level. Operating parameters influence conversion by shifting the reaction
equilibrium or altering the gas residence time. Among these, the volumetric flow rate of
the feed stream was identified as the predominant factor affecting energy demand.

In this study, the process of isobutane dehydrogenation to isobutylene in a fluidized
catalytic bed was investigated via numerical simulation. Based on experimental data, a
model of a simple lab-scale reactor was developed. The model accounts for the main isobu-
tane dehydrogenation reaction and two side reactions. The primary goal was to adapt the
CFD model of isoparaffin dehydrogenation, originally developed for a laboratory fluidized
bed reactor, for application to an industrial reactor. Industrial reactors differ significantly
from their laboratory counterparts. Nevertheless, multiparameter studies are primarily
feasible in simplified laboratory reactors, where parameters such as temperature, catalyst
mass, and gas velocity can be systematically varied. This allows for the investigation of
different parameter combinations, even those anticipated to yield low product output. The
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laboratory reactor responds rapidly to parameter changes, which facilitates the calibration
of the CFD model, specifically the parameters of the chemical reaction kinetics. The central
aim of the present study is to evaluate the results obtained from simulating an industrial
reactor using a model calibrated on laboratory reactor data. This concept embodies the
essence of the “from laboratory to industry” approach. We performed calculations for an
industrial reactor, analyzing temperature fields and reaction product formation zones. A
comparison of simulation results for laboratory and industrial reactors was conducted,
highlighting key differences. This methodology can significantly reduce the time required
for parameter setup in large-scale industrial reactor simulations. The CFD model set-
tings from the laboratory reactor serve as an initial approximation, which requires further
refinement through validation against extensive operational data from the industrial unit.

2. Materials and Methods
This study aims to perform CFD simulation of an industrial-scale reactor for isobutane

dehydrogenation to isobutylene, accounting for multiple chemical reactions. The simulation
approach will be validated against a laboratory-scale reactor. Consequently, this paper
presents detailed descriptions of both the laboratory and industrial reactor configurations,
along with the fluidized bed model implementation.

2.1. Laboratory Reactor

We describe a laboratory reactor with fluidized bed od of catalyst particles. The main
reaction in this reactor is dehydrogenation of isobutane to isobutylene. The laboratory
reactor is a vertical steel pipe measuring 70 cm in height with an inner diameter of 2.8 cm
(Figure 1a). The reactor contains a central channel (65 cm high, 0.6 cm diameter) for a
temperature sensor, which is secured to the reactor walls by three horizontal struts. At
the top, an outlet opening (0.3 cm diameter) is provided for gas exhaust, equipped with a
miniature cyclone for catalyst particle recovery. An electric heating system surrounds the
reactor to maintain the desired temperature, while thermal insulation minimizes heat loss to
the environment. Temperature control is automated to ensure stable operating conditions.

   
(a) (b) (c) 

Figure 1. Lab-scale reactor: (a) experimental reactor scheme; (b) 3D model of computational domain;
(c) 2D axisymmetric model of computational domain.

Preheated isobutane is introduced into the lower section via a multilayer porous
distributor, which ensures uniform flow distribution and prevents catalyst particles from
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entering the gas supply pipe. The process employs a granulated chromia/alumina cat-
alyst [59–63]. Experimental data were obtained under the following conditions: solid
particles mass of 100 g, gas temperatures of 550–625 ◦C, gas velocity of 0.016 m/s.

Previous work [64] provides detailed analysis of this process and develops a math-
ematical model for the simple cylindrical 3D geometry. The current study utilizes this
process model for CFD simulations of both the laboratory reactor in 3D and 2D axisym-
metric configurations, as well as for an industrial reactor. Unlike the simple cylindrical
model without internal elements used in [64], our model incorporates the temperature
sensor channel with its three supporting struts (Figure 1b). Additionally, the gas outlet is
modeled as an eccentric tube rather than a central opening.

Given the large-scale dimensions of the industrial reactor, a 2D axisymmetric model
was employed for CFD simulation. For consistency, a corresponding 2D axisymmetric
model of the laboratory reactor was developed (Figure 1c) to enable comparison of the
isobutane dehydrogenation process between the 2D and 3D simulations. In the axisym-
metric model, the temperature sensor channel was represented along the symmetry axis,
while the outlet was positioned near the peripheral boundary. The outlet surface area was
determined to maintain equivalence with the corresponding area in the 3D model.

2.2. Industrial Reactor

A model of an industrial reactor with a fluidized catalytic bed is presented.
Previous studies [37,38] analyzed an industrial reactor model based on parameters
from an operational unit. This work extends this approach by developing a reac-
tor model with different geometric parameters and incorporating additional internal
components. Figure 2 shows the schematic of the industrial reactor model, including its
main dimensions and design elements.

 

Figure 2. Industrial reactor scheme.
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The industrial reactor comprises various internal components with both large-scale
and detailed structural features. However, constructing a full three-dimensional model
that accounts for all geometric details would require prohibitively high computational
resources and time. A comparative analysis of simplified cylindrical models was con-
ducted. The parameters N3D and N2D represent the number of mesh elements for the
3D and 2D-axisymmetric models, respectively. Approximately 20 different mesh resolu-
tions were evaluated, revealing the following relationship: N3D ≈ 3.77 × N2D × N2D.
For instance, if a mesh with N2D = 106 elements is used for the meridional cross-section
of an industrial reactor, the corresponding full 3D model would require approximately
N3D ≈ 3.77 × 1012 elements. While the 2D case can be simulated on a modern workstation,
the 3D case would necessitate specialized high-performance computing resources. There-
fore, this study employs a 2D-axisymmetric model to maintain computational feasibility.

Given the cylindrical geometry of the reactor, a 2D-axisymmetric model was adopted
for simulations. This approach assumes that any vertical cross-section fully represents
the internal processes. Unlike a simple 2D plane model, the axisymmetric formulation is
constructed by rotating the cross-sectional geometry around its central axis.

The reactor column stands 23.81 m high with a diameter of 4.6 m in its reaction zone.
The gas distribution system (Gas Inlet 1) is located at the reactor base, comprising five
concentric toroidal manifolds with nozzles. Isobutane at 550 ◦C is supplied with a feed
rate of 8.05 kg/s through these nozzles. The middle section contains perforated baffles
to suppress the formation of large gas bubbles. Catalyst is introduced through a central
vertical pipe (Catalyst Inlet 1) at 650 ◦C with a feed rate of 33.3348 kg/s. Above this
inlet, heat exchanger tubes are positioned to remove heat and reduce the risk of isobutane
thermal cracking side reactions. Gas exits through cyclones (Outlet 1), whose significant
volume in the actual reactor is accounted for in the model. Captured catalyst is returned to
the reaction zone (Catalyst Inlet 2). At the base, a discharge channel removes spent catalyst
to the regenerator (Outlet 2), with the mass flow rate balanced to match the fresh catalyst
input. To prevent hydrocarbon leakage into the regenerator, nitrogen purge nozzles are
incorporated in the lower section (Gas Inlet 2).

The use of a 2D axisymmetric model for the large-scale industrial reactor simplifies
geometry construction, reduces mesh complexity, and accelerates computation. However,
this approach imposes limitations on motion patterns and requires simplification of internal
structural elements. In contrast, a 3D model accommodates gas and particle movement
in all radial directions, such as spiral motion. Additionally, ascending gas bubbles in ax-
isymmetric simulations manifest as rising toroidal voids, which may affect residence times
and velocity distributions of both phases. Generally, the reactor column and numerous
internal components exhibit axial symmetry or can be reasonably approximated as such.
For instance, the gas supply manifolds are axisymmetric, though the nozzle representations
constitute a simplification. The internal baffles, while not axisymmetric, span nearly the
entire cross-section and are modeled by preserving their flow obstruction area. Similarly,
other internal elements are simplified; the cyclone assembly, for example, lacks axial sym-
metry. Consequently, the upper reactor section is expected to exhibit the most significant
deviations in gas and particle behavior from a 3D simulation.

2.3. CFD-Simulation Model

This study requires the development of a comprehensive model that accurately de-
scribes all key processes in the considered reactors. This includes defining the phase flow
models, heat transfer mechanisms, and chemical reaction kinetics. The final equations were
solved with ANSYS Fluent software (version 19.2). Furthermore, the numerical solution
parameters, initial conditions, and boundary conditions must be specified.
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2.3.1. Fluidize Bed Hydrodynamic Model

A two-fluid model was used for numerical simulation in this study. Each phase
occupies a part of the total volume and is characterized by a volume fraction value α. For
each phase, the equations of conservation of mass, momentum, and energy are satisfied [23].
Let us consider these equations in detail.

The mass balance equation for the gas phase:

∂αgρg

∂t
+∇ ·

(
αgρg

→
v g

)
= 0 (1)

where
→
v g is the gas phase velocity, ρg is the gas phase density.

The equation governing the conservation of mass for the solid phase:

∂αsρs

∂t
+∇ ·

(
αsρs

→
v s

)
= 0 (2)

where
→
v s is the solid phase velocity, ρs is the solid phase density.

The equation governing the conservation of momentum for the gas phase:

∂αgρg
→
v g

∂t
+∇ ·

(
αgρg

→
v g

→
v g

)
= −αg∇p +∇ · τg + αgρg

→
g +

N

∑
i=1

Kgs

(→
v g −

→
v s

)
(3)

where Kgs is the coefficient of interaction between gas and solid phases, τg is the stress
tensor in gas phase, p is the pressure. The stress tensor:

τg = αgµg

(
∇→

v g +∇→
v

T
g

)
+ αg

2
3

µg∇ ·→v g I (4)

where I is the unit tensor, µg is the shear viscosity.
The momentum conservation equation for the solid phase:

∂αsρs
→
v s

∂t
+∇ ·

(
αsρs

→
v s

→
v s

)
= −αs∇p −∇ps +∇ · τs + αsρs

→
g + Ks g

(→
v s −

→
v g

)
(5)

where Ksg is the coefficient of interaction between solid phases and gas, τs is the stress
tensor in solid phase, ps is the pressure of solid phase granules. For the interaction of gas
and solid phases, we have Kgs = Ksg. In Equation (5), the stress tensor:

τs = αsµs

(
∇→

v s +∇→
v

T
s

)
+ αs

(
λs −

2
3

µs

)
∇ ·→v s I (6)

where λs, µs are bulk viscosity and shear of the solid phase.
The balance equation for solid particle phase fluctuating energy [65]:

3
2

[
∂

∂t
(αsρsΘs) +∇ ·

(
αsρs

→
v sΘs

)]
=

(
−ps I + τs

)
: ∇→

v s +∇ · (kΘs∇Θs)− γΘs + ϕgs (7)

where ϕgs is the energy exchange between solid and gas phases, γΘs is the particle colli-
sions energy dissipation, Θs is the solid granule temperature, kΘs is the granule energy
diffusion coefficient.
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The above system of equations is not mathematically closed. To close the equations, we
will consider additional constitutional relations. For the interphase interaction coefficient,
the model [23] is used:

Ksg =


3
4 CD

αsαgρg

∣∣∣→v s−
→
v g

∣∣∣
ds

α−2/65
g , αg > 0.8

150
αs(1−αg)µg

αgµ2
s

+ 1.75
ρgαs

∣∣∣→v s−
→
v g

∣∣∣
ds

, αg ≤ 0.8
(8)

where drag coefficient:

CD =
24

αgRes

[
1 + 0.15

(
αgRes

)0.687
]

(9)

Reynolds number

Res =
αgρgds

∣∣∣→v s −
→
v g

∣∣∣
µg

(10)

Standard models [23,65–67] were employed to calculate the solid phase’s shear viscos-
ity, bulk viscosity, granule pressure, diffusion, and energy dissipation.

Models of solid phase parameters, such as granule pressure, viscosity, energy dissipa-
tion, were selected according to [23,65–67].

The interphase interaction for the two solid phases is defined by the model in [68]:

Kij =
3
(
1 + eij

)(
π
2 + C f r,ij

π2

8

)
αiρiαjρj

(
di + dj

)2g0,ij

2π
(

ρid3
i + ρjd3

j

) ∣∣∣→v j −
→
v i

∣∣∣ (11)

where g0,ij is the radial distribution coefficient, C f r,ij is the friction coefficient between the
i-th and j-th solid phases (can be set equal to 0), eij is the coefficient of recovery of solid
phase particles after a collision. While the default value eij is typically set at 0.9, it can be
adjusted to match the specific particle type.

The presence of solid particles contributes to the swirling of the gas phase flows.
Therefore, the phase movement will be turbulent. To account for turbulence, we used a
k − ε dispersed model, the movement of the “secondary” phases is generated due to the
turbulent movement of the “primary” gas phase.

2.3.2. Fluidize Bed Heat Transfer Model

The gas phase energy conservation equation:

∂αgρghg

∂t
+∇ ·

(
αgρg

→
v ghg

)
= αg

∂p
∂t

+ τg :
→
v g + hgs A

(
Tg − Ts

)
(12)

where A is the heat exchange surface area, hgs is the heat transfer coefficient between gas
and solid phase, hg is the gas enthalpy.

The solid phase energy balance equation:

∂αsρshs

∂t
+∇ ·

(
αsρs

→
v shs

)
= αs

∂p
∂t

+ τs :
→
v s + hsg A

(
Ts − Tg

)
(13)

where hsg is the heat transfer coefficient between solid and gas phase, hs is the solid
phase enthalpy.

In the energy conservation equation, the heat transfer coefficient is:

hsg =
κgNus

ds
(14)
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where κg in Expression (14) denotes the thermal conductivity coefficient, the Nusselt
number governing heat exchange between a gaseous phase and a granulated solid phase is
given by the following relation [69]:

Nus =
(

7 − 10αg + 5α2
g

)(
1 + 0.7Re

1
5
s Pr

1
3

)
+

(
1.33 − 2.4αg + 1.2α2

g

)
Re

7
10
s Pr

1
3 (15)

Prandtl number:

Pr =
Cpg µg

κg
(16)

2.3.3. Chemical Reaction Model

The gas multicomponent mixture conservation equation:

∂ρgYi

∂t
+∇ ·

(
ρg

→
v gYi

)
= −∇ ·

→
J i + Ri (17)

where
→
J i is the diffusion flux arising from concentration and temperature gradients, Ri is

the component formation source arising from chemical reactions, Yi is the mass fraction of
the i-th component. For turbulent flux:

→
J i = −

(
ρDm,i +

µt

Sct

)
∇Yi − DT,i

∇T
T

(18)

where Dm,i and DT,i are mass and thermal diffusion coefficients, µt is the turbulent viscosity,
Sct is the turbulent Schmidt number.

Besides the primary reaction of isobutane dehydrogenation to isobutylene, several side
reactions may occur, including cracking, isomerization, alkylation, aromatization, and sub-
sequent coking. Temperature plays a critical role in this process; elevated temperatures can
promote isobutane cracking. For the dehydrogenation process using a chromia/alumina
catalyst at 550–580 ◦C, typical yields are 35–50% isobutylene, 3–7% cracking products, and
0.2–0.5% isomerization products, with coke formation ranging from 0.2 to 2.0 wt%.

Experimental data were generated using the setup described in [61,63]. The dehydro-
genation cycle comprised the following steps: 40 min of dehydrogenation, 5 min of nitrogen
purging, 30 min of air regeneration at 650 ◦C, and another 5 min of nitrogen purging. This
cycle was repeated continuously for 16 cycles. During dehydrogenation, gas samples were
collected at 20 and 40 min intervals. Two distinct gas chromatography (GC) methods were
employed for compositional analysis. Hydrocarbon species in the feedstock and products
were separated using a GH-1000 instrument (Khromos, Dzerzhinsk, Russia) featuring a
VP-Alumina/KCl capillary column (VICI Valco, Houston, TX, USA) and detected with a
flame ionization detector. Conversely, the levels of H2, CH4, and CO were measured on a
separate GH-1000 system fitted with a thermal conductivity detector and a 13X molecular
sieves packed column. The averaged experimental data are summarized in Table 1.

Table 1. Average gas species mass fractions in the experiment.

Species i-C4H10 i-C4H8 H2 CH4 C3H6 C3H8 -

wt.% 40.329 46.104 1.707 3.064 2.708 2.428 -

Species CO + CO2 n-C4H10 C2H6 C4H8 n-C4H8 C5 fractions C2H4

wt.% 1.365 0.656 0.612 0.581 0.197 0.161 0.084
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Table 1 demonstrates that numerous species are formed in the gas phase during the
process. Simulating all of these species would require accounting for numerous chemical
reactions. Therefore, this study focuses only on reactions producing species with mass frac-
tions exceeding 2% in the gas phase. Three key reactions were selected: dehydrogenation of
isobutane to isobutylene, thermal cracking of isobutane, and hydrogenation of propylene
to propane.

i-C4H10 ⇄ i-C4H8+H2 (19)

i-C4H10 ⇄ CH4+C3H6 (20)

C3H6+H2 ⇄ C3H8 (21)

In Equation (17), Ri determines the formation rate by chemical reactions from:

Ri = Mw,i

NR

∑
r=1

.
Ri,r (22)

where NR is the number of reactions involving the i-th component of the mixture, Mw,i is
the molecular weight.

.
Ri,r = k f ,r Acat

N

∏
j=1

[
Cj,r

]η′i,r (23)

where k f ,r is the reaction rate constant, η′
i,r is the exponent for the reactant j-th component

in the reaction, Cj,r is the concentration of the j-th component of the mixture, Acat is the
coefficient of gas–solid contact area for catalytic reaction.

The reaction rate constant is calculated using the Arrhenius equation:

k f ,r = Are−
Er
RT (24)

where Er is the activation energy, Ar is the pre-exponential factor. From the analysis of a
series of experiments, the values of the pre-exponential factor and activation energy can be
calculated [64]. For the selected Equations (19) and (20), the results obtained are presented
in Table 2.

Table 2. Pre-exponential factor and activation energy for used chemical reactions [64].

Reaction Pre-Exponential Factor Ar
Activation EnergyEr,

kJ/mol

Isobutane dehydrogenation (19) 1.5 × 109 117
Thermal cracking (20) 2.0 × 109 120

Propylene hydrogenation (21) 1.8 × 109 121

2.3.4. Particle Mean Diameter

When simulating a fluidized bed with a two-fluid model, it is important to correctly
select the average particle diameter for the case of a polydisperse solid phase. Laboratory
experiments were conducted on polydisperse particles ranging from 20 to 250 µm in
diameter. A catalyst, which initially has a similar particle size distribution, is loaded into
an industrial reactor. Of course, during long-term operation of the reactor, the particles are
destroyed and abraded. This will lead to a change in the particle distribution. However, in
this study, we do not consider such changes.

A Mastersizer 2000 analyzer (Malvern Instruments, Malvern, UK) was used to de-
termine the particle size distribution, with data processed using the instrument’s native
software (version 5.60). The Sauter mean diameter, defined by the following expression
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using the particle size distribution density function f (D) was used in the simulation of
the experiments [70]:

D32 =

∫ ∞
0 f (D)D3dD∫ ∞
0 f (D)D2dD

(25)

The distribution density function fulfills the following condition:

∞∫
0

f (D)dD = 1 (26)

In studies [71–74], the authors examined the behavior of the particle bed upon the
addition of fine granules with a diameter of less than 45 µm. An expansion of the particle
bed and a decrease in the average volume fraction of the solid phase were observed. In other
cases, the addition of these particles results in a decrease in solid phase voidage [75,76]. The
authors of [77] found that the addition of fine particles only slightly reduces the effective
viscosity. The authors of the study [78] experimentally studied the behavior of a fluidized
bed using X-ray tomography. The addition of fine particles resulted in a decrease in the size
of gas bubbles. Numerical simulation was used to evaluate the effect of fine particles on
the fluidized bed in the study [79]. The authors showed that the addition of fine particles
contributed to a decrease in the size and number of bubbles. This led to more stable
reactor operation.

The terminal velocity was employed to evaluate the necessity of implementing multi-
ple solid particle fractions, enabling identification of particles susceptible to entrainment at
the specified gas velocity. The terminal velocity is defined according to [4] as:

vt =

[
4gD

(
ρs − ρg

)
3ρgCD

]0.5

(27)

where coefficient CD is from the Equation (9). By setting the velocity value vt and solving
Equation (27) relative to the particle diameter D, we find the diameter value Dt that will
separate the particles into “heavy” and “light” for a given velocity.

For a laboratory reactor operating in the gas velocity range of 0.008–0.016 m/s, the
value of Dt is significantly small. So for a gas velocity of 0.016 m/s, Dt = 11 µm. That is, here
we will use one fraction of the solid granular phase with a mean diameter of D32 = 84 µm.

In an industrial reactor, the gas velocity is significantly higher. Consequently, a
substantial amount of catalyst particles is entrained from the reactor. These particles are
returned to the middle zone via multiple cyclones. The terminal velocity analysis yielded a
value of Dt = 57.3 µm. Particles with diameters smaller than 57 µm will rise to the top of
the reactor, where they may be entrained and returned via cyclones. In contrast, particles
larger than 57 µm can form a height-limited bed, depending on the reactor dimensions and
total particle inventory. For industrial reactors, separating particles into fine and coarse
fractions enables simulations to more accurately represent actual fluidized bed behavior. As
demonstrated in [38], incorporating 30% fine particles in numerical simulations improved
fluidized bed reactor performance predictions compared to using a single mean particle
size. In this study, catalyst polydispersity was accounted for by employing two mean
diameters: fine particles (30% by volume) and coarse particles (70% by volume). The
experimental polydisperse catalyst contained 30% by volume of particles up to 48.7 µm in
size. Using Equation (25), two mean diameters are determined for each of the two sections
of the particle distribution function: for fine and coarse particles. The results obtained
are: D32 = 40.38 µm for fine particles, D32 = 99.53 µm for coarse particles. For ease of use
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in the numerical simulation, we round the values to D32 = 40 µm for fine particles and
D32 = 100 µm for coarse particles.

Developing more accurate particle classification models for industrial reactors requires
comprehensive analysis of operational data, which represents a focus for future research.

2.3.5. Boundary and Initial Conditions

The gas phase in the reactor comprises multiple chemical species, each treated as a
standard substance with defined properties including density, viscosity, thermal conductiv-
ity, and heat capacity. The gas mixture is modeled as an ideal gas. For the solid phase, the
following properties were assigned: density of 2400 kg/m3, heat capacity of 1047 J/(kg·K),
and thermal conductivity of 37 W/(m·K).

Boundary conditions were defined based on actual operating parameters of both
laboratory and industrial reactors. All impermeable surfaces were modeled as walls. In
the laboratory reactor, temperature was specified at the side walls, while a small section of
the top wall was treated as thermally insulated—a simplifying assumption reflecting the
presence of insulating material in the experimental setup.

For the industrial reactor, the fresh catalyst feed pipe wall temperature was set equal
to the incoming catalyst temperature (650 ◦C), while all other walls were considered
thermally insulated. This insulation assumption represents a greater simplification than in
the laboratory case, as industrial reactors operate continuously for months with complex
multilayer insulation (concrete, metal, and mineral wool) to minimize heat loss. However,
given the short average gas residence time of ~36.2 s and high flow rates, the energy transfer
to the external walls is negligible. Therefore, neglecting heat losses through the reactor
walls represents a justified simplification for this study.

For the 2D axisymmetric models, the axis boundary condition was applied. The
“pressure-outlet” boundary condition is at the top gas outlet section in all reactor configura-
tions. In the industrial reactor model, this condition was also applied at the bottom section
to simulate catalyst outflow to the regenerator. The industrial reactor model also simulated
the operation of cyclones.

Particles that entered the outlet surface at the top of the reactor are returned to the
working area through the cyclones, where the “mass-flow inlet” condition was specified.
In the constructed model, the “mass-flow inlet” conditions were specified in the cyclone
outlet channels in accordance with the catalyst flow through the outlet channel at the top
of the reactor. This cyclone model is a simplification. Here, particles entering the “outlet 1”
boundary are immediately returned to the reactor above the upper baffle. In a real cyclone,
the catalyst particle will move for some time. During this time, even the smallest particles
may be carried out of the cyclone. The model implemented in this study greatly idealizes
cyclone operation. However, constructing a more accurate cyclone simulation model
requires a separate study examining cyclone operation under different gas and particle
loads. If these studies can yield relationships between particle entry into the cyclone and
their injection, this model can be used in further studies for more accurate simulation.

The “mass-flow inlet” conditions were set for the gas feed in the laboratory and
industrial reactor models. In the laboratory reactor model, we often talk about the gas
velocity. This is due to the fluidized bed hydrodynamics, where many parameters depend
on the gas velocity. In the CFD simulation, we used the gas mass-flow condition. From
the gas mass-flow, we can calculate the gas velocity for the fluidized bed hydrodynamics
analysis. In the industrial reactor, a continuous catalyst feed from the regenerator is also
set. There, the “mass-flow” inlet condition is also set. More detailed information about the
gas and solid phases at the reactor feed boundary is presented in Table 3.
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Table 3. Boundary inlet conditions for gas and solid phases.

Laboratory Reactor Industrial Reactor

Gas

species mixture: species mixture:
i-C4H10 i-C4H10
i-C4H8 i-C4H8

H2 H2
CH4 CH4
C3H6 C3H6
C3H8 C3H8

- N2

Mass-flow rate i-C4H10, kg/s 1.32 × 10−5 8.05

Mass-flow rate N2, kg/s - 0.11

Supply gas temperature, ◦C

550
575
600
625

550

Catalyst spherical particle model,
one fraction

spherical particle model,
two fractions

Mean diameter, µm 84 40 (30%)
100 (70%)

Mass-flow rate of particles, kg/s - 33.3348

Supply particles temperature, ◦C - 650

For the initial conditions, a fixed catalyst bed was defined at the bottom of the reactor
based on a given catalyst mass. In the laboratory reactor configuration, the catalyst mass is
100 g with an initial solid phase volume fraction of 0.5. The selected initial volume fraction
does not significantly influence the final solution but affects the time required to achieve the
fluidized state and the numerical stability during initial iterations. From these parameters,
the initial bed height was calculated as 13.53 cm.

For the industrial reactor, a fixed catalyst bed was similarly established at the bottom.
The total catalyst mass is 103.77 tons, with an initial total solid phase volume fraction of 0.5.
But to simulate the industrial reactor, we use two fractions of the solid phase: 30% of fine
particles and 70% of coarse particles. Therefore, we will set the initial volume fraction of
the solid phase for fine particles to 0.15, and for coarse particles to 0.35. Here, the reactor
shape is complex, so we will select the height of the initial bed until we reach the total
mass of the solid phase of 103.77 tons. We obtained an initial bed height of 12.06 m. This
approximately corresponds to the bed of the middle baffle.

Following initialization of the catalyst distribution, the numerical simulation was
initiated. The flow field subsequently attained a quasi-steady state, representative of
the reactor’s hydrodynamic and thermal behavior within the modeling framework. The
duration required to achieve this quasi-steady state varied with specific computational
parameters, as discussed in the Results section (Section 3).

2.3.6. Mesh and Time Step

The implementation of numerical simulation methods requires discretizing each
reactor model into finite volumes using a computational mesh. In this study, all models
were discretized using structured quadrilateral cells.

Several meshes were tested for a laboratory reactor with cell sizes ∆x = 0.005 m, 0.0025 m,
0.001 m, 0.0005 m. To assess the optimal size, the parameter of the average value of the
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solid phase volume fraction over the entire height of the reactor was considered (Figure 3a).
The results are presented for the average values of the volume fraction of the numerical
simulation from the 50th to the 150th second of calculation. It can be seen that reducing
the mesh size has no effect on the profile of the solid phase volume fraction after the value
C The averaged values of the pressure drop between the inlet and outlet surfaces are also
considered (Figure 3b). A significant difference is observed for the value ∆x = 0.005 m.
With a further reduction in the mesh size, the pressure drop values reach a constant value.
There are differences between the average pressure drop values for the ∆x = 0.0025 m and
∆x = 0.001 m cases. For the ∆x = 0.001 m and ∆x = 0.0005 m cases, the differences between
the average pressure drop values are less than 0.5 Pa. A more detailed study of the mesh for
a model of a simple cylindrical laboratory reactor was carried out in [64,80]. An example
mesh for a laboratory reactor model is shown in Figure 4a.
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Figure 3. Results of mesh size testing for numerical simulation for laboratory reactor: (a) average
profile of solid phase volume fraction for different values ∆x; (b) average pressure drop for different
values ∆x.

The entire region of the large-scale reactor where the gas and solid phases move is
also divided into quadrangular elements, the sizes of which are sufficient to determine the
characteristic factors of the process under study. A hybrid mesh with different cell sizes is
used here. For example, thickening is required in the region near the walls, baffles, and
nozzles. In the free zone of the reactor, the cell size is larger. Therefore, for an industrial
reactor, we will use the number of mesh elements rather than the average cell size. It is
difficult to use the volume fraction of the solid phase to evaluate the mesh quality, since
particles are located throughout the entire volume of an industrial reactor. Here, only the
pressure drop between the gas inlet boundary and the reactor outlet boundary through the
cyclones is used. The results are shown in Figure 5. A mesh with a cell size of 1,391,747
was chosen as the optimal option. A further increase in the number of cells does not lead to
a significant change in the pressure drop, but requires greater computational costs. In this
case, the mesh consists of elements of size ∆x = 0.005 m in the region near the walls and
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nozzles, and a cell size of ∆x = 0.01 m in the free zone of the reactor. An example of a mesh
for an industrial reactor model is shown in Figure 4b.

 
 

(a) (b) 

Figure 4. Mesh examples: (a) laboratory reactor; (b) industrial reactor.
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Figure 5. Results of mesh size testing for numerical simulation for industrial reactor.
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Another important task is to determine the optimal time step size ∆t. We used the
Courant criterion:

NC =

∣∣∣→v ∣∣∣∆t

∆x
. (28)

Scientific studies have limits for the Courant number for a fluidized bed that differ from
standard limits for gas or liquid flow. For example, the study [81] proposed a maximum
limit of 0.3. t task is to determine the optimal time step size. For monodisperse suspensions
fluidized by a liquid, the authors of [82] proposed to set a limit on the Courant number in
the range from 0.03 to 0.3. Then, for the laboratory reactor model, the time step should be
in the range from 0.001875 s to 0.01875 s. We chose ∆t = 0.005 s. In an industrial reactor,
we have a higher gas velocity and a larger mesh size. Here, the time step should be in the
range from 0.000399 s to 0.007979 s. We chose ∆t = 0.001 s.

Final values ∆x and ∆t. For laboratory reactor models ∆x = 0.001 m and ∆t = 0.005 s.
For industrial reactor model ∆x = 0.005 − 0.01 m and ∆t = 0.001 s.

In the process of solving a discretized system of equations, at each time iteration, an
additional 40 space iterations are performed. This ensures solution convergence at each
time step and the overall accuracy of the constructed model. A sufficient condition for
terminating iterations over space at a time step is the condition of achieving residuals of
10–6. If the specified accuracy is not achieved, in any case after 40 iterations in space, the
solution moves to the next iteration in time. In the initial iterations, when the particle bed
begins to move, an accuracy of approximately 10−3 was achieved. Subsequently, when
developed fluidization was simulated, an accuracy of 10−6 was achieved.

3. Results
Here we will consider the results of the numerical simulation. First, we will set up the

calculation to simulate a laboratory reactor in 3D and in the 2D axial symmetry approxima-
tion. We will apply the resulting settings to simulate a large-scale industrial reactor.

3.1. Laboratory Reactor Simulation

For the laboratory reactor model, we have experimental results for the following
conditions: mass of solid catalyst particles 100 g; gas velocity 0.016 m/s; reactor temperature
550 ◦C, 575 ◦C, 600 ◦C and 625 ◦C. We need to compare the CFD simulation results of 3D
and 2D axisymmetric models.

3.1.1. 3D Simulation

At the initial time (t = 0 s), a stationary particles bed is located at the bottom of the
reactor. After gas is supplied, the bed begins to fluidize and chemical reactions begin. In the
calculation, we measure the mass fractions of gas species at the outlet section of the reactor.
At first, the mass fractions of species are non-stationary and can increase and decrease. After
about 200 s of the calculated time, the observed changes cease to exceed 2%. We believe
that the process has reached a stationary mode and can evaluate the simulation results.

Figure 6 shows the calculated fields of solid phase volume fraction and mass fractions
of gas phase species at time t = 240 s for the case of a temperature of 575 ◦C.

The particle bed has a limited height (Figure 6a). There are zones with a dense bed
(red) and zones with no particles (blue). This fluidization regime can be considered as a
bubbling, when individual gas bubbles rise through the bed. It can also be seen that there
is non-uniformity in the particle distribution along the reactor height. Thus, considering
the channel for the temperature sensor affects the average particle concentration in the bed
and the height of the particle bed.
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particles i-C4H10 i-C4H8 H2 CH4 C3H6 C3H8 

(a) (b) (c) (d) (e) (f) (g) 

Figure 6. Fields of solid and gas phase components obtained as a result of numerical modeling for a
3D model of a laboratory reactor at a temperature of 575 ◦C: (a) volume fraction of the solid phase;
(b) mass fraction of i-C4H10; (c) mass fraction of i-C4H8; (d) mass fraction of H2; (e) mass fraction of
CH4; (f) mass fraction of C3H6; (g) mass fraction of C3H8.

Isobutylene formation occurs in the catalyst particle bed. Above the bed, the change
in the concentration of this product is not noticeable. The appearance of by-products can
be observed along the entire height of the laboratory reactor. But we see their greatest
formation above the particle bed. This can be explained by the fact that in the absence
of a part, there is no isobutylene formation. There, all the isobutane can be used to form
by-products. In the lower part of the reactor, the gas volume is limited by the presence of
a large amount of the solid phase. Here, the mass of isobutane goes to the formation of
isobutylene as the main product of the dehydrogenation reaction. Hydrogen is primarily
formed as a result of the main reaction. In the upper part of the reactor, the mass fraction of
hydrogen can decrease due to the reaction of hydrogenation of propylene to propane.

Figure 7 shows the average values of the simulation results for the case of a tempera-
ture of 575 ◦C. These graphs are obtained by averaging the results from 240 s to 420 s of the
reactor simulation and are presented according to the height of the laboratory reactor.

The average values of the gas phase species are almost identical to the instantaneous
fields shown in Figure 6b–g. This is due to the simple shape and small size of the laboratory
reactor, the gas flow from the lower to the upper section, and the constant temperature
maintenance system. From Figure 7a, it is possible to estimate the average volume fraction
of the solid phase as ~0.419 and the average height of the particle bed as ~0.167 m. This may
allow one to estimate the average area and contact time of the gas with the solid particles
when passing through the fluidized catalyst bed.

Figure 8 shows the final results of the calculated values of the mass fraction of species
in the gas phase at the outlet of the laboratory reactor (dashed lines). It also shows the
experimental data (points) from the work [64] for comparison. These CFD modeling results
are an average of 10 calculations performed for each point. The experimental data are
presented for each experiment separately. Sixteen experiments were conducted for each
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temperature value. Only a few points are shown in the figure to demonstrate the spread of
experimental results.
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Figure 7. Average values of solid and gas phase components for a 3D model of a laboratory reactor at
575 ◦C: (a) volume fraction of the solid phase; (b) mass fraction of i-C4H10; (c) mass fraction of i-C4H8;
(d) mass fraction of H2; (e) mass fraction of CH4; (f) mass fraction of C3H6; (g) mass fraction of C3H8.
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Figure 8. Mass fraction of reaction products for 3D model in comparison with experimental data [64]:
(a) i-C4H10 and i-C4H8; (b) H2, CH4, C3H8, C3H6.

The results of numerical simulation are in good agreement with the experimental
data on the values of the mass fraction of isobutane and isobutylene (Figure 8a). At the
same time, other species are also present in the gas phase in the experiment (black dots
in Figure 8b). They occupy 3–6% of the total mass. Therefore, in our model we cannot
exactly match the experiment. In our model, only the species described above make up the
complete mixture for the gas phase. It should also be noted that the experimental data can
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differ by almost 10% for the same temperature value. This may be due to a change in the
properties of the catalyst. In an industrial reactor, the catalyst is regularly transferred to the
regenerator for recovery.

In general, it can be considered that the constructed model for the numerical simulation
of the process of dehydrogenation of isobutane to isobutylene describes well the operation
of a laboratory reactor.

3.1.2. 2D-Axisymmetric Simulation

Next, we will conduct a numerical simulation for a 2D-axisymmetric geometric model.
Here, too, at the initial time (t = 0 s), the stationary bed of particles is located in the lower
part of the reactor. After gas is supplied, the bed begins to fluidize and chemical reactions
begin. We observe the onset of the stationary regime after approximately 180 s of the
calculated time. This is faster than for the 3D model. Figure 9 shows the calculated fields
of the volume fraction of solid phase and mass fractions of gas phase species at the time
t = 240 s for the case of a temperature of 575 ◦C. These parameters are the same as those
presented for the 3D model in the previous section.

       
particles i-C4H10 i-C4H8 H2 CH4 C3H6 C3H8 

(a) (b) (c) (d) (e) (f) (g) 

Figure 9. Fields of solid and gas phase components obtained as a result of numerical modeling for a
2D-axisymmetric model of a laboratory reactor at a temperature of 575 ◦C: (a) volume fraction of the
solid phase; (b) mass fraction of i-C4H10; (c) mass fraction of i-C4H8; (d) mass fraction of H2; (e) mass
fraction of CH4; (f) mass fraction of C3H6; (g) mass fraction of C3H8.

Figure 9a shows a significant difference from the 3D model calculations. In the 2D
axisymmetric model, the bed height is slightly higher. But the volume fraction of the solid
phase has a more uniform distribution. There are no compactions or isolated bubbles. This
may be a feature of the axisymmetric model and the small size of the reactor. If for the 3D
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model a gas bubble can be represented as a spherical object, then for the 2D axisymmetric
model a bubble in the meridional section should be interpreted as a gas ring in a real reactor.
The fields of mass fractions of gas phase species have similar patterns to the results of the
3D model.

Figure 10 shows the average values of the simulation results for the case of a tem-
perature of 575 ◦C for the 2D axisymmetric reactor model. These graphs are obtained
by averaging the results from 240 s to 420 s of the reactor simulation and are presented
according to the height of the laboratory reactor, as in the case of the 3D model.
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Figure 10. Average values of solid and gas phase components for a 2D-axisymmetric model of a
laboratory reactor at 575 ◦C: (a) volume fraction of the solid phase; (b) mass fraction of i-C4H10;
(c) mass fraction of i-C4H8; (d) mass fraction of H2; (e) mass fraction of CH4; (f) mass fraction of
C3H6; (g) mass fraction of C3H8.

It is evident from Figure 10b–g that the average values of gas phase species are almost
the same as the results presented in Figure 7b–g. That is, the gas movement and chemical
kinetics are almost the same for the 3D and 2D models. This is primarily due to the simple
form of the laboratory reactor with the bubbling regime of fluidization of the catalyst
particle bed. We will also estimate the average solid phase volume fraction ~0.41 and the
average height of the particle bed ~0.171 m (Figure 10a). In this case, the average height
of the particle bed is slightly higher, and the average volume fraction of the solid phase is
slightly lower.

Figure 11 presents the mass fractions of gas-phase species at the outlet of the laboratory
reactor obtained from CFD simulations at temperatures of 550–625 ◦C.

We also see good agreement between the results of numerical simulation and ex-
perimental data. Here we can also assume that the constructed 2D axisymmetric model
for numerical simulation of the process under study describes well the operation of a
laboratory reactor.
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Figure 11. Mass fraction of reaction products for the case of 100 g catalyst mass for 2D-axisymmetric
model in comparison with experimental data [64]: (a) i-C4H10 and i-C4H8; (b) H2, CH4, C3H8, C3H6.

To assess the differences in the numerical simulation results between the 3D model
and the 2D-axisymmetric model. To do this, we consider the absolute difference between
average values for the corresponding mass fractions of the gas phase for all the calculations
performed. The results are presented in Table 4. For example, for the isobutane fraction, an
absolute difference between average values of 0.1% can be considered small. At the same
time, an absolute difference between average values of 0.1% for the methane fraction for a
temperature of 550 ◦C will already be more significant. Therefore, we will also consider the
relative difference between average values. To do this, we divide the absolute difference by
the average value of the species mass fraction obtained in the numerical simulation of the
3D model.

Table 4. Comparison of numerical simulation average results for a 3D model and a 2D-axisymmetric
model of a laboratory reactor.

Temperature, ◦C Species,
Name

Average Value
Y3D, wt.%

Average Value
Y2D, wt.%

|Y3D–Y3D|,
wt.%

|Y3D–Y3D|/Y3D,
wt.%/wt.%

550

i-C4H10 55.40 55.04 0.36 0.006498
i-C4H8 40.20 40.82 0.62 0.015423

H2 1.47 1.49 0.02 0.013605
CH4 0.96 0.85 0.11 0.114583
C3H6 0.49 0.45 0.04 0.081633
C3H8 1.48 1.35 0.13 0.087838

575

i-C4H10 45.10 44.10 1.00 0.022173
i-C4H8 45.79 46.91 1.12 0.024459

H2 1.71 1.72 0.01 0.005848
CH4 2.73 2.65 0.08 0.029304
C3H6 1.95 1.91 0.04 0.020513
C3H8 2.72 2.71 0.01 0.003676

600

i-C4H10 35.70 34.98 0.72 0.020168
i-C4H8 50.30 51.29 0.99 0.019682

H2 1.93 1.99 0.06 0.031088
CH4 4.68 4.51 0.17 0.036325
C3H6 3.50 3.42 0.08 0.022857
C3H8 3.89 3.81 0.08 0.020566
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Table 4. Cont.

Temperature, ◦C Species,
Name

Average Value
Y3D, wt.%

Average Value
Y2D, wt.%

|Y3D–Y3D|,
wt.%

|Y3D–Y3D|/Y3D,
wt.%/wt.%

625

i-C4H10 28.70 28.36 0.34 0.011847
i-C4H8 52.90 53.50 0.60 0.011342

H2 1.92 1.99 0.07 0.036458
CH4 6.41 6.32 0.09 0.014041
C3H6 5.30 5.21 0.09 0.016981
C3H8 4.77 4.62 0.15 0.031447

Table 4 shows that the absolute difference between average values are in the range
of 0.01–1.12%. At the same time, the relative difference between average values are in the
range of 0.006–0.1146%. The species of the main reaction (isobutane and isobutylene) show
the highest values for absolute difference between average values (0.34–1.12%) and small
values for relative difference between average values (0.065–0.02446%). This is due to the
large values of % mass of these products.

In general, the comparison of the numerical simulation results for two models with
different dimensions shows good agreement in the values of the mass fraction of gas
phase species at the outlet section of the laboratory reactor. But there are differences in
the behavior of solid phase particles. For a small laboratory reactor with a limited-height
bubbling bed of particles, both models can be successfully used. At the same time, the use
of a 3D model does not cause great difficulties and does not require large computational
resources due to the small size of the real reactor.

3.2. Industrial Reactor Simulation

Let us turn to the results of the numerical simulation of a 2D-axisymmetric model of
an industrial reactor. At the initial time (t = 0 s), the fixed bed of particles is located at the
bottom of the reactor, with a mass calculated for each fraction. Following the initiation
of the gas supply (isobutane and nitrogen), we monitor the mass fractions of gas species
at the reactor outlet, defined as the cyclone inlet section. The industrial reactor is about
34 times taller than the laboratory reactor. However, the gas velocity in the industrial reactor
is about 80 times greater than that in the laboratory reactor. Therefore, the characteristic
time scales are not expected to differ significantly.

In the laboratory reactor model, a steady-state regime was defined as the point where
the variation in species mass fractions at the reactor outlet fell below 2%. However, for
the industrial reactor simulation, a clear steady-state condition could not be established.
The mass fractions of isobutane and isobutylene exhibited fluctuations of up to 10%, while
the yields of by-products showed significant temporal variability, differing by a factor of
two to three. In the various simulations of the industrial reactor, stable operation was only
achieved for the first 30 min of real operating time. In practice, an industrial reactor operates
continuously for several months, and reaching a steady-state condition typically requires
about a day or more. Therefore, a clear quasi-steady-state regime was not established in
the numerical simulations conducted in this study.

The distribution of the solid phase in the reactor is considered first. The model
incorporates two fractions of solid particles: coarse and fine. Figure 10 presents the
calculated volume fraction fields for the solid phase. All subsequent figures correspond
to a simulation time of t = 360 s. The coarse particle distribution is shown on a scale
up to 0.63 of the maximum permissible volume fraction (Figure 12a). The fine particle
distribution is presented in two views: on a scale up to 0.63 of the maximum permissible
volume fraction (Figure 12b), and on a scale up to 0.2 of the volume fraction (Figure 12c).
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Figure 12. Fields of volume solids fraction obtained as a result of numerical modeling for a 2D-
axisymmetric model of an industrial reactor: (a) volume fraction of coarse particles; (b) volume
fraction of fine particles; (c) volume fraction of fine particles on a scale of 0–0.2.

For a given gas flow rate and a given total mass of the granulated solid phase, it is
evident that the catalyst particles are present throughout the entire volume of the reactor.
Figure 12 shows that particles of both solid-phase fractions are distributed throughout the
reactor. There is no separation of particles by size, indicating that coarse and fine particles
are very well mixed. Since the initial quantity of fine particles was approximately half
that of the coarse particles, a 0–0.2 scale is used to visualize their location in the reactor.
A fluidized bed is observed above the isobutane gas feeder, with a slight compaction in
the baffle region. Below the gas feeder, a dense bed is formed. This region is subject to
almost no influence from the incoming isobutane and is primarily affected by the incoming
nitrogen from the channel leading to the regenerator. Thus, the numerical simulation of
the industrial reactor demonstrates a fast-fluidized bed of catalyst particles above the gas
feeder and a dense, low-mobility bed of catalyst particles below it.

The temperature distribution in the reactor plays a key role in the formation of the
process products. The system involves a gas feed at 550 ◦C and a regenerated catalyst
feed at 650 ◦C, resulting in a temperature difference of 100 ◦C between these two inlets.
Figure 11a shows the temperature field in the reactor cross-section on a scale from 550 ◦C to
650 ◦C. A heated spot (red) is visible in the catalyst feed section. Almost the entire reactor
cross-section is colored blue, corresponding to the temperature range of 550–560 ◦C. A
more heated zone is also observed at the very bottom of the reactor, where the outlet to
the regenerator is located. This area has a small volume and includes a pipe with a set
temperature of 650 ◦C.

For a more detailed assessment of the reactor’s cross-sectional heating, the temperature
field is examined on a reduced scale of 550–600 ◦C (Figure 13b). However, this scale
remains too broad for a detailed analysis of the temperature distribution. Therefore, several
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temperature scales were evaluated, and the range of 550–565 ◦C was selected (Figure 13c).
This scale reveals significant heating in the middle part of the reactor. The zone near the
central pipe is heated to 565 ◦C, while the central reactor volume reaches about 557 ◦C. The
upper part of the reactor is cooler, at approximately 552 ◦C, with a small zone at the very
top having a temperature below 550 ◦C.

(a) (b) (c) 

Figure 13. Temperature fields obtained as a result of numerical simulation for a 2D-axisymmetric
model of an industrial reactor: (a) 550–650 ◦C scale; (b) 550–600 ◦C scale; (c) 550–565 ◦C scale.

The main source of additional heat in the reactor is catalyst granules with a temper-
ature of 650 ◦C, which enter from the regenerator through the central pipe. The pipes
located under the cyclones remove some heat from the gas and solid phases. The detailed
mechanism of reactor heating by particle movement will not be examined here. The study
of heating options for a similar reactor can be found in [37,38,83,84]. It should be noted that
temperature plays an important role in the rate of both the main and side reactions, and
directly affects the mass fractions of the gas components at the reactor outlet.

The mass fraction distributions of gas-phase species are analyzed below. The reactor
feed consists initially of isobutane and nitrogen, while all other species are formed via
chemical reactions. Figure 14 shows the species involved in the main reaction: isobutane,
isobutylene, and hydrogen. The mass fraction of isobutane (Figure 14a) decreases from 1 at
the gas inlet to approximately 0.6 in the upper part of the reactor. Almost no isobutane is
present in the lower part of the reactor due to dilution by other species and the formation
of reaction products. In the middle part of the reactor, a high concentration of isobutane
occurs near the outer wall, while there is significantly less near the central pipe. This
observation agrees well with the temperature field distribution (Figure 13), where both the
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main and side reactions are accelerated at higher temperatures. Comparison with Figure 12
also indicates that the highest concentration of isobutane corresponds to regions with a low
volume fraction of solid catalyst particles.

i-C4H10 i-C4H8 H2 
(a) (b) (c) 

Figure 14. Gas phase species fields obtained from numerical simulations for a 2D-axisymmetric
model of an industrial reactor: (a) mass fraction of i-C4H10; (b) mass fraction of i-C4H8; (c) mass
fraction of H2.

The production of isobutylene (Figure 14b) occurs in zones where the amount of
isobutane decreases. Specifically, this is the heated middle zone near the central pipe.
Another notable area is the lower part of the reactor, where there is a large volume of
slow-moving catalyst. In the middle zone of the reactor, where the baffles are located, the
distribution of isobutylene is uneven from the center to the outer wall. As it moves further
to the upper part of the reactor, it becomes more uniform and reaches about 0.3. The mass
fraction of hydrogen (Figure 14c) generally follows the distribution pattern of isobutylene
production. However, hydrogen also participates in the side reaction for the hydrogenation
of propylene to propane. Hydrogen constitutes a small fraction of the total mass of the gas
phase, so its distribution is presented on a scale of 0–0.02.

Next, we consider the mass fractions of the products of side reactions, as well as
nitrogen (Figure 15). For side products, the distributions are presented on the same scale
of 0–0.04. Thermal cracking products are most concentrated in the zones with the highest
temperature. A significant amount of propane produced by the hydrogenation of propylene
is also evident. This reaction contributes to the final distribution of the hydrogen species.
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CH4 C3H6 C3H8 N2 
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Figure 15. Gas phase species fields obtained from numerical simulations for a 2D-axisymmetric
model of an industrial reactor: (a) mass fraction of CH4; (b) mass fraction of C3H6; (c) mass fraction
of C3H8; (d) mass fraction of N2.

The mass fraction of the nitrogen species (Figure 15d) is presented on a scale of 0 to 1.
Nitrogen is negligible throughout most of the reactor volume. It is present primarily in the
inlet zone of the heated catalyst, from where it rapidly disperses. A high nitrogen concentra-
tion is observed at the bottom of the reactor in the overflow section to the regenerator. This
is the location of nitrogen feed nozzles, which are designed to prevent reaction products
from entering the regenerator; the model accurately represents this purging mechanism. In
the overflow section, nitrogen reaches a mass fraction of approximately 0.9 in the gas phase.

The analysis was performed using instantaneous field images at t = 360 s. Subsequently,
the data were processed using a two-step averaging procedure. First, spatial averaging
was conducted from the center to the wall of the reactor to construct vertical profiles of the
parameters along the reactor height. An identical procedure was applied to the laboratory
reactor model. Second, temporal averaging was performed over multiple data points
within the time interval of 360–720 s. The resulting profiles are less smooth than those
obtained for the laboratory reactor.

Figure 16 presents the average volume fractions for the two solid phases and the
mass fractions for the main reaction of isobutane dehydrogenation to isobutylene. The key
elevations along the reactor height are as follows: 2.85 m and 4.85 m correspond to the
nitrogen injection points; 5.35 m marks the outlet to the regenerator; 8.8–9 m is the isobutane
gas supply device; 10.65–14.8 m is the baffle section; 15.1 m indicates the particle return from
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the cyclone; 16.5 m is the inlet for the heated catalyst from the regenerator; 17.34–18.15 m
contains the heat-exchanging tubes; and 22.61 m defines the cyclone inlet surface.
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Figure 16. Average values of solid and gas phase components for a 2D-axisymmetric model of
an industrial reactor: (a) volume fraction of coarse particles; (b) volume fraction of fine particles;
(c) mass fraction of i-C4H10; (d) mass fraction of i-C4H8; (e) mass fraction of H2.

Figure 16a,b show a high catalyst particles volume fraction in the lower part of
the reactor, below the gas inlet. Above this inlet, the particle volume fraction becomes
more uniform, decreasing smoothly toward the upper part of the reactor. In the middle
zone, the average solid phase volume fraction (coarse and fine particles combined) is
approximately 0.178.

The average concentrations of the main reaction components, isobutane and isobuty-
lene, are presented in Figure 16c,d. Above the gas feeder level, the concentration profiles for
both components exhibit minimal deviation. A sharp decrease in isobutane concentration is
observed at the location of the heated catalyst feed, although the deviation from the average
profile remains moderate. Below the gas feeder level, a sharp decrease in isobutane coin-
cides with an increase in isobutylene concentration. This behavior is attributed in the model
to the presence of a dense catalyst bed. At the reactor outlet (cyclone entrance), the average
isobutane mass fraction is 59.15%, and the average isobutylene mass fraction is 31.88%.

The profile of the average hydrogen mass fraction along the reactor height is non-
uniform and exhibits significant fluctuations (Figure 16e). The hydrogen concentration
is affected by both the main reaction, which increases it, and side reactions, which lead
to a decrease.

The average mass fractions of species from the side reactions, as well as nitrogen, are
shown in Figure 17. The profiles for the thermal cracking products correlate with both the
isobutane mass fraction and the temperature field. The methane concentration generally
increases with reactor height, while the propylene concentration fluctuates. This behavior
is due to the second side reaction, the hydrogenation of propylene to propane. The propane
concentration generally increases with height in the reactor. At the reactor outlet (cyclone
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inlet), the average mass fractions are 2.61% for methane, 1.24% for propylene, and 3.07%
for propane.
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Figure 17. Average values of gas phase species for a 2D-axisymmetric model of an industrial reactor:
(a) mass fraction of CH4; (b) mass fraction of C3H6; (c) mass fraction of C3H8; (d) mass fraction of N2.

Figure 17d shows that the average nitrogen concentration in the reactor is low. The
highest nitrogen concentration is located in the lower part of the reactor, in the outlet zone
to the regenerator.

In general, the results of the numerical simulation for the industrial reactor can be
assessed as satisfactory. A real industrial reactor for the dehydrogenation of isobutane to
isobutylene in a fluidized catalyst bed typically produces isobutylene at 25–35% by mass at
the outlet. In this study, the average result of 31.88% is within the typical operating range
of a real industrial reactor.

4. Discussion
We have obtained the results of numerical simulation of the laboratory reactor model

and the industrial reactor model for the process of isobutane dehydrogenation to isobuty-
lene in a fluidized catalyst bed. Here we will try to compare the obtained results, find
common points and significant differences. Obviously, the laboratory and industrial reac-
tors have many differences: size, shape, internal structures, gas velocity, etc. But before
entering industrial use, the process is studied in small laboratory reactors. In a real indus-
trial reactor, it is difficult to conduct a full-fledged scientific study of the process. As a rule,
temperature data at several points of the reactor and periodic analysis of mass fractions of
gas species at the outlet of the reactor can be available there.

First, we will compare the results for the mass fraction of species in the gas phase at
the reactor outlet (Table 5). The data correspond to the average values at the reactor outlet
and may not coincide with the species concentration at a specific point in the reactor, for
example, in the middle or at the bottom.
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Table 5. Comparison of numerical simulation results for laboratory and industrial reactor models.
Mass fractions of gas phase species.

- Temperature, ◦C

- 550 575 600 625 550–650

Species, Name Laboratory Reactor, wt.% Industrial Reactor, wt.%

i-C4H10 55.04 44.10 34.98 28.36 59.15

i-C4H8 40.82 46.91 51.29 53.50 31.88

H2 1.49 1.72 1.99 1.99 1.35

CH4 0.85 2.65 4.51 6.32 2.61

C3H6 0.45 1.91 3.42 5.21 1.24

C3H8 1.35 2.71 3.81 4.62 3.07

N2 - - - - 0.7

Table 5 indicates that the yield of the main reaction product in the industrial reactor is
lower than the values obtained in laboratory tests. Although the temperature in the indus-
trial reactor reaches 650 ◦C at the catalyst inlet from the regenerator, the isobutylene yield
in the industrial reactor is lower than that in the laboratory reactor at 550 ◦C. Therefore, it
is difficult to evaluate the catalyst’s efficiency and the ongoing reactions based solely on
laboratory experiments. Furthermore, our calculations involve several assumptions that
simplify the process. In practice, the differences between the laboratory and industrial reac-
tors are expected to be even greater. A comparison of key parameters such as temperature
and velocity is presented; the temperature data from the simulations of both reactor types
are provided in Table 6.

Table 6. Comparison of numerical simulation results for laboratory and industrial reactor
models. Temperature.

- Temperature, ◦C

- 550 575 600 625 550–650

- Laboratory Reactor Industrial Reactor

Average
temperature, ◦C 549.92 574.86 599.80 624.76 557.13

Maximum
temperature, ◦C 552.72 578.46 605.57 631.53 650.00

Minimum
temperature, ◦C 548.79 573.04 596.94 619.48 549.34

Maximum
temperature

difference, ◦C
3.93 5.42 8.63 12.05 100.66

Heat source Reactor wall Supply of heated catalyst

We see that for the laboratory reactor the average temperature is maintained at the
level of the set value in the experiment. Temperature deviations are associated with the
occurrence of chemical reactions with the absorption and release of heat. The minimum
and maximum temperature values can be observed briefly in individual zones of the
reactor. The average temperature value can be observed in almost the entire volume of
the laboratory reactor. Here, maintaining the set temperature is simple. The laboratory
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reactor has a small diameter, and the heat source is the outer wall, where an electric heater
is installed.

The average temperature in the industrial reactor in our numerical simulation is
slightly higher than the gas feed temperature. Despite the heat source with a temperature
of 650 ◦C, this is not enough to heat the entire internal volume to a high temperature. We
have already seen the temperature field in the industrial reactor in Figure 13. Heating
the reactor zones with a high catalyst particles volume fraction is an important task for
the efficient operation of an industrial reactor. We investigated some options for con-
trolling the reactor heating in our previous works [37,38,83,84]. In particular, there we
determined the relationship between the reactor heating and the circulation flows of gas
and catalyst particles.

Let us consider the gas velocity fields in reactor models. Figure 18a,b show the velocity
fields for a laboratory reactor. Figure 18c shows the axial velocity field for a laboratory
reactor. Figure 18d,e show the velocity fields for an industrial reactor. Figure 18f shows the
axial velocity field for an industrial reactor.

      
(a) (b) (c) (d) (e) (f) 

Figure 18. Gas phase velocity fields obtained from numerical simulations for a 2D axisymmetric model
of a laboratory reactor and a 2D axisymmetric model of an industrial reactor: (a) laboratory reactor,
0.0–0.4 scale; (b) laboratory reactor, 0.0–0.1 scale; (c) laboratory reactor, axial velocity component,
−0.1–0.4 scale; (d) industrial reactor, 0.0–8.0 scale; (e) industrial reactor, 0.0–1.0 scale; (f) industrial
reactor, axial velocity component, −3.0–8.0 scale.

In the laboratory reactor model, the greatest velocity fluctuations are observed in the
catalyst bed zone. The axial velocity field also reveals downward gas movements, which
result from the downward movement of particles in the height-limited bed. The circulating



ChemEngineering 2025, 9, 129 33 of 40

particles entrain some of the gas with their motion. In most of the reactor, few particles are
present, with only the finest fractions transportable there. In this region, the gas flow is
uniformly ascending. Here, the main reaction scarcely occurs, while side reactions proceed
independently of the catalyst.

In the industrial reactor model, catalyst movement occurs throughout the entire reactor
volume. Some regions exhibit both rapidly ascending flows and downward gas flows.
The gas and catalyst feed points, grate, cyclones, and other structural elements promote
gas-phase movement and generate large-scale circulation patterns. These flow patterns of
gas and catalyst particles ultimately determine both the heating distribution throughout
the reactor and the progression of chemical reactions. A comprehensive study would
be required to fully characterize gas movement in an industrial reactor with numerous
internal elements. Therefore, the current analysis is limited to observational assessment of
gas-phase movement.

Table 7 summarizes the gas movement parameters, including values calculated from
the total gas flow rate and results derived from the CFD solution. Additionally, estimates
are provided for the average gas–catalyst contact time and the average gas residence time
in the reactor.

Table 7. Comparison of numerical simulation results for laboratory and industrial reactor models.
Gas flow.

- Laboratory Reactor Industrial Reactor

Calculated average velocity based on
determined gas flow rate, m/s 0.016 0.376

Calculated average time of gas
movement in a reactor, s 43.75 36.197

Fluidization regime bubbling turbulent

Average height of catalyst particle bed, m 0.169 the whole reactor

Calculated average time of gas
movement in the catalyst bed, s 10.563 36.197

Average velocity from CFD solution, m/s 0.0301 0.201

Maximum velocity from CFD solution, m/s 0.367 7.157

Minimum velocity from CFD solution, m/s 0.000065 0.00024

Average time of gas movement in a
catalyst bed from a CFD solution, s 5.615 67.71

Table 7 indicates that the average gas velocity in the industrial reactor, calculated from
the flow rate, is significantly higher than in the laboratory reactor. Despite the industrial
reactor’s greater height, the gas residence time is shorter. However, whereas the catalyst
bed in the laboratory reactor is confined to the bottom section, in the industrial reactor,
catalyst circulates throughout the entire volume. Consequently, according to this estimate,
the gas interacts with the catalyst bed in the industrial reactor for more than three times
longer than in the laboratory reactor.

Table 7 presents the results obtained from the CFD simulations of the reactor models.
In the CFD results, the average velocity calculated over the reactor volume differs from
that derived from the mass flow rate, being higher in one case and lower in the other.
It should be noted that these values are estimates requiring further verification. The
mesh resolution significantly influences these results, and using a finer mesh would alter
the values. Therefore, they should be considered as preliminary estimates. The CFD
simulations indicate gas–catalyst contact times of 67.71 s in the industrial reactor and
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5.615 s in the laboratory reactor. However, this longer contact time does not correspond to
an increased yield of the main product.

Therefore, a large-scale industrial reactor cannot be analyzed solely based on average
parameters and directly compared with a laboratory reactor. Industrial reactors can be
divided into zones characterized by various features, such as catalyst concentration, gas
velocity, and particle movement. In contrast, a laboratory reactor typically comprises
only two zones: a catalyst bed and a freeboard. Comprehensive catalyst and process
studies are essential in both cases. However, CFD simulation enables the visualization of
internal reactor dynamics, allowing researchers to identify gas and catalyst flow patterns,
temperature distributions, and model reaction product formation. The combination of
laboratory studies and CFD simulations provides a robust approach for effectively scaling
up processes from laboratory to industrial reactors.

5. Conclusions
A mathematical model is developed herein for simulating the dehydrogenation of

isobutane within a lab-scale fluidized-bed catalytic reactor. The model was then applied to
simulate a large-scale industrial reactor. The main results are as follows:

(1) A lab-scale reactor model (H = 70 cm, D = 2.8 cm) was constructed in both 3D and
2D axisymmetric configurations. The CFD model includes the reaction kinetics for the
primary dehydrogenation of isobutane to isobutylene and hydrogen. In addition to the
primary reaction, the model incorporates two secondary pathways: the thermal cracking
of isobutane to form methane and propylene, and the hydrogenation of this propylene
into propane, consuming hydrogen generated from the main dehydrogenation process.
Experimental studies and numerical simulations of the laboratory reactor were performed
for four temperature values: 550, 575, 600, and 625 ◦C. The product yield results from
the CFD simulations show good agreement with the experimental data. The optimal
process temperature in the laboratory reactor is 575 ◦C, at which the isobutylene yield is
~46.03 wt%. A decrease in temperature leads to a lower isobutylene yield, while an increase
in temperature results in a higher yield. However, as the temperature increases, the total
yield of side reaction products rises, reaching on average up to 20 wt%. A comparison of
the CFD simulation results for the two laboratory reactor models—the 3D model and the
2D axisymmetric model—was conducted. For the gas phase fractions, the differences in
average values range from 0.01% to 1.12%. Furthermore, the differences in average values
relative to the results of the 3D model range from 0.006% to 0.1146%. The main distinctions
are observed in the behavior of the solid phase particles.

(2) The CFD model developed for the laboratory reactor was applied to numerically
simulate a 2D-axisymmetric model of a large-scale industrial reactor. The reactor is 23.81 m
in height and 4.6 m in diameter and features a fluidized catalyst bed for the isobutane
dehydrogenation process. Temperature fields and reaction product formation zones were
analyzed. The average isobutylene yield is ~31.88 wt%, which aligns with the performance
of actual industrial reactors but is lower than the results obtained for the laboratory reactor
at all temperature values. The total yield of side reaction products averages ~6.92 wt%.
The reactor exhibits distinct zones: a dense catalyst particle bed in the lower section and
areas with a lower volumetric fraction of the solid phase in the upper section. The highest
temperature of 650 ◦C is observed near the central pipe for supplying regenerated catalyst.
The temperature decreases to ~557 ◦C near the outer wall in the central zone of the reactor.
In the upper part of the reactor, the temperature is the lowest due to the absence of heat
sources and endothermic chemical reactions. A number of factors influencing the formation
of reaction products were identified. The main factors are the non-uniform flow of the gas
and solid phases, as well as uneven heating of the reactor volume.
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(3) The aim of this study is to validate the performance of a model, previously verified
on a laboratory reactor, for simulating an industrial-scale reactor. A comparison of operating
parameters and simulation results for the laboratory and industrial reactors was conducted.
The reactors differ significantly in size and fluidization regime. The gas–catalyst contact
time, obtained from numerical simulations, averages 5.615 s for the laboratory reactor and
67.71 s for the industrial reactor. Apart from its size, the industrial reactor also differs from
the laboratory reactor in its heating principle. In the industrial unit, the gas is fed into
the overall volume at a temperature of 550 ◦C, while the catalyst particles are supplied
at 650 ◦C. Heating the industrial reactor is more complex due to its numerous internal
elements, which influence the flow of both the gas and solid phases. Overall, the model
developed for the laboratory reactor proved effective in the CFD modeling of the industrial
reactor. This model can serve as a first approximation for building a more accurate model
of the industrial reactor, which can be further refined through verification with a larger set
of industrial data.

For the numerical simulation of the laboratory reactor, a 3D model is suitable, as it
accurately describes the geometry and boundary conditions. For the industrial reactor
model, however, it is necessary to outline the key assumptions and limitations:

(1) We must particularly note the use of a two-dimensional axisymmetric model. A
comprehensive investigation of the reactor’s operation requires the development of a three-
dimensional model. The use of a 3D model allows the gas and particles to move in an
additional direction within the reactor’s cross-section. This can affect the flow patterns
of the phases inside the internal partitions. However, as noted above, employing a three-
dimensional model demands significant computational resources.

(2) The use of thermally insulated boundary conditions on the reactor’s outer wall. To
specify the correct heat flux at the outer wall boundary, it is necessary to understand the
structure of this multi-layered wall. Heat transfer from the gas to the wall, through the
wall, and from the wall to the environment takes time. Given the high gas flow rate in the
reactor, the calculated average residence time of a gas molecule in the reactor is ~36.2 s. In
this study, we adopt a simplification whereby the gas remains in the reactor for a short time
and does not have sufficient time to transfer a significant amount of thermal energy to the
outer wall. With this simplification, we neglect heat losses through the outer wall, meaning
we consider the reactor’s outer wall to be thermally insulated.

(3) The use of a simplified cyclone model, where particles entering the cyclone are
immediately returned to the reactor above the upper baffle. The model implemented in this
study significantly idealizes the cyclone’s operation. However, developing a more accurate
simulation model of the cyclone requires a separate investigation into its performance
under varying gas and particle loads.

The results of applying the developed model for the numerical simulation of the
industrial reactor are reasonably good, yet they still do not account for many specific
features of the real reactor. This study has outlined new tasks for our future work.

(1) Investigation into the feasibility of using a full three-dimensional model for the
numerical simulation of a real industrial reactor. This includes employing more accurate
thermal boundary conditions for the outer wall and verification of the models against
operational data from actual industrial reactors.

(2) Implementation of more accurate models to simulate the performance of the
cyclones. If these studies reveal the relationships between particle entry into the cyclone
and their subsequent injection back into the reactor, this model can be used in further
research for more precise simulation.

(3) CFD modeling of the reactor’s long-term operation. A real reactor operates contin-
uously for several months. We require a mathematical model capable of demonstrating the
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stable operation of an industrial reactor over a period of several days. This extended simu-
lation would allow for a more accurate determination of the average values of the reactor
model’s operating parameters. However, this will require significant computational time.

(4) Development of an integrated reactor–regenerator model. The regenerator plays a
crucial role in conjunction with the reactor. It also operates as a fluidized bed apparatus
but is designed to restore catalyst activity. Furthermore, it is necessary to develop a model
that can account for changes in the properties of catalyst particles during their residence
time in the reactor and their restoration during their stay in the regenerator.

All this will contribute to the creation of a digital twin for a reactor–regenerator system
used in the fluidized-bed dehydrogenation of isoparaffins.
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Nomenclature

Symbols
A heat exchange surface area
Acat coefficient of the gas–solid contact area
Ar pre-exponential factor
CD drag coefficient
Cfr friction coefficient
Cj,r species concentration in the mixture
Cp heat capacity
D particle diameter
d particle diameter
D32 Sauter mean diameter
Dm,i mass diffusion coefficients
DT,i thermal diffusion coefficients
Er activation energy
es coefficient of recovery
f (D) distribution density function
g gravitation
h enthalpy
hgs heat transfer coefficient
I unit tensor
→
J i diffusion flux

K coefficient of interaction between phases
k f ,r reaction rate constant
kΘs granule energy diffusion coefficient
Mw,i molecular weight
NR number of reactions
NC Courant number
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Nu Nusselt number
Pr Prandtl number
p pressure
ps pressure of solid phase granules
Ri species formation source
Re Reynolds number
Sct Schmidt number
T temperature
t time
→
v velocity
Yi species mass fraction
Greek symbols
αi volume fraction
γΘs particle collisions energy dissipation
η′

i,r exponent for the reactant
Θs solid granule temperature
ϑ0s radial distribution coefficient
κ the thermal conductivity coefficient
λ bulk viscosity
µ shear viscosity
ρ density
τ stress tensor
ϕgs energy exchange
Subscripts
g gas phase
s solid phase
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