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Abstract: In this study, the authors present a techno-economic assessment of on-site hydrogen refu-
elling stations (450 kg/day of H2) based on different hydrogen sources and production technologies.
Green ammonia, biogas, and water have been considered as hydrogen sources while cracking, au-
tothermal reforming, and electrolysis have been selected as the hydrogen production technologies.
The electric energy requirements of the hydrogen refuelling stations (HRSs) are internally satisfied
using the fuel cell technology as power units for ammonia and biogas-based configurations and
the PV grid-connected power plant for the water-based one. The hydrogen purification, where
necessary, is performed by means of a Palladium-based membrane unit. Finally, the same hydrogen
compression, storage, and distribution section are considered for all configurations. The sizing and
the energy analysis of the proposed configurations have been carried out by simulation models
adequately developed. Moreover, the economic feasibility has been performed by applying the life
cycle cost analysis. The ammonia-based configurations are the best solutions in terms of hydrogen
production energy efficiency (>71%, LHV) as well as from the economic point of view, showing a
levelized cost of hydrogen (LCOH) in the range of 6.28 EUR/kg to 6.89 EUR/kg, a profitability index
greater than 3.5, and a Discounted Pay Back Time less than five years.

Keywords: green ammonia; biogas; water electrolysis; hydrogen; on-site hydrogen refuelling station;
levelized cost of hydrogen

1. Introduction

The increase of global transport emissions was 0.5% in 2019 in comparison with 1.9%
annually since 2000. This reduction is due to specific actions involving biofuels utilization,
improvements in energy conversion, and electrification. Nevertheless, the transportation
sector is still responsible for 24% of CO2 emissions. Road vehicles account for nearly 75% of
transport CO2 emissions [1]. Electric mobility, based on battery electric vehicles (BEVs) and
on fuel cell electric vehicles (FCEVs) fed by green hydrogen (produced by renewable energy
sources, RESs), is expected to play a key role in the decarbonization of the transportation
sector [2]. With their differences in driving range, energy density, and recharging/refuelling,
BEVs and FCEVs technologies can replace fossil fuel-based vehicles [3]. In fact, BEVs are
more suitable for light-duty vehicles and short-range use, while FCEVs can be used when
longer ranges are required (i.e., trucks, long-distance buses) [4] or when electrification is
critical (i.e., power trains, ferries). According to the IEA forecasting, the fuel cell electric
vehicle market is beginning to flourish, catalyzed by developments in Asia (i.e., China,
Japan, and Korea), where major countries have established aggressive penetration targets
for hydrogen-driven FCEVs (1,000,000 vehicles are expected to be on the road by 2030 in
China) [5,6]. One of the constraints on the market penetration of FCEVs is the hydrogen
refuelling infrastructure [7]. Currently, there are about 200 hydrogen refuelling stations in
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the world (mostly in Japan, Germany, and California), and 5300 new stations are planned
by 2030 [8].

In large-scale off-site stations, hydrogen is produced elsewhere and delivered to the
station by pipelines, trucks, or tube trailers. In on-site small and medium-scale stations,
hydrogen is generated and stored on the site using different sources and delivered to
vehicles. In the initial phase of low market penetration of FCEVs, it can be more feasible
to distribute on-site small-scale hydrogen refuelling stations (HRSs). Moreover, in order
to avoid CO2 emissions, the use of renewable electricity [9] and zero-carbon sources
(ammonia [10], biogas [11], microalgae [12]) can be the best solutions for assuring the
“green hydrogen” production [13].

Since the main critical issue of these on-site renewable-energy powered HRSs is the
hydrogen cost, depending on both the plant size (hydrogen production capacity) and
the hydrogen source, in recent scientific literature, several studies have been focused on
techno-economic analysis, aiming to evaluate the levelized cost of hydrogen (LCOH).

Literature Overview on On-Site Hydrogen Refuelling Stations Costs

The hydrogen retail price strictly depends on the hydrogen production, compres-
sion, storage, and distribution costs. Therefore, several studies are devoted to analyze
technologies and components to reduce these costs.

Gökçek and Kale in [14] proposed a techno-economic analysis for a hydrogen re-
fuelling station powered by two types of hybrid renewable power generation systems
(wind-photovoltaic (PV)-battery and wind-battery). The analysis was performed using the
HOMER packaging software. The refuelling station was sized for servicing 25 vehicles
per day, each having a 5 kg tank. Results concluded that the cost of hydrogen production
was 8.92 USD/kg (7.92 EUR/kg) for the hybrid wind-photovoltaic-battery system and
11.08 USD/kg (9.86 EUR/kg) for the hybrid wind-battery system.

Zhao and Brouwer [15] studied hydrogen refuelling stations consisting of an elec-
trolyzer supplied by renewable power plants (wind and PV) from an economic point of view
by calculating the LCOHs. They estimated that, by assuming an average levelized energy
cost of 0.103 USD/kWh for the solar PV system, the LCOH was 9.14 USD/kg (8.13 EUR/kg),
while for the wind-based system, the cost dropped to 6.71 USD/kg (5.97 EUR/kg).

Barhoumi et al. [16] discussed a detailed economic assessment and evaluation of a
hydrogen refuelling station based on PV technology coupled with an electrolyzer. With a
hydrogen capacity of 150 kg/day, the LCOH for only hydrogen production was equal to
3.32 EUR/kg since the compression, storage, and dispensing unit costs were not included.

Ayodele et al. [17] performed a techno-economic study for a wind-powered hydrogen
refuelling station in seven cities of South Africa. The hydrogen capacity was 125 kg/day
(25 hydrogen vehicles). Results highlighted that, by using wind as an energy source, the
cost of hydrogen production ranged from 6.34 USD/kg (5.64 EUR/kg) to 8.97 USD/kg
(7.98 EUR/kg).

Ulleberg and Hancke [18] proposed a hydroelectric powered hydrogen refuelling
station in Norway. The authors estimated a hydrogen production cost ranging from
9.2 EUR/kg with 50% of public support on the investment costs to 15.7 EUR/kg without
public support.

In [19], the authors presented an economic analysis concerning the hydrogen COx-free
production, based on the ammonia decomposition, for a small-scale (70 kg/day) on-site
HRS in Korea. The hydrogen cost, considering both the production and dispensing, was
9.06 USD/kg (8.06 EUR/kg).

Marcoberardino et al. [20] carried out a techno-economic analysis for a hydrogen
production unit based on a biogas reforming system (steam or autothermal) coupled
with a pressure swing adsorption unit for green hydrogen production (100 kg/day). The
calculated LCOHs (the hydrogen is compressed at 700 bar and the dispensing unit is not
included) values range from 5 EUR/kg to 7.2 EUR/kg.
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Thus, by analyzing the available scientific literature, it can be noticed that the majority
are based on renewable electrolytic hydrogen production (wind or solar PV), while a very
small number considers ammonia or biomass as hydrogen sources. Moreover, the compres-
sion, storage, and dispensing unit costs are often not included in the LCOH evaluation.

In this paper, the authors present a broad and comprehensive analysis of on-site small
hydrogen refuelling stations (450 kg/day of H2), based on different hydrogen sources and
production technologies, by comparing their operation, performance and cost. Therefore,
the strength of this study is to provide an extensive analysis of different on-site HRS config-
urations by identifying several technical and economic issues crucial to the decision-making
processes concerning the design and installation of on-site hydrogen refuelling stations.

In the proposed on-site hydrogen refuelling stations, green ammonia (hydrogen and
nitrogen needed for ammonia synthesis are generated using renewable electricity), biogas
and water have been considered as the hydrogen sources, while autothermal reforming,
cracking, and electrolysis have been selected as the hydrogen production technologies. In
order to evaluate the economic feasibility of the proposed HRSs plants, the life cycle cost
(LCC) analysis has been applied, and several economic indicators such as LCOH, discount
payback time (DPBT), profitability index (PI), net present value (NPV), and internal return
rate (IRR) have been calculated.

The proposed configurations were presented by the authors in previous papers [10,21–23],
in which the HRSs were sized for smaller hydrogen capacities (100 and 200 kg/day).
In [10,21] in particular, ammonia-based HRSs with hydrogen capacities of 100 kg/day and
200 kg/day were proposed, respectively. In [10], the selected power production section was
a SOFC unit, and in [21], a PEMFC system was implemented for satisfying the electricity
requirements. A biogas-based HRS, characterized by an autothermal reforming (ATR) unit,
as the hydrogen production system, and sized for a capacity of 100 kg/day, was studied
in [22]. Furthermore, a grid-connected PV plant integrated with an electrolysis unit was
examined in [23], where different plant configurations of hydrogen production capacity
and electricity were analyzed.

Starting with the results from previous studies, in this work, the techno-economic
analysis has been augmented by considering a higher hydrogen capacity (450 kg/day) and
updating the costs of components and materials to reach better results in terms of LCOH
and sustain the economic feasibility of these plants.

2. Methodological Approaches to Analysis
2.1. Hydrogen Refuelling Stations: Design and Modeling

The proposed on-site hydrogen refuelling stations, depicted in Figure 1, are based
on different hydrogen sources (ammonia, biogas, and water) and power production tech-
nologies (cracking, autothermal reforming, and electrolysis). The electric energy demands
of the HRSs are satisfied using the fuel cell technology—proton exchange membrane
fuel cell (PEMFC) and solid oxide fuel cell (SOFC)—for the biogas and ammonia-based
configurations and the PV grid-connected power plant for the water-based one. The hy-
drogen purification, where necessary, is performed by a Pd-based membrane unit. Finally,
the same hydrogen compression, storage, and distribution sections are considered for
all configurations.

The studied configurations are:

1. Ammonia-based SOFC (NH3_SOFC)
2. Ammonia-based PEMFC (NH3_PEMFC)
3. Biogas-based SOFC (B2H_SOFC)
4. Water electrolysis-based PV (H2O_PV)

Refuelling stations have been sized considering a hydrogen production capacity equal
to 450 kg/day and sizing the power production section for satisfying the electricity demand
of the station.
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Figure 1. On-site Hydrogen Refuelling Stations concepts.

In order to assess the energy and mass balances of the plants, numerical models have
been developed in the Aspen PlusTM environment. Each plant model has been built using
existing operation blocks available in the software library (i.e., compressor, heat exchanger,
separator, and chemical reactor). Specific components not available, such as the SOFC
power module, the PEMFC power module, the electrolysis module, the Pd-Membrane unit,
and the ionic compressor unit, have been modelled using Hierarchy blocks (or user-defined
blocks) and by implementing a specific Fortran block calculator. Details on the operation
blocks are presented in Appendix A.

The Peng–Robinson cubic equation of state (EOS) has been used to calculate the
thermodynamic properties of liquid and gaseous streams.

The plants’ performances have been estimated by introducing an index that compares
the chemical energy of the output hydrogen to the input energy (chemical or electric) used
to produce it and, at the same time, to satisfy the HRS electric requirements. This index is
the hydrogen production energy factor (HPEF) calculated in Equation (1):

HPEF =
EH2

Einput
(1)
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2.1.1. NH3_SOFC Plant Design

Among hydrogen carriers, ammonia can be considered a promising fuel that can
be easily stored as a liquid at 8.7 bar and 20 ◦C (the energy density of liquid ammonia
is 13.77 MJ/L). Green ammonia (CO2 free hydrogen carrier) is obtained by synthesizing
hydrogen and nitrogen generated using electricity from renewable power plants. Moreover,
ammonia can directly feed SOFCs without using an external cracking reactor because the
high operating temperature and the typical nickel-based anodic electrode allow the internal
ammonia decomposition [24,25]. Thanks to these characteristics and advantages, ammonia
is a suitable fuel candidate as a hydrogen source in novel on-site HRSs.

Figure 2 shows the flowsheet of the NH3_SOFC plant.
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Figure 2. Flowsheet of the NH3_SOFC plant model.

The ammonia (1) is preheated (HE1), vaporized (HE2), and sent to the SOFC power
unit, where its decomposition occurs. The electrical power is produced at low fuel uti-
lization factors so that the hydrogen content in the anode off-gas is high, and it can be
used for the operation of the refuelling station. Thus, the anode off-gas (4) is fed to the
Pd-membrane unit (PD-MEM) at its operating conditions in terms of pressure (4.2 bar)
and temperature (400 ◦C). The purge gas (10) is mixed with the cathode off-gas (18) in the
catalytic burner (CB), and the pure hydrogen (9) is delivered to the compression section.
The hydrogen (11) is precompressed at 5 bar (C2) and, finally, stored at 900 bar using the
ionic compression unit. The exhausts from the CB are used to heat the ammonia (2) and the
cathodic air (16) (heat exchangers HE2 and HE3) before being vented (19).

2.1.2. NH3_PEMFC Plant Design

In the NH3_PEMFC plant, the ammonia decomposition is performed in a specific
catalytic reactor at a temperature of 550 ◦C (at temperatures higher than 425 ◦C, the
ammonia conversion is 98–99%).

The cracking reaction is:
2NH3→3H2+N2

The electricity requirements for the plant operation are satisfied by a PEM fuel cell
unit fed by a part of the produced hydrogen.

Figure 3 shows the flowsheet of the plant model.
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Figure 3. Flowsheet of the NH3_PEMFC model.

The liquid ammonia (1) at 8.7 bar is vaporized (57 ◦C) and superheated (279 ◦C) in
the heat exchangers HE1 and HE2, respectively. After expanding through the valve (at
ambient pressure), the ammonia (4) is sent to the cracking reactor. The cooling of the stream
(5) is performed in the heat exchangers HE3 (457 ◦C) and HE2 (67 ◦C) before entering the
NH3 absorber. The hydrogen–nitrogen mixture is split in the stream (10) compressed in
C1 and the stream (9) for the PEMFC feeding. The exhausts (19) coming from the catalytic
burner (CB) are used for supplying heat to the cracking reactor. The PEMFC off-gases (17),
the purge gas (16), and the preheated combustion air (21) are the CB feeding gases. The
stream (11) at 3.7 bar is heated at 400 ◦C in HE3 before entering the Pd-membrane. The
hydrogen (14) is precompressed at 5 bar (C2) and, finally, stored at 900 bar using the ionic
compression unit.

2.1.3. B2H_SOFC Plant Design

In the B2H_SOFC plant, the biogas composition equals 60% CH4 and 40% CO2 (the
lower heating value is 17.7 MJ/kg) produced by the BEKON dry fermentation technology,
which is one of the best available technologies for the anaerobic digestion process [26].

The autothermal reforming (ATR) process has been selected for the hydrogen pro-
duction section. In this process, the steam reforming and the partial oxidation processes
are combined so that the thermal energy necessary for the steam reforming reaction is
internally provided by the exothermic partial oxidation reaction. The steam to biogas ratio
(S/B, mol/mol) and the oxygen to biogas ratio (O/B, mol/mol) are the parameters that
define the thermal balance of all reforming reactions [27].

The flowsheet of the B2H_SOFC plant model is illustrated in Figure 4.
Biogas, air, and water enter the ATR reactor after heating in the heat exchangers

HE2, HE3, and HE1, respectively. For assuring a high hydrocarbon conversion (99%), the
reforming temperature has been selected in the range 700–800 ◦C. Furthermore, considering
the literature suggestions for the biogas reforming, the S/B ratio has been chosen equal
to 1.2, and the O/B ratio has been calculated for assuring the adiabatic conditions of the
reactor following the selected operating temperature [27].

The syngas (8) containing H2, CO, CO2, H2O, and N2, is cooled in the heat exchanger
HE1 and then split into two streams: stream (12) is fed to the WGSR (water gas shift reactor)
while stream (10) to the SOFC power unit. The air (21), feeding the cathodic compartment
of the SOFC, is preheated in the HE2.
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Figure 4. Flowsheet of the B2H_SOFC plant model.

The hydrogen-rich gas (13) is cooled in the HE6, dried in the separator (SEP), and
compressed in C1 at 8 bar before feeding the membrane separation unit (Pd-M).

The purge gas (20) and the cathodic off-gases (23) are mixed and sent to the CB, while
the pure hydrogen (19) is delivered to the compression section. The exhausts from the
CB are used to heat several streams in the plant (heat exchangers HE2, HE3, HE4, HE5,
HE7) before being vented (34). The pressure of the stream (30) is increased up to 5 bar
using the compressor C2 and then stored at 900 bar using the ionic compression unit. The
heat streams Q1 and Q2 could be available for cogeneration purposes (in this study, these
streams were not exploited).

2.1.4. H2O_PV Plant Design

The H2O_PV plant has been designed by integrating an alkaline electrolysis unit with
a grid-connected PV plant. The grid connection allows to yearly balance the PV electricity
deficit and excess.

The PV plant has been sized considering two constraints:

(a) The installation site: the plant is located in the South of Italy (latitude, longitude, and
altitude are 40◦51′46” N, 14◦16′36” E, respectively). At this site, the maximum and
minimum monthly irradiation on the horizontal plane are 7770 Wh/m2/day and
1890 Wh/m2/day, respectively; the annual electric energy production of a single
PV module (Model 1Soltech 1STH-240-WH, anodized aluminium alloy, 250 kWp),
calculated by applying the system advisor model (SAM), is 318 kWh. In Figure 5, the
monthly energy production is depicted. The maximum energy production is achieved
in July (36.2 kWh), whereas the minimum one in December (12.8 kWh).

(b) The electricity mix: the annual sharing of electricity supply by the grid has been
assumed equal to 50%; this means that the PV plant provides 50% of the annual
electricity demand needed for producing 450 kg/day of hydrogen.
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Figure 5. The annual energy production of the single PV module.

The flowsheet of the plant model is illustrated in Figure 6, where two Hierarchy blocks
are used to model the electrolysis unit and the ionic compression unit. The electrolysis unit
has a modular architecture consisting of 9 modules (the size of each module is 118 kW)
and produces 450 kg/day (207 Nm3/h) at the operating pressure of 10 bar by convert-
ing 5040 L/day of water in hydrogen and oxygen with an AC power consumption of
5.1 kWh/Nm3. The compressed hydrogen is directly sent to the ionic compression unit,
where it is stored at 900 bar.
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2.2. Hydrogen Refuelling Stations: Economic Assessment

To evaluate the competitiveness and profitability of the proposed on-site HRSs, an
economic assessment based on the levelized cost of hydrogen (LCOH) and the life cycle
cost (LCC) analysis has been carried out.

2.2.1. Levelized Cost of Hydrogen

The LCOH is a valuable economic index that allows defining the final cost at which
the hydrogen is produced, compressed, and stored according to the capacity (kg/day) of
the HRS. It is calculated as in Equation (2):

LCOH =
Total Costs (EUR)− Rev (EUR)

H2 Annual Production (kg)
(2)

The total costs (Equation (3)) include the annualized investment costs (Cinv,a), the
annualized replacement costs (Crep,a) and yearly operating costs (CO&M ):

Total Costs (EUR) = Cinv,a + Crep,a + CO&M (3)
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Cinv,a (Equation (4)) is estimated by evaluating the capital investment cost (Cinv), the
plant lifetime (n), and the nominal interest rate (i):

Cinv,a = Cinv·
i·(1 + i)n

(1 + i)n − 1
(4)

Crep,a (Equation (5)) is the annual cost rate for the replacement of the components
needed during the plant lifetime. This term results equal to [28]:

Crep,a =
Crep

(1 + i)t ·
i·(1 + i)n

(1 + i)n − 1
(5)

where Crep and t represent the replacement cost and the related year, respectively.
CO&M (Equation (3)) includes the annual cost of the hydrogen sources (NH3, biogas,

and water) and the costs of purchased electricity (if needed).
Finally, Rev (Equation (2)) is a term that is considered only in the H2O_PV plant where

the “electricity excess” from the PV plant is sold.

2.2.2. Life Cycle Cost Analysis

The LCC method is a widely used approach for evaluating and comparing different
investment options. In particular, the LCC analysis allows assessing the profitability of the
plant over its lifetime [28].

In this analysis, the main economic indicators, such as the net present value (NPV),
the internal rate of return (IRR), the profitability index (PI), and the discounted payback
time (DPBT), have been calculated.

The net present value (NPV) is calculated in Equation (6) by considering the total value
of future cash flow (TVFC) for each year (t) of the plant lifetime and the investment costs:

NPV =
n

∑
t=1

TVFCt −Cinv (6)

The TVFC is calculated as in Equation (7):

TVFCt =
Revt −CO&Mt −Crept

(i + 1)t (7)

where Revt (Equation (8)) represents the annual revenues from the sold hydrogen and
electricity (in the case of the H2O_PV plant):

Revt = CH2·WH2,t + Ce·We,t (8)

In the above Equation CH2 (EUR/kg) and Ce (EUR/kWh) are the specific prices of
sold hydrogen and electricity, respectively. The WH2,t and We,t are the annual amounts of
the produced hydrogen (kg) and electricity (electricity excess from the H2O_PV plant).

The internal rate of return (IRR), the profitability index (PI), and the discounted
payback time (DPBT) are calculated by applying the following Equations (9)–(11):

n

∑
t=1

Revt −CO&Mt −Crept

(i + IRR)t = 0 (9)

PI = ∑n
t=1 TVFCt

Cinv
(10)

DPBT

∑
t=1

TVFCt −Cinv = 0 (11)
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3. Results and Discussion

This study concerns the techno-economic assessment of on-site HRSs with a hy-
drogen capacity of 450 kg/day and sized for self-sustaining the thermal and electric
energy requirements.

The proposed HRS configurations are based on different hydrogen sources and pro-
duction technologies. Green ammonia, biogas, and water have been considered as the
hydrogen sources, while cracking, autothermal reforming, and alkaline-based electrolysis
have been selected as the hydrogen production technologies.

The sizing and the energy analysis of the proposed configurations have been carried
out using simulation models. Moreover, the economic feasibility calculation has been
performed by applying the life cycle cost (LCC) analysis.

3.1. Hydrogen Refuelling Stations Plants: Energy Results

The developed simulation models, based on thermochemical and electrochemical
equations (see Appendix A), have allowed performing mass and energy balances of the
proposed HRS configurations.

In Table 1, the sizes and the operational data of each plant section and component used
in the proposed four HRS configurations are listed. It can be noticed that the B2H_SOFC
plant has the highest electric power consumption and, therefore, the power unit has the
largest size (151.6 kW). As a matter of fact, in this case, because the hydrogen content in the
syngas is low (39.6 vol%), the operating pressure of the membrane must be higher than
in the ones assumed in the ammonia-based configurations (8.0 bar vs. 4.2 and 3.7 bar for
NH3_SOFC and NH3_PEMFC, respectively); thus, the size of the compressor C1 is the
largest (73 kW vs. 27 kW and 23 kW for the NH3_SOFC and NH3_PEMFC, respectively).
The configurations based on the ammonia that use different fuel cell technologies are quite
similar in terms of electric power consumption.

Table 1. Characteristics of the main components for each plant section.

Configuration NH3_SOFC NH3_PEMFC B2H_SOFC H2O_PV

Power Production Section (PPS)

SOFC
power module

PEMFC
power module

SOFC
power module

PV
power module

Number of Power Modules 4 4 5 16,704

Stacks number 3 3 2 -

Fuel Cells number x stack 61 131 83 -

Fuel Cell Active area (cm2) 500 400 500 -

Stacks Temperature (◦C) 680 65 800 -

H2 utilization factor—UF 0.227 0.800 0.789 -

Fuel Cell voltage@current density
(V@A/cm2) 0.564/0.500 0.645/0.244 0.720/0.507 -

Total Electric power (kW), DC 103.3 98.9 151.6 4176

Inverter efficiency (%) 95 95 95 95

Hydrogen Production Section

ATR temperature (◦C) - - 767 -

S/B (mol/mol); O/B (mol/mol) 1.2;0.36

Cracking temperature (◦C) 550 - - -

Electrolyzer number modules - - - 9

Electrolyzer pressure - - - 10
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Table 1. Cont.

Configuration NH3_SOFC NH3_PEMFC B2H_SOFC H2O_PV

Electrolyzer size (kW) - - - 1064

Electrolyzer efficiency
(kWh/Nm3) 5.1

Hydrogen Separation Section

Pd-Membrane

Hydrogen Recovery Factor, HRF 0.8 0.8 0.74 -

Feed side pressure (bar) 4.2 3.7 8.0 -

Permeate side pressure (bar) 1.1 1.1 1.1 -

Operating Temperature (◦C) 400 400 400 -

Hydrogen Permeability (m3 m−1

s−1 Pa−0.5) 1.40 × 10−8 1.40 × 10−8 1.40 × 10−8 -

Modules Number 10 10 13 -

Module Tubes Number 51 51 53 -

Tube thickness (m2) 9.0 × 10−6 9.0 × 10−6 9.0 × 10−6 -

Tube area (m2) 0.0340 0.03403 0.0340 -

Compressor C1 -

Pressure ratio 4.2 3.7 8 -

Electric power (kW) 27 23 73 -

Hydrogen compression, storage
and distribution Section

Compressor C2

Pressure ratio 5.0 -

Polytropic efficiency 0.8 -

Electric power (kW) 19.1 -

Ionic compressor IC

Pressure ratio (storage pressure) 180 (900 bar)

Electric power (kW) 52.1

In the H2O_PV configuration, the size of the PV plant is calculated by considering
the single module electric energy production (see Figure 5) and by evaluating the annual
electric energy required according to the assigned electricity mix and the electrolysis unit
electricity consumption. Thus, the PV plant requires several installed kilowatts of panels
(16,704) with a peak power of 4.18 MW.

Finally, the hydrogen compression, storage, and distribution section are the same for
all the HRS configurations. The size of the ionic compressor is equal to 52.1 kW. In the
fuel-based configurations, an additional compression stage (19.1 kW) is required before the
ionic compression unit (the hydrogen must be compressed to 5 bar that is the minimum
feeding pressure).

In Table 2, the annual overall performances of the proposed HRS configurations are
summarized. The operation time is assumed to equal 8000 h, corresponding to plant
availability of 91%. For the H2O_PV plant, the annual sharing of electricity supply by the
grid is 50% (4463.5 MWh/year). The grid-connected operation compensates for the PV
electricity deficit and delivers the PV electricity excess to the grid. Moreover, as previously
mentioned, the PV electricity excess is yearly balanced by the PV electricity deficit.
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Table 2. Annual performances of the proposed HRS plants with a hydrogen capacity of 150 t/year.

Configuration NH3_SOFC NH3_PEMFC B2H_SOFC H2O_PV

Hydrogen Source Ammonia Ammonia Biogas Water

Hydrogen source mass flow
rate (t/year) 1367.0 1384.8 2322.4 186.7

Energy Input (MWh/year) 6911 7001 11,418 8927

Electric power consumption
(MWh/year) 826.4 791.2 1212.8 8927

HPEF (%) 72.4 71.4 43.8 56.0

The two ammonia-based configurations show similar performances in terms of hydro-
gen production energy efficiency (greater than 71%), whereas the worst value regards the
B2H_SOFC configuration (43.8%). This result is due to the high amount of thermal energy
(Q1 and Q2 in Figure 4) available from the plant, amounting to 474 kW, exploited neither
from an energy point of view nor from an economic point of view.

3.2. Hydrogen Refuelling Stations Plants: Economic Results

The economic feasibility analysis has been performed by estimating the levelized
cost of hydrogen (Equations (2)–(5)) and evaluating the main indexes of the LCC analysis
(Equations (6)–(11)). The following assumptions have been assumed:

(i) plant lifetime equal to 20 years;
(ii) green ammonia price and biogas price equal to 450 EUR/ton [29] and 0.249 EUR/Nm3 this

value is derived from [30] by using a conversion factor USD to EUR of 0.89, respectively;
(iii) water price due to a fixed annual fee equal to 18.12 EUR/year and the variable share

equal to 1.006 EUR/m3 [31];
(iv) hydrogen selling price equal to the current value of 10.66 EUR/kg [32];
(v) average purchasing and remuneration electricity prices equal to 119 EUR/MWh and

50 EUR/MWh, respectively [33,34].

Figure 7 shows the annualized investment costs (Cinv,a), the annualized replacement
costs (Crep,a), the yearly operating costs (CO&M ) and the LCOHs.

It is worth noticing that the LCOH ranges from 6.28 EUR/kg to 7.92 EUR/kg, and
the configurations showing the lowest LCOHs are those based on ammonia. In partic-
ular, the smaller value (6.28 EUR/kg) is obtained for the NH3_PEMFC configuration
(6.89 EUR/kg is the calculated value for the NH3_SOFC plant) because the fuel cell
technologies, PEMFC and SOFC, are quite different in terms of investment and replace-
ment costs. The calculated Cinv,a and the Crep,a are higher for the NH3_SOFC configu-
ration than the NH3_PEMFC configuration (219.4 kEUR/year and 88.8 kEUR/year vs.
177.8 kEUR/year and 52.4 kEUR/year). On the other hand, the CO&M values are close
together (725.7 kEUR/year vs. 712.1 kEUR/year, for the NH3_SOFC configuration and
NH3_PEMFC configuration, respectively).

The B2H_SOFC configuration shows an LCOH (7.29 EUR/kg) close to that of NH3_SOFC,
even if the cost distribution is quite different (in this case, the replacement cost is higher
(132.1 kEUR/year).

As expected, the H2O_PV configuration is characterized by the highest LCOH
(7.92 EUR/kg). This is due to the investment cost Cinv,a (the incidence is 62%) and the oper-
ational and maintenance cost CO&M (35%) that have the highest values (450.5 kEUR/year
and 776.9 kEUR/year). Contrary, this configuration shows the lowest value for the replace-
ment cost (36.7 kEUR/year) because, during the plant lifetime, no replacement of the PV
panels is needed.
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Analyzing Figure 8, it can be noticed that the most expensive component in the fuel-
based (ammonia and biogas) configurations is the ionic compressor (its cost ranges from
29% to 49% of the total CAPEX), while in the H2O_PV plant, the highest incidence cost is
due to the PV modules (59%). With referring to the fuel cell power unit, the capital cost of
the SOFC units has a significant impact (26% and 29% in the NH3_SOFC and B2H_SOFC
configurations, respectively), whereas, in the NH3_PEMFC configuration, the incidence of
the PEMFC unit capital cost is very low (5%).

Referring to Figure 9, the main contribution on the OPEX is due to the hydrogen
sources (ammonia and biogas) in the fuel-based configurations (83%, 88% and 73% for
NH3_SOFC, NH3_PEMFC and B2H_SOFC, respectively), whereas, in the H2O_PV plant
configuration, the cost of the purchased electricity (the PV is sized to supply the 50% of the
electric energy needed for the HRS operations) has the largest weight (80%).

Finally, the economic indexes of the LCC analysis have been reported in Figure 10.
It is worth noticing that the profitability index is greater than 1.0, demonstrating a high

investment’s attractiveness for each configuration. In particular, the NH3_PEMFC based
configuration shows the best performance, reaching a value of 4.76, whereas the H2O_PV
plant has the smallest value due to the highest Cinv,a and the CO&M (Figure 7). From the
Discounted Pay Back Time perspective, the fuel-based configurations show remarkable
results, with values less than seven years (the DPBT ranges from 4.5 to 6). The NH3_PEMFC
based configuration is the best solution, demonstrating that it can return on the initial
investment after only three-and-a-half years. The internal rate of return reaches high values
in all the investigated solutions, ranging from 40 to 83%.
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4. Literature Comparison

The obtained results have been compared with those available in the scientific literature
concerning the LCOH for small on-site hydrogen refuelling stations. The comparison,
illustrated in Table 3, has been performed considering different hydrogen production
capacities, different hydrogen sources, and different adopted technologies.

Table 3. Comparison of results with literature data.

H2 Capacity
(kg/day) H2 Source H2 Production

Technology
Power Unit
Technology LCOH (EUR/kg) Ref.

125 Water Electrolysis Wind-PV battery 7.94 [14]
125 Water Electrolysis Wind-battery 9.86 [14]
25 Water Electrolysis PV-PEMFC 8.13 [15]
25 Water Electrolysis Wind-PEMFC 5.97 [15]
125 Water Electrolysis Wind-grid 5.64 to 7.98 [17]
60 Water Electrolysis Hydro-grid 9.2 to 15.7 [18]
200 Water Electrolysis PV-grid 9.29 [23]
450 Water Electrolysis PV-grid 7.92 This work
70 Ammonia Cracking/PSA - 8.06 [19]
200 Ammonia Cracking/Pd-Mem PEMFC 7.35 [21]
100 Ammonia Cracking/Pd-Mem SOFC 9.78 [10]
450 Ammonia Cracking/Pd-Mem PEMFC 6.28 This work
450 Ammonia Cracking/Pd-Mem SOFC 6.89 This work
100 Biogas SR/WGS/PSA * Grid 5.0 [20]
100 Biogas ATR/WGS/PSA * Grid 7.2 [20]
100 Biogas ATR/WGS/Pd-Mem SOFC 11.23 [22]
450 Biogas ATR/WGS/Pd-Mem SOFC 7.25 This work

* Dispensing not included.

It is worth noticing that the LCOH for the water electrolysis-based plants ranges
from 5.64 to 15.7 EUR/kg according to the different employed hydrogen production
technologies. The LCOH value (7.92 EUR/kg) calculated in this work is in good accordance
with these data.

Regarding the hydrogen production from ammonia, the LCOHs estimated in this
study (6.28 EUR/kg and 6.89 EUR/kg) are lower than that found in [19] (8.06 EUR/kg). In
the case of biogas as a hydrogen source, the proposed plant configuration allows having an
optimal LCOH value in comparison with the ones found in [20], where the dispensing unit
is not accounted for. Finally, by comparing the obtained results with the authors’ previous
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papers, it is demonstrated that lower values of LCOH for each analyzed configuration are
reached, thanks to the increasing plant capacity and the updating of the components’ costs.

5. Conclusions

In this work, a techno-economic assessment of on-site small hydrogen refuelling sta-
tions (450 kg/day of H2) based on different hydrogen sources (biogas, ammonia, and water)
and power production technologies (autothermal reforming, cracking, and electrolysis) has
been performed. The electric energy demands of the HRSs are satisfied by using the fuel cell
technology (PEMFC and SOFC) and the PV grid-connected power plant. The energy and
mass balances of the plants have been carried out using numerical models developed in the
Aspen Plus environment. Each plant model has been built using existing operation blocks
(available in the library). Specific components (i.e., SOFC and PEMFC power modules,
Pd-membrane unit ionic compressor unit) have been modelled using Hierarchy blocks
and implementing specific Fortran block calculators. The technical analysis results have
highlighted that the B2H_SOFC plant has the highest electric power consumption and,
therefore, the power unit has the highest size (151.6 kW). The two configurations based
on the ammonia are quite similar in terms of electric power consumptions (103.3 kW and
98.9 kW for the NH3_SOFC and NH3_PEMFC, respectively). The H2O_PV plant requires
several installed kilowatts of panels (4176 kW) because the electricity is required to produce
hydrogen using the electrolysis process.

Regarding hydrogen production energy efficiency, the two ammonia-based configu-
rations show similar performances (greater than 71%), whereas the worst value regards
the B2H_SOFC configuration (43.8%). The economic feasibility has been performed by
calculating the LCOH and applying the life cycle cost (LCC) analysis. Results have pointed
out that the LCOH ranges from 6.28 EUR/kg to 7.92 EUR/kg, and the configurations
showing the lowest LCOHs are those based on ammonia. In particular, the smaller value
(6.28 EUR/kg) is obtained for the NH3_PEMFC configuration (6.89 EUR/kg is the calcu-
lated value for the NH3_SOFC plant) because the fuel cell technologies, PEMFC and SOFC,
are quite different in terms of investment and replacement costs. Finally, the economic
indexes of the LCC analysis have been estimated. The calculated profitability indexes are
greater than 1.0, demonstrating a high investment’s attractiveness for each configuration.
The best performance is achieved by the NH3_PEMFC based configuration (4.76), whereas
the H2O_PV plant has the smallest value (1.92). From the discounted payback time point
of view, the fuel-based configurations are characterized by the most remarkable results,
with values that range from 4.5 to 6. The internal rate of return has high values, ranging
from 40 to 83% for the investigated solutions.

In conclusion, by comparing the obtained results with the authors’ previous papers, it
is demonstrated that lower values of LCOH for each analyzed configuration are reached,
thanks to the increase in the plant capacity and the updating of the components’ costs.
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Appendix A

The models of the plant configurations have been developed in the Aspen Plus™
environment by following a modular architecture in which each submodel is conceived as
a plant section that interacts with components using mass and energy fluxes.

Thermochemical reactors are simulated by assuming the chemical equilibrium solved
by minimising the Gibbs energy method. The thermodynamic equilibrium approach is
one of the most common strategies used to investigate thermo-chemical catalytic processes
(reforming, gasification) because of the lack of kinetic data for the occurring reactions. The
obtained results in fuel conversion were in very good agreement with experimental data
available in the literature [35,36].

Table A1 summarizes the main characteristics of the unit operator blocks used for
simulating each component of the proposed plant configurations.

Table A1. Details on the unit operation blocks used for modelling the components of the plants.

Plant Components Submodel Description

Reforming reactor (ATR)
Water Gas Shift reactor

(WGSR)
Cracking reactor
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These chemical rectors use the RGibbs unit operation block, where the chemical equilibrium is solved
by a non stoichiometric approach based on the minimization of the Gibbs energy.
In the ATR reactor dry reforming (due to the presence of CO2 in the biogas), steam reforming and
partial oxidation processes are combined, and the thermal balance between the endothermic and
exothermic reactions is satisfied by adequately selecting the steam to biogas ratio (S/B) and the
oxygen to biogas ratio (O/B).
The water-gas shift reactor allows increasing the amount of hydrogen in the syngas using the reaction
between CO and H2O. In this component, the CH4, eventually present in the inlet stream, is assumed
as inert.
In the cracking reactor, the ammonia is decomposed into hydrogen and nitrogen. The assumed
conversion is 99.7%, as in [36].

Heat exchangers (HXs)
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The heat exchanger HeatX can model various shell and tube heat exchanger types. The equations are:

Q =
.

mcold·∆hcold (A1)

Q =
.

mhot·∆hhot (A2)

Q = U·A·LMTD (A3)

with U (kW/m2 K), A (m2) and LMTD that are the heat transfer coefficient, the heat exchange area,
and the log-mean temperature difference, respectively.

Compressor ©
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The compression power is estimated through pressure changers operation blocks by fixing the
discharge pressure or the pressure ratio and assigning the isentropic or polytropic efficiency. The
compression power is calculated as:

WC =
.

mstream·cp,stream·Tin·
[(

pout
pin

) k−1
k ·

1
ηpol − 1

]
(A4)

In this Equation, k is the isentropic exponent, in and out pedeces denote the initial and final
conditions, ηpol is the polytropic efficiency.

Catalytic burner
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The catalytic burner is simulated through the RStoic reactor in which the stoichiometry of the
reactions set is assigned. The considered combustion reactions regard the CO, CH4, and H2:

CO + 0.5O2 → CO2

CH4 + 2O2 → 2H2O + CO2

H2 + 0.5O2 → H2O

Cooler
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The cooler is simulated using a heater block, where the input parameter can be the final temperature
or the exchanged thermal power. The thermal power available is estimated as:

Q =
.

mstream·cp,stream·(Tout − Tin) (A5)
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The SOFC unit, the PEMFC unit, the Electrolyzer unit, the Pd-Membrane, and the ionic
compressor cannot be modelled using the software library; therefore, specific user-defined
blocks have been built, and Fortran calculator blocks have been implemented to estimate
their performances. The descriptions of these blocks are presented in Table A2.

Table A2. Details on the Hierarchy blocks.

SOFC unit (SOFC)
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SOFC

HIERARCHY

PEMFC

HIERARCHY

ELUNIT

HIERARCHY

PD-MEM

The SOFC unit is modelled using a detail developed in [37]. The model can estimate cell
performances under various operating conditions.
The thermochemical reactions like reforming and shifting that can occur in the anodic compartment
as well as the electrochemical reactions are solved utilizing library components (RStoich and RGibbs
for the anodic compartment, Sep for the cathodic compartment, and thermal mixer and splitter for
heat balancing), and calculator blocks where the fuel cell governing equations are considered (i.e.,
overpotentials, Nernst equation and Faraday’s law).
The stack voltage results:

Vstack = fstack·ASRcell·
I

Acell
·ncell (A6)

where the fstack is a stack loss factor [37], and the ASRcell (the specific resistance of the cell area) can
be evaluated as:

ASRcell =
ηact,cat + ηact,an + ηohmic + ηcon,an + ηcon,cat

I
·Acell (A7)

where ηact,an and ηact,cat are the activation overpotentials for the electrodes, ηohmic is the ohmic
overpotential, ηcon,an and ηcon,cat are the electrodes overpotentials due to mass transfer limitations.
The stack electric power is:

Wstack = Vstack·I·ncell (A8)

PEMFC unit (PEM)
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The PEMFC unit is modelled using the Equation suggested by Kim et al. [38]:

Vcell = V0 − b· ln(J)− R·J−m· exp(−n·J) (A9)

The equation parameters have been estimated through available experimental data on a water-cooled
PEMFC unit. The produced electric power is defined taking into account the number of both cells
and stacks as well as voltage and current:

Wel,PU = Nstack·ncell·Vcell·I (A10)

Electrolyzer unit (ELUNIT)
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This component is modelled by integrating an RStoich reactor (for the water decomposition), a SEP
component, mixers, and splitters for accounting for the water utilization factor [39]. Moreover, a
calculator block has been used for assessing the cell voltage [39]:

Vcell = V0 + b· ln(J) + R·J + m· exp(−n·J) (A11)

The required electric power for the electrolyzer operation is:

Wel,EU = Nstack·ncell·Vcell·I + Waux (A12)

In this Equation, the auxiliaries power consumption (Waux) is evaluated as the percentage of the
rated power.
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The simulation model consists of a separator block and a Fortran calculator block (for implementing
the governing equations), as detailed in [40].
The molar flow rate of the permeated hydrogen (mol/s) is:

nH2,perm = JH2,perm·Aperm = NmNt·Aperm,tube (A13)

where JH2,perm is the hydrogen permeation flux [11], Aperm (m2) is the permeation area, Aperm,tube is
the single tube permeation area, Nm is the modules number, and Nt is the number of tubes in
each module.
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The model of ionic compressor has been developed, taking into account its operations close to the
isothermal conditions. For this reason, five adiabatic compression stages with intermediate cooling
(heat exchangers are used) have been considered as widely detailed in [41]. The stage compression
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In this Equation, k is the isentropic exponent, in and out pedeces denote the initial and final
conditions, ηpol is the polytropic efficiency (91%).
The total power consumption is:

WIC = ∑
i

Wi + Wcooling (A15)

where Wcooling is the electric power consumption of the refrigerator needed to cool the hydrogen.

Appendix B

Cost Data Assumption

The cost of each component has been defined taking into account the values suggested
by the technical literature. The first part of the dataset defines the capital expenditure
(CAPEX), which includes the capital investment for each plant’s component. Afterwards,
the operating and maintenance expenditure (OPEX) have been defined as a proper percent-
age of the initial investment cost of each component. Finally, the Replacement Expenditure
(REPLEX) has been considered for the components which wear out during the plant lifetime.
Table A3 summarizes the costs selected from the recent literature. Table A4 lists the total
CAPEX, the OPEX and the REPLEX for each studied plant configuration.

Table A3. Costs of the components used in the proposed configurations.

Component Ref. Investment Cost O&M Cost *

Specific value Specific value

SOFC [42] 8300 (EUR/kW) 5.5%

PEMFC [42] 1330 (EUR/kW) 5%

PV module [43] 950 (EUR/kW) 1.6%

Electrolyzer [44] 1100 (EUR/kW) 2%

Cracker Unit [21] 132 (kEUR) 3%

ATR [11] 450 (kEUR) 4%

Compressor [45] c = 36, 079.54·W0.6038 ** (EUR) 8%

Pd-Membrane [11] 7991 (EUR/m2) 2.7%

Ionic Compressor (incl.storage&refrigerator) [46] 648.1 (kEUR) 2%

Water system (incl.pumping&purification) [47] 7.8 (kEUR) 3%

Dispenser [48] 65 (kEUR) 3%

Heat Exchanger [10] 14.5 (kEUR)

Auxiliaries [11] 162 (kEUR) -

NH3 cost [29] - 450 (EUR/ton)

Biogas [30] - 42.2 (EUR/MWh)

Water [31] - 1.006 (EUR/m3)

Electricity [33] - 119 (EUR/MWh)

* It is calculated as the proper percentage of each component initial investment cost. ** W is the compressor
size (kW).
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Table A4. Total CAPEX, OPEX and REPLEX for each proposed plant configuration.

Configuration NH3_SOFC NH3_PEMFC B2H_SOFC H2O_PV

CAPEX (kEUR)
SOFC 857.4 - 1259.1 -

PEMFC - 131.5 - -

PV module - - - 3967.2

Electrolyzer - - - 1170.4

Cracker Unit - 132.1 - -

ATR - - 450.0 -

Compressor C1 263.9 239.6 481.2 -

Compressor C2 214.2 214.2 214.2 -

Pd-Membrane 137.2 137.2 185.4 -

Ionic Compressor (incl.storage & refrigerator) 1296.2 1296.2 1296.2 1296.2

Water system (incl.pumping & purification) - - - 7.8

Dispenser 260.0 260.0 260.0 260.0

Heat Exchanger 72.5 72.5 72.5 -

Auxiliaries 162.0 162.0 162.0 -

Total 3263.4 2645.3 4380.6 6701.6

OPEX (kEUR)

Fuel 600.7 625.7 481.8 659.4

Water - - - 1.5

SOFC 47.2 - 69.3 -

PEMFC - 6.6 - -

PV module - - - 62.7

Electrolyzer - - - 23.4

Cracker Unit - 3.9 - -

ATR - - 13.6 -

Compressor C1 21.1 19.2 38.5 -

Compressor C2 17.1 17.1 17.1 -

Pd-Membrane 3.7 3.7 4.9 -

Ionic Compressor (incl.storage&refrigerator) 25.9 25.9 25.9 25.9

Water system (incl.pumping&purification) - - - 0.1

Dispenser 7.8 7.8 7.8 7.8

Heat Exchanger 2.2 2.2 2.2 -

Total 725.7 712.1 661.1 780.8

REPLEX (kEUR)
SOFC * 343.0 - 503.6 -

PEMFC ** - 56.5 - -

Electrolyzer - - - 468.2

Catalyst 54.0 54.0 -

Compressor C1 263.9 23.6 481.2 -

Compressor C2 214.2 214.2 214.2 -

Water system (incl.pumping&purification) - - - 7.8

Dispenser 260.0 260.0 260.0 260.0

Total 1081.1 608.3 1513 736

* The replacement cost for the SOFC is assumed as 40% of the initial investment since only the stack has to be
replaced. ** The replacement cost for the PEMFC is assumed as 43% of the initial investment since only the stack
has to be replaced.
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