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Abstract 

The acceleration of the green energy transition has reinforced the importance of reliable, 
cost-effective hydrogen production technologies. Alkaline water electrolyzers (AWEs) 
have become a critical option due to their lack of requirement of platinum group metals, 
as well as their scalability; however, the materials, geometry, and operating conditions 
used must be comprehensively evaluated alongside electricity costs. This study presents 
an approach that directly integrates a COMSOL-based electrochemical polarization model 
with a techno-economic module and validates the results against published U–J curves 
and 2024 public LCOH ranges. The scans across the 25 kW–10 MW range show that tem-
perature and separator porosity are the most powerful factors affecting performance; nar-
row cell gaps significantly reduce ohmic losses, and the electrolyte concentration provides 
limited additional benefit beyond a certain threshold. KOH outperforms NaOH under 
most conditions, but the difference between the two electrolytes narrows as temperature 
increases. Economic analyses confirm that electricity price is the dominant determinant of 
LCOH; levels of 4–5 $·kg−1 are achievable at the MW scale, while high-cost scenarios reach 
7–10 $·kg−1. In conclusion, the study provides a validated and scalable framework for the 
joint optimization of AWE design and operation. 

Keywords: alkaline water electrolysis; techno-economic analysis; polarization modelling; 
ohmic loss reduction; electrolyzer design optimization; levelized cost of hydrogen 
(LCOH); zero-gap cell architecture 
 

1. Introduction 
Global primary energy demand is projected to increase by an average of 1.3 percent 

annually by 2040, driven by sustainable economic growth, population growth and 
technological developments [1]. Despite efforts to diversify sources, oil, natural gas and 
coal are expected to remain dominant in supply until at least 2050 [2]. The intensive use 
of fossil fuels in energy production and chemical processes accelerates climate change and 
deepens environmental impacts through CO2, NOx, VOC and particulate matter emissions 
[3]. The increasing demand for fuel and the limited availability of fossil fuels have made 
the development of clean, environmentally friendly alternatives an urgent necessity [4]. 
In this context, hydrogen stands out as a strategic option in energy conversion due to its 
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high specific energy content (HHV ≈ 39.42 kWh·kg-1; ≈120 MJ·kg-1) and strong integration 
potential with different sectors [5,6]. 

Hydrogen production is grouped into two main categories: traditional methods 
(SMR, naphtha/petroleum reforming and coal gasification) and electrolysis-based 
methods [7–9]. Fossil fuel-based methods are environmentally disadvantageous due to 
their high emission profiles [8,9]. In contrast, water electrolysis enables on-site, low-
emission production by splitting water into H2 and O2 using electrical energy. In recent 
years, the anion exchange membrane (AEM) approach has been added to the three mature 
technologies of solid oxide electrolysis (SOE), alkaline water electrolysis (AWE) and 
proton exchange membrane (PEM) electrolysis [10,11]. 

Among electrolysis technologies, AWE serves as a rational reference point for 
research-focused studies due to its maturity level, material availability, and cost base. 
Operating at approximately 70–90 °C and mostly at atmospheric pressure, AWE cells can 
produce high-purity hydrogen with KOH electrolytes and nickel-based electrodes that do 
not require platinum group metals; the typical cell voltages are 1.8–2.4 V and the energy 
consumption is in the 5–6 kWh·Nm−3 range. Thanks to commercial porous separators (e.g., 
Zirfon-class polysulfone/PPS-based diaphragms) and long-lasting stack architectures, 
stable operating lifetimes of tens of thousands of hours are achieved, while the stack costs 
are lower than those of PEM. Although PEM electrolyzers can operate at higher current 
densities, they rely on expensive noble metal catalysts and ionomer membranes; AEMs 
still exhibit limited durability and maturity and SOEs are constrained by high temperature 
and capital requirements. In this context, AWE provides a suitable platform for this study, 
which targets performance–cost optimization by offering an advantageous foundation in 
terms of scalability and total cost of ownership [12–16]. 

Among these studies, AWE offers a cost-effective solution for large-scale hydrogen 
production with technological maturity, durability, and a material option that does not 
require platinum group metals [17,18]. A typical AWE cell operates at 60–90 °C and <30 
bar conditions, with two Ni-based electrodes separated by a porous separator in an 
aqueous KOH electrolyte [19]. AWE systems have found applications in a wide range of 
fields, including energy production, semiconductor and flat panel manufacturing, 
thermal processing and analytical laboratories; they have also found new uses as an 
alternative carrier to helium in gas analyzers and as a fuel source in flame detectors [20,21]. 
The integration of AWE with renewable (PV and wind) sources is particularly important 
for balancing intermittent production and supplying carbon-free hydrogen [22]. 

The key factors determining AWE performance are temperature, pressure, 
electrolyte (KOH) concentration and conductivity, electrode–separator distance, current 
density, bubble formation/suppression and cell architecture. The literature shows that 
increasing temperature reduces the reversible voltage, thereby decreasing cell voltage at 
certain current densities and increasing efficiency; however, in some cases, parasitic 
currents can limit the Faraday efficiency [23,24]. It has been reported that a KOH 
concentration range of 30–50% minimizes ohmic losses [23] and that conductivity peaks 
at 34–38% KOH [25]. Reducing the electrode/separator distance (zero-gap approach) 
reduces ohmic losses; ~0.4 mm has provided the minimum cell voltage under certain flow 
conditions [25,26]. Bubble dynamics and electrode surface coverage affect mass transfer, 
particularly at current densities > 0.1 A·cm−2 [27]. Pressure increases can reduce bubble 
sizes and lower ohmic resistance; however, adverse effects on purity and some efficiency 
metrics may be observed. 

Modelling and experimental studies in the field of AWE have systematized design 
and operational strategies aimed at performance enhancement. Early-stage dynamic and 
system-level approaches based on SIMELINT and TRNSYS software (software versions 
not specified in the cited studies) have enabled the prediction of cell voltage, gas purity, 
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and thermal behavior under variable power feed conditions [28–30]. Experimental–
empirical studies have shown that (i) temperature affects hydrogen production and yield 
(plateauing at approximately 50 °C) [31], (ii) pressure increases can elevate the total 
energy consumption under certain conditions [32], (iii) safe and agile operation with 74–
83% efficiency is achievable under wind–PV conditions [33], (iv) heat losses can be 
reduced by 50–67% with converter design [34] and (v) model/reality mismatches can be 
kept at ≈2% in voltage and ≈0.9% in production [35]. Advanced cell architectures and 
separator selection have reduced cell voltage to the 1.7–2.2 V range [36]; ambient 
temperature operating scenarios have reported up to 12% increases in voltage efficiency 
and up to ≈6.3-fold reductions in corrosion. More recent studies have validated the 
conductivity peak (~94.5 S·m−1 @ 32% KOH; 50 °C) [37] and quantified parameter effects 
(T, p, KOH, current density and electrode spacing) using MATLAB/SIMULINK (v7.0) and 
Aspen Plus (v8.0) [38,39], and reported efficiency in the range of 77–78.6% in PV/wind 
emulations [40]. 

Alongside performance, thermoeconomic assessments form the second axis 
determining AWE competitiveness. It has been reported that hydrogen cost can vary 
between 3–15 €·kg-1 depending on electricity consumption; specific energy consumption 
is ≈4–7 kWh·Nm−3, and CapEx ranges from 1000–5000 $·kW−1 depending on capacity [41]. 
Approaches such as ambient temperature operation can reduce the cost from 13.61 £·kg−1 
to £11.13·kg−1 while reducing electrode corrosion by 2–6 times [42]. Country/region 
comparisons have detailed investment costs (~990–1020 €·kW−1), electricity consumption 
(≈53.9 kWh·kg−1) and private/social LCOH metrics [43]. While the typical CapEx for AWE 
is reported in the range of 600–1200 $·kW−1 and LCOH in the range of 4.5–6 $·kg−1 [44], the 
learning effect, automation and low/renewable electricity prices have been shown to 
aggressively reduce costs (to 0.29 $·kg−1 in the best-case scenario) [45]. The CapEx at 100 
MW+ scales is projected to stabilize in the 320–400 $·kW-1 range by 2030, consistent with 
an approximate 25% learning rate [46]. The estimates of 397–940 $·kW−1 and an 
approximate learning rate of 18.8% for 2030 also support this trend [47]. Current 
assessments report a CapEx of $500–1331 per kWe, OpEx ≈ 2% CapEx and LCOH of 2.09–
2.66 $·kg−1 [48]. Reports of 200–360 kg·h−1 production and 60–82% efficiency (in HHV/LHV 
terms) with 16–20 MW class systems in industrial applications demonstrate the scalability 
and maturity of AWE [49–52]. However, the majority of the existing literature either 
focuses solely on electrochemical performance or bases its techno-economic analyses on 
empirical coefficients. Most models fail to establish a direct relationship between the 
internal cell potential distribution and cost components, and therefore cannot explain, on 
a physical basis, the effects of parameter changes (e.g., temperature, gap distance and 
electrolyte concentration) on LCOH. Furthermore, approaches that do not include model–
experiment comparisons limit the reliability of numerical results. This situation 
complicates the simultaneous optimization of AWE systems in terms of both performance 
and cost, and highlights the lack of integrated tools that would provide decision support 
at the engineering scale. 

In recent years, integrated modelling approaches that simultaneously address the 
technical and economic performance of alkaline electrolyzer systems have become 
increasingly prevalent. A significant portion of this research represents the electrolyzer 
stack and balance-of-plant (BoP) systems in process simulation environments such as 
Aspen Plus, enabling LCOH calculations based on system-level mass–energy balances 
[53]. However, these approaches often fail to explicitly analyze the sensitivity of the 
internal cell potential distribution, ionic conduction pathways, and ohmic losses to 
geometric and material-based parameters. Consequently, the effects of fundamental 
design variables, such as temperature, electrode–separator distance, separator porosity 
and electrolyte properties, on LCOH are reflected indirectly through empirical coefficients 
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rather than physical principles. This study aims to establish a parametric and traceable 
performance–cost relationship by presenting a framework that directly translates 
physically resolved electrochemical outputs at the cell level (polarization curves and 
ohmic losses) into technical–economic calculations. Throughout this study, the term 
electrode–separator distance is used to describe the ionic transport path length between 
the electrode surface and the separator. 

In the literature, there are a limited number of integrated modelling approaches that 
address the performance and cost behaviour of alkaline water electrolyzers together. A 
significant portion of these studies have derived mass–energy balances at the system level 
by representing the electrolyzer stack and balance-of-plant (BoP) together in process 
simulation environments such as Aspen Plus; they then aimed to arrive at indicators such 
as LCOH using cost functions or economic analysis modules [54]. Similarly, recent studies 
have reported examples where Aspen Plus-based setups, combined with tools like Aspen 
Economic Analyzer, have been used to produce technical–economic results based on 
equipment costs and scaling effects [55]. However, a common limitation of existing 
approaches is that the performance–cost relationship is mostly established at the system 
level, and the sensitivity of physical processes such as intra-cell ionic transport/potential 
distribution to design variables such as electrode–separator distance, separator porosity 
and electrolyte properties is often not directly addressed. This study aims to establish a 
consistent and parametric link from performance parameters to LCOH by directly 
transferring physically resolved electrochemical outputs at the cell level into a technical–
economic framework. 

This study presents an integrated and reusable framework that combines simulation-
based performance analysis with techno-economic optimization for alkaline water 
electrolyzers. COMSOL-based polarization curves and parametric analysis results 
(temperature, electrode–separator gap, separator porosity, electrolyte concentration and 
type) were matched with the cost model developed in the EES environment and examined 
within the scope of cell/stack geometry and operating window. CapEx–OpEx separation 
and LCOH calculations were supported by module- and system-scale factors derived 
from supplier data, providing a numerical, fast and portable tool for reliable cost 
estimation and design decisions across scales. The novelty lies in coupling a 
parametrically validated COMSOL electrochemical model with a modular EES cost 
model, enabling the scale-dependent optimization of AWE systems across both 
performance and economics. This study aims to address these shortcomings in existing 
approaches. The COMSOL-based physical polarization model has been tested against 
validated experimental data, and the results obtained have been directly integrated into 
the techno-economic calculation module. Thus, performance, cost and energy efficiency 
across different scales have been correlated within a single framework, resulting in the 
development of a reliable, transparent and scalable decision support tool for engineering 
applications. In this respect, the study eliminates the classical distinction in the literature 
(performance vs. economy) methodologically and provides a holistic perspective on AWE 
optimization. Table 1 clarifies the novelty and significance of the proposed framework by 
summarizing, in a comparative manner, the limitations of standard approaches in the 
literature and how this study addresses them. 

Table 1. The limitations of existing AWE models in the literature and the innovative contributions 
of this study. 

Approach Common Limits in the Literature Contribution of This Study 
Empirical/semi-empirical techno-economic 

models 
Not physically based; no connection to U–J curve data 

Electrochemical model directly integrated into 
LCOH calculation 

Only electrochemical simulations 
Economic effects and scale changes are not taken into 

account 
Parametric performance data is combined with 

the cost model 
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Unverified models in the literature 
No experimental comparison is made; reliability is 

low 
The model is verified with published U–J curves 

and LCOH bands 

2. Methods and Modelling 
In this study, a two-stage modelling approach was developed to investigate the 

performance–cost relationship of alkaline water electrolyzers. In the first stage, an 
electrochemical model was created to determine the potential distribution, current 
density, and overpotential components at the cell level; in the second stage, the results 
obtained were correlated with cost and scale factors to calculate the levelled hydrogen 
cost (LCOH). 

The electrochemical model addresses the three fundamental physical processes in 
alkaline water electrolysis—thermodynamic equilibrium (Nernst equation), charge 
transfer kinetics (Butler–Volmer equation) and ohmic resistance (Ohm’s law)—within the 
same framework. These expressions are in the standard forms commonly known in the 
literature [56], and only the main principles have been retained here. 

In this study, ohmic overpotential has been addressed within the framework of the 
classical series resistance approach, but it has been explicitly related to physically 
meaningful design and operating parameters. Accordingly, ohmic overpotential has been 
defined by the following expression: 

ηohm = i · Rohm (1)

Here, Rohm represents the total ionic resistance contribution in the electrolyte–
separator region. It should be noted that Equation (1) is not a fitted empirical correlation 
but a physically derived expression based on Ohm’s law; therefore, no regression 
coefficients or fitting metrics such as R2 are applicable at the equation level. In this study, 
Rohm is expressed as a function of the electrode–separator gap and the effective ionic 
conductivity of the electrolyte/separator medium: 

Rohm = d/σeff(T, C, ε, τ, tsep) (2)

In Equation (2), d denotes the electrode–separator distance, while σeff represents the 
effective ionic conductivity, which depends on temperature (T), electrolyte concentration 
(C) and the structural properties of the separator (separator porosity ε, tortuosity τ and 
thickness tsep). The intrinsic conductivity of the electrolyte, which depends on temperature 
and concentration, has been obtained from empirical relationships reported in the 
literature, and the necessary density–concentration conversions are provided in the 
Appendices for standardization purposes. This parametric expression reveals how 
electrochemical design and operating parameters (d, ε, T and C) shape the polarization 
behaviour through ohmic losses, and enables these effects to be incorporated into LCOH 
calculations via an integrated technical–economic model. 

The polarization expression used in this study is based on the classical series 
connection approach of resistors, which is widely used in the literature. The formulation 
proposed here aims to express the fundamental components determining the ohmic 
overpotential (electrode–separator distance and effective ionic conductivity) in a clear and 
parametric manner, rather than defining a new physical mechanism. Thus, design and 
operating variables such as temperature, electrolyte concentration and separator 
microstructure have been incorporated into the model through direct and physically 
meaningful parameters. This approach preserves the classical Ohmic law framework 
while enabling the consistent transfer of performance outputs to economic analyses. 

The ionic conductivity of KOH and NaOH solutions as a function of temperature and 
concentration has been obtained from empirical correlations defined in the literature 
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[57,58]. Density–concentration conversions and intermediate formulae are provided in 
Appendix A for standardization purposes. 

The model was solved in COMSOL Multiphysics 6.1 software using the Secondary 
Current Distribution approach. The charge transfer at the electrode–electrolyte interfaces 
was calculated using Butler–Volmer kinetics, the equilibrium potentials using the Nernst 
equation, and the current density distribution using the field equations of Ohm’s law. This 
method physically demonstrates the effect of temperature and electrolyte conditions on 
cell voltage. This approach is a quasi-empirical framework that combines mechanistic 
(physical) modelling with empirical generalizations. A multi-physics model derived 
purely from first principles is not preferred here due to solution complexity and data re-
quirements; instead, a reduced formulation based on Butler–Volmer and Ohm’s law is 
calibrated with parameters consistent with experimental observations, balancing accuracy 
and simplicity in terms of engineering calculations. In this model, the equilibrium poten-
tial is typically calculated using the Nernst equation in Equation (8). 

E = E° + (RT/nF) · ln([Ox]/[Red]) (3)

where E is the equilibrium potential, E°the standard electrode potential, n is the number 
of electrons transferred in the reaction, and [Ox] and [Red] represent the concentrations 
of the oxidized and reduced species, respectively. This equation provides equilibrium 
conditions in terms of concentrations for electrode reactions and is often used in conjunc-
tion with Butler–Volmer kinetics. 

The electrolyzer cell was modelled in two dimensions (2D) on COMSOL Multiphys-
ics 6.1. The geometry was deliberately simplified to ensure the consistent and traceable 
application of boundary conditions. As shown in Figure 1, the active surfaces of the elec-
trodes are defined as boundaries (4) and (8), and the hydrogen and oxygen compartments 
are separated by a rectangular separator (2, 6, 9, and 10). In the model representation, the 
electrodes are represented by linear boundaries, the separator by a rectangular area and 
each flow compartment by two rectangles. The lower and upper boundaries are assigned 
as electrolyte inlets (1 and 3) and two-phase mixture outlets (5 and 7), respectively. As the 
electron flow (e−) moves from the cathode (8) to the anode (4) through the external circuit, 
hydroxide ions (OH−) are transported from the anode to the cathode through the separator 
(9–10). The electrical boundary conditions follow: cathode active surface (8) reference po-
tential V = 0, anode active surface (4) applied cell potential V = Ucell (alternatively constant 
current J = const.) and variables T, Cel, ε, and δsep are labelled in the relevant regions. The 
main parameters used in the model and their value ranges are summarized in Table 2. 

In this study, COMSOL Multiphysics was chosen because the Secondary Current Dis-
tribution interface allows conductivity to be defined using analytical functions dependent 
on temperature and concentration, enables parametric scans (T, C, porosity, distance and 
J) to be run in a single session and automatically applies current continuity between ge-
ometry layers. Additionally, it provides stable solver options for ill-conditioned linear 
systems arising at high current densities and easy reproducibility for cross-validation. 
This integrity is critical for the consistent coupling of the electrochemical model with the 
techno-economic module. 

Boundary conditions have been applied in accordance with Figure 1: the cathode ac-
tive surface (8) has been assumed as the reference potential with V = 0 and two operating 
modes have been used for the anode active surface (4): (i) the voltage-controlled mode 
with V = Ucell (Dirichlet) and (ii) the current-controlled mode with n·i = Jset (Neumann). The 
upper boundaries (5 and 7) are electrically no-flux (n·i = 0) boundaries; the lower bound-
aries (1 and 3) are enclosing boundaries and are also electrically n·i = 0 (hydraulic transport 
is outside the scope of this work). The separator region (2, 6, 9 and 10) is modelled as a 
separate domain, with conditions for potential continuity and normal current continuity 
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applied at the separator–electrolyte interfaces. The effective conductivity σeff = σ·εn is de-
fined; δsep, ε, T, and Cel are assigned as field variables in the relevant regions. This setup 
provides a seamless transition from analytical equations (ohmic loss expansion and total 
Ucell decomposition) to numerical solutions, ensuring consistent results across different 
operating modes. 

 

Figure 1. Schematic view of electrolysis cell. The numbers indicate the main cell components and 
flow ports: (1,3) electrolyte/reactant inlets, (5,7) gas outlets, (2,6) bottom and top manifolds, (4) 
anode-side compartment wall, (8) cathode-side compartment wall, and (9,10) separator bounda-
ries. The arrows indicate the inlet flow of electrolyte/water at the bottom of the cell (1–3) and the 
outlet flow of produced hydrogen and oxygen gases at the top of the cell (7–5). 

To simplify the model and focus on the major determinants of the electrolysis pro-
cess, a set of assumptions has been adopted that reduces the computational cost and en-
hances the model’s physical interpretation. This framework facilitates the decomposition 
of parameter effects, improves numerical stability, and enables the consistent execution of 
comparative scenario analyses. 

Some assumptions were applied: (i) the working fluids are assumed to be Newtonian, 
viscous and incompressible; (ii) the physical properties, including density and conductiv-
ity, are assumed constant throughout the solution; (iii) the electrolyte is assumed to be 
spatially uniform, as the influence of ion distribution on macroscale responses is consid-
ered limited; (iv) the flow is modelled as isothermal and, hence, the heat transfer/energy 
equations are omitted from the solution set; (v) surface tension effects are negligible; (vi) 
hydrogen/oxygen transfer through the separator is neglected; and (vii) the gas phase vol-
ume fraction within the electrolyte volume has been neglected. Assumption (vii) posits 
that the hydrogen and oxygen gas bubbles produced are instantly and efficiently removed 
from the electrode surface and the electrolyte volume, thereby operating the system in a 
forced convection, ideal “near-zero-gap/low-gap” configuration. This simplification aims 
to isolate the pure effects of temperature, concentration and cell geometry (d and ε) by 
decoupling the complex two-phase flow dynamics from the electrochemical solution. 
Consequently, the ohmic losses predicted by the model represent the lower limit (most 
optimistic case) achievable by the technology, particularly at high current densities (e.g., 
>10 kA/m2) where gas bubbles covering the electrode surface increase resistance. 

Within the scope of this study, modelling is limited to steady-state operating condi-
tions. Dynamic (transient) operating scenarios that are important in electrolyser 
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applications dependent on renewable sources (such as load fluctuations, start-up/shut-
down cycles and short-term current changes) are excluded from the scope of this study. 
The fundamental reason for this is that the aim of the study is not to examine time-de-
pendent control and transient regime behaviour, but rather to reveal how physically re-
solved performance outputs at the cell level are reflected in technical–economic analyses. 
Although the presented two-stage framework is, in principle, extendable to transient 
models, such an extension requires additional differential equations, time-dependent ma-
terial properties and dynamic cost definitions, and is therefore considered a topic for fu-
ture work. 

Table 2. Parameters for COMSOL. 

Parameter Value Unit 
Cathode Side Electrode–Separator Distance Range 2–4 mm 
Anode Side Electrode–Separator Distance Range 2–4 mm 

Separator Width 1 mm 
Cell Height 10 mm 

Operating Temperature Range 25–75 °C 
Exchange Current Density for Anode Side 100 A·m2 

Exchange Current Density for Cathode Side 1 A·m2 
Separator Porosity 0.3–0.4 - 

Electrolyte Concentration 6–10 mol/L 
Electrolyte Solution KOH-NaOH - 

Operating Voltage Range 1.2–2.4 V 

In order to systematically investigate the factors affecting the electrolysis perfor-
mance, five operating variables were screened separately: temperature, electrolyte con-
centration, electrode–separator distance, electrolyte type (KOH/NaOH) and separator po-
rosity. The parameter ranges were 25–75 °C, 6–12 mol·L-1, 2–4 mm, KOH/NaOH and 0.30–
0.40, respectively. A “one-parameter-at-a-time” approach was applied, whereby only one 
variable was changed in each scenario, while the remaining four variables were kept con-
stant and the relative effects were decomposed. The list of analyses, along with the vary-
ing parameters, is given Table 3. 

Table 3. Parametric combinations of operating conditions and design variables used in the electro-
chemical performance analysis.. 

#  Temperature (°C) Electrolyte Concentration 
(mol·L) 

Electrode–Separator  
Distance (mm) 

Separator Porosity Electrolyte 

1 25 6 2 0.3 KOH 
2 25 10 2 0.3 KOH 
3 25 6 4 0.3 KOH 
4 25 10 4 0.3 KOH 
5 25 6 4 0.4 KOH 
6 50 6 2 0.3 KOH 
7 50 10 2 0.3 KOH 
8 50 6 4 0.3 KOH 
9 50 10 4 0.3 KOH 

10 75 6 2 0.3 KOH 
11 75 6 4 0.3 KOH 
12 25 6 2 0.4 KOH 
13 75 6 2 0.4 KOH 
14 50 6 2 0.4 KOH 
15 25 6 2 0.3 NaOH 
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16 25 6 4 0.3 NaOH 
17 50 6 2 0.3 NaOH 
18 50 6 4 0.3 NaOH 
19 75 6 2 0.3 NaOH 
20 25 6 4 0.4 NaOH 

Table 3 summarizes 20 scenarios designed to study the effect of a specific parameter 
in the electrolysis process. In each case, I-U curves were generated in the range 1.23–1.98 
V and the corresponding average current densities were calculated. A single parameter 
was systematically varied while other variables were held constant, thus isolating the 
marginal effect of each factor on cell voltage, efficiency and overall performance. This 
setup quantitatively and comparatively reveals the contribution of the variables to the 
electrolysis behaviour. In the parametric analysis, temperature (25–75 °C), concentration 
(6–12 mol·L-1), electrode–separator gap (2–4 mm), separator porosity (0.30–0.40) and elec-
trolyte type (KOH and NaOH) were systematically varied. The temperature increase 
shifted the polarization curves downward, reducing the required cell voltage and increas-
ing the current density. The concentration change quantified the sensitivity of conductiv-
ity and efficiency. The gap was identified as the main lever determining ohmic losses and 
voltage requirements, while porosity determined ion transport and overall performance. 
The KOH–NaOH comparison demonstrated that electrolyte selection creates significant 
differences in the voltage–current relationship depending on the conditions. This design 
matrix provides a solid foundation for identifying the most favourable operating condi-
tions for performance improvement by clarifying the effects of variables. 

The reliability of the model was verified by comparison with experimental polariza-
tion curves reported in the literature, e.g., Refs. [56,59]. The fit parameters (r, t, n, z, etc.) 
were calibrated against these datasets, and consistency with COMSOL outputs for each 
scenario was achieved within a maximum deviation of ±3%. The parameter values were 
optimized to stay within the ranges specified in Table 2. “i0,a” and “i0,c” are the “reference 
exchange current density” parameters used in the COMSOL Water Electrolyser interface. 
They have been selected to be consistent with the apparent/effective value ranges reported 
in the literature [60] and also represent the effective active area/roughness effects of the 
electrode. 

Cost optimization is essential to link performance findings with economic viability. 
In this study, AWE costs are derived from the year-end 2024 market data compiled in 
Table 4, covering the bulk–module–system components for different system scales. These 
cost inputs are compiled from international energy agency and industry databases for the 
reference year 2024. In particular average values from different reports, news, and sum-
maries, as well as European-based supplier quotes and open databases, are compiled [61–
65]. The data are combined using a weighted average method and normalized to nominal 
2024 USD to reflect regional price differences. This diversity of sources strengthens the 
timeliness, transparency and generalizability of the model across scales. Using this da-
taset, the unit cost per active area is calculated and calibrated to a single-cell cost of 19,200 
$·m−2, which includes materials, labour and project items, with the aid of EES (Engineering 
Equation Solver). The single-cell cost expressed per active area was obtained by convert-
ing the reported stack/module cost information into an area-normalized metric, i.e., $·m-2 
= (stack or cell-package cost)/(total active area). The resulting value (19,200 $·m-2) therefore 
represents an aggregate “cell package” cost that includes the electrochemical core compo-
nents and immediate hardware required at the cell/stack level (e.g., electrodes, separa-
tor/diaphragm, current collectors, frames, sealing and assembly-related items), consistent 
with the cost categories used in Table 4. This area-based calibration enables a coherent 
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link between the electrochemical model outputs (current density, voltage and efficiency) 
and the cost module implemented in EES. 
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Table 4. Cost and scaling factors for alkaline electrolysis systems at different sizes. Data sources for 
market prices and cost items are provided in Refs. [61–65] and all monetary values are reported in 
nominal 2024 USD after inflation adjustment [66] (in Appendix A). 

System Size (kWh) Stack ($) Mod ($) Systems ($) Module Factor (Fm) System Factor (Fs) 
25 25,000 90,000 160,000 3.600 1.778 
250 150,000 350,000 450,000 2.333 1.286 

In addition to parametric analysis, an independent study was conducted for cost op-
timization. Under conditions of 75 °C, 6 M KOH, separator porosity 0.80 and electrode–
separator gap 2 mm, the current–voltage data obtained by sampling the cell voltage in the 
range of 1.8–2.5 V were continuous using an appropriate regression and applied in closed 
form in the EES environment, as Equation (4). The current densities derived from this 
relationship were interpreted on a per-unit-area basis, and the total active area required 
for the target power was calculated using Equation (5). The stack cost, covering only cell 
production, was determined based on this area-dependent relationship (6): 

Vcell = −0.000000000293 · Icell2 + 0.0000627 · Icell + 1.816 (4)

Atotal = (Wtotal/Vcell · Icell) ·1000 (5)

Coststack= Atotal·19,200 (6)

Current 25 and 250 kW market prices have been compiled from manufacturer quotes, 
industry reports and open databases, with larger capacities estimated by interpolation 
from existing unit prices. Based on this, two scale factors have been defined: the system 
factor Fs represents the cost share of auxiliary/integration items such as power electronics, 
piping, and control; the module factor Fm represents the unit cost change depending on 
the module scale, capturing the relatively high installation and production costs at small 
capacities due to limited economies of scale. 

The functional relations of these scaling coefficients are defined by Fs in Equation (7) 
and Fm in Equation (8). The maintenance coefficient, which represents the burden of 
maintenance, repair labour and spare parts, is taken as Fmn = 1.3. It has been selected as a 
conservative midpoint value, falling within the typical range of 1.2–1.4 reported in the 
literature [67]. Capital expenditures (CapEx) are calculated using these coefficients ac-
cording to Equation (9) and operating items other than energy expenditures are consid-
ered in the same framework. These scale factors are based on validated module-and-sys-
tem scaling relationships in the literature [61,64]. The 25 and 250 kW references were se-
lected as two practical boundary cases representing commercial module data; the Fs and 
Fm parameters were extrapolated up to the 10 MW order via log-linear trends capturing 
power component cost elasticities. This extrapolation follows the well-established power 
law scaling commonly used in process and energy system cost estimation, where the total 
system cost (or a given cost component) scales with capacity as C(P) = C(Pref) · (P/Pref)k, 
which becomes linear in log–log space (log C = log Cref + k log(P/Pref)). Accordingly, the 
log-linear trend used here represents a standard economy-of-scale formulation. The 25 
kW and 250 kW points were selected to anchor the scaling across the small commercial 
range, and the resulting exponent provides a consistent basis for extending the cost model 
to MW-scale systems [68]. 

While a two-point calibration inevitably introduces uncertainty in the absolute 
CAPEX prediction at very large scales, it preserves the comparative trends required for 
the integrated performance–cost assessment performed in this study. A brief sensitivity 
check on the scaling exponent (within ranges commonly reported for modular electrolysis 
systems) confirmed that the qualitative LCOH trends reported in this study remain 
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unchanged, with electricity price remaining the dominant driver of LCOH across scales. 
This method is consistent with the scale–cost reduction rates (−0.25 ≤ (∂ ln(CAPEX))/(∂ ln 
(power) ≤ −0.15)) presented in the global reports, accurately capturing a 15–25% unit 
CAPEX decreases at the MW scale [61,63]. 

Fs = 2.0642 · Wtotal−0.063 (7)

Fm = 5.7676 · Wtotal−0.156 (8)

CapEx = Coststack · Fs · Fm · Fmn (9)

The system is assumed to have an operational lifetime of 20 years and a capacity 
factor of 85%, taking into account maintenance, repair and operational outages. For elec-
tricity cost, LCOE = 0.05 and 0.10 $·kWh−1 scenarios are adopted to represent regional dif-
ferences and variability due to generation source (renewable/fossil). Under these assump-
tions, Operational Expenditures (OpEx) are calculated according to Equation (10): 

OpEx = LCOE · Wtotal · Life · Capacity · Annual Hours (10)

In this study, where the total cost (CapEx + OpEx) is taken as a basis, LCOH was 
obtained in the following order. First, the hydrogen production efficiency was determined 
by Equation (11), where the constant 1.46 represents the theoretical upper limit derived 
from LHV = 33.3 kWh·kg−1 and the thermoneutral voltage of 1.23 V. The hourly production 
is then linked to power and efficiency by Equation (12), which includes the constant HHV 
= 39.4 kWh·kg−1, and the cumulative lifetime production is calculated from Equation (13). 
In the final stage, LCOH was found as the ratio of total cost to lifetime production accord-
ing to Equation (14). 

ηH2 =1.46/Vcell (11)

H2, per hour = (Wtotal · ηH2)/39.4 (12)

H2, total = H2, per hour · Life · Capacity · Annual Hours (13)

LCOH = (CapEx + OpEx)/H2, total (14)

The contributions of CapEx and OpEx to the total cost were analyzed separately us-
ing Equations (15) and (16). Furthermore, the unit hydrogen production costs per kg con-
tributions of CapEx and OpEx were clarified using Equation (17) and Equation (18), re-
spectively. 

CapExcont = CapEx/Total cost (15)

OpExcont = OpEx/Total cost (16)

CapExper H2 = CapEx/H2, total (17)

OpExper H2 = OpEx/H2, total (18)

This systematic approach provides a detailed framework for cost optimization in al-
kaline water electrolyzers and ensures that all relevant factors are comprehensively eval-
uated. The general flow of the steps followed in the modelling process is summarized in 
Figure 2. 
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Figure 2. Methodology flowchart. The modelling process includes defining input parameters, COM-
SOL-based electrochemical solution, applying the extended ohmic loss model, performing paramet-
ric analyses, integrating the cost model (EES) and LCOH calculation and verification steps. 

3. Results and Discussion 
In this study, the physical behaviour of the electrolyzer was first evaluated using po-

larization curves obtained with COMSOL Multiphysics, and, to demonstrate the quanti-
tative reliability of the proposed framework, the electrochemical model was validated us-
ing experimental data reported by Rodriguez et al. [69] for an alkaline cell operating at 25 
°C with 30% KOH by weight. To ensure a consistent comparison, the experimental current 
density values were converted from mA·cm−2 to A·m−2. As shown in Figure 3, the simula-
tion results (based on a fundamental 2 mm electrode–separator gap) exhibit a strong cor-
relation with experimental measurements, achieving deviation of less than 3% in the 0–
2000 A·m−2 range. The model accurately captures the activation onset at ~1.48 V and 
matches the nominal operating point of ~1.88 V at 1000 A·m−2. The marginal voltage in-
crease observed at higher current densities in the simulation is attributed to the additional 
ohmic resistance caused by the 2 mm gap compared to the physically gapless experi-
mental setup. Furthermore, the technical–economic outputs were compared with 2024 
global strategic reports; the calculated LCOH range (4.1–5.9 kg−1) falls squarely within the 
ranges published by the IEA (3.8–6.0 kg−1) [61] and the Hydrogen Council (4.5–6.5 kg−1) 
[63], confirming the model’s validity in both the physical and economic domains. The pri-
mary objective of this study is to elucidate the physical effects of temperature, electrode–
separator distance, separator porosity, electrolyte concentration and electrolyte type on 
cell performance, and to evaluate the ultimate implications of these effects on LCOH. The 
in-plane potential distributions and current paths presented in Figures 4 and 5 clearly il-
lustrate the underlying electrochemical mechanisms of the interpreted trends; they quali-
tatively support the relationship between ionic conduction paths, potential gradients and 
ohmic losses. 

COMSOL-based analyses were structured around five main parameters—tempera-
ture, electrode–separator distance, separator porosity, electrolyte concentration and elec-
trolyte type—all of which were decomposed in a “one-parameter-at-a-time” approach, 
holding other variables constant and thus focusing on the marginal contribution to aver-
age cell current density. The representative electrolyte potential/gradient maps and cur-
rent density vector fields (Figure 4) are presented to support the physical interpretation 
of the findings; these visualizations qualitatively reveal the effects of parameter variations 
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on in-field potential homogeneity, ohmic drop magnitude and ion transport efficiency, 
and provide a consistent framework with quantitative I-U analyses. 

Figure 3. Validation of the electrochemical model against experimental data. The solid red line rep-
resents the simulation results of this study (6 M KOH, 25 °C and 2 mm electrode–separator gap). 
The blue markers represent independent experimental data reported by Rodriguez et al. [69] for an 
alkaline electrolysis cell (30 wt% KOH, 25 °C). 

 

Figure 4. Analysis of the electrolyte potential and current field. (a) Base case (Analysis 1; U = 1.98 
V): A regular potential drop across the field and accompanying current paths are observed; when 
the applied voltage changes, the spatial pattern is preserved, and the drop magnitude and vector 
intensity are scaled. (b) Temperature scan (Analysis 10; U = 1.98 V and T = 25–75 °C): while the shape 
of the potential distribution remains essentially constant, the increase in temperature raises the elec-
trolyte conductivity; this leads to a decrease in the ohmic drop and a sharpening of the current vec-
tors (consistent with the I–U sensitivities). (c) High separator porosity configuration (U = 2.03 V): 
increased porosity enhances the separator’s effective conductivity, causing the red regions to nar-
row (lower potential drop) and current paths to concentrate; consequently, ohmic losses decrease 
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and cell efficiency improves. The arrows indicate the electrolyte current density, showing the direc-
tion and relative magnitude of ion flow. 

The increase in temperature enhances the ionic conductivity of the electrolyte, lead-
ing to a more homogeneous potential distribution and reducing the ohmic overpotential. 
This allows the polarization curves to shift downwards across the entire voltage range 
and enables higher current densities to be achieved at the same operating voltage (Figure 
5). This physical improvement is directly reflected in the economic model as lower specific 
electricity consumption and, consequently, lower LCOH values. However, it should be 
noted that the increase in temperature brings additional requirements for the system de-
sign, such as heat management and material durability. 

Increasing the separator porosity of the separator facilitates ion transport, thereby 
enhancing effective ionic conductivity and reducing ohmic losses. As shown in Figure 5, 
increasing the separator porosity from 0.30 to 0.40 provides a significant increase in cur-
rent density, particularly in the low and medium temperature ranges. This finding 
demonstrates that the separator microstructure must be optimized not only in terms of 
material selection but also in relation to the target operating temperature and operating 
conditions. 

 

Figure 5. Effect of temperature and separator porosity. The relationship between operating voltage 
(V) and average cell current density (I) is shown for three temperatures (25, 50 and 75 °C) and two 
porosities (ε = 0.30; 0.40) (KOH 6 M; electrode–separator distance 2 mm). As temperature and po-
rosity increase, the curves shift downward; lower U is required for the same J (e.g., at U = 1.98 V, I 
for ε = 0.30 is 25 → 50 → 75 °C; ~1733 → 2074 → 2261 A·m−2 for ε = 0.40). The enlarged panel high-
lights that small voltage increases in the 1.88–1.98 V band lead to disproportionate increases in I. 
The trends are consistent with the decrease in ohmic drops resulting from increased ionic/effective 
conductivity. 

The electrode–separator distance is one of the most critical geometric parameters de-
fined by the model. The current density vector fields in Figure 4 clearly demonstrate that 
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as the distance increases, the ion transport path lengthens and local potential gradients 
increase. This situation leads to a decrease in the average current density across all voltage 
ranges. The electrolyte type (KOH or NaOH) does not alter this fundamental trend; how-
ever, KOH yields higher performance due to its higher conductivity. The fact that in-
creased ohmic losses translate to higher operating voltage makes this parameter a power-
ful economic design lever. 

When electrolyte concentration and type are considered together, it is observed that 
KOH solutions operate at lower cell voltages compared to NaOH due to their higher con-
ductivity (Figure 6). Increasing the concentration enhances conductivity up to a certain 
point, but this gain becomes limited at high concentrations. Furthermore, it is observed 
that the performance difference between KOH and NaOH decreases as the temperature 
rises. These results indicate that the choice of electrolyte should be considered not only on 
a chemical or cost basis, but also in terms of its effects on system efficiency and energy 
consumption. 

 

Figure 6. Effects of geometry–concentration (a) and electrolyte–temperature (b): Figure 6a The I–V 
relationship is shown for KOH at two cell gaps (2 and 4 mm) and two concentrations (6 and 10 M). 
Increasing the cell gap to 4 mm shifts the curves significantly upward, requiring higher V for the 
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same I; increasing the concentration to 10 M produces a similar but weaker upward shift. Figure 6b 
Comparison of KOH and NaOH at 25 °C and 50 °C (6 M; electrode–separator distance 2 mm; and 
porosity 0.30). At 25 °C, the NaOH curve is systematically higher than that of KOH; at 50 °C, both 
curves shift downward and the difference between them narrows significantly. The findings indi-
cate that a narrow cell gap–medium concentration combination should be preferred to limit ohmic 
losses, and that electrolyte–temperature co-optimization is desirable for performance. 

The fundamental reason for the narrowing of the performance difference between 
KOH and NaOH as temperature increases is the differing responses of the ionic conduc-
tivities of both electrolytes to temperature. At low temperatures, KOH solutions exhibit 
significantly higher conductivity compared to NaOH due to higher ion mobility and 
lower viscosity. However, as temperature increases, the viscosity and hydration con-
straints on ion transport in NaOH solutions decrease more rapidly, and the rate of the 
conductivity increase approaches that of KOH. The conductivity–temperature relation-
ships reported in the literature indicate that the temperature-dependent conductivity in-
crease for NaOH has a higher relative slope. This leads to a decrease in the effective con-
ductivity difference between the two electrolytes at high temperatures and, consequently, 
a narrowing of the performance difference in the polarization curves. The trends observed 
in the model results are consistent with this physical conductivity behaviour. 

The sensitivity trends observed in the polarization curves directly reflect changes in 
the electrical energy demand required for unit hydrogen production, and this effect plays 
a decisive role on LCOH within the proposed framework. Reducing the electrode–sepa-
rator distance and increasing effective ionic conductivity (through improvements in tem-
perature, electrolyte concentration and separator structure) lowers the cell operating volt-
age at a given current density; this leads to a reduction in specific energy consumption 
and, consequently, a measurable decrease in the LCOH value. 

When evaluating model results, it is important to note that neglecting the bubbling 
effects imposes a limitation on the accuracy of ohmic overvoltage predictions, particularly 
at high current densities. In real-world applications, gas bubbles reduce the effective con-
ductivity of the electrolyte (according to the Bruggeman approach) and this leads to 
higher cell voltages than those predicted by single-phase models. In our study, a “best-
case” scenario was simulated, assuming perfect bubble management and gas venting. 
Therefore, the LCOH values presented, particularly for high current densities such as 20 
kA/m2, should be interpreted as the theoretical economic potential that this technology 
could achieve under perfect mass transfer conditions. Operational conditions involving 
significant bubble accumulation will result in marginally higher voltages and, conse-
quently, slightly higher LCOH values compared to the baseline projections presented in 
this study. 

The one-dimensional voltage–current relationships obtained from COMSOL were 
combined with a cost module developed in the EES environment to optimize the levelized 
cost of hydrogen (LCOH) for alkaline electrolyzers. The approach is applied to 25, 100, 
1000, 5000 and 10,000 kW systems by matching the technical outputs derived from current 
density, voltage and efficiency with capital and operating costs and incorporating scale 
effects. The analyses were conducted for two electricity cost scenarios (0.05 $·kWh-1 and 
0.10 $·kWh-1) and two current density levels (10,000 and 20,000 A·m-2); in each scenario, 
CapEx and OpEx were decomposed, lifetime hydrogen production was calculated and 
LCOH was derived based on this (20 analyses in total). 

When considering the sensitivity analysis presented, while adopting a “single-pa-
rameter-at-a-time” approach to isolate the specific effect of each design variable, it is im-
portant to acknowledge the complex physical interactions governing the system. Most 
notably, the interaction between the operating temperature (T) and electrolyte 
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concentration (C) produces a non-linear synergistic effect on ionic transport. For example, 
increasing the concentration generally improves ionic conductivity, but it also increases 
dynamic viscosity. This can inhibit mass transport, but this inhibition is significantly re-
duced at high temperatures due to the thermal thinning effect. Although the graphs pre-
sented in this study visualize the parameters individually, the underlying electrochemical 
model (as defined in the EES subfields) naturally captures these interdependencies 
through temperature- and concentration-dependent property functions. Consequently, 
the reported performance trends reflect these physical synergies and enable the effect of 
altering one parameter to be calculated within the consistent physical context of the oth-
ers. 

The LCOH results obtained by reflecting these physical assessments in the techno-
economic model are summarized in Tables 4 and 5. The dominant effect of electricity 
prices on total costs is confirmed in all scenarios. While every improvement in perfor-
mance reduces LCOH, energy prices emerge as the most decisive component at both small 
and large scales. Although unit CAPEX decreases as scale increases, the share of electricity 
consumption in the total is high, so the overall trend of LCOH is shaped by the unit cost 
of electricity. The LCOH values for an electricity unit price of 0.05 $·kWh-1 and 0.10 $·kWh-

1 are compared for different electrolyzer scales ranging from 25 kW to 10 MW. The curves 
show that CAPEX decreases as the scale increases, but the electricity cost remains the main 
determinant of the total cost (Figure 7). 

The results presented in Figure 4 show that the electrolyte conductivity increases 
with rising temperature, and consequently, the ohmic overpotential decreases. When 
evaluating the economic implications of this trend, it is observed that a 10 °C increase in 
operating temperature at a representative operating point reduces the cell operating volt-
age by several tens of millivolts; this voltage reduction corresponds to an improvement in 
the specific electricity consumption of approximately one per cent. This improvement is 
reflected in the technical–economic model through direct electricity consumption in 
LCOH calculations and provides a measurable reduction in the LCOH value depending 
on the system scale (Figure 7). 

Similarly, when the electrochemical and economic effects of the increase in separator 
porosity are evaluated together, it is seen that increasing the separator porosity by 0.05 
increases the effective ionic conductivity and reduces ohmic losses. This improvement ob-
served in the polarization curves allows for operation at a lower cell voltage at a given 
current density; as a result, the specific energy consumption decreases and a direct posi-
tive effect is observed on the LCOH. The model results show that a separator porosity 
increase at this level corresponds to a percentage decrease in the LCOH value when the 
other parameters are held constant. 

 

Figure 7. LCOH variation with system scale and electricity price. 
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The model curves match the trends and orders of magnitude of the near-zero-
gap/low-gap AWE data in the literature; differences are concentrated in the activation re-
gion at low currents and in the ohmic region at high currents [69,70]. 

Table 5. System-scale techno-economic and performance results of alkaline water electrolysis un-
der different system sizes and current densities, including cell area, operating voltage, scaling fac-
tors (Fₘ, Fₛ), system efficiency, and total hydrogen production 

# 
System 

Size 
(kWh) 

Current  
Density 
(A·m-2) 

LCOE 
($·kWh-1) 

Total Cell 
Area (m2) 

Voltage (V) Fm Fs System Eff. 
Produced Total 

H2 (Ton) 

1 25 10,000 0.05 1.036 2.414 3.49 1.68 0.605 57.2 
2 25 20,000 0.05 0.4233 2.953 3.49 1.68 0.494 46.7 
3 25 10,000 0.1 1.036 2.414 3.49 1.68 0.605 57.2 
4 25 20,000 0.1 0.4233 2.953 3.49 1.68 0.494 46.7 
5 100 10,000 0.05 4.143 2.414 2.81 1.54 0.605 228.6 
6 100 20,000 0.05 1.693 2.953 2.81 1.54 0.494 186.9 
7 100 10,000 0.1 4.143 2.414 2.81 1.54 0.605 228.6 
8 100 20,000 0.1 1.693 2.953 2.81 1.54 0.494 186.9 
9 1000 10,000 0.05 41.43 2.414 1.96 1.34 0.605 1869 
10 1000 20,000 0.05 16.93 2.953 1.96 1.34 0.494 1869 
11 1000 10,000 0.1 41.43 2.414 1.96 1.34 0.605 2286 
12 1000 20,000 0.1 16.93 2.953 1.96 1.34 0.494 1869 
13 5000 10,000 0.05 207.2 2.414 1.53 1.21 0.605 11,430 
14 5000 20,000 0.05 84.67 2.953 1.53 1.21 0.494 9344 
15 5000 10,000 0.1 207.2 2.414 1.53 1.21 0.605 11,430 
16 5000 20,000 0.1 84.67 2.953 1.53 1.21 0.494 9344 
17 10,000 10,000 0.05 414.3 2.414 1.37 1.15 0.605 22,860 
18 10,000 20,000 0.05 169.3 2.953 1.37 1.15 0.494 18,690 
19 10,000 10,000 0.1 414.3 2.414 1.37 1.15 0.605 22,860 
20 10,000 20,000 0.1 169.3 2.953 1.37 1.15 0.494 18,690 

LCOH calculations were performed using two representative current densities (10 
kA·m−2 and 20 kA·m−2) to demonstrate system behaviour under different operating condi-
tions. Each scenario represents a specific current density–efficiency–voltage combination; 
therefore, LCOH is not a precise value for a single operating point, but rather a metric that 
reveals the relative position of cost–efficiency trade-offs within a wide operating range. 
This approach has been generalized to cover the performance ranges of actual electrolys-
ers under variable load conditions. 

The LCOH calculated for an electricity cost of 0.05–0.10 $·kWh−1 and a scale range of 
25 kW–10 MW falls within the public bands reported in 2024 by the International Energy 
Agency (IEA) and Hydrogen Council; ≥10 kA·m−2 scenarios are considered as upper-
bound sensitivities rather than as typical operation scenarios [61,63]. 

When the electricity cost is 0.05 $·kWh-1, as the scale increases, the LCOH declines 
from approximately 5.9 $·kg-1 for 25 kW to 4.4 $·kg-1 for 1 MW and slightly below 4.0 $·kg-

1 for 10 MW (Table 6). When the electricity cost is 0.10 $·kWh-1, the LCOH rises to approx-
imately 9.2, 7.7 and 7.2 $·kg-1 at the same scales, meaning that a doubling of the electricity 
price significantly increases the cost across all capacities. Increasing the current density 
from 10,000 A·m-2 to 20,000 A·m-2reduces the LCOH by approximately 5–10% in small 
systems, while efficiency losses become dominant at the MW scale, increasing the costs by 
approximately 3–9%. This effect is more pronounced at high electricity costs; for example, 
at 10 MW and 0.10 $·kWh-1, a high current density yields an LCOH of approximately 8.33 
$·kg-1, which is significantly higher than the low-cost baseline scenario. These results show 
that the primary determinant of total cost is the electricity price, and that an increase in 
current density only provides a net economic advantage under low-cost electricity condi-
tions. The relevant parametric sensitivity findings are summarized in Table 7. 
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Table 6. Breakdown of capital (CapEx) and operating (OpEx) expenditures and their respective con-
tributions to the levelized cost of hydrogen (LCOH) and total system cost for alkaline water elec-
trolysis systems at different system sizes and current densities. 

# 
Sys. Size 

(kWh) 

Current 
Density 
(A·m-2) 

LCOE 
($·kWh-1) 

CapEx ($M) OpEx ($M) 
LCOH 
($·kg-1) 

CapEx  
($/kg) 

OpEx 
($/kg) 

Total Cost 
($M) 

1 25 10,000 0.05 0.152 0.186 5.918 2.66 3.26 0.338 
2 25 20,000 0.05 0.062 0.186 5.315 1.33 3.98 0.248 
3 25 10,000 0.1 0.152 0.372 9.175 2.66 6.51 0.524 
4 25 20,000 0.1 0.062 0.372 9.299 1.33 7.97 0.434 
5 100 10,000 0.05 0.449 0.745 5.221 1.96 3.26 1.194 
6 100 20,000 0.05 0.184 0.745 4.966 0.98 3.98 0.928 
7 100 10,000 0.1 0.449 1.489 8.478 1.96 6.51 1.938 
8 100 20,000 0.1 0.184 1.489 8.951 0.98 7.97 1.673 
9 1000 10,000 0.05 2.712 7.446 4.443 1.19 3.26 10.158 
10 1000 20,000 0.05 1.108 7.446 4.577 0.59 3.98 8.554 
11 1000 10,000 0.1 2.712 14.890 7.700 1.19 6.51 17.602 
12 1000 20,000 0.1 1.108 14.890 8.562 0.59 7.97 15.998 
13 5000 10,000 0.05 9.532 37.230 4.091 0.83 3.26 46.762 
14 5000 20,000 0.05 3.896 37.230 4.401 0.42 3.98 41.126 
15 5000 10,000 0.1 9.532 74.460 7.348 0.83 6.51 83.992 
16 5000 20,000 0.1 3.896 74.460 8.385 0.42 7.97 78.356 
17 10,000 10,000 0.05 16.380 74.460 3.973 0.72 3.26 90.840 
18 10,000 20,000 0.05 6.695 74.460 4.342 0.36 3.98 81.155 
19 10,000 10,000 0.1 16.380 148.900 7.230 0.72 6.51 165.280 
20 10,000 20,000 0.1 6.695 148.900 8.327 0.36 7.97 155.595 

Table 7. Sensitivity of LCOH to changes in capital (CapEx) and operating (OpEx) expenditures for 
alkaline water electrolysis systems at different system scales, showing absolute and relative cost 
variations and their impact on LCOH. 

System 
(kW) 

CAPEX OPEX 

Change 
($M) 

Change (%) 
LCOH 

Change 
($·kg-1) 

LCOH % 
Change 

Change 
($M) 

Change 
(%) 

LCOH 
Change 
($·kg-1) 

LCOH % 
Change 

25 −0.09 −59.21 −0.603 −10.1 0.186 100 3.257 55.0 
100 −0.265 −59.02 −0.255 −4.8 0.745 100 3.257 62.3 
1000 −1.604 −59.14 0.134 3.0 7.446 100 3.257 73.3 
5000 −5.636 −59.13 0.31 7.5 37.23 100 3.257 79.6 

10,000 −9.685 −59.13 0.369 9.2 74.46 100 3.257 81.9 

Table 8 summarizes the impacts of the two scenarios on the total cost and LCOH for 
capacities between 25 kW and 10 MW. Increasing the current density from 10,000 to 20,000 
A·m-2significantly reduces the total cost, especially at small scales. However, while LCOH 
improves in small systems, it may show limited increases in large systems due to effi-
ciency loss. Increasing the cost of electricity from 0.05 to 0.10 $·kWh-1significantly in-
creased both total cost and LCOH at all scales, and the effects were larger in relative and 
absolute terms for large systems with higher energy consumption. The findings suggest 
that the primary determinant of cost is the electricity price, while a current density in-
crease requires a scale-dependent trade-off of benefits and efficiency. 

Table 8. Total system cost and LCOH under doubled current density and electricity price scenarios 
for alkaline water electrolysis systems at different system sizes 

System (kW) 25 100 1000 5000 10,000 

D
ou

bl
ed

 C
ur

-
re

nt
 D

en
si

ty
 Total Cost ($M, 10 kA·m-2, LCOE = 0.05) 0.338 1.194 10.158 46.762 90.84 

Total Cost ($M, 20 kA·m-2, LCOE = 0.05) 0.248 0.928 8.554 41.126 81.155 
Change in Total Cost ($M) −0.09 −0.266 −1.604 −5.636 −9.685 

Percentage Change (%) −26.63 −22.28 −15.79 −12.05 −10.66 
LCOH ($·kg-1, 10 kA·m-2) 5.918 5.221 4.443 4.091 3.973 
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LCOH ($·kg-1, 20 kA·m-2) 5.315 4.966 4.577 4.401 4.342 

D
ou

bl
ed

 L
C

O
E Total Cost ($M, LCOE = 0.05) 0.338 1.194 10.158 46.762 90.84 

Total Cost ($M, LCOE = 0.1) 0.524 1.938 17.602 83.992 165.28 
Change in Total Cost ($M) 0.186 0.744 7.444 37.23 74.44 

Percentage Change (%) 55.03 62.31 73.28 79.62 81.95 
LCOH ($·kg-1, LCOE = 0.05) 5.918 5.221 4.443 4.091 3.973 
LCOH ($·kg-1, LCOE = 0.1) 9.175 8.478 7.7 7.348 7.23 

Although increased current density provides a certain advantage in small-scale sys-
tems, efficiency losses become more dominant at the MW scale. Therefore, the optimal 
operating range is found to be 8–12 kA·m-2. The quantitative results presented in Table 8 
clearly reveal the economic mechanism behind this optimal operating range. Although 
the system operates with higher electrochemical efficiency at low current densities, the 
increase in the required active area increases stack and system costs, and capital expendi-
ture (CapEx) becomes dominant over LCOH. Conversely, increasing the current density 
reduces the active area requirement, thereby lowering CapEx; however, this time, the spe-
cific electricity consumption rises due to the increased cell operating voltage and de-
creased system efficiency, and operating expenses (OpEx), particularly through electricity 
costs, begin to become decisive for the LCOH. 

When these opposing trends are considered together, it is seen that increasing the 
current density in small-scale systems provides a net improvement in the LCOH, whereas 
efficiency losses become dominant at the MW scale and can increase the LCOH (see Table 
8). Therefore, the range of approximately 8–12 kA·m-2 represents the optimal operating 
window where the balance between reduced capital costs and energy-related operating 
costs is achieved, and LCOH is minimized. 

Overall, the findings show that increasing temperature, separator porosity and nar-
rowing the gap improves performance, resulting in lower unit energy consumption and 
lower LCOH. The relationship between physical design decisions and economic outputs 
has been consistently demonstrated within the scope of the study, with energy price 
emerging as the determining factor in total cost across all scenarios. In general, the effect 
of physico-chemical parameters on cell tension is directly reflected in the economic out-
puts, with key variables such as temperature, separator porosity and gap shaping both 
performance and energy consumption. Thus, the results provide a consistent and clear 
link between physical trends and economic analysis. 

Industrial alkaline electrolyzers typically operate in the range of 3–6 kA·m−2, but the 
selected values of 10 kA·m−2 and 20 kA·m−2 were used as an extended parameter range to 
investigate the efficiency–cost limits of high-current regimes. These values are consistent 
with the high-current prototypes reported at the laboratory scale [71,72] and represent the 
maximum achievable ranges under advanced materials and fine separator configurations. 
Therefore, the aim is not to identify the absolute operating point, but to demonstrate the 
boundary conditions of the energy efficiency–economy interaction. 

Figures 8 and 9 summarize the model’s performance–cost relationship. In particular, 
the cost distribution shown in Figure 8d–f clearly demonstrates the dominant role of elec-
tricity prices in total costs. The trends in Figure 9 also support this result: as scale increases, 
capital costs decrease relatively, while operating costs (especially electricity costs) remain 
decisive in all scenarios. Therefore, the colour transitions and curve trends in the graphs 
directly correspond to the result emphasized in the text, namely that “electricity price is 
the primary determinant”. From this perspective, subsections (a–c) in Figure 8 represent 
performance changes, while subsections (d–f) represent cost composition effects. 
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Figure 8. Parametric cost–performance diagrams (a–f). (a) As current density increases, cost initially 
decreases but is limited by efficiency loss at high values; the most favourable band is ~8–12 kA/m2. 
(b) At 5 MWh, production rate increases and saturates, while unit energy consumption continuously 
rises. (c) Economies of scale reduce cost; the decrease weakens after 2–4 MWh, and low electricity 
cost is dominant at all scales. (d–f) Operating expenses, particularly at high electricity prices, are the 
dominant component of total costs; low current density requires larger areas and higher capital 
expenditure, and increasing current density at 5 MWh rapidly reduces capital expenditure, with 
gains improving beyond ~10 kA/m2. 

The breakdown of cost components are presented in Figure 8d–f. Figure 8d shows 
that although capital expenditure increases predictably with size at a constant current 
density, it remains secondary in the total; operating expenditure becomes the main deter-
minant of total cost, particularly when the unit cost of electricity rises. Figure 8e reveals 
that when current density decreases, capital expenditure rises significantly due to the 
need for a larger active area for the same power and scales linearly with size. Figure 8f 
shows that increasing current density from very low values at a scale of 5 MWh rapidly 
reduces capital expenditure, that this saving reaches saturation above approximately 10 
kA/m2 and that further increases can increase operating costs due to efficiency losses. 
Taken together, the findings reveal that cost efficiency is maximized through low electric-
ity costs, medium-to-high current densities remaining within the saturation band and siz-
ing that leverages economies of scale. These results indicate that, rather than maximizing 
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a single parameter in alkaline electrolyser design, it is necessary to select a current density 
sensitive to electricity prices and to prefer operating ranges that remain within the satu-
ration band. Particularly in regions with high electricity costs, shifting the current density 
beyond the saturation point can lead to economically unfavourable outcomes. 

 

Figure 9. (a) Total cost vs. system size; CapEx/OpEx percentage contributions; and two electricity 
cost scenarios (LCOE = 0.05 and 0.10 $·kWh-1). (b) CapEx/OpEx percentage contributions vs. system 
size; two current densities (10 and 20 kA·m-2) and two LCOEs. (c) Total cost vs. system size; com-
parison of two current densities and two LCOEs. (d) Cost per unit of energy and LCOH versus 
current density; two LCOEs. (e) Cost per unit of energy versus current density; different system 
sizes (0.5–10 MW) and fixed LCOE = 0.10 $·kWh-1. (f) LCOH versus service life; fixed 5 MW system, 
two current densities and two LCOEs. 

Figure 9 illustrates the fundamental determinants of cost composition and levelled 
hydrogen cost in the context of scale, current density and electricity unit cost. Figure 9a 
shows the percentage contribution of capital and operating expenses to total cost under 
different electricity cost scenarios at a constant current density. Accordingly, operating 
costs dominate at all scales, approaching 90 percent even at large scales with high electric-
ity costs; they remain dominant even with low electricity costs, while capital costs stabilize 
in the double-digit range as the scale increases. Figure 9b highlights that increasing the 
current density reduces the required active area and lowers capital costs while slightly 
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increasing operating costs due to efficiency losses; when electricity costs are low, the dis-
tribution is balanced, and when high, operating costs are decisive across all scales. Figure 
9c shows that total cost increases approximately linearly with scale. The cost level depends 
primarily on electricity cost and secondarily on capital requirements via current density. 
Together, these three factors indicate that economic optimization requires reducing elec-
tricity cost and selecting current density while balancing capital and efficiency. In this 
context, the trends presented in Figure 9 indicate that the economic optimization of alka-
line electrolysers is primarily determined by local electricity unit costs; current density 
and system scale are secondary design variables that must be adjusted under this funda-
mental constraint. Therefore, in applications with high electricity costs, aggressive in-
creases in current density may increase operating costs rather than providing economic 
benefits; conversely, in low electricity cost scenarios, designs utilizing medium–high cur-
rent densities and economies of scale offer more rational solutions. 

Figure 9d illustrates the performance–cost perspective in terms of cost per unit of 
energy and levelled hydrogen cost. Under low electricity costs, the cost per unit of energy 
decreases rapidly as the current density increases and stabilizes in a medium–high range. 
At high electricity costs, the curve is higher across the entire range and rises again in the 
high current region. This demonstrates that the levelled cost trend is consistent with this 
behaviour. Figure 9e compares different scales at a fixed high electricity cost and shows 
that economies of scale drive down the unit energy cost across all power levels as current 
density increases, with gains saturating above 10–15 kA·m-2. Figure 9f illustrates the ser-
vice life effect at a fixed scale of 5 MW. Costs decline significantly over the first twenty 
years due to capital amortization, after which gains weaken. It can be stated that sustain-
able costs in the range of 4–5 $·kg-1 are possible under low electricity costs and appropri-
ately selected current densities, while a level of 9–10 $·kg-1 is maintained under high elec-
tricity costs. Electricity price is positioned as the primary lever on cost, while current den-
sity and scale are positioned as strategic adjustment variables through the capital–effi-
ciency. These results demonstrate that aggressively increasing current density in the de-
sign of alkaline electrolysers is not economically rational under conditions where the unit 
cost of electricity cannot be controlled. Conversely, in applications with low electricity 
costs, medium-to-high current densities within the saturation band and appropriate scale 
selection enable more sustainable LCOH values by balancing capital and efficiency. 

The model outputs were also compared with the near-zero-gap/low-gap alkaline 
electrolyzer polarization curves published in the literature (Ref. [69]) and it was found 
that the curves showed the same trends in both the low current region and the ohmic 
region. Similarly, the LCOH ranges obtained in this study (4–10 $·kg-1) are consistent with 
the public values reported by the International Energy Agency (IEA) and Hydrogen 
Council [61,63]. Two separate validations, physical and economic, show that the model 
reliably captures both U-J behaviour and cost estimates. 

In addition, a simple sensitivity assessment was performed to summarize the relative 
impact of the parameters on LCOH. When parameters such as temperature, separator po-
rosity and electrode–separator distance were individually varied by 10%, LCOH was 
found to decrease by approximately 8–12%, decrease by 4–7% and increase by 6–10%, re-
spectively. In contrast, the electrolyte concentration and electrolyte type showed a more 
limited effect (typically 2–4%) at the same rate of variation. These results suggest that the 
parameters to which the model is most sensitive are temperature, separator porosity and 
geometric distance, with electricity cost being the dominant determinant, consistent with 
trends in economic outputs. 

Also in this study, the degradation of the electrolyser’s performance over time has 
not been dynamically modelled. The electrochemical performance has been assumed to 
be constant, representing the steady-state behaviour of the cell under nominal operating 
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conditions. Consequently, effects such as electrode ageing, loss of catalytic activity or 
long-term cell voltage increase are not directly reflected in the LCOH calculations. Conse-
quently, the cost results presented represent an optimistic lower bound based on the av-
erage or initial performance over a specific service life. The integration of long-term per-
formance loss and the associated increase in energy consumption into the model consti-
tutes an important focus for future studies. 

4. Conclusions 
This study introduces a unified framework for AWE system performance and econ-

omy by combining COMSOL-based electrochemical modelling with cost optimization us-
ing the EES module. Parameters such as temperature, electrode–separator distance, sepa-
rator porosity, electrolyte concentration and electrolyte type were systematically varied; 
the resulting current–voltage responses were matched with capital and operational costs 
and linked to the LCOH. The findings indicated that temperature and separator porosity 
were the most influential factors on performance, with a narrow cell gap significantly re-
ducing ohmic losses, while excessive electrolyte concentration weakened conductivity 
due to viscosity and saturation effects. KOH offered a more favourable electrochemical 
response than NaOH, although the difference diminished as the temperature increased. 
Economically, the key factor was the unit cost of electricity; under low LCOE conditions, 
and accordingly, the LCOH dropped to 4–5 $·kg-1 at the MW scale, whereas under high 
LCOE conditions, it remained 7–10 $·kg-1, which is aligned with current technological–
economic analyses reporting the LCOH at the MW scale. Increasing current density re-
duced the active area and CapEx but decreased the efficiency, positioning the optimum in 
the mid-to-high range; economies of scale lowered the LCOH, though gains beyond a cer-
tain capacity were limited. The results highlighted that the simultaneous optimization of 
the temperature–porosity–geometry triad and local electricity prices is essential in AWE 
design. 

• Electricity cost-focused optimization is decisive, with the LCOE being the dominant 
variable over the LCOH in determining the cost base at all scales. 

• The use of high-porosity and low-curvature separators at elevated temperatures re-
duces ohmic losses and increases efficiency, and that the cell gap should be kept as 
narrow as possible. 

• The preference for the medium concentration band and the finding that KOH re-
quires lower voltage than NaOH, particularly at low-to-medium temperatures, has 
been confirmed. 

• Increasing current density reduces the active area and capital expenditure but causes 
efficiency losses; therefore, the optimum window is formed at medium to high cur-
rent densities in an electricity cost-sensitive manner. 

• Economies of scale reduce the LCOH, but the rate of decrease slows significantly be-
yond a specific size and while costs decrease rapidly during the first twenty years of 
service life, the rate of decline slows markedly in the subsequent period. 

This study provides a robust framework for evaluating alkaline water electrolysers, 
offering important information for system selection and optimization during the project 
development phase. By combining advanced electrochemical modelling with economic 
analysis, it establishes a roadmap for designing systems that achieve the lowest possible 
LCOH under realistic market conditions. In this respect, the study departs from the sys-
tem-level and empirical technical–economic approaches prevalent in the literature, offer-
ing a validated and scalable decision support framework that directly establishes a causal 
relationship between intracellular physical processes and LCOH. 
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Overall, the findings show that it is critical to optimize the temperature–geometry–
material triad together in AWE design and that the electricity price in the region where 
the project will be implemented is decisive on the final cost. This suggests that system 
selection should focus not only on cell performance but also on local energy market dy-
namics. In future studies, combining this framework with user-dependent load profiles, 
dynamic operating conditions and real-time electricity pricing will make both design de-
cisions and operational strategies more robust. Furthermore, the model can be extended 
to evaluate different separator types, new electrolyte formulations and materials that offer 
higher temperature resistance; such applications will contribute to the development of 
more competitive AWE systems on both the performance and cost side. 

The proposed two-stage framework is not methodologically specific to alkaline water 
electrolyzers, as it is based on the calculation of electrochemical performance at the cell 
level and the transfer of this output to technical–economic analysis. In principle, it can be 
extended to other electrolyzer types such as PEM or AEM. However, the parameterization 
used in this study is specific to AWE and is based on KOH/NaOH conductivity correla-
tions, separator structural properties and the associated kinetic parameter set. Adapting 
the framework to PEM or AEM systems requires the appropriate sub-models representing 
membrane conductivity, moisture management and ion transport processes specific to 
these technologies. 

In future work, it is intended to extend the model to include two-phase flow and gas 
bubble dynamics, and to represent mass and ohmic losses more realistically, particularly 
at high current densities. Furthermore, it is planned to apply this developed integrated 
performance–cost framework comparatively with anion exchange membrane (AEM) elec-
trolyzers. 
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Abbreviations 
AWE Alkaline water electrolyzer 
AEM Anion exchange membrane 
CAPEX Component-level capital expenses 
EES Engineering equation solver 
HHV Higher heating value 
LCOH Levelized cost of hydrogen 
LCOE Levelized cost of electricity 
LHV Lower heating value 
OPEX Operational expenses 
PEM Proton exchange membrane 
PPS Polyphenylene sulphide 
PV Photovoltaic 
SMR Steam methane reforming 
SOE Solid oxide electrolysis 
VOC Volatile organic compounds 
Roman Symbols 
H2 Hydrogen 
OH- Hydroxide ion 
CO2 Carbon dioxide 
NOx Nitrogen oxides  
KOH Potassium hydroxide 
NaOH Sodium hydroxide 
Ox Oxidation 
Red Reduction 
T Temperature, °C 
U Voltage, V 
I Current density, A/m2 
C Concentration 
C Molarity, mol·L−1 
F Factor 
E Equilibrium potential 
Y Mass fraction of solution, wt% 
R Ohmic losses, Ω·m2 
t Activation overvoltage, m2·A−1 
S Activation overvoltage, V 
σ Electrical conductivity, S·m−1 
ρ Solution density, kg·m−3 
Mw Molar mass, g·mol−1 
ε Porosity 
τ Tortuosity  
d Thickness of separator, m ∅ Volume fraction 
σ Conductivity 
η Overpotential  
R Universal gas constant 
F Faraday constant 
α Transfer coefficient 
Fs System factor 
Fm Module factor 
Fmn Maintenance factor 
Subscripts 
act  activation 
conc  concentration 
op  overpotential 
ohm  ohmic 
H2 hydrogen 
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K  KOH 
N  NaOH 
g  gas 
m  module 
s  separator 
e  effective 
0  equilibrium 
l  electrolyte 
loc local 
c cathodic 
a anodic 

Appendix A 
This appendix compiles standard electrochemical expressions and empirical correla-

tions that are only referenced in the main text. The equations provided below have been 
used to define the fundamental components of cell potential, calculate electrolyte proper-
ties and convert intermediate quantities. Equation (A1) provides a basic form of the po-
larization curve for a described operation temperature [19]: 

Ucell = Urev + r · i + s · log(t · i + 1) (A1)

In order to simulate the temperature (T) dependence of the overvoltages, an adjust-
ment was made to Equation (1) to include the effect of temperature on the parameters r 
and t with Equations (A2) and (A3): 

r = r1 + r2 · T (A2)

t = t1 + (t2/T) + (t3/T2) (A3)

In alkaline water electrolysis, the conductivity of the medium is determined by the 
transport of hydroxide ions in the electrolyte, making KOH and NaOH the most com-
monly used solutions. The literature indicates that conductivity (σ) is a function of con-
centration (C) and temperature (T); furthermore, geometric effects such as the electrode–
separator gap can be captured by empirical relationships. However, assuming the mass 
fraction to be independent of temperature and density limits the accuracy in parametric 
and multi-physics analyses. In this study, a formulation incorporating the effects of T and 
density was adopted; the σ–T–C correlation for KOH and an equivalent correlation de-
rived from initial experimental data for NaOH were used. The applied empirical models 
are presented in Equations (A4) and (A5). The KOH and NaOH ionic conductivity rela-
tionships used in this study are semi-empirical, multi-term fitting functions developed 
based on experimental conductivity data reported in the literature. The equations are not 
closed-form expressions taken directly from a single source, but have been rearranged to 
represent the conductivity–temperature–concentration trends reported in different stud-
ies [57,58]: 

σKOH = K1 + K2 · T + K3 · YK2 + K4 · YK3 + K5 · T · YK (A4)

σNaOH = L1 + L2 · T + L3 · YN3 + L4 · YN2 + L5 · YN (A5)

where σ is the electrical conductivity of the electrolyte in S·m−1, T is the temperature 
in °C, YK is the mass fraction of KOH, YN is the mass fraction of NaOH, and K and L are 
the coefficients for KOH and NaOH, respectively. In specific conductance values, the con-
centration is usually expressed in two units: percent by weight (Y) and molarity (M). The 
conversion between these units is described by the following equation (Equation (A6)) 
[58]. 
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C = Y/100 · ρ · Mw−1 (A6)

where Y is the mass fraction of solution (wt%) in the electrolyte, ρ is the solution 
density of the electrolyte in kg·m−3, Mw is the molar mass g·mol−1 and C is the molarity in 
mol·L−1 or M. Empirical correlations that relate mass fraction and molarity to density have 
been developed to determine electrolyte density at specific temperatures and concentra-
tions. The same correlation is used for KOH and NaOH where density is given as a func-
tion of the temperature and mass fraction in Equation (A7) and Equation (A8), respec-
tively [61]. 

ρK = (P1 + P2 · T + P3 · T2) · 10((P4+P5·T)·YK)) (A7)

ρN = (R1 + R2 · T + R3 · T2) · 10((R4+R5·T)·YN)) (A8)

The cost figures originally reported for different years were converted to nominal 
2024 USD using an inflation adjustment based on a consumer price index (CPI) deflator. 
The conversion was performed as follows (Equation (A9)): 

Cost2024 = Costy · (CPI_2024/CPIy) (A9)

where Costy is the reported cost in year y and CPIy is the corresponding index value. This 
normalization ensures consistent comparison of CapEx/OpEx inputs used in Table 4 
across all scenarios. 
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